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SUMMARY

Clinical dextran is used as a blood volume expander. The British
Pharmacopeia (BP) specification for this product requires the amount of
dextran below 12,000 MW and above 98,000 MW to be strictly controlled.
Dextran is presently fractionated industrially using ethanol
precipitation.

The aim of this work was to develop an ultrafiltration system which
could replace the present industrial process. Initially these molecular
weight (MW) bands were removed using batch ultrafiltration. A large
number of membranes were tested. The correct BP specification could be
achieved using these membranes but there was a significant loss of
saleable material. To overcome this problem a four stage
ultrafiltration cascade (UFC) was used. This work is the first known
example of a UFC being used to remove both the high and low MW dextran.
To remove the high MW material it was necessary to remove 907 of the MW
distribution and retain the remaining 107%.

The UFC signficantly reduced the amount of dialysate required. To
achieve the correct specification below 12,000 MW, the UFC required only
2.5 — 3.0 diavolumes while the batch system required 6 - 7. The UFC
also improved the efficiency of the fractionation process. The UFC could
retain up to 96% of the high MW material while the batch system could
only retain 82.5% using the same number of diavolumes. On average the
UFC efficiency was approximately 10% better than the equivalent batch
system.

The UFC was found to be more predictable than the industrial
process and the specification of the final product was easier to
control.

The UFC can be used to improve the fractionation of any polymer and
also has several other potential uses including enzyme purification.

A dextransucrase bioreactor was also developed. This preliminary

investigation highlighted the problems involved with the development of
a successful bioreactor for this enzyme system.
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1.0  INTRODUCTION

Dextran is a natural polymer of glucose in which the glucosidic
bonds are predominantly of the 7¥-1,6 type. Interest in dextran goes
back to 1874 when it was named by Scheibler (1).

Probably the largest dextran usage is in the pharmaceutical
industry as a blood volume restorer. The molecular weight distribution
within this product is strictly controlled. The British Pharmacopeia
(BP) standard for a dextran 40 requires 857 of its molecular weight
range to be between 12,000 daltons and 98,000 daltons (2). Another
common use for dextran is in the form of iron dextran, which is used in
the treatment of anaemia.

Dextran is produced from sucrose using the extra cellular enzyme
dextransucrase. The product of this fermentation stage is known as
'native dextran'. The molecular weight of this native dextran ranges
from several hundred thousand to at least 50 million daltons. To obtain
the final clinical dextran product several steps are involved. Firstly
the native dextran is subjected to partial acid hydrolysis to give a
product with a molecular weight range of 180 daltons to 3 million
daltons. This product is commonly known as the dextran hydrolysate.

The final fractionation of the dextran hydrolysate is accomplished
using a process known as ethanol fractionation. This process makes use
of the dextrans reducing solubility with increasing molecular weight.
The first addition of ethanol to an aqueous solution of dextran results
in the precipitation of the largest dextran molecules. A second ethanol
addition is then used to increase the ethanol concentration to a point
where the smaller molecules are precipitated [3,4].

This process suffers from high energy cost due to the need for

ethanol recovery by distillation and is also a potential fire hazard.
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Using an ultrafiltration system to perform this fractionation
avoids these problems although maintaining sterility would be more
difficult in an aqueous solution than in ethanol. Vlachogiannis [5]
investigated the potential of the ultrafiltration system using a range
of Amicon membranes. Vlachogiannis found that he could achieve the
correct BP specification below 12,000 MW using diafiltration but
unfortunately substantial amounts of the saleable 12,000 MW to 98,000 MW
band was also lost.

To improve the efficiency of the fractionation process Poland {6]
developed an ultrafiltration cascade system. Using this four stage
ultrafiltration cascade to remove dextran with a molecular weight below
12,000 MW Poland was able to show that the cascade aided the removal of
the low molecular weight material and also enhanced the retention of the
saleable 12,000 MW to 98,000 MW band. Unfortunately Poland found that
the Amicon 5000 MW cut-off membranes were not ideal for this particular
fractionation since the cross—over point (the point below which the
cascade aids the removal and above which it enhances the retention of
material) occurred at a value of 6000 MW not the desired value of 12,000
MW. The aims of this project were as follows:

(a) To complete a detailed investigation into the removal of dextran
below 12,000 MW using the ultrafiltration cascade.

(b) To gain a detailed understanding of the factors effecting the
performance of the ultrafiltration cascade.

(c) To use the ultrafiltration cascade to remove the dextran above

98,000 MW,

(d) To develop a mathematical model which may be used to predict the
performance of the experimental cascade.

(e) To undertake preliminary studies into an ultrafiltration bioreactor
system for the production of dextran and fructose from sucrose

using the enzyme dextransucrose.
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Figure 1.1 Clinical Dextran Fractionation from Hydrolysate
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2.0  ULTRAFILTRATION OF MACROMOLECULES

2.1  INTRODUCTION

Ultrafiltration is only one of a wide spectrum of membrane
processes which can be distinguished by the size of the molecules they
retain., See figure 2.1. The borderline between each process 1is
diffuse, however broadly speaking ultrafiltration operates in the
macromolecular weight range while reverse osmosis is used to separate
smaller molecules such as inorganic ions and small organics and
microfiltration, larger material such as bacteria, cells and cell
fragments,

Although ultrafiltration has been possible on a laboratory scale
for many years using materials such as collodion and cellophane the
practical application of this process only became possible with the
advent of a new range of membranes which exibited a high flux and were
able to distinguish among molecular species in the lnm to 10 pm size
range. These membranes manufactured from cellulose acetate were a
direct spin off from the rapid development of reverse osmosis
technology. In more recent years the range of polymers used has rapidly
increased, for example polysulphone, polyamides, polycarbonates and
polyvinyl chloride have all been used. The polysulphone membranes in
particular are now widely available and have now replaced the earlier
cellulose acetate membranes from most applications apart from those
requiring very tight membranes. To obtain the best performance from
these membranes a wide range of equipment designs have been developed,
these include hollow fibre cartridges, plate and frame, spiral wound and

tubular systems.
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Since the ultrafiltration process is athermal it avoids problems
such as thermal and oxadative degradation common with other unit
operations such as evaporation and freeze drying. Furthermore since no
phase changes are involved the operating costs are typically far lower.

Ultrafiltration can now be found within the food processing,
chemical processing, pharmaceutical and medical industries, for the
concentration, purification and sterilization of macromolecules and
colloidal solutions. Furthermore ultrafiltration can also be found in

novel applications such as enzyme bioreactors which show great promise

for future commercial exploitation.

2.2 ULTRAFILTRATION

2.2.1  MEMBRANE MANUFACTURE

The technique known as phase inversion is currently the most
important method of preparing synthetic membranes. ‘Although the process
has now been refined the basic technique is very simple. The polymer is
first dissolved in a suitable solvent and a layer of the solution up to
2 mm thick is cast onto a suitable plate. At this stage the film may be
left to allow solvent to evaporate or to allow water to be absorbed from
the atmosphere, or in some cases both. The film is then quenched in a
gelation (or precipitation) medium, usually water, which is a non-
solvent. During the quenching stage the polymer solution splits into
two phases, a polymer rich solid phase which forms the membrane and a
polymer depleted solvent phase which fills the pores in the membranes
structure. Since the gelation occurs far more rapidly at the surface
where the polymer meets the gelation medium, the pores formed in this
layer are far smaller than in the bulk, giving rise to a skin or active

layer. These membranes with a dense surface skin and a highly porous
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sub-structure are typically categorised as asymmetrical membranes
because of their unique structure.

Since these membranes are required to withstand high operating
pressures these membranes are often cast onto a porous support medium
which can take the form of paper sheet, a braided mat of polyester
fibres or a sintered plastic sheet. Hollow fibres on the otherhand are
manufactured by extrusion and rely on the fact that if the lumen of the
tube is sufficiently small a material with only a modest mechanical
strength can be adequate to withstand relatively high operating
pressures. Typically these fibres have an internal diameter of only 0.5
mm to 1.0 mm.

The other common types of membranes include thin film composite
membranes, track etched and stretched formed membranes. The thin film
composite membranes are similar to the asymmetric membranes, however the
active membrane and the porous sublayers are manufactured separately and
bonded together. Since it is possible to manufacture both layers in
different polymers it is possible to optimise both to give the membrane
better properties.

Track etched membranes are made from thin polymeric films typically
about 10-20 pm thick. This film is irradiated with o« -particles and
then chemically etched. This process produces a membrane with uniform
cylindrical pores though the depth of the membrane, unlike the
asymmetric membranes mentioned earlier.

Stretch formed membranes are formed by consecutive steps of cold
stretching, hot stretching and heat setting of a polypropylene film.
This results in a membrane containing elliptically shaped, but uniform
pores. These membranes are available with a molecular weight cut-off of

about 100,000 MW which puts them within the ultrafiltration range.
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2.2.2 ULTRAFILTRATION EQUIPMENT

For the successful application of ultrafiltration as an efficient
separation process, the design of the module used to contain the
membrane and the layout of the system in which the module is installed,
are as important as the selection of the correct membrane. The four
most common systems are the tubular module, the plate and frame module,
the spiral-wound module and the hollow fibre module.

The tubular membrane system consists of a membrane which is
normally between 1.0 to 2.5 cm in diameter which is supported within a
porous stainless steel or fibreglass tube. The pressurized fluid flows
down the tube bore and the product solution permeates through the
membrane and collects in the outer shell. The tubes may be installed in
series or in parallel if there is a high pressure drop. See figure 2.2.
The advantages of the tubular system are the control of concentration
polarization by the adjustment of the feed flow velocity over a wide
range, and the possibility of mechanical cleaning if excessive membrane
fouling makes this necessary. While the disadvantages of the tubular
system are the relatively high investment and operating costs, and the
low ratio of membrane surface area to system volume.

The plate and frame designs were among the first systems introduced
in large scale ultrafiltration and reverse osmosis units. The
membranes, porous membranes support material and spacers forming the
feed flow channel are clamped together and stacked between two
endplates. The feed solution is channelled across the surface of the
membrane by the feed side spacers, see figure 2.3. There are a variety
of plate and frame designs on the market differing primarily in the
design of the feed flow channel. All these plate and frame systems
provide a large membrane area per unit volume. In general the control

of concentration polarization is more difficult in these units than in
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tubular systems, and plugging of the feed flow channel can be a problem
particularly with solutions containing large quantities of suspended
solid matter. In general the capital costs are somewhat lower than the
tubular system and the operating costs are also lower.

The spirally wound module is basically a plate and frame system
which has been rolled up, see figure 2.4. The feed flow channel, the
membrane, and the porous membrane support are all rolled up and placed
inside an outer tubular casing. The permeate is collected in a tube in
the centre of the roll. The spiral wound design allows a high surface
area to volume ratio and the operating costs are also low. However it
can be difficult to control concentration polarization and membrane
fouling with this design.

The capillary or hollow fibre design can come in several forms.
The most commonly used modules are those produced by Amicon and Romicon.
These units consist of a bundle of fibres typically 0.5 to 1.1 mm in
diameter cast into epoxy header blocks witﬁin a PVC or polysulphone
permeate shroud, see figure 2.5. The feed solution passes down the
lumen of the fibre and the filtrate permeates through the wall of the
capillary. This design has a low capital cost combined with a
relatively high surface area to volume ratio. The system provides good
feed flow control, however plugging of the fibre lumen can be a problem
when dirty solutions are used and therefore effective prefiltering must
be provided.

Since these ultrafiltration modules vary significantly in design
and performance a detailed comparison of capital costs and operating
costs is difficult, however a more general comparison has been made in

table 2.1.
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Table 2.1 Comparison of Ultrafiltration Svstems (22)

Module Membrane Investment Operating Flow Ease of
Type Surface area Cost Cost Control Cleaning
for Module in Place

Volum
(m%/m )

Tubular 24 to 50 High High Good Good
Plate and

Frame 400 to 600 High Low Fair Poor
Spiral

Wound 800 - 1000 Very low Low Poor Poor
Capillary 600-1200 Low Low Good Fair

2.2.3 MODES OF OPERATION

An ultrafiltration system can be operated in three modes,
concentration, diafiltration and dialysis.

By applying a positive pressure to a macromolecular solution
retained by a membrane the solvent can be removed through the walls of
the membrane while retaining the macromolecules. Therefore a solution
can be concentrated. Removal of low molecular weight impurities can
also be partially effected during coacentration, however the
purification of solutes using diafiltration {or constant concentration)
is often more successful. In the diafiltration mode the solute to be
purified is neither concentrated or diluted with respect to the solvent.
As the permeate containing the low molecular weight material passes
through the membrane, dialysate (pure solvent) flows into the retentate
reservoir at the same rate. In the final mode, namely the dialysis
mode, the feed solution flows across the membrane on the high pressure
side while the fresh solvent flows across the other side. This allows a

rapid removal of impurities since the molecules are able to diffuse into
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the dialysate liquid through the membrane and are also convectively

transported through the membrane as permeate.

2.3  ULTRAFILTRATION - THE IDEAL SYSTEM

2.3.1 RETENTIVITY

Unlike reverse osmosis membranes, ultrafiltration membranes have a
distinct pore structure and the selectivity of the membrane is defined
by the sieving action of the pores in the zmembranes structure. Normally
a membrane will contain a distribution of pore sizes and a certain
fraction (R) of these pores will be too small to allow passage of the
solute through the membrane. If all the larger pores allow the solute
to pass through the membrane unhindered, the solute flux can be defined

as
Jz = CB(l"R)Jl e . 2.1
where Jl is the solvent flux and CB the bulk concentration of the solute

in the retentate.

Since the mass balance dictates that
JZ = J].CP «o e 2.2
where CP is the concentration of the solute in the permeate then
R = ]. - CP

Cg «ea2.3
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Although this is a commonly used method of defining the selectivity
(R) of the membrane. There are several limitations of its use. The
expression can only be valid if the concentration of the solute remains
constant. This would only be true if the concentration of the permeate
(CP) was equal to the concentration of the retentate (CB), ie if R
equals zero. TIn any case where R is greater than zero the concentration
of the retentate would change, thus changing Cp. To reduce this problem
very large volumes of test solution can be employed and only small
volumes of permeate removed, so that any changes in Cp would be
negligible. Dilute solutions should also be employed to avoid
concentration polarization. The effect of non-ideality such as
concentration polarization is discussed in section 2.4.

Since the volume of the retentate often changes during
ultrafiltration, it is advisable to take this into account when
calculating the rejection coefficient [7]. Based on the retentate

stream the rejection coefficient can be obtained from

Rper = Ln(Ct/Co)

Ln(Vo/Vt) eee 2.4

This expression is only valid if the concentration mode of
operation 1is used. For the diafiltration mode of operation another
simple expression can be developed based on either the permeate or

retentate streams.

Cr(t) = CI'(O) exp - V(t) (l—R)

v, e 2.5
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LnCp(t) = Constant - (1-R) Ve

v, e 2.6

where V. is the volume of permeate collected from the beginning of
the experiment to time t : VO is the volume of the UF cell, which is
constant; Cr(t)’ CP(t) are the concentrations of the retentate and
permeate at time t, Cr(o) is the initial concentration of the retentate
and R is the rejection coefficient.

R can be simply determined by plotting LnCp(t) versus Vt/Vo which
gives a slope of -[1-R]. In both the concentration and diafiltration
mode of testing, dilute solutions must be used to avoid concentration
polarization.

Normally the molecular weight cut-off quoted by manufacturers are
determined by using a range of solutes with differing molecular weights.
Typically the values correspond to the solute which gives greater than
907 retention.

The simple rejection models described above indicate that the
rejection coefficient is effectively constant and pressure independent,
however under normal working conditions this will not be true. To take
into account such factors as solute shape, charge, adsorption onto the
membrane and membrane fouling more complex models are required; these

are discussed later.
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2.3.2  MEMBRANE PERMEATION

For the ideal system operating isothermally and at steady state the
flux can be determined using the relationship proposed by Kaden and

Katchalsky [8].

Jy = Lp ((Py=Pp)-( my~ mp)} = Lp( AP-AT) el 2.7

where T, and Tp are osmotic pressures corresponding to the retentate
concentration CA and the permeate concentration CP' PA and PP are the
pressures corresponding to the feed and permeate side of the membrane.
Lp is the membrane permeability constant which is stable over a wide
range of pressures and concentrations.

Where the solute molecules are large and uncharged the osmotic
pressure difference across the membrane can be assumed to be negligible
compared to the applied pressure.

If the membrane can be assﬁmed to contain straight uniform
cylindrical pores, for example within a track etched membrane, the water

flux can be determined using the Hagen-Poiseuille equation for viscous

flow through a cylindrical pipe [9].

J]. = 61‘2 AP
8 L Ax .o 2.8
Where Jl is the solvent flux, € 1is the fraction of the membrane

containing pores, r is the pore radius, AP is the pressure drop across

the membrane, p is the viscosity and ax the membrane thickness.
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Where the pore structure is non uniform, for example in a
asymmetric membrane this equation can lead to a substantial error.
Another model proposed by Rautenback [10] was based on the Carman Kozeny
equation and was developed for flow through a porous bed containing

irregular pores:

Jl = € € AP

2K, (1-€)2 F(V)? L Ax et 2.9

where F(V) is the surface area per unit volume and KC is the Carman
factor.

The solute flux of the membrane is given by equation 2.1,
Jz = Jl (1—R) CB ceo e 2.1

These simple models indicate that the solvent flux is directly
proportional to the applied pressure and the solute flux is dependent on

the solvent flux. Under normal operating conditions this is not valid.

2.4  THE NON-IDEAL SYSTEM

2.4.1 MEMBRANE PERMEATION

It was discovered in the early studies of ultrafiltration that the
simple proportionality between membrane flux and applied pressure
difference was only valid for the pure solvent and very dilute solutions
of macromolecules. As the concentration was increased an anomalous
result was observed. The linear flux/pressure relationship was evident

at only very low pressures; as the applied pressure was increased the
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rate of flux increase decreased until no further change occurred,
normally at a value far below that for the pure solvent. After this
point the flux became pressure independant. This effect is commonly
known as concentration polarization.

When a macromolecular mixture is brought to the membrane surface by
a pressure driving force some molecules will permeate the membrane
whilst others will be retained. This leads to an accumulation of the
retained components and a depletion of the permeating components in the
boundary layer adjacent to the membrane surface. Eventually a
sufficiently high concentration can be reached where the solubility
limit of the solute is exceeded, this will cause the solute to
precipitate on the membrane surface. This is commonly known as gel
layer formation. Whether this layer is a true gel is difficult to
assess, however it is generally agreed that the solute molecules are
approaching a 'close-packed' configuration.

The effect of concentration polarization may be modelled by two
fundamentally different approaches. These are the film model originally
proposed by Sourirajan [11] for reverse osmosis and the osmotic pressure
model. These models will now be considered.

The film model is equally effective at modelling the concentration
polarization and gel layer regimes. The model assumes that even in
turbulent flow a laminar boundary layer is present next to the membrane
surface. During the filtration process, a steady state is achieved
where the convective transport of solutes to the membrane surface is
counter-balanced by a diffusive flow of the rejection material from the
membrane surface back into the bulk solution. Therefore a constant
concentration profile of the rejected solute is found in the boundary
layer. A schematic diagram can be found in figure 2.6. Where Cy and Cy

are the concentration at the membrane surface and the bulk solute
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concentration, Yb is the boundary layer thickness. The back diffusion

from the membrane can be assumed to occur accordingly to Ficks law:

B=D dc

dy ee. 2,10

where B is the back diffusion, D the diffusivity of the species and
(dc/dy) is the rate of change of the solute concentration.
Since the membrane is assumed to be only partly retentive the mass

of material at the membrane surface by convective transport will be:

J1C - J{Cp e 2011

Where Jl is the solvent flux and Cp the concentration of the permeate.

At a steady state:

J; (C-Cp) = -D dc

dy eee 2,12
rearranging 2.12 and intergrating over the boundary layer:

D Cg - Cp .. 2,13
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If the membrane is very highly retentive then it is often possible

to assume that CP = 0. If K the mass transfer coefficient is defined

as.

K=D/ Yy e 2,14
then equation 2.13 can be rearranged to give;
J1=KIH Cw
C eee 2,15

The ratio of CW/CB is often known as the concentration polarization
modulus,

This model predicts that the degree of concentration polarization
is determined by the diffusion coefficient, the filtration rate and the
thickness of the boundary layer. The diffusion coefficient is usually
determined by the solute and the solvent used and the filtration rate
purposely maintained as high as possible, so the effect of concentration
polarization is normally controlled by reducing the thickness of the
boundary layer. This is normally achieved by using a high recirculation
rate to create turbulence near the membrane surface.

It was mentioned earlier that the flux will become independent of
the applied pressure; this behaviour was explained by Michaels [12] and
Blatt [13] by the so called gel polarization theory that suggested that
the macromolecular solution reaches an upper concentration limit (Cg) at
high values of the polarization modules and displays properties
analogous to that of a gel. Naturally if a gel layer is present
equation 2.15 will no longer be valid. However using the same approach
as used previously, the effect of the gel layer can be modelled. See

figure 2.7;
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CB eee 2,16

The gel layer concentrations can be determined by plotting Jq

__versus In Cb, theory dictates that when J; = 0 the concentration must

equal Cg'

It was noticed by several workers that since film theory was being
used the mass transfer coefficient could be determined using mass
transfer and heat transfer analogies. Porter [14] found that for the
laminar flow region the Graetz [15] or Leveque [16] solutions could be

used. For all thin channel systems the Leveques solution can be

expressed as:

Sh = 1.62 ( Re Sc d,/L) 0-33 .. 2.17

for 100 < Re Sc dh/L < 5000

where  Sh = Sherwood number = K dy,
-—;;— ee. 2.18
Re = Reynolds number =T dy,
_—:~ ... 2.19
Sc = Schmidt number = v
; eee 2,20

and dh = equivalent hydraulic diameter, L the channel length, U the

average velocity, v the Kinematic viscosity and D the diffusivity.
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For fully developed turbulent flow Porter found that the Dittus and
Boelter [17] correlation gave satisfactory results:

Sh = 0.023 Re 0-8 g 0.33 ee. 2,21

for Re > 2000.

The major assumption of the model mentioned above is that the
osmotic pressure of macromolecules are always negligible. However this
has been shown to be only partly true, Vilkers et al [18] measured the
osmotic pressure of bovine serum albumin at concentrations up to 475
g/litre. They found that these highly concentrated solutions had
osmotic pressures comparable to the normally applied pressure in
ultrafiltration. The supporters of the osmotic pressure model suggest
that the high macromolecule concentrations found at the membrane surface
results in a significant osmotic pressure, which would cause the rate of
increase of the membrane flux to decrease as the transmembrane pressure
is increased. The pressure independent flux region occurs when an
increase in transmembrane pressure causes a corresponding equal increase
in osmotic pressure.

A typical example of this model was proposed by Clifton [19]. 1In
the absence of any membrane fouling the only effect which operates to
reduce the membrane permeation rate is the osmotic pressure in contact
with the membrane. Therefore the basic equation of Kaden and Katchalsky

can be applied:
Ji = Lp ( AP - AT) ves 2.7‘

Where amis the osmotic pressure difference caused by the

macromolecules at the membrane surface and those in the permeate.
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The variation of osmotic pressure with concentration is given by

the relationship:
= 2 3
'N<C) = (RT/MN) [C4+ I €%+ TgC ] ene 2,22

where the first term is this expression corresponds to the Van't Hoff
Law and ', and F3 are viral coefficients.

Clifton [19] showed that this type of approach could be used to
model the effect of concentration polarisation. Wijmans [20] compared
the two approaches and concluded that the two approaches were

essentially equivalent.

2.4.2  RETENTIVITY

Since concentration polarization causes a high solute concentration
at the membrane wall the rejection coefficient based on the bulk
solution concentration will be lower than expected. The observed

rejection is given by:

R=1- Cp

Cp ... 2.3

while the true rejection is given by:

RO = 1" CP

Cw ves 2.23

where Cw is the concentration at the membranes surface. The observed

rejection can be related to the true rejection by a mass transfer model
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proposed by Colton [21] for a stirred batch ultrafiltration system.

\”VfﬁThis mass transfer model is based on the relative rate of solute

transfer to the membrane by convection, compared to the rate of transfer

away from the membranes surfaces by diffusion:

Ro = R exp (JV/K) / ((1-R) + R exp (JV/K)) ees 2.24

where J, = total volume of permeate and K the mass transfer coefficient.

The mass transfer coefficient can be obtained from:

K =0.0443 [ D/t J [ v /D] 0-333 [ r2/y ] 0.746 ... 2.25

D is the solute diffusivity, r is the membrane radius, v is the
Kinematic viscosity and w is the rotational velocity of the stired batch
cell.

By combining equations 2.3 and 2.13 the rejection can be related to

the boundary layer thickness, the diffusion coefficient and flux:

Cw = exp (J Yb/D>

. Cp R + (1-R) exp (J Y,/D) el 2.26

Cw/CB is often known as the concentration polarization modulus.

This equation can only hold true if the diffusion coefficient is
independent of the solute concentration, and the boundary layer is
constant over the entire membrane. These assumptions will normally only
be valid for dilute solutions in the down stream region of turbulent

flow [22].
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Another commonly used model can also be developed by combining

equations 2.13, 2.14 and also introducing the sieving coefficient which

is defined as :

)

Cy eee 2,27

to give

1-R _ ¢ exp (J/K)

R 1-¢ ee. 2.28

This model was proposed for dilute solutions. For a‘fixed sieving
factor, (ie. Cp must increase as Cy increases to keeﬁ ¢ constant) as
concentration polarization increases, Cp must increase and hence R
decreases. This then shows that for a dilute solution as the pressure
increases the rejection decreases.

When high solute concentrations are used these equations are no
longer valid since concentration polarization often results in the
formation of a gel layer which can act as a secondary membrane. The
secondary sieving effects of the gel layer are well known, for example,
the presence of Y~ globulin in a protein mixture containing human
serum albumin (HSA) can create a dynamic membrane. The rejection of HSA
being proportional to the square root of the ¥ - globulin concentration
[13]. This secondary membrane is often more retentive than the primary
membrane and therefore the rejection coefficient tend to increase as
concentration polarization increases. An extreme example of this effect
is the use of the gel layer as a dynamic membrane. Johnson [23] found

that he could obtain a satisfactory solute rejection by forming a
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dynamic membrane on the surface of a porous support which exhibit no
initial selectivity.

To model the effects of the gel layer, Nakao [24] assumed that the
gel layer acted as a membrane in series with the ultrafiltration
membrane. Therefore the gel is considered to have a specific pore size,
solute permeability (Pg) and reflection coefficient (Oé).

For this analysis, transport equations for water and solute flow
through two different membranes in series are necessary. These
equations have been developed by Jagur - Grodzinski and Kadem [25]. The

real rejection of this system is given by:

o (Fp) (-0 + Fy (1= 0p) (1-F, 0) = (1- 0) (1- o)

(1-F) (1~ o) + Fy (1- 0,) (1-F o) | cer 2,29

where the suffixes g and m correspond to the gel layer and the membrane.

Fg = exp F—Jv (1- Ug)-

” Py | .e.2.30
Fm = exp [ Jv (1- Um)-

i Pm ] ees 2.31

When Nakao used a steric hindrance pore model to determine the
parameters O and P he found a good agreement between theory and
experimental. However the main draw-backs of the model are its
complexity and the considerable amount of experimental data required to

evaluate some of the parameters used in the model.

50



2.4.3

MEMBRANE FOULING AND ADSORPTION EFFECTS

Membrane fouling is a commonly found problem which results in the
long term decline of the membrane flux. Although fouling is normally
used to describe the long term loss of membrane performance which cannot
easily be regained even by cleaning, Fane [27] considered fouling more
broadly. He considered the fouling of a membrane over its whole
lifespan, for example he felt that fouling had three phases. The first
phase is the period of membrane usage prior to ultrafiltration during
which the membrane is normally washed and the flux measured. Fane
showed that even trace amounts of bacteria or colloids rapidly reduced
the flux. Other factors that caused flux decline were hydrolysis and
membrane compaction. The second phase of fouling is caused principally
by the build-up of the concentration polarization boundary layer;
normally this effect occurs rapidly over a period of seconds or minutes
at the start of ultrafiltration. This stage of fouling is normally
considered to be reversible with cleaning. The third phase is the long
term flux decline region which is often classed as irreversible. The
long term flux decline can be modelled by the simple equation:

J P/ (Rm + Rs ( 1-a )) ee. 2.32

where Rm is the membrane resistance, Rs the resistance of the

polarization layer and a is an aging function obtained from:

Kt + t ees 2.33

where t is time and the parameters a .y and Kt must be correlated as a

ax

function of the cross flow velocity for a particular system.
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Reducing of this long term flux decline is important if the useful
life of a membranpe unit is to be extended. Many attempts have been made
to reduce the flux decline, these have included the modification of the
membrane to include charged groups [27] and the immobilization of
enzymes on the membrane surface [28]. Both methods have been shown to
be reasonably successful.

There is little doubt that adsorption of solutes onto the membrane
surface and into the pores are major causes of membrane fouling,
However the effect is very specific to the membrane and solute under
consideration. This makes it very difficult to develop a general
theory. Most researchers at present have confined their studies to well
defined model systems, in particular bovine serum albumin. For example
Mathiason [29] measured the binding capacity of polysulphone, cellulose
acetate and polyamide membranes using 14C labelled BSA in an unstirred
cell. He found that the loss of membrane performance corresponded to the
degree of binding.

Zeman [30] noticed that adsorption changed the rejection
characteristics of a membrane. To model these changes he developed a

model based on the simple steric rejection of spheres by a capillary:

R=[N(N-2) ]2 ey 2.34
where
N o= )
rg - Ar3 ees 2.35

and ry is the radius of the solute, Ar3 denotes the adsorbed layer

thickness and rs is the membrane pore radius.
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For the case of adsorbing spheres equation 2.35 becomes:

Lq - 2r2 eee 2.36

and for random coils a reasonable approximation can be given by:

A= I'2
r3- K [7], ee. 2.37

where [ 7 ]2 is the intrinsic viscosity of the solute and K is a

proportionality constant, In this latter case Zeman assumed that a

random coil behaved like a sphere with a diameter proportional to [ ﬂ]z.
The relative thickness of the absorbed layer can be determined

using the relationship:

0.25
Ar3 = - J

—_—

ra J . 2.38
where J,1 and J,o are the water flux prior to solute adsorption and
after solute adsorption.

Using the model mentioned above Zeman was able to obtain reasonable
agreement with his experimental results. Furthermore, Zeman found that
generally hydrophobic solutes gave higher rejections coefficients than
hydrophilic solutes of the same size with the same membrane, Since
increasing hydrophobicity of the solute leads to an increased entrophy
gain due to hydrophobic dehydration on adsorption this is reflected in

stronger solute-membrane interaction and greater pore constriction.
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2.5 MODELLING THE PERFORMANCE OF MEMBRANES

To model the passage of the macromolecules through the pores within
the membranes surface, two approaches have been considered. These can
be classified as the hard sphere model and the flexible molecule model.

The hard sphere model has been developed extensively by Zeman and
Wales [31, 32]. The original Ferry formula [33] for the rejection of a

sphere by a capillary can be written as:

R=1-0Cp/Cg = (A (r-2)2 g ee. 2.39

where A = a/r where a is the radius of the sphere and r is the
capillary radius.

In an enclosed space the terminal velocity of a sphere with respect
to a moving liquid is not the same as in free space. This effect is
known as hydrodynamic lag. The viscous drag force on a solute sphere

that reflects the proximity of the wall can be written as:

F = -67l'ra(KlU-~K2V) eee 2.40

where U is the velocity of the sphere with respect to some reference
point, V is the velocity of the liquid with respect to the same
reference, Kl and K2 are drag coefficients.

At steady state

N
L]

=~
fomad

U/V = K,/Ky e
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and the hindrance to convection becomes:

W=1R=Cp = K2 (1< (X (\=2))2)

g Ky e 2042

The values of K, and K, were determined by Paine and Scherr [34]:

W=1-R=(1-[ N(X-2)1%) exp (- 0.7146 \ 2) el 2043

Zeman tested the model experimentally using very dilute solutions
of dextran and PEG; the low concentrations being important to avoid
concentration polarization.

To approximate the hard sphere radius for the dextran Zeman used

the Stokes radius for the dextran, rg was determined from:

rS =10 (0.47 108 Mw - 0.513) o 2.44

plotting N versus rejection for three Nuclepore membranes, Zeman found
good agreement up to A = 0.7, however above this value the model over
predicted the rejection, see figure 2.8. Unfortunately Zeman could
find no satisfactory explanation for this effect. Long and Jacobs [34]
also investigated the use of the hard sphere model. Long considered a
wider variety of molecules than Zeman. These included polystyrene
latex, the tobacco mosaic virus as well as dextran. Instead of using
the Stokes radius to determine (a) Long used the Einstein radius (R,)

determined from:

3 My cee 2045
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where 7 is the intrinsic viscosity of the dextran sample and N, is
Avogadro's number,

Long found that using the Einstein radius gave equally as good
results as the Stokes radius and concluded that dextran molecules could
be modelled as hard spheres.

The accuracy of this method for modelling materials such as dextran
would appear to be dependent on the operating parameters such as
concentration (concentration polarization) and shear rate, therefore
under normal operating conditions the model would probably not hold.
This was confirmed by Munch [35] using polyacrylamide with a molecular
weight of approximately 3x106. Munch found that the rejection of this
polymer was far lower than the hard sphere model predicted. He felt
that this effect was predominantly caused by shear rate effects.

The flexible molecule model has been considered extensively by
several workers [36-39]. A soluble macromolecule exposed to a shear
flow can be distorted by a difference in velocity between the two sides
of the random coil, however the Brownian fluctuations in the chain
configuration tend to produce a relaxation of the distortion. If the
shear rate is lower than a critical value S.» the entropic restoring
force wins and the distortion decays. If the shear rate is higher than
S. the stretching flow wins and the polymer chain becomes strongly
stretched. In the later case the chain follows perfectly the
deformation imposed by the solvent flow; this type of deformation is
called "affine" deformation [39]. The critical value Sc is of the order
of the relaxation frequency of the soluble polymer. 1In a dilute

solution the relaxation frequency of a macromolecule is the Zimm

relaxation frequency of the polymer chain:

-1 3
SC EI‘z o~ KB T € / 770 RF e 2.46
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where r, is the Zimm relaxation time, no

is the viscosity of the

solvent, Rp is the Flory radius of gyration of a dissolved molecule, T
is the temperature in degrees Kelvin, and Kg is the Boltzmann constant.
In the semi-dilute solutions where there is some overlap of polymer
coils, the characteristic time for the reorganization of the transient
network is the reptation time rg which is linked to the Zimm

relaxation time r, and the concentration C by the relationship [36];

SC o~ rR—l eee 2.47

where rg =~ r, C 3/2
C* ees 2.48
and C* = N/Rg cee 2.49

where N is the number of monomer units in a macromolecule.

Daoudi [38] showed that to drive a macromolecule into a pore the
elongational shear should have to obtain a critical threshold SC (SC ~
rz'l) for a dilute regime; S, ::rR‘l for the semi dilute regime) at a
minimal distance from the pore opening of the order of the
characteristic dimension of the dissolved macromolecules. The latter
condition for the passage of macromolecules is the necessary condition
to obtain the transversal dimension of the deformed chains equal to or

lower than that of the pore. For a dilute solution the characteristic

dimension is the radius of gyration Rg.

S(r = RF) ~ J Ro? > KB T

~

€ Rpd MRp > cer 2.50
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or

J*>KyTe/ n R, 2 ee. 2.51

where S is the longitudinal gradient of velocity, r is the distance from

the pore opening, J is the average flux per unit membrane area, R. the

e}

pore opening radius, € the surface porosity of the membrane skin, Kg is
the Boltzmann constant, no the viscosity of the solvent and T the

temperature in Kelvin,

For a semi dilute solution the characteristic dimensions of the

dissolved macromolecule is the correlation length:

E~ Rp (C¥/c)3/4 ee. 2.52
thus

J¥ > kp T € cx \ 15/4

n R2 \¢ ... 2.53

From this theory it can be seen that the critical flux (J*) depends
on both the membrane skin parameters, and the macromolecular solution
parameters. Furthermore the critical flux is independent of the
concentration of the solution in the dilute regime but it decreases by
C_ls/4 in the semi dilute regime.

This behaviour could be explained by the difference in the physical
state of the macromolecules in these two regimes: in dilute solutions
the relaxation of the independent macromolecules is rapid and of the
same frequency. Once the semi dilute regime is reached the polymer
coils becomes more and more entangled with increasing concentration and

the thermic motion of their segments is retarded. The shear required

for their deformation is consequently lower. Also the deformation would
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be easier with a membrane with large pores and low surface porosity
because of the higher shear obtained at the same flux of filtrate.

Since the critical flux is dependent on the concentration only in
the semi dilute regime, this suggests that there is a critical
concentration at the transition point from the dilute to the semi-dilute
regime. This was tested experimental by Nguyen [40] using PEG. For low
concentrations the rejection of the PEG remained constant but once the
critical concentration had been reached, both the flux and rejection

fell sharply, the critical flux dropping according to C ~15/4.

2.6 ULTRAFILTRATION OF DEXTRAN

Dextran has been used extensively to investigate the
ultrafiltration of polymers and to characterize membranes [41,42] since
it is cheap, water soluble and available in a wide range of molecular
weights.

The fractionation of dextran has been shown to be effected by the
normal range of operating parameters such as pressure, recirculation
rate aﬁd temperature, but also by such factors as the molecular weight
average My of the dextran, the pH and ionic strength.

Using a range of dextran T fractions Baker [43] found that the
rejection of dextran was dependent on the applied transmembrane
pressure. As the transmembrane pressure increased he found that the
rejection decreased. Interestingly this decrease was far more dramatic

with the dextran solutions than either proteins or polyelectrolites.

See figure 2.9.
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Both Bottino [44] and Baker [43] found that rejection of dextran
was increased by increasing the recirculation rate. Baker postulated
that this increase was a result of the lower dextran concentrations at
the membrane wall. See figure 2.10

The flux was also found by Bottino [44] to be dependent on the
recirculation rate; increasing the recirculation rate increased the
flux. Bottino élso showed that the flux became more sensitive to
recirculation rate as the weight average My of the dextran sample used
increased. He also found that dextrans with low My values gave higher
fluxes than dextrans with high My values at the same concentration. See
figure 2.11. He concluded that these effects were caused by the
rejection of the high molecular weight material; this accumulated at the
membranes surface and caused a higher degree of concentration
polarization.

The retention of dextran is generally far lower than other
materials such as proteins of the same molecular weight. Both Baker
[43] and Bodzek [42] examined this phenomenon and concluded that this
effect was probably due to the high stear forces present in
ultrafiltration. These forces could deform the large dextran molecules
and allow them to pass through small diameter pores.

While investigating the concentration of dextran solution
Vlachogiannis [45] found that increasing the temperature increased the
flux and allowed a higher concentration to be achieved but this also
caused the rejection to decrease. At 20°C he found that only 1.8% of
the material was lost but this increased to 13.6% at 40°C. Vlachogannis
felt that this was caused by a higher dextran concentration at the

membrane wall as a result of the higher flux.
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The ultrafiltration of dextran can also be affected by the ionic
_ charge on the dextran molecules. Michaels [12] when examining the
 sieving curves for ionically charged dextran and neutral dextran found
that the negatively charged macromolecules were sieved more effectively;
\‘ﬂWhile positively charged ones less effectively than neutral
macromolecules. He concluded that this result was consistent with the
existence of a negative charge on the membranes surface, Long [34]
also found that blue dextran was adsorbed onto track eteched Nuclepore
membranes while a T70 solution was not. He also found that the
rejection of blue dextran was reduced when the ionic strength of the
solution was increased. He concluded that this was caused by dextran
adopting a more compact configuration at the higher ionic strength.

In his experiments Baker calculated the molecular weights of his
samples from the intrinsic viscosity. Hence if he had a product of low
viscosity he assumed it contained only low molecular weight material.
However, the sample could contain high molecular weight material as
well, the intrinsic viscosity would only measure the average molecular
weight. Therefore this could not be used to characterize the rejection
at a specific molecular weight of dextran. This problem was partly
solved by Edberg [46] using the sedimentation equlibrium method of Van
Hode and Baldwin. Using this technique Edberg was able to calculate
both the weight average (Mw) and the number average (MN) molecular
weight, from the ratio of the two he was able to find the range of the
distribution in his samples. Using a simple cascade system Edberg
fractionated a dextran feed into several products of different weight
average molecular weights and narrow range distribution. A similar
system was also employed by Porter [47] to fractionate dextran, in both
designs each of the three stages contained a membrane with a different

molecular weight cut-off.
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The problem of measuring actual molecular weights of dextran
instead of averages was solved with the advent of gel permeation
chromatography (GPC) as an analytical tool. Using GPC Cooper [48] was
able to characterize membranes using dextrans of several molecular
weight distributions (T fractions). He found that if the rejection
coefficients were plotted against moleculaf weight on log probability
paper, linear relationships were observed. This plot allowed the
rejection (R), molecular weight (MW) relationship to be defined by two
parameters, (a) the mean value of log MW at P = 0.5, and (b) the
standard deviation, which is one half the difference in log MW at R =
0.84 and 0.16. Cooper found that the R-MW relationship was not
independent of the polymer samples molecular weight distribution. While
investigating the performance of a 10,000 MW cut-off membrane he found
it to be less retentive at a given molecular weight for the higher My
sample (40,000) than the lower My sample (10,000). However when the two
polymer samples were mixed the R-MW relationship was very similar to
that obtained with the lower My sample alone, see figure 2.12. This
suggested that the presence of the lower molecular weight material was
increasing the rejection of the higher molecular weight material. This
effect was also found by Bottino [44] when investigating the
ultrafiltration of PEG. To determine the effect of the low My sample on
the rejection characteristics of a high My sample Bottino mixed a sample
of PEG of 35,000 My with a sample of 3000 My. He found that even in
small quantities the low My material increased the rejection coefficient
of the mixture above that of the pure 35,000 My sample.

All the work mentioned above is concerned with either using dextran
to characterize membranes or showing that membranes can be used to
separate dextran into products of differing My. However work done by
Barker and Vlachogiannis [5] and Poland and Barker [6] has shown that

ultrafiltration could be used to fractionate dextran on a commercial
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basis. This work was concerned with the removal of dextran of 12000 Mw
and less, from an industrial hydrolysate with a wide molecular weight
range. Both Vlachogiannis and Poland found that a 5000 MW cut-off
membrane used in the diafiltration mode of operation could be used to
remove the low molecular weight material. Unfortunately they found that
when they used the diafiltration mode, molecules as large as 70,000 MW
could be readily 'washed' through the membrane, this resulted in a
significant loss of the 'saleable' 12,000 MW to 98,000 MW band. Both
workers were however able to show that ultrafiltration could be used to
fractionate the hydrolysate to a clinical standard. Baker and
Vlachogiannis also showed that dextran solutions could be easily
concentrated from low concentrations (1%) to high concentrations (207%)
using either a 5000 MW or 2000 MW cut-off membrane.

Poland and Barker developed a practical diafiltration cascade, from
a design proposed by Cooper [49] to enhance the retention of the 12,000
MW to 98,000 MW band when removing the dextran below 12,000 MW. They
found that the cascade improved the retention of this band by 10%Z and

also aided the removal of the low molecular weight material.

2.7  ULTRAFILTRATION CASCADE SYSTEMS

Ultrafiltration is generally regarded as a method of purifying one
component by the removal of a second. Normally the material to be
purified has a molecular weight far greater than the nominal molecular
weight cut-off of the membrane and hence can be assumed to be 100%
rejected, while the impurity is able to pass freely through the
membrane. Under these ideal conditions a batch process would be
satisfactory, however in many processes the molecular weights of the two

components are similar, so it may be impossible to remove the impurity
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without incurring excessive loss of the material to be purified. To aid
the separation of the two components a cascade process can be employed.
A cascade process is a system where, by means of permeate and retentate
recycling a purity and efficiency greater than the batch system can be
obtained. There are several different designs of cascade which can be
classified by their mode of operation; the two main groups are those
using concentration and diafiltration, however a dialysis cascade has
also been proposed.

Both Baker [50] and Porter [47] developed simple concentration
cascade systems. Using a three stage system Baker fractionated both PVP
and dextran into different My products. The system was designed to
remove the high and low molecular weight fractions from a polymeric
product. The first two stages were responsible for the removal of the
high molecular weight material. Any high molecular material not
retained by stage one was recaptured in the second stage. The permeate
from stage two which contained the middle and low molecular weight
material was then used as feed for the third stage. The third stage
consisted of four cells each containing identical membranes. These
membranes where chosen to allow only the passage of the low molecular
weight material hence the final middle molecular weight product was
obtained as the retentate product from this stage. By choosing the
correct number of stages any medium molecular weight purity could be
obtained. See figure 2.13.

The system proposed by Porter consisted of a very similar design,
however each stage contained a membrane of differing molecular weight
cut-off allowing the removal of different molecular weight fractions
from each stage.

The development of the true concentration cascade has close links
with the gaseous diffusion cascade used during the second world war for

the separation of uranium isotopes. This design of cascade can be split
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into two sections,

an enriching section and a stripping section with the

feed inlet between the two. The required product is removed from the

"top' of the cascade stage N and the unwanted waste product from stage
one. See figure 2.14. This type of cascade can be used for the
separation of two or more components. It is usual for the membranes
used in each stage to be identical unlike the other forms of cascade
mentioned earlier,

The fractionation within the cascade occurs in the following
manner. The initial separation of the components occurs in the feed
stage. The component to be removed and the lost product leaves the
stage as permeate and passes into the stripping section. Within the
stripping section the lost product is recovered and recycled back into
the feed stage. By careful selection of the number of stages within the
stripping section it is theoretically possible to obtain any degree of
recovery of the product.

The retentate product from the feed stage enters the enriching
section where the contamination is removed, naturally with some loss of
the desired product. Therefore the permeates in this section are
recycled back down the cascade to recover the lost product. As with the
stripping section the number of stages can be chosen to give the
required purity.

The key operating parameters affecting this type of cascade are the
number of stages used, the position of the feed point, the difference
between the rejection coefficients of the components and the ratio of
permeate and retentate products. Several workers have considered these
factors on an theoretical basis. Tutunjian and Reti [51] developed a
model of a five stage cascade unit by solving a series of mass balances
over the whole cascade and each individual stage. Several assumptions

were made to simplify the problem, firstly the flow of material through
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each stage was plug flow and more importantly the flow ratio wi/w

o}

which was defined as the ratio of flow at the inlet to retentate at the
outlet, was identical in all the stages.

A summary of their results is given graphically in figures 2.15 to
2.18. In these figures the passage (P) is the fractional passage of the
component through the membrane, ie, (1-R). The flow ratio defined
earlier is wi/wo, N the number of stage and F the feed stage. Using
these graphs the relative separation of a two component system can be
considered. Starting with a feed containing equal concentrations of A
and B which have a passage of 0.7 and 0.3 (rejection of 0.3 and 0.7), a
feed point at stage three and a flow ratio of 6 the fraction of each

solute in the permeate can be read directly from figure 2.15.

Cascade
Permeate A = 0.94 (787 purity)
B = 0.26
Single Stage
Permeate A =0.71 (63% purity)
B = 0.42
Cascade
Retentate A = 0.06

B = 0.74 (937 purity)

Single Stage
0.29

It

Retentate A

B = 0.58 (677 purity)
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changing the flow ratio on the cascade to 3 gave:-

Permeate A

i

0.61 (927 purity)

B = 0.05

Retentate A

0.39

B = 0.95 (71% purity)

Tutunjian concluded that reducing the flow ratio increased the
purity of the permeate stream but the recovery of the main component (A)
was reduced. This effect can be seen clearly in figure 2.16, as the
flow rate decreases the fraction of any component in the permeate
decreases. Increases the flow ratio will have the same effect on the
retentate stream.

The dependence of the separation on the number of stages is shown
in figure 2.17. As the number of stages is increased the relative
separation is increased; this is shown graphically by the increase in
the slope of the lines. Tutunjian also found that moving the feed point
away from the permeate product stage has the same effect as decreasing
the flow ratio, ie. decreasing the fraction of any component in the
permeate product.

Using a similar approach Ward [52] developed a model for a three
stage cascade which he tested by using an experimental cascade. Using
glucose and S-ovalbumin he demonstrated that the cascade gave a higher
separation and extraction than could be obtained using a single
ultrafilter. However the separation obtained was generally less than
those predicted by the model. Ward attributed this to the models
inability to adequately predict the effect of concentration

polarization,
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Another novel cascade system was considered by Mitrovic [53]. The
éscade which was developed for use with reverse osmosis or
pervaporation membranes consists of dual cells with two membranes of
opposite perm-selective characteristics which were treated as stages of
a separation battery. Mitrovic used McCabe-Thiele techniques to define
_the optimum number of stages and reflux ratios for both the dual cell
cascade and the single cell cascade mentioned above. For the separation
of ethyl alcohol and p-xylene Mitrovic found that the dual cell system
required fewer stages to obtain the same degree of separation,
furthermore the energy consumption of the dual cell system was less then
\>the single cell system.

Both Tutanjian and Ward simplified the mass balances required for
their models by using a constant flow ratio for each cascade stage, and
by considering a cascade with a maximum of five stages

In these cases numerical iteration methods such as the multi
dimensional Newton-Raphson method can be used. The solution of these
equations has been investigated by many workers [54-56].

The purification of a solute using diafiltration normally produces
large volumes of waste solvent, on an industrial scale and this would
result in storage, pumping and effluent problems. To reduce the amount
of dialysate (wash solvent) required Porter and Michaels [47] proposed a
three stage cascade system. See figure 2.19, The fresh dialysate
enters into the third stage and the permeate from this stage is recycled
back to stage two and used as dialysate for this stage, similarly the
permeate from stage two is used as dialysate in stage one. Using this
system one volume of dialysate was used where the batch process would

have required three.
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A further example of the diafiltration cascade was proposed by
Cooper [49] as a method of reducing the amount of solvent used during
the purification of polymeric dyes. See figure 2.20. The system
operated in the same manner as the cascade systenm proposed by Porter but
the final permeate product was sent to a solvent recovery stage. Cooper
developed a model for the system by solving a series of mass balances
over the cascade. Using this model Cooper was able to obtain a
relationship which showed how the number of stages (K) and rejection
coefficient ( ¢ ) of the inpurity would effect the purity of the final
 product. For simplicity Cooper combined the rejection ( 0 ) and the
number of diavolumes used (N) as a single expression Z = (1 - ¢ )N. The
results of this analysis can be found in figure 2.21 and 2.22. Cooper
found that for increasing values of K and Z the value of ¥ increased non
linearly at low values of Z and linearly at higher values of Z.

To confirm the benefits of the cascade Cooper compared the
operating costs of the batch and cascade systems. The main processing
costs such as solvent price, fractional loss of solvent in the solvent
recovery stage and individual membrane life were assumed to be identical
in both the cascade and batch systems. Cooper was able to show that the
cascade had a significant economic advantage over the batch system
especially when the solvent costs were high.

The practical application of the diafiltration cascade system was
considered by Poland [6]. Using a computer controlled four stage
cascade Poland investigated the fractionation of a dextran polymer. He
was able to show that below the nominal cut-off of the membranes he used
the amount to dextran removed was significantly improved, while above
this value the retention of the dextran was increased. For all his
experiments Poland used 5000 MW cut-off hollow fibre membranes obtained

from Amicon.
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Figure 2.21 Effect of High Values of Z for Various Numbers
of Stages (K) on Product Purity from a
Diafiltration Cascade
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Figure 2.22 Effect of Low Values of Z for Various Numbers
of Stages (K) on Product Purity from a
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The development of a dialysis cascade was considered theoretically
by Noda and Gryte [57]. They were able to show that a simple
countercurrent cascade of dialysers was not able to increase the
selectivity of the dialysis unit. However by combining the dialysis
units with a series of non-selective concentrators the solute selection
could be increased. These concentrators could either be reverse
oSmosis, distillation or evaporation units.

An schematic diagram of the system is given in figure 2.23. The
rectifying section above the feed point has N stages and the section
JQ fbelow the feed point has M stages., Each stage corresponds to a
concentration-dialyzer pair. The top stream has a molar flow rate of
Vm and is divided into the top product stream and the reflux stream.
The ratio of the reflux molar flow rate to the overhead product molar
flow rate Vd is the rectifying reflux ratio r. The bottom stream Um is
élso divided into the reflux stream and the bottom product stream. The
_ratio of the reflux molar flow rate to the bottom product molar flow
rate Ub, is the stripping section reflux ratio S. F and G are the molar
flow rates of the solute in the feed. This design of counter current
cascade can be found in many other separation processes for example

gaseous diffusion and in a similar form for reverse osmosis.
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3.0 THE IMMOBILIZATION OF ENZYMES WITHIN
ULTRAFILTRATION SYSTEMS
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IMMOBILIZATION OF ENZYMES WITHIN ULTRAFILTRATION SYSTEMS

3.1  INTRODUCTION

The immobilization of biocatalysts using ultrafiltration membranes
was first reported by Blatt [58] in 1968. This was followed by a rapid
’,expansion of research as membranes improved and became more varied.
The underlying principle in any form of ultrafiltration bioreactor
system is the use of a membrane which is retentive to biocatalyst but
\ ywill freely pass the products of the reaction. It is convenient to
‘§ éeparate the wide variety of membrane reactors into two basic groups,
’those which retain the biocatalyst distributed in the retentate stream
and those which retain the biocatalyst within the membrane structure.
At present the most widely used bioreactor system is the former of the

two.

3.2  BIOREACTORS WITH DISPERSED BIOCATALYSTS

One of the simplest forms of enzyme reactor is the enzyme CSTR/UF
reactor. See figure 3.1. The system typically consists of a reaction
vessel connected to a ultrafiltration module. Solution from the
reaction vessel containing the substrate, product and biocatalyst is
continuously pumped through the membrane module. Ideally the membrane
should be selected to allow only the passage of the product molecules,
therefore at steady state a continuous flow of product leaves in the
permeate stream and the unreacted substrate and enzyme is returned to
the reaction vessel. Fresh substrate is added to the reaction vessel to
maintain the level of substrate. Although this is a very simple

approach, this system is the only type of enzyme reactor known to be
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~ used on a commercial basis. A number of nutritionally important amino

icids are now either being synthesized or optically resolved on an

ndustrial scale in both Japan and Germany via CSTR/UF enzymic reactors
(59, 60).

The necessity of using a CSTR/UF bioreactor where the biocatalyst
is present in a great volume of water would appear to be totally
unnecessary since the compartments in the membrane unit, (ie. in a
__hollow fibre cartridge) can serve to contain the biocatalyst. Hollow
~ fibre cartridges have been found to be particularly suitable for
containing biocatalysts since they have a high surface area to volume

atio, the membrane is self-supporting and can be backflushed without

the membrane separating from its support.

Two approaches can be used, the biocatalyst can be contained in
either the shell side or tube side of the hollow fibre cartridge. See
figure 3.2 and 3.3. The entrapment of the biocatalyst in the lumen of
the hollow fibres was first suggested by Rony [61, 62]. In the system

~ used by Rony the movement of substrate and product into and out of the
 fibre was purely by diffusion. The substrate solution being constantly

~ pumped through the shell side of hollow fibre cartridge. Kitano [63]

used this type of reactor to entrap urease and uricase. He found that

the half life of the entrapped urease was typically only 60-807 of the
free enzyme, this was probably due to pH variations within the lumen of
the fibres as a result of the chemical reactions involved, for example
the production of ammonia by the urease. Furthermore the apparent

Michaelis Menton constant obtained for this reactor was always larger

‘than that of the free enzyme because the rate determining step was the

diffusion of the substrate across the membrane.
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igure 3.2 Hollow Fibre Enzyme Reactor with Enzyme-Located

Inside the Fibres (61)

Biocatalyst
Reservoir

Product «— |2 31 ﬁ—TQ
S S
P Substrate
AR Solution
I

Biocatatyst

Product
e

Figure 3.3 Hollow Fibre Enzyme Reactor with the Enzyme Located
in the Shell Side
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Simple mathematical models and experiments [64] have indicated that

t i1s adventageous for most applications to have the biocatalyst
solution sealed in the shell side and the substrate flowing through the
fibres. There are many examples of this form of reactor [65, 66, 67]
Ainvolving enzymes such as B-glucosidase, alkaline phosphatase and whole
cells (for the production of urocanic acid). In the simplest form of
this reactor the substrate and products move through the membrane by
diffusion only [66, 67], however it is also possible to use a pressure
 ~driving force to aid the transfer of substrate and product. The

operating procedure is simple, the process stream flows through the

lumen of the fibres, if for example an inlet pressure of 25 psi and

‘?éutlet pressure of 10 psi is used the sealed shell will equilibrate at a

pressure which is essentially equal to the average of the inlet and
_outlet pressures, ie. 17.5 psi. Therefore when the reactor is operated
the pressure at the beginning of the hollow fibres is greater than that
in the shell side and hence permeate flows from the inside of fibre to
the cartridge shell. Similarly at the opposite end of the cartridge a
zone would exist where the pressure within the fibre would be less than
~_that in the shell side and hence permeate flow would occur back from the

 shell side into the fibres. See figure 3.4. Klei and Sundstrom [65]

used this type of reactor for the production of sugars from cellobiose.
In this example the cellobiose solution was pumped from a reservoir
through a Romicon PMI0O cartridge (10,000 MW cut-off), the unreacted
cellobiose and reaction products were then returned to reservoir. The
B-glucosidase enzyme was put into the shell side of the cartridge by
either backflushing or by immobilizing the enzyme onto alumina powder
and then pumping the alumina powder as a slurry into the shell side.
The system used by Klei and Sundstrom also contained an enzyme reservoir

connected to the membrane cartridge so that fresh enzyme could be

introduced into the reactor. Since the B-glucosidase enzyme was .pn89
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table and easily denatured this approach proved to be highly

\’satisfactory. See figure 3.5. In another reactor scheme considered by
Klei and Sundstrom a multi-enzyme system was used. See figure 3.6. The
process tank contained a slurry of cellulose fibres suspended in a
solution of cellulase enzyme. The slurry from the process tank was
continually pumped through a hollow fibre cartridge so that the reaction
products, the soluble low molecular weight sugars such as cellobiose
would be removed in the permeate from this membrane. The permeate then
passed to a second membrane which contained the immobilized B-
Vﬁkglucosidase. The enzyme was retained in the shell side of this
Qembrane. The glucose produced by this reaction was able to permeate
into the fibre lumens and was returned back to the process tank.
This system is particularly interesting since two enzymes could be
_employed in one reactor without mixing the enzymes., Using this approach
the total yield of sugars was increased and the cellulase enzyme
requirements were significantiy reduced.

In a design proposed by Michaels [68], enzymes or whole cells could
be contained by sandwiching them between two membranes which were freely
permeable to nutrients, cell products and metabolites. This system
could be used in either a diffusion controlled mode or in a convection
controlled mode as shown in figure 3.7. This system is really a
simpler form of a hollow fibre reactor and can provide a compact and

efficient bioreactor.

3.3  BIOREACTORS USING CHEMICAL AND PHYSICAL IMMOBILIZATION

In this group the biocatalyst is immobilized on or within the
actual structure of the membrane, and so do not rely exclusively on the

retenture nature of the membrane to contain the biocatalyst. This type
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\ igure 3.5 Shell Side Immobilization System Used by Klei and

Sundstrom (65)
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Figure 3.6 Immobilized Multi-Enzyme System Used by Klei and

Sundstrom (65)
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 §\immobi1ization can be split into two subsections. That which
involves physical immobilization such as the formation of gel layers and
also for simplicity adsorption, and those which are immobilized by the
action of a chemical coupling agent.

In the simplest forms of physical immobilization the biocatalyst
can be adsorbed\dﬁfg’the porous substructure of the membrane. The
adsorption of proteins onto membranes is normally considered a severe
problem and has been linked to membrane fouling. The adsorption of
proteins has been studied in some detail by using bovine serum albumin
- (BSA) labelled with iodine 125 [69]. It was found that when an
ultrafiltration membrane was brought into contact with the BSA, even
under conditions where there was no liquid permeation and minimal
hydrostatic pressure, proteins would spontaneously adsorb onto the
membrane. The amount of protein adsorbed was a function of several
factors. The amount of BSA absorbed was firstly a function of time,
with more BSA being adsorbed with longer contact time. Furthermore they
found that the protein adsorption depended quite strongly on both the
membrane material and the nominal molecular weight cut-off. In general,
hyrophobic membranes and those with higher molecular weight cut-offs
adsorbed the greatest quantities of protein. This first effect was
probably due to the BSA having greater non-polar than polar
characteristics and thus adsorbed more readily onto hydrophobic (non-
polar) material. This is an important consideration when attempting to
physically immobilize enzymes within the membrane structure. It was
also observed that BSA (68,000 MW) was able to diffuse through the
separating layers of a membrane with a nominal molecular cut-off as low
as 10,000 MW. In addition there was in some cases sufficient transport
through the membrane so that 80Z of the adsorbed BSA was found in the

porous support behind the membrane.
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These experiments also demonstrated that the adsorption of protein
- onfo the membrane caused a decrease in flux. This reduction was found
to be as much as 50% in some cases. Naturally the smaller the membranes
molecular weight cut-off the greater the effect. It was concluded that
the reduction in flux was due to a combination of reduced flow area and
pore blockage by the protein.

The practical application of this effect was considered by Korus
[70]. Korus attempted to immobilize «x-glactosidase and invertase
within polysuphone hollow fibres. Two methods were used. In the first
 method the enzyme was added to the cartridge shell and allowed to stand
overnight. The shell was then emptied of liquid. In the second method
enzyme was pumped into the shell and permeate removed from the lumen to
concentrate the enzyme in the porous support. Korus found that both
enzymes could be immobilized with no detectable enzyme leakage and they
had stabilities approaching the stability of the free enzyme. Naturally
~immobilization under pressure gave a higher enzyme loading. Korus also
commented that immobilization within hollow fibre cartridges compared
favourably with other methods of immobilization since this approach
allowed easy enzyme loading, operation, cleaning and sterilization and
also regeneration was relatively simple.

The main disadvantage of enzyme adsorption is that it is a dynamic
process and under the right conditions the enzyme will be lost from the
membrane structure. These systems are tvpically operated at low
permeate flow rates to avoid the enzyme being washed out of the porous
substructure, this often results in the reaction being diffusion

controlled. vThis problem was found by Korus when using the invertase

enzyme.
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The backflush reactor system can be used to overcome some of the

ppoblems mentioned above. This approach is more applicable to hollow
vfibre membranes than flat membranes since there is less tendency for the
membrane skin to separate from the porous support during operation.
Once the biocatalyst has been loaded into the porous substructure of the
membrane, by either simple adsorption or by forcing the biocatalyst into
the substructure using pressure, the flow of substrate is directed
through the shell side of the reactor so that the substrate permeates
the porous substructure and the products of the reaction leave via the
lumen of the fibre. This method allows a high permeate flow rate and
reduces enzyme losses, see figure 3.8. The main disadvantage of this
type of reactor is the low flux which can result if the biocatalyst
blocks the channels in the porous support [71].

Another non-chemical method of biocatalyst immobilization makes use
of the well-known effect of concentration polarization and gel layer
formation. This aspect of immobilization has been investigated in great
detail by Drioli, Catapano and others [72 - 75].

The effect of concentration polarization is generally considered to
be caused by the accumulation of macromolecules at the membrane/solution
interface. Owing to the low diffusion coefficients of most
macromolecules the back diffusion is small and a concentration profile
develops at the membrane surface. If the solubility limit of the solute
is exceeded then the solute precipitates out as a gel layer on the
membrane surface.

To immobilize the enzyme a solution of biocatalyst is completely
ultrafiltered, or if this is not possible, until only a very small
volume of liquid remains. Since the membrane is 100% retentive to the
biocatalyst, the biocatalyst is left as a gel on the membrane surface.
Once the immobilization has been completed the substrate solution can be

added to the cell or the membrane can be stored for future use. This
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technique has been used for a wide range of enzymes including acid
‘7phgsphatase [73], urease [72], B-glucosidase [72] and malic enzyme [74].
éénerally it was found that the enzyme maintainéd its activity when
immobilized. A further advantage of the immobilization was that
reversible reactions could be considered irreversible if the rejection
of the products was very low.

In most cases an unstirred system was used [72, 73] since
turbulence at the membrane wall tended to cause the gel layer to break
down. This was particularly noticable when malic enzyme was immobilized
in a hollow fibre cartridge. At low flow rates a better conversion
kcould be obtained but at higher flow rates the resultant shear stresses
caused complete removal of the gel layer.

Using this technique multi-layer enzyme immobilization can élso be
achieved. Greco [76] immobilized acid phosphatase in two distinct
layers on the surface of an ultrafiltration membrane. The
immobilization was achieved by firstly applying a layer of enzyme using
the techniques mentioned earlier, followed by a layer of PHSA
(polymerised human serum albumin). This was then repeafed for
subsequent enzyme layers. Although Greco used only one enzyme, two or
more different enzymes could be used.

This method has the advantage that no chemical manipulation was
required to produce the multi-layer system, however with the acid
phosphatase system the author found that the enzyme activity was

impaired by the immobilization.
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Bonding the biocatalyst to the membrane using chemical coupling
a ents has several advantages over the physical types of immobilization.
The system can be run with a transmembrane pressure without the enzyme
_being lost from the membrane and the immobilization process can also
improve the stability of the enzyme. The stability of the enzyme is
improved since the bonding helps to maintain the protein structure under
adverse conditions.

The normal method of bonding is covalent bonding. To obtain a good
bond between the enzyme and the membrane it is important to see that
 both enzyme and membrane have the correct reactive groups. Furthermore,
the bonding agent must be selected to avoid damage to the enzyme and so
may be specific to a particular enzyme. Glutaraldehyde and cyanogen
bromide are two common bonding agents which have been used with many
_enzymes. [77, 78, 79].

/ Chemical bonding can be achieved in a similar manner to the
adsorption techniques mentioned earlier. The enzyme can be introduced
into the structure of the membrane by either using diffusion or by
applying a transmembrane pressure. When immobilizing the enzyme using
 the diffusion method, the membrane (normally polysulphone membranes
since they contain the correct reactive groups) is firstly soaked in a
solution of the immobilizing agent and then placed in the enzyme
solution. The membrane is left to soak for up to 24 hours and then
washed to remove any free enzyme. In the second approach the bonding
agent is flushed through the membrane followed by the enzyme solution.
After bonding the membrane is washed to remove any free enzyme.
Typically the immobilization under pressure gives a higher enzyme
loading. Both these methods were employed by Staude [77] to immobilize
dextranase and urease. As with the adsorption immobilized techniques it
is usual for the enzyme to be immobilized in the porous substructure of

the membrane.
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Further work by Gregor [78] on the immobilization of chymotrypsin

using cyanogen bromide showed clearly the advantages of chemical
immobilization. Firstly Gregor found that coupling under pressure gave
a far higher retention of enzyme activity (70% compared to 40%).
However more importantly the thermal and chemical stability of the
enzyme was also better, see figure 3.9,

This technique is normally only applicable to stable enzymes, since
chemical bonding is difficult to reverse and the membrane cannot be
reused, for example chymotrypsin which loses only 1% of its activity per
] &wéek at room temperature.

The membrane can also suffer from reduced flux, this is caused by

the presence of the enzyme in the porous substructure reducing the flow

area.

3.4  WHOLE CELL IMMOBILIZATION

The immobilization of whole cells has several advantages over
_enzyme immobilization. Firstly since the cells are typically far
:larger, immobilization is far easier, and secondly the useful life of
_the reactor should be longer since the activity of the reactor is
maintained as the cells grow and replicate.

Whole cells can be easily immobilized within an ultrafiltration
membrane. The most common method used is immobilization within the
spongy support material of the membrane either by chemical or physical
bonding [68]. This type of reactor has been shown to have potential

for the production of monoclonial antibodies and hormones [80].



Figure 3.9 The Effect of Temperature on the Chymotrypsin
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The immobilization of whole cells can also be achieved during the
\’bﬁase inversion stage of the membrane formation process. Naturally this
technique gives the most secure bond between the cells and the membrane,
but the cells must be thermally and chemically resistant if the
procedure is to be successful. Drioli [81] immobilized C.acidophila
cells into cellulose acetate and polysulphone membranes during the phase
inversion process. The C.acidophila cells were particularly suitable
since they could withstand low pH and had an optimal temperature of 90—
100°C. The cells were used for their B-galactosidase activity, but as
Drioli commented, the cells could be used to investigate other
cytoplasmic enzymes by simply changing the substrate used.

Drioli confirmed that the physico-chemical properties of the B-
galactosidase immobilized in the membrane were similar to those shown by

the enzyme in the free cells, and that the cells showed good stability

within the membranes.

3.5 THE USE OF FREE AND IMMOBILIZED DEXTRANSUCRASE

Dextransucrases are mainly extra cellular trans-glycosylases which
are responsible for the conversion of sucrose to dextran and fructose.
Unlike many other enzymes dextransucrases do not require the presence of
cofactors or other high energy related phosphorylated intermediates and
therefore have a greater possibility of being used in reactors other
than the conventional batch reactor.

The dextransucrase enzyme used for the industrial manufacture of
dextran is normally obtained from the bacterium Leuconostoc
Mesenteroides, NRRL B512F. This strain has the ability to produce
enzyme which gives linear chained molecules with only 5% branching. The
enzyme dextransucrase synthesizes dextran from sucrose according to the

overall equation:-
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n . (Cpp Hyp Opp )——(CgHgO05), + n . (CqgHypOg)

sucrose dextran fructose

Robyt et al (82) investigated the mechanism of chain growth using
pulse and chase techniques with [14C] labelled sucrose. Robyt proposed
a mechanism for the synthesis in which two nucleophiles at the active
sites, Xl and X2, (see figure 3.10) attack two bound sucrose molecules
displacing the fructose units leaving two glucosyl units covalently
linked to the nucleophiles through C; of the molecule. In subsequent
steps the Cg - hydroxyl (the primary hydroxyl group) of one of the
glucose units effects a nucleophilic attack on C; of the other glucose
unit forming an @- 1,6 glucosidic linkage. Simultaneously this
transformation releases the active site nucleophile which can then
attack another sucrose molecule to give a new glucosyl unit attached to
the active site. The Cg - hydroxyl of this new glucosyl unit then
attacks the Cy unit of the isomaltosyl unit forming another &-1,6
linkage. In the presence of sufficient sucrose, this process continues
with the two necleophile groups X; and X, at the active site,
alternatively forming covalent complexes with glucose and the growing
dextran chain. The process is stopped when an acceptor molecule
interacts with the active site resulting in the release of the chain
from the enzyme. Robyt found over 30 different acceptor products, these
included a wide range of carbohydrate molecules. Examples of these

molecules are fructose, maltose, isomoltose, glucose, mannose and

glactose.
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The second reaction product fructose is a relatively strong

acceptor. Theoretically stoichimetry predicts that 100 g of sucrose
gives 52.6 g monosaccharides (fructose) and 47.4 g of high molecular
weight (HMW) dextran. In practice however disaccharides and lower
molecular weight dextrans are formed due to the acceptor reactions.
Alsop [83] investigated the effect of fructose on the enzyme reaction in

a batch system. See table 3.1.

Table 3.1 Yields of carbohydrate fractions from dextransucrase

at various sucrose strengths (g per 100 g sucrose)

Sucrose Mono- Disaccharides Total HMW LMW

Z W/V saccharides Dextran Dextran Dextran
2 52.2 1.9 45.9 45.9 0

4 50.0 4.4 45.6 45,6 0

6 51.3 4.3 44,4 444 0

10 51.2 6.8 42.0 39.0 3.0

15 55.5 9, 4 35.3 25.3 10.0

20 56.9 11.2 31.9 17.9 14.0
(Theory)| 52.6 0 47.4 47.4 0
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When a 2% sucrose concentration was used the reaction was almost
stoichimetric resulting in quantitative yields of dextran and
monosaccharides, the dextran being exclusively high molecular weight and
the monosaccaride was fructose. As the sucrose concentration increased
from 2% to 207 the amount of monosaccharide marginally increased and
the amount of disaccharide (shown to be mainly leucrose) increased
markedly. The amount of low molecular weight dextran including
oligosaccharides also increased, particularly when concentrations above
10% were used. As a consequence of these changes the total yield of
dextran fell dramatically. It can be seen that if high sucrose
concentrations are to be used the fructose must be removed from the
reaction mixture before it can interfere with the chain growth.

The dextransucrase activity (DSU) is most commonly defined as the
amount of enzyme which would convert 1 mg of sucrose to dextran in 1
hour under actual operating conditions, ie. pH 5.2 and 25°C. This
definition was used throughout this work. The dextransucrase activity
can be determined using either HPLC, GPC or Hostettlers method [92].

The optimum pH for dextransucrase is 5.2 although between pH 4.8
and 5.6 the enzyme retains 90% of its maximum activity, outside this
range the activity drops sharply. Dextransucrase has its maximum
activity at 30°C but an operating temperature of 25°C is recommended
since at higher temperatures a rapid decay occurs. At 4°C the enzyme
was found to be stable for 3 weeks, at 359C for 1 hour and at 40°C it
was completely destroyed in 15 minutes.

The precise molecular weight of the dextransucrase enzyme is
unclear since it is often associated with large dextran molecules.
Jackson and Stewart [92] reported a molecular weight of 171,000 Daltons,
while Ebert and Schenk [93] claimed that when associated with dextran it

had a molecular weight of 280,000 Daltons.
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Monsan and Lopez [84] investigated the effect of reaction time on
chain growth. See figure 3.11, They found that the molecular weight
appeared to increase with reaction time and the distribution which was
rather disperse at the beginning, became sharper as the reaction time
increased. These results confirmed the results obtained by Braswell
[85] and Bovey [86].

Over the last few years many attempts have been made to immobilize
the purified dextransucrase onto porous suports. Both Reilly and Kaboli
(87, 88), and Monsan (84, 89, 90) have made significant progress in this
area. Reilly and Kaboli [87] initially immobilized dextransucrase onto
Whatman number 1 filter paper (using cyanuric chloride), to DEAE-
cellulose, DEAE-sephadex A-25 and ASO and SP-sephadex C-25 and C-50 but
the retained activity was very low. With the three DEAE carriers
virtually all the dextransucrase was ionically attached to the carrier
but at best only 10% remained active. Reilly and Kaboli obtained their
best results by immobilizing the enzyme onto a porous silica using a
glutaraldehyde solution. Using this method they obtained a retained
activity of up to 19.6%. Reilly and Kaboli also investigated the
effect of pH and temperature on the immobilized enzyme and compared this
to the 'free' enzyme. See figure 3.12 and 3.13. They found that the
optimum pH remained the same at pH 5.2, but the enzyme.activity
decreased less rapidly at pH values well removed from the optimum. The
temperature/activity relationship showed the same trends, the enzyme
showed maximum activity at 30°C but the rate of activity loss above this
temperature was far lower than the free enzyme.

More recently Monsan (84,89,90) obtained immobilized dextransucrase
activities as high as 800 DSU/gm for dextransucrase immobilized onto
amino porous silica (spherosil) using glutaraldehyde. This higher
activity was achieved by the addition of maltose to the enzyme solution

during the coupling reaction. Monsan felt that the addition of maltose
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caused the release of the dextran chains from the enzyme and thus the
enzyme was easier to attach to the support. However despite the 100 fold
increase in activity over previous workers their yields remained
relatively low.

Edwards [79] immobilized dextransucrase onto polyacrylamide gel and
more interestingly to cellulose acetate membranes and hollow fibres
using glutaraldehyde. In all cases Edwards found that the activity of
the immobilized enzyme was far lower than the free form.

While experimenting with the hollow fibre system Edwards found that
the molecular weights of the dextrans produced were flow rate dependent.
At low flow rates higher molecular weight dextran was formed while at

high flow rates more low molecular weight material was formed.
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4.0  ANALYTICAL EQUIPMENT

4.1  INTRODUCTION

To assess the rejection characteristics of a membrame system it is
necessary to calculate weight changes in selected molecular weight
bands. To obtain this information the molecular weight distribution and
concentration of the dextran product must be found.

The overall dextran concentrations were calculated using a
polarimeter, since this was found to be the most accurate method.

The molecular weight distribution was determined using analytical
gel permeation chromatography (GPC).

Using the molecular weight distribution the weight fractions for
each molecular weight band can be found. Using the bulk concentration
the weight in each band can be calculated. The rejection of each band
can then be assessed by comparing the weight in each band to that in the

feed.

4.2  CALCULATION OF SAMPLE CONCENTRATION

4,2.1  EQUIPMENT DESCRIPTION

Two types of polarimeter were used. The first manufactured by
Bellingham and Stanley (model D) was a simple design. A sodium light
provided the illumination. The optical rotation was measured by rotating
duel polarizers until both halves of the view finder were of equal

darkness. The optical rotation was then read from a scale on the

ad justing mechanism.
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This polarimeter was replaced by another more accurate model

manufactured by Bellingham and Stanley Ltd, England. This polarimeter
used a photoelectric cell to match the screen densities. This design of
polarimeter was accurate to within 0.05 degrees of optical rotation.

A cell 100 mm long and with an approximate volume of 10 cm’ was

used in both polarimeters,

4,2.2  EXPERIMENTAL TECHNIQUE

From simple theory the optical rotation ( § )can be calculated using

the relationship;

f= R.L.C vees b1

where R is constant for the particular substance being used
L is the cell length
C is the concentration
Since the cell length remained constant the relationship can be

simplified to;

f = constant. C cees 4.2

The value of the constant was determined using a range of dextran
samples with known concentration. The relationship can be found in
Figure 4.1,

Polarimetry was found to be a very robust method of calculating the
concentration of the dextran samples. Since the polarimeter only
responds to optically active substances such as dextran, bacteriocides
such as sodium azide could be used without affecting the accuracy of the

results. Furthermore the concentration could be calculated faster using
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polarimetry than with other comparable methods such as HPLC. Typically
the concentration of a sample could be measured in under three minutes
using the polarimeter, compared to twenty minutes for HPLC. The
accuracy of the HPLC method was also affected by the backgfound
concentration of sodium azide.

For convenience the concentration was measured at ambient
temperature. Since the samples were often stored in a refrigerator it
was necessary to allow time for the samples to warm up before analysis

could take place.

4.3 CALCULATION OF THE MOLECULAR WEIGHT DISTRIBUTION (MWD) USING

ANALYTICAL GEL PERMEATION CHROMATOGRAPHY (GPC)

4.,3.1  EQUIPMENT DESCRIPTION

A schematic diagram of the GPC analysis system can be found in
Figure 4.2.

The eluent used was distilled water with 0.02% W/V sodium azide to
prevent bacterial growth in the columns. The eluent reservoir held
approximately ten litres and was maintained at 50°C to degas the eluent.
The eluent was prefiltered using a 0.45 pm sintered metal filter before
passing through a debubbler to the pump. The pump was a duel piston,
low pulsation pump (model 1330 Biorad Laboratories, Watford, UK) with a
flow rate range of 0.1 to 9.9 cm>/min.

The samples were injected through a 6 port injection valve (model
30100 Spectroscopic Accessory Co, London) with a 100 pl sample loop.

The samples were prefiltered using a 0.45 pm disposable syringe filters.

(Millipore, London).
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The three GPC columns were held within a heated stainless steel
waterbath at 40°C, The temperature was maintained by a hot water
circulator (C400 Techne, Cambridge, UK).

The concentrations of the product leaving the columns were measured
using a differential refractometer (model R401, Waters Asssociates Ltd,
London). A 0.027 sodium azide solution was used in the refractometer
reference cell since the eluent stream contained a similar concentration
of sodium azide, Furthermore the refractometer cell was maintained at
40°C to avoid temperature differences between product and reference
streams.

The analogue signal from the refractometer was transmitted to a
multiplexer (model PCI 1001, CIL Electronics Ltd, Sussex) which
converted it to a digital signal. The digital signal was then used by a
PET computer (model CBM 4032, 32K bytes, Commodore UK) to calculate the
molecular weight distribution of the sample. As a back-up to the PET
computer a flat bed potentiometric chart recorder (Venture Servoscribe

RE541.2 Smiths Ltd) was used.

4.3.2 DESCRIPTION OF GPC COLUMNS

Three types of GPC columns were used. Two were manufactured by the
Toya Soda Manufacturing Co, Tokyo, Japan, and the other by E Merck
(supplied by BDH Atherstone).

Initially the TSK PW columns were used, however these were later
replaced by TSK PW-XL columns. Both these columns used a vinyl polymer
packing specifically designed for aqueous systems. These columns have a
wide fractionation range and low adsorption characteristics, combined
with stability in the pH range 2-12. In both cases the system consisted
of three columns. The first two were TSK G5000 columns designed to

fractionate within the molecular weight range 10,000 to 2 x 10, The
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third column was a TSK G3000 column to fractionate up to 10,000 MW.

The TSK PW columns were 60 cm in length by 0.75 cm ID, the TSK PW-
XL columns were 30 cm in length and 0.78 cm ID.

The TSK PW-XL columns have a smaller particle size packing which
gives a higher number of theoretical plates per meter and allows a
shorter elution time, see table 4.1.

The PW system was used at a flow rate of 1.0 cm3/min. At this flow
rate the PW system gave an analysis time of approximately 1 hour. The
PW-XL system was used at 0.9 cm3/min giving a cycle time of 35 minutes.
To improve the stability of the PW-XL columns the flow rate was later
reduced to 0.7 cm3/min.

Although the TSK PW series of columns exhibited low adsorption
characteristics they were not satisfactory for solutions with a high
protein content, for example the dextran/dextransucrase solutions from
the enzyme bioreactor (see section 7.0). To analyse these solutions
Lichrospher Diol columns were used. The Diol columns were 25 cm in
length and 0.4 cm ID. The packing was a 10 pm spherical hydrophilic
support material coated with 1,2 - dihydropropoxypropl chains. Three
columns were used in series. The first column was a 1000 Diol/2 with a
fractionation range 10,000 to 2x106. The second was a 500 Diol/2 column
fractionating the molecular weight range 4000 to 700,000. The final
column was a 100 Diol/2 cartridge fractionating the molecular weight
range 200 to 40000.

These columns were used at 25°C with a flow rate of 0.3 cm3/min.
This gave an analysis time of approximately 30 minutes.

To protect the columns a guard column was used.
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Table 4.1 Manufacturers Specification for TSK PW and PW XL columns

Number of Theoretical Plates (NTP)
Description PW PW-X1,

(60 cm x 0.75 ID) (30 cm x 0.78 ID)
TSK 3000 10,000 14,000
TSK 5000 6,000 10,000

4.3.3  ASSESSMENT OF COLUMN PERFORMANCE

To assess the performance of the GPC columns two parameters were

used. These were the number of theoretical plates (NTP) and the

asymmetry factor (As).

Although there are several methods available to calculate the NTP

values the most convenient method is;

Wy 5 cee 4.3

where wo 5 is the peak width at one-half peak height. Vp is the elution

volume for the peak. See figure 4.3.
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The asymmetry factor (As) is calculated at one tenth the peak

height and is given by the equation;

As = b

a eeo b4

See figure 4.4,

To test the columns a 2.5 mg/cm3 Ethylene Glycol solution was used,
this was the same as Toya Soda used for their quality control tests.

In total three sets of PW-XL columns were used. The efficiency of
these columns and the factors affecting their useful life was studied in
detail. This work was performed for Toya Soda in Japan.

The columns were supplied with information on their performance.
This information gave a useful check on the results obtained at Aston.
Normally reasonable agreement was found, see table 4.2.

Initially the system was operated at 0.9 cm3/min and a pressure of
4000 KPa, however after two months of intensive use a significant
deterioration of the systems performance was found. The system was
dismantled and the individual columns tested, see table 4.3. The
problem was identified as a loss of efficiency within the two G5000 PW-
XL columns. The efficiency could be recovered in part by backflushing
the columns at 0.1 cm3/min, however this improvement normally lasted
only three or four days. This suggested that the reduced efficiency
was caused by compaction of the packing. After consultation with Toya
Soda, the flow rate was lowered to 0.7 cm3/min, this reduced the system
pressure to 2900 KPa. At this point the two G5000 PW-XL columns were
replaced. The reduction in flow rate significantly improved the

stability of the system, since the damage to the G5000 columns was

greatly reduced. See table 4.4.
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The life expectancy of these columns depended significantly on how

carefully they were used. The packing appeared to be damaged by

excessive pressure, so it was necessary to avoid pressure peaks when
injecting samples. Furthermore the columns were easily damaged by
accidental injection of air since this caused channelling in the packing
[94]. Typically the useful life of a G5000 PW-XL column was 6-7
months. The life time of the G3000 PW-XL column was approximately 12
months because it was protected by the other two columns.

The useful life of the PW-XL system unfortunately appears to be far
shorter than the TSK PW system. The TSK PW originally used by Poland
[6] lasted for almost 3 years, however it is difficult to assess how
many samples were run during this period. The TSK PW-XL columns however
were typically used on average for 100 samples per month.

Although the useful life of the TSK PW-XL columns was noticably
shorter than TSK PW columns their performance far exceeded their
predecessor. Since the resolution of the individual molecular weights
was of great importance when analysing the dextran molecular weight
distribution, the TSK PW-XL columns must be considered the better
option. Furthermore the elution time for these columns was
approximately one third less that the older system, which gave a

significant reduction in analysis time.
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Table 4.2 Commissioning Results for Toya Soda PW XL Columns
COLUMN TOYA SODA TEST ASTON TEST POSITION
IN SYSTEM
NTP Ag NTP Ag

G3000 PW-XL 25105.7 A1 21053.7 1.10 3
(Code PW3XF0228)

G5000 PW-XL 15885 0.95 13108.3 1.11 1
(Code PWSXFO153)

G5000 PW-XL 16104.9 0.86 14055.9 0.885 2

(Code PWSXFO152)

Table 4.3 Test Results on Toya Soda PW-XL Columns After Two Months Use

Column ASTON TEST % LOSS OF POSITION
EFFICIENCY IN SYSTEM

Commissioning Retest
NTP Ag NTP Ag NTP Ag

G3000 PW-XL  21053.7 1.10 19191 1.16 8.84 5.54 3

(PW3XF0228)

G5000 PW-XL  13108.3 1.11 7448 1.25 43.18 12.61 1

(PW5XF0153) 10339+ 1.25 21.12 12.61

G5000 PW-XL

(PW5XFO152)  14055.9 0.885 7999 1.0 43,09 12.99 2

(+ after backflushing)

In total 200 samples were run.
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Table 4.4  History of TSK PW-XL columns

G5000 PW-XL (PW 5XG0068)

Date NTP AS Pressure (bar)
17.07.87 10786 1.0 15
16.09.87 10848 0.968 15
10.01.88 10665 1.0 15
10391 1.0
10.02.88 6942 0.9 15

G5000 PW-XL (PW5XGO069)

Date NTP AS Pressure (bar)
17.07.87 13850 1.16 15
16.09.87 14088 1.07 16
10.01.88 10940 1.00 16
10.02.88 8619 1.00 16

——

G3000 PW-XL (PW3XF0228)

Date NTP AS Pressure (bar)
10.01.87 21053.7 1.10 33
12.03.87 19191 1.16 33
17.07.87 11006 1.28 33
16.09.87 11826 1.17 35
10.01.87 9526 1.14 35
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4.3.4 CALIBRATION OF THE GPC COLUMNS

The calibration of a GPC system can be achieved by using a variety
of methods [95-104]. However a detailed investigation by Vlachogiannis
[5] and Bhrambra [105] showed that the most convenient method was that
proposed by Nillson and Nillson [106]. The molecular weight (M) is

expressed as a five term polynominal, where;
M = bs + exp {b, + by (Kg) + by (K% + by (Kp)3) A

bl - b5 are constants

Kq is the distribution coefficient. The distribution coefficient is
determined from the elution volume Vp of dextran samples with known

molecular weights using the simple relationship;

VR VO + KdVi or Kd = (VR—VO)/Vi ver. 4.6

Vi is the internal (pore) volume of the column

V. is the total liquid volume of the column

Vo is the void volume of the column

The values of V_  and V. can be found experimentally by using
glucose and high molecular weight dextran standards. The glucose
penetrates the pores freely so it can be used to give Vt. The high
molecular weight dextran is totally excluded hence it gives the

interstitial volume Vo‘

The limits of the calibration are naturally dependent on the

molecular weight of the material which penetrates the pores freely and
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that which is totally excluded. Normally the calibration profile

follows a characteristic S shape. Figure 4.5 shows the relationship

between molecular weight and elution volume (VR) on a semi-logarithmic
scale. In the region a-b total exclusion occurs, the value of M, for
the Toya Soda columns was approximately 1x10’ MW. In the region e-f
total penetration occurs, this corresponds to a molecular weight (Mt) of
180 MW. Within the limits c-d a linear relationship occurs, in this
region the fractionation is at its best. In sections b-c and d-e
fractionation is still occurring, however the relationship is non-
linear. Ideally the GPC column should only be calibrated and used
within the region c-d, however this is often not possible. Simply
extrapolating the calibration outside this region is also inadvisable
since erroneous results are likely.

To calibrate over the whole fractionation range a series of
Pharmacia dextran T fractions were used. The molecular weight average
(My) of each T fraction had been previously measured using light
scattering techniques. Once the elution profiles from each T fraction
had been obtained, (see Figure 4.6) the calibration constants bl—bs
could be found using an optimisation program. The program written by
Vlachogiannis used the Hartley modification of the Gaussian-Newton
optimisation method [106] to calculate the new constants. The
refractometer heights from each profile, the elution volumes which were
converted to the Kd values and light scattering My values were entered
into the program. Furthermore an inital guess of the constants was
required. The program produces a comparison of My values obtained from
light scattering and the GPC systems, see tables 4.5 and 4.6. To check
the accuracy of the calibration the standard deviation between the two
sets of values was calculated. Normally if the standard deviation was

less than 5% the calibration was acceptable.
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Figure 4.5 A Typical Calibration Curve for a GPC System
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Table 4.5 Calibration of the TSK PW-XL System

Weight Average GPCx100
Batch Molecular Weights LS
Number

light scattering GPC
(LS)

PT3636 239825 241866 100.8
PH1076 149600 147539 98.62
PG7427 104450 103919 99.49
PF1601 73625 74280 100.9
PB5227 42150 41528 98.52
PE5382 21975 23063 104.9
PAOQ94 11500 11092 96.45
Jb2985 8825 8536 96.73
DK8868 5250 5387 102.6
PD2335 4100 4112 100.3
Glucose 180 180 100.0

Calibration constants

by by by b, bs

-15.946 17.065 -11.713 16.197 -91.331
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Table 4.6 Calibration of the Diol Systems
Weight Average GPCx100
Batch Molecular Weights LS
Number
Light scattering GPC
(LS)
PT3636 239825 243473 101.5
PH1076 149600 147934 101.12
PG7427 104450 101024 103.39
PF1601 73625 74824 98.39
PB5227 42150 40305 104.57
PE5382 21975 23877 92.03
PAOO94 11500 11232 102.38
JD2985 8825 8546 103.26
DK8868 5250 5174 104.7
PD235 4100 4205 97.5
Glucose 180 180 100.0
Calibration constants
by b,y bg by, bs
-13.797 14,649 -5.346 15.498 -59961.678
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To test the calibration constants a T40 sample (batch BT IJ) was

analysed, the GPC value of the weight average molecular weight (M)

being compared to the light scattering value of 41500, Furthermore a

calibration curve was drawn to check the limits of the calibration. See

figure 4.7.

4.3.5  EXPERIMENTAL TECHNIQUE

The experimental procedure for the GPC system was as follows:-
(1) Before analysis commenced the columns were run at 0.2 cm3/min for a

minimum of ten minutes, this avoided any sudden pressure 1increase which

may have damage the columns. After this period the flow rate was
increased to the normal operating flow rate of 0.7 cm3/min. The system
was left for a further 45 minutes to reach equlibrium and to remove any
residue from the system.

(2) A reference sample containing glucose and high molecular weight
dextran was run to check the V_  and V. values. The elution times were 5
always checked before analysis was started. Furthermore the eluent flow
rate was checked on a weekly basis. The eluent flow rate was measured
by weighing the eluent collected over a known time period.

(3) The differential refractometer was zeroed according to the Waters

Associates Operating Manual [107].
(4) Before the samples were injected their concentrations were checked.

The columns could accurately analyse samples in the concentration range

0.5 to 2.5% W/V. However 27 W/V was found to be the optimum. If the
samples were too dilute they were concentrated using a Buchi rotary

evaporator. Solutions which were too concentrated were diluted using

distilled water.

(5) Finally the samples were prefiltered using a 0.45 ym disposable

filter before injected via the six part injection valve.
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(6) After the sample had been eluted, the refractometer zero was

rechecked. The system was then ready for the next sample.

4.3.6  CALCULATION OF THE MOLECULAR WEIGHT DISTRIBUTION AND MOLEGCULAR

WEIGHT AVERAGES USING PET COMPUTER

Initially the calculation of the molecular weight distribution
(MWD) was accomplished in two stages. The first stage was the data
aquisition stage which involved the conversion of the electrical signal
from the refractometer to a height using a multiplexer and PET computer.
These heights were directly proportional to the sample concentration.
The heights and their corresponding elution times were then printed out
using a Commodore printer. This data was then processed by hand. The
beginning and end of the profile was determined and the heights
corrected for any minor base line movement. The second stage involved
the computerized calculation of the MWD from these refractometer i
heights. Typically each profile consisted of approximately fifty

heights, each height had to be typed into the computer manually.

Naturally this method had the disadvantage that it was slow and tedious
especially when large amounts of data was involved. Furthermore the
process was prone to error since the data transfer relied on the
accuracy of the operator.

To overcome these problems a program was written which combined
data aquisition and storage with automatic calculation of the MWD,
weight average My and number average My. The program also contained an

override which allowed the operator to calculate the MWD manually if

required.
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The program was written in a modular form so that the data
aquisition and storage could be kept separate from the calculations
required to obtain the MWD. This had the advantage that it was easier
to salvage data if a program error occurred. A listing of the program
can be found in appendix 1.

The data acqusition stage of the program simply involved the
conversion of the electrical signal produced by the refractometer into a
normalised height which could be used by the computer.

At the moment of sample injection the program was started. The
computers internal clock was set to zero and after a two second delay
the first reading from the refractometer was taken. After five readings
had been obtained an average was made. This value was then stored
within an array within the computers memory, the computer then reset
itself and the cycle started again over the next ten second interval.
The refractometer heights and elution times were displayed on the VDU to
aid the operator. An interval timer was used to terminate the data
acquisition when the appropriate time period had been completed.
Normally the timer was set to operate at one minute after the glucose
reference peak had eluted. The computer program had been developed so
that it could be used to either determine the elution volumes of the
glucose and high molecular weight dextran standards or to determine the
elution profile from a sample.

If the elution volumes for the two reference peaks were required
the computer would scan the data array until a threshold height was
found, after which the computer would compare the heights until the peak
height had been obtained. The corresponding elution time and hence the
elution volume were then calculated. These values would then be stored

and the program would repeat this process for the second peak.
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The method used to determine the elution profile from a sample was
very similar to the method mentioned above. Once the data had been
stored the computer would calculate a mean base line from a three minute
interval just before the start of the peak. The data was then tested
until a set deviation above this mean base line was found. This
identified the start of the peak. Although this method may appear
simple it proved to be very effective since the refractometer base line
was very stable,

After the start of the profile had been determined the computer
calculated the peak height and the end of the profile. Finding a
suitable method to calculate the end point was more difficult, two
methods were tried. Initially the same approach was used, as was used
to determine the beginning of the profile, but this method was shown to
be inconsistent under normal working conditions. The main problem was
that the base line would often shift slightly during analysis.
Furthermore the base line noise was normally greater since remnants of
the sample would be present for several minutes after the actual profile
had been completed. These problems were overcome by considering the
rate of change within the data rather than magnitude of the data. This
method worked well since the profiles normally had a steep rise and
fall,

Once the heights had been obtained from the raw data they could be
used to calculate the MWD.

The calibration method discussed in section 3.3.3 was used where;

and Kyg; = V5=V,

o o & 4.7
Vt"vo
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where V, is found using high molecular weight dextran and V. by using
glucose.
The weight fraction of each component was found using the

chromatogram height for each component (hi).

Weight fraction = chromatographic height, hi

Sum of chromatographic heights. Zhi ...4.8
Due to the polydisperse nature of dextran it is not normally

possible to characterize it by a single molecular weight. To overcome

this problem various averages can be used. The most common are:-

Weight average, My = ZhiMi

Zhi ... 4.9
Number average, My = Zhi
Thi/Mi ... 4,10

For a polydisperse polymer My is always greater than My. The
values are the same for a monodisperse polymer.

Polydispersity is often used to describe the breath of the

molecular weight distribution. The polydispersity (D) is defined as;

eee 4,11

The polydispersity ratio is 1.0 for a monodisperse sample,

typically commercial polymers have ratios in the range 2-20.
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5.0 THE ULTRAFILTRATION CASCADE
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5.0 THE ULTRAFILTRATION CASCADE

5.1  INTRODUCTION

Both Vlachogiannis [5] and Poland [6] used a variety of batch
ultrafiltration systems to produce a clinical dextran within the British
Pharmocapiea (BP) specification of 7.5% below 12,000 MW. Although the
correct specification could be obtained they found that there was a
significant loss of 'saleable' material. To overcome this problem
Poland considered the use of an ultrafiltration cascade. The
ultrafiltration cascade constructed by Poland was based on a system
proposed by Cooper [49]. Cooper showed theoretically that a
diafiltration cascade would improve the efficiency of separation and
also reduce the amount of diafiltrate required, however no practical
system was ever produced. A schmatic diagram of Coopers system can be
found in figure 2.20.

The principle of operation is simple, a counter-current movemént of
the retentate and permeate products occurs along the cascade, for
example considering stage (K), the permeate from this stage is
transferred to stage (K+1) and the retentate to stage (K-1). The
permeate from stage (K-1) is transferred to stage (K) and is used as
diafiltrate in this stage. This process being repeated along the
cascade. In Cooper's system the fresh feed enters into stage K and the
fresh solvent into stage one. Naturally the permeate which is to be
recycled contains a mixture of the impurity and the lost solute. If the
solute has a higher rejection coefficient than the impurity then the
solute will be recaptured in preference to the impurity, hence an

overall improvement of separation will occur.
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. ] 4 . .
Using 'Process' (written by Simulation Sciences Ltd) a computer

mass balance package, Poland assessed the optimum number of stages for

his ultrafiltration cascade. He showed that there was little to be

gained by extending the system above four stages since only a marginal
improvement in efficiency occurred with the addition .of subsequent
stages. Furthermore the number of stages which could be incorporated
into the cascade was limited by the memory of the BBC model B
microcomputer used for the computer control of the cascade.

Using four Amicon 5000 MW cut-off ultrafiltration membranes (code
HIP5-20) Poland investigated the possibility of removing material below
12,000 MW from a dextran polymer (code RB5R) supplied by Fisons
Pharmaceuticals.

Poland found that the cascade did indeed operate in a manner
predicted by Cooper. When the average batch rejection profiles of the
membranes used were compared to the cascades rejection profile a cross-
over point was found at, or close to, the nominal cut-off of the
membranes used. Above this point the rejection was enhanced, below it
the rejection was significantly reduced. Unfortunately Poland was
unable to consider how the operating parameters such as feed
concentration, feed distribution, number of diavolumes used and membrane

characteristics would effect the performance of the cascade.

5.2  EXPERIMENTAL CASCADE EQUIPMENT

A detailed schematic diagram of the ultrafiltration cascade and
a process description can be found in figure 5.1

Several significant changes were made to the original cascade to
improve the systems flexibility and reliability. Initially the volume
of permeate collected within each stage was fixed at two litres. The

permeate volume was measured by a single float level switch located on
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Figure 5.1 Schematic Diagram of the Four Stage Ultrafiltration
Cascade and Equipment Description
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Description

four units each of litre volume
manufactured in stainless steel.

i

four units each of 1 litre volume
manufactured in stainless steel.

four units each of 1 litre volume
manufactured in stainless steel.

Supplied by RS Components,
Birmingham,

four units supplied by RS

Components

four units supplied by RS
Components.

1 unit supplied by RS
Components. |

1 unit supplied by RS
Components.

Four units - Amicon H1P5-20 or "
Amicon H1P10-20

Two dual head variable speed
masterflex pumpg flow rate

16.8 to 1680 cm”/min supplied
by Barrel and Tatlock, England.

four units 207 KPa full scale
deflexion.

Type DCM1 Texcel Ltd, St Albans,
Herts

23 units
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Porous glass filter

(grade 2)
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Figure 5.2 Photograph of the Ultrafiltration Cascade




the side of the tank, naturally these could not be adjusted.

Furthermore they were difficult to fit and hence obtaining a precise

volume was difficult. These units were replaced by capacitance level

controllers; each level controllers consisted of two probes which could
be used to measure upper and lower limits within the tank. This system
worked well with dextran solutions, however when used with deionised
water these level controllers occasionally failed to operate correctly.
To check that the tanks had filled correctly a back-up level controller
was employed, this consisted of a float type level switch attached to
the end of an adjustable rod.

On several occasions the computer control program was scrambled by
spikes and interruptions in the mains power supply. This was a
particularly serious problem as the solenoid valves tended to remain
open, rather than fail closed. Since the cascade was connected to a 100
litre deionised water tank this was not a satisfactory state. Once the
program had been scrambled it was impossible to continue the run, hence
it was felt that a fail safe switch in the mains supply would be the
best approach. Since the solenoid valves would automatically shut when
the power was switched off the run would not be spoilt and could be
restarted once the fault had been corrected.

Also the lifetime of the silicon peristaltic piping used in the
peristaltic pump was far from satisfactory at 100 hours of continuous
use. This was replaced by Norprene tubing with a lifetime of up to 1000

hours, however a new Marprene variety with a 3000 hour life span later

became available.
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The opening and closing of the solenoid valves was accomplished by
using a BBC model B microcomputer via solid state relays (supplied by RS

Components Birmingham). These relays were rated for a continuous 2.5

amps and 250 volts, while the solenoid valves operated at 240 volts and
100 milli amps. Although the relays were rated well above the solenoid
valves, high voltage and current spikes generated by the solenoids
caused an annoying number of relay failures. Anti-surge suppressors
were fitted, and the operating voltage was reduced from 250 to 160
volts, but neither approach was successful. Finally the relays were
replaced by a heavy duty variety rated at 25 amps and 250 volts. This
required extensive redesign of the control board since these units were
far larger than before. After these relays were fitted no further
failures occurred.

The software was also up-dated to handle the new level controllers.
Several new alarm conditions were also added. There were a variety of
alarm modes, each resulted in the suspension of the operating cycle
until the fault was corrected by the operator. These alarm modes will
be discussed in more detail later in this section. The software was
modified further to allow the number of stages in operation to be varied
between two and four. Both the electronics and machine code software
used for controlling the rig was developed by D Bleby (Electronics
Workshop, Aston University).

To prepare the cascade for operation the following steps must be
followed:

The mains power for the computer and rig was switched on at the
mains isolation switch. The software was then loaded into the BBC
microcomputer using a five and a quarter inch floppy disc drive. When
the software has been loaded the desired number of stages could be
selected. Once this had been completed the feed (F) tanks could be

filled with deionised water. Since the LF level controllers would show
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empty, the valve VDIl would be open and so each F tank could be filled
via the D tank. Once the F tanks were full the next stage was to check
or adjust the level controllers on the P tanks, this was accomplished by
filling the tanks with the correct volume of deionised water, if
necessary the probes could then be ad justed until the level controllers
operated. The liquid in the P tanks was then drained into the D tanks
by manually opening the VP2 valves. Finally the D4 tank was filled with
deionised water by opening valve VP7. The F and D tanks then contained
the correct liquid volumes.

The peristaltic pumps (PH1-PH4) were adjusted to give the correct
flow rate, this varied between 300 cm3/min to 1000 cm3/min depending on
the membranes being used. After setting the flow rate the trans-
membrane pressure could be set to 70 KPa using the needle valves (NV).
The membranes (M) were protected from over pressure by the pressure
switches (PS), the pressure switches were set at 104 KPa. If the inlet
pressure exceeded this set value the pressure switch would automatically
switch off the pump drive until the pressure had decreased. Once the
flow rate and pressure had been set the rig could operate completely
under computer control.

The computer cycle can be broken down into several steps.
(i) Permeate collection. See figure 5.3. During the permeate
collection stage each of the four stages operated independently. To
allow flow through the membranes the VF3 valves must be open. As the
permeate collects within the permeate tanks (P) the level in the F tank
would drop, this would be detected by the LF level controller. The
computer would then open valve VDI until enough diafiltrate had entered
to restore the feed volume, the valve would then close. This would

continue until the correct permeate volume had been collected.
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Figure 5.3 Diagram showing the Valves used for Setting
Transmembrane Pressure, and for Permeate
Collection from Stage One
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Once the LP level controller operates, the stage switches to a

recycle mode. However if the back-up FP level controller had not

operated then the computer would also go into an alarm mode until the

level in the tank had been checked. Also if the LF level switch showed

that the F tank was empty at the end of the cycle the computer would
also go into an alarm mode.

(ii) As mentioned earlier each stage works independantly. Once a
particular stage has finished collecting permeate the stage goes into a
recycle mode where valve VD3 closes and VF4 opens. This stops the flow
of retentate through the membrane and causes the continual recycle of
the retentate back into the F tank. This process was repeated within
each of the remaining stages as they finished collecting permeate. See
figure 5.4.

(iii) When all of the stages had collected the desired volume of
permeate, the recirculation valve VF4 on the final stage was closed and
product valve VF6 was simultaneously opened. See figure 5.6. This
drains the retentate product from the F tank. The product from tank
four was the final retentate product from the cascade. The length of
time valve VF6 (on stage &) remained open was determined by a internal
timer within the program.

(iv) The product from tank F within stage 3 can then be transferred to
tank F within stage 4. See figure 5.7. This was achieved by closing
VF4 on stage 3 and opening VF5 on stage 4, Once the LF switch on stage
4 showed full the transfer was stopped by closing valve VE5 on stage 4
and opening valve VF4 on stage 3.

This process was then repeated for the transfer from stage 2 to 3

and stage 1 to 2.
(v) Next fresh feed could be introduced into stage 1. See figure 5.8.

This was accomplished by opening VF5 and closing VF6. Once the level

controller showed that the tank was full, VF5 was closed and VF6 opened.
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VF6

PH4

Figure 5.6 Diagram showing the Valves used for

Draining the Product from Stage 4
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Figure 5.8 Diagram showing the Replenishment of Stage 1

with Fresh Feed
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(vi) The retentate transfer was followed by the permeate transfer. See
figure 5.9. The VP2 valves were opened allowing the permeate from stage
N to drain down into the diafiltration tank (D) of stage (N-1). The
product leaving stage 1 was the final permeate product. When a LP level
controller showed that a particular P tank was empty the appropriate VP2
valve was closed.
(vii) Finally the diafiltration tank (D) for stage 4 was filled with
deionised water from the main storage tank. This was achieved by
opening VP7 until the LD level controller operated, the valve was then
closed.
(viii) The cycle was then complete and the program returned to step (i).
All the operations performed by the computer were displayed on the
computer monitor. At all times the monitor displayed a flow diagram of
the cascade. Valves which were closed were shown as green and those
which were open were red. Similarly the level controllers which show

empty were green and those which show full were red.

5.3 THE DEXTRAN FEED

The dextran used throughout these experiments was obtained from
Fisons Pharmaceutical PLC, Cheshire. The dextransucrase enzyme used to
produce the dextran was from the bacterium Luconostoc Mensenteroides.
This strain of bacterium is well known and is used extensively for the
manufacture of clinical dextran. The dextran produced by this enzyme is
predominantly straight chained.

Two batches of dextran were used, code numbers RB5R and HZ1S.

These were both syrup 1 products since the hydrolysate contained
excessive amounts of low molecular weight dextran. The HZ1S feed was

used almost exclusively to investigate the removal of material above

98,000 MW, the RBSR feed was used in the experiments involving the
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removal of material below 12,000 MW,

There were unfortunately problems with the RBSR feed during the

first stage of this research. There was sudden and unexpected change of

the dextrans distribution. At first it was felt that the problem must

be the analftical GPC equipment. The calibration was checked using the
range of T fractions mentioned in section 4.3.4, however no change had
occurred within their distributions. The change was finally traced to a
barrel to barrel variation of the RB5R feed. Fortunately the
distribution at the lower end of the molecular weight range remained
unchanged. Since this feed was used for the fractionation of material
below 12,000 MW this variation should not effect the comparability of
the results. The same problem occurred with the HZ1S feed, however the
variation was noticed before it could have any effect on the
experimental program. The barrel to barrel variation found within the
RBSR feed was far more severe than the BT1J feed, however this made it
possible to investigate how the feed distribution would effect the
operation of the cascade. Table 5.1 shows the barrel to barrel

variation found within the two dextran batches.

5.4 REMOVAL OF DEXTRAN BELOW 12,000 MW

5.4.1 TESTING THE AMICON 10,000 MW CUT-OFF MEMBRANES USING BATCH

DIAFILTRATION

Poland was able to show that the ultrafiltration cascade optimised
the fractionation process. He also showed that the cross—over point
occurred at 5000-6000 MW; this approximately matched the nominal cut-off
of the Amicon membranes used. Using this approximate relationship it

was reasonable to assume that a membrane with a quoted cut-off of

10,000-12,000 MW should produce the appropriate cross-over point at

12,000 Mw.
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Since the performance of the Amicon membranes had been shown by
Poland to be superior to those produced by the other major manufacturers
such as DDS Ltd and Millipore, it was felt that it would be advisable to
continue using these membranes. Therefore four Amicon H1P10-20
membranes were purchased.

These membranes were manufactured from polysulphone and were of a
hollow fibre design. The hollow fibre cartridge contained approximately

300 fibres, each fibre had an internal diameter of 0.5 mm, this gave a

surface area of 0.06 m2.

A1l the membranes were tested on an Amicon DC2A module. A
schematic diagram can be found in Figure 5.10. The equipment can be
used in either a concentration, dialysis or diafiltration mode. However
for the purpose of these experiments the diafiltration mode was used.

The transmembrane pressure was pre-set by a pressure cut-off switch
which was incorporated into the DC2A unit. The switch was set to cut-
off above 70KP, this therefore ensured that the pressure was the same
during all the experiments.

Since the cascade was designed to operate up to a maximum of 2
diavolumes it was felt that an extended analysis of all the membranes
would be pointless. Therefore two of the membranes were analysed for up
to nine diavolumes, the other two to half this number.

When the fourth Amicon membrane was tested it was found to be
significantly different from the other membranes. The membranes
rejected dextran far better than the others, in fact it had a rejection

higher than some Amicon 5000 MW cut-off membranes.
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Figure 5.10 The Amicon DC2A UF System - Diafiltration Mode
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Table 5.2 Operating Conditions

Used to Test the Amicon Membranes

Equipment Used

Membrane Area

Retentate Recirculation Rate
Transmembrane Pressure
Operating Temperature

Feed

Mode of Operation

Definitions:

Amicon DC2A

600 cm?

300 cm3/min

70KPa

20°C

2% W/W Fisons batch RB5R

Diafiltration

Volume of permeate collected
Number of Diavolumes =

Volume of feed solution

Weight of saleable material in product
Efficiency of Retention =

Weight of saleable material in feed

Weight of material below 12000 MW in product
Efficiency of Removal =

Weight of material below 12000 MW in feed
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Figure 5.11 How the Number of Diavolumes used Effects
the Percentage of the MWD below 12,000 MW
in the Retentate
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Figure 5.15 How the Number of Diavolumes used Effects the
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Since this membrane could not be classed as a typical 10,000 MW
cut-off membrane it was returned to Amicon and replaced by another

membrane.

The rejection curves for the five membranes after two diavolumes

can be found in figure 5,21. Since all the membranes had the same

nominal molecular weight cut-off it was surprising that the rejection
curves varied so much. This degree of scatter must be a reflection of
the inconsistency within the manufacturing process. Furthermore it must
also show the limitations and dangers of using the overall rejection as
a method of calculating the nominal molecular weight cut-off of a
membrane,

The rejection curve for membrane number 2 also suggested that some
of the 10,000 MW cut-off membranes could indeed be 5000 MW cut-off
membranes which have not reached the correct specification.

Rather than considering the rejection data at a particular
diavolume, the rejection of each molecular weight band can be followed
as the number of diavolume increases. Figure 5.22 shows the results for
a 10,000 MW cut-off membrane (number 5) and figure 5.34 the results for
a 5000 MW cut—off membrane (number 5). The rejection of each band can
be expressed as a form of isotherm. The gradient of a isotherm will
reflect the membranes ability to reject a particular molecular weight.
As the number of diavolumes used was increased the rejection obtained
from the 10,000 MW cut-off membrane fell faster than the 5000 MW cut-off
membrane, this is shown by the steeper isotherms. The differences

between the 5000 MW cut-off and 10,000 MW cut-off membranes becomes more

apparent as the molecular weight of the band being considered increases.

These graphs show clearly the limitations of the batch diafiltration

system. Using a 10,000 MW cut-off membrane to improve the removal of

1 ]
material below 12,000 MW also results in a greater loss of 'saleable

material, Typically six to seven diavolumes were required to obtain the
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correct BP specification below 12,000 MW, however this gave an

efficiency of retention of only 55% for the 'saleable' band. Based on

) .
Poland's [6] analysis of the 5000 cut-off membranes, 10 to 12 diavolumes

were required to obtain the same specification, however the average
efficiency of retention for the 'saleable' material was higher at 647Z.
These results confirmed that the 5000 MW cut-off membranes were
more suitable for the batch removal of material below 12,000 MW,
In conclusion the general performance of the four 10,000 MW cut-off
membranes was a disappointment. Although these membranes had a lower

rejection below 12,000 MW, dextran molecules in excess of 1x105 MW were

able to pass through them.

5.4.2  TESTING THE AMICON 5000 MW CUT-OFF MEMBRANES USING BATCH

DIAFILTRATION

Poland used four Amicon 5000 MW cut-off membranes for his research
into the ultrafiltration cascade (code HI1P5-20), these membranes had
been used intensively for more than 18 months. Since some of these
membranes were to be reused within the cascade, it was felt that it
would be important to retest them. A new membrane was also purchased as
a spare and this was also tested.

As expected the rejection characteristics of some of the membranes
had changed. In most cases the membranes ability to reject the dextran
had reduced, this was particularly noticable below 12,000 MW, The

retention of the 12,000 MW to 98,000 MW band however had been less

significantly effected. This suggests that the changes found were

caused by changes within the pore distribution rather than damage to the

hollow fibres. Interestingly no significant change was found within

membrane number four, however this membrane was purchased six months

after the others and had been used less intensively.
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It is possible that these changes were the result of creep under

load, a common problem with thermoplastics. FEach cascade experiment

typically took over one week to complete and the cascade operated 24
hours a day. These membranes were therefore subjected to positive

pressures for long periods. Under these conditions creep would occur,

stretching the membrane skin and altering the pore distribution.
Changing the pore distribution would naturally alter the rejection
characteristics of the membrane.

This deterioration could have a significant effect on the operation
of a production membrane system. A membrane life of three years was
assumed by Poland in an economic evaluation of a full scale
fractionation process. This would now appear to be unrealistic; a more
reasonable figure would probably be two years. Since the cost of
membranes is a major operating cost this must affect the viability of
the membrane process.

The rejection curves for these membranes can be found in figure
5.33. The rejection curves showed the same degree of scatter that was
found with the 10,000 MW cut-off membranes. Membrane five has a
particularly interesting rejection curve since it was very similar to
the off specification 10,000 cut-off membrane (number four) mentioned

earlier.
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Figure 5.23 How the Number of Diavolumes used Effects the
Percentage of the MWD below 12,000 MW in the
Retentate
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Figure 5.25 How the Number of Diavolumes used Effects the
Percentage of the MWD below 12,000 MW in the
Retentate
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Figure 5.26 The Relationship between Efficiency and
Number of Diavolumes used. Membrane Number 2
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Figure 5 27 How the Number of Diavolumes used Effects the
Percentage of the MWD below 12,000 MW in the
Retentate
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Figure 5.28 The Relationship between Efficiency and Number
of Diavolumes used. Membrane Number 3
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Figure 5.29 How the Number of Diavolumes used Effects the
Percentage of the MWD below 12,000 MW in the
Retentate
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Figure 5.30 The Relationship between Efficiency and Number
of Diavolumes used. Membrane Number &
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Figure 5.31 How the Number of Diavolumes used Effects the

Percentage of the MWD below 12,000 MW in the
Retentate
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Figure 5.32 The Relationship between Efficiency and Number
of Diavolumes used. Membrane Number 5

183




SOWNTOABT(J OM] 193JB SoUBIQWAK JJO-IN) MW 000G 2ATJ @Yyl wolj paulelqQ SaaInj) uor3oalay ayl ¢€g°¢ 2an3tyg

(L0} X) JUBISM JBIno3IoN

4 0c. 81 ] 14’ ¢l o1 8 0
T T T T T T T T
-0¢
G JaqunpN ~ o
v JequnN "~ X
€ JlaqwnN— O Jdov ™
Z 19qunN Vv A
L JoqwnN-— @ 3 -
—t @D
o -
3
. 409 ~
- g
e g X
P o= e
D\\\\\\\I\D\\\. O -08
o - o
- 00!




| A N
: a A
g0 ¢
x
80 .
\ : 22000
70 .
» A A
__ 6of
R
ot
5 A 5 15000
2 50r A
Q
Q0 A
T
|
40t i
5 il
& e
9000 il
30 A \ : . §
201 N 5000 “S4_ 6000
3000 4000
\2000 X s
10t —
§ N\
i r 1 ; 1 1 }
0 1 2 3 4 5 6 7 8 g
Number of diavolumes used
Figure 5.34 The Effect of Increasing the Number of Diavolumes used
on the Rejection of a Range of Molecular Weight Bands
in the Dextran Sample. 5,000 MW Cut-off Membrane used




.5.4.3 USING THE AMICON 10,000 MW CUT-OFF MEMBRANES WITHIN THE

ULTRAFTILTRATION CASCADE

In section 5.4.1 the performance of membrane number four had been
shown to be significantly different from the other membranes. The
rejection curve from this membrane showed this most clearly. See figure
5.35. The rejection curve had a very steep initial rise which peaked at
about 12,000 MW after which it remained relatively constant. To
investigate how the performance of a single membrane could effect the
operation of the cascade two experiments were conducted using this
membrane. See table 5.14. In the first experiment (1.1) membrane
number four was positioned in stage one, the stage into which fresh feed
was introduced. 1In the other experiment (1.2) the membrane was placed
in stage four. The fresh diafiltrate was introduced into this stage.
To assess the performance of the cascade the rejection curves for these
two cascadé runs were compared to the average batch rejection curve from
the membranes used. See figure 5.36. When membrane number four was
positioned in stage one a very steep rejection curve resulted which
exceeded the batch rejection after 7500 MW, and continued to rise until
it reached a maximum at approximately 12,000 MW. When membrane four was
placed in stage four the rejection curve from the cascade was
significantly different, a long flat rejection curve resulted which
failed to exceed the batch average. The explanation of this effect is
simple. Since stage one was the final stage before the permeate left
the system, placing a tight membrane in this stage aids recapture of
material lost from the other stages. However with the reversed membrane

sequence (1.2) quite a different effect would occur. Since the fresh

diafiltrate was introduced into stage four most of the fractionation

occurred within this stage and hence the permeate would be rich in

dextran Placing a tight membrane in this stage caused a lean permeate.
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Table 5.13  Operating Condi

tions for the Ultrafiltration Cascade

Number of stages
Number of membranes

Membrane area per stage
(unit area)

Transmembrane pressure
Retentate recirculation rate
Operting temperature

Feed

Mode of operation

Number of diavolumes used

(unless otherwise stated)

Definitions:

Efficiency of Retention =

: 4

: 4

: 600 cm3
: 70 KPa

300 cm3/min

: 20°C

2% W/W Fisons batch RBSR

.o

Diafiltration

ve

2

Weight of saleable material in permeate

Efficiency of Removal =

Weight of saleable material in feed

Weight of material below 12000 MW in product

Weight of material below 12000 MW in feed

187




(,04X) UBIBM JBINOBIOW

Ve ¢o 014 gl 91 i ol 0]8 g8 @ 1% ¢ 0
f T T T T T T T T T T W%
G pue ¢‘Z‘lL saueiqwaw jo abeisaay - O 5 02
p Jaqwnu aueiqwapw - O
-10vy
Q.
®
O 0
— o0
, w -
—09 .
2
— 08
; Joot

SourlIquap aaiyf 424lo a2yl jo a23BIAIAY 3Yl 01 % IoqunN
SUBIQWSR 3J3JO-3ND MW 00001 @Yl woiF pautrelqQ 3Aaand UoT3joolay 24yl 3o uostaedwo)

Gg*G¢ 2Ind1y




18°GL 2,.°89 Z1°6S Z0°G1 AZAR 00°19 20°GC 11'z  v'¢‘z't z°1
LL°€8 78°69 G8"LY 8C LT 8/9°1 16°29 00°GC gezte  1'z'efy 11
uoT3jualaxr MW 00086 MW0O0086 m
Jo - 000ZT  T®BAOwaI Jo MWOOOZI  (10S 8001/3) - 00021 MWO00ZT (10S 8001/3) 1apao
ADUDTIOTIJY U29MIBQY £oua1Od1J 1Y MOT9(QY% UOTIBRIJUDIUO) usamiaqy MOT9QY UOTIRIJUSDUO) duBIqUS) UNY

LoNa0¥d HLVINALIY

qdd4d

Sepeose) oyl UL Soueiqual JJo-Ind MW 0Q0°0I Inojy duis] #I°G 9IqE]




pasn saueiqualy 1nog 2yl JO
a3el1aAy yodeg 9yl 03 ¢°'] pPue [°] suny apeOSEB) WOol3l SdAIN)H UoT31oolay @2y3 jo uostiedwo)

9¢*¢ 2ian31g
Amotc yB1aM J1BINOSI0N
9¢ Ve ¢c 0c 81 9l 14" cl 0] 8 9 14 4 0
! 1 1 1 1 I i 1 1 i ! 1
-10¢
abeisaae yojeg —no
Z'L uny - speossed—v -10v m_.
'L uny -~ apeosse)-—o M..M
S 2
-109 -
&g
v \\\\.\d
\\\\\\\\\H\\\M\\ o
v —u 408
Q °
(o]

‘ oot




sauciquol 3J30-3INJ MW 00001 TPWION @2yl JoO

28e109AY yoaleg 2yl 03 ¢°[ Pue [°] suny apedSB) Wwolj SaAdN) uoT3oaley @24yl Jo uosriedwo)

9¢ 144 49 0c 81

LG 2In314

(01 X) WBIOM 1BINOBJON

©‘2‘L ssueiqwaw jo abesaae yojeg - o

Z'L uny opeosed — v
I'L uny opeosed - o

o1 14t cl 0)" 8 9 4 c
¥ i 1 | 1 ! 1 u
oz
l..o.v H
o
(0]
(@] —
g o
-H09 >
()
-1 08
Q

—00!}




Efficiency Of Removal below 12000MW (%)

Figure 5.38 Comparison of the Cascade System to the Batch
System on an Efficiency Basis

100

80

30+ Run 141

o—Cascade Run 1.2

n-Cascade

A—Batch average

i i i i

50 60 70 80 S0 100

Efficiency Of Retention 12000-98000MW (%)
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Since the permeate was more dilute the recycle effect of the cascade.was
reduced and the four stages acted more as if they were independent batch
units.  Even though the efficiency of the cascade was impaired, the
cascade still produced a rejection curve superior to the average of the
other three 10,000 MW cut-off membranes, see figure 5.37.

Figure 5.38 shows the two runs compared to the batch results on an
efficiency of removal and efficiency of retention basis.

The fact that run 1.2 was very similar to the batch average was not
surprising; however run 1.1 also appeared relatively poor. This can be
explained by considering the position of the cross-over point which
occurred at 7500 MW. Although the cascade removed significantly more
material than the batch system below 7500 MW it retained far more above
this value, therefore the overall efficiency of removal below 12,000 MW
appears to be lower than the batch average. This shows the dangers of
using this basis alone to assess the performance of the cascade.

Since the performance of the cascade could be significantly
enhanced by using a 'tight' membrane, a series of experiments were later
conducted using a mixture of 5000 MW and 10,000 MW cut—off membranes to
further investigate the phenomenon.

Once a more typical 10,000 MW cut-off membrane had been obtained
from Amicon the main operating variable of the cascade and the number of
diavolumes used per stage was studied. To see how the number of
diavolumes used effected the operation of the cascade experiments 2.1 to
2.4 were conducted. The number of diavolumes used was varied between
0.5 and 2.0 in 0.5 diavolume increments, Ssee table 5.15. As the number
of diavolumes increased the cascades operating line rapidly diverged

from that for the batch. See figure 5.39, Comparing the cascade

rejection curve to the batch average (at two diavolumes) showed clearly

the improvement which could be achieved by using the cascade system.

See figure 5.40. As expected the cross over-point occurred at 12,500 MW.
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Below the cross-over point the rejection of the unwanted low molecular

weight material was significantly lower than the batch system, although

the improvement above the cross-over point was not as high as was hoped.

The effect on the distribution within the dextran product was also very

significant. See figure 5.41 and 5.42. The percentage of the molecular

weight distribution below 12,000 MW was approximately 407 lower than the
batch system at two diavolumes and the percentage of the molecular
weight distribution between 12,000 and 98,000 MW was 7% higher.

The fact that the cascade operates more efficiently at a higher
number of diavolumes is not really surprising. As the number of
diavolumes increases more low molecular weight dextran would be 'washed'
through the membranes. Since the higher weight material is recaptured
the removal of material below 12,000 MW occurs in preference to the
12,000 to 98,000 MW band.

Since the efficiency of retention was not as high as was initially
hoped another run was performed using a different membrane order. Since
membrane number five was the 'tightest' membrane out of the four used
it was placed in stage one to mimic the effect found in run I.l. This
run was also used to follow the unsteady state operation of the cascade.
See table 5.16. The run showed that the efficiency of retention could
be improved by careful selection of the membrane order. Using this
membrane configuration the efficiency was improved by 6.5%. However the
cross-over point was also affected and dropped to 9000 MW. See figure
5.43. This confirmed that the cross-—over point was not stationary but
shifted depending on what membrane order was used. This was unfortunate
since it suggested that it would be difficult to improve the efficiency

of retention without causing a lower cross-over point and hence

impairing the efficiency of removal.
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o~ Cascade Runs 21 to2.4
@ _ Cascade Run 3.1
o — Batch average

& — Multipass cascading used by Poland

X~ Ethanol precipitation
100

Efficiency Of Removal below 12000MW (%)

1 1 L :
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Efficiency Of Retention 12000-98000MW (%)

Figure 5.39 Comparison of the Cascade System to the Batch System
on an Efficiency Basis. Rums 2.1 to 2.4
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% In Sample Below 12000 MW

30

@ Cascade
® Dbatch (average)

Figure 5.41

% In Sample Between
12000 and 98000 MW

55

v 1 ' 1 Y T Y
0.5 1.0 1.5 2.0

Number Of Diavolumes

The Effect of Changing the Number of Diavolumes
used on the Molecular Weight Distribution of
both the Batch and Cascade System (0-12,000 MW
Band)

l g Cascade
4 e Batch (average)
" T " T T T T T v
0.0 0.5 1.0 1.5 2.0 2.5
Number Of Diavolumes

Figure 5.42

The Effect of Changing the Number of Diavolumes
used on the Molecular Weight Distribution of
both the Batch and Cascade System (12,000 -

98,000 MW Band)
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The unsteady state of the study also showed up several interesting
points. Firstly the cascade appeared to reach steady state earlier than
expected. Poland felt that steady state was not achieved below 20
cycles; however this run showed that steady state was achieved by 17

cycles. Again this was an important consideration since this will

effect the cost effectiveness of a production system. Naturally any off

specification product must be recycled or disposed of. Also the quicker
the cascade reaches equilibrium, the shorter the start up time after
maintenance or breakdown.

The results also show how a single membrane can have a significant
effect on the cascade. As the cascade reached equilibrium an unexpected
peak in efficiency of retention and a reduction in efficiency of removal
was found in stage two. Initially it was felt that a fault had occurred
with the level controllers. Since the effect developed from the early
cycles it could only have been caused if the level controller on stage
two had been set incorrectly. This would.have manifested itself as
an accumulation within or a drainage of the diafiltration tank. This
was easy to recognize and did not occur during this experiment. To
further check the accuracy of the data a steady state mass balance
across the cascade was performed, the results of which can be found in
appendix 4.1 and 4.2. The mass balance confirmed that no significant
error was present.

Since the cascade was operating correctly the accumulation of

material could only have been caused by the membrane (number two) used

in that stage. As this membrane had a relatively high rejection, up to
12,000 MW, this would cause the low molecular weight material to

accumulate within the stage. Both Cooper [48] and Bottino [44] showed

that increasing the amount of low molecular weight material present

increased the rejection of the higher molecular weight material. Since

the membrane in the second stage of the cascade was retaining the
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Table 5.16 Unsteady State Study of Ultrafiltration Cascade

Membrane order 5,2,1,3 Run 3.1

Votage (/1008501 12000 of remonc Lomcncen Effictency Zabove

number MW 98000 MW retention MW

Feed 2.00 24.15 0 63.47 100 12.38

1-1 1.086 13.90 67.08 70.71  60.05 15.39

2-1 1.513 15.23  52.29 69.67  83.05 15.10

2-2 0.853 12.19  78.46 72.63  48.77 15.18

3-1 1.603 15.57  48.34 69.50  87.78 14.93

3-2 1.298 13.15  64.68 70.93  72.57 15.92

3-3 0.55 8.79  90.00 73.81  31.98 17.40

4-1 1.564 15.05 51.34 69.27  85.10 15.68

4=2 1.571 13.08  57.55 71.17  88.10 15.75

4-3 0.918 8.45  84.05 72.79  52.64 18.76 [
- _ _ _ _ _
5-1 1.55 15.62  49.89 68.96  84.23 15.42 :
5-2 1.70 13.99  50.7 71.03  95.11 14.98 i
5-3 1.22 9.98  74.9 72.09  62.27 17.92

54 0.756 6.30  90.06 71.63  42.63 21.98

9-1 1.636 15.36  48.03 69.10  89.04 15.54

9-2 1.80 16.50  38.50 69.94  99.13 13.56

9-3 1.52 11.74  63.14 73.0 87.39 15.26

9-4 1.176 8.61  79.08 72.57  67.24 18.82

13-1 1.629 16.01  45.96 68.59  88.02 15.39

13-2 1.95 17.94  27.53 69.25  106.38  12.81

13-3 1.668 13.96 51.76 72.21  94.89 13.83
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Cycle Concentration Zbelow Efficiency b . .
et Eff A
& stage (g/100gSol) 12000 of remova{ 1200362rl of tetency Fabore

number Mw 98000 MW retention 38000
13-4 1.28 10.20 73.08 72.59 73.20 17.21
17-1 1.70 16.89  40.57 69.22 92.67 14.89
17-2 2.06 21.72 7.45 66.53 107.9 11.75
17-3 1,726 16.79  40.16 69.67 94,70 13.54
17-4 1.448 11.94 64.18 72.24 82.43 15.82
21-1 1.69 17.09  40.37 67.72 90.15 15.19
21-2 2.017 21.66 9.73 66.12 105.0 12,22
21-3 1.797 17.15 36.23 69.42 98.20 13.43
21-4 1.47 10.81 67.08 72.46 83.92 16.73
29-1 1.77 19.89 27.12 65.94 92.19 14.17
29.2 2.03 22,51 5.59 65.34 104.5 12.15
29-3 1.82 18.24 31.14 68.19 97.97 13.57
29-4 1.474 11.21 65.83 72.0 83.60 16.79 %

e
e

1B
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material below 12,000 MV, the rejection characteristics of the 12,000 Mw
to 98,000 MW band would be effected in the same manner
Although the mathematical model correctly predicted the efficiency

profile for the material below 12,000 MW the agreement for the 12,000-

98,000 MW band was not as good. The model predictions are discussed in

more detail in section 6.5.1.

Since the material was accumulating within stage two the efficiency
of the cascade must be impaired. Table 5.16 shows only stages three and
four were being used to fractionate the low molecular weight dextran and
stage one was effectively redundant.

A comparison of these cascade results to those obtained by Poland
using the 5000 MW cut-off membranes (Table 5.17) shows that for a single
pass through the cascade the 10,000 MW cut-off membranes removed
significantly more material below 12,000 MW. Naturally this was
accompanied by a greater loss of material between 12,000 MW and 98,000
MW, the efficiency of retention being 15% lower than that found by
Poland. At first this would appear to suggest that the 5000 MW cut-off
membranes are the better option. However Poland's results show that
three cascade passes would be required to obtain the same molecular
weight distribution as a single pass through the 10,000 MW cascade.
This results in an efficiency of retention 33% below that obtained from
the 10,000 MW cascade.

Extrapolating the experimental results suggests that the correct BP
specification below 12,000 MW could be achieved using a single cascade
unit containing four 10,000 MW cut-off membranes operating at 2.5
diavolumes per stage. While Polands results suggested that four
cascade units would be required if the 5000 MW cut-off membranes were
used. Using the 10,000 MW cut-off membranes would therefore

significantly reduce the operating costs because the pumping costs and

the number of membranes used would be reduced.
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The aim of this project was to develop a production system which
used ultrafiltration to remove both ends of the molecular weight

distribution. The initial problem was to decide which part of the

molecular weight distribution should be removed first.

It was found that the removal of the material above 98,000 MW was
more satisfactory at concentrations of 4% W/W or higher. If the
material below 12,000 MW was to be removed first it would be necessary
to use an initial feed concentration of 4 to 57 W/W. This would give a
product concentration of 3.5 to 4.57 W/W which could then be used in
subsequent cascade units. A membrane order of 1,2,3,5 was used since
this was identical to the earlier experiments conducted at 2% W/W. See
table 5.18. The results from these experiments were particularly
unexpected since working at the higher concentration signficantly
affected the efficiency of removal and the efficiency of retention, as
well as the molecular weight distribution of the product. The percentage
below 12,000 MW in the sample was approximately 167 compared to 9.5% for
the same operating conditions at 2%. This effect can be explained by a
combination of factors. At the higher concentration there was double
the amount of low molecular weight material present. Since the cascade
used the same number of diavolumes at both concentrations it may be
simply that the cascade could not compensate for the greater amount of
dextran present. The other possible factor involved was gel layer
formation. As the concentration increased the gel layer could become
thicker and more consolidated and this could interfere with the passage

of molecules through the membrane and so affect the rejection

characteristics of the cascade.
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Since the correct distribution could not be obtained using a single

pass through the cascade, multipass cascading was tried. Unfortunately,

at this higher concentration this was also unsuccessful and the results

could still not match those obtained using a single cascade pass with a

2% feed. See figure 5.44.

In conclusion these results show that the fractionation process

must start with the removal of material above 98,000 MW,

5.4.4 USING MEMBRANES OF VARYING REJECTION PROPERTIES IN THE CASCADE

In the previous section it was shown that the rejection
characteristics of the ultrafiltration cascade could be altered
significantly by the careful selection of membranes. The earlier
experiments had identified stage one and four as the two key stages. To
expand on these results several different membrane configurations were
investigated by using two 5000 MW cut-off nembranes and two 10,000 MW
cut—-off membranes.

Placing the two 5000 MW cut-off membranes in stage one and four
produced results almost identical to those obtained by Poland [6] using
four 5000 MW cut-off membranes (see figure 5.45). This suggested that
stages two and three had little effect on the fractionation process.
This theory was tested by reversing the nembrane sequence so stages two
and three contained the 5000 MW cut-off membranes. As expected the
rejection curve was significantly different from the previous experiment
(5.1). See figure 5.46. If the two middle stage had not contributed to
run 5.2 should have matched the earlier

the fractionation process,

experiment 2.4 which used only 10,000 MW cut-off membranes in the order

1,2,3,5. Although the two rejection curves had similar shapes, the

rejection was noticeably higher over the whole molecular weight range in

experiment 5.2.
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The main contribution of the two middle stages would appear to be
to aid separation above and below the cross-over point, Their
individual effect on the final product being less significant than
either stage one or four. When the 5000 MW cut-off membranes were used
in these stages their contribution was obviously more significant. The
mathematical model was used to find out why this should be the case.
The model predicted that these membranes would cause the retention of
material within these stages simply because their rejection was
significantly higher than the 10,000 MW cut—off membranes. Naturally
this would effect the fractionation process and alter the final product
specification.

To obtain a better assessment of the cascades performance in run
5.1 and 5.2 the rejection curves from these experiments were compared to
the average batch rejection curve from the four membranes used. See
figure 5.47. The two runs both exhibited a higher rejection above
12,000 MW than the other comparable experiments using the four 10,000 MW
cut off membranes. However the cross-over points fell to 4500 MW and
9000 MW respectively; this was lower than required and was reflected in
the lower efficiency of removal obtained from these two runs. When
these runs were compared to the batch average rejection curve from the
four 10,000 MW cut-off membranes, the higher rejections obtained were
shown even more graphically, see figure 5.48.  When compared on this
basis the cross-over points fell to 3500 MW and 6800 MW. Again this
appears to show that it will be impossible to increase the efficiency of
retention without lowering the cross-over point.

Two further experiments were conducted to see if the results

obtained from run 1.1 could be repeated by using the 5000 MW cut-off

membranes. These results can be found in table 5.19. Interestingly the

efficiency of removal and retention were Very similar, however the shape

of the rejection curves were completely different. See figure 3.49.
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The rejection curve from cascade run 1.1 had a distinctly sharper

profile than that obtained from cascade run 5.3. In run 5.3 the two

5000 MW cut-off membranes were positioned in stages one and two. This
difference can be was explained by comparing the batch rejection curve

from the 10,000 MW cut-off membrane number four to that for the two 5000

MW cut-off  membranes. See figure 5.50. The 5000 MW cut—off membranes

reject more dextran below 6000 MW, but after this value the rejection
increases far slower than the 10,000 MW cut-off

membrane. This shape

was mirrored almost perfectly in the cascade results. See figure 5.51.

These results must confirm that stage one is the controlling stage in
the cascade.

These experiments have shown how the specification of the product
from the cascade can be affected by the rejection characteristics of an
individual membrane. In a production system the ability to maintain a
consistent product will be of considerable importance. To maintain a
consistent product it is clear that it will be necessary to set a very
strict specification for the rejection characteristics of the membranes.
Unfortunately this could result in the high failure rate and could have
a significant affect on the economics of process unless an agreement
could be obtained with the manufacturer for the return of any off

specification membranes.

5.4.5  COMPARING THE EFFICIENCY OF ULTRAFILTRATION CASCADING TO

ETHANOL FRACTIONATION PROCESS

A comparison of the two processes was made more difficult since the

two processes were very different. The inital problem with the data

obtained from the ethanol fractionation process was it included the

removal of both the high and low molecular weight material, see figure

5.52 and table 5.20. Another problem was that the mass balances between
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the syrup I and the final syrup were only approximate, since the data
was obtained from the actual process which was not equipped for precise

measurement.

The two methods of fractionation can be compared by considering two

factors:-

1) The overall efficiency of removal and retention.
2) The molecular weight distribution of the product.

The overall efficiencies are compared graphically in figure 5.53.
At first sight the results for the ultrafiltration cascade appear to be
better than the ethanol process, but it must be remembered that the
ethanol fractionation efficiency also incorporates the removal of the
high molecular weight material.

To give the same efficiency of removal below 12,000 MW as the
ethanol process the ultrafiltration cascade at best gave an efficiency
of retention of 86%, this was only 9% better than the ethanol process.

When the molecular weight distribution of the final products were
compared the results from the ultrafiltration cascade appeared more
encouraging. The final product from the ethanol fractionation process
still contained 16% below 12,000 MW and therefore had not reached the
correct BP specification. Since further precipitation stages would be
required to achieve this specification the final efficiency of retention
was likely to be far lower.

To achieve a final syrup product within the BP specification below
12,000 MW it was clear that at least one or two further ethanol
precipitations would be required, giving a total of four to five. While
the ultrafiltration cascade could give the correct BP specification
using an estimated 2.5 diavolumes in a single cascade unit. These

results suggest that it would be easier to achieve the BP specification
o

using the ultrafiltration cascade.
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Figure 5.52 Comparing the Efficiency of the Cascade System to
the Industrial Ethanol Precipitation Process

220




Although the wultrafiltration cascade showed great promise these
results suggested that once the high molecular weight material had been

he effici .
removed the efficiency of retention of the 'saleable' band would drop to

below that obtained using ethanol fractionation. Therefore on a purely

economic basis the ultrafiltration cascade would not be able to match
the current state of art ethanol fractionation process. It must be
noted however that the efficiency of the ultrafiltration cascade was
only limited by the quality of the membranes presently available. Once
the quality of the 10,000 MW cut-off membranes are improved it is

probable that this process could replace the current industrial process.

Figure 5.53 Fractionation Process for Dextran (batch RB 5R)

Hydrolysate
| |
Syrup 1 (RB5R feed used at Aston) Super 1
Syrup 1R Super 1R
Stage I Stage I
Syrup 1R Super 1R
Stage II Stage II
| l
Final Syrup Final Super
l
| |
Spray Dried Syrup III Super III
final product
To be converted To ethanol
to iron dextran recovery
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5.5  REMOVAL OF DEXTRAN ABOVE 98,000 MW

5.5.1  INTRODUCTION

Since the ethanol fractionation process could be used to remove
both ends of the dextran distribution, it was important that the
ultrafiltration process could compete on the same basis. Usually an
ultrafiltration system would be used to remove small amounts of low
molecular weight impurity from a high molecular weight product.
Normally the high molecular weight product would be present in far
greater amounts than the impurity. To obtain the correct specification
for the removal of dextran above 98,000 MW it was necessary for the
membrane to remove up to 907 if the dextran in the permeate and retain
the remaining 10%. Since little useful experimental data was found
within the literature it was considered to be desirable to investigate
both the batch ultrafiltration processes and the ultrafiltration

cascading system for the removal of this material.

5.5.2 TESTING ALTERNATIVE BATCH TECHNIQUES FOR THE REMOVAL

OF DEXTRAN ABOVE 98,000 MW

The range of membranes available for the removal of material above

98,000 MW was found to be limited. The Amicon range of membranes only

contained two possible alternatives, a 30,000 MW and a 100,000 MW cut-

off membrane. The 30,000 MW cut-off membrane would certainly inhibit

the removal of the 'saleable' 12,000 MW to 98,000 MW band so the 100,000

MW cut-off membrane (code HIP100-20) was purchased. The membrane was

used in the Amicon DC2A unit mentioned in section 5.4.1. The test

conditions used were jdentical to those mentioned in section 5.4.1

3, .
: { i 500 cm”/min.
except that the recirculation rate was increased to
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Figure 5.54 How the Number of Diavolumes used Effects the
Percentage of Material above 98,000 MW in the
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The membrane was tested in both the diafiltration and concentration

modes of operation. Initially a 27 W/W feed concentration was used. The

diafiltration mode of operation was highly satisfactory at removing the
material below 98,000 MW since the molecules were 'washed'

through by
the diafiltrate. See table 5.21 and figures 5.54 to 5.55.

Using four
diavolumes, 93% of the material below 98000 MW was removed in the
permeate but a large proportion of the larger molecules were also lost.
After four diavolumes only 357 of the dextran above 98,000 MW had been
retained. The rejection curves obtained at each of the four diavolumes
can be fcund in figure 5.56. The rejection of each molecular weight
band rapidly decreases as the number of diavolumes used was increased.
The rejection of dextran with a molecular weight of 98,000 MW drops from
647 at one diavolume to only 17% at four diavolumes.

Using the same membrane in the concentration mode improved the
retention of the dextran above 98,000 MW and the process had the added
advantage that the waste dextran was in a concentrated form, making
storage and treatment easier. Unfortunately the efficiency of removal
was significantly lower than that obtained when using diafiltration.
See table 5.22 and figure 5.57. Although the retentate could be
rediluted and the concentration procedure repeated, there was little to
be gained by doing this since the retention of the high molecular
weight dextran would be impaired.

The membrane was again tested using the diafiltration mode, however
the feed concentration was increased to 5% W/W. See table 5.23 and
figures 5.58 to 5.59. The higher concentration was found to give a
rticularly above 98,000 MW. At four

higher retention of material pa

diavolumes the efficiency of retention was 59% and the efficiency of

removal below 98,000 MW was 88%. In comparison, a 27 W/W feed gave an

efficiency of retention of 59% after only 2 diavolumes and by four

diavolumes had dropped to only 35%7. The efficiency of removal below
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98,000 MW after 4 diavolumes was 937%. The rejection curves obtained

from the membrane at the higher feed concentration can be found in
figure 5.60. The greater retention of the high molecular weight
material is shown by the steeper gradient of each rejection curve. The
effect becomes more noticable as the number of diavolumes increases. An
analysis of the data from the two experiments showed that when the 5%
W/W feed concentration was used the total mass of dextran passing
through the membrane significantly increased. This indicates that the
diafiltrate was being used more efficiently at the higher concentration.

Although it is clear that the dialysates ability to 'wash' material
through the membrane was the critical factor affecting both the
efficiency of removal and retention, there was some indication that the
presence of the gel layer alters the rejection of the dextran molecules.
When the 22 W/W feed was used the majority of the experiment was
conducted at a concentration below which the gel layer could be present,
at the higher concentration the reverse was the case. Since the
efficiency of retention above 98,000 MW was significantly higher when
the higher feed concentration was used, the gel layer may be partly
responsible for the higher retention of the very large dextran
molecules. These molecules have a molecular weight from 98,000 MW to in
excess of 1 x 107 MW,

To obtain a higher efficiency of retention without reducing the
f removal a hybrid process was considered. Initially the

efficiency o

system was operated in the diafiltration mode after which the retentate

was concentrated. The results can be found in table 5.24 to 5.28. The

process was found to be satisfactory between 0.5 and 1.5 diavolumes. If

the number of diavolumes used was increased above this value, the

retentate became too dilute. This process was also affected by the feed

concentration in a similar manner to the diafiltration experiments
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mentioned earlier. The efficiency of retention increased from 40% to

62% as the feed concentration increased from 2% to S%Z. The efficiency

of removal only decreased from 85.817 to 82.78%. Unfortunately the

hybrid system could only produce a final product with a similar
specification to the diafiltration system although the system had the
advantage that the volume of retentate and permeate was reduced. The
efficiency of retention had not improved as significantly as was first
expected.

Although the results show that an ultrafiltration system could
fractionate the dextran in the desired manner the efficiency of
retention was lower than required. Since Amicon did not manufacture
another membrane suitable for this fractionation the Romicon range of
hollow fibre membranes were considered. A 50,000 MW cut-off membrane
was purchased (code number HF1-43-PM50). The membrane was manufactured
in polysulphone and had a surface area of approximately 0.09 m2. Each
fibre was 1 mm in diameter compared to 0.5 mm in the Amicon units. A
test rig was also borrowed from Romicon. This unit was of a similar
design to Amicon DC2A unit but used a centrifugal pump to recirculate
the feed. After consultation with Romicon a recirculation rate of 7
1/min was used.

When tested using the diafiltration mode the membrane was found to
be of an exceedingly high quality. See table 5.29 and figures 5.61 to
5.62. After four diavolumes the membrane had still retained 837 of the
dextran above 98,000 MW and had removed 87% below 98,000 MW. The Amicon
ncies of 59% and 88% when tested under similar

membrane gave efficie

conditions. The rejection curve for this membrane shows very clearly

the membranes ability to reject the naterial above 98,000 MW, see figure

5.63. The rejection of the dextran with a molecular weight of 98000 MW

was 557 after four diavolumes compared to only 357 for the Amicon

membrane,
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Figure 5.61 How the Number of Diavolumes used Effects the
Percentage of Material above 98,000 MW in the
Retentate
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When tested in the concentration mode the membrane showed the same

trends as the Amicon membrane. A higher efficiency of retention was

obtained, however the efficiency of removal was 26% lower than in the
diafiltration mode. See table 5.30 and figure 5.64.

These results confirmed that the diafiltration mode was the most
suitable approach for separating the high molecular weight dextran from
the 'saleable' material.

It is clear that the Romicon membrane would be the better option
for a batch diafiltration system because the Romicon membrane exhibited
a far better retention above 98,000 MW than the Amicon membrane and also

gave an acceptable efficiency of removal below 98,000 MW.

5.5.3 TESTING THE ROMICON 50,000 MW CUT-OFF MEMBRANES USING BATCH

DIAFILTRATION

The Romicon membrane tested in the previous section was shown to be
manufactured to a high standard and gave a better separation of the high
molecular weight dextran than the Amicon membrane. These membranes were
therefore chosen for use in the ultrafiltration cascade.

The membranes were tested using the same conditions as mentioned
earlier except that recirculation rate was reduced to 1 litre/minute.
This was the maximum continuous flow rate obtainable from the
peristaltic pumps used on the ultrafiltration cascade.

The Romicon membranes were found to be effected by feed
n in the same manner as the Amicon membranes mentioned in

concentratio

section 5.5.2. See table 5.32 and 5.33. Using a 2% W/W feed an

efficiency of retention of 567 was obtained at four diavolumes, and when

the 4% W/W feed was used the officiency increased to 72%.
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The efficiency of removal of the 12,000 MW to 98,000 MW band was only

reduced from 89% to 86Z. Since the batch system was found to perform

better at the higher concentrations it was realistic to believe that the
cascade would be effECtedvin a similar way, therefore a 4% W/W feed was
used in the cascade.

The Romicon membranes ability to reject material was found to be
improved by increasing the recirculation rate, this effect was also
found by Bottinio [44] and Baker [50]. See figure 5.67 and 5.68. The
rejection of dextran below 50,000 MW was found to be similar at both
recirculation rates, however as the molecular weight increased the
rejection at the higher recirculation rate became significantly higher.
Since the recirculation rate had a far greater effect on the retention
of the high molecular weight material it was unfortunate that the
cascade could not be operated at the higher recirculation rate as this
would further enhance the fractionation process.

The three remaining membranes were tested using only a 4% W/W feed
concentration. See table 5.34 to 5.36. The 50,000 MW cut—off Romicon
membranes show the same variation of performance that was found
throughout the Amicon range of membranes. The degree of variation was
reflected within the rejection curves for the four membranes. See figure
5.75. At 98,000 MW the rejection varied from 47% for membrane number two

to 75% for membrane number three (At two diavolumes). The performance

of membrane number 2 was only marginally better than the 100,000 MW cut-

off membrane (number one) mentioned in section 5.5.5.
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Table 5.31  Operating Conditions used to test the Romicon 50,000 MW

cut—off Membrane

Membrane area . 900 cm2

Membrane recirculation rate : 1 litre/minute
Transmembrane pressure : 70 KPa

Operating temperature : 20°C

Feed : 4% W/W of Fisons Batch HZIS
Mode of operation used : Diafiltration

Number of diavolumes used : 4

Definitions:

Weight of dextran below 12000 MW in retentate
Efficiency of removal =
below 12000 MW

Weight of dextran below 12000 MW in feed

Wt of dextran between 12000-98000MW in retentate
Efficiency of =

removal between
12000-98000MW Wt of dextran between 12000-98000MW in feed

Weight of dextran above 98000 MW in retentate

Efficiency of retention =
above 98000MW

Weight of dextran above 98000 MW in feed
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% In Sample Above 98000 MW
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Figure 5.65 How the Number of Diavolumes used Effects the
Percentage of Material above 98,000 MW in the

Retentate
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Figure 5.66 The Relationship between Efficiency and the
Number of Diavolumes used. Membrane Number 1
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9% In Sample Above 98000 MW

Number Of Diavolumes

Figure 5.69 How the Number of Diavolumes used Effects the
Percentage of Material above 98,000 MW in the
Retentate
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Figure 5.70 The Relationship between Efficie

Diavolumes used. Membrane Number 2
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Percentage of Material above 98,000 MW in the
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5.5.4 USING THE ROMICON MEMBRANES WITHIN THE CASCADE

Although the batch diafiltration system gave a satisfactory
retention of the high molecular weight dextran an excessive volume of
diafiltrate was required to separate the 12,000 to 98,000 MW band. The

concentration of the final permeate product containing the '"saleable"

material was therefore very low. This would make it necessary to use an

intermediate concentration stage before any further fractionation could
take place. Since the ultrafiltration cascade had already been shown
to reduce the amount of diafiltrate required and also improved the
separation process this systen appeared to be ideal for this
particularly fractionation.

In section 5.4.3 a four stage cascade was used, however it was felt
that for this particular fractionation a four stage cascade might not be
necessary. To test this theory the software used for the computer
control of the cascade was altered to allow one or more stages to be
made redundant. A series of experiments were then conducted using a
two, three and four stage cascade., The number of diavolumes used was
also varied to obtain a precise operating line for each cascade, see
table 5.37. Using a two stage cascade (experiments 6.1 to 6.3) with two
50,000 MW cut-off membranes (number one and two) the efficiency of
retention was increased from 77% to 91% at two diavolumes. However the
12,000 MW to 98,000 MW band had only been

efficiency of removal of the

marginally improved from 687 to 74%. See figure 5.76. The explanation

for the apparent poor removal of the 12,000 MW to 98,000 MW band can be

found by comparing the cascades rejection curve with the average batch

rejection curve. See figure 5.77 to 5.79. The cross-over point

occurred at 55,000 MW rather than the required value of 98,000 MW,

therefore between 55,000 MW and 98,000 MW the cascade was enhancing the
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Efficiency Of Removal Between 12000-98000MW (%)

Figure 5.76 Comparing the Efficiency of
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retention of the dextran which should have been removed. Interestingly

the number of diavolumes used had little effect on the cross-over point.
1f the efficiency of the cascade is redefined as the efficiency of
retention and removal above and below the cross-over point, a better
appreciation of the cascades performance can be obtained. See figure

5.80. On this basis the efficiency of removal can be seen to be far

better than that obtained with the batch system. Furthermore the

enhancement of the efficiency of retention was far more significant than
that obtained with the earlier work involving the removal of material
below 12,000 MW.

The close agreement between the cross-over point obtained from the
cascade and the quoted nominal molecular weight cut-off appears to
suggest that these quoted values can be used with some confidence as a
method of estimating the position of the cross-over point.

The effect on the molecular weight distribution was also
particularly interesting, the percentage within the retentate sample
above 98,000 MW increased far more rapidly than was found with the batch
system. See figure 5.82. This trend was identical to that found with
the earlier work involving the removal of material below 12,000 MW. If
the distribution in the retentate was considered above and below the
cross-over point the results were most impressive. See figure 5.81.
The percentage within the sample below 55,000 MW was reduced from 67% to
These results show clearly the

527 at two diavolumes using the cascade.

advantage of using an ultrafiltration cascade although it was

unfortunate that the cross—over point occurred at only 55,000 MW. It was

initially hoped that a cross—over point would fall at approximately

80,000 MW when using these membranes

An unsteady state study of cascade run 6.2 shows the same trends

as those found in the previous unsteady state study mentioned in section

5.4.3 See table 5.38. Since fewer stages were used the cascade
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Efficiency Of Removal below 55000MW (%)

Figure 5.80 Comparing the Efficiency of the Two Stage
Cascade to the Batch Average.
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9% In Sample Below 55000 MW
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requires fewer cycles to reach equibrium, in total 10 cycles were
required compared to 17 cycles for the four stage cascade

In section 6.5.2 the mathematical model was used to predict the

product specification from these experiments. The main assumption of

the model was that the membranes rejection characteristics were fixed.
The rejection data was obtained from the batch diafiltration
experiments. In all cases the model over predicted the losses through
the membrane. This difference suggests that the rejection of these
membranes were in some way enhanced when used in the cascade.

The unsteady state study of the two stage cascade gives some
insight into operation of the cascade.

It can be seen that the efficiency of retention within the first
stage rapidly exceeded 100%Z after only four cycles. Since the first
stage was being saturated with material from stage two it was probable
that the rejection of the higher molecular weight material was enhanced
in a similar manner to that found by Cooper [48] and Bottinio [44]
mentioned in section 2.6.

Since the permeate from the 50,000 MW cut-off membrane had a higher
concentration and would contain a larger proportion of the dextran
distribution this effect should be far more pronounced than would be
found with either the 5000 MW or 10,000 MW cut-off membranes.

Further experimentation using a cascade containing three and then

four stages gave a clearer picture of the operation of the cascade. To

stop the performance of an individual membrane masking the underlying

trends caused by changing the number of stages, membranes number one and

two were retained in the first and last stages of the cascade. However

several further experiments were conducted to optimise the retention of

material above 98,000 MW these naturally required an alternative

membrane configuration. (Run 8.1 and 8.2).
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Increasing the number of stages clearly enhances the removal of the

material below the cross-over point. For example the percentage in the

retentate below 12,000 MW drops from 6.7% to 2.7% as the number of

stages increases from two to four. The percentage within the sample

above 98,000 MW did not increase by the same proportion, increasing the

number of stages from two to four caused an increase from 29.45% to

30.61%. See figure 5.83. These changes are reflected in the efficiency

of removal and retention for these two bands; the efficiency of removal
increased by 5.5% but the efficiency of retention remained effectively
unchanged. The efficiency of removal of the 12,000 MW to 98,000 MW band
remained constant throughout these experiments, this was caused by the
increased removal below the cross-over point being matched by an equal
improvement above it, hence no change within the overall efficiency of
removal.

The cross-over point did however vary as the number of stages
increased, these changes were more likely due to the varying performance
of the additional membranes used rather than the operation of the
cascade. The limit of the variation was between 40,000 MW and 60,000
MW. Although each membrane order produced different cross-over points
this value was found to be relatively stable as the number of diavolumes
used was increased; this confirmed the results obtained from the two

stage cascade. See figure 5.84 to 5.88.

To improve the efficiency of retention the membrane order was

changed (run 8.1 and 8.2). Membrane number three and four were placed

in stages one and two, because these membranes both exibited a very high

retention above 98,000 MW. Using this membrane configuration an

efficiency of retention of 96% was obtained; unfortunately the

efficiency of removal of the 12,000 MW to 98,000 MW band was reduced

because the cross—over point dropped to only 37,000 MW. See figure 5.89

and 5.90. This confirmed the trends found im section 5.4.3, the
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efficiency of retention could be improved by careful selection of the

membranes order used, however this resulted in a lower cross—over point

and a lower efficiency of removal.

The failure of a membrane within the cascade was found to have a

significant affect on the final product. During run 9.1 a hollow fibre

burst in membrane number two, this membrane was positioned in the second
stage of the cascade. Although the other stages were unaffected the
cascade was unable to compensate for the loss of the membrane and the
efficiency of retention was signficantly reduced, the rejection curve
for this run can be found in figure 5.91. The Romicon 50,000 MW cut-off
membranes appear to be more prone to fibre damage than the Amicon
membranes, in total two membranes were damage even though the operating
pressure never exceeded 70KPa. This problem was probably caused by the
larger fibre diameter used in the Romicon cartridges. Since the fibres
were far larger the radial stresses will be far more severe and so any
imperfections would be more likely to cause the fibre to burst.
Although fibre damage was a significant problem, the broken fibre could
be easily blocked by using a piece of copper wire and glue. This
allowed the cartridges to be reused, however the flux was lower since

the surface area of the membrane was marginally reduced.
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Figure 5.83 The Relationship between the Molecular Weight

Distribution of the Final Product and the
Number of Stages used in the Cascade
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Figure 5.84 Comparin the Efficienc of the 3 Stage Cascade

to the Batch System
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5.5.5 TESTING THE AMICON 100,000 MW CUT-OFF MEMBRANE USING BATCH
DIAFILTRATION

The Romicon membranes used in the previous section were found to be
highly satisfactory at retaining the dextran above 98,000 MW but the
removal of the 12,000 MW to 98,000 MW band was impaired since the cross-
over point fell well below the desired value of 98,000 MW. To raise the
cross—over point to 98,000 MW the 100,000 MW cut-off Amicon membranes
were used.

The Amicon HIP100-20 membrane used in section 5.5.2 was retested
using a 4% W/W HZIS feed as was a new membrane obtained specifically for
used in the cascade. See table 5.39 and 5.40. The performance of the
new membrane was noticeably poorer than the first membrane obtained from
Amicon. The rejection curve in figure 5.96 shows this very clearly.
Below 30000 MW the rejection curves were very similar, however after
this value the two rejection curves rapidly diverge. At 98000 MW the
rejection of the new membrane was only 43% compared to 50% for the

original membrane.
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5.5.6 USING THE AMICON 100,000 MW CUT-OFF MFMBRANES WITHIN THE CASCADE

A two stage cascade was used to study the fractionation obtained

when using the 100,000 MW cut-off Amicon membranes. Since the two

membranes had significantly different rejection curves, their position

within the cascade was varied to see how the cross-over point could be

altered (see runs 10.1 to 10.3 and 11.1 to 11.2). When the membrane

with the higher rejection (number one) was placed in stage one an
efficiency of retention of 83%7 was obtained, this dropped to only 70%
when the membrane sequence was reversed, however the efficiency of
removal increased from 76% to 78%7. See figure 5.97. At best this was
only a 6% improvement on the comparable 50,000 MW cut-off cascade, but
the efficiency of retention had dropped by 23% in the worst case. The
rejection curves for these experiments can be found in figures 5.98 to
5.101. Using the first membrane sequence the cross—over point occurred
at 60,000 MW this was only marginally higher than the mean value
obtained for the earlier experiment using the Romicon membranes. Again
the cross-over point was found to remain relatively constant as the
number of diavolumes increased. The reversed membrane sequence raised
the cross—over point to 145,000 MW, this was far more satisfactory but
the removal of the dextran below this molecular weight was not as high
as was expected.

Mixing the Romicon and Amicon membranes was also considered, see
figure 5.102 positioning a 50,000 MW cut—off membrane (number one) in

stage one and an 100,000 MW cut—off membrane (number two) in stage two

improved the efficiency of retention by 57 however again the efficiency

of removal was similar to results obtained in section 5.5.4. This was

again caused by the position of the cross—over point which occurred at

55,800 MW rather than the desired value of 98,000 MW. See figure 5.103.

In all cases the relatively poor improvements achieved for the
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efficiency of removal can be explained by comparing the rejection curves
for the 50,000 MW and 100,000 MW cut-off membrane used in these

experiments. See figure 5.104 and 5.105. Below 60,000 MW the

rejection curves were almost identical, it was only when the molecular
weight exceeded 100,000 MW that the two rejection curves rapidly
diverged. Naturally since the batch rejection curves were very similar
it was not surprising that cascade runs 6.3 and 10.3 were also similar
in this region. Furthermore the rejection curve of the poor 50,000 MW
cut-off membrane (number two) was almost identical to that found for the
original 100,000 MW cut-off membrane (number one) hence the similarity
between runs 13.1 and 6.3.

Since the main objective was to improve the efficiency of removal
these results show that there would be little gained by using the Amicon
membranes within the cascade. As the Amicon membranes were
unsatisfactory the only other alternative would be to use the Romicon
membrane but at a higher number of diavolumes. This should enhance the
efficiency of removal since more material would be 'washed' through the
membrane by the diafiltrate, while the rejection of the dextran above
98,000 MW should still be acceptable since the Romicon membranes give
such a high rejection of this band. Unfortunately it was impossible to
rimentally because the cascade was only

investigate this approach expe

designed to operate up to a maximum of two diavolumes.

The enhanced rejection of the large dextran molecules by the

presence of the low molecular weight material has been discussed in

previous sections. A feed rich in dextran below 12,000 MW was obtained

to quantify this effect and to test the theory discussed in section

5.5.4 regarding the higher than expected retention of dextran by the

cascade. The feed contained 31% pelow 12,000 MW compared to 24% for the

normal HZIS feed, while the proportion of dextan above 98,000 MW was very
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similar. Experiments 12.1 and 12.2 were conducted using identical

operating conditions as experiments 11.1 and 11.2 so that the results
would be directly comparable. See figure 5.106. The experiments proved
conclusively that the percentage of the low molecular weight material
present directly effects the rejection of the higher molecular weight
dextran. The efficiency of retention above 98,000 MW increased from 707
to 80%Z while the efficiency of removal below 12,000 MW remained almost
unchanged. The rejection curves for these experiments shows the effect
more clearly (see figure 5.107); the rejection above 12,000 MW had
noticably increased but the rejection of the dextan below this value had
not changed at all. The significance of this is unclear, however since
these molecules have such a low rejection it may simply by that these
molecules could permeate freely through the membrane. The modification
of the rejection curve can be put into context when these results are
compared to the batch average of the two membranes used; using the
normal feed the cross-over point occurred at 145,000 MW, however this
fell to only 40,000 MW when the other feed was used. This shows clearly
how the rejection was enhanced. See figure 5.108 and 5.109.

Both Cooper [48] and Bottino [44] showed that this effect was
present in the batch system, however the effect should be more
pronounced in the cascade system since the the permeate product
of the low molecular weight material is recycled

containing the majority

along the cascade. For example the amount of this material present 1in

the diafiltrate in stage (n-1) would be greater than stage n, hence the

effect would be amplified as the low molecular material moved along the
cascade.
These results appear to give more weight to the enhanced retention

theory discussed in section 5.5.4.
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Efficiency Of Removal Between 12000-98000MW (%)

Figure 5.102 Mixing 50,000 MW and 100,000 MW Cut-off Membranes
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5.5.7 COMPARING THE ULTRAFTLTRATION CASCADE TO THE ETHANOL
FRACTIONATION PROCESS

The comparison of the two processes was again made more difficult
since the data obtained from the ethanol fractionation process included
the removal of both the low and the high molecular weight dextran.
Although the ultrafiltration process remcved up to 967 of the high
molecular weight material compared to only 84% for the ethanol
fractionation process, the retention of the 12,000 MW to 98,000 MW band
was only 747% compared to 787 for the ethanol process, see table 5.42.
As mentioned earlier the separation of this material was inhibited by
the low cross-—over point which resulted in the material between 50,000
MW and 98,000 MW being retained by the action of the cascade rather than
being removed in the permeate. Since a more suitable membrane could not
be found to enhance the removal of the 12,000 MW to 98,000 MW band the
ultrafiltration cascade was again unable to compete with the ethanol
fractionation process on a purely economic basis.

A closer inspection of the ethanol precipitation results does
however show some interesting points. This particular fractionation

required four ethanol precipitation steps to obtain the final syrup

products, this was one more than the previous example and the

specification of the final product was significantly different. This

suggests that the process was relatively unpredictable and a consistent

product was difficult to achieve. The product from the ultrafiltration

cascade in comparison was easier to control. For example the

specification of the final product could be altered by a predictable

amount by simply altering the number of diavolumes used.
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The ethanol precipitation process appears to be very effective at
removing the high molecular weight material, but both the results from
this fractionation and the previous example suggests that this process
vas far less effective at removing material below 12,'000 Mw.

The conclusions for this particular fractionation must be the same

as the earlier case. The main problem was again the difficulty

obtaining membranes suitable for this fractionation. Both the Amicon

and Romicon membranes were unsatisfactory simply because they retained
too much of the 'saleable' band. If a range of membranes could be
obtained with their rejection characteristics tailored to this process

then these problems could be overcome.
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Figure 5.110 Ethanol Fractionation Process used to Produce HZ1S Feed
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6.0 COMPUTER SIMULATION OF THE
ULTRAFILTRATION CASCADE




6.0 COMPUTER SIMULATION OF THE ULTRAFTLTRATION CASCADE

6.1  INTRODUCTION

Several worker [49, 6] have attempted to model the diafiltration

cascade system. Cooper [49] for example developed a satisfactory model

by solving a series of material balances over the cascade, although he
made several important assumptions to simplify the solution of the
problem. Cooper assumed that the product to be purified was completely
rejected, the rejection characteristics of the membranes used were
identical and that only two components were used. These assumptions
were not acceptable when modelling the cascade development by Poland
[6]. Poland purchased five 5000 MW cut-off membranes from Amicon and
although they had identical quoted nominal molecular weight cut-off
their individual performance varied significantly from each other.
These membranes exhibited a mean rejection of 68% at 12,000 MW and only
exceeded 90% rejection after 26,000 MW. Clearly the rejection of the
12,000 MW to 98,000 MW band which was equivalent to the product to be
purified in Coopers model was not completely rejected. Finally the feed
used in the cascade was a polymer with a wide molecular weight

distribution which could not be expressed as a simple component.
The model developed by Poland was more satisfactory for this

particular application, however he also made several assumptions which

limited the effectiveness of his model. Poland split the dextran

distribution into three bands, (a) material below 12,000 MW (b)

material between 12,000 MW and 98,000 MW (c) material above 98,000 MW.

He then obtained an average rejection for each of the three bands. For

the cascade stages contained
simplicity Poland then assumed that all
ormation Poland then used the

identical membranes. Using this inf

; i :on Sciences Inc) to solve
'"Process' computer package (written by Simulatil
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the mass balances involved,. Although this model was able to predict

broad trends such as number of stages required it was not satisfactory

for the detailed examination required for this project. For this reason

a new model was developed from first principles which overcame the

limitations of the earlier models.,

6.2  DETERMINATION OF MASS TRANSFER COEFFICIENTS AND GEL LAYER

CONCENTRATIONS

The preliminary requirement was to determine the most satisfactory
method of calculating the mass transfer coefficients for the membranes,
for incorporation into the mathematical model. Probably the most well
known method for determining the mass transfer coefficient of a membrane
was that proposed by Porter [14] using mass transfer, heat transfer
analogies for laminar and turbulent flow.

For laminar flow the Leveque [16] equation can be used:
Sh = 1.62 (Re.Sc. d/1)0-3% e 6.1

for 100 < Re Sc d < 5000
L

where Re is the Reynolds number, Sh is the Sherwood number, Sc the

Schmitt number, L is the fibre length and d the fibre diameter while

for the turbulent region:-

... 6.2
Sh < 0.023 5c0-33 ge0-8
Re: de
... 6.3
)i
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Sc = pii
PD
Sh= £Kd
D

where P is the density, n the viscosity, D the diffusity, v the
velocity, d the fibre diameter and K the mass transfer coefficient.
Since the dextran feed was fractionated in each of the four cascade
stages its molecular weight distribution altered as it moved through the
cascade, this in turn caused the physical properties of the solution to
change and therefore the flux also changed. Although some empirical
equations were found which related the molecular weight distribution to
the physical properties of the dextran solution [108, 109] these
required a precise knowledge of the My value for the sample and were
also only available for the more commonly used properties such as

osmotic pressure and viscosity. Therefore it became necessary to obtain

the physical properties at a mean molecular weight distribution; this
corresponded to a dextran T70 solution [19, 20, 110, 111].

To determine the flux the simple expression:

J=KIn C

ago

«es 6.6

for a retentive membrane may be used.
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The gel layer concentratij
ion (Cg) for dextran is dependent on a

number of factors. Goldsmith [112] for example found that the gel layer

concentration was dependent on the molecular weight distribution of the

dextran sample. The higher the My value the higher the gel layer

concentration. See figure 6,1, Furthermore other workers [110] have

commented that the gel layer concentration was dependent on the

conditions under which the membrane system was used. For these reasons

it was necessary to determine the gel layer concentrations
experimentally. Using simple theory a plot of J versus Ian will give

an intercept on the concentration axis of Cg and a gradient of K. The

results for the 5000 MW, 10,000 MW and 100,000 MW cut-off Amicon
membranes and the Romicon 50,000 MW membranes can be found in figures
6.2 to 6.5. The results strongly suggest that the gel layer
concentration increases as the nominal molecular weight cut-off of the
membrane used increases. See figure 6.6, This fits in well with the
results obtained by Goldsmith. Increasing the nominal molecular weight
cut—-off will result in the gel layer being almost exclusively made up
from dextran molecules with a molecular weight above the nominal cut-off
since a high proportion of the lower molecular weight material will pass
through the membrane. Goldsmith found that increasing the My value of
the sample used resulted in a higher gel layer concentration hence in

both cases the high molecular weight material present at the membrane

wall resulted in a higher gel layer concentration. The gel layer

concentrations determined for the mathematical model were comparable to

those obtained by Vlachogiannis [45] using similar Amicon membranes and

process conditions.

The effect of operating pressure on the flux of each of these

5 i with
membranes was also determined at the normal recirculation rate used t

MW and 10,000 MW cut-off membranes

these membranes. For the Amicon 5000

-off brane this was
this was 300 cm3/miﬂ while for the 100,000 MW cut-orl mem

a1/



3/ . .
500 cm”/min, and for the Romicon 50,000 MW cut-off membrane this was 1

litre/min. The results can be found in figures 6.7 to 6.10. All three

Amicon membranes exhibit the sape trends. Below 70 KPa they all exhibit

some pressure dependance, however at higher pressures all but the most

dilute solution of 0.57 W/W were Pressure independant. This therefore

suggested that at these particular recirculation rates the gel layer

started to form at concentrations as low as 1%. The Romicon membrane

showed a different profile, the pressure independant region occurred at
higher pressures than the Amicon membranes in all cases except the 4%
W/W solution. This difference between the two types of membrane can be
directly attributed to the higher recirculation rate which would remove
material from the membrane wall and hence reduce the degree of
concentration polarization present.

Normally reasonable agreement could be obtained between the
experimentally determined flux and that determined expirically. However
when using the empirical calculations the value of the mass transfer
coefficient was found to increase slightly as the concentration
increased, this resulted in a slight curve rather than the normal linear
relationship. This error was however small and could be ignored.
Although the physical property data was obtained from well known

publications [19, 20, 110, 111] this error was most likely caused by
inaccuracies in this data. Porter commented that only small errors in

the physical property data would cause relatively large errors in the

calculated mass transfer coefficient.
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Figure 6.4 Determining the Gel Layer Concentration for the
50,000 MW Cut-off Membrane
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Figure 6.5 Determining the Gel Layer Concentration for the
100,000 MW Cut-off Membrane
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Figure 6.7

The Relationship between Flux and Pressure

for the 5000 MW Cut-off Membrane Number 5
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Figure 6.10 The Relationship between Flux and Pressure
for the 50,000 MW Cut-off Membrane Number 1
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6.3  SOLVING THE MASS BALANCE OVER A CASCADE STAGE

The development of the model was simplified because each of the
four cascade stages could be considered to be independént for the
purpose of developing the mass balance. This was possible since

transfer of material between each stage occurred only at the end of each

cycle and the composition of the products, the retentate and permeate

could be calculated from a mass balance over the stage from which they
originated.

An unsteady state mass balance over stage N was developed. See
figure 6.11. The mass balance was particularly simple since there was

only one stream into the system and one leaving. The input stream was

the flow of diafiltrate. This stream contained dextan lost in the

permeate from stage N+1. The composition of this stream was assumed to

be fixed, ie. did not change as the level in the diafiltration tank
dropped. This would be true in the real system since the solution would
be well mixed. The only output stream was the permeate flow through the
membrane. Finally the flow rate of the diafiltrate must equal the flow

rate of permeate if the volume in the tank is to remain constant.

The mass balance gives:

CpiFp - CpiFp =V dC¢y

dt oo 6.7

where Cp; is the concentration of component i in the diafiltrate, Cpy

the concentration of component, i in the permeate; C.; the concentration

of component i leaving the tank, V is the volume of the tank, FD and FP

are the flow rates into and out of the system.
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For simplicity the rejection of the membrane was assumed to be
constant, ie. would not change with composition:-

= Fp Cpy
Fp Cpy ... 6.8
or R= | Cp; Fp
Cei Fe

. 8 e 6'9

The rejection was defined in this form since the experimental batch

rejection data could be simply incorporated into the model.

The

validity of this will be discussed in more detail later.

Equations 6.7 and 6.9 can be combined to give:-

Cpifp + (R-1) Fp Cpy =V dCyy

This equation can be solved using Laplace transforms to give:

Ces = Cpi(Fy - F)

- (F, - FR) ¢
1 - EXP
(F, - F R)
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bUtFt—'FR=F =F

p D
therefore
Cei = Cpi Fp -FL(1-R)t
1 - EXP
Ft (1-R) \Y
- Ft (1I-R) t
+ Coi EXP
v ees 6.12

. . .

where C ; is the initial concentration in the tank.

This expression was satisfactory until the values of R reached a
value of one (100% rejection) or very close to one. To overcome this
minor problem the incorporation of a power series expansion of et was

considered, this would allow the expression to be rearranged.

where e =1 -t +t°-t P o

Although the expression was easily incorporated into the model,
when the model was tested the model still failed to work correctly.
This error was caused because the power series did not converge
correctly when t became greater than one. This problem occurred when
the value of R became close to 1.0, so there was little to gain by using

the power series expansion.
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To overcome this problem the mass balance was redefined for the

case where R = 1,0 since Cpi will be zero:-

FpCp; =V dC,,

dt ... 6.14

This can again be solved using Laplace transforms to give:

Cei = Cpifp t + Cpy

v ... 6.15

Equations 6.12 and 6.15 can be used to determine the concentration

changes in the retentate tank.

6.4  OBTAINING REJECTION DATA FOR THE MODEL

Using a steric rejection model Zeman [31] was able to successfully

predict the rejection of dextran molecules by a membrane. Although this

model could correctly predict the rejection, it was most accurate under
ideal conditions, ie. no concentration polarization and with a membrane
with a uniform pore distribution. Because the cascade operated under
conditions which were far from ideal this particular model and the
others discussed in section 2 were of little use. It was mentioned in

section 5.0 that each membrane used had its own unique rejection

characteristics. Since the aim of the work was to predict the

specification of the product from the experimental cascade it was

important to include this variation within the model.
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To obtain sufficiently accurate réjection data for the model it was
necessary to use the batch rejection data obtained when each of the
membranes were originally tested.

Since the model was to be used to predict how the number of
diavolumes would effect the specification of the product the rejection
data was obtained over a wide range of diavolumes. Normally the
rejection would be calculated by comparing the mass of dextran in the
feed solution to that in the retentate product at a particular
diavolume, however for use in this model the rejection was considered
incrementally. For example the incremental rejection of the membrane at
two diavolumes was calculated using the retentate product after one
diavolume as if it were the feed and this was compared to the retentate
product after two diavolumes. Interestingly when this approach was used
the rejection curves obtained remained relatively stable over the range
of diavolumes considered. The incremental rejection curves from the
10,000 MW cut-off membrane number five can be found in figure 6.12
This suggested that it was probable that a constant sieving factor was
involved when these membranes were used in this simple batch
diafiltration mode.

The rejection curves for all the 5000 MW, 10,000 MW and 50,000 MW
cut-off membranes used in the cascade were calculated in the manner
mentioned above and the data incorporated into the computer program.
Since both the rejection data and the molecular weight distribution of
the dextran feed were continuous functions, not fixed values as in

Coopers model [49] the data was fitted to a series of three term

polynominal equations which covered the whole molecular weight range

being considered.
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Figure 6.13 Model Prediction for 5000 MW Cut-off membrane
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The accuracy of this approach was tested by comparing the model

predictions to the batch experimental data. An example of the fit

obtained for each of the membranes used can be found in figures 6.13 to

6.16. As the results show this approach was satisfactory and the model

correctly followed the changes in overall efficiency and also the

changes in the molecular weight distribution.

6.5 RESULTS

Before the model was used it was extensively tested. The model
predictions for the cascade were checked by producing an overall steady

state mass balance for the cascade and mass balances over each

individual stage. The two sets of mass balances were then compared to
check the accuracy of the computer simulation. Two examples can be
found in appendix 5 and 6.

The results obtained from this model have been split into two
sections for simplicity. The first section considers the removal of
dextran with a molecular weight below 12,000 MW and the other the _é'

removal of dextran above 98,000 MW

6.5.1 MODELLING THE REMOVAL OF DEXTRAN BELOW 12,000 Mw

The model was initially used to investigate the operation of an

ideal cascade, ie. where all four membranes have identical rejection

characteristics. The rejection data from the 10,000 MW cut-off membrane

number five was used as the basis for this study. The results can be
found in figure 6.17 and 6.18. It can be seen that the cascade removed

the low molecular weight material far more successfully than the batch

] , ' . .
system, furthermore the retention of the 'saleable' band was maintained

by recycling the permeate containing the lost material. The cascade
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became more effective as the number of diavolumes increased. Also the
number of stages within the cascade can be seen to be an important

factor. When less than one diavolume was used increasing the number of

stages had only a marginal effect, but as the number of diavolumes

increased the number of stages within the cascade became more important
for the recapture of lost material. These results also show that as the
number of stages increased the effect of adding further stages became
more limited. This suggests that there must be an optimum number of
stages for any separation. This would depend on the required product
specification, ie. the degree of removal required which in turn would
dictate the number of diavolumes used and hence the number of stages
required to obtain the satisfactory recapture of lost material.
Furthermore the economic aspects would also have to be considered, in
particular the capital cost and operating costs of the equipment.

To test the accuracy of the model the model predictions were
compared to the experimental results. See table 6.1. The main aspects
considered were how successfully the model could predict the product
specification as the number of diavolumes changed and when the membrane
order was changed (the effect of varying the rejection characteristics
of the membranes in the cascade).

The models ability to predict how the number of diavolumes used
effected the product specification was tested by comparing it to
experiments 2.1 to 2.4. The model correctly predicted the overall
efficiency of removal and retention and also changes in the molecular
weight distribution within the product. See figure 6.19 to 6.21.
Although the agreement between the model and the experiment data was

good it was noticed that the model was beginning to under predict the

efficiency of retention after 1.5 diavolumes.
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Although the under prediction was only 4,57 at 2 diavolumes it was

unclear if the model predictions would continue to diverge. Ideally

further experimental data would have been obtained, but the cascade

could only operate up to two diavolumes.

The models ability to predict the changes caused by varying
membrane performance was also acceptable, however the results showed a
higher degree of scatter especially when 'tight' membranes such as the
10,000 MW cut-off membrane number four had been used. In most cases the
model over predicted the efficiency of removal. This suggested that
within the experimental cascade a further factor was involved which was
not accounted for by the model.

The model predicted the same agreed trends as found in the
experimental cascade, see tables 6.1 and 6.2. The model correctly

showed that stage one was the controlling stage in the cascade because

the membrane placed in that stage had the greatest effect on the cascade
product. This is shown in predictions number 5, 6 and 9, ie. where a
"tight' membrane had been placed in stage one. The model also correctly

predicted that the middle stages had some effect on the overall

fractionation of the cascade but their main purpose was to aid the

recapture of lost material. The fourth stage was shown by the model to

cause the greatest degree of fractionation, see table 6.3. This was

also found in the experimental cascade and occurred since fresh

diafiltrate was used in this stage.

Tables 6.4 and 6.5 clearly show the effect of placing one or more

'tioht' membranes within the cascade.

o

The predictions clearly show that these membranes cause

accumulation of material within the stage they occupy.




In the extreme case §0 much accumulation can result in the

stage efficiency of removal actually becoming negative. These results
are consistent with the results found in the experimental cascade.
The model predictions for the unsteady state experiment number 3.1

are shown graphically in figure 6.22. Close agreement between the model

and the experimental results was achieved for the individual stage
efficiency of removal across the cascade. The model correctly showed
that low molecular weight material accumulated within stage two. The
model prediction of the efficiency of retention across the cascade was
noticably different from experimental cascade. The reason for this
difference was unclear, but was probably due to the simplicity of the
model and because the rejection was assumed to be constant.

The model was also used to determine how many cycles were required
before the cascade would reach equilibrium, see table 6.6. The results
were surprising, the cascade had been shown experimentally to reach
equilibrium between 17 and 20 cycles by Poland [6] and myself, while the
model predicted that the cascade product specification would require 30
cycles before equilibrium was achieved. However between cycle 22 and 30
the changes were very small. This difference between the model
prediction and the experimental can be attributed to the unavoidable
experimental scatter found in the real cascade, masking the very small
changes predicted by the model. However it must be noted that the

experimental cascade was operated for more than 30 cycles before samples

were taken and so would be at equilibrium.
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Table 6.3 Model Prediction for a ideal Cascade with
Membrane order 10(5), 10(5), 10(5), 10(5)

Stage 7% below Efficiency % between Efficiency
12000MW of removal 12000 - of retention
(%) below 98000MW 12000 -

12000 Mw 98000 MW

1 20.73 20.45 65.37 99,72

2 18.23 32.59 67.35 98.99

3 15.10 47.50 69.55 96.12

4 9.43 72.64 72.19 83.25

Table 6.4 Model Prediction for Membrane Order 5(2), 10(1), 10(5),

5(1) @ 2 Diavolumes

Stage % below Efficiency 7% between Efficiency
12000MW  of removal 12000 - of retention
(%) below 98000MW 12000 -

12000 MW 98000 MW

1 28.20 -48.07 61.64 128.65

2 24,49 -9.42 63.56 112.86

3 17.89 33.55 67.74 99,98

4 14.06 52.45 70.16 94,28

3
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Table 6.5 Model Prediction for Membrane Order 10(1), 5(2), 5(1),
10(5) @ 2 Diavolumes

Stage % below Efficiency ¥ between Efficiency
No 12000MW  of removal 12000 - of retention

(%) below 98000 MW 12000 -

12000 MW 98000 MW

1 17.99 43.61 64.99 80.89
2 18.89 39,08 64.58 82.82
3 20.54 27.55 64 .34 90.22
4 12.46 64.54 68.79 77.81
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Table 6.6 Predicting the Number of Cycles to reach Equilibrium based

on Run 2.4

Cycle 7 in sample Efficiency Z in sample Efficiency
below of removal between of retention
12000 Mw below 12000-98000 MW 12000 -
12000 MW 98000 MW
4 3.80 94.01 62.36 39.08
6 5.64 88.11 69.05 57.83
8 6.94 83.56 70.54 66.41
10 7.88 80.25 70.81 70.48
12 8.58 77.88 70.74 72.56
14 9.08 76.18 70.57 73.55
16 9.45 74,96 70.4 74,12
18 9.72 74,08 70.26 74,42
20 9.92 73.45 70.14 74,60
22 10.06 72.99 70.05 74,70
24 10.17 72.65 69.98 74.76
26 10.25 72.4 69.92 74,79
28 10.31 72.23 69.88 74.81
30 10.35 72.09 69.85 74.82
40 10.45 71.8 69.78 74 .84
50 10.45 71.8 69.78 74.84
349
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6.5.2  MODELLING THE REMOVAL OF DEXTRAN AROVE 98, 000MW

Modelling of the removal of the dextran above 98,000 MW was found

to be far more difficult to model than the removal of material below
12,000 MW. The problems were not specifically with the model itself but
with the computer program in which the model was incorporated. The main
problem was that the Romicon 50,000 MW cut-off membranes could not be
assumed to completely reject dextran below 500,000 MW compared to 98,000
MW for the other membranes. This made it necessary to make two
important changes to the program:-

1) The arrays containing the rejection data and molecular weight
distribution were changed to cover the wider molecular weight range

being considered.

2) The incremental step size used for each calculation was increased

from 200 MW in the previous case to 1,000 MW to make the volume of data
manageable.

These changes could not be incorporated into the original program

so a second version of the program was written so that both

fractionations could be considered.

The model predictions for the removal of the high molecular weight

material can be found in table 6.7. The =zodel gave good agreement for

the removal of material below 12,000 MW for all experiments. However
for the 12,000 MW to 98,000 MW band and above 98,000 MW the model

consistently over predicted the removal of material. On average this

over prediction was about 127%.

If the trends are considered it can be seen that the model

correctly predicts the effect of changing membrane order, for example

for the four stage cascade predictions 7 aad 8. Furthermore the model

shows clearly how increasing the number of stages within the cascade

improves the removal of the low molecular weight material, for example
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the model predicts an increased efficiency of removal below 12,000 MW

from 947 to 99.57 by increasing the number of stages from two to four

while the experimental results show an increase from 92.5% to 98%

6.6 DISCUSSION

The modelling of the removal of the material below 12,000 MW
can be considered satisfactory. The model correctly predicted the
effect of changing the number of diavolumes used and also changing the
membrane order within the cascade. The agreement was more satisfactory
when membranes with similar rejection characteristics were used. Where
tight membranes were introduced into the cascade they tended to cause
accumulation of material. In the experimental cascade this effect
would probably cause the rejection of the membrane to be modified by the

presence of the low molecular material, and hence the model predictions

for these runs were less accurate since a constant rejection was
assumed. Generally however the assumption of a constant rejection was

reasonable.

This model can be considered to be more flexible and is certainly
more applicable to the real system than that produced by Poland. Poland

was unable to consider in detail the complex relationship between

product specification, number of diavolumes used and the number of

stages required. Poland for example only considered a cascade system

operating at two diavolumes with a varying number of stages. He found
that after six stages no further change in product specification

occurred This would appear to be unreasonable and this new model is

probably more realistic in that it predicts that increasing the number

of cascade stages does effect the product specification, but the effect

of adding each additional stage becomes less and less significant. This

effect continues well past six stages and is more noticable if more
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noticable if more than two diavolumes are used

Modelling of the removal of the high molecular weight material was

expected to be more difficult since the majority of the dextran was

being transported along the cascade in the permeate streams and not the

retentate stream. Although the model predicted the correct trend, ie.

the effect of changing the membrane order and the number of stages used,
in all cases it over predicted losses of the material above 12,000 MW.
Interestingly there was good agreement between the model and the
experimental data for the removal of material below 12,000 MW this
suggested that the inaccuracy was not due to the model itself but the
assumption of a constant rejection.

As mentioned in section 5.5.4 the first stage of the cascade would
be saturated by material lost from the other stages, this material would
include the majority of the material below 12,000 MW which was shown
experimentally to effect the rejection of the other material and so the
rejection characteristics of the membranes within the cascade would
probably not be constant. Therefore it is clear that this more complex
system cannot be accurately predicted by this model in its present form.
To predict this particular fractionation more accurately it is clear
that it will be necessary to experimentally determine how the rejection
of these membranes was altered by the widely varying concentrations and
molecular weight distributions found along the cascade. This data could
then be expressed as a correction factor in the model. Clearly this is

a very intensive project beyond the scope of this particular study.
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7.0 A DEXTRANSUCRASE BIOREACTOR - A FEASTBILITY STUDY

7.1  INTRODUCTION

Presently dextran production consists of three stages. Firstly the
crude dextran is produced in a batch reactor using the enzyme
dextransucrase. It is then hydrolysed to reduce the molecular weight
of the dextran and finally fractionated to give a clinical product.

The aim of this work was to develop an ultrafiltration bioreactor
system which combined biosynthesis (the production of native dextran
from sucrose using the enzyme dextansucrase) and dextran separation in a
single unit. Ideally the product from the reactor would be close to the
clinical specification and so little further fractionation would be
required. Industrially this approach would represent a substantial cost
saving because the number of process stages would be reduced.

The immobilized dextransucrase bioreactor system varies from the
most other commonly found immobilized enzyme systems in that the product
of the reaction is of a larger molecular weight than the substrate
(sucrose). In all other examples found the products of the reaction
were either of a lower molecular weight than the substrate or involved
only a molecular rearrangement.

Edwards [79] showed that the dextransucrase enzyme could be
immobilized on an ultrafiltration membrane using glutaldahyde, however
as with all other workers looking at the chemical immobilization of
dextransucrase enzyme he found that the retained activity was very low.
This problem was caused by the instability of the dextransucrase enzyme,
even when kept under ideal conditions.

Since the stability of the dextransucrase enzyme cannot be

significantly inproved, the use of chemical immobilization techniques

cannot be considered satisfactory. This is because the membranes could
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not be reused once the enzyme had denatured. After reviewing the

literature for alternative techniques and testing those which were

considered to be practical, the final choice was a design proposed by

Michaels [68]. The reactor system proposed by Michaels consists of a
membrane sandwich, the enzyme being retained between the two membranes.
The reactor could be operated in a diffusion mode or a convective
transport mode by applying a positive pressure across the cell. This

design of cell was chosen for two reasons:

1) The factors effecting enzyme immobilization and dextran production

could be easily observed

2) Scale up to a hollow fibre system would be simple because the

principles of operation would be identical.

7.2  ANALYTICAL EQUIPMENT AND TECHNIQUE

7.2.1  INTRODUCTION

A high pressure liquid chromatography (HPLC) system was used to
calculate the concentrations of fructose, sucrose and dextran in the
bioreactor feed and product streams. HPLC was chosen in preference to
the polarimeter since complex mixtures of the three components were
involved. Unfortunately the polarimeter was unable to differenciate
between each component and so could only be used to give a bulk

concentration.

The molecular weight distribution of the dextran was determined

using gel permeation chromatography.
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7.2.2  DETERMINING CONCENTRATIONS USING ANALYTICAL HPLC

7.2.2.1  EQUIPMENT DESCRIPTION

A resin based high performance liquid chromatography (HPLC) system
was employed to analyse the feed and products from the enzyme
bioreactor. See figure 7.1. The system consisted of the following:-—

An eluent reservoir was heated to 80°C using an isomantal to degas
the eluent. To prevent the system boiling dry a thermal cut—out was
used, (supplied by Laboratory Thermal Equipment, Greenfield, London).
The eluent used was distilled water (pH 6.5) with 0.02 gl"l of calcium
acetate to maintain the calcium form of the packing.

The eluent was pumped using a low pulsation positive displacement
pump (model 1330 Biorad Laboratories, Watford, UK), at a flow rate of
0.5 cm3/min. An Anachem (Luton, Bedfordshire) debubbler was used to
remove any bubbles which had found their way inside the eluent delivery
pipe.

The samples were injected using a Talbot autosampler (Talbot model
ASI-3, Cheshire, UK). All the samples were prefiltered using a 0.45 pm
disposable filter (supplied by Millipore Ltd, UK).

The column used was an Aminex HPX-87C column supplied by Biorad.

The column was 30 cm long by 0.78 cm ID. The column operated at
approximately 8300 KN/mZ. The column was protected by a guard column.

The guard column used Hibar Lichrocart 4-4 cartridges (supplied by BDA

Chemical Ltd Atherstone, Warwickshire). The guard column was found to

be essential when analysing enzyme samples since it was impossible to

remove all the cell debris during the purification stage.

The column was heated to 85°C using a column heater (HPLC

Technology Ltd, Model TC831).
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The concentrations of the products leaving the column were measured

using a differential refractometer, (Biorad, Model 1750)

The electrical signal from the refractometer was passed to an

intergrator (Model SP207 Spectra Physics Ltd, UK) which used it to

calculate the area of the peak,

7.2.,2.2  EXPERIMENTAL TECHNIQUE

Since the HPLC system was used to analyse samples containing enzyme
a very strict operating procedure was required.

The column was placed in the column heater and allowed to reach the
operating temperature of 85°C before the full flow rate of 0.5 cm3/min
was used. The column was then allowed to reach equilibrium.

The refractometer and intergrator parameters were then checked
according to their operating manuals (116,117).

The eluent used was a 0.02 g/l calcium acetate solution. This was

used to replace any calcium ions lost from the packing.

The samples containing the enzyme were first heated above 80°C for

15 minutes to denature the enzyme. The samples were then pre-filtered
using a 5um filter followed by a 0.45 um disposable filter.

Whenever samples were analysed, fructose, glucose and dexran
standards were also included. The standards were accurately weighed to
give a concentration of 17 AN

After all the analysis has been completed the system was allowed to

run for an extra half an hour before shut down to remove any residue

from the system.

After 50 samples the columns were reversed and backflushed at 0.2

Cm3/min for six hours.
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If the column performance decreases or the pressure increases by
more than 10% the columns were cleaned with a 30% acetonitrile solution

3
at 0.1 co”/min and then regenerated using 0.1 M calcium acetate

7.2.3  DETERMINING THE ENZYME ACTIVITY

The enzyme activity was determined using Hostettlers method [91].
This method works by measuring the fructose released from the reactiomn.
1.0 cm3 of enzyme solution was added to 4.Ocm3 of 6.25%Z W/V sucrose
solution in 0.1 M sodium acetate buffer at pH 5.2 and incubated for up
to 20 minutes at 25°C. Samples of O.Scm3 were taken at 0, 5, 10 and 20

3

minutes, each sample was added to 1.0 cm” of sumner reagent (10g of 3,5

dinitrosalicylic acid and 300g of potassium-sodium tartrate dissolved in
1 litre of 0.4 M NaOH) and then heated in boiling water for 3 minutes

3 of distilled water was added. The

and cooled. To this 11 cm
absorbency of these samples was measured against a blank at a wavelength

of 530 nm. The blank contained 0.5 cm3 of 6.25% W/V sucrose in a 0.1 M
3

sodium acetate solution, 1.0 cm” sumner reagent and 11 cm3 of distilled

water. The spectrophotometer used to measure the absorbency was a Pye

Unicam SP1800 ultraviolet spectrophotometer.

Defining one dextransucrase unit as the amount of enzyme which will

convert 1 mg of sucrose to dextran in 1 hour at 25°C and pH5.2; the

enzyme activity of a solution can be obtained using the following

formula:

Enzyme gctivity (0D, - ODO) x 2 xdx 60

(DSU/cm”) =

ODS x 0.52 x 0.2 x t R |
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where 0D, 0D, and ODg are the optical densities of the samples

incubated at time t, ije. 5, 10, 15 and 20 minutes, at zero time and a

standard 27 W/V fructose solution. d is the dilution factor and t the

incubation time in minutes.

7.3 ENZYME PURIFICATION

The crude dextransucrase present in the fermentation broth must be
purified to remove impurities such as dead cells, dextran, fructose,
leucrose, mannitol, proteins and small quantities of levansucrase and
invertase before it can be used. These impurities much be removed since
the cell debris will foul the membranes and the mannitol and fructose
present would prevent accurate quantification of the fructose formed.

The purification of the dextransucrase enzyme has been investigated
extensively at the University of Aston by Zafar [113] and Ganetsos
[114].

The purification procedure was split into two stages, the first

stage involved the removal of the cells and the second stage the removal

of the other impurities. The cell removal was achieved by using an
ultracentifuge, model 1A LAB T1 (supplied by Pennwalt Sharples, Surrey,
England). When using a centifuge force of 20000G a single pass through

the centifuge would remove between 80-90% of the cells with only a 10%

loss of enzyme activity. Higher centifugal forces were also used but

these resulted in an appreciable loss of enzyme activity. This loss of

enzyme activity was probably the result of the higher shear forces

denaturing the enzyme.

The low molecular weight impurities were removed using

diafiltration The system used consisted of a peristaltic pump

(supplied by Watson Marlow, Falmouth, England, model 701S/R) operating

at four litres per minute. The ultrafiltration unit was a thin channel
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Pellicon cassette module (supplied by Millipore

Hartford, . Cheshire,

England). A 30,000 MW cut—off membrane with an area of 0.05 m? was used

at a transmembrane pressure of 172 KPa., The enzyme solution was kept in

a fridge at 6°C during the whole procedure to maintain the enzyme
activity.

Generally it was found that between four and six diavolumes were
required to give a satisfactory removal of the low molecular weight
impurities. Typically the ultrafiltration system gave an efficiency of
50%. The losses could be attributed to two factors, the shear forces
present in the ultrafiltration system and adsorption onto the membrane :
surface,

The final activity of the enzyme varied depending on the original
activity of the feed, however typically the purified enzyme had an
activity of 60 to 150 DSU/cm3. The purified enzyme was then stored

frozen to maintain the activity of the enzyme.

7.4  SELECTION OF MEMBRANES FOR THE BIOREACTOR SYSTEM

The selection of membranes for the bioreactor was particularly

critical for two reasons.

(1) The membranes must retain the enzyme within the bioreactor.

(2) The membranes must control the molecular weight distribution

of the dextran product leaving in the permeate.

A range of membranes were obtained from Amicon, Millipore, New

Brunswick and DDS and examined to determine the optimum molecular weight

cut-off for use in the bioreactor. The Amicon membranes (Stonehouse,

Gloucestershire, England) and DDS membrane (Nakstiou, Denmark, code

GBYOPP) were tested in a Amicon 402 stirred cell ultrafiltration system.

The Millipore membrane (Harrow, Middlesex, England) was tested in a
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thin channel Pellicon unit and the New Brunswick Scientific membranes
(Watford, England) in the Megaflow thin channel unit, model TM-100.

Both the New Brunswick and Millipore thin channel systems were operated

at a recirculation rate of 1 litre/minute. The test solution was a 27

W/W dextran solution (code HZIS) protected using a 0.02% sodium azide.
A transmembrane pressure of 70 KPa was used when testing all membranes.

The performance of each membrane was quantified by examining the
dextran molecular weight distribution found in the permeate.

Since the main objective of the project was to produce a dextran
product as close to the clinical specification as possible, a
specification of 857 between 12,000 MW and 98,000 MW was set, this was
identical to that used in the earlier fractionation work. The factors
used to determine the membranes ability to achieve this specification
were:

1) The maximum molecular weight detected in permeate.
2) The percentage of the molecular weight distribution within the 12000
MW to 98000 MW band.

3) The percentage of the molecular weight distribution above 98,000 MW.

The amount of dextran above 98,000 MW present in the permeate (the
final product) was an important factor since this material is known to
interfere with the blood clotting process. It was reasonable to assume

that whatever design of bioreactor was chosen some high molecular weight

material would be produced, this would not be a problem if this material

could be retained in the bioreactor by the membrane. Infact this would

be advantageous since the presence of this material has been shown to

improve the stability of the dextransucrase enzyme [115]. Once the

amount of high molecular weight material within the reactor became

excessive or when the enzyme was replaced this material could be

e the correct specification, so reducing

separated and hydrolysed to giv

losses from the system.
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The results obtained for al] the membranes can be found in table

7.1. The results show that the performance of the Amicon membranes were

generally superior to the other makes. The DDS and New Brunswick

membranes were the most disappointing, both makes allowed the passage of

molecules far larger than the comparable Amicon YM membranes did.

In all cases the membrane allowed the passage of molecules far
larger than their quoted molecular weight cut-off would suggest. The
relationship between the maximum molecular weight found in the permeate
and the quoted nominal molecular weight cut-off of the Amicon membranes
tested can be found in figure 7.2.

A significant difference in performance was found between the
Amicon YM and PM membranes. The PM series of membranes were designed to
give high fluxes, however this was found to be at the expense of
rejection. The elution profiles obtained for the YM and PM membranes
show clearly the differences between the two types of membranes. See
figure 7.3 to 7.5. The PM membranes can be seen to produce a higher and
broader peak than the YM membranes. The greater height reflects the

higher concentrations and the wider peak the wider molecular weight

range present,

In terms of rejection of dextran only, it was clear that either
the YM30 or XM50 membranes were suitable for use in the bioreactor.
Both give elution profiles which peaked within the 12,000 to 98,000 Mw
band and both exhibit satisfactory retention of material above 98,000MW.

To examine how well the membranes retained the dextransucrase

enzyme the following test procedure was used. The membranes were sealed

in the Amicon 402 stirred cell and the cell filled with an enzyme

3
solution with an activity of approximately 200 DSU/cm”. The cell was

then pressurized to 70 KPa and permeate samples collected. These

ivity. In both cases no
samples were then tested for any enzyme activity

enzyme activity was found.

365



eL0tLY
£29.8¢
06.69¢
L98L91

£00S9

GZGOT

GE'YL
8L ¢EE
95 °€6
S6°L8
LL"E9
L%°S6
UOTINQTIISTP

UOTINGTIISTP

Ly c %9°19 68°G¢E
%.6°0 988° LS 91" 1%
AR 16°¢S LE"9Y
€GT°0 L2O" TS ¢8°8Y
- 90° L2 6°CL
- - 001

Jy8TomM IBTNDOITOW SUTWIIISP 03 IBINTTP 00],

1y3ToM JIBTNDSTOW SUTWIIISP 01 IINTFP 00],

Othd
OThd
OSKWX
OtWA
OTWX
GWA
CHX
GODX uooTwy

UOTINQTIISTP Paa]

ajeowrad ut
3y3tem aeTnOSTOW
97qe10939p WNWIXEY

JJO-INd M TeBUTWOU
suBIqULW MOT3]
ardwes ut ¥

9.°8 89°L9 96°¢eT

MW 00086 MW 00086 - MW 000¢T
aAoqe 00021 u@9miaq moTaq
a1dwes ut ordwes ut y ordwes ur ¥

LONA0¥d ALVAWIAd

SUBIqUWIY

JI030B3J0Tg 29Ul UT @SN 10J poalsa], Souelqua)y JO 95uBy oyl

WO1J S30NpolJ 93ealllag oYy UT punoj uUoT3INqTIIST(Q IY3ToM JBINI3[OW 9yl 1°/ =I9qel

366




0TOEL6 B1'G6 66" Y L9°9L [A %214 J30-3I02 MW 000°00T

I7%09¢ 00°.8 c0'¢ 16°89 L%°8C 330-In2 MW 000°‘0S

698791 I1°1e 82¢°0 6%°6S 81°0% 330-31n2 MW 000°0T

NDTMSUNIG MAYN

Teeonvl 19°68 ¢ov°o 8E1°9G SVARN/ 330-3In2 MW 000°‘0€

a1odeinq 210dITTIW

9GEE6 LT°ST - 6L°9¢€ 12°€9 | 330o-3Ind MW 000Z Sad

9jeawrad ur Jyo-1nd M) TEUTWOU MW 00086 MW 00086 - MW 00021 SUBIqUSK
3ySTom IeTnOaTowW aueIqULAW MOT3q aAoqe 000Z1 u2aM33q MOTaq

91qe3109319p WNWIXE}

ordwes ur y ordwes ur ¥

LONJ0¥d ALVIWIAd

ordwes ut ¥

ardwes ut ¢

(psnutiuo)) 1°L 9TqBL

367




931BAWI9J UT punog ueilxa( JO IYSToM IBINODTOKN WNWIXBR Z°/ 2In31jg

(0001%) JJO D WG9 JBINOSOIN