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Summary

The literature relating to the exiraction of the aromatics, benzene, toluene
and xylene (BTX) using different commercial solvents, and to mixer-sefiler
design and performance, has becn reviewed.

Liquid-liquid equilibria of the ternary systems: hexane-benzene-sulfolane,
n-heptane-toluenc-sulfolane, and octane-xylene-sulfolane were determined
cxperimentally at temperatures of 30°C, 35°C, and 400C. The work was then
extended to a multicomponent system. The data were correlated by using Hand's
method and were found to be in a good agreement with theorctical predictions
using the UNIFAC method.

A study was made of the performance of a 10-stage laboratory mixer-settler
cascade for ihe extraction of BTX from a synthetic reformate utilizing sulfolane

as a solvent.  Murphree stage efficiency decreased with stage number but 99%
extraciion was achievable within 4 stages. The effects of temperature, phase
ratio, and agitator speed were investigaled.  The efficiency increased with

agitator speed but >1050 rpm resulted in sccondary haze formation. An optimum
temperature of 30°9C was selected from the phase equilibria; the optimum
solvent: feed ratio was 3:1 for 4 stages. The experimental overall mass transfer
coefficients were compared with those predicted from single drop correlations
and were in all cases greater, by a factor of 1.5 to 3, due to the surface renewal
associated with drop break-up and coalescence  promoted by agitation.

A similar investigation was performed using real reformate {rom the
Kuwait Oil Company. The phasc ratios were in the range 0.5 to 1 to 3.25 1o 1, the

agitator speed 1050 rpm, and the operating femperature 30°C. A maximum

recovery of 99% aromatics was achicved in 4 stages at a phase ratio of 3.25 to 1.
A backflow model was extended to simulate conditions in the mixer-settler

cascade with this muliicomponent system.  Overall mass transfer coefficients
were estimated by obtaining the best fit between experimental and predicted
concentration profiles.  They were up to 10% greater than those with the

synthetic feed bul close agrecment was not possible because the distribution
cocflicient and phase ratio varied with stage number.

Sulfolane was demonsirated to be an excellent solvent for BTX recovery and
a mixer-settler cascade was concluded to be a tlechnically viable aliernative 1o
agitated columns for this process.

Kev_Waords
BTX, Liquid-Liquid Exiraciion, Mixer-Seiiler Cascade, Sulfolane.
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CHAPTER 1

INTRODUCTION
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The aromatic hydrocarbons; benzene, toluene and
xylene (BTX), are amongst the most important raw
materials in the petrochemical industry. The greatest
demand is for benzene, of which 40% is processed to
styrene, 20% to caprolactam and to phenol, and the
remainder to maleic anhydride, aniline and a number of
other chemical compounds. The consumption of xylene,
which is almost exclusively processed to o-phthalic
acid and tetraphthalic acid, takes second place. The
considerably lower demand for toluene is reflected by
its distinctly lower price. Toluene is used for many
syntheses in the pharmaceutical and dyestuff industries
but the majority is converted to benzene by de-
alkylaion.

The development of 1iquid—liquid extraction for
separation of aromatics, as a class, from other
hydrocarbon types permitted the simultaneous extraction
of BTX aromatics, substantially free of non-aromatic
impurities, from broad-boiling range, reformed naph-
thas. The first efficient method was the Udex process,
using a glycol-based solvent. This was introduced in
1952 and was superior because, for the first time, a
wide-boiling feed-stock could be treated directly to
yield BTX products of high purity without expensive
pre-fractionation.

The Udex process used agueous solutions of
diethylene glycol (DEG) or triethylene glycol (TEG). In

1968, Union Carbide selected tetraethylene glycol as

17



the best glycol for this process. The high selectivity
and high capacity of this solvent were demonstrated by
the low solvent to feed ratio, and low reflux to feed
required and by the high recoveries of all aromatics,
high purity of aromatics, and low operating costs
achieved. Several other aromatic extraction solvents

are also available to the industry, e.g

., the Arosolvan
process used N-methyl pyrrolidone (NMP) which has a low
solidification point of -249C. NMP has a sufficiently
high density to facilitate gravity separation, it has a
low viscosity, and very high capacity but a low selec-
tivity.

In 1959, Shell patented a new BTX aromatic extrac-
tion process based on ‘Sulfolane’ solvent, (tetra
hydro-thiophene 1, 1-dioxide). The success of the Sul-
folane process is demonstrated by the fact that since
1965 more than 65 units, representing over 430,000
barrels/day of aromatic product design capacity, have
been licensed. The polar solvent Sulfolane has a very
high degree of selectivity. Moreover, its high boiling
point permits application on feed-stocks with boiling
ranges up to 250°cC.

Different designs of extraction column are com=-
monly used in the various extraction processes for the
separation of BTX mixtures, e.g., Rotating Disc Contac-
tor. There have been no reports of the use of mixer-
cettlers. However mixer-settlers have the advantage

that the stage efficiency 1is generally high, so that

18




the number of stages can be reliably determined in ad-
vance, and they can be designed for any number of
stages independently of the extractor size. It is also
possible to reduce the number of stages in use if re-
quired. Therefore the hydrodynamics, mass transfer
characteristics, and efficiency of a laboratory-scale,
mixer-settler cascade have been investigated for BTX
extraction using Sulfolane. As a prerequisite to this,
phase equilibria were determined for four
systems,namely hexane-benzene-sulfolane,heptane-
toluene-sulfolane , octane-xylene-sulfolane and ,
nonaromatics-aromatics-sulfolane . Experimentation was
subsequently performed with a synthetic BTX feed and
then with an actual reformate feed obtained from the
Kuwait 0il Company. In addition to considering the
practical significance of the hydrodynamics and mass
transfer data, comparisons were made between experimen-
tal overall mass transfer coefficients and those pre-
dicted from single drop correlations and from a back-
flow mathematical model.

It is hoped that the results of this study will
assist in the more-efficient utilization of Sulfolane

for BTX recovery and increase understanding of mixer-

setter characteristics.

19



CHAPTER 2

AROMATICS (BTX) —-ALIPHATICS SEPARATION



2.1 Introduction

Benzene, toluene and the xylenes are put to a wide
variety of uses and eventually enter the modern
household in hundreds of different forms. Figure 2.1
illustrates the transformation of BTX to fabrics,
resins, moulded products,etc. The processes by which
BTX may be rgcovered are reviewed below.

2.2 Raw Material Sources for Aromatics:

Upstream Treatment

Crude oil is designated by reference to the loca-
tion of its sources. Some crude oil properties are
listed in Table 2.1. A crude oil is a complex mixture
of chemical compounds and may contain all the possible
saturated hydrocarbons together with their, even-more-
numerous, nitrogen and sulfur derivatives.

Natural crude oil is distilled into different
fractions in atmospheric or vacuum distillation
columns. BTX precursors are generally in the 50°C -
175°c boiling range and represent <20% of the total
crude (straight-run naphtha). The highest boiling stocks
may be used as feeds to other refining processes,e.g.
, fluid catalytic cracking,thermal cracking hydrocrack-
ing which break the heavy stocks down into lighter
fractions, thus rendering them usable as BTX sources.

In the cracking process, n-paraffins form
isoparaffins (naphthenes) which contain fewer ethyl side
chains than those in straight-run naphthas. Thus, the
BTX precursors, whether from straight-run or cracked
are concentrated in materials with a 50°C -

stocks,

175°C boiling range.

21
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Anot R : . .
nother classification of crude oils is based upon

the PCA (paraffin, cycloparaffins and aromatics) con-

tent of the straight-run portion (see Table 2.1).
Middle Eastern crude oils are higher in paraffins than
most United States crudes. Since the key to BTX
processing is the catalytic reforming step (which as a
simplification may be considered a P—> C—> A
conversion), the PCA content of the straight-run naph-
tha is particularly important because it determines the
degree of processing needed to achieve the required
aromatics content.

The sulfur and nitrogen contents of a given crude
0il affect the preparation of a reformed feed. In
catalytic reforming, the feed is treated with a
platinum catalyst which is adversely affected by
nitrogen, sulfur and oxygen compounds. These elements
are therefore removed by pretreating the reformer feed
over a nickel-molybdenum , Or a cobalt-molybdenum ,
catalyst in the presence of hydrogen. They are hence
converted to ammonia, hydrogen sulfide and water
respectively and are readily removed by distillation.

The octane ratings of the various classes of
reformer feeds are in the order aromatics > cycloparaf-
fins > isoparaffins > n. paraffins. Thus it is the ob-
jective of gasoline refiners and BTX producers to in-

crease the proportion of aromatics. An approximate

relationship between the Octane Number and the

aromatics content of a reformate is shown 1in Figure

5_.2. The main reactions which occur in a reformer are

shown in Figure 2.37 most are reversible indicating the
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importance of reaction equilibrium.In the alkyl-
cyclohexane to aromatics equilibrium ACH-—=>Ar,aromatics
are favored by high temperature and 1low
pressure.Reforming conditions promote rapid ACH
dehydrogenation with high conversion to aromatics
(1) The alkylcyclopentane (ACP) to aromatics process 1is

less efficient than ACH dehydrogenation ( ACP —> ACH

—> Ar ) , owing to the slowness of the first step
and ACP ring opening, and it requires an acidic
platinum catalyst . Cyclohexane is converted to ben-

zene at < 100% efficiency, whereas only 50-75% of
methylcyclopentane is converted to benzene.

Reformer feeds of high aromatics and cycloparaf-
fins content produce high octane reformates using only
the cycloparaffins to aromatics reactions. Cyclization
of paraffins is generally more difficult.

comparing the reforming under the same mild condi-
tions of two straight-run fractions with different PCA,
the feed with the high C + A content achieves a much

higher octane rating (and aromatics content) than that

with a low C + A content.

pPyrolysis gasoline is another raw material

source for aromatics. It is a by-product from ethylene

production and occurs in about the same proportion as

50%. Before aromatics recovery the

the ethylene, i.e.,

low boiling fraction, the C, and Cg cut, must be

separated and the pyrolysis gasoline treated by low

temperature hydrogenation to remove diolefins and by

high temperature hydrogenationa to remove sulfur com-

pounds.




Reforming for Specific BTX Compounds

In reforming the majority of benzene is formed
from cyclohexane and methylcyclopentane. In order to
obtain a good yield the severity of treatment must be
raised and, if possible, low pressure should be used.

The use of a broad-range feed is inadvisable be-
cause of higher catalyst coking rates. Toluene is less
valuable as a chemical, but it is an important octane
contributor. Toluene demand may increase if a Mit-
subishi patent (2) related to earlier DuPont work (3)
finds commercial application as an alternative route to
polyester via p-tolualdehyde.

Reforming is very common for xylenes. Examination
of Figure 2.4 reveals a big overlap between the boiling
ranges of Cg, Cy and Cgq hydrocarbons. Thus, even a
sharply cut 90°c-150°C fraction may contain only 40-50%
Cg hydrocarbons. A reformate from such a feed will con-
tain only 30% Cg aromatics.

Recovery of xylenes, which is always accompanied
by ethylbenzene, utilizes the heart-cut. If the refor-
mate was made under severe conditions most of the Cq4
paraffins, which boil in the xylene range, Wwill be
removed. Then, if the heart-cut is sharp, the xylenes
may contain very little non-aromatics and extraction
This is another advantage of high-

is not necessary.

severity reforming, particularly as practiced by the

i i in rocess.
regenerative oOr continuous reformlng p

2.4 BTX Separation Processes

2.4.1 Early processes
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The earliest large-scale,

commercial process for
the separation of BTX fronm aliphatics was straight dis-

tillation (4). However, as demonstrated in Figure 2.5,

it is impossible to obtain high purity benzene by

straight distillation. This Figure shows the boiling
points and compositions of the homogeneous binary
azeotropes that exist between individual aliphatic com-
pounds and benzene. Thus for each binary (aliphatic-
benzene pair) there are three points on the vapour-
liquid equilibrium curve, namely the boiling point of
each of the two pure components and the boiling point
of the azeotrope.

Attempts to improve benzene purity by changing the
pressure will be unsuccessful as illustrated in Figure
2.6. The slopes of the vapour pressure curves of ben-
zene and the aliphatics are parallel;thus the relative
volatilities are almost unaffected and the compositions
of the binary azeotropes will not change significantly.

In the 1940s, extractive distillation was used to
increase aliphatic/benzene relative volatilities (5),
thereby increasing benzene recovery and purity. Phenol
was a preferred solvent for this purpose. However, it
was still necessary to distil the whole benzene

fraction.Furthermore, for these distillation procedures

to be practical, a separate facility was needed to

treat each aromatic - containing fraction : C¢, C; and

Cg-

Extensive commercialization of the BTX processes,

however , awaited a resurgence in demand for additional
/

sromatics. Developments in polystyrene plastics, syn-
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thetic rubber,

nylon fibers and moulding compounds,

urethane ‘
foams;detergents, resin for coatings,

polyester fibers and films, and insecticides were

largely responsible for the continuous expansion in
production of such aromatic-derived materials. A com-
prehensive survey of growth in these various applica-
tions has been published by Strobaugh (6).

A summary of liquid-liquid extraction processes
for BTX recovery is given in Table 2-2.

2.4.2 _The UDEX Process (4)

The UDEX extraction process for the separation of
aromatic hydrocarbons from petroleum fractions was
introduced into commercial operation in the early
1950’s The original solvents used in this process were
water solutions with diethylene glycol (DEG) or
triethylene glycol (TEG) (4).

Ligquid extraction can be used to separate
hydrocarbons by type. Thus, benzene as well as toluene
and Cg aromatics, could be recovered from aliphatics in
one process by selectively extracting the aromatics and
then distilling them from the solvent. Distillation of
the aliphatics is avoided so that operating costs are
lower than in the fractional and extractive distilla-
High-purity aromatics can be obtained,

tion processes.

because the aromatics are purified in both the extrac-

tion step and in the distillation step. The Udex

process was therefore, a significant breakthrough and
7

it has continued to be widely used.
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The flow diagram of the ’Udex’

system is shown in

Flgure 2.7. The distillations are performed in one

column and a small percentage of water is also
vaporized with the reflux and the BTX product. Water is
included in the solvent pPrimarily to reduce the boiling
point at the bottom of the distillation column. The
vapour-side stream containing the BTX product also in-
cludes water and glycol vapours. In the decantation
step most of the glycol enters the water phase; there-
fore a separate distillation column and BTX reflux are
not needed. The raffinate and BTX are washed further
with small proportions of water to remove the traces of
glycol.

With the continuing growth in demand for
petrochemicals and high-octane gasoline, increased ex-
traction capacity has been, and will continue to be,
needed throughout the years. It has been the trend in
industry to employ solvents of increasing solvency( ie,
the amount of hydrocarbon which can be contained in the
solvent phase) to achieve this capacity increase.

The industry initially used diethylene glycol but
improved results were obtained with triethylene glycol.
In this case the solvent contains 5% water, so its
boiling point is about 140°C. This solvent is also very
selective , Benzene distributes in about a 1:2 ratio

between extract and raffinate. Triethylene glycol has

i 1 f diethylene
nearly twice the extraction capacity o y

glycol However, tetraethylene glycol is the best of

the glycols that were studied. The solvent contains

0
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2.4.3 _Arosolvan Process (7)

The solvent used

in the Arosolvan process
N-methyl-pyrrolidone (NMP) , has a high capacity dis-

cussed further in Chapter 3. Ethylene glycol or water

is added to adjust the optimum polarity.

N-methyl-pyrrolidone has proved successful in
terms of thermal stability in commercial plant opera-
tion. The low solidification points of NMP (-24°c),
and of the mixtures of NMP with water or glycol (less
than -40°C), are also favorable characteristics. NMP
lies in the middle of all solvents with regard to den-
sity, i.e., 1040 kg/.m3, It also has almost a proper
value ~ 1.3 c.St as far as viscosity is concerned, and
it is hence easy to separate the two phases. Figure 2.8
shows that NMP has a high capacity and low selec-
tivity.

The operation of the Arosolvan process using NMP-
glycol is illustrated in Figure 2.9. The feed is
charged to the middle of the extractor and the solvent
to the extractor top stage. The raffinate leaves the
top of the extraction column saturated with solvent.

The extract is withdrawn at the base and fed to the ex-

tract recycle column. The column overhead product is

recycled to the extractor bottom stage. This recycle
contains almost all the non-aromatics. The aromatics

and the solvent are separated by vacuum distillation.

The glycol dissolved in the aromatics is removed by
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counter-~current eXtraction with water. A few percent of

solvent returned in the raffinate is washed-out by

counter-current contact with water. The bulk of the

wa i
ter in the solvent- laden wash water is removed in a

distillation column using a reboiler heated with hot
solvent.The remaining water is charged to the extract
recycle column where it is removed overhead azeotropi-
cally together with hydrocarbon vapour; the solvent is
combined with the main solvent stream in the column
bottom. Pure aromatics and raffinate are recovered from
the top of the two water extractors.

Operation of the Arosolvan process by the use of
NMP-water is illustrated in Figure 2.10 (7). It is
similar to that of the NMP-glycol process; the feed
stock is charged to the middle, with the solvent to the
top and the extract recycle to the bottom of the ex-
traction column. The extraction temperature is about
35°¢C ( compared with 60°C for NMP-glycol). The raf-
finate, after water washing, is fed to a distillation
column where a pentane recycle is produced. This
recycle stream flows to the extractor together with the
recycle from the extract recycle column. A water dis-
tillation column is not required in this process since
the water from the solvent stripper top is free of sol-
vent and can be used direct for raffinate washing; thus

a water-wash is not required for the aromatics.

2.4.4 Tetra Process

In the Tetra process [tetraethylene glycol] the

feed is charged to the middle of the extraction column

(1) It flows upward and is contacted by the tetra

7. N
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solvent flowing downward.

The non-aromatics are

removed from the top as the raffinate phase. The
aromatics-rich extract leaves from the base of the ex-
traction column and is sent to the top of the stripper.
An extractive distillation occurs in the upper part of
the stripper. Here light aliphatics are stripped from
benzene. Light overhead distillate, consisting of
hydrocarbon énd water, is condensed and decanted. The
hydrocarbon layer with a composition of approximately
60% aromatics and 40% light aliphatics is recycled back
to the extractor as reflux. The lower part of the
column is operated as a steam distillation unit with
injection of stripping water to remove aromatics from
the solvent. The pure aromatics are withdrawn as a side
product from the stripper. The stripper bottom stream
is lean tetra solvent which is recycled back to the top
of the column. Both the raffinate and aromatics product
streams are sent to a water-wash system, where any dis-
solved tetra is recovered and returned to the extrac-
tion unit.Figure 2.11 illustrates the process.

2.4.5 BTX Extraction with Sulfolane

A simplified flow diagram of the Sulfolane process

is shown in Figure 2.12. For illustrative purposes, it

will be assumed that fresh feed containing Cg=Cg

aromatics, naphthenes and paraffins is to be extracted.
The presence of pentane does not interfere with opera-

tion, but, for simplicity, it is assumed to be absent.
Similarly mono-olefins do not interfere, but are
7

i i i ince they will behave
neglected in the discussion, S1n

similarly to naphthenes.
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2.4.5.1 Extractor

Fresh feeqg enters the extractor ang flows upward,
countercurrent to a stream of lean solvent. As the feed

flows through the extraction column, aromatics are

selectivity dissolved in the solvent, and raffinate is

withdrawn from the top.

2.4.5.2 Extractor Stripper

Rich solvent from the extractor enters the extrac-

tive stripper, in which partial stripping of hydrocar-

bon from the rich solvent takes place. The non-aromatic
components which have volatilities higher than that of
benzene wunder the prevailing conditions, are substan-
tially completely stripped from the solvent and
removed in the overhead stream. This stream is returned
to the extractor as reflux. The bottoms stream consists
of solvent and aromatic components, substantially free

of non-aromatics.

2.4.5.3 Extract Recovery Column

Solvent from the extractive strippér enters the
recovery column, in which the aromatic product is
separated from the solvent stream. Because of the large
difference in boiling point between sulfolane and the
heaviest desired aromatic product, this separation is
readily accomplished. Lean solvent from the column bot-
tom is returned to the extractor.

2.4.5.4 Water Wash Tower

Raffinate from the extractor 1is contacted with

water to remove dissolved sulfolane, and the water-rich

mn to
stream is returned to the extract recovery colu

reclaim its sulfolane content.

45

AT S SRR




complished partly by liquid extraction and partly by
extractive stripping. TIn this respect, the process
employs a flowsheet similar to that used in the earlier
Udex process. The advantages of this mode of operation
are discussed in the following paragraphs.

Figure 2.13 demonstrates that in liquid-liquid
systems, light non-aromatic components are more soluble
in the solvent than are heavy non-aromatics. It follows
therefore that liquid-liquid extraction is more effec-
tive 1in separating aromatics from the heavy con-
taminants than from the light.

In contrast, as shown in from Figure 2.14, light
non-aromatics are more readily stripped from the sol-
vent by extractive stripping than are the heavy non-
aromatics. It follows that extractive stripping is more
effective in separating aromatics from the light con-
taminants than from the heavy non-aromatics.

Liquid-liquid extraction and extractive stripping
thus provide complementary features. Contaminants which
are the most difficult to eliminate in one section are
the easiest to eliminate in the other. The combination,
as employed in the sulfolane process, permits effective
treatment of feed-stocks of much broader boiling range

than would be possible by either technique singly.
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The above revjey has outlined the major processes

available for BTX extraction, The trend over the last

20 years however has been a shift towards the use of

sulfolane. Therefore thig process was considered most

appropriate for study.
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CHAPTER 3

SOLVENT PROPERTIES




3.1 Solvent Properties

In liquid—liquid extraction one important charac-
teristic of any solvent is the relationship established
with the second phase in physical equilibrium.

A solvent must form non-ideal solutions with the
mixture to be separated if two liquid phases are to
form. For any solvent used in aromatic/non-aromatic
separations these deviations are positive, i.e.,
hydrocarbons are repulsed by the solvent, some neces-
sarily more than others if the solvent is to be useful.
The repulsion of one hydrocarbon relative to another is
some measure of the ability of the solvent to dis-

criminate between them and thus to achieve a separa-

tion. The relative repulsion is the selectivity of the

solvent.

The repulsion forces are expressed as activity

coefficients ( vy ) ,

PX = vy 3-1
where § activity coefficient of a component in the
liquid solvent phase.

|4 activity coefficient of the same com-

ponent in the liquid hydrocarbon phase.

X mole fraction in the liquid hydrocar

bon phase.

Yy mole fraction in the liquid solvent phase.

el : 1

For solutions which obey Raoult’s law, i.e., 1ldea

solutions, the actiVity coefficient is unity. Some non-
14



ldeality exists for mixtures of aromatics with non-

aromatics in the hydrocarbon phase but these are so

slight, compared with those which exist in the solvent

phase, that for the purposes of comparing solvents, y:

may be taken as unity for all the hydrocarbons present.

3.1.1__ Selectivity

Group  selectivity, g , for solvents such as
dimethyl sulfoxide (DMSO) , n-formyl morpholine (NFM),
dimethyl formamide (DMF), n-methyl pyrrolidone (NMP),
diethylene glycol (DEG) and Sulfolane (S) depends on
the polarity of the solvent molecule and the order of
affinity for various groups of hydrocarbons is the same
for all solventsTheaffinity decreases ( V increases)
in the order:bicyclic aromatics, monocyclic aromatics,
bicyclic paraffins, monocyclic paraffins (naphthenes),
olefins, and paraffins. Although group selectivity may
be expressed 1in several ways, the selectivity for
aromatics relative to paraffins, - B (A/P), of a sol-
vent for aromatics is conveniently defined as the ratio
of the activity coefficient of a particular non-

aromatic to that of an aromatic whose recovery 1s of

importance. As an illustration, for consideration of

the selectivity of a broad range of solvents, n-heptane

and toluene have conventionally been chosen as repre-

sentative aliphatic and aromatic compounds. Methyl-

cyclopentane and benzene are also used to compare

group selectivity for a more limited number of solvents

of particular commercial interest.



The light-heavy selectivity, = 3 (L/H), is the

relative affinity of 3 solvent for members of an

homologous hydrocarbon series. The selectivity for the

light component relative to the heavy component may be

defined as the ratio of the activity coefficient of the
heavy component to that of the light componentv. The
pair conventionally chosen for numerical illustrations
is hexane/hebtane. Another definition could be the
ratio of the activity coefficients of n-octane and
n-heptane; a suitable measure would be the logarithm of
this ratio (8).

In general a good solvent should have low light-
heavy selectivity in order to allow group separations
with a wide boiliﬁg range feedstock.

In the different physical separation processes
such as distillation, extractive distillation, and ex-
traction, the light-heavy selectivity shows markedly
differing behaviour. Data for the system n-octane/n-
heptane are given in Table 3.1. This demonstrates that
the light-heavy selectivity in extraction as compared
to that in normal distillation has a smaller absolute
value and is reversed in sign. The combination of the
two, extractive distillation, exhibits the overriding

influence of distillation of light-heavy selectivity.

3.1.2 Capacity, "Solvent Power"

The amount of solute which can be taken-up in the

solvent phase is a major factor determining the solvent

circulation rate and hence inventory requlred 1n a

given plant. A quantitative measure for the solvent

lue of the activity

power could be the reciprocal va

-~
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o]
TABLE 3.1 LIGHT-HEAVY SELECTIVITY AT 100 C SOLVENT; SULFOLANE

n-octane heptane log }ﬁ.oct.
bProcess
}ﬁ.he
Distillation Po, vapour pressure, mmHg 430 910 -0.33
Extraction ¥, activity coefficient 51 41 0.1
Extractive distillation (Byf¥). 21900 37300  -0.23
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coefficient of the solute at infinite dilution. The

term "hydrocarbon loading" of a solvent (HCL) is also

used and denotes the fraction of total hydrocarbons ac-
tually present in a solvent/hydrocarbon mixture. This
is not the same as solvent power, which is a somewhat
hypothetical solubility of toluene assuming a pure
toluene phase could exist in equilibrium with a solvent
phase.

The "K value" is the ratio of the concentration of
a component in an equilibrated non-solvent phase to its
concentration in the solvent phase. In summary the

relevant definitions are,

A. Group selectivity B (A/P) = %eptane
)%oluene
B. Light/Heavy selectivity p(L/H) = ]ﬁeptane
gexane

C. Solvent power Sp = 1
Qoluene
D. Hydrocarbon loading HCL = Zxe
. E. K value K = Y/%

3.1.3 Optimum Solvent Properties

High group selectivity is clearly a desirable

property of a solvent in any situation.

Light/heavy selectivity is mnot germane to the

processing of narrow boiling feedstocks. For wide range

stocks, a low value is advantageous for extraction and
7

a high value is desirable for  extractive distil-
lation. For proceéses such as the Udex, sulfolane and
others which utilize a combination of extraction and



extractive distillation, an intermediate value somewhat

greater than unity seens appropriate and 1is, in

fact, displayed by most solvents.

The preferred solvent power, or hydrocarbon load-

ing, is more difficult to state from the outset. With
any given solvent, group selectivity decreases with in-
creasing hydrocarbon loading. Further, when the group
selectivity of a large number of solvents is plotted
against solvent power, the same general sacrifice of
selectivity for solvency is observed.

It is concluded that an intermediate range of sol-

vent power is the most desirable, but all known sol-
vents with very high solvent power have such low group
selectivities that they cannot in practice be used at
very high hydrocarbon loadings.

Figure 3.1 shows the relationship between group
selectivity between toluene and heptane and solvent
power for toluene for a wide range of solvents, includ-
ing those used commercially. To the left lie those
which are not completely miscible with aromatics. At
the lower right would be those which are miscible with
paraffins. It can be seen that glycol type solvents

[2-6] tend to form one band which, if extrapolated to

higher solvent power, would fall below the band formed

by the other solvents [7-17].
The best solvent should lie near the upper limit

of this band and within a suitable range of solvent

power. Several solvents in addition to sulfolane are so

suited However, properties other than the primary

solvency/selectivity are also important. Unless a sol-



GROUP SELECTIVITY

WONOU D W

F

60 r

i
40 + {
30 - i

§
20 ~ I @

: % .9
10-51\ o\ 2 W
: 2\ 4\5 of4 16
€4 4

E Qe
4 L g ’,,—""

CLOSED -
34 _OPEN T UortMs T
SYSTEMS, e NO PHASE

2 - i Prae SEPARATION

§ Pl

e

I 7
i e 6 7

0.0 A 2 3 A 3 : :
SOLVENT POWER

.Water 10.Furfural
-Ethylene Glycol 11.N-Formyl Morpholine
-Diethylene Glycol 12.Dimethyl Sulfolane
-Triethylene Glycol 13.Dimethyl Formamide
.Diglycol Amine 14.Phenol
-Tetraethylene Glycol 15.Methyl Ethyle Ketone
.DimethylSulfoxide 16.Nitro Benzene
.Sulfolane 17.N.Methyl Pyrolydone
.Acitonitrile

1G.3-1 Survey Of Solvents Traverse Through

Practical Temperature Range

L
~J



vent has reasonably good secondary properties, as dis-
cussed below, it cannot form the basis of successful
commercial process.

Figure 3.2 shows the light/heavy selectivity for
similar solvents. Here there appears to be only one
band instead of two. Of those solvents with reasonable
solvent power, sulfolane has one of the 1larger
light/heavy selectivities.

3.1.4 _Secondary Solvent Properties

In addition to the primary selectivity/solvency
properties a satisfactory commercial solvent should
meet minimum standards for a number of other, secondary
properties including

A. Price and availability

B. Toxicity

C. Thermal stability

D. Chemical Inertness

E. Boiling point

F. Specific gravity

G. Specific heat

H. Ease of separation from products.

Whilst it is desirable that a solvent possesses

favorable properties in all of these categories, some

compromises are possible.

Lack of thermal stability or of chemical inertness

disqualifies some solvents with excellent properties,

e.g sulfolene (a similar molecule to sulfolane but
.g.,

with one double bond in the ring) 1is superior to sul-

folane at comparable hydrocarbon loadings, but 1t 1s

not thermally stable.
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Solvents are generally organic chemicals and, con-
sequently, have limited thermal stability. The stan-
dards for stability of practical solvents must be ex-
traordinarily high, since they are circulated con-
tinuously and exposed to heating, cooling and shearing
, and are required to survive for a significant period.
Sulfolane is outstanding in this regard. Under non-
oxidizing conditions, virtually no decomposition is
detectable below 200°C. Most organic molecules contain-
ing those polar groups able to impart a group selec-
tivity as high as sulfolane are not this stable.

Chemical inertness is important, because a solvent
will be exposed to aromatics, paraffins and naphthenes.
Sul folane is most inert compared to the other solvents;
it is also resistant, but not immune, to oxidative at-
tack by dissolved molecular oxygen Or peroxides in the
feedstock.

3.2 Liquid-Liquid Equilibria

3.2.1 Eqguilibrium Data

Binary liquid-liquid equilibria data may be
presented as T-X diagrams giving the mutual

solubilities X as a function of temperature (T). Figure

3.3 represents the most general T-X diagrams. More than

90% of the mixtures are covered by phase diagrams of

(=]

the types shown in Figure 3.3b, and 3.3d.

Ternary liquid-liquid equilibrium data are usually

recorded at constant temperature. The data may be

portrayed on triangular diagrams as shown 1in Figure

3.4. Each apeX represents one of the pure components,

the binoidal curve separates the one-phase region from
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the two-phase region, and a tie line inter-connects

the two liquid phase in equilibrium. As the plait
point ‘P’ is approached, the tie lines become shorter
and shorter; finally at the plait point only one liquid
phase exists. The different types of ternary diagrams
are shown in Figure 3.4. The mnost common ternary
diagram is that corresponding to Figure 3.4a.

The conventional method of measuring the
solubility of a solute in a solvent is to place a known
amount of solvent in an open vessel controlled at a set
temperature and, while agitating, add the solute by
titration until the binary mixture becomes turbid. A
glass Smith Bonner cell is an apparatus used for such
measurements (9). A similar experiment may be carried
out in a closed vessel, from which air has been
evacuated. In this case, the system will contain two
liquid phases and one vapour phase in equilibrium. A
device has been developed in Sweden, the AKUFVE Contac-
tor (10), which greatly increases the rate of genera-
tion of data. This unit comprises a highly efficient
mixing chamber followed by a centrifugal separator. The

separated phases are recirculated to the mixing cham-

ber. Provision is made on the return lines for 1in-

strumental analysis

3.2.2 Multicomponent Equilibrium Data

In practice, the feed to an extractor often con-

tains more than two-components. However it is difficult

al action of each

to take proper account of the individu

and this 1is rarely at-

. C ons
component 1n calculations,

sually possible to divide the multicom-

tempted. It is u



ponent mixture into two groups of like components, one

group being extracted and the other group remaining as

the raffinate. The calculations may then be performed

as if the multicomponent mixture were a binary mixture.

In petroleum refining the multicomponent stream is
split into two groups of components, the aromatics and
the paraffins, the object of the extraction being to
remove aromatics from the oil feed. Several physical
properties can be used to differentiate the mixture
into aromatic/paraffinic groups. The equilibrium data
and the graphical calculations are usually drawn on an
equilateral triangular diagram, Figure 3.5

3.3 The Distribution Coefficient

The Nernst Distribution Law (11) is limited to
cases in which the molecular weight of the solute is
the same in each phase and when the two solvents
remain immiscible even after the addition of the common
solute. Nernst subsequently expanded his distribution
law to include cases of association or dissociation.

One of the first systems investigated was the distribu-

tion of acetic acid between water and benzene. The ex-

pression (C% / C,) was found to be more constant than

(C1 / C3y) in concentrated solutions. Neither ratio was

found to be constant for the low concentrations

studied. The distribution of acetic acid in dif-

ferent solvents was studied by many workers

(12 13,14,15,16,17) and there is a general agreement
4

that it varies with concentration due to assoclation
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and splitting- up of the acig molecules. According to

Farmer (18) the degree of association, or dissociation,

of the acid differs from one solvent to the other.

The distribution coefficient can be determined
from an accurate knowledge of phase-equilibria
relationships. These data can also serve for the deter-
mination of the quantities of solvent required and the
driving forces determining the rates of mass transfer.

If the activities can be correctly expressed as
functions of concentration, the equilibria can be pre-
dicted. However with the present state of knowledge
(19), it 1is not generally possible to do this well
enough to rely upon the predicted data for extractor
design. Nevertheless for the purpose of choosing pos-
sible solvents, and in the absence of adequate data,
it is possible to make useful predictions of the
general trend of the equilibria and to check the

reliability of any available data.
Generally, very good agreement should not be ex-
pected between data predicted from thermodynamics and

experimental data for every system. Joy and Kyle (20)

stated that reasonable predictions of liguid-ligquid

equilibria for type I ternary systems from binary data

alone cannot be expected when the ordinary two-

parameter activity coefficient equations are used.

Kenny (7) also found his calculated results were not

in agreement with experimental data. Some other workers

(21,22,23) reported poor agreement between calculated
’ ’

and experimental results for type I systems but for

type II systems the data may be in good agreement.
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The activity coefficients can be determined by
using an equation derived by integration of the Gibbs-

Duhem equation (24). The recommended equations for

liguid-liquid systems are the NRTL equation (25),
UNIQAC equation (26) and UNIFAC equation (27).

Distribution coefficients for a given system can
be expected to change with temperature because of the
change in the solubility and tie line compositions. For
some systems the effect of temperature on distribution
may be slight (28). Treybal (29) attempted to
regularize the change in distribution coefficient with
temperature by assuming that the change in mutual
solubility of the solvents is negligible.

3.4 Solute and Solvent Recovery

The removal of solvent from the products of an ex-
traction is nearly always necessary, both to enable
recycle of the solvent for reuse, and to provide sol-
vent- free products. In many instances, the solvent
recovery operation is the most costly part of the en-

tire separation schemne. consequently, it must be given

special consideration when choosing between alternative

solvents. The solvent chosen should provide the least

costly overall operation, including both extraction and

recovery, even though the extraction operation alone 1s

not the least costly possible. Frequently the solvent

i important influence on
recovery operation also has an p

purity of the

the extraction because it determines the

recycled solvent.




Distillation is by far the most commonly-used
method of solvent recovery, but less costly schemes can
be devised. Distillation is used for the recovery of
the solvent when the constituents of the solutions are
all volatile; clearly however the relative volatility
of the various constituents of the ultimate products
and the solvent must be suitable.

If the extracted solute is non-volatile, the sol-
vent may be evaporated from the extract without rec-
tification and distilled from the raffinate. For such
cases, the solvent should be relatively low-boiling and
have a small latent heat of vaporization.

If the relative volatility of the solvent and
solute 1is poor, or if troublesome azeotropes form, ex-
tracting the solvent into another solvent which is more

amenable to separation may be possible.

0of the solvent properties discussed above, as

demonstrated in Chapter 8, sulfolane has a very good

from

balance of properties for BTX extraction

aromatics.




CHAPTER 4

MASS TRANSFER FUNDAMENTALS
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4.1 Mass Transfer Into, or out of

. Droplets

Mass transfer of a solute between a dispersed

hase i
p and a continuous phase can, in its simplest

form, be considered similar to transfer between a

swarm of spheres and the surrounding liquid. Thus a
basis for analysis is the theory for mass transfer be-
tween a single sphere and surrounding liquid, since the
rate expression for mass transfer to, or from, an iso-
lated sphere may in some cases, e.g. with low hold-up
and in the absence of interdrop coalescence, be ex-
tended to predict approximately the rate for a sphere
in a multi- sphere system (30).

Mass transfer rate is generally expressed in
terms of an overall mass transfer coefficient K ,

defined by

N =K A AC 4.1

The concentration difference aC represents the total
difference from the beginning to the end of the diffu-

sion path. The" coefficient therefore includes the

characteristics of the laminar and turbulent flow

regions of the £luid and the molecular eddy diffusion.

When a fluid is in turbulent flow past a solid surface,

. . . p
since the fluid velocity 1s 2zero at the surface itself,

there must be a viscous layer or film in the fluid ad-

jacent to the surface The effective film would have
to be very thin so that the quantity of solute within
11 relative to the amount passing through it,

adient would have to be set up

it is sma

or the concentration dgr



quickly (31).

The i
resistance to mass transfer in each

phase 1s represented by the reciprocal of the in-

dividual film coefficient and the resistances are addi-

tive :
1 1 n
_— = b o
Kg kq ke 4.2
or
1 1 1
- + 4.3
Ko kq mk g

Equilibrium at the interface requires equal values of
chemical potential in the liquids at the interface and

consequently no resistance to transfer at the inter-

face.

Mass transfer into, or out of, drops in a solvent

.
°

extraction column occurs during three distinct stages

i) Drop formation at the nozzles or distributor,

ii) Drop movement through the continuous phase

iii) Drop coalescence at the interface.

In practical columns, particularly those involving

rotary agitation or pulsing, Mass transfer during

stages (i) and (iii), which are termed end effects, is

sometimes neglected. The following equations define the

end effects.




C2 - C3

o 4.4 Db
C2 - CO
C3 - c4

Fea 4.4 c
Cy - Co

where E.,,E,, and Ei, are the fractional approach to
equilibrium in the formation, steady fall (or rise),
and coalescence periods respectively .

and

c, = Concentration of dispersed phase (uniformly
mixed) at the nozzle,

c, = Concentration of dispersed phase (uniformly
mixed) at the beginning of transfer in the steady-
fall period,

Cy = Concentration of dispersed phase (uniformly
mixed) in the plane at which a drop strikes the

coalesced dispersed phase interface .

c, = Concentration of dispersed phase (uniformly

mixed) at column outlet

Coy = concentration of dispersed phase (uniformly

mixed) at eguilibrium with respect to transfer of

solute to, or from, dispersed phase.

In practical situations only Cq. and C, are

directly measurable; +herefore the only accurately

or total , ef-

measured efficiency is the overall,

ficiency . Ep given by .
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By simple algebraic manipulation of equations 4.4

a, 4.4b, 4.4c, and 4.5 the following equation results:

E_ - -
r = Eeg Eg,t Egp X Eyp

Fn = 4.6
E, - Ef

Em = 4.7
l - Ef

where E¢ is a combined end effect.

In a mixer-settler stage however drop formation
and travel through the mixer are indistinguishable and,
because of the higher hold-up and intense turbulence, a
coalescence-redispersion mechanism causes drops to

rapidly lose their identity. This mechanism also

produces high mass transfer rates by surface renewal,

together with large values of interfacial area per unit

volume.

4.2 Mass Transfer During Drop Formation

sherwood, et.al. (32, 33) attempted to measure

the amount of solute extracted as a drop formed before

a nozzle in a gravity column. They

detachment from

reported that 40% - 45% of the solute was extracted

before the drop left the nozzle. Robinson (34) reported

action occurred during drop forma-

that only 14-20% extr
rison is not meaningful

tion. However direct compa
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since the amount is likely to be a function of the sys-

tem, solute concentration, direction of solute trans-

fer, drop size and rate of drop formation.Johnson and
Hamielec (35), and Nadi and Viswanathan (36) reported
comprehensive studies on end effects in an extraction
column. They concluded that for a specific system the
use of end-effect efficiencies permits comparison of
the magnitude of the combined end effect ( ie. due to
formation and eventual coalescence ) and of the cor-
relation factor with values predicted by various
mechanisms in the literature.

The conditions under which solute transfer occurs
during the formation of a single drop from a submerged
nozzle in a stationary solvent phase are probably ex-
plained as follows: While the drop is being formed the
interior must be in rapid motion and of relatively
uniform concentration. The surrounding continuous
phase undergoes viscous displacement due to expansion
of the drop. Here, there is no significant film resis-
+he continuous phase surrounding the drop.

tance 1in

Mathematical analysis of this mechanism is given in

reference (34) Heertjes et.al. (38), by assuming

Higbie’s eguation (39) for transient diffusion into the

surface of drop as it is formed, developed the follow-

ing egquation for mass transfer during formation,

20.6
_ o (otfS

* 4.8
c. -C dp

i



while Li ]
icht and Pensing (12) proposed the following ex-

pression:
Co = Cy 2.9
- = (Dt)
*
Co = C ndp, 49

While these two models indicate that the extrac-
tion during drop formation depends on the drop size and
time of formation, Licht and Conway (40) and Marsh and
Heildeger(37) found that the percent solute extracted in
three systems; acetic acid extracted from water by
methyl-isobutyl-ketone,from perchloro-ethylene by
water, and from carbon tetrachloride by water, in a
spray column 30 cm high, and 4.7 cm inside diameter,
was independent of drop size and drop formation time.
However, they concluded that the amount of extraction
occurring during drop formation was so small that the
experimental results did not detect the variation with
drop formation time and drop size. Experiments carried
out with other systems in other apparatus indicated
that 10% of the mass transfer occurred during drop for-
mation (41).

The following conditions generally have been as-

sumed to hold in the derivation of equations relating

to mass transfer during drop formation,

1.The interfacial concentration 1is that at

saturation.
2 Mass is transferred by diffusion perpen-

dicular to the interface.
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3.

The process of diffusion is slow compared

with the process of drop growth

4, Variation in the diffusion coefficient in

the direction of flow may be neglected.

An expression was proposed by Skelland and Minhas

(42) for the mass transfer coefficient :

kdf L,c VI';’— 0.089 d"‘;_ 0.334
—— = (00432 | —— {__m
dp dpg - tf D

This correlation represents the overall mass transfer
occurring during formation, which includesmass transfer
during drop growth, during the detachment of the drop
and the influence of the rest drop remaining on the
nozzle. Around 25% deviation was obtained from the ex-
perimental values. This model did not however consider
the rate of formation as one of the variables affecting
mass transfer, whereas Heertjes et.al. (43) and Coulson
and Skinner (44) observed increased mass transfer at

higher frequencies of drop formation, which would be

expected because of the higher degree of internal tur-

bulence.

The rate of mass transfer to a forming droplet

can be expressed in terms of the Higbie Penetration

Theory (39), allowing for the increase of area during

growth. From the penetration Theory :

M
D
dc i (C—Cb> _ 4.11
]= -Di — ! Tt



The amount transferred during time dt is givén

by

where
Ac 1s the driving force

A is the area of contact defined for a full

grown droplet by:
A = Ap(t/te)?/3 4.13

and the dispersed phase mass transfer coefficient kqf

is correlated by

6 rDg 1%
kﬁfz'“‘[“‘-} 4.14

T -ty

4.3Mass Transfer During Drop Travel

Through The Continuous Phase

There are three different conditions for mass

transfer to, or from, drops in motion, namely those of

i) rigid drops,normally less than 2mm

diameter for which as an approximation

%V df
Re= <10
29

ii) circulating drops, ©I,

1ii) oscillating drops.



Circ i 1 i i
ulation and oscillation i1nduces intense mixing

inside the drop resulting in a high mass transfer rate

to, or from, the drop. Conversely a stagnant drop has

a lower mass transfer rate due to the inhibition of the
internal mixing.

A wide variety of correlations have therefore been
proposed for either k4 or k. depending on the drop
hydrodynamics. These are reviewed below. However it
is relevant to note that correlations may be restricted
to the systems for which they were evaluated and for
the specific direction of mass transfer studied. Also
since different apparatus was used, and different tem-
peratures, the predicted values of k are not strictly
comparable.

Although mass transfer is dependent on the
hydrodynamic state of the drops, the presence of a wake
behind the moving drop may affect the overall transfer
rate (45). Few attempts have been made to quantify this
effect, which may be pronounced in quiescent flow.

Kinard (46) developed an equation to modify the driving

force due to entrainment of a wake behind the drop.

Laddha (47) studied the effect of a wake in spray

columns.

In turbulent flow the wake effect is small

i the continuous phase ,
since, because of renewal of

the wake is not allowed to develop. Thus wake effects

ithi ' d
are of no relevance to mass transfer within an agitate

vessel.



4.4 Mass Transfer in the Dispersed phase

The h i
ydrodynamic state of the drop moving
through the continuous phase is correlated ap-
proximately by the Reynolds number. Hadamard (48)
showed that the liquid inside the droplet would cir-
culat t ’

u e a droplet’s Reynolds number U% v % /M)
greater than 1, and it has been found that oscillations
commence in regimes of flow for which droplet Re>200
(49) . Al Hassan (50) showed that Reynolds number is in-
sufficient to explain the hydrodynamics of the drop;
this 1s not surprising since important physical
properties e.g.o, f,, 4y are not accounted for.

4.4.1 Stagnant Droplets

A small drop may be considered to approximate
to a rigid sphere in behaviour. Newman (51) has put
forward a relation for the prediction of transfer rates

in such drops:;

6 o 1 —nzndetf
E,=1-— L ———-exp[ J

nz n=1 Il2 r2 4.15
from which
< - {
q4 i exp n ”Dd 4.16
11- e

Vermeulen (52) found that Newman’s model could be

closely approximated by the empirical expression
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RDgt_ 05
En = l-exp 2 ! 4.17
)

which for
values of E, less than 0.5 can be expressed

by

Treybal (29) proposed a correlation based on a

linear concentration difference driving force;

-
27T Dd

ky = — 4.19

3dp

4.4.2 Circulating droplets

The liquid inside a drop moving in a viscous
continuous phase tends to circulate due to the shear
stress applied at its interface (53,54) . As a result of
this circulation the transfer rate is increased by a

factor proportional +o the Schmidt number (55) . Kronig

and Brink (56) made an analysis of mass transfer inside

a circulating droplet with laminar circulation. Their

relation can be applied for the case when resistance to

mass transfer in the continuous phase 1s zero.

3 o zlﬁDd‘f
E,=1-— )X Anzexp[-ln———-#}
8 n=1 4.20

i values
Where An,.%] are Eigen

The mass transfer coefficient becomes:
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» 2 .9
kg =— In[6 ¥ A exp(-Ae 1
6 nel & 434

A T i
correction for the calculated mass transfer

coefficient, was proposed by Olander (57), for cases

involving short contact times:

kq= 0972k, + 0.075 ¢/, 4.22
where kd = actual transfer coefficient
kHB= coefficient calculated from Handlos and

Baron’s model, which is:

AU
n

E-1-2 3, (yew -
o Ho
| 12801+ — dp) |
e :f

Heertjes et al (43) present a value for Ah and An
for values of n from one to seven. calderbank et. al.

(58) proposed an empirical approximation to equation

4.20,

Kronig and Brink (56) proposed an equation for

circulating droplets (laminar circulation)

17.9D,

dp

Q1



Handlos and Baron (59), who assumed that the lig-

ulid between streamlines became really mixed after one
circuilt, proposed a correlation for mass transfer coef-

ficient for droplets under turbulent circulation as:

3.75 x 10-3wt

(1 + (ug/iee))

Skelland and Wellek (60) and Johnson and Hamielec
(35) verified this correlation using experimental data.

4.4.3 Oscillating droplets

Garner and Haycock,mentioned in (50), found that
the period of oscillation was dependent on the physical
properties of the liguid-liguid system, particularly
the densities. Johnson and Hamielec (35) reported that
once oscillations were set-up in drops the dif-
fusivities were 52 times greater than the molecular
values. Kinter (61) proposed a model for mass transfer
from vigorously oscillating, single liquid drops moving
in a liquid field based on the concept of interfacial

stretch and internal droplet mixing. The proposed model

gives:

2 nDg tfﬁ 1 3y 1 1+a

E_ - l-exp — | —— [(—)*+ — In( )+ Widt

= vty B0 4w 20 1-0 227
where!:
W - (3vid T W)? 4.28
o =—""
w
and, _

“fz(%)+ap/$nmﬂy 4.29
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a e - 2 7 |
20 (8 Xo)(bo-XOM-2ad§3+bX02 4.30

X = .
| = ll(t)

o)
4._") 2
a JX0+XO

a=%+aJsm05mﬂ

Rose and Kinter (61) developed a mass transfer

coefficient model for the case of oscillating drops:
kg = 0.45 (Dg )0+ 4.32

where the frequency of oscillation is predicted from

Schroeder and Kinter’s equation, later modified by Lamb

(62) .
nob [ @-Dn+2) |
(D::———-——-—- 4.33
‘fjdp k [(n+1)pd+npc] J
where
0225
ae 4.34
b1= —
1.242
and n is the mode of oscillation, when n = 0.1 cor-

responding to rigid body motion. The fundamental mode

corresponds to n = 2.

another model for oscillating droplets was

proposed by E1lis based on the assumption that oscil-

lating droplets could be divided into different regions

of mass transfer.This division of the droplet is not 1in

i1la-
agreement with the physical phenomena of drop oscilla

tion and also the shape of the drop 1s not a sphere

during oscillation (62)-



A su
mmary of the best-known correlations is given

in Table 4-1

4.5 Mass Transfer in the Continuous phase

Griffith (66) has reported data on mass transfer
from stationary liquid drops of isobutanol,
ethylacetate, cyclohexanol, and isobutyl acetate to a
flowing water stream under forced convection condi-
tions. The mass transfer rate coefficients of the con-

tinuous water phase were correlated by the equation:

Sh, = 2+ B (Re)o'5 (sc)0-33 4.35

The value of B varied from 0.63 to 0.7 specifically
dependent upon the droplet-phase liquid

Many investigators have attempted to derive a
theoretical or empirical correlation for the continuous
phase-mass transfer coefficient. Summaries of these in-

vestigations have been presented by Linton (67). The

different mechanisms of mass transfer in the continuous

phase to, or from, a droplet depend on the hydrodynamic

state of the droplets. They are divided into the three

classes stagnant,circulating, and oscillating as al-

ready discussed .

4.5.1 To, and From, stagnant Droplets
(68) used the boundary layer

Garner and Jenson

e an equation for mass transfer to or

theory to propos

from, rigid spheres :

_ . sc
sh, = A + B R& 4
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Table 4.1  Dispersed .

persed phase mass transfer correlations during drop travel
Author and Correlat
Reference on State of  Remarks

Drops
Newman C,-GC, Dy
Stagnant  For small drop size

(51 ) E, = =7 ( )05

Cl e C* 1'2
Calderbank G -G, RDgt Laminar R is the ratio of
etal (58) En, = 3 =T ( )03 Circulation -effective diffusivity to

C,-C 2 molecular diffusivity

=2.25
Kronig and 3 a —A, 16 Dyt Laminar ~ Values of A and A,
Brink (§6) Eg =1-— ¥ A2[———] Cirulation for (n)from 1-7
EBn=1 = presented by (54 )
Handlos and Hy Turbulent Recommended when
Baron (59) Shg = 3.75x 1073 Pey/(1 + (— Circulation resistance to mass
He transfer exists in
continuous phase

Skellandand  Shy = 31.4T 338 Scy 0125 WeO7! Circulating Drops falling in &

Wellek (60))

stationary continuous
phase

Rose and
Kintner (61)

Angsloet al
(63)

K

il

il

0.45 (Dg )%

3

"D (1-€+ —£?)
8

85

po

0.5

Oscillating

Oscillanng

For symmetrical

spheroid droplet,
widely accepted

For integral number of
completed oscillanons




Table 4.1  continued

Author and Correlation

; State of  Remarks

Reference Drops

Brunson et al 2 d2ae i Oscillating  With 26% absolute

(64) Shy = ==~ [-—-—= (1 + 0.687 82)]0.) deviation

© 2D

Yamaguchi Shg = 1.14 Gle')OjG (Scd)Q5 Oscillating  For transfer of low

etal (65 ) solute concentration
from aqueous drop to
0rganic continuous
phase

Al-Hassan (500 kg = 4.3 €299 E 102 (D4w)03 Oscillating
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where A, B, c, d are Cconstants, subsequently determined

experimentally .
Linton et.al. (69) proposed a similar equation for

stagnant droplets in the system; water—-acetone-toluene,

as follows

sh, = 0.0582 (Re)?-> (s5¢)0-33 437

This ignored the wake effect. However, Rowe et.al. (70)
proposed an equation which included a term accounting

for the diffusion process:

. 0.33
sh, = 2+ 0.76 (Re)?:> (sc) 4.38

Kinard (46) proposed another equation to include

the wake effect as follows:

0.3
shg =2+(Sh)n+0.45(Re)0'5(Sc)0'33+0.0484(Re)(Sc) 3

4.5.2 To, and from, Ccirculating Droplets

Heertjes and de Nie (43) recommended the following

correlation for circulating drops, when Re > 10

0.5 .
Sh, = 1.13 (Re) 02 (sc)7 " 4.40

For a baffled vessel with a flat—blade,turbine

impeller Kinard (46)proposed a correlation of single

drop data for the systems: penzoic acid-kerosene-water,

benzoic acid-toluene-water py the egquation
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Sh, = 0.0924 (Re)0:071 (g.)0.5

which implies a surprisingly 1low dependence on

velocity.Tayeban (79) proposed an equation with the

constant as 0.6.

Sh, = 0.6 (Re)0+> (s¢)0-3 4.42

but this correlation is inapplicable to Re>450.
Friedlander (72) has proposed the following equa-

tion for the continuous phase film coefficient in

laminar motion for Pe > 103

sh, = 0.99 (Pe)0-33 4.43

while Gaffney (73) has ‘recommended the following

relationship:

3
Sh, = 2 + 1.13 (pe) 03 (k) 4.44

where K, igs a function of (pd/pc) and Reynolds number

Re.

For fully circulating drops, Equation (4.44)

reduces to the Boussinesqg equation(74)based on poten-

tial flow.Boussinesg’s proposed correlation did not

consider the existence of a wake under practical condi-

tions, although the constant was still 1.13. This cor-
14

relation is claimed to be valid for many systems.



From a consideration of the surface velocity dis-

tributlon and a general expression for short range dif-

fusion from a circulating sphere ; Baird and Hamielec

(75) have suggested the following equation for vis-

cosity ratio Rg/ M, less than 2.

2 40 + 8A,

T 24 +9/u /1,

where 24 is a function of Re and ( BRg / Mg )

4.5.3 To, and From, Oscillating Droplets

Oscillation commences in regimes of flow for which
droplet Reynolds number Re>200. Below this circulation
predominates. Garner et. al. (76) observed that mass
transfer data for ligquid drops and gas bubbles
demonstrated increased transfer in the continuous
phase due to oscillation. Hughmark (77) suggested the

following correlation for oscillating ligquid drops
0.072 =15
o033 . .
dpg

Sh = 2+0.084 |(Re ) (Sc )
c D 0.67 4.46

Garner and Skelland (78) suggested that the

continuous phase coefficients when oblate-prolate os-

cillations are present can pe calculated from the

Higbie equation,

D 0.5

e ' tranSfer-
i { ime of contact for solute
where t 1s the t
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Garner and Tayeban (79) reported a Schmidt number

exponent greater than 0.5 because, for oscillating

drops, there is less dependence on diffusivity. Their

correlation is:

Sh, = 50 + 0.0085 (Re)(Sc)?7 4.48

Yamaguchi (80) proposed an. equation with a

P - 2
modified Reynolds number Re = Pwd,/ ne for oscillat-
ing drops , which neglects the drop velocity, as fol-

lows:

Sh, = 1.40 (Re) 058 (5¢)0+° 4.49
Finally Mekasut et.al.(81) correlated the Sherwood

number with Galileo number for oscillating drops of 0.2

to 0.4 cm ,

(Sh)o = 6.74 (Ga)0-34 4.50

They ignored the effect of the frequency of oscillation

of the drop, so that their correlation would be ex-

pected to be strictly limited to the experimental con-

ditions covered (82).

4.6 Mass Transfer during phase separation :

Skelland and Menhas’s (42) opserved that insig-

nificant mass transfer occurred during coales-

cence under gravity. This has been confirmed by

Heertjes and deNie (43). Further since coalescence

on impact with an interface is almost instantaneous

rder of 3}410"2 sec), very little

(with a time of the o

mass transfer would pe expected .
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4.7 The Driving Force

Most theoretical interpretations of interface mass
transfer presume that the process can be adequately
described by the Ohm’s law type of rate
expression,given earlier in which the transfer resis-
tance 1is independent of both the concentration level
and the direction and magnitude of the concentration
driving force (83). This assumption is invalid with
very large driving forces when the effects of property
variations (e.g. interfacial tension) and interfacial
velocity begin to affect the mass transfer coefficient.

Some investigators (83,84,85) suggested that ac-
tivities rather than concentrations should be used as a
measure of the driving force. Nevertheless, since ac-
tivities are difficult to evaluate accurately in ex-
traction equipment,concentration is usually used to es-
timate the driving force.

Other investigators ( 80, 81, 86) have noted a
change in mass transfer rate with a change of solute
concentration and have attributed this to a change in
the interfacial tension. Olander and Redd (83) reported
that the overall mass transfer coefficient for three

systems increased sharply by factors of 1.5 - 4 as the

driving force was increased. In addition to high solute

concentrations causing greater interfacial turbulence

and hence higher rates of mass transfer (31), Licht and

Conway (40) reported that, for egqual concentration

driving forces the rate of mass transfer of a common

solute, such as acetic acid, depends upon whether the

solute is transferred from the organic phase to the
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wa ‘ )
ter phase or vice verse. This phenomenon is presumed

to be the result of hydrogen bonding forces being more
intense when acetic acid is being extracted from water

than when it is being extracted from an organic phase.

Overcashier et. al. (86) found that the average mass
transfer driving force itself was affected by the de-
gree of baffling in a mixer, comprising a vessel
36.5cm diameter with either propellers, spiral tur-
bines, or flat blade turbines from 10 to 25cm diameter.
They stated that when baffles are present, axial flow
is increased, especially with propellers, and the en-
tering feed streams are diluted with solutions closer
to equilibrium, thus reducing the average mass transfer
driving force. In the absence of baffles, end-to-end
mixing is diminished and a swirling plug-type flow
results which wutilizes the driving force better and
permits mass transfer at a lower agitation level.

The driving force in an extraction process 1is
measured (87), as with any diffusion process, by the
deviation of the system from equilibrium . The dif-
ference between the actual concentration of solute in
one phase and the concentration which should be in

equilibrium with that in the other phase is the force

tending to dissolve (or release from solution) the

solute. The algebraic sum of these differences of con-

centrations causes the process to proceed. Jeffreys et.

al. (88) used Simpson’s rule to estimate the mean con-

ti 1vi mn but if both the
centration driving force over a colu

g2



equilibrium curve and the operating line are straight

lines, the mean driving force is best determined by the

logarithmic mean.

4.8 Mass Transfer and Interfacial Area

The hydrodynamic conditions on both sides of the
interface affect the mobility of the interface. Thus
the hydrodynamic conditions in the interface have an
important effect on the mass transfer rate. The
phenomena of the Marangoni effect (89), 1is due to
momentum transfer caused by surface tension driving
force. Additional phenomena can affect the mass trans-
fer rate other than by a change in the hydrodynamic
conditions, e.g., by diminished diffusivity across the
interface due to the presence of surface-active agents
which form a barrier to solute diffusion.

Sterling and Scriven (90) studied the relation be-
tween Marangoni effect and mass transfer. They
reported that some systems may be stable with solute
transfer in one direction but unstable with transfer in

the opposite direction.

They suggested that interfacial turbulence 1is

usually promoted by

i) Solute transfer out of the phase of higher
viscosity i

ii) Solute transfer out of the phase in which

its diffusivity is lower ;

iii) ©Large differences in kinamatic viscosity and

solute diffusivities between the two phases ;

iv) Steep concentration gradients near the in-

terface;

93



V)A system in which the interfacial tension is

highly sensitive to solute concentrations

vi) Low viscosities and diffusivities in both

phases;

Vv1l) Absence of surface active agent, and ,

viii) Interfaces of large extent.
Schindler and Treybal (91) measured the area-free
continuous phase mass-transfer coefficients for con-

tinuous flow of ethyl acetate (dispersed) and water

2

(continuous) in a 24.13x10 “m diameter baffled vessel,

agitated with either 7.62%107%m or 12.7x10 °m diameter
flat-blade turbines, and in the absence of baffles
using the 7.62x10 %m turbine.Their experimental data
were based on drop sizes measured at the bottom of the
vessel. However despite this and their determination
under batch conditions, the distributions are claimed
to be applicable to positions throughout the vessel and
for continuous flow. The specific area at the bottom
was however in general substantially smaller than that
predicted from the correlations of Calderbank (92).

Vermeulen’s correlation (93), 1s for agy and gives

results roughly in agreement with observed areas, but

indicates a more rapid increase with impeller speed

t+han that observed. Figure 4.1 shows that the areas

produced by the 7.62%10 %m turbine in baffled and un-

baffled vessels were similar for the same impeller

power and @p which is in agreement with the findings

of Fick (94). Figure 4.2 illustrates the drop-size dis-

tribution for the same conditions and impeller speed

in both batch and continuous flow runs. The only impor-
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tant difference is in the peréentage of small dfops,
which may be completely dissolved in continuous opera-
tion.

According to Schindler and Treybal (91), the con-
centrations of ethyl acetate in the bulk continuous
liquid XpowWwere the same at all three levels of sampling
for the baffled vessel; but the difference between Xao
at the top and bottom was approximately 2% in the un-
baffled vessel. Thus both vessels were essentially com-
pletely backmixed. The driving force, Xp1—>Xpp, Wwas
therefore essentially constant throughout the vessel.
Three different mass transfer coefficients were used

(95), defined for the backmixed vessel by,

W, =k, a, (X;-X) 4.51

av

WA/(WA+WB)'XA2 4.52

W =k a In
W,/ (W, +W,)-X,,

= - 4.53
WA1~XA1(WA+WB)~k3aav (XAI XAZ)

Since both ester and water were extracted, only k, and

ky are really applicable, but they differed by less

than 2%. They were therefore reported as k., whose

units permit more direct comparison with the work of

others;
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Figure 4.3 illustrates how the typical volumetric

coefficienls Ko ajy: were influenced by impeller
Reynolds number, for comparison with other data (96) .
The specific area corresponding with the data in Figure
4-5 is shown in Figure 4.4. It varies less rapidly
with f@p,, than does Kea,y: So that hold-up also in-
fluences k.. The data of Schindler and Treybal (91)
reproduced in Figure 4.5 illustrates the influence of
dispersed - phase hold-up on kg

Figure 4.6 indicates that k., for the unbaffled
vessel was roughly 2.5 times larger than that for the
baffled vessel at the same impeller speed. It was sug-
gested that if two drops of ethyl acetate of diameter
0.03x107%m and interfacial tension 6.4x10” 3 kg/sec2
coalesce, the energy release due to reduction in sur-
face is equivalent to a kinetic energy for the result-
ing large drop corresponding to a velocity of about
0.245m/sec. Hence the violence of the coalescence ac-
tion may be sufficient to renew the shell of continuous
liquid surrounding the drop, thus enhancing the rate of
mass transfer.

In a study (41) of mass transfer in a laboratory

scale mixer-settler using the system acetic acid

toluene-water at different temperatures it was con-

cluded that the overall mass transfer coefficient in-

creased as the number of stages increased as shown 1n

Figure 4.7. Average values of dispersed phase holdup

and droplet diameter were considered.
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4.9

Overall Mass Transfer Coefficient

Overall mass transfer coefficients may be deter-

mined by the additivity of individual resistances.

Thus:
1 1 1
- ’ 4.55
Koc Ke mK g
1 1 m
- * 4.56
Kod kq ke

The 1individual phase coefficients need to be
evaluated by taking into account whether the drops
formed are of the circulating, oscillating or rigid
type.

Patel and Wellek (97) have suggested that if kg is
estimated by Garner and Tayeban’s equation {(79) given

below:

m 07 4.57

Sh = 50+ 0.0085 ( Re)

p D

c c

k4q should be estimated by the Handlos and Baron equa-

tion (4.26). Patel and Wellek also tested the effect of

circulation within the drop in the Handlos and Baron

(59) models for the Jdetermination of k. and kg by equa-

tion (4.26). Overall coefficients in terms of Kgg

i 4.41) and
taking the values of kg and kg by equations ( )

(4.26) have shown good agreement with experimental



data for a wide range of systems.

The above analysis

illustrated how overall mass transfer performance can
be predicted from single drop mass transfer data.
However in the real situation, as discussed in Chapter
6, a distribution of drop sizes will exist in any swarm
within an extractor. cCoalescence and redispersion may
also occur, generally resulting in enhanced mass trans-
fer. Furthermore in some contactors, but not in a con-
ventional mixer-settler cascade, the driving force is

modified by back-mixing effects.
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CHAPTER 5

LIQUID-LIQUID EXTRACTION EQUIPMENT CLASSIFICATION
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5.1 Equipment Classification

Ligquid-liquid extraction equipment may be clas-

sified as:

i. Stage-wise (discrete stage) contactors, which in-
clude mixer-settler units;

ii.Continuous (differential) contactors, which include
the different types of packed, rotary agitated or
pulsed columns.

In the first category the liquids are mixed, extracted
and separated in discrete stages. In the second
category the immiscible phases are contacted counter-
currently and the equivalent of several stages are ac-
commodated in one shell. Table 5.1 provides a typical
classification for the most common units, depending
upon the type of any agitation applied. Table 5.2 sum-
marizes the features and fields of industrial applica-
tion of commercial extractors.

5.2 Equipment Selection

The important considerations in selecting a con-

tactor for a specific duty are:

i. the number of stages or transfer units required
ii. the volumetric throughput

iii.the residence time.
Although each contactor possesses advantages and

disadvantages, the choice for any particular extraction

depends largely upon experience. Continuous extractors

are,in general, preferable to mixer-settlers when large
14

throughputs are needed since they offer economies 1in

agitation power cost, floor space and solvent 1nven-

] tivel low phase
tory. They can operate with rela y



NOLLV.LIDY J0 HdAL HHL NCOAN ONIANAJHJ SYQIOVEIXH J0 NOLLYOIJAISSYID) |°G JI1dvl

(62 ‘86) swmioo posng (86) I°9T33°s IoxTW pPOSTNg PesTng

(62 ‘86) I030P3UOD OSTp HuTlRIOY *9

(g6) ®BaSem] °g
(62 ‘86) sebnyTIgueo

(86) I0joRIIXS eTUuTaTqpod ¥ ebejs Tenpratpur
(86) I9T33°s i
(67) SUUMTOO IoXTW SOBISTITUW °¢ IexTw Sbe3sS-poxOrls g o
(001) WMTOD UCIYSTY-SNYSPTO *Z (ZoL) x©1338s xTw-dumg °z

(66 ) WUNTOD TSATOUDS °| (T'0L) ISTIFOS-IoXTwl STAWTS °|  S90TASD ATe30y

(62) saomo] peyoed ¥
(6g) swmTod =3e1d a13Jeg °¢

(62 ‘g6) suumToo Aeadg °Z

(6Z) SI=omol TTEM-POIISM ° | SUON

SI0}OP3UOD SNONUTIUC) SIOJOPUOD BSTM 9be]lg uoTjelthe nmo adAg,
VQU_Kd)\uwt




SYOLOVELXH TVIOUHWACD J0 NOLLVOITddVY TVINISNANT JO0 SATIIA ANV SHENIVAI 0 RAAYWWNS Z°G TIE9Yl

TeoTuwsyooxjad
‘TesTonu ‘ TeoTinsorurreyd

TeoTueyD ‘TeotbanyTelsu
‘Teorueyooxiad ‘ Teorineoewreyd

ISZTTTIIS] ‘Teorineovureyd
‘TeoThmriElsw ‘Teotweyooxiad

TeoTAMTTEISW
‘Tectueyooxiad ‘IesTonu

TeotTbanyTe38W
'I9ZT1T3a97 ‘TeOTONU ’TEOTURUDOIIS]

TeoTUSYO ‘ TeoTumyooIyad

UuoT3eoTTdde TerI3snpur jo SpreTd

SOURIDIITP AJTSUSp PINDTIT STIFTT

U3TM sue]sAs saTpuey ‘TerIsjeu poTITSTIue
-ATTIses soTpury ‘poxtnbsix soeds PSITWTIT

‘Terasjew s{gejsun I03 swrj BuT3oejuod 1I0UsS

SSTOURPUR] BUTAZTSTIWR Y3 TM SOINIXTW SoTpURy

'spr10s pepuadsns bututrejuod SpInbrT seTpuey

‘uoT3onIlsuco ut A3TOoTTAwTs ‘AJTTIqIXSTI pue
A3TTTIRSIDA 191D ‘SIHH MOT Indybroayy ybty

ISCO sduruEUTRW pue burtjexsdo moy ‘3S00
UOT3ONIISUOD oTqruUocseax ‘siqrssod sabejs
Auew ‘gray oTqeucseax ‘Ajtoeded STqeuoseaa

a1qrssod sebels
Auew ‘sixed butacw TeUIS]UT OU ‘SIAH MOT

A3TSOOSTA UbTY

3TM spTNDTT soTpuey ‘dn-o7eds a[qeT[al
'A3TTTqT*OTF poob ‘A3Toedeo ybTy ‘oT3ex

JUSATOS 9pTM soTpuey ‘ADUBTOTIIS 9bels-ybry

TeTI93ew DATSOIIOO SSTPURY ‘UOTIONIISUCD
ut A3ToTTdwTs ‘3SCO SdurUSUTEW
pue burjezsdo mOT ‘3soo Teztdeo moT

TeT3IUWRISIITP
IO 9STM Sbe]s

SI0j30oRIIXe Tebnytajued

STUMTOD
o3erd-burjecoxdiooy

Uo3ysny-anysp1O
'Teqreyos ‘oay *bee
SUUmMTOD

peje3Tbe Axejox

suwumToo poyed pesTnd
‘s3e1d pestnd °b-o
sumumyod pesTnd

SIDT]3oS-IoXTUW

suetd aasTs ‘poyord
‘Reads *b-o
suunTod pajejtbeun

Soanjlesl Teasusn

Jojoerixs JO sodAj,

106




ratios, and their flexibility of operation also

enables extraction to be performed with systems likely

to form fine dispersions (102) ,e.q9., by operating with

low rates of agitation.

Mixer-settlers are inherently simple in design and

1n construction and are easy to operate. Therefore they

have found widespread use. The most important design
considerations, and the process parameters to consider
1n extractor selection, are summarized in Table 5.3.

5.3 Advantages and Disadvantages of Mixer-Settlers

The main advantages of mixer-settlers are:

1. In contrast with counter-current continuous
contact extractors, which are usually gravity operated
towers, the degree of dispersion or intensity of tur-
bulence in mixer-settlers may be established at any
level through mechanical agitation without the risk of
"flooding" or reducing the flow capacity of the equip-
ment. However the formation of fine emulsions can
result in excessive settling / coalescence times and
hence large settling vessels

2.Any proportion of two liquids may be handled
easily, with either phase dispersed, and the ratio of

the two liquids in the mixer may be controlled inde-

pendently of the ratio of the flow through the cascade

as a whole.

3.Suspended solids are handled more successfully

by a mixer-settler than py most other types of extrac-

tor.

4. The common horizontal arrangement of a nmulti-

stage cascade 1is particularly useful when headroom 1s

107
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TABLE 5.3 DESIGN CONSIDERATIONS AND PROCESS PARAMETERS

FOR EXTRACTOR SELECTION

Factor

Contactor

1.

Number of stages required:

i) Few (2-3) stages
ii) (10-20) stages
Capacity (throughput):

i) Low or moderate
ii) Intermediate and high

. Residence time:

i} Short
ii) Longer

Phase flow ratio:

i) ¢ d less than 0.1 of

the flow

ii) ¢ d greater
Physical properties:

. g

i) small (5]
14 T o (<2
ii) Large (AP)

iii) High viscosities

all types
spray towers (33 m height)
mixer-settlers

spray or packed columns
RDC, pulused colums, or
mixer-settlers

centrifugal types

1. Mixer-settlers (settling
and phase separation depend
on the rate of coalescence
of the dispersed phase)

2. Differential contactors
(the residence time is a
function of the mean drop-

let velocity and not on the
coalescence rate)

mixer-settlers (56)

other types

Non-agitated contactors

Mechanically agitated con-

tactors
Mechanically agitated con-

tactors



Continue TABLE 5 - 3

6. Direction of mass transfer:

i) Fram solvent to aqueous Mechanically agitated con-
phase tactors

ii) From the agueous phase Little information is avail-
to the solvent able

7. Phase dispersion and hold-up:
i) If the phase of the Difficulties may be encount-
highest throughput is ered in colum contactors
to be dispersed

ii) If a low hold-up of one Centrifugal contactors
phase is required

8. Slow reactions: Mixer-settlers
or both feeds Luwesta centrifugal extrac-

i

|

9, Presence of solids in one Pulsed plate column, %2
tor, and Graesser contactor %

10.0verall performance:

i) Performance index =

mass of superfacial For continuous differential

flow rates at flooding contactors
HTU

ii) Performance index =
sum of the volumetric For stage wise conactors
phase flow rates at

flocding

Total volume of one stage




low.

sible to add additiona] stages to the cascade at any

time, should that be necessary.

6.Continuously Operated mixer-settlers may easily

be shut-down for relatively long periods of time. on
start-up there is no delay in reaching steady-state
concentrations and on-specification product may be
withdrawn almost immediately. This is not possible with
gravity-operated columns in which the liquids settle
out by gravity for the full length of the column on
shut-down, necessitating recycle of off-specification
products on start-up until steady-state conditions
again arise. This advantage is particularly important
for small scale processes operated intermittently.

7. A high degree of approach to equilibrium (ie. a
high stage efficiency) is almost always possible, and
this makes for reliable design and more readily estab-
lished guarantees of performance.

8 .Reasonably reliable scale-up from small to
industrial size is possible, at least for the simpler
designs.

9.Mixer-settlers are free of interstage backmix-
ing.

10.In the "pump mix" design the only moving parts

are in the mixing pumps. These are very resistant to

mechanical damage since they operate at low rev/min.

the mixing

and generally handle clean product, e.g.,
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pumps 1n an Arosolvan plant, whicﬁrhaé been in bpera-

tion for nearly +
Y ten yvears, are claimed to have been

completely trouble-free (103).

] .
11. In the case of a vertical mixer-settler its

tower constructi i ti i i
On 1s compatible with equlipment used in

the chemical and petroleum industries.Further

improvements in mixer-settlers are likely to
relate to improved settler design (104).This 1is
clearly right and with modern plants emphasis should
be on reducing the inventory of materials in process
, le. reducing rate of the settler to mixer volumes pos-
sibly using mechanically- assisted separation.
Mixer-settlers may have the disadvantages that,

1. A secondary dispersion containing drops < 100 um
may be formed owing to high mixing efficiencies; this
dispersion will not separate, and settle out in a
reasonable time in a simple gravity settler.

2.Interstage pumping of either, or both, of the 1li-
quids is required in most designs.

3.Independent agitation equipment for each stage in-

volves additional capital cost.

4 .The horizontal arrangement occupies valuable floor

space.
5. The high hold-up of the liquids in the settler in-

i hence the working
creases the solvents inventory and

capital requirements. It may also increase the hazard

lved, or 1n nuclear

if highly flammable liquids are invo

fuels reprocessing.




The detailed arrangements of mixer-settler cascades are

described in Chapter s.
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CHAPTER 6

MIXER-SETTLER EQUIPMENT
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6.1 Mixer~Settler Characteristics

In its simplest form each stage of a mixer-

settler, consists of a mixing vessel followed by a

gravity settling chamber. The mixer may sometimes com-
prise only a centrifugal pump. Usually however it is a
vessel provided with a propeller, or turbine, agitator
and baffles. The settling chamber may be simply a tank
or it may be provided with elaborate baffles, or con-
tain packing to serve as a coalescing aid. " A
detailed discussion of settler design is given in sec-
tion 6.5.

Figure 6.1 represents a simple classification of
mixer-settlers depending on the type of mixing used and
the settler characteristics.

Many mixer-settler geometries have been described

in the literature. Some are summarized in Table 6.1.

6.2 Mixer Desidgan

The function of the mixer is to provide an ade-
quate combination of agitation to provide a homogeneous
dispersion of large interfacial area, and sufficient
residence time, for the desired degree of extraction to
occur. Many mixers also incorporate a pumping action to
avoid the need for separate pumps for interstage liquid

transport. Agitation serves to create a homogeneous

primary dispersion of drops with a distribution of

sizes generally between 0.1 and 3mm. This facilitates

mass transfer without subsequently introducing phase

separation problems. Liquid-liguid nixers may there-

fore be classified into four types:
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MIXER-SETTLERS
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L : [ 1
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mechon‘icc:lly air mixing nozzles
ogitated agitated orifice mixers

injector mixers

elbow jet mixefs
with oritice column

| L
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centrifugal

tanks hydroclone$

centrifuges

FIG. 6-1 BROAD CLASSIFICATION OF MIXER SETTLERS



* BuTXTW JUSTT0XD
, seonpoad UoT3EeuT
w quod 9yl burseo

TEUOTIUBAUOD uoT309s
e ur dumd butxTu ISXTW Sse
TebnITIqUEO ® se sdund pesn sdund
ST UOT308S TOI3U00 TEebNIy UOTJRTNOITOBI {sobe]s (vsS61)
butxTw ayfr, sdur I e Eulicy I07 poubrsep JON  ojexedss XTW-dumg
I030'3UOD (6v61l)
_ B suuobry "PIITOD TTO
~013Ta- “na -0331a- 03 TeTTWIS  -O33TA-  DIBPUE]S
Jusurreduod -
I e
210739 I9q o¥e7-370 : IoXTW O3
~ureyo—-ajue Jo oseud Aaeo OB ISTIJOS WOIJ
uoTaTsodIsqut . Y oexbop JybITS B O3
ng sTrem ut nq ‘sebeys seTpped poranondo Arqeqoad (8v61)
S]0TS BTA 3NO uosMIeq TeoT3I2A JNg UOTIBRTNOITOSDI I0J0BJUCD  AIOJRIOqE]
pue uT Spesd oFFRuIny a1durts 103 poubTSOp 30N ¥og suuobIY
ubtssp ToI3uoD To1Tedur
UuoOT309S DBUTXTK @orJILojul Jo adAjg, UOTJRTIOITODY adAg, 9T3TL

SOTALAWOED ST LLLAS-YIXIW L°9 HIdVL

116



eqny 3IeIp pue
sTTeM ur sjsod ‘syue]d
TeOTIpUT 4D aTduts

STTEM
ut sijaod
! gyuren}
a1duts

puTsusK

03 UOTySeJ
JIBRTTWIS Ut
Tecureyo O3uT
PR3 SSEUd

Tox3uco dumg
aTqe3snipe
atem eoseyd

Aneoy TEUTT
pue sabejs

usomiaq
OT3euwo3ne
ATqeqoad

suo Teuty
qdeoxe soeZ
—I93UT UOES
sSTOI}

-uoo ATe
e} micil onlal
I922T3S

ToxTw dumd
SUTGANY,

soTpped
pedeys
pucueTp
TedTiI=An
ordurts

SIDIATYS
adAg
Jsnuaylz—dn

sSIST3}39S
ToXTW 3O

Are33eq
IoxTw 03 -pusdeput

IST3}OS WOII poTdAdaI ATTeO0T
aq ueo seseyd yjog  -TNRIPAH
TOIJUOD
anTea ‘sadid eta
1 I9XTW O3 ID9T]3SS sI9T339S

WOIJ pPOTOADSI-8I pue SISXTu

aq ueo seseyd yjog sjeIedesg
SI2T339S

spTsut

SIOXTW

SI9XTW 93} UTYITA !sebe]s
ATuo uoTjeTNOIT)  ojeiedss

T°9 HJT1dYJI =SnUT3UOD

(vLel)

(peel)
pinie |
~KoTTOH

(psel) =dA3
TeOTIPUTTAD
gAY

117



i) Air-agitated vessels

ii) Vessels with mechanical agitators
(Mechanical mixers)
iii) In-line mixers
iv) Pump mixers

6.2.1_  Mechanical mixers:

Whilst vessels with mechanical agitators are
widely used, the other three groups find only limited
application in liquid-liquid extraction (99). The
mechanical agitators are classified according to their
shape, viz, as paddles, propellers, turbines or special
mixers. These are mainly rotary mixers and can be sub-
divided into high speed and low speed impellers. Low
speed mixers include paddles with a maximum speed of 60
rpm whilst high speed mixers include turbines and
propellers. Mixing equipment may also be classified ac-
cording to the type of flow pattern produced, e.g. tan-
gential, radial, axial and/or compound flow. The basic
flow patterns in agitated vessels are illustrated in
Figures 6.2 and 6.3.

6.2.1.1 Paddle mixers:

paddle mixers are one of the oldest types of im-
peller. They have two blades, horizontal or vertical,
with a high dj/dp ratio. The main advantages are

simplicity and low cost, but their use is limited to

liquids with a viscosity < 1.0 kg/m sec, and axial flow

of liquid from the impeller is small. Paddles are

usually of large diameter,di/dT=O.66—O.9, and rela-

tively slow speed, usually 15-45 rpm. They are used

without baffles, due to their small pumping action, and
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there is no significant vortex formation. The relative

dimensions of a single paddle on a shaft are defined in

Figure 6.4,

6.2.1.2__ Propeller nmixers:

Propellers are often used for agitation in tanks
smaller than 3.8 m° and less than 1.8m in diameter when
less than 2.2kW is satisfactory for obtaining the
desired process results.

Propeller mixers may be clamped on the side of an
open vessel in the angular, off-center position as
shown in Fig. 6-5. Two basic speed ranges are avail-
able: 1150 or 1750 rpm with direct drive and 350 or 420
rpm, or any other value, with a gear drive. Propellers
may also be mounted near the bottom of the cylindrical
wall of a vessel.

6.2.1.3 Turbine Mixers:

The A.I.Ch.E. Standard Test Procedufe for Impeller
Type Mixing Equipment (107) defines a turbine as an im-
peller with an essentially constant angle with respect
to a vertical plane, over its entire length or over
finite sections having blades either vertical or set at
an angle less than 90° with the vertical. The number of
blades can be two or more, and they may be curved or
flat. Figure 6.6 shows various shapes of turbine im-

peller. Their main advantage is their adaptability for

liquids of high viscosity and density, e.g., vis-
cosities up to 60 kg/m sec are allowable.
For effective dispersion the dimensional ratios of

a turbine mixer are:
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FIG. 6-5 FLOW PATTERN FOR PROPELLER IN

AGITATED OFF~CENTRE POSITION WITHOUT BAFFLES



FIG. 6-6 MAIN TMPELLER TURBINE DESIGNS
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= 3-3.5 ,— = 1.0-2.0

The tip speed of the blade ranges between 3.3m/s to 8.3

m/s

6.3. Drop Size Distribution.

It 1s desirable to be able to predict the drop
size of a dispersion since a knowledge of this, and the
dispersed phase hold up, enables the interfacial area
of contact to be estimated. Generally, the maximum
drop size that can be developed in a turbulent liquid
is governed by the ratio of the dynamic pressure of the
liquid that tends to break-up the drop and the interfa-
cial tension forces that tend to counteract this.

Tn the case where the drops are large relative to

the scale of turbulence, the ratio becomes:

which defines a critical drop Weber number. The fol-
lowing equation for drop cize has been derived on the

basis of isotropic homogeneous turbulence, (29).
0,2

0.6
060 VPm 6.2
4, = ¢ (N\Jeh _,) (——; )

C,

Defining an impeller Weber number as,

3.2
_diNTp
We = 6.3
(0}
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This may be substituted into equation 6-2 , with the

various constant terms gathered together, to produce:

0.6 0.2
We di

It is well-known that the turbulence in a mixing
vessel generates a rather wide distribution of drop
size. Moreover, there are the competing effects of the
generation of new drops due to shear through turbulence
in the bulk flow and droplet coalescence due to drop
interaction effects. Depending upon the characteris-
tics of the particular contactor there will be a
balance of these processes so that at a distance con-
siderably removed from the feed inlet, two limiting
situations may arise; a distribution of drop size and
drop residence times, or a size distribution of drops
all essentially of the same age. This size distribu-
tion may be considered to be bounded by an upper limit
and a minimum stable size (105) depending upon the
break-up processes prevailing.

The Weber number governs the maximum drop size.

Thus when two immiscible liquids are agitated a disper

sion is formed in which continuous break-up and

coalescence of droplets occur until, after a short

time, a dynamic equilibrium is established between the

break-up and coalescence processes. This results 1n a

distribution of drop sizes which together with the mean
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drop size, depends on the type and extent of agitation

and the physical properties of the liquids. If the ex-
tent of agitation is sufficient to maintain a uniform
level of turbulence throughout the vessel the mean drop
size and drop size distribution will be the same
throughput; otherwise clusters of drops of different
sizes will exist in different parts of the vessel.

However,“for every physical system and set of con-
ditions there must be a stable drop size. Drops larger
than this will tend to break-up whereas small drops
will tend to coalesce (108).

6.4. Power Requirement

Treybal (29) suggested that the following equation
may be used for a four-bladed paddle in an unbaffled
vessel to estimate the minimum impeller speed N for

mixing the liquid phases.

0.111 0.26
30600 I Ap ‘.
N = _ -
dTO-67 pc pc

Miller and Mann (109) who studied the power

characteristics of a variety of impeller designs in a

cylindrical mixing chamber observed slight variations

in power consumption among the various impellers at any

specific mixing index.For continuous operation 1n a

baffled vessel mixing index, Iy could be defined in

terms of the ratio of the hold up of the dispersed

phase to the fraction of the dispersed phase in the

feed, as indicated by,
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A mixing index of unity indicates complete uniformity
in mixing. Miller and Mann (109) have observed that in
the case of an unbaffled vessel with batch operation,
uniform dispersions were developed by the application
of impeller power input of 285 to 570 mN/Sf.m3. For
baffled vessels with continuous operation a plot of
mixing index versus agitator power based on data for
kerosene-water dispersions indicates approximately a
mixing index of 0.95 corresponding to input power of

3

455 mN/S .m> (29)

6.5 Dimensional Analysis

Dimensional analysis can be applied to derive the

equation for agitator power. The dimensionless
relationship
2 2
dl J’N N P
£( ) ( )/ ( )=0 6.7
5, w3
“ g di d; N

This can be written as :

Np = K (Re)? (Fr)° 6.8

for a fully-baffled tank b =0

6.9
Np = K (Re)?

At high Reynolds numbers the power can be obtained

from:

p= K N diSf
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where K is a constant depending on the type of im-

peller.

Marten (110) and Brown et.al. (111) collected data
on all types of impellers. The data collected for tur-
bine impellers are shown in Figures 6.7.

6.6__ Phase Inversion

Under certain hydrodynamic conditions the phases
in an extractor may spontaneously invert .This may have
an important effect on mass transfer efficieny and
coalescence rates.

Phase inversion studies in agitated tanks can be
divided into two parts:

1) Batch Mixing Tank
2) Continuous mixer-settler

In batch mixing tanks Quinn and Sigloh (112) found
that for a fixed impeller speed the inversion con-
centration @; expressed as a volume fraction in the or-

ganic phase was given by:

(Di = (DO + a/p ‘ 6.11

Where @, is the constant asymptotic inversion con-

centraion, a 1is a system constant and, P 1is the power

input given by:

p =K pN

Where K is a constant.

Chen (113) studied phase inversion at high rotor

speed and found after phase inversion, secondary

droplets of the continuous phase in the primary drops.

19Q



AFAMOd ANV SOTLSTIYHIOVEVHD HATIIAWI £-9°91d

3y
01

0l

g/t=a/m| g/1=a/n} g/t=a/a} g/1=a/n] S/1=a/n] §/1=0/8

ey | g | CRTD | Gy | CLTD) | CRHE
\VY Y A

lﬁ' . [9) @»Wl
V4 \ X |/ /-

9 HdANND] S wi:u Vj n.._>~5u £ 3AYNDIY T AAYNI | L FAUND




All (114) confirmed the position of the impeller

as the determinant of the nature of the dispersed
phase. If the impeller is placed in the organic phase,
the aqueous phase will become dispersed and vice versa.
If the impeller is placed at the interface, either
phase can be dispersed. Yeh et.al, (115) studied the
effect of temperature, interfacial tension and density
and concluded that there was no general correlation ap-
plicable to all systems.

In a continuous mixer-settler, which phase is dis-
persed is clearly of importance since the mass transfer
efficiency is dependent on the direction of transfer of
solute; the wedge length in the settler is also depend-
ent on which phase is dispersed. Phase inversion is
accompanied by either a decrease or an increase in
wedge length. A mathematical model has therefore been
derived to characterize phase inversion (116).

McClarey and Mansoori (117) confirmed the factors
which affected phase inversion in a mixer-settler; they
found viscosity ratio of the phases, interfacial ten-
sion and, to a lesser extent,the stirrer speed were the

relevant factors. However no attempt was made to quan-

tify their findings. Hossain (116) was the first to

report this phenomena in a cascade of laboratory

mixer-settler units. The following correlation was

proposed:
1 2 4
Ve 4
o 1-(—) (/) T
2 3 g1x*
9X 27X
Va 3X
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where V., Vq are the characteristic velocities of the

continuous and dispersed pPhases respectively and X is
the inversion holdup. However the above model appears
to be restricted to a very limited range of physical
properties and a particular mixer-settler unit.

6.7 Dispersion in a Mixer

The steady state drop size is a function of both
the agitator speed and the dispersed phase hold-up, and
the effects of hold-up on drop size have been the sub-
ject of a large number of research studies. These were
summarized by Tavlarides and Coulaloglou (118) who
stated that the different correlations proposed are
equally valid, within the limits of their derivation.
The correlation of Thornton and Bouyatiotis (119) can
be applied to estimate the mean drop size at different
dispersed phase hold-ups. Thornton and Bouyatiotis
showed that the droplet size may be expressed by an

equation of the form

where m is related to the physical properties by:

o Ap 0-3 -0.062 A p 0.05

p*g u'g p.

i i ant.
where K, 1s a geometric const

These authors further showed that the drop size at

substantially zero hold-up, could be correlated by the

expression:
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d, pcz g PO3 g? 032 p o 014
— = 312 :
w2 21 of 6.15
c P.H. 8 u'g :

Replacing P, by (Kq f% N3) and converting to SI units

and rearranging equation 6.15 gives :
— ~2.88
do = K3ml. N 6.16

where m; is correlated to be,

u‘c2 pc 03 \ 014 pc \032'

\/
m, = 6.17
P8 ){ ufg) ucg“)

Combining equations 6.17, 6.13 leads to

dp, = Kymp N"2:88 4+ nmog 6.18

When the dispersion is agitated, the drops will
collide and some will coalesce. If the disperse phase
hold-up 1is increaéed at constant agitator speed, the
proportion of the pairs of drops coalescing at each
collision will increase until, at phase inversion,

coalescence will occur at every collision.

6.8. Settler Design Fundamentals

The stability of the dispersed phase is an impor-

tant property in liquid-liquid extractor operation. It

represents the resistance offered by the dispersion to

coalescence of the dispersed phase droplets. In any
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gravity-settler the droplets first approach each other

and form a close-packed heterogeneous zone between the’

two phases. The initial velocities of the droplets are

thus reduced and they move towards the interface in a

close-packed arrangement. Inter- droplet coalescence

occurs amongst the densely-populated droplets before
they reach the two phase-interface, and drop-interface
coalescence occurs. An undesirable secondary dispersion
may sometimes be produced if there is intense agitation
in the mixer particularly if the system has a low in-
terfacial tension. This secondary haze comprises a
large number of secondary drops. Stable emulsions are
normally characterized by small droplet sizes <100 x
107 %m diameter,which require an excessive residence
time to settle out.Stepwise coalescence of primary
drops may also result in small secondary drops at the
interface in the settler (120).

Settlers may be classified as :

1. gravity settlers (vertical or horizontal)

2. centrifugal (cyclones)

The above types are non-mechanical, in comparison

with mechanical types, e.g., centrifuges.

The earliest design procedures for gravity set-

tlers were all either related to a mean residence time,

usually determined empirically (120), or to a hydraulic

balance of the flows of the ligquid phases. Neither of

these procedures deals with the physical processes

governing the separation of a droplet dispersion; that

; i i or
is no account is taken of system interfacial tension,

drop size distribution.
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The

first attempt to take account of the physi-

c .
al processes governing separation was proposed by

Davies et.al. (121) Figure 6.8 shows that in a single

mixer settler the flocculation - coalescence band was

found to be wedge shaped. The length of the band in-
creased with increase in the dispersed phase flow and
decrease in inlet drop diameter. The drop size was
found to increase with distance from the inlet and was
dependent upon the agitator speed and flow rate.
Jeffreys,et. al. (122) concluded that the mean axial
velocity of the phases in a horizontal gravity settler
should not exceed 0.0lm/s. Above this value a sig-
nificant amount of secondary haze would be formed in
the settler. It has been shown that the design and
position of the entrance line into the settler is of
prime importance. A vertical baffle should preferably
be located centrally immediately opposite the phase in-
let of the settler. The ratio of the phase inlet point
diameter to the settler diameter should be less than
0.16 and should not be so large as to reduce the mixing

efficiency.

IMI proposed a design of a compact settler in

which dispersion bands of practically constant thick-

ness, 0.05 to 2 m were claimed to occur. Under these

conditions, and with all other parameters held con-

stant, the relationship between dispersion band thick-

ness and settler loading can be expressed approximately

by (123)
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where AH 1s dispersion band thickness
4

K is a con-

stant, Q 1s the dispersion throughput, A is the
horizontal cross-sectional area of the settler, and y
is constant. Equation (6.19) can be modified as fol-
lows

Q / (A 4H) =09/V = 1/(k% aul~% ) 6.20

where Y > 2.5

Vijayan et,al. (124) studied the different models
of Jeffreys et.al,(125) and usefully analyzed the rela-
tive contributions of the drop/drop and drop/interface
modes of coalescence.

Coalescers, separating membranes, and electrical
devices, may sometimes be used as settler auxiliaries.
Coalescing aids may be added, e.g. vertical baffles are
used in settling tanks to reduce turbulence introduced
from the mixer. Horizontal baffles are also used to

reduce the depth through which droplets must settle and

to ensure laminar flow. As would be expected, baffles

produce no significant improvement with secondary dis-

persions. Different types of baffles are used to in-

fluence the direction of flow; sometimes the alm 1S to

cause impingement of the dispersion on the baffles and

enhance coalescence. Figure 6.9 shows the types of

paffles which may be used in a settler.

A baffle design used by Power Gas Corporation

i the
enables the mixed phase to be introduced at

assage down which

: st iding a p
coalescing interface by provi g
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the mixed phases flow after they have been discharged
from the top of the mixing chamber. The baffle runs
full of dispersed phase and eliminates turbulence and
re-entrainment of the settled phases in the region of
the settler inlet. Another feature is the picket fence
baffle, placed across the final width of the settler at
intervals along its length to damp-out wave motions
which otherwise occur at the fluid interfaces and which
may result in phase carry-over at the weirs. The picket
fence plays a part in increasing the coalescing rate
and 1s therefore made of material which is wetted by

the dispersed phase.

6.8.1. Coalescence on Surfaces

Solid surfaces influence the rate of coalescence
of dispersed phase depending upon the solid properties,
e.g., the wettability. Thus as discussed, baffles can
improve the rate of coalescence in settlers.

Other coalescence aids such as knitted mesh pads
(126) or settling rafts (127) also increase the rate

of coalescence by increasing the frequency of impact

between drops by interfacial tension effects, or by im-

proving the drainage paths for coalesced fluid.

In a study of the coalescence of toluene droplets

in water on a wetted plate (128) it was observed that

the contact angle with a plate decreased as the drop

: i i in ini-
volume increased and increased with an 1ncrease

tial drop size. It has also peen observed that for

reased as fur-

non-wetted plates the contact angle 1nc

ther drops were added.




6.8.2 Coalescence of Seconda

ry Hazes
Secondary hazes may be formed due to the excessive

turbulence in the mixer or due to partial coalescence

taking place within a dispersion in a settler (129).
Secondary hazes with droplet sizes of the order of <500
X 1077 m diameter require an excessive time to separate
into two layers. The physical properties of the system
also affect the ease of separation of the haze.
Coalescers may be used to assist separation. Fibrous
beds which are sometimes used to assist separation
should possess a high ratio of surface area to volume
(130) . The efficiency of separation is improved with a
high surface roughness and small fiber diameter. It
was confirmed by Jeffreys and Davies (131) that the
reduction of separation velocity with increase in bed
depth beyond an optimum value was due to primary
droplet breakup within the packing. The use of such
beds is limited by the pressure drops involved and
their sensitivity to deposited solids.

6.9 Mixer-Settler Arrangements

Davis, et. al. (132) discussed the advantages and

disadvantages of various nixer-settler arrangements.

The main design features for twelve types of mixer

settler are summarized in Table 6.2. Hanson and Kaye

(133) considered horizontal mixer-settlers more ver-

i ci i i %. ith
satile and obtained efficienciles as high as 93 wi

the system nitric acid-water-tri-n-butyl acetate.

antages and the disad-

Coplan (24) discussed the adv
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vantages of this type of equipment. Figure.s.lb

(a,b,c,d,e,f) illustrate some mixer-settler arrange-
ments.

Hanson et.al. (98) attempted to reduce the energy

requirements inherent in a conventional mixer settler
by arranging the stages vertically above one another as
shown in Figure 6.11. A vertical arrangement of the
stages also features in contactors described by Treybal
(29) and in another new glass extractor . Hartland et.
al. (134) reported a new design of a mixer-settler
column with mean stage efficiencies up to 100% for
solute transfer from the continuous to the dispersed
phase and up to 170% for the opposite direction. with
the system toluene-acetone-water.

6.10 Application of Mixer-Settlers

Some of the earliest liquid-extraction plants
employed mixer settlers that involved separate mixing

and settling vessels.

Holley-Mott (142) was the first mixer-settler unit

used in the petroleum industry, viz., 1n oil
refineries, and was also used for radioactive materials

processing. The Windscale mixer-settler (148) is used

for the extraction of uranium and plutonium from ir-

radiated nuclear fuel. A multi-stage unit is built as

one box, with partitions to create the different

stages, thus eliminating all interstage piping. This

1 complexity and has

design is simple, without mechanica

proved very reliable in operation.
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with the heavy phase pumped ‘up hill’, attention has
focused on devices that can be used to both mix and

pump the two phases at the same time. The first-widely

recognized design to achieve this object was the Pump-
Mix extractor (149). This was primarily developed for
nuclear fuel processing and has been widely used for
this purpose.

The General Mills unit, designed by the manufac-
turers of the first commercially-used copper extrac-
tant, has a baffled cylindrical mixer fitted in the
base with a top shrouded turbine that both mixes and
pumps the incoming phases as shown in Figure 6.12.

The mixer-settler designed by Ryan et.al, (150) is
used in the Dupex (151) solvent extraction process for
the recovery of uranium from sulphuric acid leaching of
ores.

For the recovery of metals, Power Gas Corporation

Ltd., (149) designed a mixer-settler which is mainly

used for copper. The IMI mixer-settler (147) was

developed for commercial use in uranium extraction and

phosphoric acid purification.

The Kermira mixer-settler (152) is used mainly for

inorganic extractions. It 1is particularly flexible,

iati i W
especially where there are great variatlons 1in the flo

rate from stage to stage.
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Two distinct types of mixer‘setfief:are e

by Lurgl of West Germany. The horizontal type (153)
uses an axial-flow impeller to both mix and pump th
e

phases. The other type comprises a vertical stack of

stages and takes the form of a column (154)

6.11 Stage Efficiency

Extraction efficiencies are calculated on the
basis of either raffinate, or the extract phase com-
position. A number of definitions of these coefficients
are used. The Murphree efficiency based on the extract
phase or dispersed phase is most commonly used. In
Figure 6.13 the Murphree efficiency in a single stage,

is in terms of the extract phase,

where Yz* is the extract in equilibrium with raffinate

at X,. Similarly in terms of the raffinate phase

Xq - X5 FA
[ 6.22
Eqp = —_—_— =
*
Xy - X5 FG
where

m with extract at

Xz* . the raffinate in equilibriu
Y2’

i s
The stage efficiency can pe derived a
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where Xq, Y, are the initial solute concentrations ang

X5, Y, the final concentrations in the raffinate ang
extract phases respectively. The overall efficiency of
a mixer settler unit is defined as the ratio of the
number of ideal to real stages required for a given
concentration change.

Treybal (29) has recommended the following equa-
tion for estimation of Murphree stage efficiency for
baffled or well-stirred vessels which exhibit complete

mixing in the continuous phase.

EMC=EMd=1—exp (—KodZC/Ud) 6.24

=l-—exp(-—Koda

Xy

where 6is the average residence time for the total lig-

uid in the vessel, X; 1s the volume fraction of the

dispersed phase in the initial charge to the vessel,

i | ss transfer
(Vq/Vo + Vgq),and Kyga 1s the overall ma

. . 9
coefficient based on the dispersed phase. Treybal (29)

. o
has presented a detailed calculation pro;edure for e

ici i a mixer-
timation of Murphree stage efficlency in

ici for an
settler. The overall stage efficlency o y

e defined by
completely-mixed stage could then b
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mU
1+ & : (6-26)
U

4

where m Uy/ U, is the extraction factor involving the

superficial velocitj .
P ‘ ities Ud and Uc' For continuous flow

tn several such mixer units, each having a stage ef-

ficiency of the combined over all efficiency for

n-stage may be obtaineg by

£ =E 11+ (1-€) + (1-E ) + (AL +.. + (1-E) ™ (6.27)

Sleicher (155) studied the effect of entrainment,
which occurs if the dispersed phase is not completely
separated. A portion of one of the liquids is
entrained in the other.

Brown and Souder (111) reported an complex
relationships solved by computer program for stage
efficiency, applicable with the following restrictions:
i) The degree of entrainment of one phase in the
other is constant for all stages except that the ef-
fluents from the end stages of the cascade are com-
pletely settled and free of entrainment ;

ii) Complete back mixing of each phase in the mixers;
1ii) A similar mass transfer coefficient for each
stage ;

i ixers.
iv) All mass transfer occurs 1n the mix

win
Overcashier et. al. (86) used the follo g

ficiency
relationship for the counter current stage ef



mYz“X2+b

log (————)

mYl_Xl+b

m(y,=yq).
2 yl)ﬂ) 6.28

log(
(Xszl)

Flynn and Treybal (156) investigated the effect of

vessel size, rate of flow, agitator speed or power and

phase ratio on the stage efficiency of agitated extrac-

tors. The stage efficiency increased exponentially

with the speed of agitation. The increase of agitation
speed over its optimum value not only decreased the ef-
ficiency but also increased the degree of dispersion so
that settling was more difficult and volumetric
capacity decreased. More stagnant drops were generated
so that the reduced mass transfer coefficients coun-

teracted the effect of increased area.

Tt is clear from this review that a wide range of
mixer-settlers is available, each of which may be more

suited to a specific application, depending upon the

physical properties of the system, the permissible

residence time, the volumetric throughput etc. For the

purpose of the present work a simple laboratory mixer-

settler, described in Chapter 8, was considered

suitable to typify the general characteristics of a

mixer-settler cascade.
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CHAPTER 7

MATHEMATICAL MODELS FOR

SOLVENT EXTRACTION
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7.1_Introduction

Two distinct t
simulate mass transf

the ph'ases(157) ,and the back erimposed on Pluq flow of
non 1deal stages bety

ment in the separated phases.

.Between these two extremes th i i
multicompartment extractors of botgﬂﬁ;;jlgljgigiizgiﬁf
types (e.g. multi impeller and pulsed plate columns)ang
the counter current mixer-settler type (e.g.mixer-
settler)which do not conform closely to either
model.However,a relationship exists between the two
models‘that becomes closer as the number of compart-
ments 1is increased,allowing the performance of such
contactors to be expressed in terms of either model
with reasonable accuracy.

7.2 The Diffusion Model

The assumptions in this model are: (157)

The turbulent diffusion coefficient E, is constant.

=
°

2. The mean velocity and concentration of each phase
is constant through every cross section.

3. The volumetric mass transfer coefficient Kg,a is
constant through the column.

4. The concentration profiles of the solute are co-

ntinuous in each phase.

5. The raffinate and the extract are effectively im-
misible.
6. Volumetric flow rate of solvent and feed phases are

constant throughout.

7. The equilibrium relationship is assumed to be

linear.
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7.2.1_Derivation of Equations

Material balances over a g
. 1f .
contactor in the two phases as Sieol;;ntilsl length of
can,assuming thg dispersed phase ig thquure 7.1
phase,be divided into:- € organic

7.2.2.1_Continuous Phai(%)_

dc
x+*xdz

“T g

X

X — X
+—"—‘2dZ—~EXE+U

*
+ K a (CX—CX )dz
7.1

where the terms are as defined in Figure 7.1 and the

Nomenclature.
d d% d d
C Cc C *
Ugeo+ By oF+ By dz = By 2+ Ugr Uy 3 24 Ka(ex0) d2
dz
7.2
dzc dc *
E, 2XdZ = UX—&Z—’fdz + K a (cy—c) dz
dz 7.3
d2c c *
E, Xdz—UXsz——KOXa (Cx_cx) dz=0
d12 z 7.4
by defining a dimensionless group
*
Cx—Cx
&= —— 7.5
COX COX
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Kox a(cy —cx)dz‘\\\ J,,UYCY
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\_\ k _—— ¥
| ? dz
dc
X
U, (cx+-——-— dz) —— e
dZ \N T T
\ " dcy
. ~ y(c +-—= dZ)
dc,, d2cX __,///////’ - Y dz
Ey (=== + ---= dz)T T~ °

2 dc d2
dz dz - a c
Ey (.__-Z +'_.__Z dz)

dz dz?

Phase -Pmﬁe

+ 1
R D

u..c
UyCy Yy

FIG.7-1DIFFUSION MODEL: MATERIAL BALANCE ON FINITE DISTANCE dz
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*

*
cy = ECq— o+ Cyx

by differentiating equation 7.5

de, de,, d  _dey, o« dt
@ oSG tleg by et
but
% *
deg dey dey 0
&~ a A
dc d *
T E Ca

differentiation of equation 7.9 yields,

*
o

dz

2 *
de, | d’% dgden - d'EdE do,

- oX - OoX 4 T a3, i
dzz d22 dz dz 2 dz dz

dz

but
oo b _
dz = dz
equation 7.10 will be
2
d d *
C; — _ié. (Cox——-(_‘,ox)

dz® dz’
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By substitution from equation 7.9,7.10 into equationTW\ -

7.4
2y
d

¢ * d * *
Ex ”d’? (Cox‘cox) dZ"UxE& (Cox_cox)dZ—Koxa(cx“cox)dZ =0 7.13

Dividing equation 7.13 by Uy

2.
E d * d KOX N
U—‘ﬂ%(cox_—cox) dZ"—dé( >dZ—U a(cx_c.x)dz=0
’ 7.14
U K_.a
By defining PC=--——,(N0)X = 9% _
EX UX

E_P_C—j; -d‘;‘z‘ (COX-COX)dZ—E (CQX—COX)dZ——(NO)X(Cx—CX)dZ:O 7.15

multiplying by Pc yields,

C5 (e —co ) dz Pcff-‘( el ) dz— (No), Pe (¢4—cy) dz =0
dz 7.16

* .
dividing by (Cox~Cox ydz yilelds

2
S

ds  pe %%- — (No), (Pc) =0

dzz Cox ~ Cox 7.17
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2.
d
. ——C"2 — Pc
dz

dg

= - N0 (PO =0

7.2.1.2 Dispersed phase (organic phase)

2
de : de c dec *
- ¥ = y y

Uy ey + ot dz) + By oY = Uycy+Ey(i—Z+-d~—2—dz)-—-Koya(cy~cy)

Z

7.19

1_3y using the same procedure as the X-phase the follow-
ing equation is obtained: for the y-phase,

dzcy dcy *
Ey —‘—5‘ dz + Uy 'EZ‘ dz + Koya (Cy—cy) dz=0
dz 7.20

By difining a dimensionless group

B m(C,—Cy)
(Cox—cox) 7.21
¢ ¢ = *
m Cor g Cor = Cx T G 7.22
0,
sz;%cox—acox+ Cx 7.23
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Differentiation of equation 7.23 with respect to z
yields

de, *
T = med P 0Cu) 7.24
1 ,do * do
" (@ e a ) 7.25
dc: dc:X _deg, 0
but dz  dz = dz 7.26
equation 7.24 will be
de,  1d¢ .
& “md (CaCo) 7.27
Differentiation of equation 7.27 yields,
dey  1d% .
s = TS (Cox_cox)
dz2  m dz2 7.28
Cy=mCy 7.29
o dey, mdc,
= i 7.30
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and by differentiation of equation 7.30

7.31

substitution of these terms in equation 7.27,7.28
yields

dc dd *

& " & (Camcw) 7.32
2 2 .
dCy _ d ¢ (C —COX)
dz g* 7.33

By substitution equation 7.32,7.33 into equation 7.20

d * _*d:O
Eyd’? ( cm)dz+-U a%(gm—cm)&%]iwa(cy cy ) dz

d 7.34
z
By dividing equation 7.34 by U,
Vs G 2 Ko® (o) e - 0
ﬁl——%-(cm—cw)dz+ Z(c y s
Y dz
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and dividing by Cox~C *

(0) ¢

2 b3

1 do do (cy—cy) _
@oy 2@ TNy =0

Cox— Cox 7.36

On multiplication by (Pc)y,
d’ d¢
— +(Pc)y ——+ No),(Pc)y, ¢ =0

5 dz y y
dz 7.37

Hencg by solution of this equation and, subsequently, c,
leaving any stage can be determined.

7.3 B;ckflow Model (158)

Several versions of the two-phase backflow model
have been formulated which differ in the degree of
simplification and means of expressing the mass trans-
fer rate in the stages. Algorithms have been proposed
allowing for non-linear equilibria,variable flow and
back mixing of the phases,mulicomponent transfers and
different conditions in the settling zones.

Ricker and co-workers (159)have recently proposed a
general method for the copmutation of coqntercqrrent
separation processes where the perfo;mance 1s dpmlnatgd
by axial and the phase equilib;lum behaviour is
complex.A simplified version of this model with pha§e
inlets only to the end stages has been used in this
thesis,as described in 7.3.3.
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7.3.1 Model No.1l (159)

The assumptions of this model are:

The back mixing is expressed in terms of the ratio
of back mixed to net forward interstage flow and

is constant for all stages

The volumetric flow rates of feed and solvent

phases are constant throughout.

The equilibrium relation is linear or can ap-

proximately by a straight line.

All mass transfer occurs in the mixer.

Each stage is well mixed,and back mixing occurs by
mutual entrainment of the phases between stages,

after coalescence if approprate.

7.3.1.1 Continuous Phase (Aqueous Phase)

a1 i hown in Fig 7.2
From a material balance on stage ias s 2,
with again all terms being defined in the Nomenclature.

U l+o )Xy -U0X-U(l+0o)X+U,0Xq-Ts=0 738
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where Jy;= (K, a)h, (X~ X,)

and ak=backmixing coefficient

h =the height of the stage

U l+a )X, -~ UaX-Ul+0 )X+ U, X, —T ;=0 7 3

UXXM(1+0ﬁx)*UQ<i(1+206x)+Ux0CxXi+1-in =0 7 40

Dividing equation 7.40 by Uy,

XH(1+OLX)—Xi(1+2ocx)+Xi+locx—qxi= 0 7 41
(K@)ihp, o Ty
= P (XX ) =2
where b UX 1 1 Ux

Again solution of equation 7.41 enables Xy_pand X;.q
to be evaluated for any stage

7.3.1.2 Dispersed phase Organic Phase)

By following the same procedure for ?he organic
(dispersed) phase the equation shown below is obtailned:

oYy - (1+20)Y; + (140 )Y + Agy = 0 7.42

where A is the ratio of phase flows.

Ay =)0y 7.43
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Y;— m}{:z 0

n Uy bt 7.45
For equation 7.41,7.42 i=2,...NS—l

For stages i,N, equation 7.41,7.42 will be

i=1 Xg-(T+0 )X+ 0 Xg-qy=0 7.46

1= Ny 3@;{1+ﬁ1QY1+ayY2+Kqﬂ::O 747

1f constant interfacial area and constant mass transfer
coefficients are assumed, the model contains four
parameters,viz,two mass transfer terms,Kxa ,Kya and two
backmixing coefficients Cor Oy

It can be shown that , even in the case of non-linear
equilibria,the information in the concentration
profiles is not sufficient to allow estimation of the
two mass transfer terms with any certainty. Hence it is
necessary to have some additional information independ-
ent of the profiles. For example,a ratio of the two
coefficients may be assumed so that

4
Kya =R Kxa 7.48

Equation 7.48 reduces the number of parameters to be
estimated to three.

fo—
(o))
o



7.3.2 Model No.2 (158)

This is a sample model based on the following assump-
tions:

i) The liquid are immiscible
ii) The phases are mixed uniformly

iii) The concentration at any time and in any stage is
given by .a linear equilibrium relationship

iv) The flow rates are constant

v) The hold-up and equilibrium relationships are in
dependent of time and stage number

AS shown in Figure 7.3 the mass balance equations for
the mixer settler are given by

dz;
}Idt = qz (Zi-1 -Z)-Si 1i=12, ... . N 7.49
p3Xi
Tdt = qx (Xig1-Xi)+Si i=1,2, . N 750

According to the third assumption

Xi=DZi+E i=1,2 w.,n 751
X;-E

2= p 7.52

dX; ;

@ - P@ 7.53
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By adding equation 7.49and 7.50

dZ; dX;

B ¢ M@ =g @ -Zi) + ax Kis1 - X0) 7.54

Using equation 7.53 in equation 7.54

dx,
dr hdX; )
5 g T 4z @il -Z) + 4 (Kigl - Xi) 7.55
H
1 -
G DM o gz -7+ ax Xisl - ax Xi 7.56
X;-E
Substitution using Zi= —==-- yields, for the R.H.S
D
of equation 7.56
(X;—-E)
=42 1= QX1 — 4K .
q
= qui-l“%Xi + ‘I“)Z‘E‘“ Ay X1~ A5 X 7 53

q d. Lo
= q,Zu+pE-% ‘5‘+qx)+qxxl+1 S
4z qz+ X+ q, X
=—D_(DZH+E>— D dx i x“>i+1 760
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. H dX;
(5 g =

q, ( qz
X1 - {5 t4a
D il " 7.61

Assuming Z. is the concentration in the inlet aqueous
phase,equation 7.61 can be written in a compact form
using matrix notation

=== AX+B1Zy+B, 7.62

Assuming four stages ,four equations can be written as

follows:
EZ(%+h)= %ZX1 . %J”qx X2+ @xXs 7.64
D Eins Ixy | Fraf XX
+ (B D D 7.65
e Einy= Ix, (EIDZ“J’q")X“ R 7:66
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where

q
_§Z+qx qx 0 0
q. q,
N L q 0
A D D X X
A=H1 q q
§+h 0 DZ A(sz_*_qx 0
o0 5 el
)
X1
X5 0 )
X = X;1, B;= ’ 5, -
Xy 0
0
for steady state
dX
ar = 9

—AXO:EHZO+§2
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_arb
(H/D) + h

AN
(H/D) +h

7.68

7.69

7.70
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If we consider only small changes about this gqqi—
librium position,then the model is further simplified

to

dAX
= AAx+B,A Z,
dt 7.72
where AX =X -XO 7.73
AZ =7Z-7° 7.74
0 0

7.3.3 Mcdel 3,Newly Developed

The earlier models,1,2, suffer from the disadvantage
that they rely upon assumption of constant hold-up
ineaChh Skaae; Moreover no account is taken of
stage efficleny. Therefor an improved model was
developed for the purpose of this work.

The equilibrium relationship is as follows:
*

The Murphree stage efficieny for the organic phase is
defined as:

X=X+

>

*
Xi —Xi+1 7.76
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Elimi i
mination X; from the equation 7.75

*
=
D;
X; E;
“=D D

from equation 7.7¢

R T

i Xi+1
i C_,i
1 Xi=Xi1) i
Zl_fi'*J C'l + Xi+f‘fi
i

1 (Xi_Xi+1 + CiXi+1) Ei

= = D.
D CL 1

E; .
Z.z_im[ogﬂxﬁlumcgyﬁf i=1,2,....,N
1

1
ciDi

Differentiation of equation 7.82 yields

1 dX:
dz; =---[dX;~ —---= (1= {) ]
dt {py dt dt 1
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multiplying by H;

dZ; - dX, dX
B =S SR gy
t DL dt dt ?
1 =1 784
R.H.S. of equation 7.54 equation is
4z Zii1 792 2 T 9% Xir1 "% X
by using equation 7.82 for substituting Z2i_,,2Zj
1+ C.
L L S L L), +qy Xi
C1+1Di+1 C.i+1Di+1 CiDi
q,(1-&,) E; Ei;
+ |+ 4 Xint Uy~
b Lo 7.85
L.H.S. of equation 7.54 is
TR S
xét + tdt
by substituting equation 7.83 this
C1dX; o dX. d¥X;
e R “'Ci]”L hiar
¢;D; L& 7.86
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i X. (1-C.)dX.
HL +h-) d 1 Hi( C1>d>&1+1 _ ( qz )Xi—l

C;D;

1

dt d
D; Ci ‘ \Di—] Ci_l

q,(1-C) E; E,
+ A Xt lw—
Ci Di Ax i+ 1 z Di D1 )
(for all values of 1 except 1) 7.87

fori =1
H,y

B¢,

Xm H1<1’C1> dXz_

dt D1 Cl dt

Ty

by using equation 7.75

SR B e T

H, h\ dx, H; (1-8p dX,
D, C«l chl

D1 C1

E

QZ(I—CI) 1
S+ Q] Xt Qg

D, ¢,

+ dx

7.89
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It is to be noted that Xp,.q, the organic phase inlet
concentrat i ider é
ation ,is considered constant, and thus the

second term in the L.H.S. of equation 7.89 will vanish
for 1= N

Hj
Let P, = + hy
D. .
1C1 7.90
Qi = ’[Hi (1- Zi>/Did , 791
Ri = "qZ/Di—lci-l\\ for 1 # 1 7.92
R; = qz /Do fori=1 7.93
1-¢.
U, = - Eﬁﬁ_ﬁjé;ﬁ +_E£f + q,| fori#l
DiiGi T 7.94
U,= - ( Az qq for i=1 .
D; ; 7.95
_ qz (l—cl)
1 X
D; §; 7.96
E. E,,
W. = e S et
1= (Di Dm) 7.97
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equation 7.89 can be written in compact form using matrix notation

e—ﬂ'dX . . -
G = = AX + B;Zy B ,
dt 140 =2 7.98

Assum;ng four stages in a mixer settler there are 4
equations as follows:a

dX1 dX2
P, ot - Qo= RiXo+ UKy + Vi + W, 7.99
dX2 dX3
P, - Q= RaXy+ Uy Xy + VX3 + Wy 7.100
dX3 dX4
Py~ Qg = RyX, + UsXy + VX + W3 7.101
dX4 dXS
dX4 dAs _ X \Y4 + W
Pyt - Qi = RaXs+ UK Ks+ Ve 7.102
P 0,0 0 U,V,0 0
— 0P,Q,0 A = RyUaV2 0
1 0 0P3Qs 0 RsUs¥s
0 0 0Py 00 RUe]
a W
_ 0 . = 2
131 — O , and B2 - W3
0 W, + V4 X5 7.103
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Note that W = ngl
1

For steady estate equation 7.98 will be

dX

where *T =0

—_ -l —
and X0='—A (B120+B2>

7.104

7.105

7.106

7.107

If’@" =1 (in all stages)Model No.3 will be exactly the

same as Model No.2
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CHAPTER 8

EXPERIMENTAL INVESTIGATION

AND PHASE EQUILIBRIA



8.1 Objectives

The objectives of the experimental investigation
were to investigate the efficiency of BTX extraction
in a mixer- settler cascade using sulfolane. A horizon-
tal cascade was chosen as an alternative to the
agitated columns used commercially in the extraction
of aromatics , since there are no comparative data on
mixer settler performance.

A synthetic reformate was made-up and used ini-
tially. This contained benzene 25.78%, toluene 17.94%
and xylene 11.28% as aromatics, and hexane 9.22%, hep-
tane 18.58%, and octane 17.18% as non-aromatics . A
real reformate cut used subsequently had the composi-
tion given later in Chapter 10. A computer simulation
of extraction 1in a mixer-settler cascade was
developed to predict the concentration profile;this was
tested with experimental data. -

8.2 Description of Equipment

The experimental extractor , shown in plate
1,comprised a 1aboratory mixer-settler unit containing
ten stages arranged to operate under counter-current
flow conditions. The arrangement 1is illustrated
in Figure 8.1.The mixer was constructed from stainless
steel, had an inside diameter of 5 cm and a height of
1.1 cm, and also acted as a mixing pump. Each mixer was
provided with a stainless steel shaft of 1 cm diameter.
six paddles each 2.1 cm long, 0.9 cm wide and, 0.8
cm high were fitted to the base of each shaft which was

mounted in two bearings and coupled to a 5 cm

diameter pulley gvery five shafts were driven by
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( 10 STAGES )

PLATE.1 MIXER-SETTLER CASCADE

181



MNVL

WNVL

[

1OVHIX3

HAYOSYD HATLIAS HAXIW HDVLS 0l J0 WYdDVId

\

4371113S

IN3AI0S

MOTd L-8 "OId

WNVL

JLVNIdIVY

182



iI!‘FIlIH_ﬂ:T———————————

three different size pulleys coupled in turn to three

pulleys also of deferent sizes . Hence the speed of the

shafts could be varied. The pulleys were driven by @
0.12 kW , 1400 rpm electric motor. Each of the agitator
shafts rotated at identical speed.

The settler , shown in Figure 8.2, consisted of a
horizontal cylindrical glass vessel 9 Cm in diameter

and 12 cm long, with a capacity of 750 mls. The ratio

of the mixed volume to the available settler volume was

approximately 1:50, which was sufficient to ensure ef-

ficient coalescence and phase separation. Regulation of
the phase separation levels was achieved by a p.t.f.e
sleeve, which could be moved up, or down, by means of a
sling and wire loop made of stainless steel. This con-

struction allowed adjustment for extremely high or low

phase separation levels.

The feed and the solvent were stored in two stain-
less steel tanks each of twenty- four liters capacity.
Flow rates of the feed and the solvent were provided by
two feed pumps of similar construction to the mixing

pumps, and operating at 2800 rpm in order to reach the

necessary pumping head.The flow rates were measured by

glass rotameters.

All parts contacting the process liquids including

the storage tanks were made of glass O stainless

steel.

8.3 Materials Used

sulfolane obtained from Fluka AG Chemical

Fabrican, switzerland, was first pre—distilled in a

packed column, 5 m in height and 10 cm in diameter. The
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maximum water content after distillation was 0.5%.
During recovery of sulfolane by distillation, its color
turned dark reddish-brown; therefore purification was
necessary prior to use and following recovery . A num-
ber of simple procedures have been described in the
literature for the purification of sulfolane (160-162) .
The procedure adopted in this study was developed by
Ceotzee et.al.(163), and consisted of four main steps.
sulfolane was stirred with 10 g/l decolorising carbon
at 80°C for six hours . This step was  followed by di-
gestion with 2 g/1 calcium permanganate for 3 hours at
90°c followed by filtration as suggested by Spurgeon
(164). Vacuum distillation was the final step and was
performed in a 2 m high , 10 cm diameter column packed
with 1.25 cm Raschig rings . The vacuum was in the
range 0.01 to 0.02 torr

211 the hydrocarbons used in this study were
obtained from BDH Limited, U.K. Refractive indices and
densities were determined for each nhydrocarbon and
were found in each case to correspond to a purity of
99.5%. as shown in Appendix I

8.4 Physical Properties of Materials

selected properties of sulfolane (tetrahydrothiophene
- 1, 1-dioxide, tetramethylene sulfolane) are listed in
Table 8.1. It offers major advantages as a medium of

proton transfer and other reactions. It 1s one of the

most inert of the dipolar colvents with respect to its

acid-pbase properties as well as other types of chemi-

cal attack, yet its relative permitivity (dielectric

constant) 1is relatively high. Tt is a very weak acid,
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TARLE 8.1 PHYSICAL PROPERTIES OF SULFOLANE

.
;
L
%

Chemical formula

Molecular weight

Specific gravity at 30/30 C

Boiling point

Freezing point
o)
Viscosity at 25 C

o
Viscosity at 100 C

o
Viscosity at 200 C

CH SO
48 2
120.17

1.266
285°C

O
27.4-27.8

10.3 cp
2.5 ¢cp

0.97'CF
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(165) and is highly resistant to electrochemical oxida-
tion or reduction (166) and to chemical attack, even by
the active atoms (167). Its main 1limitation for many
applications is its viscosity,which is approximately
ten times that of water . Typical fundamental studies
recently carried out on sulfolane included : hydrogen
bonding and proton transfer reactions (168) transport
properties of electrolytes, and the voltammetry of in-
organic compounds (169).

8.5 Phase Eguilibrium Data

The phase equilibria data of the ternary systems
hexane-sulfolane-benzene , heptane- sulfolane—- toluene,
octane-sulfolane-xylene , and the multicomponent system
aromatics-sulfolane-nonaromatics, were determined using
a Smith-Bonner cell (9) controlled at temperatures of
30°c, 35°C or 40°C respectively. A specific amount of
B (the non-aromatic) and the solute C (the aromatic)
were introduced into the cell and agitated while main-
tained at a constant temperature by circulation of
water through the external jacket from a thermostatic
path. The mixture was then titrated slowly against sul-
folane until turbidity appeared and continued until the
turbidity disappeared. Repeating this procedure at
various compositions , enabled a complete set of curves
to be obtained (170).

Analyses Wwere performed by refractive index
Abbe refractometer supplied by

measurements using an

American Optics. The solubility diagrams are shown in

Figures 8.3 to g.7 respectively, and the data are given

in Tables 8.2to 8.7
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TABLE 8.2 EXPERIMENTAL L.L.E COMPOSITIONS FOR N-HEXANE

O
BENZENE-SULFOLANE AT 30 C

wt fraction in raffinate wt fraction in extract

, N-Hexane Benezene Sulfolane N-Hexane Benzene Sulfolane
. 0.990 - 0.00S 0.006 - 0.993
0.851 0.131 0.018 0.015 0.083 0.891
0.705 0.26 0.034 0.047 0.181 0.771
0.512 0.392 0.995 0.088 0.281 0.62

TABLE 8.3 EXPERIMENTAL L.L.E COMPOSITIONS FOR N-HEPTANE-

O
TOLUENE—SULFOLANE AT 30 C

L e

wt fraction in raffinate wt fraction in extract
N-Heptane Toluene Sulfolane N-Hexane Toluene Sulfolane
0.981 - 0.018 0.01 - 0.989
0.025 0.155 0.899 0.012 0.049 0.938
0.029 0.228 0.742 0.015 0.088 0.896
0.031 0.272 0.696 0.017 0.126 0.856

oo 2 PR
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TABLE 8.4 FXPERIMENTAL L.L.E COMPOSITIONS FOR N-OCTANE-

]
XYLENE-SULFOLANE AT 30 C

wt fraction in raffinate Wt fraction in extract
N-Octane Xylene Sulfolane N-Octane Xylene Sulfolane
0.983 - 0.017 0.005 - 0.994
0.865 0.123 0.021 0.008 0.085 0.907
0.812 0.161 0.026 0.019 0.125 0.855
0.675 0.289 0.036 0.029 0.185 0.785

TARLE 8.5 EXPERIMENTAL L.L.E COMPOSITIONS FOR NONAROMATICS-

o]
AROMATICS SULFOLANE AT 30 C

wt fraction in raffinate Wt fraction in extract
N-Arcmatic Arcmatic Sulfolane Nonaromatic Aromatic Sulfolane
0.845 0.144 0.012 0.007 0.048 0.994
0.783 0.204 0.013 0.012 0.072 0.916
0.731 0.255 0.014 0.016 0.142 0.842
0.550 0.422 0.029 6.02 0.231 0.749
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TARLE 8.6 EXPERIMENTAL L.L.E COMPOSITIONS FOR NONAROMATICS-

' e}
AROMATICS.. SULFOLANE AT 35 C

wt fraction in raffinate wt fraction in extract
N-Arcmatic Aromatic Sulfolane Nonaromatic Arocmatic Sulfolane
0.842 0.135 0.023 0.017 0.06 0.923
0.73 0.245 0.025 0.02 0.09 0.88
0.66 0.313 0.027 0.025 0.115 0.86
0.58 0.39 0.03 0.035 0.145 0.82

TABLE 8.7 EXPERIMENTAL L.L.E COMPOSITIONS FOR NONAROMATICS-

o]
AROMATICS,SULFOLANE AT 40 C

Wt fraction.in.raffinate wt fraction in extract
-Aromatic Arcmatic sulfolane Nonaromatic Arcmatic sulfolane

waonatic Memtle  SORR TR

0.912 0.06 0.028 0.015 0.25 0.95
0.822 0.149 0.295 0.022 0.052 0.92
0.675 0.282 0.037 0.027 0.088 0.88

0.6 0.36 0.04 0.03 0.1 0.86
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Correlation of Data

Geometrical methods for interpolation and éx—

trapolation of tie line data have been devised by
Brancker et.al. (171) Sherwood (32) and Hand (11).
Whilst they are entirely graphical, these methods are
useful for extrapolation. The first empirical equation
describing the distribution of components in a three

component, two phase liquid system was due to Bachman

(172) .

where a and b are constants.

othmer and Tobias (173) showed that this cor-
relation is of limited use pecause it is based upon a
ternary system composed of practically immiscible non-
consolute components in the absence of the consolute

component. They, therefore,proposed that

- g [ — ] 8.2

er————————————— =

XaA XpB

where K and n are constants for any specific system at

a fixed temperature

Oon 1ogarithmic coordinates this egquation gives a

straight line. unfortunately however, the method of

Othmer and Tobias is also limited since it does not in-

clude the concentration of the distributed component.

Therefore, the most useful formula appears to be that
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of

.

Hand which correlates the concentration of the

solute in the two j i i
conjugate solutions. Hand’s equation

is represented by,

] 8.3

i.e . the logarithmic plot of (Xop/Xpapn) against ( Xop/Xpy
) 1s rectilinear

A regression analysis of the solubility data for
the system aromatics - non aromatics-sulfolane at 30°C

based on Hand’s correlation resulted in the equation

— = 0.414 ( —) 8.4
Xan XBB

where A, B, and C refer to sulfolane, nonaromatics and

aromatics respectively.
Figure 8.8 shows that the results predicted by

Hand’s correlation gave good agreement when plotted

against the experimental values The results of

regression analysis of the data for this system at

35°C, resulted in the equation:

X 0.64
XCA CB
8.5
—_— = 0.23 ( —/ )
X
Xan BB
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XcA
XAA

04 —
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01—

FIG. 8-8 EQUILIBRIUM CURVE OF SYSTEM : AROMATICS-

NON-AROMATICS - SULFOLANE AT 30°C
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and at 40°c

Xca Xcg 0.73
— = 0.188 ( — ) -
XpB Xgp

Figure 8.9 presents Hand'’s correlation for the

multicomponent system nonaromatics-aromatics-sulfolane

at 30°c, 35° and 40°c.

8.7 Computation of LLE data by UNIFAC

As applied in this work, the UNIFAC group con-
tribution method has been utilized for the prediction
of liquid-liquid equilibrium data of multicomponent
aromatics extraction systems from the limited knowledge
of binary VLE data and mutual solubilities . The
UNIFAC model requires two group-interaction parameters
(amK and akm ) per pair of groups and the group
volumes and surface area of individual groups as fol-
lows :

The activity coefficient is expressed as the sum of two

parts , namely (i) combinatorial , and (ii) residual .

For any component i , the activity coefficient is ex-

pressed as :

Iny=Inyf+Iny" 8.7

C

i i i i i b
The combinatorial contribution %', is given by

- C
. VA 9,' _}_I/_{ v 8.8
)+ Fan(g)r 65 H00

i

o=
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where 7z i - : :
15 a co-ordination number normally egual to

¥ s e & \

fracti i i
ion, eifor component i are given by

°

XiT ' . o
W = 7 = segment fraction 0; = Cl'q‘ = area fraction
Z XiF; E Xig;
= i=1
q‘_ . E [‘rle Fo= z: V‘ki)Rk 8 ° 10

Rk and Qk are the group volumes and surface area
parameters for group k . The residual contribution VR
i

, to the activity coefficient is given by :

In y# = Z vPen M= 1n TR 8,11

sl funchinnal
groups in the
mixhire

This activity coefficient [ of group k is given by ¢

InT, = Ok I —IH(Z Bmek)-—z _H_’"_TL"L -
) " 3 0T 8.12

©

The mole fraction Xy, for the group m is expressed as :

Vfi,’.t;

D
Led
X, =
T30t

group surface area fraction , Pm is expressed as :

KO
nm:—w—gl" 8.14
Z XWO"
and
O
ka :eﬁf)(_& T) 8& 15



e 4 . :
'his model requires tywo group interaction parameters

( apkr and dym ) Per pair of groups , group volumes, énd
surface areas of individual groups for estimation of

the activity coefficient

Computation of the liquid - 1liquid equilibrium
phase compositions involves solving equation (8.4) with
material balance equations (8.17,8.18, and 8.19),

using an iterative procedure based on the Newton Raph-

son method (174).

(rxpt o= (vxpt B.16
xiF o= oyt o+ (-ey xy T (d=1,2,.000) 8.17
N
-, T
” 4 = l 8@3?}
bt
[
N ,
Sxto= 8.19

6 is the fraction extracted.
: ; I
The procedure inveolves estimation for ¢ and X7 and
successive iteration until egqguation (8.16) 1is
» : ' : i ’ com=
satisfied ,theﬁ%ndgare next calculated, using the
positions just obtained from UNIFAC (174). New values

. 3 O
¢1T I calculated from eguations 8.2
of X3 and Xj are then

and 8.21.

8.20
xTI=

l + (Kl e 1)0
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I - 11
X3 Ki X3
where K. = x.1i/x. II i

i 1/X% and are lmproved upon successive

iteration until (XIIi old - I, )2
i new

3.8 Results_and Discussion

< 1078

Figure 8.10 and Table 8.8 demonstrate that the
predicted phase compositions were in good agreement
with the corresponding experimental values for the
system aromatic-nonaromatic-sulfolane. The deviation
of the predicted compositions near the plait point is
characteristic of any prediction method, but is of
little consequence since practical extractions are
never carried out near the plait point. The cause of
such deviations is that near the plait point the two
conjugate phases approach each other in thelr composi-
tions and other properties such as density, and vis-
cosity; hence the prediction of activity coefficient is
difficult

With regard to the effect of temperature on the
selectivity and distribution coefficient, the selec-
tivity of sulfolane will decrease with temperature
since the heterogeneous area decreases with tempera-
ture. The slope of the tie lines is inclined towards

the solvent, but the selectivity is greater than one;

thus the extraction is possible.

It is concluded from the above results that the

temperature had a modest effect on the miscibility

range of the systems studied . on balance considering

electivity of sulfolane, better

both capacity and s
re of 30°C

results were achieved at the lowest temperatu

203

SRR




2 0¢
o

I¥ WNYNO¥I4 ALTIIENIOS TIYINIHIZHAXE ANV QIIDICEEd 40 NOSTHYAWOD 0178 bta

2UDIOHNS 777 2D WosY ~UoN

Lt

s
=}
[a\}

J11DWOLY




0

Table 8.8 PREDICTED L.L.E COMPOSITIONS AT 30 C FOR
AROMATTCS-NONAROMATICS SULFOLANE

Compositions of Arcmatic
(Benzene 46, 799 Toluene 32.29, xylene 20,91 Vol.%),
Nonaromatics (N-hexane 21 47, N-Heptane 40.6, N-octane 37.91 Vol. %

Wt fraction in raffinate

Wt fraction in extract

N-Arcmatic Aromatic Sulfolane Nonaramatic Aramatic Sulfolane
0.843 0.142 0.015 0.008 0.052 0.938
0.781 0.199 0.019 0.014 0.075 0.910
0.725 0.254 0.020 0.020 0.149 0.840
0.549 0.420 0.035 0.025 0.239 0,735
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Good agreement was obtained between data predicted

by the UNIFAC method and experimental results as shown

in Figure 8.10.The computer program used is presented

in appendix II.
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CHAPTER 9

RESULTS OF LIQUID-LIQUID EXTRACTION STUDIES.




Introduction

A study was made of the performance of the 10-
stage laboratory mixer-settler cascade for the extrac-

tion of benzene-toluene-xylene (BTX) from a synthetic

reformate utilizing sulfolane as solvent. Prior to this
hydrodynamics of the equipment were established.
Relevant physical properties were also measured, or
predicted. Subsequently extraction was performed using
an actual reformate feed as described in Chapter 10

[}

9.2 Diffusivities

Diffusivities of aromatics in the non-aromatics
and sulfolane phases were predicted from a method given
in reference (175). An empirical modification of the
Stokes -Einstein relation was used to calculate the
diffusivities of the aromatics in both phasees at very
low concentrations i.e. < 1%

0.5
(xM) T

0.6
K Vp

where DEB = molecular diffusion coefficient of solute

A at very low concentrations in solvent B

M ~ molecular weight of solvent B

T - Absolute temperature K

4 = viscosity of solvent B, cP

Vp = Molal volume of solute at its normal
boiling temperature, cm? /g-mole

v  =association factor of solvent

B,dimansimﬁlezsv
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is best eg=-

In this calculation the value of Vv
- A

timated at the boiling point Ty

Wilke ~anpd Chang -
(176) recommend that x equals 1 for unassociated gol

vents. Anderson (177) foung that for the effect of con-

centration on the diffusion coefficient, the volume

fraction of solute is important.

where DYy = infinite dilution diffusion coefficient

X = solute volume fraction.
No activity correction is recommended (177) . The pre-
dicted diffusivities obtained are presented in Appendix
IIT.

9.3 Interfacial Tension

The 1interfacial tension of the aromatics
-nonaromatics-sulfolane system was measured by DuNoy’s
method at 30°c,35%°, 40°c. Samples of different con-
centrations of aromatics were thoroughly mixed in a
Smith-Bonner cell for 4 hours,with an agitator speed of
about 1400 rpm, at constant temperature, until equi-

1ibrium was obtained. The system was then allowed to

settle until the phases were clear and the interfacial

tension of each phase was then determined.

The interfacial tension of immiscible liquids i@

less than the larger of the surface tensions of the
Quantitative prediction may be made

component liquids.
ateg that for two

with Anteonoff’s rule which 8t
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dividual surface tensions of the two mutually saturated

phases under a common vapour or gas

6=06,-6 9.3

i
i

19}

The experimental interfacial tension data were in
reasonable agreement with predictions using equation
9.3. The interfacial tension data at 30°C were corre-
lated using regression analysis, and the correlation
obtained was

o =20.7 %97 9.4
where X, is the total concentration in the system.

9.4 Calibration Technigues

Calibration graphs for measurements of the concentra-
tion :

The aromatics concentration in each phase was cal-
culated from refractive index measurements using an

Abbe refractometer. This method was preferred because

samples of small size (0.2-0.3ml) were required. A

graph of concentrations vs refractive index was con-

structed for each phase; these are presented in Appen-

dix IV.

@

Calibration graphs for measurements of the flow rates :

: 3 ki
The two rotameters used in the mixer-settler unit were

‘ ° here it was neces-
calibrated with water at 20 C. Therefore it was n

i ' tpel ental
sary to recalibrate +hem using the two experimen ;

phases,namely the feed phase (aromatics B55%, non-
) and the sulfolane phase. The calibration

ven in Appendlx IV.

aromatics 45%
graphs for these fluidse are gl
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9.5 Operating Procedure

The feed contained 55% w/w of

aromatics

(benzene, toluene and xylene); a typical composition is

shown 1n Chapter 8. The aromatics concentration was

restricted to 55% for the following reasons:

1) The 55% feed concentration matches the concentra-

tion in most reformates.

ii) Such a feed concentration could be expected to

ylield a reasonable difference in outlet raffinate
and extract concentrations from the different
stages, hence minimizing experimental error.
iii) Such a feed concentration results in a
reasonable mass transfer driving force,

The feed was prepared by mixing the requisite
amounts of feed components (benzene, toluene, xylene,
hexane, heptane,and octane) A sample was withdrawn to

check +the concentration using the refractive index

method.

At the start of each run, the cascade was filled
with the continuous solvent phase followed by the feed

and the interface was adjusted to correspond with the

mid-position in the settler. The agitator speed was set

+o the desired value; feed and solvent flow rates were

then adjusted to give the required phase ratio. This

was normally achieved by fixing the feed flow rate (10

ml/ min) and changing the solvent flow rate. The range

of phase ratios covered wag 1:1 to 3:1. Other variables

investigated were the mixer speed;(400 rpm to 1080

rpm) and the temperature which was maintained in
i . .

‘ Os 40P (+1°C) respec-
separate experiments at 30%¢, 359, 40°C(+17°C) respe
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t o .
1vely by heating the feed tanks thermqstatically and

by controlling the temperature of the laboratory, 1In

all cases, a time of 30 min was found to be sufficient

to reach equllibrium, resulting in homogeneous disper-

slons , but indicated by a4 steady concentration

profile.

Steady-state holdup in the mixer was measured by
both the rapid shut-off and displacement methods (178) .
In the former the valves in the feed and exit lines
were rapidly and simultaneously closed; the fractional
volume of the dispersed phase was measured after com=-
plete phase separation had occurred.The results agreed
in all cases with a deviation of <1% , which was not
unexpected with a mixer-settler .

Because it was impractical to photograph droplets
within the mixer directly, drop sizes were measured
using a graduated capillary tube inserted into the
mixer through which samples were withdrawn. A graduated
microsyringe was used to withdraw the sample and to es-
timate the volumes of individual drops. The capillary
tube was calibrated and the volume of 5 or 6 drops

withdrawn at any one time could hence be read ac-

curately and the volumes calculated Up to 50 drops

were counted for any one mixer and operating condition.
There were no visual indications of either drop break-

up or coalescence occurring in the tube during gampling

and measurement.an Abbe refractometer was used to

measure the refractive indices of samples of raffinate

and extract after steady state was attained; the co-

[ )
—
N>




ncentrations were then determined by reference to the
calibration charts obtained previously and checked by
material balance calculations

9.6 Results and Discussion

The Murphree stage efficiencies, and recoveries of

aromatics were measured in each stage. For this purpose

the stage efficiency was defined by equation 6.22 Al-
though the cascade consisted of 10 stages, it was ob-
served in initial experiments that the percentage
product recovery, and hence the stage efficiency, both
leveled-~off after only 4 stages. This is illustrated
for example in Figures 9.1 and 9.2. It was concluded
that four stages were sufficient to give acceptable
values of recovery and efficiency and the remainder of
the experimental work was carried out using these only.

9.6.1 Hvdrodynamics

Hold-Up

Hold-ups were determined of both mutually-
saturated phases and in the presence of mass transfer .
The effect of mixer speed on dispersed phase hold-up
(Pp) was studied,by plotting (@p/P,) as function of
mixer speed, wheref@p is the average holdup of the dis-
persed phase and @, ig the fraction of dispersed phase

in the feed. When the agitator speed was varied from 3

rps to 20 rps, Pp/Ps varied widely,i.e., from 0.1 to

0.97. Figure 9.3 shows that holdup in stage 4 reached

an asymptotic value at an impeller speed of 17.5 rps

(1050 rpm), and this value was therefore used in all

e n itself is
Funs involving mass transfer. The phenamenon itself

in agreement with the observation of Thornton (118) and
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Treybal (71) that

dispersed phase hold-up in a con-

tinuous mixer-settler approéches the Volume fraction of
the dispersed phase in the feed with increasing im-
peller speed |

The mutually-saturated hydrocarbons were used
for the study of hydrodynamics in the absence of mass
transfer. This is the conventional means of reducing
the amount of experimentation required (180) . However,
it is based on an assumption that the concentration of
solute and transfer rate does not significantly affect
the phase physical properties and hence the drop sizes.
The difference in physical properties between the
saturated and the original feed containing both
saturates and aromatics is reflected in the slight
difference in the fractional holdup in stage 4 shown in
Figure 9.3.
Drop-size

Drop sizes were determined under mass transfer
conditions .The range of drop sizes observed in the
mixer was generally between 0.41 and 0.67 mm. In all

cases some droplets were produced which approached the

secondary dispersion size range, i.e., <0.3 mm, but

these created no difficulties in the settler because,

at the energy inputs used, they were a small proportion
of the dispersed phase.

The mean drop size varied with rotor speed, hold up,

and system physical properties. A8 ghown in Figure 9.4

for stage 4 the Sauter mean drop diameter at constant
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rotor speed increaseg

linearly with holg up due to the

change in balance between Coalescence effects and

droplet break-up.

Experimental values of d4y, were compared with the

correlation of published data (118) . Although such data

were carried out without a settler and, more impor-
tantly, the ratio of impeller to tank diameter was
0.386 compared to 0.97 in the present work, the average
difference between mean drop sizes under corresponding
conditions was approximately 20%. The difference is al-
most certainly due to the different geometric con-
figuration of the mixing systems, and also to the
presence of a settler in the present work, which
created a back pressure. Only one correlation has pre-
viously been published for drop size and hold-up in the
mixer of a continuous mixer-settler (4). Such a cor-
relation can be derived by dimensional analysis involv=-
ing the physical properties of the system, operating

conditions, and impeller diameter, to yield,

d32 = f(vad,Vc/ }Jd/ uc, Oi, pm, di) 9.5
d

32 a r p Hay

dy EWe)” ()" ) 9.6

c
where r is velocity ratio of phases Vg/Ve
¢ o ;J‘

d 203 Pmoa , x B Fd Ly )
,...,.3,2- = K (N (51':: ) (l+r) (M ) 8,7
di i c



Calculation of the exponents a« B, p
[

and the

value of the constant K from the experimental results

in the present work yielded:

32 ~0.38 , r 0.326 M3 -0.12
= 0.13 L .
dj_ 3(We) (l-H:) (“ﬁ‘;) 9.8

This equation described the data with a cor-
relation coefficient of 0.98. Figure 9.5 shows that the
measured experimental values lie within +3% of those
calculated using equation 9.7. In Table 9.1 the ex-
ponents are compared with published results for re-
lated, but not identical systems. No data are available
for drop size in the mixer section of a mixer-settler
cascade. The exponents of N and d; agree with reported
work to within 24% and that of (r/l+r) of 0.326 agrees
with the reported work to within 67%.The exponent
of ( mg/ wm.)agrees with the reported work to within

42% . The differences in the exponents of di,N, (r/l+r)

(=]

and ( pg/ RBg) may be due to the differences in mixer

geometry, impeller size, and position in mixing vessel,

and the presence of the settler and the ratio of d;/dgp.

Moreover although, the interfacial tension were similar

(116) g and AP were significantly higher in the
¥ !

present work . The change in drop size with stage num-

ber at different phase ratios is shown in Figure 9.6.

Phase Inversion

Following the procedure used in previous inves-
in continuous differen-

tigations into phase inversion

(180) ,the agitator speed and the con-

tial contactors
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Table 9 ~ )

ON GROUPS AFFECTING DROP STIZFE

Group This work Published data Reference
eXpOHeUtS range of

We ~0.38 -0.58 Hossain

N ~0.76 -1.0 to -1.5 Arnold

D -1 .14 -1.0 to ~2.0 Arnold

YT -0.12 ~-0.21 Hossain

1 /i

(r/1+1) 0.326 1 - 1.02 Buoyatiotis

and Thornton
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tinuous phase flow rate were kept constant and the dis-
bersed phase flow rate was then increased incrementaly

by between 2% and 5% until phase inversion occurred. A

flow being gradually decreased incrementaly. The im-
peller speeds used were 400, 800, 1050 &1400 rpm since
below 400 rpm dispersion was not uniform and above 1400
rpm effective separation of the phases was not obtained
in the settler due to the formation of a secondary
haze. |

A dispersion was classified as being either non-
aromatic or sulfolane phase continuous, by testing with
the addition of an organic soluble methyl red dye. The
dye was used at a concentration less than 0.01%, at
which concentration it had no significant effect on in-
terfacial tension (181).

Conditions in the settler changed when phase inver-
sion occurred in the mixer. The onset of inversion was
not instantaneous, and it required of the order of 30-
35s to appear in the settler. Similar time scales have
been observed by others (116) . Phase inversion oc-
curred consecutively in each stage, with a well-defined
time lag between successive stages. This time lag was
found to the approximately 60s due to the time taken
for each downstream stage to reach the point of inver-

sion equilibrium.

Figure (9.7) shows the variation of the inversion

point with agitator speed for different dispersed and

continuous phase flow rates.

o
o
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9.6.2_Mass Transfer Results

Figures 9.8 and 9.9 show the effect of the three
variables namely the phase ratio, mixer speed and the
extraction temperature on the recovery of aromatics. In
Figure 9.8, the percentage recovery increases sharply
with the phase ratio until it reached an asymptotic
value of 2.5:1 to 3:1. The effect of the mixer speed
and extraction temperature on the recovery of aromatics
is shown in Figure 9.9. Within the temperature range
investigated, the temperature had a considerable impact
on the recovery. The mixer speed, had a greater effect
on the recovery as the extraction temperature
decreased.

At a phase ratio of 1:1 and temperatures of 30%
,35%C and 40°C respectively the stage efficiency
decreased with stage number. Typical results are shown
in Figure 9.10.At a phase ratio of 3:1 the stage ef-
ficiency decreased more sharply after the first stage
as typified by Figure 9.11.For the phase ratio 3:1, the
efficiency could exceed 100% as in Figure 9.11. In fact
it 1is possible for Murphree efficiency in mixer-
settlers to achieve such a high efficiency as reported
earlier by Scheibel (182) and recently by Milos and
Stanley (183).The Murfree stage efficiencies,and
recoveries of aromatics were measured in each stage.For
this purpose the stage efficiency used as defined in
equation 6.22.The equilibrium concentrations were pre-

dicted for each stage from the comprehensive data pub-

lished elsewhere (179).
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9.6.3 _Calculation of Overall Mass Transfer Coefficient

Calculations of the overall mass transfer coeffi-
cient from correlations developed for single drops
depend, as discussed in Chapter 4, upon the Reynolds
Number. Droplet oscillation commences in regimes of
flow with droplet Reynolds Number >200; below this un-
til Re<l0 circulation predominates whereas at low

values drops are stagnant.

For the purposes of calculation it was assumed
that given the mixer geometry with small agitator-wall
Clearance, and the relatively high agitator speeds, the
turbulence would be such that all drops would be in the
oscillating mode . Furthermore the local velocity of
each drop was equated to the agitator tip speed . Hence

for example a typical Reynold’s number would be

dPVP 0.06x3.14x4.85%x1050%x1.26

Re= = = 201 9.9

# 60x.103

Furthermore recent work in agitated columns (188) has
determined that best agreement is a generally obtained
with oscillating drop correlations

The correlation developed by Rpse and Kintner for
single oscillating drops (61), was applied to predict

kg since this has been generally recommended (184)
o *

5
Kog=0-45 (Dgwf*

where M
231



ob n(n—l) (I‘H—l) (n+2)

2
W == ————
9.11
3
. (nt1) 2+ np
d c
and i
0.225
do
n =2 and b = 9 12
1.242

Dg 1s the diffusion coefficient in the dispersed
phase, and w 1is the oscillation frequency.
Garner and Tayeban’s (79) correlation was used

for the continuous phase coefficient Koo -

= 50 + 0.0085 Re sc9-7 9.13
c
where D, is the diffusion coefficient in the continuous
phase.

The overall mass transfer coefficient for oscil-
lating drops was estimated from equation 4.55.

The experimental overall mass transfer coeffi-
cients are compared with those calculated from single
drop correlations in Table 9.2. Clearly there are con-
siderable differences between the values, which can
only be interpreted by the phenomena of coalescence-

redispersion and associated surface renewal effects

which predominat wﬂﬂEUMMWfWL““%5®W~Q“(h%ﬂudiwkw%fhig
resistamcd oneY estab\ishad: .
For example a rate of interface generation of 1640 to

3280 m2/m3 has been reported. As has been pointed out
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by Al-Aswad (184) there is also some doubt regarding

the use of dy,, rather than the distribution, in pre-

dicting mass transfer in agitated systems

234



Chapter 10

EXTRACTION OF ACTUAL REFORMATE
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value as motor gasoline blend stock. If benzene,toluene

and xylene are removed for use as basic chemicals,the
gasoline reservoir, or pool » has to be compensated for
the loss of its more important high-octane components.

The crude o0il received by the refiner contains
a fraction in the 65°% - 1759¢ boiling range. It is
separated by distillation , but is of little wuse in
gasoline or as a chemical feed- stock because the con-
centration of aromatics,and thus the Octane Value, are
low.

The process of reforming consists of passing a mix
ture of hydrogen and vaporized hydrocarbons over a
catalyst containing platinum and rhenium at controlled
temperatures and pressures. The Octane Number improve-
ment results primarily from:

1) The production of aromatics by dehydrogenation
and by dehydrocyclization of paraffins;

ii) Isomerization of paraffins;

1ii) Hydrocracking of heavy, low octane paraffins
to light, higher octane paraffins.

Reforming reactions are typically carried out at a
temperature between 454°c-552°C and at a pressure be-
tween 34 and lSOkg/cmz. These reactions are
predominantly endothermic. Therefore heat must be added
to keep the reactions going. The heat of reaction is

between 110 and 275 Kcal/kg of naphtha feed, depending
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on the feed-stock and on the severity of operation.

This heat is addeq by passing the stock through fur-
naces between the reactors,

Large volumes of hydrogen are circulated with the
feed stock. This hydrogen, which jis produced by the
reforming reactions, plays an important part in the
process because its pPresence helps to control the rate
of formation of coke on the catalyst. a high recycle
ratio helps to promote a low rate of coke laydown, and
correspondingly a low rate of catalyst deactivation.

Reformates usually contain about 50%
aromatics,almost half of which are ¥Xylenes and a
quarter benzene. The nonaromatics proportion containsg
almost no naphthenes but upto 5% olefins.

10.2 Production of Aromatics

The aromatics cannot be separated from the non-
aromatics by distillation. The major sepération methods
are extraction and extractive distillation.

If the heart-cut reformate contains appreciable
nonaromatics, extraction may be necessary to prevent
the accumulation of nonaromatics in the processing
loop. Some isomerization processes are capable of
cracking the paraffins but at the expense of additional
hydrogen consumption.

The choice of extraction solvent and the ad-
vantages of sulfolane are discussed in Chapter 8.

The reformate used in this investigation was ob-

tained from the Kuwait 0il Company (K.O0.C.); the

details of reformate composition are tabulated in Table
10.1 based upon the GLC analysis given in Appendix VI
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Table 10.1

REFORMATE COMPOSITION

Component Wt percent
Pentane 5.12
Hexane 8.81
Heptane 19.72
Octane 10.37
Benzene 1.58
Toluene 14.71
Xylenes 20.42
C - Benzene 15.47
Cj— Benzene 3.80
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10.3 Parameters Investigated

The parameters investigated were similar to those

for synthetic reformate ag described in Chapter 9.

This enabled a direct comparison to be made between the

results. The presence of Cgr Cqp aromatics, and Cg

paraffins in the actual reformate constituted the main
difference. There were also differences in percentages
of each component as between the actual and synthetic
reformate,but this was inevitable given the normal
variation in reformate composition even from one
refinery (ie.within the 50% to 55% aromatics the varia-
tion in actual proportions of benzenes, toluenes, and
¥ylenes is not controlled)

As described in Chapter 9 the agitator speed was
set to 1050 rpm to obtain the optimum interfacial area
without forming a haze. Consideration of the effect of
temperature on the distribution coefficient (Figure
8.5 ), indicated that the maximum value was obtained at
30°C. Therefore a temperature of 30°C was maintained
throughout the study. The phase ratios covered were in
the range 0.5:1 to 3.25:1. At the start of each run,
the cascade was filled with the two phases,as described
previously, and the interface was adjusted to cor-
respond with the midposition in the settler.Operation

was then as described 1in Capter 9 with a feed

(dispersed) flowrate of 10 ml/min . Gas chromatography

was used to analyze both raffinate and extract frac-

tions for their chemical compositions.



10.4 Results ang Discussion
_—\

The recovery of aromatics in each stage was

measured and is illustrateg in Figure 10.1. The highest

recovery, of about 99.5%; was achieved after stage

four at a phase ratio of 3.25:1. The slight difference
in the optimum phase ratio with that found when using
the synthetic reformate is attributable to the dif-
ference 1in concentration of aromatics in the two
feeds. The synthetic reformate used was 55% aromatics
while the concentration of the aromatics in the actual
reformate was 56% .Morever as already explained there
were differences in the concentration of each in-
dividual aromatics component. The composition of the
actual reformate is shown in Table 10.1; by comparison
the earlier synthetic reformate was taken as typical
based upon reference (5). The component with the
highest distribution coefficient (benzene) was present
in smaller quantity in the actual than in the syn-
thetic reformate .

Figure 10.2, shows that the recovery of aromatics
increased with phase ratio to reach a maximum of 99.9%
at 3.25:1. The percentage recovery of each individual
aromatic component at the different phase ratios is
shown in Figure 10.3. The percentage recoveries were in
the order benzene >toluene > xylenes > and C3—benzene >
Cy,-benzene. This 1is due to the distribution coefficient
being greater than that of toluene, which

of benzene

is in turn greater than that of xylene as shown in
Chapter 8.
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As describeg Previously hold-ups were again

measured, in the Presence of mass transfer only, by the

rapid shut-off method. The drop sizes were measured

usinga graduated capillary tube inserted in the mixer
and through which samples were withdrawn. As shown in
Figure 10.4 for stage 4 the Sauter mean drop diameter
d;5, increased linearly with holg up. The range of drop

sizes observed in the nixer was generally between 0.42

feed. The hola Up range was between 0.125 and 0.193,
and not directly comparable with earlier results be-
cause of the increased phase ratio

The hold up was related to the corresponding flow
rate of dispersed phase and is illustrated in Figure
10.5.This demonstrates the decrease in hold up with
decreasing dispersed phase flow rate through the stages
from four to one .The practical significance of this is
that (other than with oversized settlers) the facility
for dispersed phase-interface coalescence,ie the set-
tler size,would need to be 50% greater at the feed in-
let end.Figure 10.6 illustrates the change of dispersed
flowrate at each stage to exemplify this point.

The difference between the composition of syn-
thetic and real reformate had some effect on diameter

of drops;this is shown in Figure 10.7. and partly ex-
plains the variation in hold-up Clearly in an in-
dustrial situation it would be important to cover the
complete range of possible reformate compositions be-

cause of the dependence of mass transfer efficiency on

i ) ibution coefficient.
dy5, and X and of Ac on the distr

244



o
™

Phase ratio

o
3

S
D

o
wn

©
b

i

3.25:1

]

=
o~
(3]
o
-
L
v
£
3
o
c
I
@
=
b
v
3
T
)

O
ot

Fig 10.4

[Re]
I~

wn

018 020 022
Hold up

SAUTER MEAN DIAMETER d,, Vs HOLD UP



!
)

0.22

0.20 -

T i |

1050 RPM

Phase ratio 2.

25

|

o1

!

I

!

10-5 HOLD UP VS FLOW RATE OF DISPERSED PHASE

Flow rate of dispersed pnase, g/ min

A

246

5

6

7

8

9



Flow rate of dispersed phase, g/min.

Fig 10.6

i
B I
1050 RPM
Temp. 30 C

2 3 4
Stage number

FLOW RATE of DISPERSED PHASE vs STAGE NUMBER

247



o
~3

I

Phase ratio. 3:1

©
o)

o
w

©
~

Sauter mean diameter d,,mm

!

O
w

‘Stage numb

10-7 SAUTER MEAN DIAMETER d32 vs

AND SYNTHETIC REFORMATE.

248

1 2 3 4

er

STAGE NO FOR REAL



IIediCthIl o] ()Ve n C { i._
.Lall maSS 1 i

C . . .
1n the way described in section 9.6.3 r wWas not pos-

sible with the actual reformate because the equilibria
of the multicomponent system were not predictable
10.5 WMHA@I&

The detailed results Obtained by applying Model
No.3 in Chapter 7, are given in Appendix VII . The
results are shown in Figures 10.8 ang 10.9 together
with the experimental results obtained from the pre-
vious Figures 10.1 and 10.2. Comparing these results it
is clear that the overall mass transfer coefficient
which would most~closely fit the experimental result
ranges from 0.06 sec™! to 0.08s sec™lfor the phase
ratio 3:1, and from 0.05 sec™1 to 0.075 sec™t for phase
ratio 2:1.Interestingly these compare well with the ex-

imentally determined coefficients for the synthetic

'

H

e

)

eformate (0.06 sec™tat 3:1 and 0.04 sec™t at 2:1).

The slight differences between the experimental
and mathematical models resdlfs are probably at-
tributable to the assumptions used in the model, espe-
cially those of linearity of the equilibrium relation-
ship and constant phase flow rates throughout all the
mixer-settlerstages. However the reduction in overall

ici ' is i t with ex-
coefficient with stage number 1s 1n agreemen

perimental results
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11.1_Conclusion

11.1.1_Sulfolane as a Solvent

As described in Chapter 2,

a comparison of miscel-

laneous physical properties of available solvents with
the corresponding properties of sulfolane shows that
sulfolane is the best solvent to extractaromatics. Its
specific gravity, viscosity, and interfacial tension
are within the ranges which make for high extraction
efficiency and volumetric capacity in extraction equip-

ment .

Data were obtained in this study on the properties

of sulfolane as an extractive agent of aromatic
hydrocarbons from mixtures composed of aromatic and
aliphatic hydrocarbons .The selectivity and the dis-
tribution coefficient did not have constant values over
the complete heterogeneous area

The selectivity of sulfolane decreased with an in-
crease in temperature , since the heterogeneous area
decreased with an increase in temperature . The best
recovery of aromatics was achieved at a temperature of
30°C at which the distribution coefficient was the

highest ( Chapter 10 ) .

. 11.1.2 Mixer-Settler Characteristics

11.1.2.1_General
As would be expected, because of the range of in-

terfacial tension (20-29 dyne/cm) the mixer settler

cascade worked well e.g. with stage efficiencies of

about 100% . Operation was stable and startup easy ex-

] i : solvent: feed
cept at the highest phase ratio of 7 1 ( )

when injection of the dispersed phase was difficult .No
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seconda i
ry haze formation OCcurred at reasonable levels

of agitation ( <1050 Ipm ) . However the rétio of set-

tler to mixer volume was 50:1, so a realistic test for

the settler arrangement was not possible

The work confirmed that for systems of reasonably
high interfacial tension and significant density dif-

ference between the phases ( €.g. 0.56 ) a mixer- set-

tler cascade with simple gravity settlers is a viable
alternative to continuous differential columns

11.1.2.2_BTX Extraction in a Mixer-Settler Cascade

As summarized in Chapter 9 , BTX extraction was
efficiently accomplished in the mixer-settler cascade
at a solvent to feed ratio of approximately 3:1 . By
comparison the ratio used commercially in an RDC is
10:1 (5) .Therefore, despite the increased inventory
associated with interstage gravity settling , which was
not minimized in the present study, a mixer-settler
cascade is technically a viable alternative for BTX ex-
traction

Under the optimum conditions used in the present
work < 5 stages would be adequate .

11.1.3 Prediction and Modelling of Mass Transfer

Performance

Comparison of the experimental overall mass trans-

fer coefficients with predicted coefficients (based

upon the correlations in Chapter 9 ) for the synthetic

reformate showed that the experimentally—determined

values were always greater by a factor of 1.5 to 3.1

depending on the stage qumber i.e. the prevailing

hold~up Since the predicted values were calculated on
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the assumption that all the drops were in the oscillat-
1NG regime ( because of the relatively large agitator

diameter and smal] agitator to wall Clearance ) the

enhanced mass transfer in practice can only beexplained
by a coalescence-redispersion mechanism (17s).

Because the real reformate comprised many com-
ponents it was difficult to bPredict the overall mass
transfer coefficient from theory or to evaluate ac to
calculate experimental values . The model applied in
this case involved prediction by assuming a value and
checking the concentration profile by trial and error
until a match was obtained with the experimental data
These predictions indicated that the overall mass
transfer coefficient was in the range of 0.05 sec™ to
0.075 sec™ ! for a phase ratio of 2:1 , and 0.06 sec™?
to 0.085 sec”™! for a phase ratio of 3.25:1

By comparison with the synthetic reformate the
experimentally-determined overall mass transfer coeffi-
cients under similar operating conditions were between
0.02 sec™? ,0.04 sec™! at in phase ratio of 2:1 , and
0.03 sec™! to 0.06 sec™d at a phase ratio of 3:1,which
considering the circumstances,was good agreement.

However whilst the predicted values are therefore
of the right order of magnitude, the limitations im-
posed in the use of the model were insertion of a
single value of overall coefficient whereas in fact it
would be expected to vary between stages, because m and

the physical properties vary .Therefore a good fit was

not possible between the predicted and actual con-

centration profiles
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Despite the differences between the results for

the synthetic and actual reformates, the simplification

of basing the main part of the study on the synthetic

reformate appears justified . 1t enabled a comparison

with theory which is not possible with a complex multi-

component feed .Morever it vielded phase equilibria of

general application.

11.2_Recommendations for Future wWork

The following areas of further work would logi-
cally follow-on from the present investigation ;
1. An investigation could be made into the increase in
selectivity of sulfolane achievable by the addition of
water as antisolvent . The selectivity is thus improved
by increasing the Xaa/¥Xap ratio rather than by at-
tempting to improve m ,the distribution coefficient of
solute, which may actually be lowered. The dosage of
water in a solvent for a particular feed-stock can be
adjusted in such a way that maximum selectivity is ob-
tained for the required recovery of the aromatics.
However, the use of water in the solvent recovery step
is disadvantageous since more thermalenergy is re-
quired, and, in addition, water can cause corrosion.

An alternative approach would be to use a combina-

tion of solvents so as to balance the selectivity and

solvency functions. Such a combination (such as NMP and

DEG ) of solvents has the advantage of lower consump-
and lower solvent: feed ratio, with con-

tion of energy,

sequent reduction in the dimensions of the extractor.
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5. .
An economic study would bpe useful into the ap-

plication of a mixer settler cascade instead of an RDC

for the Sulfolane Process. Whilst the processes for

solvent and solute reécovery would be identical, the
variables to be considered include the solvent: feed
ratio and the power consumption during agitation and
interstage pumping.
3. An investigation could be made of any limitations
on settler design, e.q. employing a standard gravity
settler with a settler:mixer ratio of 1:5,andof the im-
provement obtainable with coalescence aids
4. Although the laboratory mixer-settler used had a
high efficiency, it had a low volumetric
throughput.Therefore for further work the design of
this mixer settler should be improved. This could be
done by application of centrifugal force to the settler
This yields many times the forces available under

normal gravity conditions thereby enhancing the separa-

tion. By rapid rotation of the entire mass of liquids
involved in extraction, as in a centrifuge , the pres-
sure

head available to force the liquids through the equip-
ment could be greatly increased. This results in much
higher liquid throughput with a shorter time of contact
between the liquids. Such centrifugal extractor reguire
smaller floor space andheadroom compared to conven-

tional units of equal capacity.

5 A thermodynamic package based on UNIFAC can be

developed, and introduced into the model given in Chap-

ter 7 to handle complex petroleum fractions .The object
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would be to evaluate distribution coefficients for each
cut An investigation would also be useful to improve

prediction near the plait point by improving the inter-

action parameters of UNIFAC

6. Based on this study a computer package could be

developed to evaluate the performance of a mixer-
settler in the extraction of anylparticular system of
industrial importance in which m varies with concentra-
tion . The model used in this study applied the
experimentally-determined overall mass transfer coeffi-
cient to determine the rate of mass transfer in each
stage. However, a useful approach would be to intro-
duce UNIFAC to predict the distribution coefficient in
each stage and hence , using equation 4-1 ,the overall
mass transfer coefficient ,which otherwise requires ex-
perimental determination .Conversion of the model to a
basis of solute-free flowrates would also avoid the
limitation associated with impredictable variation of

flowrates with stage number.
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of Hydrocarbo
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REFRACTIVE

INDEX

DENSITY (g/ml)

N-HEXANE

N-HEPTANE

N~-OCTANE

BENZENE

TOLUENE

XYLENE

1.372

1.385

1.395

1.488

1.494

1.483

0.70

0.87
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PRGGRAM UNIFAC
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AR e s R R N R A LA L L s

PROGRAM UNIFAC (INPUT,QUTRUT ,TEPES=INRUT,TAPEE=CUTPUT)

PUKPOSE
CALCULATE E£STIMATES COF ACTIVITY CCEFFICIENTS IN NON-
ELECTROLYTg LIAQUID MIXTURES,

HETHOD
CCMBIHES THE SOLUTION-CE-FUNCTIONAL-GFOUPS CONCERT WiTH
A MOUEL FOF ACTIVITY COFFFICIENTS GARSEL ON AN EXTENTION

CF THE GUASI-CHEMICAL THEORY OF LIOQUID RIXTUKES (UNIGRUAC).

REFERENCLS

CT)FREDENSLUNE J A,y JONES R, Lo PRAUSHITZ ,J M, /AICKE .
21,1086 (01975) .

(2)YAERAMS ,D.S 4, FRAUSHITZ,D.M./AICHE J.21,116(1975).

(2)SKJOLD-JORGENSEN ;S XGLER E oy OFEHLING 3 oo PASELSSEN,F Qs

. TeEoCoPROCCESDEVey1c(6),716(107%)

(L)Y IARKARIANG oA oy ANDERSON s Fuba yBOYD s doh o, FRAUSNITL 3o ey

1.FEaCoPRCC.DESDEVa,TE(L),65701%7C)

PROGRAMED LY R.L.JUNES EAY 75,
REVISIONS AND MODIFICATIONS BY T.F.ANDERSGN  OCT 76
FUKTHER REVISIONS AND MODIFICATIONS EY F.t. ALDERSON K(V. 79

DIMENSION MOL(5y11>'XHOL(11),COFLN(11).RLSLN(11),ALGAC(11).
ACTCF(11)yIDGP(6,11),NOGP(6,11),NGMOL(11).AL(11),
RI(11).GI(11),06PI(0.11),QGP(11),PARH(11.11).10(11)'
Gsun(11).ﬁ(11),TNAM(3.11) A

DIMENSION GNAH(}.E]).QG(&1),RP(81),PARAM(L(,AZ).NKTAE(E1),
KODE(CLZ:42) .

dimension xf(?),)e(T).xks(Y),xrn(?).actfr(Y).actfe(V).xr(7)

‘7

DATA LNK /7

D PARAM RAVE BEEN SET 10 42x42

] - ] DE AN
NOTE:z DIMENSION COF KO FORMAT

BECAUSE OF INPUT BY AN IMPL1ED DO~-LOCP AND
A 4003.

LUI=5 «
Luo=6

Lup=10

nnn=0.0

mmm=0

phi=0.1

ge lta=C. 10

READ DATA BANK.
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105
106 ¢
167 :C
106:C
109 :C
110 =

14
1%
4001
4LQt2
40Q¢

40Nl

NSV

A

35

4t
40

45

55
60

READ (LUL,4001) KMG,HSG

RE AD (LUD,4002) (ew(x),RN(I),NKYna(I),Gxnncx),1=1,Mscn
READ (LUL,4002) (VO CI) , PR (1) L HRTEGLI) , (GNAM (U, 1) ,0=1,3) 121N
’ ¥

WRITE (6,1)
FORMAT (717)
WEITE (6,*) KSG
p0o 10 1=1,KS0

WRITE (2,5) 1,0G(1),RR(1),\NKTAD
FORMAT (15,5%,2F10.8,110, 10X, PA4,42)

CONTINQE

WRITE (€,1)
WRITE (6,4 NMO
DO 15 1=1,400
WRITE (&6,*) 1

READ (LUD,&03D) (kODL(:,J),PﬁRAM(E,J),J:1,Nmu)

N0 1h JT1NMC

WRITE (6,%) L KOLECT 3y
CONT INUE

FoRMAT (D12)

FORMAT (F(2FT.4,12,810),2%)
FORMAT (Z(?F?.H,IZ.ZAQ.AZ),ZX)

FCRMAT (7(11,F9.2),10X)

gcap COMFONENTS ANV wuMBER QF GR

Ltk = 1gH
J =1

READ (541001 MOL(1.J).MOL(Z,J),NGHGL(J)
R AR (5,1051) NGHOL(J),(noL(x.J),n=1,s)
1F (MoL{1,J).EG.LNK) GO Y0 35

J =4+ 1

6o 10 30

1F (JeECG.T) STGP
NSPS = J — 1

p0o 40 J=1,NSPS
NN = NGMOL (J)

READ (5,1002) (NCGP(1,d),100
READ (5¢%) (NO&P(I,J),IDGD(I.J).I=1

NGPT = 0 ~

p0 60 J=1,NSPS

NN = NGMOL(J)

DO 55 I=1,NN

IF (NGPT.EG.(U) GC 1C <0
DO 45 RK=1,NCGPT

IF (IDGP(I.J).NE.ID(K)) 60 TC «5

1pGP (I4d) = K

GO0 TO 55

CONT INUE

NGPT = NGLPT + 1

1D (NGPT) = 10GE(I4J)
IpGP (I,4d) = LCPT
CONTINUE

CONTINUE

PRINT survarY CF INPUT rATA.

WRITE (¢,2CC1)

264

(1), (GHAMCI, 1) 3 d=1,3)

oUPS PIR LONPONENT.

P(1yd) s1=12NN)



111:
112:¢
113:
114:
115:
1162
117:
114 :
119:
126:¢ 61
121: A1
12¢: 6
123:¢C
124:C
125:¢C
12¢:C [
127: 63

-
J
.

9

—
A rsr

— =
AN A NN

TA

BT eh we se e we e ar s we 4w as

O ~NO VPR GIiF o

-
F 2B W Pe)

145: 3001
1466 :

147:

148 ¢ 65
169:C

153 :¢C
151:¢C
152:

153:

154
155:¢C 7C
156 7C
157
158:¢
159:

16G:
161:¢ 75
162: 75
163:22¢
164:C
165:C
166:¢C
167:

e

DO 62 L=1,NSPS

WRITE (6,2C020) ”(L(1.J),FOL(Z,J)
YRITE (6,2002) (FbL(&.J).K 1,%)
K '8 NGMOL (J)

DO 61 1=1,K

=LIDGP (I L)
L = Ip(L)
Moo= NKTAB (L)

NUM = NOCP(I1,J)

WRITE (6,20393) CNAM(L>.n,L,an GQ(L) ,2R(L)

WRITE Tp,200%) ((Na M(LL,L),LL 1,}) My Ly NUF QR PR (L
CONT INUE

PEAD TLMFERATUKE AND NUMEBK OF MIKTURES TG RE CeLCuLzT:p.

READ (5,1003) TEr+,MNIX

READ (Y, %) TEMP, NMIY

IF (NMIX,FG.D) MMIX = 1

1F (TEMP,.LT.200.) GO TO 25

DC €5 I=1,LCGPT

K o= ID(I)

K = NKTAQ(K)

CO &5 J=1,HGPT

L IDCJ)

L NKTAL (L)

IF (LJEG.K) GG TO 6%

IF (KODE(K,L).£Q_0) GO TG ¢4

WRITE (6,20C9)

IF (KODE(X,L)EQ.T) WRITE (£,2010) ¥,L,10(1),10(J)

IF (KOUE(K L) £ET42) MPITL (£,2011) x,L,I10C1),10(J)

1F (KODE(K, L) eEGL3) "WKITE (6,2012) KoLyl (1),10C))

CONT INUE

IF (RES(PARAM{K,L))CT.1.£0-3) €O TO 65

WRITE (6,2001) K,L .

FORMAT (1X, “INTERACTION PARAMETEK FOR THE “,12,7~7412,
“ NOT AVAILAELLET)

$"on

STOP
PARM (I J) = LXP{-PARAM(K,L)/TEMP)

PRINT GROUP INTEPACTION FPAKAMETER DATA.

DO 70 1=1,NGPT
K = 10(I)

DO 70 J=1,3

TNAM(I) = GNAM(K)

TNAR (J,1)=GNAK(J,r¥)

wRITE (6,2004) NMIX,TENF

WRITE (6,2005) (TNAR(I) ,1=1,NGFT)
WRITE (6,2005) ((INAF(J,1),J=1,2),1=1,HGPT)

pO 75 1=14NGPT

WRITE (6,2006) TRAM(I), (PARM(I,J),J= 1sNGFT) P T)
WRITE (642006) (TharCy,1),J=1, 3),(PARM(1 J)pd=14N

nnn=nnn+1
READ SET OF COMPCSITIONS.

DO 170 11=1,NMIX
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224z 130

it(nnn.eg.1)then .

READ (5,1004) (XMOL{J) 3 J=T,NSPS)
READ (54%) (XHOL(J),J=1,NSPS)

el se

read (5,%) (xf(i),1=1,7)

do 112 1=1,7 .
xr(1)=(xf(1)—phi'xmol(l))l(1—phi)
xmol (1)=xr (1)

cont inue

enoif

COMPUTE COMPINATCRIAL PORTION AND RELATEC SUM.-

mme=mamt 1

RSUM = Do

Qsu® = 0.

p0 80 I=1,NGPT

a6 PC1) = Q.

p0 95 J=1,NSPS

RIW) = Co

Q1) = e

K = NGMOL(J)

D0 BS 1=1,K

A = NOGP(I,J)

L = I0GP (I,J)

M = In(L)

RI()Y = RICI) + AsRR(M)

Qr(d) = G1Qd) + A*GC (M)

QGPI(1,3) = A*QQ (M)

agP(L) = 6GP(L) * GGPI(I,Jd)exmoLd)

RSUM = RSUM * RICIY=xeOL(I)

QSUmM- = QSUM + Q1 (J)*xmoLJ)

p0 90 I=1,K

QGPI(143) = aGPI(I,43/Q1C)

CONT INUE »

p0 100 I1=1,NGP

aGP(1) = Q6P (1)/QSUM

sumt = Qe

p0 105 J=14NSPS

AL (3D =_S.-(RI(J) -Qal(d) - RICJ) + 1.

suML = SUML ¢ AL (3)exmoL(d)

po 120 J=1¢NSPS

CONT = RICJI/RSUF

CON2 = QI(J)/QSUR )

comLN(d) = ALOGCCONT) * S.-nl(J):ALoc(cow
+ AL(JI)Y - CON1*SURL

2/CONT)

CORPUTE RESIDUAL PORTION.

po 125 1=1,NGPT

gsum(I) = 0.

p0 125 K=1,N6PT

GSUM (1) = GSUM (L) * PARH(K,I)*GGP(K)

pa 135 1=1,NGPT
suMm = Ce.
pO 130 K=1,NGPT

SUM = SUR + QGP(K)‘PARM(l.K)/GSUH(K)
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250:
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254
255¢:
256:
257:
2S¢
259:
260
261:
262:
263z
264
265:
266 :
267
268
269%:
270 :
27%:
c72:
273
c74 2
275z
2762
77z
27¢8:
279:
J8C:
281:

—
[
w

14C

15¢C

155

111

113

2l

11¢

115

117

o

G(I) = 1. = ALOG(GSUM(I)) - SUM
DO 15% J=1,NSPS
RESLNCJ) = 0,
K = NGMOL(J)
DO 140 1I=1,K
M o= IDGP(I,J)
Gsum (1) = C.
DO 140 N=1,K
L = IDCP(N,J)
GSUM(T) = GSUM(I) + FARM(L M) *QGPL(N,J)
DO 150 I=1,K
sSum = (.
M o= IDGP(I,4)
DO 145 N=1,K
L = IDGP(N,J)
SUM = SUM + QGPI(N,;J)«PARM(M,L)/GSUM(N)
JJ = 1D(M)
CONST = FLOAT(NOGP(IZJ))»QG(JJI=(G(M) = (1.=ALOG(GSUM(CIY)-SUM))
RESLN(QJ) = RESLN(J) + CONST ‘
ALGAC(J) COMLN(J) + RESLNCY)
ACTCF(I) EXP(ALGAC(J))
if{pmmeeqgel)then
do 111 j=1,7
actfe(j)=acect (i)
cont inue
else
do 113 j=1,7
actfr(jl=acecf(j)
cont inue
enaif
ifnnh.ege1)go to 222
if(mmm.ege1)then
do 216 i=147 '
:r(i)=(xf(i)-phiﬁxe(i))I(1.-phi)
xmol (i)=ar(i)
cont inue
go to 333
endi f
cumi =0
do 114 15147
xks(1)=actfr(i)lactfe(i)
xrn(i)=xf(i)/(1+phi*(xks(i)-1.))
9um1=5um1*(xr(i)-xrn(i))*tZ
cont inue
if(suml.g}.10e—8)then
do 115 =17
xe (i)=xks(i)exrn(¥)
xmol ($)=xe(i)
cont inue
mmm=0
go to 332
endif
sumZ =C
do 117 i=1,7
cum2 =sumi+xrn (i)
cont inue .
arite(c,*)phiysumc

Hou
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282: tflabs(sumz-1.)act.10e-%) then

283: phi=zphi+delta

284z do 118 i=1,7

285z xmot ()=xe(§)

286: 118 continue

287: mmm=0

288: go to 332

;89: endi f

290 do 119 i=1,7

c91: write (e, *)xf (i), xr (i), xeli)
292: 119 continue

2922 write(C, *)xf(i),xr(i),xelq)
294 :C

£95:¢ " OPRINT RESULTS GF tMIxTUFRE
cG6:C

297: WRITE (6,2007)

298¢ DO 160 J=1,NS5PS

CALLYLATIONS,

299:C 160 WRITE €(6,2G08) MCLUT,0) MOL(2, ) o XMOL (U) ALGALCI) JACTCF(L)
5003 160 WRITE (6,2006) (FOL(K,J)px=145),XMOLCS) JALGAC LI 4 ACTCF ()

201z 170 CONTINUE

3p2: GO TO0 63
203:C .

ICL:c 999 CALL ExIT
305 : ST(P
306:¢C

I07:C1001 FORMAT (cA10,12)
IN8: 1001 FORKMAT (12,5A4)
3IC9:C1C02 FORMAT (1615)
290:C1LC2 FORMAT (F10.C,15%)
311:C1CC& FORMAT (EF1C.C) -

312: 2001 FOKMAT (1HT,”UNIFAC CALCULATION OF ACTIVITY COEFFICIENTST)
393:02002 FORMAT (1H=,2A10//78X,"GFOUP T ,4x, "PRIZ,2X; “SECT 23X, “NUMT, 7X,
314z 2002 FORMAT (THO,SAL//EX, GROUP T, 4X TPRI” 42X, SEC T, 3X,TNLMT,7X,

3152 1 “Q7, 9%y R7)

396:02003 FORMAT (6X3AT0 4 (7412, ) 41X,y "€ 312, ) Tyl s 1244X FbabybX F6L4)
317: 2C03 FORMAT (éX.ZAL,AZ.'('.I2,’)’,1x.'(’.IZ.')'.LX.12.4X.F6.L,Al.F6.A)
318: 2004 FORMAT (1H1, ACTIVITY COEFFICIENTS FOR “,12,7 COMPOSITIONS AT 7,
319: 1 F6o2s” DECREES KELVINT//1X, "PARAMETERS /)

320:C2005 FORMAT (14X ,11A10)
321: 2005 FORMAT (14X ,11(284,A2
322:C2006 FORMAT (/1X3,A1C,11F1C

323: 2006 FORMAT (/1X,2A4,A2,11F1C.5)

))
«5)

324 2007 FORMAT (1H1,5X, COMPONLNT™,9X, “MOLE FRACZ,2%, LOG ACTCF 44X,

325¢ 1 “ACTCF™)

326:€2008 FORHAT(1X,2A1O.4X.F7.4.4X.F7-5.4!.F7-4)

327: 2008 FORMAT(1X.SA4.4X,F?.L,LY,F?.S,AX,[?.&) .
JFARAMETER BACKCROUND NOTET)

'.IZ"".IZ-

328: 2009 FORMAT(/ 45X es

329: 201C FORMAT(7X, PARAMETERS FOR THE

230: 10BTAINED FROM METHANOL DATA, SEE REF. 3
331: 27X, THESE PARAMETERS ARE USED FOR THE
332: 3P INTERACTION /)

333: 2011 FORMAT(7X, PARAMETERS FOR THE

334: 1 RELIABLE IN WHOLE CONCENTKATION RANGE
335: 27%x,”  THESE PARAMETERS ARFE uSE

336: Tp INTERACTION (/)

337: 2012 FORMAT(7X, PARAMET¢RS FOR THE
33€: 1NED FROM GAS CHROWATOGRAPHIC DATA,
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139: 27X 3" THESL _PARAMETERS ARE USED FOR THE -~

340: Ip INTERACTION ,/)
361 END
EOF:341

O:
END ED. LINES:341 ASCII
KSC4TA=SAID(1) . UNIFAC(52)

aASG,T PUNIFAC.
FACILITY WARNING 1CL0UNRCDCCCD
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Rotameter Calibration Curve
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STACE MR 1 2 3 4
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STAGE NR 1 2 3 &
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Correlation of Phase Equilibria of Naphtha Reformate with Sulfolane

Mohamed S. Hassan' and Mohamed A. Fahim

14

Departmént of Chemical Engineering, P.O. Box 5969, Kuwait University, Kuwait

Clive J. Mumford*

Department of Chemical Engineering and Applied Chemistry, University of Aston in Birmingham, Birmingham, U.K.

Liquid-liquid equilibria of the ternary systems
n-hexane-benzene—suifolane,
n-heptane—toluene—sulfolane, and octane—xylene—sultoiane
have beer determined at temperatures of 30, 35, and 40
°C. The equlllbria were measured with a thermostatically
controlied Smith-Bonner cell. The work was then,
extended to a multicomponent system. A feed with a
composition typical of a reformate containing 55%
aromatics was extracted with sulfolane and the phase
equillbria were determined. The data were correiated by
using Hand’s method and were found to be In good
agreement with theoretical predictions using the UNIFAC
method.

Inlroducﬂdn

The excellent performance of sulfolane as a solvent for the
extraction of aromatics has been demonstrated by commercial
operation of the sulfolane process over several years in a large
number of units (7). Simuttaneous extraction of BTX from both
reformate and hydrotreated pyrolysis naphthas yields aromatic
products of 89% purity (2). In the present investigation the
liquid—liquid equilibria of four systems containing sulfolane have

been determined and the data correlated by using Hand's -

equation. The UNIFAC method was subsequently applied to
predict comparable data.

Experimental Invasﬂgalbﬂ

Purlty of Materlals. The toluene and benzene used had a
minimum purity of 88.5%. Sulfolane, obtained from Fluka AG,
Chemical Fabrickin, Switzerland, was predistilled in a packed
column of 2 m length and 10 cm diameter and had a maximum
water content of 0.05%. Hexane, heptane, octane, and xylene
were obtained from BDH Ltd, UK.

Equitbrium Measurements. Measwrements were made us-
ing a Smith-Bonner cell (3) controlled at & temperature of 30,

" Colisge of Technical Studies, Kuwalt.

Table I. Experimentﬁl LLE Compositione for
n-Hexane-Benzene-Sulfolane at 30 °C

wt fraction in

wt fraction in

raffinate extract
n-hexane benzene sulfolane n-hexane benzene sulfolane
0.990 0.009 0.006 0.993
0.851 0.131 0.018 0.015 0.083 0.891
0.705 0.26 0.034 0.047 0.181 0.771
0.512 0.392 0.995 0.088 0.281 0.62
Table II. Experimental LLE Compositions for
n-Heptane-Toluene-Sulfolane at 30 °C
wt fraction in wt fraction in
raffinate extract
n-heptane toluene sulfolane n-hexane toluene sulfolane
0.981 0.018 0.01 0.989

0.025 0.155 0.899 0.012 0.049 0.938
0.029 0.228 0.742 0.015 0.088 0.896
0.031 0.272 0.696 0.017 0.126 0.856

Table III. Experimental LLE Compositions for
n-Octane-Xylene-Sulfolane at 30 °C

wt fraction in

wt fraction in

raffinate extract
n-octane xylene sulfolane n-octane xylene sulfolane
0.983 0.017 0.005 0.994
0.865 0.123 0.021 0.008 0.085 0.907
0.812 0.161 0.026 0.019 0.125 0.855

0.675 0.289 0.036 0.029 0.185 0.785

Table IV. Experimental LLE Compositions for
Nonaromatics-Aromatics-Sulfolane at 30 °C
wt fraction in wt fraction in
raffinate extract

non- non- - -
aromatic aromatic sulfolane aromatic aromatic sulfolane

0.845 0.144 0.012 0.607 0.048 . 0.944
0.783 0.204 0.013 0.012 0.072 0.916
0.731 0.255 0.014 0.016 0.142 0.842
0.550 0.422 0.029 0.02 0.231 0.748

35, or 40 °C. SpedfbamowtsofA(thenonaromaﬁc)aridh
solute C (the aromatic) were Iniroduced into the ceii and agi-

 tated while maintained at a constant temperature by circuiation

0021-9588/88/1733-0182801.50/0 © 1988 American Chemical Society
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Totuene

L Sutiotane

Figure 1. Ternary solupility diagram of the system toluene—heptane-—
sulfolane at 3¢ °C.

Benzene

/ . 5
b A\ k) It A\ b : Sutiotane

Hexane £ . L X...
Figure: 2. Ternary solubifity diagram of the system benzene-hexane—
sulfoiane a! 30 °C.

Jytene

Suttoiane

- s
Ylilane UL
Figure 8. Ternary solubility diagram of the system xviene-octane-
sulfoiane at 3¢ °C.

of water through the exiernal jacket from a thermostatic batn.
The mixiure was then titrated siowly against sulfolane unti
turbidity appeared, and continued unti the turbidity disappeared.
Repeating this procedure at various compositions enabied a
compiete set of curves 0 be obtained ().

Rethoc of Anaiysic. Analyses were performed using an
Abbe refractometer suppiied by American Optics. The solubility
diagrams are shown in Figures 1-5, and the data are given in
Tabies 1-VI.

Journal cf Chemical and Engineering Data, Vao!. 33, No. 2, 1988

Aromatic

“ Sutictane

Figure 4. -Soiubility diagram of the system aromatics—nonaromatics—
sulfolane at 3¢ °C.

Aromatic

Suifotane

Flgure 5. Solubility diagram of the system aromatics-nonaromatics—
sulfolane at 35 and 40 °C.

Table V. Experimental LLE Compositions for
Nonaromatics-Aromatics-Sulfolane at 35 °C

wt fraction in
extract

wt fraction in
raffinate

non- non-
aromatic aromatic sulfolane aromatic aromatic sulfolane

0.842 0.135 0.023 0.017 0.06 0.923
0.73 0.245 0.025 0.02 0.09 0.88
0.66 0.313 0.027 0.025 0.115 0.86
0.58 0.39 0.03 0.035 0.145 0.82

Table VI. Experimental LLE Compositions for
Nonaromatics-Aromatics-Sulfolane at 40 °C

wt fraction in
extract

wt fraction in
raffinate

non- non-
aromatic aromatic sulfolane aromatic aromatic sulfolane

0.912 0.06 0.028 0.015 0.025 0.85
0.822 0.149 0.028 0.022 0.052 0.92
0.675 0.282 0.037 0.027 0.088 0.88
0.6 0.36 0.04 0.03 0.11 0.86

Correlation of Data

Geometrical methods for interpolation and extrapolation of
tie line data have been devised by Brancker et al. (§), Sher-
wood (6), and Hand (7). While they are entirely graphical, these
methods are usefui for extrapolation. The first empirical
equation describing the distribution ot components in a three-
component, two-phase liquid system was due to Bachman {8)

Xgs = r+ b(Xesg/Xan) (1)

where r and b are constants.
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Figure 6. Equilibrium curve for the system aromatic—nonaromatic-
suliolane at 30 °C.

Othmer and Tobias (9) showed that this correlation is of
fimited use, because it is based on ternary systems composed
of practically immiscible, nonconsolute components in the ab-
sence of the consolute component. They therefore proposed
that
1= Xan K 1- Xgs | 5
— =K} (2)
XAA XBB 1

On logarithmic coordinates this equation gives a straight line.

However, the method of Othmer and Tobias is also limited
by the fact it does not include the concentration of the distrib-
uted component. Therefore, the most useful formule appears
to be that of Hand which correlates the concentration of the
solute in the two conjugate soiutions. Hand's eguation is rep-
resented by

XCA__V Xece ' (3)
X an Xes

i.e., the logaritnmic plot of X ca/X an against (X cg/Xgs) is rec-
tilinear.

A regression analysis of the solubility data for the system
aromatics—nonaromatics—suliolane, based on Hand's correla-
tion, resulted in the equation

Y E-XCE " 0.885
2= 0.414) — (4)
X an { 7 BE

where 4, 8, and C refer to suifolane, nonaromatics, and aro-
matice, respectively.

Figure 6 shows that the resuhs predicted by Hand’s correla-
tion, when piotted against the experimental values, gave good
agreement. The results of regression analysis of the data for
this system at 35 °C resulted in the equation

XCA E-XCE 0.64
— = 0.23 (5)
X p | Xee
ang at 4¢ °C
> Foy 073
7~ /'\C'/
2 = ¢.188) — °.E (6)
N | Xee |

W

I~

><| ><
w ey
w o
(5]
|
L
O

Figure 7. Hand’s correlation for the system aromatic-nonaromatic—
sulfolane at 30, 35, and 40 °C.

Table VII. Predicted LLE Compositions at 3¢ °C for the
Aromatics-Nonaromatice-Sulfoiane System®

wt fraction in
extract

wt fraction in
raffinate

non- non-
aromatic aromatic sulfolane aromatic aromatic sulfolane

0.843 0.142 0.015 0.00% 0.052 0.938
0.781 0.199 0.018 0.014 0.075 0.910
0.725 0.254 0.020 0.020 0.149 0.840
0.549 0.420 0.035 0.025 0.239 0.735

@ Compositions of aromatics: benzene 46.80, toluene 32.29, xyl-
ene, 20.91 vol. %; nonaromatics: n-hexane 21.47, n-heptane 40.6,
n-octane 37.91 vol. %.

Figure 7 represents Hand's correlation for the multicomponent
sysiem nonaromatics—aromatics—sulfolane at 30, 35, and 40
°C.

Computation of LLE Data by UNIFAC. Computation of the
liquid—liquid equilibrium phase compositions involves solving eq
7 with material balance eq 8, ¢, and 10, using an iterative
procedure based on the Newtori—-Raphson method (70}

(X = (rxp)t @)

X5 =6x1+ (1 - 0x"

N
2Xxt=1 (9)
i=1
N
x5t =1 (10)
i=1

§ is the fraction extracted. The procedure involves estimation
for 6 and X,-‘ and successive iteration untit eq 7 is satisfied; the
~, 1 and ;" are next calcuiated, using the compositions just
obtained from the UNIFAG(77). New vaiues of X, and X;' are
then calcuiated from the eg

X'F
v I = A 11
MU 4 (K- 1) ()
Xt =KX -2

where K; = X;/X;'" and 6 are improved upon successive iter-
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Aromatic

Non- Aromatic
) — — = UNIFAC Result
Experimental Resuit

Figure 8. Comparison of predicted and experimental phase corﬁpo—
sitions of the system aromatics—nonaromatics-sutfolane at 30 °C.

ation until 3~ (X" - XM, < 1075
Results and Discussion

Figure 8 and Table VII demonstrate that the predicted phase
compositions are in good agreement with the corresponding
experimental values for the system aromatic-nonaromatic—
sulfolane. The deviation of the predicted composttions near the
plait point is characteristic of any prediction method but is of
little consequence since practical extractions are never carried
out near the plait point. -

With regard to the effect of temperature on the selectivity
and distribution coefficient, the selectivity of sulfolane wili de-
crease with temperature since the heterogeneous area de-
creases with temperature. The slope of the tie lines is inclined
toward the solvent, but the selectivity is greater than one; thus
the extraction is possible.

Conciuslons

It is concluded from the above results that the temperature
had a modest effect on the miscibility range of the systems
studied. On balance, considering both capacity and selectivity
of sulfolane, with the systems studied better results were
achieved at the lowest temperature of 30 °C.

Good agreement was obtained between data predicted by the
UNIFAC method and experimental results as shown in Figure
8. The UNIFAC method is presently being applied to predict
phase equilibria for actual naphtha cuts. The predicted values
will be used to correlate data obtained on the extraction of
naphtha by sulfolane, using a mixer-settler cascade. Work is
also in progress to improve prediction near the plait point by
improving the interaction parameters of UNIFAC.

. Glossary
Xgg concentration of solvent B in B phase in eq 1, 2, and
-3

X pn " concentration of solvent A in A phase in eq 1, 2, and
3

XcalX an concentration of aromatics in nonaromatics phase
per concentration of nonaromatics in nonaro-
matics phase in eq 4

Xca/Xgs concentration of aromatics in sulfolane phase per
concentration of sulfolane in suffolane phase in eq
4

r,b,n constants

XxF concentration of component / in feed

I extract phase

II raffinate phase

activity coefficient
Reglstry No. Hexane, 110-54-3; benzene, 71-43-2; heptane, 142-82-5;
toluene, 108-88-3; octane, 111-65-9; xylene, 1330-20-7; sulfolane, 126-
33-0.
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Ultrasonic Velocity and Adiabatic Compressibility of A
Monochloroacetic Acid in Aqueous Ethanol at Various Temperatures

Pandharinath S. Nikam® and Mehdl Hasan

P. G. Department of Physical Chemistry, M.S.G. College, Malegaon Camp 423 105, District Nasik, India

Ultrasonlc veloclties of solutions of monochioroacetic acld
In aqueous ethanol were measured at 28, 30, 35, and 40
°C by using a single-crystal imterferometer at a frequency
of 1.5 MHz. The ulirasonic velocity, density, and
conceniration were used to calculate adiabatic
compressibiiity, Intermolecular free length, and apparent
molal compressiblilty. Bachem’s relation has been found
fo be obeyed and the consianis A and B of this relation of
various soivents have elso been reporied.

Introduction

Accurate thermodynamic data on dilute electrolyte solutions
are frequently needed. The sound velocity is a purely thermo-
dynamic function. Many other thermodynamic properties of
electrolyte solutions are determined from sound velocity (7, 2).
In recent years ultrasonic velocity studies in many of the
aqusous and nonaqueous electrolytic solutions have led to new
insights into the process of lon—ion and lon—soivent Interactions
(3-177). Ultrasonic velocity and adiabatic compressiblitty are
quite senslitive to changes in ionic concentrations. Either or

0021-9868/88/1733-0165%01.50/0 © 1988 American Chemical Soclety
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NOMENCLATURE

Constant.

Coefficient in equation 4-36.
Matrix defined in equation 7-103.
Interfacial area.

Area of contact.

Horizontal cross section area of the settler
in equation 6-19.

Eigen Value.

Area of rest drop

Constant.

Horizontal radius of spheroid,m.

System constant in equation 6-11.
Superfacial Area of contact of the phases.
Average Interfacial Area.

Drop surface

UNIFAC binary group interaction parameter
for groups m,n related to aj,

UNIFAC binary group interaction parameter
for groups n,m related to ap;-

Initial Horizontal radius in equation 4-31.
Amplitude in x-axis in equation 4-31
Constant in equation 4-35.

Matrix defined in equation 7-103.

Censtant. B

Vertical radius of spheroid, m.in equation 4-30.
Liquid molar volume constant cm3/gmole K.
Constant.

Tnitial vertical radius in equation 4-30.

Concentration mcle/1l .
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E¢ : Combined end effect

Ej : Effective longitudinal diffusion coeff. in jth phase

Eq : Fraction approach to equilibrium in steady fall period.

Eq : Mean efficiency

E. : Total efficieny,defined in equation 4.5

E¢q : Fragtion approach to equilibrium in drop formation
period.

Ei>o : Fraction approach to equilibrium in coalescence period

Ey : Axial mixing coefficient of raffinate phase.

Ey : Axial mixing coefficient of extract phase.

Fj : Volumetric flow rate of the jth phase .

Fr : Froud number v2/dg

£q(t) = Function of time in equation 4.27.

Ga : Galileo number 4_.V/D
9,9, * Acceleration due to gravity m/sec2 .
H : Hold-up of agqueous phase .
H : Height of Liquid in Agitated Tank.
HCL : Hydrocarbon Loading.
h : Hold-up of organic phase .
J : The rate of mass transfer to a forming drop.
K : Constant.
K, : Proportionality constant characterized
of the agitator.
K, : Geometric constant in equatign 6-14.
Ko : Overall Mass Transfer Coefficient Based
on Dispersed Phase.
Kg . Overall Mass Transfer Coefficient Based
on Continuous Phase.
Ky . combined constant in drop size in equation 6-16.
Kygp . coeff. calculated from Handlos and Baron’s

model cm/sec .
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Kod : Overall mass transfer coefficient Based
on Dispersed Phase.

Kox : Overall mass transfer coefficient based on x phaSe.

Koy : Overall mass transfer coefficient based on y phase.

k1,k2,k3 : Constant

k : Individual mass transfer coefficient.dispersed phase.

k . Mass transfer coefficient based on continuous phase
of oscillation drops

kg : Individual mass transfer coeff.continuous phase.

kg : Actual transfer coefficient.

LD : Mass transfer coefficient based on dispersed phase of
: oscillation drops

kKqf . Mass transfer Coeff.during drop formation.

L.L.E : Liquid-Liquid Equilibrium.

M : Molecular weight.

m : Coefficient.

m : Distribution coefficient.

N : Last number of actual stages required
N : Mass transfer rate.

N : Number.

N : Impeller speed

Np : Power number Pg./ N3d5,dimensionless.
N. : Number of components

Ng : Number of groups .

(No), : Number of true overall mass transfer units based on X
phase(KOXaL/UX).

(No)y . Number of True overall mass transfer units based on y
phase(KoxaL/Uy).

n : Total number of actual stages required.

n : Mode of oscillation.

n : Constant.



e

(X

Number of drops.

Power input N.m/sec .

Peclet number U, d./Ey

Total surface area parameter for group i .
Organic phase flow rate.

Aqueous phase flow rate.

Volumetrié flow rate in equation 6—20,m3/sec.
Surface group parameter for group k.

Group surface area fraction for m.

Reynold number vd.f/u.

Modefied Reynold Number %tﬂdi/yc.

Constant effective diffusivity in equ%tion 4-17
Total group volume parameter for group k .
Radius of sphere of volume equal to that of a drop, mm .
Velocity ratio of phases ( V4/V. ) -

Constant.

Initial radius of drop .

Solvent .

Schemdit number ./7?3

Solvent power.

Solute transferred to the organic phase in stage 1i.

Contribution of sherwood number due to
natural convection.

Activity coefficient of group k.

Activity coefficient of group k in pure component i.
Group interaction parameter given in equation 8-15.
Absolute temperature.

Equilibrium time of contact, sec .

Time of contact of solute transfer .
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X :

Time of drop formation, sec .
Superfacial velocity .

T
Mean of Turbulence fluctuating velocities.C\(J;%%>@
Terminal velocity .
Volumetric flow rate of raffinate phase.
Volumetgic flow rate of extract phase.
Phase velocity, m/sec .
Characteristic velocity.
Vapour~Liquid Equilibrium.
Molal volume of solute at its normal boiling point.
Volume of Liquid in equation 6-2, cu m.
Extraction rate of component A in equation 4-51.
Fractional oscillation drop characteristics;
Flux referred to stationary point gmole/sec cm?.
Blade width in fig.6.8
Weber number Pdf ﬁ?ﬁ‘
Mass fraction of solute in raffinate phase.
Inversion hold up in equation 6-12
Solute volume fraction.
Concentration of component A at position 1.
Concentration of component A at position 2.
Concentration of solvent A in A phase.
Concentration of solvent B in B phase.

:Concentration of aromatics in sulfolane phase
per concentration of sulfolane sulfolane phase.

:Concentration of aromatics in nonaromatic phase
per concentration of nonaromatics in nonaromatic

phase.

Mole fraction of group m in the solution.
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x© : Matrix containing the steady state organic phase
concentration.

X5 : Initial drop diameter.

X : Hold up of the dispersed phase, fraction.

X : Total concentration in the system.

X : Mole fraction in the liquid hydrocarbon phase

in equation 3.1.

X : Association factor,dimensionless.

Xg : Defined in ELRTB 6.13.

X3 . Volume fraction of the dispersed phase in the
initial charge to the vessel,Vy/VgtV.-

Y : Mass fraction of solution extract phase

Yy . Mole fraction in the liquid solvent phase
in equation 3-1.

% : Constant in equation 6-20.

Yo : Defined in ?Q3 6.13.

3 : Coordination Number }

Zc : Height of mixing Vessel ,m.

Z3 : Agqueous phase solute concentration in stage 1i.

Subscripts

1,2 :Phases 1,2. knigkwﬂ

C :Continuous phase.

c :Continuous phase.

D :Dispersed phase.

d :Dispersed phase. .

E :Extract phase.

f :Final ,Feed.

e :Equivalent.

295




i :Stage number.

i :Initial.

M :Murfree.

N :Last stage number.

n :Stage within contactor.

n :Number of assumed droplet size group.
o) :X phase inlet end,within contactor.

o :0scillation.

S :Saturated phase.

X :Concentration in raffinate phase.

y :Concentration in extract phase.
Superscripts

C :Combinatorial part of activity coefficient.
R :Residual part of activity coefficient.
* :Equilibrium value:

I,ITI : Phases 1,2.

Greek Letters

@ : Back mixing coefficient in continuous phase.

a : Back mixing coefficient in dispersed phase.

a : Constant.

B : Light-Heavy selectivity.

B : Group selectivity.

B : Constant.

Y : Activity coefficient of component 1 in solvent phase

Y : Activity coefficient of component i in hydrocarbon phase

Y : Constant.

& . Combinatorial part of activity coefficient.
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