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Steam methane reforming (SMR) is a leading technology for hydrogen production. However, this technology is
still carbon-intensive since, in current SMR units, the PSA tail gas containing Hy, CO, and CHy is burned at the
reformer with air and exits the stack at a CO5 purity of less than 5 %, which is not feasible to capture. In this
paper, we aim to either harness the energy content of this gas to generate power in a solid oxide fuel cell (SOFC)
or burn it via chemical looping combustion (CLC) or oxy-combustion process to produce off-gas with high CO5
purity ready to storage. Therefore, an industrial-scale PSA with 72,000 Nm®/h feed capacity was modelled to
obtain the tail gas flow rate and composition. Then, CLC, SOFC, and oxy-combustion were modelled to use tail
gas. Finally, a techno-economic analysis was conducted to calculate each technology’s levelised cost of hydrogen
(LCOH). It was observed that CO5 purity for CLC meets the criteria for storage (>95 %) without further puri-
fication. On the other hand, from the economic point of view, all three technologies show a promising perfor-

mance with an LCOH of 1.9 €/kg.

1. Introduction

Clean hydrogen is known as an alternative to fossil fuels to reduce
greenhouse gas emissions. Various hydrogen production methods are:
(1) biomass or coal gasification (Ahn et al., 2012; Higman, 2008; Seyi-
toglu et al., 2017), (2) partial oxidation of heavy hydrocarbons (Reed
and Kuhre, 1980; Steinberg and Cheng, 1989), (3) ammonia reforming
(CHO et al., 1998; Yanez et al., 2020), (4) pyrolysis (Barbarias et al.,
2018; Duman and Yanik, 2017; Schneider et al., 2020), (5) auto-thermal
reforming (ATR) (Zhou et al., 2020), (6) thermochemical water splitting
(Mehrpooya and Habibi, 2020), and (7) water electrolysis with renew-
able energy (solar, wind, ...) or nuclear energy (Pinsky et al., 2020).
However, the mentioned technologies suffer from a low technology
readiness level (TRL) except for commercially available reforming and
water electrolysis.

Hydrogen production via steam methane reforming (SMR) and
pressure swing adsorption (PSA) downstream for further purification is
the most promising technology pathway in the near term to meet the
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net-zero targets by 2050 (Golmakani et al., 2022). However, this tech-
nology is still carbon-intensive. The PSA tail gas (containing combus-
tible gases such as Hy, CH4, and CO, along with a significant amount of
CO») is burnt with air at the reformer, leading to a low CO5 purity (less
than 5 %), which makes the decarbonisation cost-intensive. Hence,
finding an affordable PSA tail gas decarbonisation solution is necessary.

Pellegrini et al. (2020) investigated an aqueous methyldiethanol-
amine (MDEA) solution to capture 96 % of the CO, in the tail gas of a
PSA unit producing 100,000 Nm®/h of hydrogen. They concluded that
amine-based technologies are energy-intensive for CO, capture from
PSA tail gas. Baojun et al. (Li et al., 2016) used the membrane process to
treat the PSA tail gas in a PSA-membrane hybrid process that produced
hydrogen with 99.98 % purity at a 91.71 % recovery. Golmakani et al.
(2016) studied a pressure vacuum swing adsorption (PVSA) process, and
they screened different adsorbents, including activated carbon, zeolite
5A, and SAPO 34, to capture CO3 from tail gas. However, PVSA was still
suffering from energy intensity since there was a compressor at the feed
to increase tail gas pressure from atmospheric to adsorption pressure
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and a vacuum pump to regenerate the adsorbents at below atmospheric
levels.

Despite extensive research on PSA tail gas treatment for hydrogen
production, existing decarbonisation methods such as amine-based ab-
sorption, membrane separation, and pressure swing adsorption remain
energy-intensive, and economically and environmentally challenging.
Hence, this work explores oxy-combustion and chemical looping com-
bustion (CLC) as alternative PSA tail gas utilisation strategies, which
have not been adequately studied in this context. Hence, this research
aims to assess the technical and economic feasibility of three alternative
PSA tail gas utilisation: oxy-combustion, CLC, and solid oxide fuel cell
(SOFC), to determine their potential for enhancing CO; capture and
reducing the overall cost of blue hydrogen production from steam
methane reforming. Unlike conventional approaches, oxy-combustion
eliminates nitrogen dilution without requiring high-pressure compres-
sion (Khallaghi et al., 2020), while CLC provides in-situ oxygen transfer
without needing an energy-intensive air separation unit (ASU)
(Khallaghi et al., 2019a). Additionally, this study integrates SOFC to
evaluate the potential for direct power generation from PSA tail gas. By
developing a detailed process model using Aspen Adsorption (Adsim)
and Aspen Plus v12.1, followed by a techno-economic analysis, this
work provides a comparative assessment of these novel pathways in
terms of hydrogen production efficiency and cost-effectiveness, offering
valuable insights into low-carbon hydrogen production strategies.

2. Process description and model development
SMR units’ syngas passes through water gas shift (WGS) reactors to

increase hydrogen yield and convert CO to CO». The effluent gas of the
WGS process, which is enriched with Hj (stream 1), is further purified at

Gas Science and Engineering 142 (2025) 205683

a PSA unit to produce ultra-pure hydrogen (>99.9 %, stream 2). How-
ever, the PSA tail gas (stream 3) contains flammable gases such as Ha,
CHy, and CO and is burned with air at existing SMR units, leading to a
low CO3 purity (CO2<5 %) gas at the stack that is costly to capture CO,.
Fig. 1 This schematic depicts three processes for utilising PSA tail gas
(stream 3). The first is a CLC process that provides the O, for tail gas
combustion from a metal oxide rather than air with a high amount of Ny,
which lowers the CO; purity. Therefore, after condensation, the effluent
gas from the burner stack contains high CO5 purity (stream 4). Fig. 1b
shows SOFC integration for electricity and heat production. The exhaust
gas of the SOFC burns at the afterburner with pure oxygen, and water is
separated in a condenser (stream 5). Finally, Fig. 1lc illustrates the
implementation of high-purity oxygen to combust the tail gas, resulting
in high-purity CO; in the exhaust gas with N elimination (stream 6).

2.1. PSA process

The PSA process comprises 9 beds with 18 steps and three equal-
isation steps to maximise the hydrogen recovery, Table 1. A two-layered
bed of activated carbon and zeolite 5A were used as adsorbents inside
each bed. The type of selected adsorbents affects the PSA performance.
Golmakani et al. (2016) and Tamnanloo et al. (Tamnanloo et al., n.d.)
have conducted some studies on the impact of adsorbents. This paper
selected two commercially available adsorbents used in most current
industries. The input flow rate of the PSA process and operating con-
ditions are mentioned in Table 2. This configuration enables three beds
to adsorb impurities at each moment; therefore, high hydrogen recovery
and productivity are achievable. In addition, the effluent gas of each bed
after the third equalisation depressurisation (ED3) provides a purge
(PPG) for the regeneration of the bed in the purge step (PG).
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Fig. 1. Schematic of three different PSA tail gas utilisation processes. (a) chemical looping combustion (CLC), (b) solid oxide fuel cell (SOFC), and (c) oxy-
combustion. Legend: CON: condensation, PSA: pressure swing adsorption, WGS: water gas shift.
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Table 1

The steps of a 9-bed PSA process for hydrogen purification.
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9-BED PSA Steps

Steps A
Al A2
BED 1 AD
2 EP3 RP
3 EP1 EP2
4 PG
5 PPG BD
6 ED3 PPG
7 ED1 ED2
8 AD
9 AD

A3

AD
EP3
EP1
PG

ED3
ED1

A4

RP
EP2

BD
PPG
ED2

A5

AD
EP3
EP1
PG

ED3
ED1

A6

RP
EP2

BD
PPG
ED2

Bl
ED1

AD
EP3
EP1
PG

ED3

B2
ED2

RP
EP2

BD
PPG

B3 B4 B5 B6

ED3 PPG BD

ED1 ED2 ED3 PPG

ED1 ED2

AD

EP3 RP AD

EP1 EP2 EP3 RP

PG EP1 EP2
BD PG

Cl
PG

ED3
ED1

AD
EP3
EP1

C2

BD
PPG
ED2

RP
EP2

C3
EP1
PG

ED3
ED1

AD
EP3

C4
EP2

BD

PPG
ED2

RP

C5
EP3
EP1
PG

ED3
ED1

AD

C6
RP
EP2

BD
PPG
ED2

Legend: AD: adsorption, ED1: first equalisation depressurisation, ED2: second equalisation depressurisation, ED3: third equalisation depressurisation, PPG: providing
purge, BD: blow down, PG: purge, EP1: first equalisation pressurisation, EP2: second equalisation pressurisation, EP3: third equalisation pressurisation, RP:

repressurisation. Tap = teycle/3, tepg = th = teyele/9; tep = tep1 = tep2 = tep3 = tep1 = tep2 = tep3 = trRp = teyele/18, teycte = 300 s.

Table 2 Table 3
The layers’ specification, dimensions and operating conditions. Formulas for mathematical modelling of cyclic adsorption units.
Parameter Value Description Formulation
Bed internal diameter, DB (m) 1.8 gas phase mass balance for 9 D ai\ g( N Ocgi [€D)]
Bed Length (m) AC: 8.5m, Ze: 6.0 m component i 9z \“ Ty 0z UsCsi) ot
Feed flow rate (Nm3/h) (kmol/  (72,570) (0.9) aqi
s) (1 =€y =0
Feed pressure (bar) 25 Extended Langmuir 3 equation (ke + oy Tk ethPi 2)
Feed temperature (°C) 30 e
Feed composition (mol%) 79 % H2, 17 % CO,, 2.1 % CH4, 1.2 % CO, 0.7 % 14> ksieT P
Ny Linear driving force (LDF) model @ - MTC-( . ) 3)
Wall density, pw (kg/m3) 783 for mass transfer o S
Wall specific heat, Cpw (j/kg/K) 502.4 The heat balance formula for bed JaTy, “
CowAyw—— = 2arpihy (Ty — Tyy) —
Particle density, pp (kg/m3) AC: 850, Ze: 1160 wall PwCpwlivae it (Tg = Tw)
Particle specific heat, Cps(j/kg/  AC: 1047, Ze: 920 27Tboho (T — Tatm)
K) The heat balance formula for 1-e n 5)
; —€)Pp Qi 9iCvadsi +
Particle porosity, ep (—) AC: 0.61, Ze: 0.65 solid adsorbent ;FP Zl 1 adst a
Bed 'poros'ity, e(-) AC: 0.433, Ze: 0.357 /;PCPS} LTtP = E?:1 (7AHads)i%
Particle diameter, dp (mm) AC: 2.3, Ze: 3.14 The heat balance formula for the o ( ot ) (usTg) ®)
gas phase 0z (l sz) B
. . . . ac,
The PSA process with all cycle steps outlined in Table 1 is modelled erTga—gtT— (1 — )aphy(Tg — Tp) —
using Aspen Adsorption®, with mass, momentum, and energy balance 4h,, (T, — T) - ecqC Ty _
partial differential equations (PDEs) listed in Table 3. The PDEs are 2y Y ot
converted to ordinary differential equations (ODEs) by discretising the Thf‘; ;;ﬁilgafs";’;fgi‘j‘éird Nu, — }% =125+ 0.048 Re )
bed height into 40 nodes through the Upwind Differencing Scheme 1 2002; Dantas et al., 2009, ' ¢
(UDS1). An implicit Euler integrator is used to solve the ODEs. The )
. . . . 2011; Reid et al., 1987)
adsorption capacity of each gas on each adsorbent is calculated using The formula for effecti - i ®
e rormula ror errective axial
: s - X . - A o 05RePr
Ex‘te.nded Langmuir 3, and .klnetlc l?ehavmur is predicted by .ll.near heat dispersion coefficient %, + e
driving force (LDF) model with experimental mass transfer coefficients Wakao and Funazkri, 1978; R.
(MTCs), Table 4. T. Yang, 2013)
The H, purity (mol%) at the product (stream 2 of Fig. 1) is calculated Thfe forfglu;a f"lfl heathtranSfer Nu, = hv:’bo — 01Ra/? O]
.. . (12 . . . rom bed wall to the a
after the CSS conc@mon using Eq. (12), w'hlle the purity of gases at tail atmosphere (Churchill and
gas (stream 3 of Fig. 1) are calculated using Eqs. 13-17: Chu, 1975; Vliet, 1969)
Itads CHzpuspdt Thfe fonm;.lz f(zlr he];at ttrz;nsfer Ny = h;(ﬁ — 04 1.1 P3RS (10)
Purity (0/0) — nO X 100 12 rom solid adsorbent to gas g
tads G dt phase (Wakao et al., 1979;
2 fO ipUsp Wakao and Funazkri, 1978)
Pressure drop calculation by 0P 1504 (1 —¢)? an
Ergun equation (Sereno and Tz a2 e Us
tBD tpG
CO, Purity (%) _ (fo Cco,ellst + fo CcOztuSt) dt « 100 13 Rodrigues, 1993; J. Yang and 175 1—e)p
ot tog Lee, 1998) g Wl
> (fO Ciellse + fo Citust)dt 4
i-1
@ Initial conditions (t = 0) are: yco, = Ycu, = ¥n, = Yco = 0;dco, = qcu, =
) tpG an, =qco =0;ym, =1, Ty =Ty = Ty = Tinter
. Ccoellst + Ccorll: ) dt 2 2
CO purity (%) = (n 0" Coortls + Jo Caorlla) x 100 14
L s
S (Jol cultse + [5° cicltye)dt
i-1
tBD tpG
. Cn,elUse + CN, el ) dt
N, Purity (%) = (o emethe + Jo° enaets) x 100 15

M=

(f:f” Ciellse + fg‘; Cituxt) dt

||
-
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Table 4
Extended Langmuir isotherm and kinetic parameters for AC and Zeolite 5A ad-
sorbents used for hydrogen purification case study (Ahn et al., 2012).

K1 K2 K3 K4 oi

(mol/kg) (mol kg-1 K-1) (1/bar) (K) (1/s)
Activated Carbon
CH4 23.86 —0.0562 0.00348 1159 0.19
Ny 1.64 —0.00073 0.0545 326 0.26
(¢0) 33.85 —0.0907 0.000231 1751 0.15
Hy 16.94 —0.021 0.0000625 1229 0.7
CO, 28.79 —-0.07 0.01 1030 0.035
Zeolite 5A
CHy4 5.833 —0.01192 0.000605 1731 0.147
Ny 4.8133 —0.00668 0.000570 1531 0.099
(¢0) 11.8454 —0.0313 0.0202 763 0.063
Hy 4.314 —0.0106 0.002515 458 0.7
CO, 10.03 —0.01858 1.5781 207 0.0135

(f(t)BD CeHytUst + fg’G CCH4tusL)dt %
n

CH, Purity (%)= 100 16
> ( fgm Citllst + ng Cirust)dt
i=1
4 4

H, Purity (%) = (foBD Cyellse + fOPG CHztust) dt % 100 17

(fgm Ciellse + fgc Citust) dt

M=

||
-

where cy,p and ¢, are hydrogen and component i concentration at bed
outlet while cco,t, Cr,t, Ccots Cn,e and cen, are CO2, Hy, CO, Ny, and CHy
concentration at tail gas, respectively. The terms u and ug, are super-
ficial velocity at tail and product gas, respectively. The hydrogen re-
covery is calculated using. Eq. (18):

f(t)ads Crp Usp dt

18
e Trepr
Jore? CraUsteeadt + [ CrzrUsteeadt

Recovery =

2.2. Oxy-combustion process

The Aspen Plus® is used to simulate the oxy-combustion process,
Fig. 2 with Peng-Robinson as equation of state. The tail gas (Stream
TAILGAS?2) enters an RGibbs reactor (OXYCOMBU), where combustion
occurs in the presence of high-purity oxygen. The exhaust gas then en-
ters the heat exchanger (COOLER1) to preheat the pure oxygen stream
to a temperature where a temperature cross does not happen. Another
exchanger (COOLER2) cools the gas to 200 °C that can be used for
various applications in plant (e.g. steam production). A further cooling
process is required for the exhaust gas before entering the condensation
process (at 1 bar and 20 °C). Then, a portion of exhaust gas is recycled to

MIX
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the combustor, keeping the combustion temperature at the appropriate
temperature (Khallaghi et al., 2019b). A cryogenic ASU is modelled with
high- and low-pressure columns operated at 5.6 and 1.3 bar, respec-
tively, and filled with 350Y structured packing (Khallaghi et al., 2021).
The Oy purity in the ASU is set at 95 % [18].

2.3. SOFC process

The SOFC is modelled using Aspen Plus®. The equations of state used
for thermodynamic property estimation were the Peng-Robinson. The
SOFC comprises a fuel preheater, anode and cathode cells, and after-
burner, Fig. 3. The required oxygen for anode reactions was provided by
air, while oxygen needed for complete combustion of unburned anode
gases is supplied from semi-pure oxygen to avoid dilution of exhaust gas
with Ny present in the air. First, the tail gas (named "TAILGAS") is pre-
heated with recycled exhaust gas (S6) from the afterburner in the fuel
preheater (HEX1). Next, the heated tail gas enters the anode to react
with oxygen supplied from the air in the cathode. The inlet air is pre-
heated in one recuperator (HEX4) by the exhaust gas of the after-
burner (streams S5). Finally, the heated air (stream S8) is conducted
toward the cathode to supply the required oxygen for reactions in the
anode.

To simulate the cathode, a separator (Sep) is used, and the separated
oxygen flowrate (stream S9) toward the anode is calculated using Eq.
(19) in a design-spec function of Aspen Plus® (Appleby, 1988; Campa-
nari, 2001; Zhang et al., 2005):

No,required = 0.5U /T H, equivalent (1 9)

The term Uy is the fuel utilisation factor that is 85 %, and the term
TN, equivalen: T€PTESENts the equivalent Hp that can be produced from
components in the tail gas that is calculated using Eq. (20) (Appleby,
1988; Campanari, 2001; Zhang et al., 2005):

N, equivalent = THyin + Ncoin + 4nCH4in (20)

The terms ny,in, Ncoim and ney,in represent the hydrogen, CO, and CHy
in the tail gas entering the fuel cell. The anode reactions were simulated
by an equilibrium reactor (RGibbs) at a block named "ANODE'", and
effluent anode gas containing unburned Hy and CO (stream S4) enters
the afterburner for combustion with semi-pure oxygen (stream S17) that
was pre-heated by depleted air of cathode from 30 to 758 °C in a pre-
heater (HEX5). The Rstoic reactor was considered to simulate the
afterburner using the below reactions for the complete conversion of CO
and Ho:

1

N

[54]

EXH

LW

Fig. 2. Simulation flowsheet of oxy-combustion process in Aspen Plus®. Legend: MIX: mixer, SP: splitter, OXYCOMBU: furnace, solid lines: materials streams, and

dotted lines: energy streams.



A. Golmakani et al.

TAILGAS

Gas Science and Engineering 142 (2025) 205683

[EXH o>

Fig. 3. Simulation flowsheet of SOFC in Aspen Plus®. Air is used as coolant and oxygen provider of the fuel cell, and semi-pure oxygen is used at after-

burner—legend: solid lines: materials streams, and dotted lines: energy streams.

1
H2 + 502—>H20 (22)

The heat released in the afterburner is transferred to HEX2 to heat
the combusted anode gas, and this gas pre-heats the inlet air in the
recuperator (HEX4). The validation of the SOFC is presented in the
supplementary material.

2.4. CLC process

The CLC process was modelled using built-in operation modules of
Aspen Plus®. The simulation flowsheet depicts all the CLC elements,
including the fuel reactor, air reactor, and separators, Fig. 4. The tail gas
(Stream TAILGAS) enters an RGibbs equilibrium reactor (named
"REDUCT") where reduction occurs (at 900 °C and 1 bar) with metal
oxide (Cu20). The effluent stream of the fuel reactor (stream H-EXH) (at
900 °C (Khallaghi et al., 2019a)) enters a separator (SEP1, SSplit) to
separate the solids (mainly Cu and a little CupO) and gases. The
exchanger (COOLE1) recovers the heat of effluent gas (stream S3) and
drops its temperature from 900 to 200 °C for various applications in the
plant, such as steam production or preheating of process streams. The
second exchanger (COOLE2) cools the exhaust gas to 20 °C to condense

e

the moisture content in a flash drum (FLASH2). The solid stream (stream
CU) enters another RGibbs equilibrium reactor (named "OXIDATIO"),
where it is oxidised with hot air (stream H-AIR). The discharge stream of
the air reactor (stream CU20AIR) enters another separator (SEP2,
SSplit) where solids (mainly CuO and a little Cu) are separated from
depleted air, then effluent solids (stream CU30) flow toward the fuel
reactor.

3. Techno-economic assessment indicators

The thermodynamic performance of considered cases is evaluated
based on the heat and work production/consumption (MW, and MW,)
obtained from the simulation. On the other hand, the economic per-
formance is assessed in terms of the levelised cost of hydrogen produc-
tion (LCOH, € /kg), equation (23).

LCOH {i

Me
| el
kel i {kg} x 3600 x 7884 m

x 1000 23)

The total annualised cost (TAC) has to be calculated by considering

Fig. 4. Simulation flowsheet of CLC in Aspen Plus®. Legend: REDUCT: fuel reactor, SEP: separator, OXIDATIO: air reactor, solid lines: materials streams, and dotted

lines: energy streams.
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Table 5
Scaling parameters for the component purchase cost.
Component Scaling factor Ca Qa Ref.
(M€)
CLC plant Fuel flowrate 26 20 Cormos et al. (2020)
(t/h)
ASU unit Oxygen flow 143 220 Cormos et al. (2020)
rate (t/h)
Combustion Heat duty 0.81 19.78  Wallas (1990)
chamber (MW)
SOFC unit Heat duty 11.5 6 Trendewicz and
MW) Braun (2013)
Heat exchanger Heat transfer 6.1 828 Manzolini et al.
Mw) (2020)

the total plant cost (TPC), the fuel cost (Cfuel), variable (Vogn), fixed
(Fosm) operating and maintenance costs, using equation (24).

M€
TAC |:7:| =TPC x ACCR + Cpyer + Vosm + Fosm (24)

To calculate the TPC, the equipment purchase costs (Cp) is calcu-
lated based on reference cost data (Table 5) using equation (25) where
C, is the cost of the reference component with the capacity of Q4 and f is
the scaling factor which is assumed to be 0.7 in this study.

f
Cp=Cy (%) (25)

The total equipment cost (TEC) is calculated as in equation (26).
n
TEC=»  Cp; (26)
[

TPC is calculated as in equation (27), which equals the sum of TEC,
total indirect cost (TIC), and the owner’s cost (Coc). In which the TIC is
assumed to be 30 % of TEC, and the Cgpc is 15 % of the sum of TEC and
TIC (Khallaghi et al., 2022).

TPC = TEC + TIC + Coc 27)

The annualised capital charge ratio (ACCR), is defined using equa-
tion (28), considering the project interest rate (r) and project lifetime
(n).

n
ACCR — r(l+r)

T -1 @8

Assumptions for the calculation of the TAC are illustrated in Table 6.

Table 6
Assumptions for the economic analysis.

Parameter Value  Ref.

Installation cost as a fraction of total purchase cost 80 Khallaghi et al.

(%) (2022)

Variable operating cost (VOM) as a fraction of total 2.0 Khallaghi et al.
capital cost (%) (2024)

Fixed operating cost (FOM) as a fraction of total 1.0 Khallaghi et al.
capital cost (%) (2024)

Plant lifetime (T) (years) 30 Khallaghi et al.
(2024)

Project interest rate (r) (%) 12 Khallaghi et al.
(2024)

Fuel price (€/GJ)" 5 Khallaghi et al.
(2024)

Capacity factor (CF) (%) 95 Khallaghi et al.
(2024)

# The heat and electricity prices for the economic assessment are assumed to
be 55 % and 400 % of the NG price, respectively.
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4. Results and discussion
4.1. Performance of PSA and tail gas characterisation

The syngas of the SMR unit is modelled in the developed PSA model
to calculate the hydrogen purity and recovery as well as the specifica-
tions of the tail gas, as shown in Supplementary Table 1. The PSA model
has been validated in our previous studies (Golmakani et al., 2017,
2019, 2021). The model indicates that hydrogen purity after the PSA is
99.9 % at a recovery of 77.8 % with a total cycle time of 300 s. The
pressure profile of this 9-bed PSA process shows that three equalisation
steps have a considerable impact on pressure recovery in a manner that
during the RP step, the bed is repressurised from 17.1 bar to 25 bar,
Fig. 5a. The tail gas exits the bed during the BD and PG steps. It is
observed that CO, purity increases during BD since CO; is desorbed at
lower pressures, Fig. 5b. The tail gas flow rate is maximum at the
beginning of the BD step and approaches zero due to the gradual
reduction in bed pressure from 4.7 bar at the beginning to 1 bar at the
end of the BD step, resulting in a drop in the driving force, Fig. 5c. To
dampen the flow rate fluctuations of tail gas, a tail tank, Fig. 1, is pro-
vided downstream of PSA that stores the tail gas and injects it at a
constant flow rate to downstream processes (SOFC, CLC, or
oxy-combustion). The bed is repressurised with feed at 25 bar from 17.1
bar at the beginning of the RP step to 25 bar at its end; therefore, the RP
flow rate gradually approaches zero in this step, Fig. 5d.

It is worth mentioning that the impurities in PSA tail gas mainly
originate from the feed stream. These arise from (1) natural gas impu-
rities like Ny, which persist through the SMR process (Golmakani et al.,
2020); (2) unreacted CHy, influenced by SMR efficiency, catalyst, and
licensor (S. Wang et al., 2023); and (3) CO levels in the PSA feed,
determined by shift reactor performance and catalyst choice (Chen and
Chen, 2020). The PSA feed composition is based on typical composition
from past studies, and Wang et al. have analysed the impact of these
impurities on storage requirements (J. Wang et al., 2011).

4.2. Comparison of tail gas utilisation pathways

A sensitivity analysis of the oxy-combustion temperature was per-
formed at three temperatures (1000, 1400, and 1700 °C); detailed re-
sults were provided in Supplementary Tables 2-4. The combustion
temperature increment occurs with the heat recovery of the exhaust gas.
It was shown that by increasing the temperature from 1000 to 1700 °C,
the NOy emission in the stack gas would increase from 4.8 to 290.1 ppm,
Fig. 6a, since the higher flame temperatures favour the reaction of Og
with Nj. The output heat from the combustion chamber decreases with
the increase of flame temperature due to the more heat required for the
rise of inlet gas temperature to flame temperature, Fig. 6b. The CO;
purity at the stack gas decreases (from 92.7 % to 90.6 %) by increasing
the flame temperature due to incomplete combustion of CO at high
temperatures, Fig. 6¢. The recovered heat rises with the increase in
combustion chamber temperature due to the higher exit gas tempera-
ture, Fig. 6d. It can be concluded from this data that 1000 °C is the
optimum temperature for the oxy-combustion process in terms of NOy
emission, CO, purity at the stack gas, and output heat.

The SOFC model was validated for a 100 kW atmospheric SOFC stack
with natural gas as feedstock and operating conditions mentioned in
Table 7.

The simulation flowsheet has an additional pre-reformer (REFOR)
that converts heavy hydrocarbons and CH4 to syngas, Fig. 7. The effluent
anode gas (stream S5) is recycled to provide the required steam for the
reforming reaction at a steam-to-carbon ratio 2.5. An ejector at the inlet
provides a driving force for recycling anode gas. The experimental re-
sults and outputs of the SOFC model are provided in Table 8, and it is
observed that the model can predict the experimental results with good
precision. Supplementary Table 5 provides more details about the
model.



A. Golmakani et al. Gas Science and Engineering 142 (2025) 205683

0.6
25
X 055
o
20 E
— w
5 &
2 - 0.5
g 15 8
2 £
2
] S 045
a 10 5
o
&
o 04
5 ] .
0 0.35
0 50 100 150 200 250 300 180 190 200 210 220 230 240
Time (s) Time (s)
0.4
(d
20
o
= 03 —
° =
£ o 15
2 £
1 =
202 2
g ; 10
= )
% 2
L &
K 0.1 0.5
0 0.0
180 190 200 210 220 230 240 283 286 289 292 295 298 301

Time (s) Time (s)

Fig. 5. The results after reaching cyclic steady-state conditions. (a) pressure profile, (b) CO, fraction in tail gas during BD and PG steps, (c) tail gas flowrate during
BD and PG steps, (d) feed gas entering the bed during RP step.

300 25
(a) (b)
250
20
200 %
= ; 15
5- v
150 E
M
1) 2
> a.10
100 5
=
50 ’
0 0
1000°C 1400°C 1700°C 1000°C 1400°C 1700°C
93 16
(©) 14 | (d)
92 é 12
= 10
4
<91 z 8
o 2
O =6
bt
9% Ty
2
89 0
1000°C 1400°C 1700°C 1000°C 1400°C 1700°C

Fig. 6. The effect of temperature of the combustion chamber of the oxy-combustion process on (a) NOx emission, (b) heat output of furnace, (c) CO, purity in stack
gas, and (d) recovered heat (MW).



A. Golmakani et al.

Table 7
The operating conditions of the experimental SOFC test
(Veyo, 1996; Veyo and Forbes, 1998; Veyo and Lundberg,

1999).
Parameters Value
Fuel composition (mol%)
CH,4 81.3
CyHg 2.9
C3Hg 0.4
C4Hio 0.2
N, 14.3
Cco 0.9
Turbomachinery
SOFC temperature (°C) 910
SOFC pressure (bar) 1.08
SOFC power (kW) 120
Air temperature (°C) 630
Fuel temperature (°C) 200
afterburner efficiency (%) 100
steam to carbon ratio 2.5
Pressure drop (bar) 0

It is worth mentioning that, for SOFC integration, the reformer is
deleted due to the high partial pressure of Hj in the tail gas, which leads
to the conversion of Hy and CO to CHy4, which is not favourable. The
recycle stream has also been deleted since there is no need to provide
steam for the reforming reaction. The detailed results of the SOFC model
are provided in Supplementary Table 6. The afterburner section of the
SOFC model is the same as oxy-combustion. Still, the required oxygen
demand is considerably lower (88 % lower) since most tail gas is oxi-
dised with air for power generation at the anode. This shows that SOFC
has more advantages than oxy-combustion due to the tail gas’s simul-
taneous heat and power generation. The power efficiency of 52 %
resulted in power generation of about 10.56 MW at the fuel cell output.

The most critical parameters for the CLC integration are oxygen
carrier and airflow rates. The OC (Cuz0) flow rate is adjusted to supply
enough oxygen to reduce combustible gases in the tail gas to H,O and
CO». The overestimation of the OC flow rate (stream CU50) leads to the
presence of CuyO with Cu, and underestimation leads to unburned Hoy,
CO, and CHy4 at the outlet of the fuel reactor (stream H-EXH). The airflow
rate (stream H-AIR) is optimised in a manner that all Cu (stream CU) is
oxidised to copper oxide (Cuz0). The underestimation of airflow rate
leads to Cu with Cuy0, and overestimation leads to a high amount of O,
at the outlet of the air reactor (stream RICHNZ2). Therefore, the airflow
should be adjusted so that the oxygen carrier (Cu) can be oxidised
entirely (CuzO). The heat production from air and fuel reactors is 14.45
MW, while the recovered heat is 5.93 MW (heat recovered by COOLE1).
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Another parameter that needs attention is the CO5 purity in the stack
gas, Fig. 8. CLC with higher CO, purity (95 %) than other cases is more
attractive as no further CO5 purification is needed than SOFC and oxy-
combustion cases, which have CO5 purities of 94.1 % and 92.6 %,
respectively.

4.3. Techno-economic performance

Table 9 presents a comparative assessment of three hydrogen pro-
duction system configurations. These results highlight the trade-offs
between different configurations, particularly regarding capital invest-
ment, operational costs, and energy efficiency, offering insights into the

Table 8
Comparison of the SOFC model and experimental results.

Parameters Experimental data (Veyo, 1996;
Veyo and Forbes, 1998; Veyo

and Lundberg, 1999)

Model output

Reformer outlet 550 537
temperature (°C)

Effluent stream of anode
composition (stream
S4) (mol%)

Stack gas composition

(stream S13) (mol%)

48 % H30, 28 % CO3, 14 % Hy,
5% CO, 5 % Ny

50.9 % H30, 24.9 %
CO,, 11.6 % Hy, 7.4
% CO, 5.1 % Ny
77.3 % N, 15.9 %
05, 4.5 % H0, 2.3
%CO,

834

77 % Na, 16 %02, 5 % H20, 2 %
CO,

Stack gas temperature

[§9)

847

96

(b)

95

94

93

CO, purity (mol%)

92

91

CLC Oxy-combustion SOFC

Fig. 8. CO, purity comparison of SOFC, oxy-combustion, and CLC.
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Table 9
Economic performance of hydrogen production with tail gas capturing using
SOFC, oxy-combustion, and CLC processes.

Unit SOFC Oxy- CLC
comb.
Technical comparison
Heat production [MW1 10.6 26.5 20.4
Power production [MW,] 10.6 - -
Power consumption (ASU) [MW,] 0.2 1.5% -
Economic comparison
H, production plant (Al Lagtah et al., [ME€] 204.2 204.2 204.2
2019)
CLC plant [ME€] - - 20.0
ASU [M€] 3.6 13.4 -
Combustion chamber [ME€] - 0.8 -
SOFC unit [ME€] 21.8 - -
Total equipment cost (TEC) [ME€] 229.6 218.3 224.2
Indirect capital costs (TIC) [ME€] 68.9 65.5 67.3
Owner’s costs (OC) [M€] 44.8 42.6 43.7
Total plant cost (TPC) [ME€] 343.2 326.6 335.2
Annualised plant cost [ME€/y] 42,5 40.4 415
Variable operation and maintenance [ME€/y] 3.4 3.2 3.3
(Vosm)
Fixed operation and maintenance [ME€/y] 6.9 3.26.5 6.7
(Fosm)
Electricity revenue [ME€/y] 2.9 - -
Electricity cost [M€/y] - 0.4 -
Heat revenue [ME€/y] 0.9 2.2 2.7
Fuel Cost [ME€/y] 43.7 43.7 43.7
Total annualised cost [ME€/y] 92.7 92.1 93.9
LCOH [€/kg] 1.9 1.9 1.9

# The power requirement for ASU is assumed to be 0.75 MJ/kgoa (Khallaghi
et al., 2021).

economic feasibility of integrating SOFC, oxy-combustion, or CLC into
hydrogen production. In terms of thermal energy output, the oxy-
combustion system produces the highest heat production (26.5 MWy,),
followed by the CLC system (20.4 MWy,) and the SOFC system (10.6
MW). The SOFC system is the only configuration generating electrical
power (10.6 MWg)), while oxy-combustion and CLC systems rely on
external power sources. The air separation unit (ASU) required for oxy-
combustion has the highest power consumption (1.5 MW)). In com-
parison, SOFC has a marginal ASU-related power demand (0.2 MW¢)),
and CLC does not require an ASU. From an economic perspective, the
base hydrogen production plant cost is identical across all configura-
tions (204.2 M€). However, additional capital costs vary depending on
system components. The SOFC unit adds 21.8 ME to the total equipment
cost (TEC), whereas the oxy-combustion system requires an ASU (13.4
M¢€) and a combustion chamber (0.8 M€). The CLC system incurs a
dedicated reactor cost of 20.0 M€, but does not require an ASU.
Consequently, the total plant cost is lowest for the oxy-combustion
system (326.6 M€), followed by CLC (335.2 M€) and SOFC (343.2
ME€). Annualised costs show minor variations between configurations,
ranging from 92.1 M€/y for oxy-combustion to 93.9 M€/y for CLC. The
SOFC system benefits from electricity revenue (2.9 M€/y), whereas oxy-
combustion incurs an electricity cost of 0.4 M€/y. Heat revenues differ,
with CLC achieving the highest revenue (2.7 M€/y), followed by oxy-
combustion (2.2 M€/y) and SOFC (0.9 M€/y). Despite these differ-
ences, the levelised cost of hydrogen remains constant at 1.9 €/kg across
all systems.

A sensitivity analysis was conducted on fuel cost, interest rate, and
CAPEX, Fig. 9. The results indicate that a 30 % variation in fuel price
and interest rate leads to a +13 % change in the LCOH for the SOFC case,
ranging from 1.7 to 2.2 €/kgyy. Similarly, a £30 % change in CAPEX
causes the LCOH to vary between 1.6 and 2.3 €/kgya. A comparable
trend is observed for oxy-combustion and CLC. In these cases, a +30 %
change in fuel price and interest rate results in a 13 % variation in LCOH,
ranging from 1.66 to 2.18 €/kgyy for oxy-combustion and 1.69 to 2.2
€/kgyy for CLC. Meanwhile, the same CAPEX variations lead to a 16 %
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Fig. 9. Sensitivity analysis of Fuel price, interest rate and CAPEX.

change in LCOH, with values ranging from 1.6 to 2.24 €/kgys for oxy-
combustion and 1.6 to 2.3 €/kgy, for CLC.

4.4. Implications for industrial integration and future outlook

Although all three cases show similar economic performance with
the hydrogen production cost of 1.9 €/kgys, each case can be of interest
for specific industrial purposes. For example, available heat for each
case can supplement and compensate for the existing heat requirement
of an industrial site or district heating. However, the power generation
in SOFC can also help reduce the energy required for other auxiliaries’
power consumption. The techno-economic assessment conducted in this
study reveals that hydrogen production using all three options offers
competitive cost performance compared to the current state-of-the-art
technology. Specifically, SMR without CCS achieves an LCOH of
approximately 1 €/kgyo, while integrating CCS increases the LCOH to
around 1.5 €/kgyy (NETL, 2022). In comparison, coal gasification
coupled with CCS results in a significantly higher LCOH of 2.8 €/kgua
(NETL, 2022), largely due to the additional expenses involved in
capturing and storing CO; from coal-based processes. On the other hand,
electrolysis using grid electricity remains a costly option, with an LCOH
ranging between 3.0 and 6 €/kgH,. However, when electrolysis is
powered by renewable energy sources such as solar or wind, the cost of
hydrogen production can become more competitive, with an LCOH
ranging from 1.7 to 3.7 €/kgH,, depending on factors like electricity
prices and electrolyser efficiency (IEA, 2019). These results demonstrate
the potential for the proposed technologies to reduce the cost of
hydrogen production, particularly when integrated with carbon capture
or renewable energy solutions, positioning them as viable alternatives
for achieving low-cost, low-carbon hydrogen production.

However, hybrid approaches, such as integrating CLC with mem-
brane separation or SOFCs, can be explored to optimise hydrogen
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recovery and energy efficiency. A comprehensive life cycle assessment is
necessary to evaluate the environmental impact and sustainability of
these decarbonisation strategies compared to conventional CO, capture
methods. Moreover, integrating the proposed technologies with
renewable hydrogen production pathways, such as biomass gasification
or electrolysis, could enhance system flexibility and reduce reliance on
fossil-based hydrogen.

5. Conclusion

The dilemma of reducing greenhouse gas emissions triggered the
roll-out of hydrogen production technologies, with SMR as the most
promising technology until the TRL of greener technologies is improved
to commercial levels. However, SMR technology emits a considerable
amount of CO, via PSA tail gas, which is currently burned at the
reformer of this unit, resulting in a low CO5, purity stack gas that is costly
to capture. The amine, adsorption, and membrane technologies have
already been investigated to capture CO, from PSA tail gas. However,
we aim to investigate SOFC, CLC, and oxy-combustion that can operate
at atmospheric conditions; therefore, there is no additional cost for the
compressor to increase the tail gas pressure. Firstly, to find the optimum
alternative, a PSA process at an industrial scale was modelled to calcu-
late the tail gas composition and flow rate. Then, this gas is treated via
three options, including SOFC, CLC, and oxy-combustion. Although the
techno-economic analysis revealed that all three options are competitive
with a hydrogen production cost of 1.9 €/kgno, it was shown that the
CO,, purity of CLC is adequate to capture (>95 %) without any further
CO3, purification implementation.
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