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SUMMARY

i,

This work is concerned with a study of certain phenomena related to
the performance and design of distributors in gas fluidized beds with
particular regard to flowback of solid particles. The work to be described
is divided into two parts,

I. In Part one, a review of published material pertaining to
distribution plates, including details from the patent specifications, has
been prepared., After a chapter on the determination of the incipient
fluidizing velocity, the following aspects of multi-orifice distributor
plates in gas fluidized beds have been studied:

(i) The effect of the distributor on bubble formation related to the
way in which even distribution of bubbles on the top surface of the fluid-
ized bed is obtained, e.g. the desirable prescure drop ratio ADD/ADB for
the even distribution of gas across the bed.

Ratics of distributor pressure drop APD to bed pressure drop at-which
stable fluidization occurs show reasonable agreement with industrial

practice. There is evidence that larger diameter beds tend to be less

stable than smaller diameter beds when these are operated with shallow beds.

Experiments show that in the presence of the bed the distributor
pressure drop is reduced relative to the pressure drop without the bed;
and this pressure drop in the former condition is regarded as the appro-
priate parameter for the design of the distributor.

(3i) Experimental measufements of bubble distribution at the surface:
has been uséd to indicats maldistributicn within the bed, NMaldistribution
is more likely at low gas flow rates and with distributors having largs

fractional free area characteristics (i.s. with distributors having low

pressure drops).

Butble sizes obtained from this study, as well as those of others,
have been successfully correlated. The ccrrelation produced implies the

existence of a bubble at the surface of an orifice and its growth by the



addition of excess gas from the fluidized/bed.

(iii) For a given solid system, the amount of defluidized particles
stagnating on the distributor plate is influenced by the orifice spacing,
bed diameter and gas flow rate, but independent of tHe initial bed height
and the way the orifices are arranged on the distributor plate.

IT. In Part two, solids flouwback through single and multi-orifice
distributors in two-dimensional and cylindrical beds of solids fluidized
with air has been investigated, Distributors eguipped with long cylindrical
nozzles have also been included in the study.

An equation for the prediction of free flowback of solids through
multi-orifice distributors has been derived. Under fluidized conditions two
regimes of flowback have been differentiated, namely dumping and weeping,
Data in the weeping regime have been successfully correlated, The limitira
gas velocity through the distributor orifices at which flowback is
completely excluded is found to be independent of bed height, but a function
of distributor design and physical'properties of gas and solid used, A
criterion for the prediction of this velocity has been established.

¢ The decisive advantage of increasing the distributor thickness or
using nozzles to minimize solids flowback in fluidized beds has been
observed and the opportunity taken to explore this poorly studied subjsct
area. It has been noted, ‘probably for the first time,‘that with long
nozzles, there exists a critical nozzle length above which uncontrollable
dowunflow of solids occurs. A theoretical model for predicting the critical
length of a bundle of nozzles in terms of gas velocity through the nozzles
has been set up. Theoretical calculations compared favourably with

experiments,
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INTRODUCTION

A bed of solid particles in an upwards stream of gas is said to be
P S f g

in a fluidized stete when the particles are no longer resting upon each

other but are fully supported by the gas. The fluidized medium is

characterised by liguid-like behaviour: its surface remains horizontal,
L
i

it flows like a liguid and the static pressure difference across the bed
-

is equal to the weight of solids per unit cross-sectional area of the bed,

The type of fluidization.generally observed in gas fluidized beds
is called aggregative fluidization and is characterised by bubble-like
pockets of gas rising through the bea, Another ceuse of heterogeneity in
Qas Fluidized beds is channelling: the bed is saicd to be channelling when
th2 gas follous preferr@d tracks across the bed, the remezinder of the bed
being partially deFluidized;I Channelling reduces the contact betwsen the

gas and the solids and is therefore highly undesirable.

For given solids and a given superficial velocity, the physical
properties of a fluidized bed are determined by the distributing device
(distributor plate and wind box). For example, a change in design of a
distributor can suppress channclling, modify the size of the bubbles and
change the density and height of the béd. In a fluidized bed reactor
most of the chemical reaction occurs in the close vicinity of the distri-
butor. The conversion rates are highly dependent upon the gas-solids

contacting and conseguently upon the distributor geometry.

An industrial distributor often consists of a simple metal plate
with an arrangement of orificeé petween 0.15 - 2.5 cm, in diameter.
Other types of distributor with various nozzles and bubble-caps are
also used to improve the regularity of gas distribution or prevent
solids flowhback. Houwever, for mainly economical reasons multi-orifice

distributors are most commonly used.



Only in recent years some progress has been made in evolving
methods for the design of distribution plates (27, 70, 64). The same,
unfortunately, cannot be said of our real knowledge of certain phenomena
occurring at the distributor, e.g. the regularity of gas distribution,
the formation of defluidized zones and flowback of solid particles. An
understanding of distributor phenomena is vitally important for the
rational scale-up and design of large fluidized beds. In these units,
little reaction occurs in the bed once the bubble is fully grouwn. Most
of the reaction takes place at the distributor where the gas is\jetted

into the solids and where the bubbles are still small.

Solide flowback (or leakage) is a phenomenon which occurs at the
distributor of gas fluidized beds and can easily be observed with multi-
orifice distributor plates. Excessive flouwback of solids quite often
results in the destruction of the distributor plate. For example, particle
reentrainment at High velocity into the fluidized bed causes erosion of
the distributor orifices. Secondly if an exothermic reaction is carried
out in the bed, the reaction will start inside the wind box due to the
presence of catalyst particles under the distributor and submit the

distributor to temperatures for which it has not been designed.

Unfortunately, very few data have been reported on flowback despite
its.importance, A review of published material pertaining to distribﬁtion
plates, including details from the patent specifications, indicates the
particular emphasis which has been placed on the prevention of flowback,
the problem of defluidized zones, regularity in distribution. For these

reasons, the present woTk has heen undertaken.



CHAPTER ONE

.




Lo SURVEY OF AVAILABLE DESICN INFORMATION FOR DISTRIBUTION PLATES

AND DEVICES

1.1 Introduction

The distributor design of an industrial fluidized bed has pro-
nounced effects on the performance of gas-fluidized systems and
different types of distributors have been used, This subject is still
surrounded with considerable obscurity and has received little attention
from the academic side. Recent review articles by Harrison(1l) and
Gfegory (2) comment on the lack of information concerning the effect of
gas distribution devices on the behaviour of fluidized beds. Such in=-
formation as is available derives partly from the patent literature and
partly from industrial publications dealing with specific process appli-
cations,

Uhen the application of distribution plates in various industries
is studied in more detail one of the important facts which emerges is the
vastly different way in which industry has tended to deal witn its problems.
Reflection shows that these particular differences in development may be
related to the type of dense~phase bed required or used in the particular
industries. Once this aspect has been appreciated it becomes possible to
make use of the experiences of these various industries in more general

manneTe

1.2 The Emergence of Practical Design

1.2,1, Historical Development -~ Winkler Process

Although it is possible to point out occasional examples of
fluidization practice with dense-phase beds before the introduction of

the Winkler system of gas generating, such as the early patents of

Robinson(3) and Card and Dance(4), the development of this item of gasi~-

fication equipment effectively made fluidization a matter of more than
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local interest, Further, the application of the Winkler generater on the
large scale inevitably led to the preparation of working designs based
upon practical experience. Thus it can be fairly said that the Winkler
generator showed the first important examples of practical distribution
plate designe

The earliest examples of the Winkler generator (Germany 1921) used
horizontal bars., This was a natural development, since in the generator
the grate supported the fuel. The development of the Winkler gratg has
been recorded in some detail(5), The record shows that some of the early
generators had a travelling chain grate. Llater these were replaced by
fixed beams with water-cooling. These beams 1in turn were replaced by
fire~brick elementse

As an alternative to some form of grid for supporting the bed and
distributing the incoming gas & céne-type base has been proposed and from
1941 onwards had been the subject of experiments. Obviously a cone sarved
only for gas distribution and had little function in the support of a bed
above the wind box, In comments upon the performance of the grids and the
cone base the report states that the grids gave good gas distribution and
that "the distribution eeeeo cannot be so good with the grateless type.

With a grid plate typical performance details show a pressure drop
of 20 cm. W.G. over the grate and 50 cm. W.G. over the bed. In spite of
the relatively shallow bed used the normal gasification system makes
great use of reaction in the dilute-phase above the bed and the process
is: only suitable for highly reactive fuels,

1,202, Historical Development - U.S.Bureau of Mines

The earliest interest of the U.S5. Bureau of Mines in fluidi-

zation with gases appears to be involved in the work of T. frazer and

H,Fo Yancey in 1925 in connection with the separation of shale from

coal(6), They used a cast-iran cell in which sand was supported on a
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porous plate and reported chcessFul tests with multi-orifice metal plates,
Filtros plates, and porous concrete slabs., For'a large scale design they
proposed the use of a sloping distributor with the porosity adjusted to
provide satisfactory air flow at all points.

Another employee of the U.S.Bureau of Mines, 0dell(7), applied some
years later for a patent on a general method of carrying out gas-solid
operations and reactions, This specification begins the generalization of
fluidization, probably using the term for the first time., 0dell referred
to the use of "grate, perforeated pléte, porous plate or equivalent" but
gave no information on pressure drop or velocity through the perforations,

Precisely how much practical work was undertaken by 0Odell is unclear,
but his claims are so broad that it is unlicely that he investigated all

the processes mentioned on a large scale., ©or this reason there is little
evidence of the development of practical differences of distributor plate

designs to suit particular processes,

1.2.3 Historical Development - W.K.lLewis & [£.R.Gilliland

Patent 8).

This patent was applied in 1940 in which Lewis and Gilliland,
well~known members of the staff of Massachusetts Institute of Technology
and consultants to ES50, give a basis for the design of perforated plates
for distribution in dense-~phase beds. Their patent claims in particular
shaped inlet ports in the plate, cylindrical at the entry on the under-
side and expanding upmards.in the shape of an inverted pyramidal section,
preferably a 7° taper. In addition there would be many of these upon a
plate in spaced relationship, their upper ends in substantial continuity
and uniformly distributed. The total minimum cross section would be not

greater than 1/5 to 1/10 of the total area of cross section of the plate,

while the diameter of each opening should be substantially greater than

the maximum diameter cf the solid particles, understood to be of uniform

size.




An explanation is given for the design. Under conditions of fluidi-
zation individual particles of solid will penetrate downwarcs into an
opening. An upwérd gas or vapour velocity must be produced sufficient to
stop this. If the constriction (the first. noted use of this word in
connection with distribution plates) is only to be 1/4 of the area of the
plate it may require a long portion some 20 to 70 diameters of the con-
striction in length to reach a peint where no solids will penetrate. If,
on the other hand, the constriction is only some 1/15 to 1/20 of the
treating area, the penetration of solids is reduced to as low as 1 to 4
diameter of such tubes, thereby greatly reducing the thickness of the
plate required. This statement makes very clear that the "velocity up-
wards of the gases or vapours through the openings in the gas distributicn
plate be sufficient to prevent solids from falling through these openings®.

1.2.4 Practical Development of Fluidized Catalytic

Cracker Distribution

Apart from the patent literature there are several surveys
available which throw light on thé development of and practice with dist-
ributors in 'cat-cracker'. An early outline is by Sittig(9) and by Braca
and fried(10). More recent articles are by Stemerding and colleagues(11),
and Turner(12).

In many of the early designs solid particles were required to flow
upwards through the grid plate of the regenerator. In any case plants
tend to be large and construction has to be cheap and robust, relying
upon metal. The earliest multi-orifice plates were flat and perforations
consisting of cylindrical orifices which were regularly arranged in the
plates. Typical features may be obtained from a patent specification
which records orifices % in to 1 in or more in diameter(13).

In the line of development of multi-orifice distributor plates

dished structures were then introduced, the concavity facing downuards.



Trn such a design the bed was deeper at the edge of the vessel than

towards the axis. With evenly-spaced orifices less gas tended to pass
near the walls., Because of this lack of balance solids fall through the
outer orifices and are hlown up through the centre orifices. In this
situation there is severe erosion of the centre orifices, but no wearing
of the outer ones. The reéulting enlargement of the centre orifices......
allows even more gas to pass up.

To improve this a first move was to space orifices preferentially
near the walls. Some opinions held tha£ it was better to have the dished
plate with its concavity upwards. With regularly spaced perforations
there was flow at the edge of the plate, this being considered advantag-
eous in some cases, But, even with this, "it is possible to have solids
circulating under the gas distributor if the pressure drop across the
grid is too low compared with the -difference in static head of the bed at
the low and high points of the grid."

Stemerding comments on the greater 'turn-down' range of the upward
concavity plate. In earlier practice Colmonoy (a hard surfacing material
of nickel base and chromium boride) inserts had been added to the orifices,
but Carbofrax had superseded as the méterial.

Much of the development in practice with plates using circular
orifices is associated with the Esso organization and with various plant
contractors. The exploration of the use of parallel beams, comparable
to the grate bars used by Uinkler, seems particularly to be associated
with the Shell arganization. Indeed there was a possibility that this
may have some cross-connection with the "Turbogrid” design of distillation
plate which was introduced in 1850.

There is little process design information on parallel beam plates.

The paper by Turner(12) suggests that this type of plate gives a better

performance than the variations in the mulii-orifice plate suggested.
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More recently has come the development of the pipe grid systems. These
appear to provide low pressure drops without the use of pre-distribution
devices. These clearly resemble the sparge devias used in the aeration of
various types of microbiological cultures on the large scale. Stemerding's
paper gives more detail on such systems. The application of such pipe
grids is only passible when solid particles are fed by a dense-phase riser
and no longer in dilute-phase through the grid. The use of these tuwo
methods together have still further impraved the performance of the regen-
erator in catalytic cracking. The design of the pipe grid also avoids

the possibility of flowback of solids during any shut-down.

Typical orifice size for a pipe grid is % in, with the orifices located
at the lower side of the pipe to avoid entry oi solids on shut-douwn.

Reported practice in the Esso Mark IV Cracker, the pressure drop re-
commended across the grid was given a8s 2.0 p.s.i. In the case of the
Shell design of pipe grid the pressure stated was 1.0 p.s.i. This appears
to be for a bed pressure drop of the order of 5 p.s.i. The purpose of
the pressure drop was stated to be that it should be large relative to
any local fluctuations downstream, thereby avoiding the possibility of
local irregularity in gas flow.

Closer attention to the requirement for good gas distribution seem
particularly to be associated with more detailed investigation of the
behaviour of the fluidized catalytic cracker regenerator. This showed
itself in at least two dif%erent ways. First came the emphasis upon an
adequate pressure drop across the grid, as stipulated by Esso for the
good working of their Mark IV design. The alternative approach, which
aimed at the achievement of good gas distribution without greatly in-
creased pressure drop, relied upon the introduction of suitable pre-

distribution devices for the upflowing gas before it reached the distri-

bution plate proper.



Such devices which included the pipe system known as the "porcupine'
occupied a considerable space under the distribution plate, inside the
main structure of the containing vessel. No process disadvantages ensued
for catalytic cracking but, with the advent of other fluidized processes
such as hydroforming, which operated at high temperatures with hydro-
carbon gases, it became important to cut down the volume beneath the dis-
tribution plate. One method of achieving this result led to the "double-
cone" design in which the gas enters the space between the base of the
vessel and a cone fitted with orifices of varying sizes to give the
desired flow.

With increase in size of reactors it becomes appreciated that the
introduction of gas into a conical base and its direct distribution,
without intermediate device, by the distribution plate, led to some in-
equality of distribution. This led to the suggestion of various schemes
for the preliminary distribution of the gas, similar to the well-known
wind box used, for example, on blast-furnaces.

1.3 Pressure Drop across Distributor and its Relationships

The pressure drop across the distributor ADD must be of a certain
magnitude if it is to distribute the fluidizing gas evenly. This pressure
drop is often related to the bed pressure drop ADB. An analysis of the
recommendations, implied. or direct, and observations available, indicates
the existence of high and low "schools of thought", i.e. uwhere

AP[/APB.'E' 0.4 or slternatively AP, < 0.2.

As already noted, the Winkler generator practice(5) was to operate
with pressure drop 40% that of the bed (20 cm, W.G. relative to 50 cm.
W.G.). Daniels(14) in 1946, indicated distributor pressure drop of
0.72 p.s;i. for a bed drop of 2.82 p.s.i. in cat-cracking.~ Reported
practice in the Esso Mark IV  cracker was 40% (noted as 2 p,s.i. on the

regenerator).
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Zenz and Othmer(15) recommended that, to obtain 'good' gas distri-
bution, the velocity through the distributor orifices of a multi-orifice
place should be sufficient to produce a plate pressure drop at least 40%
of that across the bed. At these velocities, solids flowback is presumed
negligible although data was not given by the authors cited.

These pressure drop recommendations have also been indicated by
Cooper and Colleagues(16). Stemerding et al(ll) provide comparable re-
commendatinns. Pyzel(1l7) claims in his recent patent, for successful
operation of the fluidized bed reactor, the pressure drop ratio should be
0.25 or more.

In contrast to the 40% figure, which receives strong support from
the practice of many cat-cracker installations, there are tuwo significant
alternative or fextreme! recommendations., The first of these is the
‘thigh' ratio. This has come from -porous plate manufacturers. It is also
to be found in process patent specifications, with such a wording as:
"perforations consist of a multiplicity of ports across which, with the
necessary rate of flow ¢.evunosn . there is appreciable pressure drop of
the same order as the pressure drop across the bed" federov(18) gives a
similar recommendation in respect of éhallow beds, in which the grid re-
sistance should be the same or larger than the resistance of the bed.

White(19) suggested 50 - 100% of the bed drop. In a recent paper,
Avery and Tracey(20) state that "bed stability required a pressure drop
through the supporting plate of the same order as the bed pressure drop."
That was in relation to beds of very low aspect ratio of bed depth to bed
diameter. Later Pictor and Rabinson(21) gave similar recommendation in
respect of drying of coal in shallow beds, in which the distributor
pressure drap about the same as the pressure drop through the fluidized
bed itself. For the design of an industrial fluidized bed driers and

coolers, Wormald and Burwell(22) recommend 50 - lDO% of the bed pressure

drop in respect of shallow beds.
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The high ratio received experimental support from Guozdey and
colleagues(23) who found that the plate pressure drop should be less than
1265% of the bed drop. This, in fact, covers all known recommendations.

The 'low' ratio to be found in the literature comes fram Agaruwal et
al(24). This suggests a plate drop of 10% of the bed. However, there is
the restriction that, in no case, should the plate drop be less than 35 cm.
W.G. This recommendation comes from experience with deep beds of high
density material (iron ore). Ffor shallow beds of low density, they re-
commended a minimum drop of 35 - 30 cm. W.G.

Gregory(25) found 10% plate drop to be a workable figure for shallou
beds of relatively dense material in a plant which had been desigﬁed
specifically to keep down energy costs. Also indicated was the possibility
of working very shallow beds with a specific variety of multi-orifice
plates.

Hiby(26) and Whitehead et al.(27,28) provide support for the 'louw!
ratio opinion. According to Hiby the maximum ratio is needed at the
commencement of fluidization. Once the bed is freely moving the ratio
can be smaller. Whitehead et al. consider the choice of the ratio
AF%y@PB in relation to three critical operating velocities, viz:

(i) u, - the velocity to initiate fluidization throughout the bed, in
particular at the gas inlet points, (ii) U - the minimum operating
velocity, i.e. that which just maintains operation at each gas inlet
point at all times and (iii) the velocity to ensure acceptable distribu-
tion of gas at the distributor level.

Zuiderweg(29) has also considered the subject and suggested that the
value of this ratio can be as lou as 10%. Wright(30) found that a plate
drop of 10 - 15% of that across the bed was adequate for smooth operation
of the fluidized bed. An average of 10 - 20% also to be found in the

. - v
reviews by Vanecek et al.(31) and Gregory(2).
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1.3.1. Pressure Drop Ratio (APD/ADB) and its Relationship

to Bed Aspect Ratio (H/D)

Several of the studies in the literature, notably Kelsey(32),
have shown that the ratio of bed height H to bed diameter D is important
in affecting distributor design. Beds with small H/D clearly require a
proportionally greater pressure drop in their distributors.

Harrison(1l) in his review article, also refers to the effect of bed
diameter on the pressure drop ratio. Various investigators have shouwn
that irregular fluidization is more likely in a vessel which has a high
dépth/diameter ratic., Factors such as particle size, density, size distri-
bution, gas velocity and gas density interact with the H/D ratio to make
smooth fluidization possible with a high H/D ratio irn one case, but not
in another. Actually, in catalytic reacters with given gas velocity and
catalyst size, the reaction rate and bubble size will determine the bed
height while the gas treatment rate fixes the bed area, smaller catalyst
particles will lower the gas velocity and require a shallower bed, whereas
larger particles will require a bed of larger H/D ratioc.

In industrial work the H/D ratic seldom exceeds 3, and is usually
nearer 1., Irreqgular fluidization may occur in large vessels because of
the formation of bubble "tracks", Squires(33) has discussed this problem
at lengthe. He suggests the existence of tracks of large diameter bubbles
(but not as large as the bed) wherein mest of the gas passes through the
bed in high velocity tunnel, tube or track in the solids. The gases in
these tracks do not contact the solid at all well, and they also produce
bad fluidization,

A summary of reported design data for pressure drop ratio as a
function of bed aspect ratio is given in table (1.1) (page 11 ) and it
can be seen that the experimental results reported by Kelsey(SZ), for a

two-dimensional bed system, agree roughly with ratios recommended for

some. industrial processese



TABLE 1.1 Summary of some reported desiqn data for pressure

(fop across distributors in gas fluidized beds

Source Process Distributor ApD il
= D
LHP
B
Loch et al(36) Calcination of Bubble-cap 20% 1,0
Zirconium flour- '
ide wastes.
Horsler and Hydrogeneration Multi- 2,5-5% 1.0-2.0
Thompson(35) of crude oil and orifice
coal gasification. plate
Avery and Fluidized bed Multi- 100% 0.05
Tracey(20) absorber for the orifice approx.
recovery of plate
solvents from
gases.
(Viscose plant)
Pyzel(17) Fluidized solids  Nozzle® 25% 0.2
reactor (patent)
Wright(30) Fluidized bed Bubble-cap 10-15% 0.82
boiler (combus-
tinn of solid
fuel).
Gregory(25) Frodingham gas Baffled slot 10% 0,17-0.25
desulphurising plate
unit. + initial
distribution
Deshpande et Experimental air Sanduwiched 5-20% 6.0
al(34) fluidized beds packed bed 15-€60% 3.0
of small diam-
eters*
Kelsey(32) Experimental two  Multi- 2-17.5% 1.55-0,2
dimensiaonal air orifice
fluidized beds plate

(data taken from
his Figure 5 )

% Near transition to slugging.




This wide range in recommended pressure drop follows from the-use
of various distributing devices, variations in the desired initial das
distribution, and the differing behaviour of the solid required to be
fluidized, It is apparent that no single ratio can be advocated or can
be applied to all situations. As already mentioned, the distributor
pressure drop is important in influencing fluidized behaviour and the
lack of agreement among various authars shows the need for further study.
in the present work, therefore, ratios of distributor pressure drop to
bed pressure drop at which stability ococurred were studied in cylindrical
beds of various height and diameter (see Chapter 3). It was concluded
that the aspect ratio affected the pressure drop criteria required, beds
of high aspect ratios requiring low pressure drop ratio for stable
operation and beds of low aspect ratios requiring high pressure drop ratio.
The results agreed only qualitatively with those of Kelsey(32), but shouwed
reasonable agreement with industrial practice,

1.3.2 When are Lower Pressure Drop Ratios Required?

The relatively low pressure drop distributors may be used under
the following circumstances (Whitehead(72) has already discussed this in
gome detail).

(a) When fluidizing in beds with small cross-sectional area.

(b) In conditions where maximum use of the distributor is nct essential,
e.g. in drying some inert materials,

(c) When full operation of‘the distributor is essential but can be
achieved by one or more of the following methods: (i) using an alter-
nate supply of high pressure air to start the system, (ii) by install-
ing a pre-distribution device in the wind box below the distributor,
(iii) by installing a post-distribution device (e.g. baffles) in the
bed just above the distributor. These devices may improve fluidization

without eppreciably increasing the pressure drop.



(d) When operating with shallow beds.

(e) When high distributor pressure drop incurs extra expenses for
energy consumed in overcoming the distributor pressure drop.

(f) When solids flowback can be tolerated or is actﬁally required
in the process, e.g. in multi-stage systems.

(g) When high gas inlet velocities are not required to bring about

gas-solid contact or solids movement near the distributor.

1.3030 Why and When are Higher Pressure Drop Ratios needed?

We just noted that some large plants operate with low ratios,
However, many important plants, particularly cat-crackers, operate at
ratios of the order 0.4. The use of this ratio probably caused unjusti-
fiable increase in consumption of electrical pouwer.

The explanation is not likely to be in terms of process imprcvement.
Several authors have concluded that cgood solids mixing and high heat
transfer rates are favoured by lower pressure ratios. The simplest
explanation, mentiorned earlier for cat-crackers, is the need to prevent
solids flowback thraugh the perforation which, otherwise, would lead to
erosiaon of the pefforations.

1.4, Problems of Large-diameter Shallow Beds

By large is understood magnitudes of the order 1 to 10 meters dia-
meter, By shallow is understood 5 ta 50 cm., but in practice, the aspect
ratio may be mcre significant, e.g. H/D = 0.05 - 0,10, Beds of this type
generally require:

(a) No flowback of solid particles,

(b) Defluidized zones or semi-fluidized zones in the vicinity of the
distributor surface may have to be eliminated.

(c) Some means of good contact of gas with solid in the immediate

vicinity of the distributor surface.



- 14 -

(d) Relatively fine immediate division of the gas in view of the
small depths available for the process.

(e) Good distribution over a wide area.

(f) Possibly a lo@ pressure drop during distribution: this will
hold particularly for multi-stage systems,

The older methods of distribution used in Catalytic Cracker were not
at all satisfactory for such work. As more recent work has shown the
large orifices or slots give-rise to relatively coarse bubbles. Furthef,
patterns of wear inside reactors have shown that there is a relatively
narrouw expansion of gas from the perforation. This suggests a large area
of relatively dead space for solid between the perforation, unless very
many small orifices-are drilled. Blanding(37) claimed a grid with openings
small enough tc nrevent downward pass of particles,

To overcome most of the difficulties led to the suggestion of two
alternative kinds of procedure. The first implied the use of some form
of porous plate, either monolittic,-or made of tiles, or built up by the
use of a bed of loose immobile particles.

In a series of patents deriving from I.C.I., particularly those
applied for after 1945, there is reference to the injection of gas through
a "series of jets arranged in the bottom, or the bottom of the vessel may
contain or consist of a suitably perforated or porous plate or plates
through which the gas.can pass. Alternatively, the bottom of the vessel
may be perforated sheet or other suitable support for a layer or layers of
granular material of regular or irregular shape, the weight of the granules
being such that they remain substantially undisplaced by the stream of gas. .
When layers of granules are used. itis preferable for the granules in the
upper layers to be smaller than those in the lower layers."

Examples of this may be seen in the patent published by Arnold and

Young and I.C.I.(38) which deals with the processing of hot carbonaceous



- 15 -

materials again it appears in the patent of Franklin and I.C.1.(39)

which concerns the dehydration of gypsum., A later modification from
I1.C.1I. comes in a patent specification which deals with the manufacture

of phthalic anhydride by a dense-phase process(40)., This specification
states that "it is very desirable to ensure uniform distribution of the
gas through the bed of particles, and this has usually achieved by suppor-
ting the bed of particles on a grid or plate of metal or of other material
through which there are suitable orifices or perforations through which
gas can pass, It has also been proposed to introduce the gases into
processes of thie nature through a porous plate. "In the claim is out-
lined the use of porous ceramic plate made by bonding refractory particles
of uniform size with the minimum amount of :lay; the plates are set in a
metal frame. A number of these are set in the distribution plate,

Porous metal plates or ceramic pletes are commonly used with bench-
scale equipment, but they are not normally used in larger units because
of their high cost and poor resistance to the high mechanical and thermal
stresses in large units.

To avoid such kinds of difficulty it has become practice either to
use the technique, aiready mentioned, of employing loose but immobile
material, or to give better control, some form of bubble-cap or eguivalent
systemo

l.4,1, Proposals for Nozzles, Bubble-Caps and Special Devices

Farly thinking about fluidized catalytic cracking led to the
attention to distribution. In a patent specification of 1940 Lewis and
Gilliland(8) claimed shaped inlet ports for the distribution plate.

These were to be cylindrical at the entry on the underside, expanding
upwards, preferably with a 7° taper, with their upper ends in continuity,
reqularly spaced., FEach opening would be substantially greater than the

size of the normal particle,
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To prevent penetration of particles onvupmard velocity is néeded
which is sufficient to prevent downward motion, The constriction will
need a channel of same length to provide "bfaking" of incoming particles,
The length of this channel appears to be dépendent on the plate free area.
Pyzel(17) clasims the opposite in a patent specification published
recently, The grid is of arch form in cross section and it is formed
with a multiplicity of closely spaced air passages which decrease in
diameter upward, preferably with a taper of 1/4" to 1/2" per foot (abmug
60)0 This arrangement is claimed to be particularly suitable for materials
which tend to agglomerate. The growth of agglomerate is obviated by *he

action of nigh velocity of gas streams entering the bed through the

K
|

tapered passages in the grid. It is also claimed that the taper of the
orifices prevents clogging of the orifices during periods of interrupted
fluidization and facilitates bed discharge after shut douwn.

People investigating metal-smelting processes claimed vertical jets
(41), inclined jets(42) and control of nozzle velocity by maveable grids
(43). Also they claimed(44) "a multiplicity of substantially uniformly
distributed, pressure reducing apertures" capped by what "may be con-
veniently termed a bubble-capPeses."

Bubble~caps had already been claimed from within the oil industry
(45) and there is a list(46) of such recommendations particularly for use
with multi-bed fluidized systems.

A recent summary on bubble-caps in fluidization has been given by
Vanecek and Drbohlav(31). The bubble cap approach is related(i) to the
need to overcome 'sifting' or flowback after shutvdown; and (ii) to
multi-bed systems where solids blown form below should not block the
distributor,

As already noted within the British chemical industry devices were

proposed such as a "series if jets arranged in the bottom, or the bottom
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of the vessel may contain or consist of a suitably perforated or porous
plate or plstes through which the gas can passe

Much of the interest lay in the development of nozzles. This was
particularly associated with the Dorr organization. Most of their process-
es concerned reactions of inorgaenic materials at relatively elevated temp-
erature and, for this reason, they built their distribution plates of
refrectory. The perforations were lined with alloy tubes to give reason-
able strenoth, To avoid build-up of solid in the tube, a sharp-orifice
was introduced(47),

Zeb.2, Perforations, Nozzles and Equivalents which Diminish

Solids Flouback

Ps already noted some important chemical plants in particular
cat-crackers operate with high pressure ratios. The reason is the need
to prevent flowback of solid particles through the perforations, which,
ctherwise, would lead to erosion of the perforations,

Zenz and Othmer(15) recommend that, to stop solids flowback, the
velocity through the distributor orifices of a multi-orifice plate should
be sufficient to produce a plate pressure drop of at least 40% of that
across the bed. At those velocities, gzs distribution is gzrerally good.
However, flowback may not bes prevented when a fluid bed is run tempor-
arily at a lower gas flow rate than the nominal one, or when a bed of
heavy particles is operated at a relatively small grid pressure drop to
minimize the cost of gas compression, For example, with iron ore fines,
a grid pressure drop of only 10% of the bed drop has been used in incust-
rial fluidized beds(2¢),

Sintered and porous plates have been used in bed driers but are
prone to blinding of the pores through the presence of atmospheric dust,
and even filtering the air will not prevent blinding, Also porous plates

are expensive to operate. Porous cesramic plates have been used but
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suffer from the additional disadvantages of poor resistance to mechanical
and thermal shocks, Porous plastic plates can be used but not at high
temperatures. Ffebric or fine mesh is sometimes fitted over the top of
an air distributor plate, This permits the use of larger arifices, there-
fore thicker and stronger sheels prevents the product from falling back
during a shut down,

Pegging of the perforations sometimes occurs when product particle
size and orifice diameter are similar. It can be prevented by making
the orifices smaller than the particles, but with many products this
would mean perforations too small for the plate to be made economically
in material thick enough to give the necessary mechanical strength,
Supporting grid bars will allow the use of thinner plate but it is still
preferable tc avoid very small perforations and in practice the distri-
butor plate often has orifices appreciably larger than the particles,

1,4,3. Practical Development

Bubble~caps have just been noted. In multi-bed systems to
operate at elevat=d temperature unsealed perforations in refractory
materials are provided by inserting alloy tubes into vertical orifices,

An early suggestion to prevent flowback was the use of a ball-séal
at the top of each tube., In the patent specificztion(42) is stated:
“ihe diameter and number of cylindrical apertures is so chosen that under
conditions of operation the pressure drop through the apertures will be
50 - 100% of the pressure drop of the bed above. This is done to cause
the upflowing gas to distribute itself uniformly across the reaction
vessel, The Ball—seal iteelf did not work well in practice(48).

The next development(49) was a flat cap on the alloy tube below
which radial holes were drilled., The holes were dimensionad to include
an angle less than the angle of repose of the non-fluidized particles

thereby preventing their flow out through the gas inlets,
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Experience of this period showed that a number of people had
develuped or exploited versions of bubble-caps. 0One simple idea was to
bore a standard hexagon-head bolt up the shéft and terminate the bore
inside the head. Radial holes were then dfilled Ffom each flat to join
the main shaft bore. The bolt would then be inserted head upwards in a
hole in @ suitable plate and fastened in position by a standsrd rut.

Another design c¢f the same period made use of staggered perforated

©

rfor-

plates. A steggered plate consists of two successive sheets of p
ated metal superimposed in such a way that perforations did not correspond
and were displaced in such s wey that non-fluidized solid would not flow.
This required some maximum separation of the two plates., This type is
convenient for industrial operation because it retains the advantages of
the single plate - ease of design and construction coupled with good gas
distribution(50). An alternative procedure was to use orifices which
would not permit the passage of particles because of the exploitation of
other principles. Porous plates and fine screens rely upon absolute
'bridging' of the orifices by individual particles. At least one early
patent(37) claimed the use of a grid with openings small enough to prevent
the downuward passage of particles. Some recent recommendations have
repeatad such limits(51,52).

In 1952 it was becoming clear that vertical perforations might
exceed in diameter the particle diameter by a factor not greater than
five and prevent flowback by the formation of a multi-particle bridge(53).
This principle was exploited in the patent of Gregory and Trees(54), It
uses narrow horizontal slots formed by the overlapping of suitable metal
strips held together with suitable spacers in such a way as to yield
horizontally when undergoing thermal expansion or contraction. The
dimensions of the slots are set, in the first place, to form bridges or

arches so that solid will not flow back. Normally the gas velocity is



artangec to exceed the horizontal conveying of particles, and the extra
feature of g substantial horizontal flow of gas to pravide coverage of
the total cross section,

Similar design appesred two years later in the specification(55)
which also utilised strip construction, perforated baffles are placed
below the grid; these baffles prevent the solids fram flowing. The dis-
tarce beatween the baffle and grid, the size of the holes in the baffle
and grid, and the displacement of the hole centres between the grid and
baffle are chosen so that the following condition should be fulfilled

(Figure 1.1),
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Figure 1.)1 Section of grid and baffle

Ulhere 8 1is the angle of repose of the solids,
d is the distance between the grid and baffle,
S is the displécement of orifice centres,
(Do)g is the diameter of orifice in the grid,
(Do)b is the diameter of orifiez in the baffle.
Similar ideas of design have recently appeared in e paper by Petrie
and Black(56). The primary elements of their design are shown in Figure

(1.2). The angle 8, is made greater than the angle of repose of the
] P

solid particles in the fluidized bed. In this way the occurrence



e grid plate

Q£>~ angle of repose of solids - for elimination of defluidized

Zones on cap.

Q? <:amgle of repose of solids - for complete eliminaticn of

solids flowhack.

Figure 1,2 - A distributor design of Petrie and Black(56)

defluidized zones above the top of distribution cap as repaorted by
Whitehead and Dent(27) and Kunii and Leverspiel(50) is avoided. The angle
92 is made smaller than the angle of repose so that under static conditions
there is no sifting of material through the distributor. The spacing 1is
chosen to give an injection velocity such that there is no possibility of
particles being swept into the wind box, while the injection velocity is
not high enough to cause serious particle attrition.

Two ideas should be noted for preventing build-up of solid in vertical
perforations. White(19) added & thin orifice to the gas passage, as in
the alloy insert previously mentioned. This apparently changed the parti-
cle flow-line, with suitable speeds, prevented build~up Practical work(57)
in the steel incdustry showed that countersinking from below to give a
relatively sharp orifice at the top gave perforations less likely to

block by bridging.
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lebe Effect of Distributor on Fluidized Behaviour - Studies in

Small-Scale Cquipment

As already pointed out, littie systemafic work has been reported om-
the influence of the hbed support on fluidiéed beiraviour, although many
data have been collected by industry on the design of distributors for
specific purposes, as‘noted already from the patent literature. This has
not received much attention from the academic side and on the whole the
books publishad on fluidization have not given much assistance in the
development of the subject.

In recent years some progress has been made in evolving methods for
the design of distribution plates., The same cannot be said about our
real knowledge of some aspects of distributor behaviour, e.g. flouwback
behaviour of thes distributor which received little attention in the past.

1.5.1: Survey of Previous Tnvestications

Most of these investigations have been carried out on bench-
scale equipment using a variety of distributors and different conclusians
have been draun.

A summary of some of these investigstions has been outlined recently
by Geldart and Kelsey(58) who classify them into two types: (i) those
related to hydrodynamic effects, e.g. effect of distributor on fluidi-
zation uniformity, density transients, bubble frequency and size, mixing
and (ii) those aimed at establishing desirable operating conditions for

a particular process, e.g. effect of distributor on conversion, heat
transfer rates.
No attempt can be made here to go into the details of these investi-

gations. UWe may only indicate some overall conclusion at which the

authors have arrived.
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le5.2. Investigations Related to Hydrodynamic Effects

The period 1947 - 1951 saw the publication of many papers
dealing with investigation of small-scale beds. Little orecise informa-
tion was published on the effect of different types of distribution
device on bed behaviour. The best availahle was probably that of
Agarwal and Storrow(59). Although it was on very small equipment, this
pasper by its simple and direct presentation of data shows pressure drops
across the disc for support of the bed to vary over a very wide range
reletive to the bed pressure drop. Tt was shown that there was no
difference in fluidization behsviour whether filter paper was used which
had a high pressure drop relative to the bed drop or a coarse-pore sin-
tered disc was used which had a low pressure drop relative to the bed.

Morse and Ballou(60) showed that the use of a fine-cloth distributor
improved "smoothness" of fluidization over no distributor for as much as
16 in.above the distributor but that at higher levels the improvement
was negligible, It was concluded that the effects of initially good dis-
tribution were lost in deep beds.

Some years later, Grosh(61) and Dotson(62) who studied density tran-
sients in fluidized 5eds confirmed thé findings of Morse and Ballou(60),
They alsc concluded that provided the bed height was not very small, it
had no measurable effect on the behaviour of the bed near the distributor.
However, it must be emphasised that their experiments were carried out in
a small~écale fluidized bed. In contrast to those findings, Rowe and
Stapleton(63) using a 12 in, diameter bed fitted in turn with a bubble-
cap distributor, a conical distributor, and a porous plate concluded
that the effect of distributor design on quality of fluidization extendéd
over the total bed height, and that generally the benefit of a good gas
distributor was not lost in a deep bed.

In a recent study, Fakhimi and Harrison(64) showed that the propor-
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tion of tetal bed height affected by the distributor plate was dependent
on the specific design of the plate (and in particular the spacing
between the gas outlets in the distributor plate).

Geldart and Kelsey(58) commented on the use of porous distributors
in fluidized beds and claimed that defluidized zones and tracks could
exist even with porous plates and that they were not necessarily superiaor
to other distributor designs. For any distributor of a given geometry,
they found a definite pressure drop ratio QXDDAADB) for successful oper-
ation of the bed and operation below this ratio would lead to instability
in the bed.

However, the recent study by Houvmand et al.(65) has indicated that
porous distributors would give better gas-solid mixing and hence better
gas distribution.

1.5.3. Investioations Aimed at Establishing Successful

Operating Conditions for a Particular Process

Grekel et al.(66) studied contaclting efficiencies in a 78 in,
diameter hydrocarbon synthesis pilot plant reactor. Ffive gas distribu-
ting devices were employed without bed internals, and one set of inter-
nals was tested. The first distributor was a 1 in.1.D.Pipe at the bottom
of a 1.2 ft. long cone. The second was a multi-orifice plate with four
orifices of 1/4 in.diameter and 4% free area. The third distributor was
a multi-orifice plate with twelve orifices having the same free area as
the four orifices. The last two were (a) a fine porous platz and (b) a
glass cloth over wool packing.

In the following table the relative contacting efficiencies at
86% conversion of CO reacted for the five distributors used by Grekel

et al.(66) are compared:



Catalyst mésh size Distributbr Contacting efficiency,%
~-100 ' Cone » 70
-40 Cone | 100
-90 | 4-orifice plate 108
-40 12-orifice plate 143
=40 12-orifice plate plus . 225

horizontal tube internals
~40 Porous plate : 106

~-40 Glass Cloth 115

The results show that the contacting efficiency is progressively
increased by changing from a single cone entry to a multi-orifice plate
and then increasing the number of the orifices. The trencd of improve-
ment in the direction of more orifices per unit area in the plate would
indicate that the ultimate might be a porous plate for gas distribution,
However, it would appear that the contacting efficiency of the pdrous
plate or the glass cloth, as can be seen from the table, is not signifi-
cantly higher than the cone entry gnder similar experimental conditions.
Grekel et al.(66) gave no explanation, but indicated that the addition
of bed internals with a 12-orifice plate resulted in the same conversion
as with less than half the catalyst required with the 4-orifice plate
and no internals, These findings are in rather strong contrast to those
indicated by Volk et al.(67) that baffles were not a feasible methad of
increasing contacting efficiency. However, it must be emphasised that
Volk et al,(67) in discussing reactor internals did not discuss the effect
of distributor design.

Similar work has been carried out by CGomezplata and Schuster(68)
who studied the effect of the distributor on the catalytic decomposition

of cumene using two types of distribution plates, a porous plate and
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screen mesh, Their conclusion was that the porous plate gave 30% more
conversion than screen distributor, which has been abserved tc give
coarser bubbles than the porous plate, The latter resulted in smoother
fluidization and smaller bubbles, particularly at the distributor level,

Furthermore, Hovmand et al.(65), in a recent study of chemical re-
action (the rate of conversion of ozone to oxygen in a hed of catalyst
particles fluidized by the reacting gas) in a slugging bed 46.0 cm.diameﬁer
and 400 em. high, have studied, with other factors, the influence of dis-
tributor design on conversion rate. The distributors employed were sin-
tered plate and two multi-orifice plates of the same free area but diff-
erent orifice diameter and spacing.

They concluded that with multi-orifice distributors, mal-distribution
would have an important effect on conversion, particularly at low gas
velocities., A sintered distributor plate, however, would give a better
conversion than a multi-orifice distributor. It should be noted that the
slugging conditions make comparison with other situations difficult,

If rate of decomposition of reacting gas on a solid catalyst depends
on the extent of gas-solid mixing, then it would appear from their results
that the porous plate had enhanced gas-solid mixing and gave better dis-
tribution, This is, obviously, in disagreement with Geldart and Kelsey
(58).

If on the other hand the two multi-orifice plates are compared, uwe
would find the one in which the qiven free area was divided into a large
number of orifices closely spabed had resulted in a higher conversion rate
than the one with small number of orifices widely spaced.

These results would seem to confirm the findings of Grek(69) who
studied the effect of the geometrical characteristics of distributors on
the uniformity of gas-solids mixing, using a number of multi-orifice

plates of the same area but having different orifice diameter and spacing,



For a given flow rate, his experiments showed it is best to divide
the free area into small orifices clesely spaced for a more uniform
mixing of gas-solid,

1.6, Factors Affecting Distributor Desicn - Development of Design

Eguatimns

l.6.1. UWhitehead and Dent's Correlation

WUhitehrad and Dent(27) carried out elaborate studies on the
performance of distribution plates in gas fluidized beds. In relatively
large~scale column ranging from 1-64 ft? in cross section sand was fluidi-
zed up to 4 ft.depth. Tuwo gas-injection nozzles with horizontal discharge
were employed: a lower gas efflux velocity and a high gas efflux velocity
respectively. The pressure over these nozzles could be adjusted at will,
By measurement and observation at the indivicual nozzles, the minimum gas
velocity Um’ at which all the nozzles were operational could be determined.

The avthors indjcate that the criterion used does not imply homogen-
eous fluidization. For instance, gas flows per nozzle were not the same;
also the bed pressure drop was not entirely equal to the bed weight,
probably caused by local jetting and by-passing of the gas.

WUhitehead and Dent were able to correlate their data for the minimum
gas velocity by equating the distributor pressure drop change per opera-
tiQe nozzle with the bed pressure drop change per operative nozzle. The
latter effect is caused by the defluidization of the bed above an inopera-

tive nozzle and the consequence shrinkage of the total bed weight,

u_ 1077 (3,23 y9e22 Ko Hoo) 785
T = 0.7 4 0.49 + 5 SR (1.1)
f‘ . -
m Umf
e

where KD = 60 U_ADD, the gas flow factor and ADD ishdistributor pressure

drop.



Equation (1.1) shows that the minimum gas flow Um required to achieve
full operation of all nozzles is dependent upon the distributor pressure
drop, number of nozzles, bed height and the density and the incipient
fluidizing velocity of the solid phase.

Zuiderweqg(29) used (1.1) to calculate the pressure drop ratio
ADD/ADB for the larger vessel, which turned out to be dependent on the

fluidization velocity to be applied, and he showed

AP u .
—2 _ g.012/ 1- 1.4 (=20) | (1.2)
5P U

wﬁere Um is the minimum velocity required to render all nozzles operative.
Using this relationship, Zuiderweg was able to show that at Um/Umf = 2,0,
the value of the ratio ADD/ADB was only 4%, and a* Um/umf = 8 the ratio
was even less, ADD/APB = 1,5%.

Some years ago Hiby(26) studied the distribution plate problem by
artificially imposing a gas mal-distribution, in a small scale fluidized
bed at conditions near to incipient fluidizing velocity, by having an
independent air feed to a central section of the distribution and hence,
by measuring the differential pressure between the two parts of the bed,
to determine the relationship of the product of the fractional change of
depth and the reciprocal fraction change of fluidizing velocity to the
ratio of the critical pressure across the plate and the drop across the
bed. Conseguently, a criterion for designing a fluidized bed so that mal-

distribution does not occur was deduced, i.e.

AP o uoH i

(RZEE) © Hdu (1.3)

where K is a factor dependent on the initial bed height and the fluidi-
zing velocity.
Hiby considered the fluidized bed to remain stable when the decrease

in local bed pressure drop as a result of change in local velocity was
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overcompensated hy an increased pressure drop across the plate. Thus the
stability criteria, as have been derived by 7uiderweq(28), of Whitehead

and Dent(?? and that of Hiby(26) can be compared as follouws:

(AP § WPy
= =TI Whitehead and Dent (1.4)
constant
gas flow
§ @ Py) .
. /
- ~ Hiby (1.5)
constant '

number of orifices
on distributor

The data obtained by Hiby indicated that for a multi-orifice or
nozzle distributor the required pressure drup changes with fluidizing

velocity are as follows:

AP u

D . .15 for B 1 -2 (1.6)
A 0
p mf
B
AP U
and ~B . g.015 for 03 1 (1.7)
A i
B mf

This finding is in good agreement with that of Whitehead and Dent, In
fact the two authors provide evidence that a'high pressure ratio is
needed only at the commencement of fluidization. Once the bed is freely
moving the ratio can be smaller. Their argument clearly demonstrates
that multi_orifice plates should be cheaper to operate in terms of power
consumed, Greqgory(2) emphasised that, with single-stage reactors, it is
possible to start up with avshallom bed and build up the bed as the lower
material is put into motion,

The work of Hiby(26) and Whitehead et al.(27) clearly recommends a
low pressure drop ratio for design purposes. However, Guozedey and
Colleagues(23).came to the opposite conclusions. But it is important té

recognise the limitations attached to their work. In particular, it



refers to bubble caps in a vessel 20.5 cm. diameter, and the criterion
of adequacy of performance was the index of mixing of sand and salt in a
given time. On this basis they *ecommended‘that the pressure drop ratio
ADD/APB should be no less than 1.25.

Rather moderate values have been reported by Deshpande et al.(34)
The onset of slugging‘has been used as the main criterion of the perfor-
mance of the system, One also must recognize the serious limitations of
this work, as it was carried out in small diameter bed, and slugging
rarely occurs in practice.

1.6.2. Jet Formation and Distributor Design - Zenz's

Correlation
7enz(70) made a study of single vertical jets issuing in a two-~
dimensional bed of cracking catalyst. As a first approximation, to prov.ide
a basis for calculating the orifice spacing in a commercial distributor,
he measured the penetration pj by visual observation and found the

empirical equation,
— i
= 4 3
long (UO pg) 0.0144 5. + 1.3 (1.8)
He also found by experiments that the resulting bubble had a diameter

about half the length of the jet pjo In order to avoid merging of bubbles
simultaneously leaving the distributor, as it is important for the stable
operation of the bed, he suggested a minimum orifice spacing:

3

5min - Z.pj (1'9)

By considering a 30% pressure drop criterion, he was able to relate
the bed pressure drop [&DB to the ratio of orifice spacing to orifice

diameter S/DO, i.e,

log, (352 APB) = 1.3 + 0.0256 (S/DO) (1.10)



For given values of[)PB, eduation (1.10) gives the distributor
orifice spacing to diameter ratios. These ratios are to be considered
representative for multi-orifice distributor plates where jets issue
vertically through the fluidized bed and when the bed contains no inter-
nal baffles which would restrict the natural growth of bubbles. Here,
Zenz recommended the 30% pressure drop Cri£érion for design purposes,

The use of this figure is probably derived from his own experience,\but

a 10% criterion has been found to be a workable figure for multi-orifice
distributors. In any case?;xperiments nf Chapter 3 have indicated that
the pressure drop criteria are determined by the bed aspect ratio (height/

diameter),.a fact which appears to be disregarded by Zenz(70).

1.6.2. Distributor Desion from Theory - Fakhimi and

Harrison's Model

Fakhimi and Harrison(64).recently studied the design problem of
distributors in gas fluidized beds. They derived a theory for predicting
the performance of a multi-orifice distributor, supported by experiments
on a two-dimensional bed. The theory uwas based on the observation that
at gas velocities above Umf a spout is formed above certain orifices and
that bubbles are generated from the top of each spout. Spouting orifices
were termed as Dperatiuelorifices and the remainder were termed as non-
operative orifices. They equated (i) the pressure drop through an opera-
tive orifice plus the spouted bed above with (ii) the pressure drop through
a non-operative orifice plus the static bed above. This represented a

balance of pressure given by the expression

= A :
Ap5+Apdl Ade + Ap o y (1,11)

where Aps = pressure drop over a spouted bed of height 7,
the height of entrance region immediately above

the plate,



Apmf -

¢

ressure drop across a fixed bed of height Z
at incipient fluidization.

Apdl = pressure drop through an orifice at gas flow
rate above incipient fluidization.

Apd? = pressure drop through an orifice at incipient

fluidization.

(A similar approach was pursued by Zabrodsky(73) when he considered the
distribution plate problem, but probébly, by mistake, the term APS has
been omitted from his equation (1.46).

In this way, Fakhimi and Harrison obtained the number of operative
orifices n as a fraction of ghe total number of orifices N in the
distributor:

(U - Umf)

no_
WP 26 ) (P - P )E - U
mf i mf s mf (1.12)

Where ¢ is the fractional free area and f; is the fluid density., The
height of the entrance region immediately above the distributor is defined
as Z, it is the height of each spout and the static bed above each

inoperative orifice. 7 is related to S, the orifice spacing., Fakhimi

wiN

and Harrison(64) found = 3.8 for two dimensional beds with U just above

Umf°

The pressure drop over a spouted bed of height Z is giveh by

= - ™
AP = 20g.(1 - e  )o.2/ (1.13)
and the pressure drop over a fixed bed of height 7 and voidage IS at
Umf is
AP o =P (1 - emf)ozog (1.14)

where psis the density of solid particles.



Using (1..1%) and (1.14) in (1.12) gives

(U-u ) .
- mf (1.15)

T

Lumf + 0.727(1 - emf)-ge(g;0.¢ .7 - U

n

. mf
This is another form of equation (1.12) suggested by Fakhimi(74).

For a given system, with known gas and particles properties and

known plate characteristics, equations(1.12) and (1.15) have the form

J .
o2 K(-—=— - 1) (1.16)
N u
mf
where K is constant for a given gas-solid/distributor system., Thus ﬁ
is a linear function of UE“"
mf
The above theory shows that for larger values of Umf a smaller
u/u is required to render all orifice operetive, Similarly, the theory

predicts that for larger values of o larger values of U/Um are reqguired

£
. for full operatiOﬁ, It also predicts that for a given operating condit-
ions and equipment ﬁ'is a function of l/fg, since Z is a function of S,
Therefcre, according to theory for @ given /’ree area better gas distri-
bution is achicved by using a large number of small orifices closely
spaced than a few large orifices widely spaced. The theory finds support

from the work and conclusionsof Grek(69), Yufa(71) and Houvmand et al.(65).

Some Cemments on Theary

Fakhimi and Harrison(64) in deriving their model treated Z as a
constant (always Z/5 = 3.8). for a given solid distributor system,

Probably Z would not remain constant once U exceeds Um and in particular

f‘

with solids having very low Umf' Hovmand et al.(65) referred to the use

= 2 was re-

wniN

of lower valQes of é at higher gas rates and a value of

commended for a three-dimensionel bed system. In the present work

experiments were carried out (See Chapter 5) in order to examine the



applicability of the theory to other solids, as the work of Fakhimi and
Harrison was confined to sand particles only. The experimental results

. . N
are presented in Chapter 5 which shous a non-linear dependence of m on

~H—, thus deviating from equation (1.,15), The deviation appears to be
mf

most pronounced with cracking catalyst (having low Umf)' Uhen Z was
treated as a variable (i.e. Z = £(5,U0) in (1.12) or (1.15) closer agree-
ment with theory was obtained. This may be attributed to the fact that
cracking catalyst is difficult to &efluidize0 Qualitative observations
with 106 1 catalyst showed that

(i) Some orifices were not spouting but forming bubbles immediately
above the surface of the distributor.

(ii) Defluidivad iones which were observed with other solids appeared to
be semi-fluidized with catalyst. These diminished very rapidly with gas
flow rate. -

(iii) Some orifices remained inoperative and persisted to a higher gas
flow rate.

(iv) The experiments failed entirely when these were repeated with un-
sieved catalyst (having wide size range,20 - 150 1 ). Experiments showed
a considerable deviation from theocry. It was found that in order to
render at least 50% of the distributor orifices operative; it required a
gas rate about an order of magnitude higher than what (1,15) predicts,
Full operatibn was found rather difficult to achieve because of the
excessive»amount of gas required and the considerable carry over of fine
particles.

In conclusion some doubt may be felt over this theory with respect

to its application to solids with low Um but the matter still remains

f"

to be clarified.



1,7. Advantages and problems of Multi-Orifice Distributors

Multi-orifice distributors have been used industrially because of
their economic and technical advantages over other types of contacting
devices: simplicity of design, relatively low pressure drop, and the
possibility of high flow rates., Their use in multi-stage systems where
they act both as gas distributors and stage separators has proved to be
cheap and effective (20,75), thus reducing the overall height of the equi-
pment by eliminating overflow pipes and downcomers provided that solids
control can be adeguately achieved without these extra devices.

From the viewpoint of fluidization uniformity, multi-orifice distri-
butors may be better than cap-distributors, since they give more uniform
and stable gas strecms and have all the conseguent advantages. Gas
streams pessing through the orifices are directed vertically into the
solid phase to be fluidized, and not in a partly lateral directicn as
with the bubble-éap type. Multi-orifice plates are cheap, easy to clean
and provide self-emptying beds, advantages which gas distributor plates
with capped nozzles lack. For gaseous applications it is perhaps the
best form of distributor particularly for drying, absorption and desor-
ption processes (22).

The multi-orifice plates can be made to suit each specific process
requirement., The orifices usually are in the size ranging from 0,15 up
to 2.5 cm. and the free area is from 1% to 3%. The plates are generally
available in two basic vafieties, depending on the orifice diameter:

(i) plates with a large number of small orifices, and (ii) plates with

a small number of large orifices. In the first of these, howeuer; the
orifices are freguently blocked by particles (especially after a temporary
inter;uption or reduction in the gas flow). This design, as already
noted, has the advantages of giving better gas distribution and good gas-

solid mixing,.



Clogging of the orifices can be overcome by making the orifices
large ercugh in comparison with the solid. It has been reported(51) that
the diameter of the orifices should be at least ten times larger than
particle diameter, and with a2 polydisperse mixture, at the most twice the
diameter of the largest particles(52).

The second design has two undesirable characteristics: (i) the
problem of defluidized zones and (ii) £he problem of solids flowback.

[

l.7.1 The Problem of Defluidized /ones

One of the serious drawbacks of this type of distributor is the
formation of defluidized zones in the space between the orifices. The
solid phase in these regions remains completely immobile., For materials
that tend to agglomerate on these zones,even when small,may grow after
prolonged operation resulting in distributor blockage and thereby hind-
ering fluidization, This subject received little attention in the past,
In the present work, defluicdized zones have been studied experimentally
(see Chapter 5). Previcus work on defluidized zones is also discussed in
Chapter 5.

1.7.? The Problem of Solids F[louback

With this type of distributor particles are apt to flow back
through the orifices when the gas flow is temporarily reduced or after shut-
down. fhis is particularly seriocus with single-bed systems since the pres-
ence of solids below the distributor can cause severe erosion and lowers
fluidization efficiency. When the gas velocity is too low there will be
a tendency for the solid particies to fall through the orifices in the
plate. There is also a tendency for some particles to fall through the
plate even if the velocity of the gas is high enough to blow particles
out of the bed. This phenomenon, has been observed even at average
orifice velocities one hundred times greater than the particle free-fall

velocity(15), The reason for this is not well underestood, but it is
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Lhought to result from some sort of eddy current effect produced just
above the distributor plate or from local pressure surges.

As we noted earlier, various kinds of nozzles and bubble-caps are
used industrially to prevert solids flowback, The ahbove devices may also
improve the regularity of gas distribution, but because of intense erosion
at the plate level and high energy cost, multi-orifice piates are still
widely used,

Flow back in gas Fluidized beds is a subject which has received
little attention in the past. It has been neglected to the same degree as
defluidizedbzomes on the distributors have been neglected. In the liter-
ature there is little reported work on solids flowback. Gregory(2) studied
the problem anl as he shows in his paper, flcwback as a function of gas
flow rate pass2s through a maximum. Probably a low leakage rate at louw
gas velocity is due to bridging of-the solids, an effect which causes the
behaviour of fluidized bed distributor plate to be quite different from
that of distillation plates with which Gregory compares it.

Recent work by Serviant et al,(76) on solids flowback through single-
orifice plates revealed two types of orifice flouwback, namely weeﬁing and
dumping. These terms are associated with gas liguid systems where they
describe the leakage of liquid from sieve plates counter-current to the
flow of gas. In distillation, dumping is generally referred to as heavy
weeping. In fluidized beds weeping and dumping ari not yet understood
clearly. Houwever, since the incipiently fluidized/gehaves so much like
a liquid, it seems reasonable to suppose that the rate of solids flowback
through the orifices of the distributor should occur in the same way as
for liguid on sieve plates. Despite the uncertainty, about liquid leakage
from sieve plates, it is possible to gain some partial insight into the
likely behaviour by using this analogy.

The present author(77), who previously carried out some preliminary



studies on flouwback, discussed the analogy between gas-liguid and gas ~
solid systems. Gregory(2) also discussed this at.length and listed possible
weaknesses in the analoqy, these are

(i) The solid particles do not flow as freely as liquid over the whole
range of aerztion.

(ii) In the fluidized bed there is no surface tension between gas and

solid, and gas can interchange freely between the bubble phase and the
emulsion phase, thus permitting bubble gfowth,

(iii) Fluid particles differ from solid particles in that they may change
their shape as they fall and this modifies their behaviour.

1.7.3. Flowback in Cas~Liquid Systems

Numerous pdpers haverbeen published for liquid flowback (or
weeping) in gas-liguid systems. The summary of some of these can be
‘found in the book by Van Winkle(78), but the most satisfactory theoreti-
cal study of the‘problem has been that of Jameson and Kupferberg(79,80)
and McCann and Prince(86).

Jameson and Kupferberg(?g) attribute liquid flowback to a pressure
gradient in the wake of a bubble leaving the orifice. It was suggested
that this pressure whose approximate magnitude can be calculated from the
potential theory, is responsible for the phenomenon of liquid leakage or
weeping on sieve trays. Thus when a bubble forms and rises from an
orifice in a distributor in a gas fluidized bed, it may lead to pressure
gradients which force particles downward through the orifice in the same
way as liquid weeps. By a similsr method, McCann and Prince(86) have
successfully predicted, for a single orifice plate, the pressure fluctua-
tions underneath the orifice, the size and frequency of the bubbles, flow-

back rate and weep point, assuming that the bubbles remain spherical

during formation and weeping.

In a recent paper, Kupferberg end Jameson{80) have extended their




analysis Lo a multi-orifice system. A simplified model for the behaviour
of a multi-orifice plate has been derived which enables calculation of
the bubble size provided the frequency of pressure Tluctuations in the
wind box can be predicted. They shouwed that dumpiﬁg (or weeping) through
multi-orifice plates at low gas rates was caused by hydrostatic loss and
suggested a criterion for the minimum gas velocity necessary to stop
dumping. This hydrostatic loss is initiated within the bubble as it
rises in the ligquid and this can lead to negative residual heads, which
causes liquid leakage through the orifices. They postulated that unless
the dry plate pressure term pgKUi is large, the hydrostatic loss pggh
2ill cause a negative pressure in the wind box for a considerable portion
of the period of the bubble growth so that as soon as the bubble detaches
there is a pressure gradient in the liquid which can cause flow through
the orifice. In this way, Kupferberg and Jameson derived a criterion for

the prevention of liguid flowback defined by a "dumping number":
p 1 ping

.08
p K12 UiJ
N, = J—1= 1,11 (1,17)
d p’Q QDDO

and the minimum desirable orifice velocity to prevent ligquid flouwback is

i
=

] oy

] > [l lJQR] 9.00/2) (1.18)

Where K is an empirical coefficient,

Therefore the important factors influencing the limiting orifice
velocity are the properties of gas and liquid and the plate design.
fhus, in fluidised beds, UO is also expected to be influenced by the

physical proparties of gas and solid and plate geometry.



CHAPTER TUWO




2 CTERMINATICN -OF INCTPIENT 1017
. DCTERMINATICH -OF INCIPIENT FLUTDIZING VELOCITY OF SOLID PARTICLES

This chapler is concerned with the determination of the incipient
fluidizing velocity Umf since many of the subsequent calculations depend
on an accurate knowledge of this velocity.

2.1 Definition

The incipient fluidizing velocity required for a given bed of solids
is that superficial mass velocity which is sufficient to buoy completely
all of the solid particles within the bed so that any particle is just

able to move relative to.the bed.

P N s .
Under these conditions the pressure drop over the particles compri-

sing the bed is givan by:

P = . -~ - e
4 Bt Hmf’ (pg pf)°9'(l Cmf) (2.2)
where
g = acceleration due to gravity, Cm/seczs
- i L _ 3
ps = density of particles, am/cm”.
. i . 3
e ¥ density of fluid, gm/cm™.
Hmf = incipient bed height, cm.
Ath -~ theoretical bed pressure drop, dynes/cmz.
e = bed voidage at incipient fluidization, =
|

for gas-solid systems p_ pe s then (2.1) can be written with
°s

adequate accuracy as

= - o 7
APy Hooo ps(l emf) g (2.2)

which is approximately equal to the weight of particles comprising the

bed divided by its cross-sectional area.

As the incipient fluidizing velocity cannot be estimated with

3 [ ~ - 1 ol 1 ) W~
sufficient accuracy from a visual observation of the bed, it is generally

determined from the experimentally found dependence of the pressure drop

on the superficial velocity of the fluid. The plot of this relationship
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changes direction sharply at incipient fluidization, because the pressure
drop across a fluidized bed, contrary to that of a fixcd bed, does rot

depehd on the velocity of the fluid. With further increase 1n gas

velocities beyond incipient fluidization the pressure drop remains
practically unchanged as long &s particle entrainment is prevented.
Incipient fluidizing velocities of diverse materials have been
determined by many authors, and from these results a number of empirical
relations for the estimation of the incipient fluidization Umf have heen
established.
A widely used semi-empirical correlation for the prediction of gas

velocity at incipient fluidization is that due to Leva(8l):

~-0.063 g. 0. b -p f)

U = (0.0007 R ) b=
mf “nf He

(2.3)

where
Upp = incipient fluidizing velocity, cm/sec.
g = acceleration due to gravity, nm/secz.
Dp = mean particle diameter, cm.
o, = density of particles, gm/cmz.
o 3
Pe = density of fluid,gm/cm".
Uf = wviscaosity of fluid, gm/cm.sec.
and
Remf = particle Reynolds number at Umf’ i.e.
Uppe Do Pe
Re P —re
m We

Davidson and Harrison(82) derived from theory the following expression

for incipient fluidizing velocity:

2

g.0_ (p_ - pg)
U _ = 0,00114 p Ps ~ Pt
mf

(2.4)
e ' '



The derivation of this expression was based on Carmaﬁ‘s equation,
by using the voldage at the point of incipient fluidization emf and
assuming the pressure drop to be equal to the weight per unit area of
particles. Davidson and Harrison assumed £hat the particles at incipient
fluidization set themselves in the loosest possible mode of packing at

which individual particles remain in contact with each other, For spheri-

cal particles this would be the cubic mode of packing and the voidage at

incipient fluidization is given by

(6 -m = 0.476 | (2.5)

®
1i
o

Rowe(83) derived an expression similar to that given by Leva(81)
based on the results of experiments in which the drag forces on & single
sphere in isolation and in an array of the same spheres were measured,
His results shomed that the force on the single sphere in the array uas
approximately 68,5 times the force on an isplated sphere at the same super-
ficial velocity of fluide Rouwe then applied this result to fluidized
beds and obtained the expression

2

) D . (Q - Q).Q

U - g.00081 —H—> £ (2.6)
mf ° We

- 2 .
As Remf ranges from 10 2 to 10° for most fluidized systems,

~0.063 . - . .
Re 0.063 in Leva's correlation 1s of order unity and therefore (2.3) is

mf
very close to (2.6)%

A}

In the present work, the experimental results have been correlated

by a semi-theoretical equation analogous to Rowe's expressione



2,2 xperimental Equipment

The equipment used in the experimental work is shown schematically
in Figure (2.1). The fluidization column is a 45 cm. length of 9 cm. in-
side diameter glass tube with a wall thickness of 0.3 cm. The fluidizing
gas was air taken from 80 p.s.i.g. main and reduced to 20 p.s.i.g. by @
oressure teducing valve, This was fed into an inlet menifold which
supplied a bank of variable area flow meters. The outlet manifold was
connected via a valve to the flujdized'bed wind box. Figure (2.3) is a
photograph showing the general arrangement of the equipment,

The flow meters were a range of metric type rotameters two of which
wvere suituble for small gas flows. With this arrangement, it was possible
to meter flows betueen 10 cm?/sec, and 1.50 x 103 cm?/seca

The flow te each meter was finely controlled by its own needle valve
which also served to isolate any meter not in use. The needle valve at
the inlet to the fluidized bed enabled the meters to be operated under

pressure if it was found necessary to increase their range and to reduce

float oscillatior,

2.3 The Distributor Section

The bed distributor section is shown in Figure (2.2); This consisted
of a section packed with 10 mm glass beads and 0.476 cm. (3/16") thick Vyon
disc (a porous plastic material obtained from Porous Plastic Ltd.).
Pressure tappings consisted of three holes at 120 deg. to each other were
drilled on the porous platgo Short lengths of 3/32" 1.D. copper tubing
were glued into each of these fappings and then covered with a patch of
750 mesh stainless steel gauze (flush with the surface) to prevent solid
particles entering the pressure tappings. The tappings uwere connected to
a wall-type manometer filled with coloured water via a manifold using

PeVol tubing This was intended to obtain a reliable measure of the bed

pressure drop. These tappings created a dead patch approximately 0, 13%
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of the tectal distributor area. The effect of this dead patch was only
visually apparent for initial bed heights 4 cm or less.

A recess was turned in the duralumin bases and the distributor was
assembled as shown in Figure (2.2).

Earlier designs had an additional
flange to assist in changing distributors, but this was unnecsssary CNCE
the type of distributor had been chosen. In order to ensure that the
experimental results were not influenced by the bed diameter and type of
distributor, some of the particles were fluidized in the 14 am diaﬁeter
column described in Chapter three using multi-orifice distributors. How-
ever, no differences were detected (see Figure (2.6)).

2.4 Farticles

A variety of materials was investigated. In Table (2.3) these
materials are listed and characterised by the particle density, the void
~ fraction of the settled bed, the shape factor and roundness factor of the

individual particles and by the mean particle diameter Dp’ calculated by:

D (2.7)

N
L
d .
pi
where x. is the weight fraction of particles with diameter dpi' The
i
physical properties of the solid particles uere determined by methods

described in Appendix AZ.

2.5 Experimental Procedure

Knowrn weights of particles were loaded into the column to give static
beds of various depths. Before readings were taken the beds were vigorous-

1y fluidized, and then defluidized very slouwly. The settled bed height

was recorded as the incipient bed height Hmf° Then the velocity was in-

creased gradually from zero ang readings of bed pressure drop were taken

at intervals The pressure drop scross the bed was measured directly
e .

from the three pressure tappings located on the distributor plates



2.6 Experimental Results

The res s for . ‘ . . .
' sults for pressure drop have been plotted logarithmically as in

Figures (2.4) - (2.6). 1In Figure 2

the pressure drop does not equal the weioht per unit area

2.4, for example, it will be noted that

of bed until a

gas velocity of 0.7 em/sec. is reached even though the bed appeared to be

well fluidized at lower velccities,

This shows that fluidized and fixed

bed regions are present simultaneocusly in the bed over a range of gas

velocities. Following Godard and Richardson(84), the point of intersection

of the straight lines drawn respectively through the fixed bed and fluidi-

zed zones has been taken to give the incipient fluidizing

velocity Umfy

and ronsistent values have heen obtained for different bed heights.

2.7 Correlation of Experimental Results

Following the approach af Davies and Richardson(85),
fluidizing velccity Umf can be predicted approximately by
the point of incipient fluidization the drag force on the
equal to its weight, and that it is a constant (CD) timas
on an isolated particle at the same superficial velocity.
number is low, Stocke's law applies, and therefore

3
Coe Bme Moo D . U o= g Doe (g - pp)eg

D° 8 6° p s

assuming particles are spherical. Thus

o
Dp.(pS - of).g

lBuf' Umf

the incipient
assuming that at
particls is

the drag faorce

Uhen Reynolds

(2.8)

(2.9)

where C_is a coefficient analogous to that obtained by Rowe(B3) and may be
5 ke

defined as the ratio of the drag force on a single particle in an array to

the drag force on a sing
ficial velocity.
Values of CD

in Table (2.2). T

le particle in an infinite medium at the same super-

obtained from the present experimental results are given

hese values may be compared with the value of 68,5 ob-
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by Rou 3) : 1ral
y Rowe(B3) for the dral force of a single sphere 1n an arraye

g an average value of 72,12 for CD’ the incipient fluidizing velocity
ven by
2
0 . (p. = po)
: R
U o= 0.00077 B f (2.10)
He

is reasonably claose to (2.3) and (2.6). Davies and Richardson(85)
give similar expression for small particles.

2.8 Comparison of Experimental Results and Theory

In the following table (Table 2.1) we present a comparison of the
imental :esults and the theoretically predicted values for all
5 testéd0

APB* = theoretical fluidized bed pressure drop predicted

using (2.2),

A

P = fluidized bed pressure dro calculated from bed weight
Bt/Eq P oht,

ADBM -~ fluidized bed pressure drop measured,

~  incipient fluidizi 1 ,
Umf/m incipient fluidizing velocity measured,

Unf/K = incipient fluidizing velocity predicted using(2.10),
|

Umf/DH = incipient fluidiziﬁg velocity predicted using(2.4),

(Umf/DH) - incipient fluidizing velocity predicted using(2.12).

corrected

The experimental results indicates that expression (2.,10) is more
factory for the prediction of the incipient fluidizing velocity Umf

the theoreticsl expression oresented by Davidson and Harrison(82).

e that the equaticn of Davidson and Harrison is reasonably accurate

L
[

mall particles, but that the difference between the predicted and

easured values 1is greater than the difference between the present

lation and the measured valuss for large particles. These ohser-

ns reinforce the conclusion of Davidson and Harrison(82) that the

way to'obtain Umf accurately is to measurs it.
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1t should be noted that the deviation noted by Davidson and Harrison

which led them to suggest that the only satisfactory way of arriving at
values of Umf was by measurement may in fabt arise from the use of an
unsatisfactory model,

In deriving(2.4), Davidson and Harrison assumed the cubic mode of
packing for predicting the bed voidage at the point of incipient fluidi-
zation. However, Greoory(57) postulates that the closest regular packing
at which it is possible for individugl particles to move relative to
others that are in the bulk is when particles take the ortharhombic mode

of packing, i.e.
1
3V

e =

" ( 3V 3 ~m) = 0,3954 (2.11)

ol

Applying (2.11) instead of (2.5) in the analysis pursued originally
by Davidson and Harrison, a new expression for the incipient fluidizing
velocity is obtained, i.e.

2
0. (= ppled

U_o = 0.00060 B (2,12)
m T

which appears to be reasonably close to the present correlation although
on the lower side. In the last column of Table (2,1) values of Umf have
been recalculated using (2.12) which indicates possibly better agreement

with experiments. With large particles, the deviation between experiments

and theory is largely reduced.

which is based on the orthorhombic mode of

The (U |
mf/DH)corrected

packing is likely to provide the lowest possible value and to hold best

for pe-fect spheres. A check of the data in Table(2.1) shows that the

rounded particles approach the (Umf/DH) value more closely,

corrected



TABLE (2.2)

Particles Particle diam, Particle density Umfmeasured ED calculated
Opy B ps,gm.,cm_3 cm,sec—lo
Coal 0.0128 1.35 Uf944 71,0
Catalyst El 0.0074 0,915 0,284 \53,50
Catalyst C2 0.0106 0,915 0. 455 70,65
Diakon 0.0281 1.167 3,450 85f70
Glass Gl 0.0084 2,70 0.950 60.80
Glass G2 0.0120 2,82 1.426 86,30
Glass G3 0.0237 2.925 7,00 7120
|Sand S -0,0177 2,64 3.65 70.0
Sand 52 0,0277 2.64 8,10 76.0
Sand 53 0.0138 2,63 1.95 77.8
Sand S, 0.0224 2.64 5,70 70.4

Mean Value of CD = 72,12
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Fig 2.2 Details ot distributor section

(A.ll dimensions in centimetres. Scale: "lé' full size)

List ot Materials

A Duratumin F Wire gauze
B Glass G o-16cm. thick rubber gaskel
C 1ocm, diam. copper tube H Vyon disc %

D o0.95cm. diam. copper tube | Araldite
E o0-65cm.diam. copper tube J 6xo0-8cm. diam. bolts
% Pressure tappings are not shown,
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CHAPTER THREE




Je PRESSURE DROP ACROSS THE DISTRIBUTOR PLATE AND ITS RELATIONSHIPS

This chapter is concerned with a study of certain aspects of pressure
drop through distributor plates and their relationship to fluidized
behaviour.

3.1 Przssure Drop - Flow nelaticnships for multi-orifice

Distributors

3.1.1  Types of Orifice Flouw

R |
F16, 31
Ap :_~.~F?;p§{_
U < X GAS

When a fluid is flowing through a tube or across an orifice the
pattern of flow will vary with velocity, the physical properties of the
fluid and the geometry of the orifice. Flow can be of three types:

Le Laminar or streamline;

2. Transitional regime between streamline and turbulent;

3 Turbulent.

1, Laminar Flow

This type of flow is characterised in the steady state conditions

by the absence of bulk motion of fluid at right angles to the main stream

direction and the velocity of flow at amy point remains constant and shouws

no variation with time. Such conditions are satisfied at low Reynolds

nunbers where the inertia forces are small compared with viscous forces.
Under these conditions and for the situation shown in Figure (3,1), the

pressure drop-flou relationship for incompressible flow is represented

by the Hagen-Poseuille equation:



D, (P, - P,)
T 0 1 2 . (3 l)
o] e B
Lo L[fo Q.
Also we have,
U =
U (3.2)

and on substitution into (3.1) yives,

ML NN S (3.3)
8m. uf.2 D °

u =

where
U = superficial velocity of fluid, cm/sec.

AP_ = differential pressure, dynes/omQ.

He = viscosity of fluid, gm/cm.sec.
o 2
a = surface area of orifice, cm .
¢ = orifice length, cm.
¢ = fractional free area of distributor, -.

Therefore, for a given distributor, the pressure drop across a distri-

butor in the laminar regime is a linear function of gas flow rate, i.e.

APDa U (3.4)

This type of flow rarely occurs with distributors in'gas fluidized
heds unless these are operated at very low gas rates. Distributors

having linear characteristics are usually found with narrow-pore plates.

3. Turbulent Flow

This is characterised by the rapid movement of fluid as eddies in
random directions across the tube. The velocity at a point varies with

time and a certain bulk transfer of fluid takes place at right angles to

the main direction of flow. Momentum transfer within the fluid therefore

occurs at.a very much greater rate and the conseqguent shear stresses are

greater and velocity gradients are smaller, except close to boundaries,



Turb lent f . e ) )
ulent flow occurs at high Reynolds numbers where inertia forces

predominate with the result that the relationship between pressure drop

and flow is no longer lircar (i.e. the law of Hagen-Poseuille no longer
applies).
Applying the incompressible flow form of Bernoulli's equation for

the fluid flowing as shown in Figure (3,1); we have

p. p
1 1,2 .
Lady? oo 2,42 (3.5)
or 1. 1 2 2

pf (pl - pfz) = ZO(UD - U ) (306)

Combining (3.2) end (3.6), we have
1
o) 2 %
2 3. p .
TS 2 PR (3.7)
2yz ' p
(1-9¢7)° f
where
U = superficial velocity of fluid, cm/sec.

AP = differential pressure, dynes/omQ.

= density of fluid, gm/cmz.

¢ = fractional free area, -.

With single-stage systems ¢ hardly exceeds 5% and with multi-stage
systems ¢ can be as high as 16%. for both systems ¢2 < < 1, then (3.7)

simplifies to

3
2
U = (pf)ed) ° Ap

D' (308)
It should be noted that for free areas up to 30%, the error introduced
by dropping ¢2 from the denominator of (3.,7) is less than 0.5%.

As can be seen from (3.8), the pressure drop is a quadratic function

of gas flow for a given $ 4 1.8

APDa U2 for ¢ = constant (3.9)



and C:PDQ — for U = constant (3.10)

or AP & Uz s (3.11)
uhere UD is the orifice fluid velocity,

" The Orifice Constant

From (3.8) the volumetric rate of flow through a single orifice of
diameter Do’ caused by the pressure differential APD is given by:

1
2

1
m 29y 42 VPRC. e, 3,12
Qo = (4). (pf).DO . APD (cm*/secs) ( )
or Q =k AP p (3.13)
0 D
29.2 2
Wnere k = G oo, (3.14)
0 4 pf 0

i

a constant for a given orifice.



3012 Equipment and Experimental Procedure

The experiments were carried out in two vertical cylindrical
columns. One was Perspex 14 cm. in diameter and 100 cm. high and the
other was standard Q.V.F. glass 7.9 cm. in diameter and 80 cm. high. Air
from 80 p.s.i.g. main was reduced to a pressure of 20 p.s.i.g. and metered
through calibrated rotameters., Needle valves were used to regulate the
flow through the rotameters., Table (3.1) gives the details of the multi-
orifice distributors used, These were 1/8" thick aluminium plates with
orifices drilled on a triangular—pi£ch arrangement. The orifice diameter
and the spacing between the orifices were variables. Pressure tappings
~onsisted of three holes at 120 deg. to each other which were drilled in
the wall of the wind box below the distributor end connected by p.VeCe
tubing to a 100 cm. wall-type water manometer with one limb open to the
atmosphere., For the measurement of small pressure differences, an
adjustable inclined manometer filled with dyed paraffin (5.G. = 0.787)
was used, UWith this arrangement the pressure drops across the multi-
orifice distributors were measured for the range of superficial gas
velocities from 1.2 cm./sec. to 30 cm./sec. (depending on the available

free area of the distributor).

3,1.3 Experimental Results and Discussion

The experimental results are given in Tables (3.2) - (3.6)

and as plots in Figures (3.2) - (3.3).

In Figure (3.2) are plotted the total measured pressure drop across
the multi-orifice distributor as a function af the average flow rate
through the orifice, with orifice diameter as a parameter, Air flou

rates shown were calculated by dividing the total volumetric flow of air

(sz,/sec,) by the total number of orifices on a given plate. In the

computation of orifice constant, ko, an average air density of

L3

1.2 x 10 gm./cmz. was used, corresponding to the generally prevailing



. PR H -
temperature and pressure of the laboratory.

For any giU?ﬂ orifice diameter and for triangular spacing, the data
are seen to fall on straight lines with a $lope appproximately egual to
2.0 when plotted with logarithmic scales.  This shows that the orifice
flow is turbulent, i.e., pressure drop across the distributor is directly
proportional to the squere of superficial sas velocity, and inversely
proportional to the sguare of the distributor free area (or plate
characteristics) G e

From Figures (3.2) amd (3.3) i£ can also he seen that, for turbulent
orifice flow, pressure drop across the distributor plate, as would be
expected is found to be independent of the orifice spacing. Therefore,
it is expected that for turbulent orifice flow the layout of the orifices
on the plate will have no effect on the plate pressure drop. In contrast
to that of turbulent flow, th2 orifice spacing and, possibly, the
arrangement of the orifices would influence the pressure drop in the
laminar regime,.

In Figure (3.4) a plot of ko values vs. Di shows their comparison
with the theoretical line predicted from (3.14) for the orifices used,

As may be seen, the experimental line falls below the theoretical line,
but the agreement between them is close. It seems probable that this
discrepancy arose from .the fact that equation (3.14) was derived for a
single orifice and not an array of parallel paths. Presumably inter-
ference between adjacent jets, and velocity gradient irreqularities
within the orifices have caused the deviation.

From these simple experiments we may conglude that multi-orifice
distributors possess a quadratic characteristics, 1.e. the pressure drop -
flow relationship falls within the turbulent flow regime. However, it
is not known whether this relationship also holds when the distributor

is supporting a bed of solid particles. It is believed that the normal



pattern of gas flow through an orifice might be disturbed by the
presence of solid particles in the column, The effect of bed
presence on the distributor pressure drop will be considered in the
following section.

None of the distributors studied exhibited a linear relationship
between pressure drop and gas flow, A narrow-pore plate could, probably,

make distributors with linear characteristics,
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3.2

istri ", ~ Oy o .
Oistributor Pressure Drop in the Presence of a Bed of

Solid Particles

In the literature review, we notéd that most work carried out
concerning the regularity of gas distribution in fluidized beds has
finished with the conclusion that the type of distributor plate, and the

pressure drop across it, AP_, have an important effect on the stability

0’
of the fluidized bed. This pressure drop is often related to the bed
pressure drop APB and thus APB is also a measure of fluidized behaviour.
For example, a rise in pressure drop with increasing gas flow over the
fluidized region is taken as indicative of slugging, whilst a decrease
in pressure drop suggests channelling. Therefore, accurate knowledge

of bed pressure drop is necessary for the rational design of a distri-
butor. It should also be acknowledged that the pressure drop across the
distributar plate which is relevant to design is that measured in the

presence of the particles bed.

%.2.1 Measurements of Bed Pressure Drop

Measurements of the pressure drop through a fluidized bed are

generally obtained by one of the following methods:
1, Measuring the bed pressure drop directly from a pair of pressure

tappings, the downstream one being located above the bed and the upstream

one being located just above the distributor plate,
2. Measuring the overall pressure drop of the bed plus the
distributor by locating the upstream pressure tapping in the wind box

immediately below the distributor plate. The pressure drop across the

bed is then determined by subtracting from the overall pressure drop, the

. . a » " a
pressure drop across the distributor as measured in the absence of the

bed at the same mass flouw rate of gase.

Sutherland(87) and Trivedi and Rice(BB) have listed these methods

when they considered methods of measuring pressure drop across a fluid-



ized bed. Here, we may include a third method which is found to be
quite accurate for estimating the bed pressure drop, i.e.

3, Measuring the static pressure up the bed from a vertical set of
pressure tappings stationed along the column wall. Since the pressure
varies linearly with height, then the overall bed pressure drop is
determined by extrapolation to the distributor levelo

Sutherland(87)/ studied the problem and showed theoretically,
supported by experiments, that for a given mass flow rate (assuming
isothermal flow) thz pressure drop through a porcus distributor is lcwer
if the bed of solids is present than it is absent. Therefore, according
to Sutherland, when one subtracts the pressure drop through the distribu-
tor for the empty column from the pressure drop across the bed ancd the
distributor, one is subtracting an incorrect quantity and the resulting
bed pressure drop is correspondingly in error. For this reasony
Sutherland criticised methed (2) of m;asuring bed pressure drop and cast
doubts on some of the investigatioﬂSrepprted in the literature in which
this technigue has been used and the effect of bed presence on the
distributor pressure drop has been ignored,

His arqument is based on applying the Carman-Kozeny equation to

jsothermal flow of gas through a porous medium (assuming laminar flow)

ie€o
8. &
G=p U= = (P = P,). (3.15)
g U .2
g
where
Bo = permeability coefficient,
¢ = gas density,
g
= gas viscosity,
Ve
g = thickness of porous plate in direction of flouw,

U = gas superficial velocity,

p. = upstream pressure on plate,



P, =

5 downstream pressure on plate,

G mass flow rate,

il

From this, Sutherland showed that

) .
(pl + 691) - (P2 + APB)2 = Di - Dé = constant (3.16)
where pl = upstream pressure on distributor for the empty column,
D7 = downstream pressure on distributor for the empty column,

i

Gpl increase in upstream pressure due to bed presence,

i

APB increase in downstream pressure due to bed presence

(i.e. bed pressure drop).

An inspection of (3.16) shows that 5Dl 4 ADB’ therefore the neuw
distributor drop AP, = (P, +8P ) - (P, +AP,) is smaller than
, 2 1 1 2 B
Apl = Dl - P, the distributor pressure drop measured in the bed

ahsence, 1.8.

- :A - ’ :7017
bp, - bP, Py - 6P, (3.17)

3 < 3.18
i.es A PZ A Pl ( )

Trivedi and Rice(B88) studied, among other factors, the effect of
measuring pressure drop ON pressure drop across beds of glass spheres
fluidized with air. They determined the pressure drop by both method (1)
and method (2) and found that the bed pressure drop is smaller when
measured directly rather than when measured by subtraction of the dis-
tributor pressure drop from the overall pressure drop for a given mass
flow rate of gase. Grosh(61) and Shannon(B89) obtained similar results

which Trivedi and Rice(88) quoted in order to justify their conclusions.
Their observations contradicted cutherland's theory and for this reason

Trivedi and Rice felt some doubts over the theory. Therefore, according

to Trivedi and Rice

AP, > AP (3.19)



A number of experiments h

ave been carried ocut by the present
author(77) in the past in order to show the effect of bed presence on the
distributor pressure drop when using multi-orifice plates (note: Sutherland

dealt with porous plates)

Beds of irregularly shaped silver sand particles were fluidized with
air in a Perspex column 14 cm. inside diameter. The distributors were
multi-orifice plates made of Perspex the thickness of which was varied
between 0,32 cm, and 5.1 em, Both methcd (1) and method (2) mere‘used for
measuring the bed pressure drop and the results showed that (i) the plate
pressure drop was much higher in the presence of solids in the column’
than when the column was empty, (ii) this pressure drop was higher with
the thick plate thar with the thin one and (iii) the bed pressure drop
was smaller when measured directly (method 1) rather than when measured
by subtraction (method 2)., These findings came in line with those of
Trivedi ard Rice; but unfortunately the results were deemed unsatisfactory
because visual observations during experiments revealed that:

(i) Some of the orifices were blocked up with sand particles during
operation, MNore and moré orifices became blocked as the fluidizing rate
was decreased,

(ii) with deep plates particles tended to bridge inside the orifice
rather than above it. Similar observations have recently been confirmed

by Fakhimi and Harrison(64).

These factors, obviously, lead to a higher observed distributor

pressure drops for a given mass flow rate of gas compared to the situation

when all the orifices are unobstructed and fully operational. On this

basis doubts were cast on the results.

Later(90) some experiments were zlso carried out with silver sand.

This time, a multi-orifice metal distributor was employed., Both



method (2) and method (3) were used and by comparing the two, it was
found that (3.18) agreed with the results rather than (3.19). Houwever,
the agreement was rather poor due to the scattering of the data.
Nevertheless, the results were encouraginé because.they reinforced the
conclusions drawn by the present author(77) regarding his carlier
experiments and prouided some support to Sﬁtherland‘s theory. On these
grounds it was decided to investigate the problem further.

In a recent study on distribution plates with fine orifices,
Fakhimi(74) analysed the problem and noted a decrease in the distributor
pfessu;e drop caused by the bed presence. This confirmed Sutherlamd‘s
theoryoe

His analysis is, probably, the most satisfactory one because, it
concerns multi-orifice distributors which, of course, are of greater
practical interest than porous plates. As he indicates, these distributors
can be operated so that the total available free area is the same in the
absence and the presence of fluidized solids in the bed. Such operative
conditions can be achieved by using high enough gas flow to make all
orifices active. For a given solid-distributor system, Fakhimi used (1.12)
to predict the minimum gas flow rate necessary for full operation of the
distributor orifices. Blockage of the distributor orifices with particles:
is less likely under these conditions and, therefore, a correct measure
of the effect of bed presence on the distributor pressure drop is obtained.

In other words, problems such as those experienced by the present author

(77) can be eliminated by the use of higher gas rates.

His analysis was based on Ssutherland's theory, by assuming the air

as an ideal gas and the flow through the distributor orifices as an iso-

thermal and turbulent, For the two situations shown respectively in

Figures (3.5) and (3.6), we have
Ua' pa .
= — without bed 3.20
Uy = P+ 0P, ( )s ( )



and
u, = a_a : '
y) P . AP (with bed) 3,21
a A ot ApB ( )
u P+ p
l a I p
or —= = 1 .0l
U n ¥ = e (3,22)

[

where P_ is ‘mospheric pres g s e .
. the atmospheric pressure and Uq is the superficial air

velocity at pressure P .
a

(\L’ 3 & . N . . -
For constant mass flow rate and for a turbulent flow, it can easily

be shown that

)
Po1 AP, ’
> = A : (3.23)
g2 1 .
Therefore, from (3.22) and (3.23), we have
Da + APl i AP2 (3.24)
Pa + AP2 + AFB APl
or
Z
m° + (a+b)n - (1-b) = 0 (3.25)
A
h Apz a ADB and b pa
where m = 75— 9 = Kp , = A
APl Apl pl

This is the equation derived by Fakhimi(74) for a multi-orifice

distributor which relates m to constants a and b, and on solving

the positive root gives

m:Dﬁ(/ (a+b)2+4(l+b)—(a+b) ) (3.26)
AP2 APB
~ which shows a quadratic relationship between 75~ and ZEI
. 1
. P ,
' a
for a given value of Fp_ ¢

1

Fakhimi showed that m<£ 1 and postulated that for a given mass flow

f solid particles in the fluidizing column

rate of gas G, the presence 0

will causé an additional compression of the incoming gas within the wind




box,smd hence causing a reduction in the distributor pressure drop.
This is probably the case from the physical poiét of view; but it is
doubtful if the reduced plate pressure drop observed by Fakhimi and indi-
cated by the present work was due to compression of gas in the wind box
because it is negligible, It is possible that some other factors have
contributed to the effect, These will be referred to later. However;
the trend of his results indicates a guadratic form, i.e. in accord with
(3.26), Results obtained from the present work showed good agree%ent
with Fakhimi and the data were expressed by a second order polynomial.

The work described in this chapter follows from the previous study
made by the present author(77) on the effect of bed presence on the
distributor pressure drop. Its objectives are:

(i) To examine the validity of Sutherland}s theory(87) with regard to
multi-orifice distributors and in particular to clarify the conflicting
evidence concernihg the effect of bed presence on the distributor pressure
drop reported by various authors.

(ii) Knowledge of the distributor pressure drop in the presence of the
bed is required in other studies. For example, in the study of the
pressure drop criteria (ADD/APB) for stable fluidization (see section 3
of this chapter) the appropriate values of APD are “those measured in

the presence of the bed., Therefore, from this point of view this investi-

gation is also essential.




3e2.2, Cquipment | i
o4e2s Lauipment and Experimental Procedure

In the. present investigation the bed pressure drop was deter-
mined by two methods: (i) method (3), and (ii) from pressure tappings
located directly on the distributor plate.‘ The later technigue was used
by Takhimi(74) and claimed that it gave a reliable measure of the bed

0y

pressure drop.

The experiments were carried out in a cylindrical column made of
Perspex, 14 cm. inside diameter and 100 cm. high. The fluidiziné air
was taken from the laboratory main, reduced to a pressure of 20 p.s.l.Q.,
and metered through calibrated rotameters, These rotameters were
previously calibrated at 760 mm. Hg and 15°C and therefore each flow
was corrected to the actual experimental conditioi.s, Needle valves were
used to regulate the flow through the rotameters. Solids used in these
experiments have the characteristics described in Table (2.3)(Chapter 2).
These were ungraded silver sand (100 - 350 y) and graded glass beads
having mean particle diameters of 224 W and 237 U respectively. The
multi-orifice distributors used were aluminium plates, 1/8" thick with
orifices drilled bn a triangular pitch arrangement. Details of these
distributors are given in Table (3.7). 0On each plate five pressure
tappings were also drilled and then covered with wire mesh to prevent
solid particles from blobking the pressure tappings. Three tappings were
placed at 120 deg. to each other. The other two were placed in the
the orifice mouth and the other in the

centre of the plate, one close to

centre of the triangular lattice. Fach tapping was equipped with a 4 cm.

long stainless steel tubing gluzd onto it with Araldite. The tappings

were conrnected to a 100 cm. wall-type manometer filled with coloured

water using p.v.c. tubing. A small piece of glass thermometer capillary

i i i | ; t pressure fluctuations
was inserted in the manometer lead to damp ou -p 1S .

. .. ) T i aement, it was possible to measure
inharent in the system. With this arrang y pos s



the bed pres

sure ar di - .

s drop directly with reasonable accuracy, 1Ihis technigue

used elsewhere in expers ] . o .
*Xperiments concerning bed stability because, with

the aid of the press: L . . )
( pressure tappings it was possible to find out if the bed

was homogeneously fluidized or not. Studies on bed stahility are pre-
sented in section 3 of this chapter,

The static pressures
placed vertically on the column wall, Twelve pressurs tappings were
located on the column wall at 5 cm.‘intervals» These were connected via
a manifold to the manometer using p.v.c. tubing.

In these experiments statie charges were a problem and, in order to

yed

minimize their effect, tha insicde wall of the Perspex column was spra
with antistatic cleaner. It was alsoc suggested to humidify the air;
this was done by allowing & small flow rate of air to bubble through =
jar filled with water and then miiing it with the main fluidizing air
before intro&ucing it into the bed. These measures helped to a certain
extert in reducing static effects with glass beads but net with sand.
This is probably due to the difference in surface properties between sand

(angular) and glass (sph@rical). But the precise reason remains to be

determined.

%,2.,3. Experimental Procedure

The experimental procedure was started as follouws:
(i) Measuring the distributor pressure drop for a given gas flow rate

with the column empty.

s
oy
®

(ii) A known weight of solids was loaded into the column and

measurement was repeated at tne same Gas flow rate.

(iii) The bed pressure drop was determined by the two methods mentioned

earlier and the distributor pressure drop (in the presence of the bed)

was determined by subtraction.

eson the column wall were measured from the tappings



Almost no differenc Lo . .
difference was detected between method (3) for measuring

e (¥ frnAE o AT . . .
bed pressure drop and that obtained directly frem the pressure tappings
located on the distributor plate. The average of both measurements was

alvays taken as the observed bed pressure drop. As can be seen from the

tables of the experimental results, the measured bed pressure drop
closely approximates the value predicted from the bed weight.

The experiments were carried out with various bed heights ranging
between 10 to 70 cm. 1In order to achieve fully oparative distributors,
high encugh fluidizing rates were used. The theoretical gas flow rate U
required to make-% = 1 was predicted from equation (5.25) (see Chapter 5)
which was solved numericallv on a digital computer using an iterative
method (see Table (3.8)), The values of U dsed in the present investi-
gatlion were much higher than those predicted from (5.25), This uwas
intended to avoid blockage of the distributor orifices with particles and

would, obviously, aveid the need for the correction factors proposed by

Fakhimi(74),



5.2.4 , Experimental Results and Discussion

The experimental results are given in Tables (3.9) - (3.10).
These are shown as a plot of Apl (the distribultor pressure drop measured
without the bed) vs. AP2 (the distributor pressure drop measured in the
bed presence) for all beds and distributors tested in Figure (3.7), from
which it can be seen that the effect of the bed presence is to reduce
the pressure drop through the distributor., These observations are in
line with Sutherland(87), but in disagreement with him the results sesm
to indicate the importance of the'bed pressure drop 1in influencingilézp
An inspection of Tables (3.9) - (3.10) shows that the difference between

AP. and AP? is significantly affected by the magnitude of APB, the bed

1
pressure drop. Ffor a given distributor pressure drop Apl, an increase

in the bed pressure drop causes a decrease in AP Conversely, for a

2.
given bed pressure drop ADB, an increase in the gas flow rate (corres-
pending to high distributor pressure drop) results in smaller difference
between Apl and ADZ' These observations indicate a trend similar to
that reported by Fakhimi(74), and as can be seen from Figure (3.7) the
trend of the results is suggesting a quadratic relationship between Apl
and APZ.

This may be readily seen from Figure (3.8) which shows a plot of

AP AP, ‘
—L ys. —<% in the way suggested by (3.26) along with the quadratic

Apl Apl

line through the data. The best-fit line through the experimental data
was determined by the method of "least squares" using a computer library
subroutine. This subroutine fits a polynomial to a set of values ofA

a function of one Uariable using the method of '"least squares" via
orthogonal polynomials., The guadratic approximaticn to the experimental

data obtained from the computer resulted in the expression:



Ap2 AP,

e = 22,27 - 56,1 (-~—-> .35 ( = ) (3.27)
AP : o ) T
1 APy 4Py

and a sum of squares of error of 179.1 was obtained.

As may be seen, the results broadly confirm a quadratic relationship

APg AP,
between - and ——== (in accordance with (3.26)) with one except-
APy APy
) AP
ion, is the region close to EE* = 1 where the data exhibit some
1

scatter. Better fit was fouﬁd with'hﬁgher degree polynomials in this
region with a scatter about 10 - 13% less than.that of a quadratic. 1t
might be possible that some of the crifices remained blocked up with par-
ticles, despite the use of high enough gas flow rates. It is also likely
that some of the orifices vere jemmed by particle bridging inside the
orifice ‘which makes them more resistive to the onset of bubbling or
spouting. These factors are likeiy to contribute to the scattering shoun
in both Figure (3.7) and (3.8). As shown in Figure (3.7) the data
obtained with silver sand are closer to the parity line than those
obtained with glass beads., This is indicating that some of the orifices
were more readily blocked with silver sand (angular) than with glass beads
(sphericel), This may be due to the static effects which, as indicated
earlier, were more pronounced with silver sand than with glass beads.
Static charges may well result in distributor blockage.

Figures (3.9) and (3.1@) are typical plots showing the variation of
static pressure of air vith bed heicht., The measured pressures lie on a
straight lire that extrapolatés to the theoretical bed pressure drop at

the distributor level (method 3). These plots can be represented by the

following equation:

UJB X ' |
APB!x e (1 - y (3.28)



where WB/A = the total bed pressure drop (weight of bed
divided by bed cross section), at x = 0 in
Figure (3.6),
H = the height of the expanded fluidized bed.

Cquation (3.28) also enables the height, the density of the dense-
phase region and the supzrficial gas velocity at level x to be deter-~
mined. This method is quite satisfadtory for the measurement of the bed
pressure drop, but rather laborious because the bed drop is determined
graphical.y rather than directly. Howsver, the direct method was also
used and the results from the two measurements were averaged., But it
shauld be noted that the graphical method would give closer estimates of
the bed drop than the direct method.

The important inference to be drawn from the present investigation

- is that the experimental results add reinforcement to Sutherland's theory

and cast doubts on the findings of Trivedi and Rice, The theory predicts
a reduction in the distributor pressurc drup in the presence of solids in
the columnbfrom that without solids and this new pressure drop is the
relevant parameter for design, The higher distributor pressure drop
observed by Trivedi and Rice and other workers probably means that their
distributors were not functioning properly. This has already been dis-
cuésed at length by Fakhimi(74). Results of the present work show good
agreement with Fakhimi who. also observed a lowering in the distributor
pressure drop., But it should be emphasised that his analysis is of a
greater practical interest than Sutherland's analysis because, it concerns
multi-orifice distributors and, possibly, can be extended to other similar
devices,

As indicated earlier, Fakhimi postulates that the presence of solid
particles in tﬁe bed will cause additional compression cof the gas within

the wind box and hence reducing the plate pressure drop. It is believed



that the amount of compression of the gas is negligible and unlikely to

cause the lowering observed in the distributor pressure drop. The most
likely physical explanation is that the nofmal pattern of gas flow through
an orifice is disturbed, .0, the vera Coﬁtrauta may be distorted or

there is a pressure recavery effect after the orifice, The phenomenon

s

calls for further investigation,
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303 Lffect of Pressure Drop Ratio (ADD/APB> on Stability of

Fluidization,

The pressure drop across the distributor APD must be of a certain

magnitude if it is to distribute the fluidizing gas evenly. This
pressure drop is often related to the bad prassure ¢rop APBQ An analysis
of the data available (see Chapter 1) drew attention tn the existence of
high and low pressure drop "school of thought", i.e. where ADD/ADB = 0,4
or alternatively ADD/APBzé Q.Qe It is believed that the wide.variation
in recommended pressure drop emcounfered was dJe to the various geomet-
ries of bed studied, and that no single pressure drop ratic could be
advocated or could be wused to all situstions. To date studies offer
little infeormation which aids the practical designer, and the conflicting
evidence regarding pressure drop criteria shows the need for further
investigation, '

In this work ratios of distributor pressure drop to bed pressure drop
(APD/APB) at which stability occurrzd for a number of multi-orifice
distributors having different pressure drops have been studied, with
cylindrical beds of different diameters ancd depths using a variety of
solid systems.

Two cylindrical columns were cemployed in the experiments: (i) a
Perspex column, 14 cm, inside diameter and 40 cm. high, similar to that
already described in cection 2 of this chapter and (ii) a stqndard Q.V.F.
glass column, 30,5 cm. inside dismeter and about 60 cm. high.

As with earlier work, the multi-orifice distributors had pressure
tappings drilled onto each of them to ensure a realiable measure of
pressure drop across the bed and the distributor, With the larger bed,
orifices were drilled on a squayeupitch array giving a fractional free
area ¢ = 26.4 X 1[]'—4 (DD - 0,159 cm. and N = 97), It should be

emphasised that the distributer pressure drop used in this study uas that




2 work presented

in the previous

P
lawer pressure drop is the appropriate parameter for this investigation.
Tre stability of fluidization was assessed visuwally, but it was

alsc rated by the presehce and abscence in the bed of tracks and de-
fluidized zones because, presence of a defluidized zone or serious
channelling in any part of the bed caused the reading from the pressure
tapping (one of those located on the distributor plate) in that part to
differ from the rest. In that context it meant by "stable fluidization"
even distribution of butbles over the cross-section of the fluidized bed,
and operation of a distributor below the critipal ratio would lead to
instability manifested as tracks or dead zones. Results of this work
suggest that this ratio is a function of aspect ratinof bed height tn
bed diameter H/D, and thus is a parameter of scale~-uUp.

Kelsey(BZ) has_previously carried out a similar investigation im
two-dimensional bed. However, it must be emphasised that two-dimgnsional
fluidized beds require a lower pressure drop ratio than a three-
dimernsional unit since a deed zone or a zONe of preferential bubbling :
had more freedom of movement in a three-dimensional bed unit: than two-
dimensional bed unit. Geldart and Kelsey(SB) have observed. lower.rates
of coalescence in a two~dimensional bed than three-dimensional bed when
both were compared at the same operating conditions. This was.believed
to be due to the fact thgt coalescence would take place only in opesplane
in a two-dimensional bed. Therefore, one would expect a stable opsration
at a lower gas velccity and this obviously entails corresoondingly a
lower pressure drop across the distribution plateo
The experimental results are presented‘in Tebles (3.11) - ,(7,012)_;.'

i i Figure (3.11) olot of (APD/APB) vse (H/D) show their comparison




with ratios recommended for some industrial processes. Data reported

by Kelsey(32) for a two-dimensional bed are also ihcludéd\i

L.

fs may be seen, the critical pressure drop ratio increased rapidly as

62}

the aspect ratio decreased. The reguitsyéuggest that the aspect ratio
is importamt in affecting distributor agsigngjgeds of high aspect ratio
(i.e. H/D >2) requiring only low pre;sgre‘drop ratios for stable oper-
ation and beds of low aspect ratio (i.eo H/D £ 0.1) reguiring high
pressure drop ratlos. In that context it meant by "nhigh pressure drop
ratio" one approaching 100% and by "low pressure drop ratio" one betuween
io ~ 20%.

The experimental results are in broad agreement with those actually
used in industrial practice. However, it must be recognised that the
behaviour of industrial distributors is rather difficult to interpret
due to the different geometries and shapes of the gas passajes employed
and the extra devices placed below and aboye the d;ﬂstributar° A
commercial fluidized bed ipevitably contains a variety of internals SQCh'

as cyclone diplegs, baffles or cooling tubes. Such devices may help to
break up the bubbles and bring about smoother operation. In some ca;es
extra devices are placed below the distributor to secure a_uniformndié-
tfibution of the gas approaching the bed, These are often called‘pre;
distribution dasvices, and include guide vanes, deflector plates to change
the direction of the gas stream, anc screens or diffusers. 1In the
literature survey, we noted the use of pre-distribution devices with
distributors in "cat-cracker"; such devices which include the pipe syétem
known ae the "porcupine”. Gregory(25) mentions the use of a sparge pipe

having low pressure drop heneath the distributor plate in the Frodingham

gas desulphurising PrOCESSe As can be seen from Figure (3.11), the ratios

recomnended by Gregory fall in the unstable region of the present work.

This may be attributed to the effect of using the sparge pipe in



straightening the gas flou through the distributor wi

S TrAaa ] 4 - . : e
increasing the pressure drop. It is interesting to note tha
of the experimental results is in line with Avery and Tra%y(ég) o

4

referred to a pressure drop ratioc of 100% being necessary in shallow

larqge diameter beds.used in the Courtaulds Limited Process for solvent
recovery from gases.

The effect QF increasing bed diameter on bed stability is significant
particularly at low aspect rétipso .This is apparent when résults from the
t@o-cylindrical beds are compared at aspect raéios equal to or less than
0;5o (The uég of this ratio more or less.eliminates the possibility of
'lsluggingkhfor the smalle; diameter bed). The larger bed appears to
require a higher préssure drop ratio than the smaller diameter bed to
fluidize it properly. The difference becomes gradually more pronounced
as the aspect ratio decreases, con}irming the prediction discussed in the
literature survey, that irregular distribution is more likely to oceur in
large vessels because of the formation éf tracks?énd dead zones.

As can be seen from the plot, results fér two-dimensional bed are
considerably lower than those for three-dimensional bed particylarly.at
low aspect ratios, also confirming the prediction that maldistgibuﬁion
is associated with large vessels. 1t is evident, therefore, that‘pressdre
drop criteria measured in two- dimensional beds cannot be applied directly
in three-dimensional <ituations., However, it is interesting to note that

trends and effects observed in three-dimensional bed are also ‘present

in two-dimensional systeme
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CONCLUSTONS

1o Multi-orifice distributor plates possess s quadratic characteristics,

i.e. the presstre drop-flow relationship falls within the turbulent regime.

2 The presence of the bed reduces the distributor pressure drop
relative to its pressure drop without the bed, and this new pressure drop

is the relevant parameter for distributor design.

The experimental results confirm Sutherland‘s theary and show good
agreement with the recently published work and, therefore, cast doubt on
'some of the investigations reported in the literature in which the effect
of bed presence on the distributor pressure drop has been igncred.
However, further work is necessary to show the precise effect of bed

presence on the normal pattern of gas flow through the orifices.

~ 3. Ratios of distributor pressure drop to bed pressure drop at which
stable fluidization occurs show reasonable agreement with industrial

practice. There is evidence that larger diameter beds tend to be less
stable than smaller diameter beds when these are operated with shallow

beds.



4e MULTI-ORIFICE DISTRIBUTOR DESIGN VARTABLES AND BUBBLE FORMATION

4,1 Intredictien

According to the two-phase theory of fluidization, in gas fluidized
beds the gas in excess of that required for inbipient fluidization passes
through the bed as bubbles, These bubbles grow as they travel up the bed,
mainly because of coalescence with other bubbles, Average size, size
distribution, and number of bubbles are needed in the design of fluidized
beds in gas-solids contact for mass transfer, heat transfer, and chemical
reactions where, for example a gaseous reaction is catalyzed by the

fluidized solids(50).

4,2 Previous Work

Bubble formation has been investigated by various researcherc and
many experimental data have been reported. Among them the works of Yasui
and Johanson(95), Toei et al.(96), Romero and Smith(97), Kobayashi et al,
(98), Grogﬁ(6l), Bad%arten and Pigford(99) and Lanneau(100) are noteworthy,

and the literature has already been reviewed by Davidson and Harrison(82),

Following the analysis of Kobayashi et al.(98) and Kato and Wen(101),

the bubble diameter DB at a distance h above the distributor plate can be

approximated by

’ u
Dg = 1.4 €. Dpo () h s (4.1)
§ mf
where DB = bubble diameter, cm.
Dp = mean particle diameter, cm.

h = distance away from the distributor, cm.

U = superficial gas velocity, cm/sec.

incipient fluidizing velocity, cm/sec.

oy
]

. 3
p = solid density, gm/cm”.



The above correlation is based oAzééta obtained using pbrous platBSQ
as the distributor. To date studies offer little information on bUBble"c
growth either with single-orifice distributdps or with multi-orifice
distributors of the type likely to be used in practice. As has been
indicated earlier, multi-orifice distributors, nozzles, bubble-caps and
conical distributors are of greater practical interest because, of course,
porous distributors are rarely used in industry.

Cleariy from (4.1) it may be seen that an estimate of the bubble
diameter at the distributor surface cannot be made, i.e. as h =+ O, DB ~ O,
For multi-urifice distributors and similar devices the size of bubbles at
the distributor level are substantial and therefore must be taken into

consideration.

4,% FEstimation of Bubble Size in the Vicinity of a Multi-Orifice

Distributor
An estimate of the bubble size at the surface of a multi-orifice

distributnr having N identical orifices can be made from

R, (U - U ) 0.4
0 _ {‘ mf ] / QO.Z (cm) , (4.2)

Bo T o N

where A is the distributor cross-sectional ares, cm20

Although (4.2) strictly applies to a single orifice in a fluidized
bed at incipient fluidization, Cookes et al,(102) and Geldart(103) showed
this to be valid for multi-orifices in a freely bubbling bed, Therefore,

in general, the diameter of bubbles in a fluidized bed can be expressed as

D = 1.4 Dn D 5 (")0 h b (40—]—)
B s P Umf
for porous plate distributors, and
U 4
DB = ]_04 pg Dp. (U_—')o h + DBO 9 ( 403)



for multi-orifice distributors, aboofding to Cookes et al.(102),

Equation (4.3) implies the existence of a bubble at the surfé@e of

an orifice and its grouth by the addition of excess gas from the bed.

4,4 Effect of Distributor Geometry on Bubble Coalescence

44,1 Theoretical Consideration

Coalescence of bubbles is an important feature of fluidized
beds which governs the size and number cf bubbles present in the bed.
As mentioned earlier, these parameters are needed in the design of fluidi-
zed beds in gas-solids contact for mass transfer, heat transfer and

chemical reaction.

No attempt can be made here to survey the field of coalescence.
The following analysis is based on the "bubble assemblage model” for
~ catalytic reactions proposed recently by Kato and Wen(101). This model
provides a methoa for predicting the number of bubbles as they grow and
coalesce within discrete sections of the fluidized bed using multi-orifice

distributor.

Their model is based on the assumption that the fluidized bed can
be approximately represented by NC numbers of successive superimposed
horizontal compartments. The height of each compartment is equal to the
siﬁe of the bubble at the corresponding bed height. Each compartment is
considered to consist of bubble phase and emulsion phase (see Figure
(4.1)), This assumption not only makes it possible to introduce multiple
sizes into the model but also makes it convenient for computer simulat-

ions. The essentials of this model are summarized belouw:

The change of the bybble diameter with the bed height is given by
equation (4.3), i.e.

U
D = l.4p ° D ° ( )' h + DB (4.3)
B s P Umf o}



The rising velocity of a croud of bubbles through a fluidized bed

is given(82) by

U = U - ]
q ( U o) + (0,711 9.0,) » (4,4)

The total volume of the gas bubbles within the fluidizéd bed may be

expressed as

). A , (4.5)

where

V., = total bubble volume in the bed, cm”.

H = expanded height of fluidized bed, cm.

T
u

incipient bed height, cm.
A = cross-sectional area of the bed, cmz.

Takirg the characteristic bubble diameter as that corresponding to
the bubble at level Hmf/Z, then from ecuations (4.3) - (4.5), the bed

expansion ratio can be expressed as

Ho- H o . - .
- = (U - umf) / (0.711 Jgo DB) (4.6)

Uhere DB is an avérage bubble diameter of the bed given by
H
~ U mf
_— a.
Dy = 1.4 Pge Dp.(U;;). >+ Dy, | (4.7)

Kato and Wen(101) examined the validity of (4.6) using experimental
data available in the literature. The agreement between (4.6) and

experiments appeared to be reasonably satisfactory. Data obtained

experimentally from the present work also confirm (4,6). Thus equation
(4.6) may be used to compute the voidage fraction within the fluidized

bed as it is needed in the mathematical formulation of the model.




4.4.2 Voidage Distribution Within the Fluidized Bed

Following the studies of Bakker(104), Kato and Uen Ednsiaérédt.
the bed voidage e to be approximately uniform up to a bed height

corresponding to Hmf while above Hmf’ e increased linearly along the bed

height as shown in Figure (4.1), i.e.

T

mf
l-e=-— (1-
. (L-e o) forh H . (4.8)
and
H H (1 -¢e oh - H
(1 -e) = ﬁﬂﬁ_ (1 - e p) - m;H( <Hmf) ; ] e’ (4.9)
f A Y T
for Hmf‘<; h < Hmf + 2(Hf - Hmf) = H
Uhere
e = void fraction in bed as a whole, -
& p = void fraction in bed at incipient fluidizationyg -
Hf = height of fluidized bed as depicted in Figure (4.1).

4.4,3 Calculation of Number of Bubbles in Each Compartment

Based on an arithmetic average of bubble sizes, the height of

the initial compartment immediately above the distributor is

Dy, + (mdhy + Dg)
Ahl:. ’
2
2 DBD
_ " Bo_ 4.10
or Ahl (2 _ m) 9 ( )
Where m= 1.4 p . Dy (U ) = constant for a given operating
e S9 P mf

condition, and that of i-th compartment becomes,

i-1
(2 + m) /
Ah. = 2D (4011)

1 Bo® (2 - m)i




If bubbles are assumed to be approximately spherical, then from

(4.5) and (4,11) the number of bubbles and the volume of the bubble phase

in the i-th compartment can be computed, réspectively as

g ~ e
6A ~
Ngs = - 5 ol (4.12)
h. -
W(A 1) L emf
vo.oo= T (an) . w (4.13)
Bi = i’ * Bi Lo

g

The distance from the distributor surface to the Nc~th compartment is

N
C
h =
Ne I onhy (4.14)
i=l
Where NC = total number of compartments.

The theoretical analysis given above has been extracted from the
model presented by Kato and Wen in their studies of gas-solid reactions
in a fluidized bed reactor based on information of the bubble behaviour

and the movement of solids.

Clearly the model does not indicate the importance of changing the
orifice diameter, although a change in orifice diameter would not be
expected to affect the operational effectiveness of the distributor
provided that the fluidizing gas is well distributed across it. But this
linked with orifice area and total free area, viz, for a given number of
orifices and constant orifice spacing it is expected that the average
diameter of the bubble from a cOarse distributor would be larger thén
that from a fine distributor. Also, with a coarse distributor bubbles
may pass through the bed in "tracks" rather than being uniformly distri-
buted., The existence of tracks will undoubtedly increase the velocity

of rise of bubbles. Furthermore, it may be expected that with the parti-

cle bed present not all the orifices are operative at a certain gas flow



rates, because inevitably some orifices become jammed and blocked. up

with particles. Kato and Wen did not consider these‘possibilities: to
ascertain the applicability of their model they used e%perimental data
based on porous plate distributors., Again ‘such daté have little practical

relevance particularly from the view point of distributor design.

.

4.5 DObjectives of this Investigation

The work described in this chapter has several aims:

(i) To investigate the behaviour of multi-orifice distributors with
regard to bubble formation with bed height and to provide data so that
the validity of the models (4.2) and (4.3) may be examined.

(ii) To evaluate the usefulness of Kato and Wen's model in predicting
the number and size of bubbles as they grow and coalesce within the
fluidized bed since it is relevant to the design of multi-orifice

distributors,

Other aspects of distributor design related to the way in which even
distribution of bubbles on the top surface of the fluidized bed was ob-
tained (e.g. the desirable pressure drop ratio (ADD/APB) for the even
distribution of gas across the bed) have been investigated already
(see Chapter 3).

It is hoped that this investigation will yield information which
will enable bubble diametér, number of bubbles and their volume to be
predicted from the distributor configuration and the pressure drop across
it.

It is believed that the conclusions to be drawn from this investi-
tended to other distributing devices (e.g. bubble-caps,

gation may be ex

nozzles or conical distributors) since these devices are basically

similar to multi-orifice distributor in respect of bubble formation.
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4.6 Equipment and Experiments

In the present work bubble sizes in air fluidized beds were quanti-
tatively determined by two methods: (i) by taking cine pictureé of the
bubbles breaking the top surface of the bed and by determining the size
of the bubbles from the film, (ii) visually by laying a ruler across the

bed surface and reading the diameter by eye.

The experiments were carried out in a cylindrical column made of

Perspex, 14 cm. inside diameter and about 40 cm. high.

The fluidizing air was taken from the laboratory main, reduced to a
pressure DF.25 ~ 20 p.s.i.g., and metered through calibrated rotameters.
Needle valves were used to regulate the flow through the rotameters.

The inside wall of the coluﬁn was sprayed with antistatic cleaner and the
air was slightly humidified, Thegg measures were taken in the attempt to

reduce static build-up in the bed.

Table (4.1) gives details of the multi-orifice distributors used.
These were 1/8" thick aluminium plates with orifices arranged on a tri-
angular-pitch array. As with earlier work (Chapter 3) the distributors
had pressure tappings drilled onto eacH of them to ensure a reliable
measure of pressure drop across the bed and the distributor. The Perspex
column used in this study had no wall tappings, but the bed pressure drop
was obtained directly from the pressure tappings (five on each plate)

located on the distributor plate.

4.6,1 Distributor Section

The bed distributor section for the 14 cm. column is shown in

Figure (4.2). This consisted of & length of Perspex tube 14 cm. in

diameter and 15 cm. long. It was connected at the base to a conical inlet

made of standard Q.V.F. glass. The whole assembly formed a wind box

3 . . C
30 cm. deep and approximately 4.9 x 107 cm . in volume., This was intended



to provide an even velocity profile to the undsrside of the distributor
plate.

As shown in Figure (4.2), the distributor mounting was designed to
provide ease in changing plates and to give unobstructed area of gas flouw.

4.6.2 Arrangement for Ciné Photagraphy

Y

To take photégraphs, it was necessary to position the camera
above the bed surface. Focusing reduirements originally indicated having'
the fluidized bed movable and the camera fixed. With the present experi-
mental equipment, this proved to be rather undesirable. To avoid this
an& to meet the above requirements a mirror was placed at a 45° angle to
the top'surface of the bed. Photographs were taken of the mirror. Thus,
gach photographic record showed the inside diameter of the column and
bubbles as if they were viewed from the top. As shown in Figure (4.3)
the camera was fixed on a tripod in front of the fluidizing column. This
arrangement allowed enough freedom for the camera to be adjusted for the
right distance and lens opening.

The mirror used to achieve a view of the top surface of the bed was
a twuin-ground glasé second surface mirror. The mirror was 15 cm. x 15 cm.
x 0.3 cm., placed at 45° angle to the top surface of the bed and supported
by.a clamp arrangement in a vertical position.

To take photographs of the bubbles breaking the top surface of the
bed a Beaulie MNodel R16, 16 mm cinélcamera was used. A telephoto lens

was used to minimize parallax error. Kodak Tri~X black and white was

used in the camera,

The bed surface was illuminated from behind by floodlights through
a diffusing screen (tracing paper) positioned abtout 6 cm. from the back
of the bed, It was necessary to avoid placing the screen actually

against the bed as this set up an electrostatic effect in the bed,




4.6.3 Positioning of the Camera and Mirror

A cathetometer with microscopic eyepiece was placed at ﬁdint.
D (see Figure (4.3)) and by trial and error moved back and forth until
it was lined up in plane AB, the outside edge of the Perspex column. The
camera was placed at point C and by trial and error moved up and down
until the centre of the lens was ekactly on the eyepiece of the catheto-
meter. The axis of the lens was then coincident with the plane AB and
parallel to the principal light rays which formed each surface eruption
image. |

As previously mentioned, the mirror was supported by two clamps

fixed to the metal frame work which supported the fluidized bed. The
mirror was positiocned at a 45° angle to the plane AB by means of an armed

metal protractor which is capable of measuring angles + 30 seconds.

4,7 Particles

Two types of solids were used in the experiments. These were un-
graded silver sand (100 - 350 y) -and graded glass beads having mean
particle diameter 224 y and 237 u respectively, and these are specified
‘in Table (2.3) (Cﬁapter 2).

Some experiments were attempted with cracking catalyst of wide size
distribution. When this was fluidized, its very fine particles formed a
cloud of dust which filléd the containing column above the bed surface

and created poor visibility for taking ciné pictures.,



4,8 Experimental Procedure

In any particular run the height-of the bed at rest was: measured,
and the bed was fluidized at a high flow rate of air. The flow was main-
tained at this level for a few minutes and then reduced to the desired
level, Air flow rate was measured along with pressure drop across the
bed directly from the pressure tappings located on the distributicn plate.
The floodlights were turned on, the camera was positioned for the right
distance and lens opening, and the ciné pictures were taken at 32 frames/
sec. for a prescribed time interval, At the same time the number of
surface eruptions was counted so that a comparison with photographs can
be madef However, the agreement between the two methods was quite satis-
factory., Air flow rate and pressure drop were again checked and the run
was completed.

The frames of the developed film were projected on coordinate paper
held against the screen of a desk viewer (teléscreen) and coordinates of
the centre and diameter were recorded for each bubble just before burst-
ing. Ffor eruptions that were not round, the geometric mean of the maximum

and minimum D . measured dimensions were recorded as the diameter
max min _
D., i.e.
i

= . o 4,15
Di Dmax X Dmln (cm.) ’ ( )

where D. = diameter of surface eruptions of the i-th size.
i .

The inside diameter of the column was used as a reference for cali-
brating lengths.

4,8,1 Visual Measurements

The bubble eruption diameters were also determined Dy laying a

10 cm. rule across the bed surface and reading the diameter by eye. At

low gas flow rates, the size of surface eruptiorsiwas found to be fairly

reproducible and most bubbles appeared to be round. However, at higher



gas flow rates the surface fluctuated considerably and it became uery

difficult to estimate the eruption diameter. In. this case measurem\en‘trs

yere made by cine pictures.

Considering the amount of labour and time that can arise from the
analyses of the cine frames it seems profitable to use this simpler method
which 1is probably adequate for most practical purposes. On these grounds,
a large number of measurements were obtained by using this technigue and
it produced results almost similar to those obtained by motion pictures.

Fluctuations of the bed surface did not allow the use of beds deeper
than 30 cm. since above this it became difficult to measure. HMoreover,
particles thrown up by erupting bubbles obscured the bed surface gnd made

photography of bubbles or estimation of bub“le diameter difficult.

4.,8,2 Determination of Average Erugtion Diamgter

For each set of observations, a simple arithmetic average

eruption diameter DC was calculated as follows:

I I .
DC = Z n; Di /// z n. (cm.) (4,16)
=1 i=1 ’

i
Uhere n. = number of surface eruptions of diameter Dj,
i .
I = total number of different eruption sizes in a run.

4.8.3 Estimation of True Eruption Diameter

Botterill, George and Besford(105), found experimentally that
the disturbance caused by é bubble bursting at the surface of the bed is
larger than the bubble causing it. Their interest lay in defining bubble
size from surface disturbance. They concluded that the eruption diameter
is about 1.5 times the diameter of the bubble in the bed? but it is not
clear whether this applies to all bubble sizes. However, their findings

have been verified theoretically by 7enz(106) (see Appendix 4). The

theory indicates that there exists arcund each rising hubble solid



particles in a concentric shell ‘having thickness approximately %'the
bubble diameter. . Therefore, according to these findings, bubble diameters

were estimated as two-thirds of the diametef of the eruptions at the top

of the bed, i.e.

2
- £ 4,17
Dy 5« D_ , ( )
where DB = diameter of bubble causing an eruption on
the top surface of the bed.
D = diameter of surface eruption.
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4,9 Results and Discussion

Before discussing in detail the effects studied tuo points must be
commented on:

(1) Measures were taken to avoid channelling in the bed as it would
undoubtedly increase the diameter of bubbles breaking the top surface.
Observations made on the gas flow cycle rising from zero slowly up to
U - Umf (where almost all the orifices were operative, indicated by con-
sistent bubbling on the top surface Oflthe bed) and then falling slowly
to zero again indicated that channelling could effectively be eliminated
at a particular fluidizing flow rate. This may be done by over;running
the desired rate and then decreasing the gas supply to the desired rate
after obtaining full operation of the orifices. Ffull operation was main-
tained until tne gas flow rate was reduced to a certain level when some
of the orifices stopped bubbling and beceme inoperative.

(2) The lowest bed height according to prior theory for studying bubﬁle
sizesapproximates to the maximum spoutable bed height for a given solid-
distributor system. The maximum spoutable bed height (the minimum above
which bubbles may be observed or complete fluidization in a two~dimensional

bed) was calculated from the expression given by Lefroy and Davidson(107)

as
4/% -1/3
H = 0,68 D D s (4.18)
m p
where » H = maximum spoutable bed height, cm.
m
D = column diameter, cm.
Dp - mean particle diameter, cm.

For multi-orifice distributor the appropriate parameter for the

column "diameter" in (4.18) is the orifice spacing.



4.9.1 Bubble Diameters

The experimental results are presented.in Tables (4.2) - (4.3).
In figures (4.4) - (4.5) are plots of true bubble diameter D, vs. excess
. [

gas velocity above incipient fluidization U - U ¢ for each bed height in
mf

the range U - Umf = 0.5 - 7.0 cm./sec, for a multi-orifice distributor

4

having free area ¢ = 29 x 10
The date in Figures (4.4) - (4.5) have been cross-plotted to show
how increases in bed height bring about increases in the diameter of
bubbles bursting the top surface of the bed(Figures (4.6) -~ (4.7)).
Similar plots are also shown in Fiqure (4.8) for a multi-orifice distri-
butor having free area ¢ = 74 x 1074,
As predicted, the diameters observed wlthin the range of gas flow
rates and bed heights studied increased linearly as both bubble flow and
initial bed height increased. Moreover, the rate of increase of bubble

diameter with bed height increases as U - Umf increases, Another important

feature is the effect of increasing particle size and density on the :size

of bubbles. This is apparent when Figures (4,4) and (4.5) are compared at
the same values of U - Umf' It shows that glass which has a larger mean
particle diameter (237 u) and higher density (2.93 gm/cmz) produced

larger bubbles than sand which has a mean particle diameter and density

of 224 uand 2.64 gm./cm3 respectively. Although the effect is not pro-

nounced in view of the smaller difference in particle size and density

between sand and glass, the results appear to confirm the trend indicated

by equation (4.3).

An inspection of Figure (4.6) shows that with silver sand and for an

initial bed height H - 25 cm. the data seem to deviate from the "least
m

square" lines drawn through the rest of the points. This has not been

observed with glass beads, but it would appear that with beds deeper than



G0 - 40 cm. -the bubble size is no longer

a linear function of bed height.

Private communica#ion(loa) suggests that this might be the case with

deeper beds. Observations(108) with beds higher than 40 cm indicated a
non-linear dependence of bubble size on bed "height., Thus suggesting that
(4.3) might be apolicable only to shallow beds. However; the data reported
by Cooke et al.(102) for bed depths up to 80-cm. show a linear relationship
between bubble diameter and bed height and fit (4.3) reasonably well (see
section 4.,9.3.).

Significant differences were found when comparing results from two
multi-orifice distributors; (i) distributor A having high pressure drop
with ¢ = 29 x lU—4 and (ii) distributor B having low pressure drop with

d = 74 x lU—a. As can be seen from Figures (4.7) ard (4.8), the rate of

growth of B, with bed height is greater with distributor B although it

B
appears that the initial bubblz sizes aobtained by extrapolating the data

to zero bed height are little bigger with distributor B. It clearly shous
that the effect of a reduced distributor pressure drop is to produce larger
bubbles and therefore in agreement with the discussion earlier. This

situation has reflected in the smaller number of bubbles observed on the

top surface of the fluidized bed with distributor B,

These results may be explained quantitatively by the theoretical
model presented by Fakhimi and Harrison(64) for multi-orifice distributors.
The theory suggests that for a given distributor design there should be a

minimum gas velocity above which all the orifices are operational.

Applying their model (see Chapter 5) - to predict the fraction of operative

orifices under given conditions - reveals that the experimental results

refer to conditions for which only 10 - 90% of the total number of orifices

on distributor B are operative, whereas orifices on distributor A are

almost fully operative. This suggests that there was a maldistribution of

gas through distributor B and this could partly explain why larger bubbles



were observed with distrihutor g (low AP

D) than with distributor A

(high ADD),

At higher gas flow rates, when U - Umf = 9,5 cm/Sec; almost 100% of
orifices on distributor B can be expected to be operational. At this gas
flow rate the two distributers are expected to operate similarly. This
can be seen from Figure (4.9) which compares distributor A and B at the
same initial bed height. It shows that the rate of increase of b, with
U - Umf was greater with distributor Brmlth the result that both distri-

butors produced similar sized bubbles at high gas flow rates.

In order to examine the effect of orifice diameter on the size of
bubbles whilst m;intaining the distributer free area constant, distri-
butor C was used. This, in fact, was distributor B with some of its
orifices being sealed with Plgsticine s0 as to4make its free area equal
to that of distributor A (i.e. ¢ = 29 x 107%)

Figure (¢4,9) compares distributor A and C and shows that both distri-
butors produced similar sized bubbles, confirming the prediction that a
change in orifice diameter would not affect the operational effectiveness

of the distributor provided the gas is well distributed across it.

4,9.,2 Bubble Sizes at the Distributor

Since it was evident from Figures (4.6) - (4.8) that for any
given bubble phase flo@ rate U - Umf the diasmeter of bubbles increases
linearly as the bed height, "least squares" straight lines have been drauwn
through the points and extrapoléted to zero bed height in an attempt to
es£imate the initial bubble size DBO on the distributor surface. If the

extrapolations are valid, then a compariscn with the theoretically pre-

dicted values from (4.2) can be made.

Assuming that n represents the number of orifices producing bubbles,

then from (4.2) the initial bubble diameter Dgo is given as




mN

( 0.4

6ho (U - U )

- mf 0.2

%80 ‘< n ) /9 , (4.19)
- ()

n
her - 2OTE ~rects S : -
where N represents a correction factor introduced to allow for non-

bubbling orifices under certain operating conditions and can be predicted
from (5.25) (Chapter 5), Bubble diameters calculated from (4.19) agree
reasonably well with the extrapolations of observed bubble diameters to
zero bed height indicating that expression (4.19) is satisfactory for the

prediction of bubble size at the distributor surface.,

Comparison between extrapolated and calculated values is as follows:

Snlid 224 silver sand 2371 glass beads
U-U . (cm,/sec.) 1.0 3.0 4,0 5.1 6.0 1.0 3.0 4,1 5.4 6.0
D (cm) calc. - 0.76 0.74 0,85 0.92 1.0 0.77 0.74 0,86 0,97 1.06

Bao

Doy (cm)extrapolated 0.36 0,73 0.87 0,99 1,22 0.49 0,70 0,97 1.28 1.65

4.,9.,3 Bubble Size Correlation

As stated earlier, one of the aims of this work was to evaluate
the usefulness of equation (4.3) in predicting the bubble size along the
bed height from a multi-orifice distributor. A computer program was pre-
pared for calculating bubble diameters from (4.3). The results of calcu-

lation were then comparsd with actual experimental values obtained from

the present study. A number of experimental points from previous investi~

gators are also included. The degree of comparison is shown in Figure

(4,10) and the complete results are given in Table (4.4).



It will be noted that almost all the points fall within the range
+ 20% which, allPWiﬂg for the assumptions, approximations and imprecise
nature of bubble data, is not larqge, However, (4.3) would lead to esti-
mates of bubble size that are probably precise enoQgh for most practical
PUIPOSEeS.

4.9,4 Number of Bubbles *

The number of bubbles NB counted on the surface of the bed at
any instant is seen from Figure (4.11) to increase rapidly to a maximum
before decreasing steadily with the excess gas velocity. The gas velocity
at which the maximum number of bubbles occurs appears to be influenced by
the bed height; as the bed height increases the peak occurs at low values

of U - U

o At the maximum point, bubbles were seen to be evenly distri-

buted across the bed surface indicating a stable fluidization., The
influence of distributor pressure drop and in particular the ratio of
distributor pressure drop to bed pressure drop (APD/APB) on bed stability

has been investigated already (see Chapter 3).

The general shape of the curves shown in Figure (4.11) can be
partially explaiﬁed as follows:
(1) When the gas flow rate is just greater than the incipient fluidizing
flow rate, a small number of distributor orifices are operative. Ffurther
increase of gas flou rate allows more orifices to become operative, the
bubble size increases little or not at all, and little or no coalescernce
takes place. At about U - Umf = 2.0 cm./sec. the number of bubbling
orifices is at a maximum which is not necessarily the total number of
orifices in the distributor., The reason seems to lie in the non-
uniformities in the distributor gas supply which may occur in practice.
(2) The decrease in the number of bubbles with further increase in
u-u is due to the increase of rate of coalescence whilst the total

mf

number of operative orifices remains the same, resulting in fewer and



larger bubbles at the distributor, It is also likely thal the number of
bubbles decreases due to the interaction of gas jets emerging from the
distritbutor., Observations in a two-dimensional bed (see Chapter 5) have
indicated that adjacent jets tend to interact at higher gas velocities
and larger bubbles, which subsequently coalesce, are produced at the

distributor. A similar phenomenon could exist to an extent depending on

the orifice spacing in a three-dimensional bed when a multi-orifice

distributor is used.



4,10 Bubble Coalescence Model

As already pointod out, the "bubble assemblage model'" proposed by
Kato and Wen(101) may be used to predict the number of bubbles and the
volume of the bubble phase along the bed héight. This model mag developed
particularly for beds operating with multi-orifice distributors. However,
its applicability to mhlti~orifice distributors has not been examined .and
it is not known whether its application can be extended to other types of
distributor (e.g. bubble-caps). The pufpose of the following investi-
gation is, therefore, to evaluate its usefulness in predicting the number
of’buhbles as they grow and coalesce within the fluidizoed bed and its

relevance to distributor design.

Earlier we indicated that the model is convenient for computer use;
thus equations (4.6) - (4.14) were simuiated on the digital compuier for
calculation. The calculational procedure is given below when the following
operating conditicns are knouwn: superficial gas velocity U, incipient
fluidizing velocity U

incipient bed height Hm void fraction at Um

mf’ f? !

€ p number of orifices per unit surface area of distributor, particle
m

size Dp and particle density p8 .

(1) Equatiors (4.6) and (4.7) are used to compute the expanded bed

height H.

(2) Using (4,11), the height of the i-th compartment is calculated.

(3) The calculations are repeated from the distributor surface until the
bed height corresponding to Hmf is reached. For height above Hmf’ the
voidage is given by (4.9) and the number of bubbles NB is obtained using
the same procedure as that shoun for the height below Hmf' The calcu-
lation is repeated until the bed height reaches H_ . + 2(Hf - Hmf) depicted

in Figure (4.1).



The calculational procedure‘outlined above was carried out an the
1CL 1805 computer in the Unjversity Computing Centre. The program used
to make these calculations was written in ALGOL and can be found in
Appendix A4, The computer logic diagram illustrating the steps outlined
above is shown in Figure (4.17).

The results of calculation are presented in the form of a histogram
in Figure (4.12) for z distributor having 0,37 orifices/cm2. using 224 u
sand as the solid phase. The bubble phase velocity and the initial bgd
height selected for‘this study are 3 cm./sec. and 25 cm. rsspectively,
The histogram shows the change in the size of compartaents with height
above the distributor. The population of bubbles within a compartment is
shown to decrease as the size of the compartment increases. Calculations
for other gas velocities indicate that the number of compartments decreases
as the gas velocity increases resulting in fewer and larger bubbles within
each compartment. A decrease in the number of compartments with gas
velocity suggests that the distributor is behaving as a perfect mixer. In
Figure (4.12) the curve passes thfough the mid pecints demonstrates that
the rate of growth of bubbles with bed height follows an exponential-type
curve, and bubbles coalesce very rapidly near the distributor. The dotted
part corresponds to the extrapolation to zero bed height, since it is
reasonable to assume that the theoretical numbe? of bubbles at the surface
of the distributor is that eguivalent to the total number of orifices on
the distributor.

4,10,1 Comparison With Experiments

In order to compare the model with actual experimental data,
. o 2
three multi-orifice distributors having 0.37 orifices/cm. on each of them
were used. The centre-to-centre orifice spacing was constant and the
orifice diemeter was variable, giving fracticnal free areas of 29 x 10 ,

74 X 10_4 and 166 x 10"4. These were considered respectively as high,



medium and low pressure drop distributors. The experimental procedure
was to count the number of bubbles appearing on the top surface of the
bed. The initial bed height was varied between 3 - 25 cm. in approxi-

mately 3-cm. increments.

The experimental results are presented in Figure (4.13) as plots of
Ng (number of bubbles) vs. h(height above the distributor) along with
the theoretically predicted values from the model for a bubble phase

velocity U - Umo = 3 cm/sec.

A study of Figure (4.13) shows a close adreement between the theore-
tical model and experiments only for the distributor with the high
pressure drop. Results from the remaining distributors show considerable
deviation with the trend towards the distributor having low pressure
drop. This clearly shows the eFfe;t of a reduced pressure drop APD in
producing fewer and larger bubbleé, which subsequently coalesce, at the

surface.

The model put forward by Kato and Wen disregards the effect of
distributor pressure drop or flow maldistribution. Probably they pre-
sumed that all orifices should operate in a similar way regardless of
distributor design, although the authors cited used data from porous

distributors to examine their model,

In a commercial fluidized bed reactor, most of the reaction takes
~place at the distributor where the gas is Jjetted into the solids and
where the bubbles are still small. Flow maldistribution normally leads
to fewer and larger bubbles at the distributor level and these coalesce
further up the bed, eventually forming slugs in a deep bed. Under such
conditions, the "bubble assemblage model" presented by Kato and Uen
Cannof be used for the prediction of catalytic conversion in a fluidized

bed reactor operating with a distributor of the one 1likely to be used



in practice (e.g. a multi orifice distributor). It is, therefore
necessary that the model should include the distributor pressure drop
to account for flow maldistribution which, inevitably, occurs under

certain operating conditions.

4,10,2 Formulation of the Model in Terms of Distributor

Pressure Drop

When there is maldistribution of gas through the distributor,
i.e. shortcircuiting due to some orifices ceasing to operate, we commonly
have the situation as depicted in Figure (4.14), Visual observations of
the distributor . from below showed that some of the orifices were not
bubbling at all., These were either blocked up with particles or over-
whelmed by intermittent dumping of particles. Dumping is a phenomenon
occurring at low gas rates and normally associated with non-bubbling
orifices, whereas on the other hand weeping is a phenomenon occurring at
high gas rates uhere presumably all the orifices are operational. (These
phenomena are considered in Chapter 6 in work on sclids flowback through
multi-orifice distributors).

Now for the situation shown in Figure (4.14), we have

(1) Bubbling/spouting orifices operating temporarily with superficial

gas velocity Un’ where Un > Umf and pressure drop
2
pe+ Un
Ap - = (4.20)
01 2. ¢

for turbulent orifice flow (see Chapter 3Y).
(2) Non-bubbling orifices operating temporarily with superficial gas
velocity at incipient fluidization Umf’ and pressure drop

2

Peo
APD o= _i___rzn.ﬁ (4.21)
9



ssumina parti . ; s ;
assuming particles covering the orifices will remain in the incipiently

fluidized state,

If n = number of bubbling orifices at a superficial velocity U,
kT < < thi f i i
with Umf U Ung then (N - n) orifices are non-bubbling (i.e.

chose either | ; : ;
those either blocked or overwhelmed by particle dumping).

.

Now it is possible to estimate the amount of maldistribution through
the distributor in terms of pressure drop across the distributor for the
situation describecd above and this may be applied to the "bubble
issemblage model” to account for non-bubbling orifices.

Following the approach of Zahrodsky(73) and the analysis of

Fakhimi(74), the flow of gas through the bubbling orifices and those

oY)
o

closed by solid particles leads to

®

alance of pressures expressed as

n N - n
p = (=). + (=), .
A D,m (N) ApD,n ( :\j ) ApD,mf-‘ 9 ( Z2)
where APD n = measured pressure drop across the distributor
b
when only n orifices are bubbling.
Substituting (4.20) and (4.21) into (4.22), we obtain
- Ps ( no2 N -0y 2 ) .
BPy o -—il—2. N T L (4.23)
2g.9
At the normal operating velocity U all orifices are supposed to be
bubbling and the pressure drop across the distributor is
Dry .2
U
APy w * £ > ; (4.24)
’ 29.¢
where AP - the theoretical pressure drop across the

D,N

distributor when N orifices are bubbling
(N being the total number of orifices in

the distributor).
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The amount of maldistribution, therefore is given by the difference

= - 4,95
€y APD,m APD,N | (4.25)
P . 2
. _ f n 2 N - 2 :
or o = — =, . n.. _ 4,26
' D 2. 4)2 ) Uy + ) Ung v ( )

A mass balance on the distributor plate gives

n J - '
- pg- AU+ @ T “)-pf. AU .7 0B (4.27)

Equation (4.27) suggests that when U = Um none of the orifices is

f
bubbling. This is true, because at the point of incipient fluidization
the bed is qguiescent and is allowing just enough gas to pass to keep it

buoyant.

Rearranging (4.27) and substituting for U in (4.26), we have

N

n = 5 - (4.28)
1+ 8.4 . D
e Wy
or n = N (4.29)
. 2g.¢2” (BPpy = 8Pp )
Pr W=y’

Where n is the number of bubbling orifices expressed in terms of observed
pressure drop across the distributor at a gas flow rate U (i.e. A PD m)
?

and pressure drop across the distributor at the same flow rate when all

orifices are bubbling ( i.e. ADD,N)'

The boundary conditions are

e _ - (4.30)
if APD,m APD,N H] n N

. 4.31)
and if 8Pp >> BBy o , n=>0 (
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Values of ; ) ot .
0 ApD,m can be obtained experimentally, and APD y 1S
. b

the theoretical pressure drop for turbulent flow and may be calculated

from (4.24), Umf’ pf, ¢ are knoun quantities for a given solid-
distributor system, Therefore, for a given operating conditions, n can
be predicted from (4.29). In the "bubble assemblage model", n is the

relevant parameter for the multi-orifice distributor and this should be
used under such conditions. In other words, (4.29) provides a factor to

be applied Lo the model to allow for non-bubbling orifices under certain

conditions.

Inserting this factor into (4.11) and (4.12), neu expressions are

then obtained. These are respectively as

- 0. 4
. i1 }
(2 + m 1
Ah. = 2 D . : (4.32)
* Bom o ooyt 1. 26,92 PPp o = OFp )
D _ 2
f W -u 0 |
and
0-3
* e - e
Np: = sl 5 - emf 2 - (AP — AP ) (4.33)
1 H(Ahi) mf l + 2g.d) D,m D)N
0 . ) 7

for AP[)[;E AP i.e. excess pressure drop due to maldistribution.
b

D,N’
ADD was fed to the computer as an input variable because, it is a
s
measurable guantity. At a given gas flouw rate, APD o ves found to de-
9

crease with bed heicht. Houwever, the decrease was small and, therefore,
in a particular run APD was taken as the everage of those observed
m ,
’ enly

with different bed heights. Unfortunately, consistent results were /ob-

tained with some difficulties, i.e. experiments had to be repeated

several times in order to obtain reproducible values of ApD me  1Nis
9




can be expected with distributors operating at low gac rates and having
large plate chargcteristics and as indicated earlier maldistribution
would lead to the orifice behaviour described by Figure (4.14),

A neu plot of NB Vs, h on the lines of Figureb(4.13) is now possible
(see Figure (4.15)), The results of calculation from the modified model
show good agreement with experiments and it should be noted that the
closeness between the model and results from the high pressure drop distri-
butor is obtained without the need for a correction factor, since at this
flow rate (i.e. U - Umf = 3 cm.secﬂl) pressure maldistribution was
negligibly small, This may also be seen from Figure (4.13) which shows

the deviation between experiments and the model for the high pressure

drop distributor is small,

However, using high enoggh gas flow to make all orifices operational
in the other distributors (i.e. the medium and the low pressure drop
distributors) would not necessarily lead to an agreement with the model,
but can reduce the displacement of experimental points from the theoreti-
cal curve. With distributors having large plate characteristics ¢ ,

large values of U - U are required to bring about full operation, and

mf
as shown earlier, higher velocities would result in fewer bubbles at the
surface. In Figure (4.16) the experimental results are compared with
the theoretical model for a gas velocity high enough (i,e. U - Umf =

9 cm./sec.) to overcome maldistribution through the distributor having

medium AP. and shows that the experimental points fall below the theoreti-

cal curve, but their displacement is largely reduced,

This suogests that the "bubble assemblage model" is, probably,satis-
factory for the predicticn of the extent of chemical reaction in beds
operating with high gas rates or with distributors having small plate

characteristics. But in some systems (e.q. with low Umf values and large



plate characteristics) high values of U - Umf are required to eliminate
maldistribution and bring about fully bubbling orifices, and may be un-

N T - Sl . . ..
desirable to operate at higher gas rates because of particle attrition,

entrainment or slugging of the bed, then operation at low U - U ¢
mf

necessitates the use of the correction factor to allow for non-bubbling
orifices, This, of course, requires the knowledge of pressure maldistri-

bution across the distributor which may be obtained experimentally.
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CONCLUSTONS
Bubble sizes and the effect of the distributor on bubble formation
have been investigated in gas fluidized beds using multi-orifice distri-
butofs:
1. The diameter of hubbles obtained from this work as well as from
others is within + 20% of values predicted by equation (4.3). This
equation implies the existence of a bubble at the surface of the orifice

and its growth by the addition of excess gas from the bed.

2. Flow maldistribution is important in influencing the operational
effectiveness of the distributor. It is more likely at low gas rates
and with distributors having large plate characteristics (i.e. having

low pressure drops).

3. The "bubble assemblage model" presented by Kato and Wen(101) for

predicting the extent of chemical reaction taking place in a fluidized
bed is also useful for the prediction of the number of bubbles and their
size in other situations where the fluidized bed is not necessarily a
chemical reactor. However, its application becomes invalid at low
fluidizing velocities or with distributors having large plate character-
istics due to the influence of maldistribution across the distributor

plate.

Methods available in the literature have been used for the predict-
ion of pressure maldistribution across the distributor in terms of dis-
tributor pressure drop and this has been applied to the model to allow
for non-bubbling orifices. Consequently, closer agreement between

experiments and the model has been obtained.
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DEFLUIDIZED ZONES ON MULTI-ORIFICE DISTRIBUTION PLATE

5.1 Introduction

This chapter provides a study on one of the important aspects of
distributor design in a gas fluidized bed, namely fhe formation of de-
fluidized zones in the spaces between the orifices,

In a commercial fluidized bed, the presence of defluidized or semi-
fluidized particles on the distributor in between the gas inlet points is
very undesirable. The solid phase in these regions remains completely
immobile, For materials that tend to agglomerate on these zones even
when small may grow after prolonged operation resulting in distributor
blockage and théreby hindering fluidization., Agarwal et al.(24) and
Pictor and Robinson(21) attributed coal ignition and plate fires to the
existence of defluidized zones in their pilot plants. They were able to
eliminate fires by reducing the spacing between the orifices and raising
the pressure drop across the distributor. When the fluidized bed 1s a
catalytic reactor, defluidized zones are particularly serious for the
following reasons:

1. if the reaction is highly exothermic, there is a probability that
defluidized heaps could lead to hot spots on the distributor with a

possible loss of preoduct selectivity and catalyst activity, and

2. catalyst particles-are not used for reaction, hence a possible
decrease in the efficiency.

An understanding of this phenomencn is vitally important for the
rational scale-up and design of large fluidized bed reactors. In these
units, little reaction occurs in the bed once the bubble is fully grown.
Most of the reaction takes place at the distributor where the gas is
jetted into the catalyst particles and where the bubbles are still small.
Most large scale units are therefore said to be "distributor controlled".

Unfortunately, little work has been done on the formation of defluidized

zones on the distributor despite its importance. for this reason, the

present work has heen undertaken.




5.2 Previous Work

Fraiman et al.(921) have studied the problem of defluidized zones on

multi-orifice distributor plates in a two-dimensional bed. They found
that the formation of defluidized heaps in the spaces betuween the orifices
was influenced by the type of solid, initial bed height and to a certain
degree the gas velocity. In order to avoid the formation of defluidized
zones, they suggested a grid consisting of conical elements, whose upper
widened ends overlap, Obviocusly, the construction of this type of grids
is rather difficult and expansive.

Fakhimi (74) has recently carried out similar studies in a two-

dimensional bed. A theoretical model for the prediction of the amount of

solids stagnating cn the distributor plate has been derived. The model
indicates that for a multi-orifice distributor, the height of a defluidized
zone 1is related to the orifice spaeing, thg gas flow rate and the incipient
fluidizing velocity of the solid particles. No cuantitative agreement has
been found, but theory and experiments show similar trends and thus agree
qualitetively., This will be discussed later,

A more recent study comes from Ukhlov and Volkov(92) who also investi-
gated the problem in a two»dimensional.bed system using multi-orifice dis-
tributor plates., They used a peculiar design consisting of a downwardly

pointing come with a dished apex and perforations in the sides of the cone

but not at the apexe.

Theif results show that the height of the defluidized zone increases

with the width of the undrilled (dished) part of the distributor, but
decreases with an increase in the gas flow rate. The effect of the particle.

size has also been observed. A decrease in the mean particle size caused a

decrease in the height of the defluidized zone, apparently due to the
greater mobility of the particles. In agreement with Fakhimi(74), they

tco found that the initial bed height had no effect on the height of the
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defluidized zone. These observations are in line with those of Fakhimi.
However, 3t is shown that the height of the defluidized zone decreases
with a decrease in the fractional free area ¢ , presumably due to the
lateral mixing of particles, but it should be recognised that they used
a more complex type of multi-orifice distributors than in the present
studies.

The work of this chapter examines how defluidized zones on a multi-
orifice distributor are influenced by the distributor geometry (particu;
larly the orifice spacing), solid properties and gas flow rate. The
effect of bed diameter is also considered.

It should be mentioned here that the work of Fakhimi(74) was published
during the course of the present work,

Therefore, the opportunity is taken to ccmpare our results with his
theory and experiments.

The study of defluidized zones on multi-orifice distributors may give
an insight to the likely behaviour with other types of distributing device
(e.g. bubble-caps or nozzle grids) and may be extended to other practices
of fluidization technology where defluidized zones inevitably occur (e.qg.

bed internals, such as baffles and heat transfer tubes).
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5.3 Qualitative Observations

The d@valopment of defluidized zones has been observed in a two-
dimensional gas fluidized beds using a multi-orifice distributor. The
observations show that when the superficiel gas velbcity U is just equal
to or little ahove the incipient fluidizing velocity of the particles
Um{‘y the bed has the appearance shown in Figure (5.1). At this point
the bed is quiescent the particles allowing just enough gas to pass through
them, and the volumetric rate of flow through each orifice may be equal
to the total volumetric rate of flow divided by the total number of
orifices ;n the distributor (i.e. ¢ = Upp = er/N). At this point only
the upper part of the bed seems to be fluidized. It is suggested that
segreqgation is'the cause of this behaviour which has also been observed
by Fakhimi(74). This would result in fine particles settling above a
packed bed of large particle.

,A further increase in the gas flow above incipient fluidization
(i.e. g >»qu) causes scme of the.orifices to spout (see Figure (5.2)).
Uith gradual increase of the gas flow rate, the number of jetting orifices
also increases until eventually at some value of gas flow all the orifices
are spouting. At this point the bed becomes mobile and the only station-
ary particles are those in the pyramids of fixed beds in betueen the
adjacent orifices. With.further increase of the gas flow rate, the height
of these pyramids decreases and the bottom part of the bed becomes more
.fluidizedo

Qualitatively these observations revealed three distinct regions of
flow (see Figure (5.3)).

(1) A zone directly ebove the distributor plete and in between the
orifices having height ZR in whick the solids settled in advance at the

angle of repose. This can be easily observed with widely speaced orifices.

(11) A zone in which particles settled down and stagnated in a heap

over zone one. In this zone particles were not mobilized by the fluidizing
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nase. Therefore, the overall height representing this zone plus that of
zone one was taken as the height above the distributor 72 for which the
defluidized zone extends,

(I11) Fully fluidized zone, which was often washed away by intensive
ngitation in a short tims interval,

In zone three the jets issuing from the distributor often interact
when a certain gas flow has been reached (depending on the orifice spacing)
resulting in larger bubbles and pressure surges at the distributor. This
led to the suggestion that Jet interaction is also important in influen-
cing distributor design. Consequently, the height Zj above the distribu-
tor at which jet>interaction occurs has also heen measured and this has
been related to the orifice spacing. It should be emphasised thet the
data concerning jet interaction are only preliminary, because of the diffi-
culty experienced in locating visually the point of intersection.

5.4 Fakhimi's Theoretical NModel

In the previous section, we have indicated that at incipient fluidi-
zation the particles in the bed are essentially immobile and allow just
that quantity of gas to pass that can yeadily seep through them (Figure
(5,1)). At this point the bed voidage can be considered uniform and the
gas issuing from each orifice pefcolates through the bed above the orifice
in equal amounts along radial paths, symmetrical in all directions (i.e.
possessing spherical symmetry, the orifice being the origin of symmetry),
This is the basic assumption put forward by Fakhimi(74) in deriving his
model. However, this is not the physical situation once the gas flow
exceeds the incipient fluidizing velocity Umf' In this case the gas flow
pattern above each orifice is no longer symmetrical and someuwhat as shown
in Figure (5.?), i.e. some orifices are spouting. The spout effectively
becomes a two-phase jet of gas and‘solids and for this reason his experi-

ments were at variance with thesory.
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His analysis is based on the idea that an orifice may be regarded

as a simple source situated in a solid plane surface from which fluid

seeps symmetrically through a porous medium having uniform voidage and
.resting on the distributor plate, as shown in Figure (5.4). Hence the
lines of flow in this case will be straight radial lines and the strength

of the source is, therefore given by:

Q= 2Mr.v (501)
T
where V. is the velocity component in the direction of the radius vector

r for the two~dimensional flow case. Then he goes on to show that

,,,,

<

8 q -
Uy = ‘I:']"y = ““‘““2'>’ (302)
™™
v
C
U = ——y = A (5.3)
X T ﬁrQ

These are the components of gas velocity at the point P (Figure (5.4) )
whose polar co-ordinates are 1,8 . Since the velocity component relevant
to the present problem is the vertical component Uy. Thus (5.2) gives

1.z (5.4)

where Z represents the height of defluidized zones measured above the

distributor plate. Finally, he shows that

Uff
z m_ . () (5.5)
L -

1
I
n=1

for a two-dimensional bed system, and

JA U
. / .H. . 1R} -
L (-1 (5.6)

N
I
n=1
for a three-dimensional bed system. Uhere N is the total number of

orifices in the distributor plate.

Thué (5.5) and (5.6) show that the height of the defluidized zone
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is a functi 2 orifice apd ;
Z is a function of the orifice spacing S and the gas flow rate U. The

e 4- R S PR ~ . . . .
effect of the physical properties of the particles and the fluid Tind
&

expression more or less in the value of U e
-mf

As can be seen from above, equations (5.5) and (5.6) show a linear

U
. e Z nf
relationship between (?> and (*ﬁi) with a slope varying according to the

number of orifices in {he distributor plate, For the three-dimensional

bed system, provided the number of orifices in the plate is large enough,

equation (5.6) can be written with adequate accuracy as

U o
(&) = & (-2h (5.7)

Results obtained from the present work will be correlsted in the

way suggested by equation (5.5) for the two-dimensional bed system so

that a comparison with Fakhimi's thecry can be made.
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[ s e ] 3
3.9  Lguipment and Experimental Procedure
q N

A schematic diagram of the experimental equipment is shown in

Figure (5.5). This consisted of a two-dimensional air fluidized bed,
35 em x 1.27 cm in cross section and 85 cn high, constructed from 1/4"
thick Perspex sheet, The wind box was 15 cn deep and 35 cm x 3.5 cm in
cross section, also constructed frem Perspex.

Table (5.1) gives details of the multi-orifice distributors used.
These were 1/8" thick aluminium plates which had a single row of orifices
drilled on a line mid-way between the.transparent walls of the two-
dimensional bed. The diameter of the orifices and their spacing were
variables, Also by stopping up orifices with Plasticine the number of
orifices and their spacing could be varied as desired., As can be seen
from Figure (5.5), the air supply was connected to the wind box via tuo
air feed points, placed opposite each olher on the wind box sides. At
each feed point, a deflector plate inclined with respect to the gas stream
was installed inside the wind box, These had orificeé drilled on them in
a single row and they were covered with a strip of nylon filter cloth to
prevent flowback of particles., This arrangement was intended to provide
an even velocity profile to the underéide of the distributor plate supp-
orting the fluicdized bed. It also served as a collecting funnel for
particles falling back through the distributor plate during operation and
stoppage.

The fluicizing air wes taken from the laboratory main, reduced to a
pressure of 20 p.s.i.q. and metered through calibrated rotameters at room
temperature., Needle valves were used for flow requlation, The inside
walls of the column uwere spréyed with antiststic cleaner and the air was
slightly humidified. These measurss were taken in the attempt to reduce
electrostatic effects in the bed. Four types of solids were used in the
experiments and their properties are specified in Table (5.2), Figure

(5.6) shows an overall view of the experimental equipment.




5.6 Experimental Procedure

A knoun weicht of solids was charged in the column, fluidized gently

to avoid static build-up, and then allowed to settle under a slouwly
decreasing air flow. With zero air velocity the height of the settled
bed was measured and the air flow rate was then increased gradually up to
] At a flow rate a little above Umf’ some af the orifices began to
spout and stagnant heaps, the boundaries of which were sharply cefined,
formed 1in the spaces between the orifices. The height of the defluidized
heaps Z was measured visually with the aid of a battery opervated magnifying
glass (it illuminates and magnifies), this enabled particle movements

along the boundaries of the defluidized heaps to be observed and followed
clearly and accurately,

The air was then gradually increased, and after each increase the
height Z was observed, but the measurement was taken after allowing egui-
“librium conditions to be attained. This was continued as long as accurate
measurements could be made visually. However, this was found rather
difficult to achieve at higher gas rates because the upper portion of the
stagnant heaps started to erode sway and became distorted.

The above procedure was repeated at least three times to be sure of
the feproducibility of the results, Z was quite reproducible when measur-
ed et increasing and decreasing flow rates and could be estimated to with-
in 0,5 cm. (+ 0.25 cmo)e

In agreement with earlier workers, preliminary experiments showed
that the bed height had no influence on Z provided it was deep enough
(presumably not to be shallower than the maximum spoutable bed height).
Therefore, the experimental procedure was restricted to the same initial
bed height of 40 - 50 cm.

It should be noted that the curtaining effects produced by particles

either sticking to or raining doun the column walls had largely influenced

the accuracy of measurements at higher gas rates despite the precautions



taken to reduce it

« Inaddition the use of higher gas flouw rates,

harticularly witl 5 - ) .
pe arly with sand and with plates having low free areas ¢ » caused

a consideralbile pressure : e .. . . .
¢ ‘ Pressure drop in the system. Similar difficulties were

also experienced by Fakhimi(74), Consequently most of the experiments

were confined to agas flow rates up to 4 - 5 times U
’ mf*®

Additional experiments were carried out in order to demonstrate the
existence of defluidized zones on the distributor plate., This was done
as follows: a bhateh of 177 U silver sand particles was dyed with blue
colour by dipping the particles in a cencentrated snlution of methyl blue
and allowing them to dry in a hot oven, Then, a layer of blue particles
was first chargad»im the column followed by another layer of undyed
(white) particles,

Figures (5.7) and (5.8) are a secuence of two photographs teken at low

(U not much above Um ) and high fluidizing velocities respectively. In

£
each case the bed was allowed to fluidize for about five minutes, de-
fluidized gently, and then photographed with a still camera through the
transparent Perspex wall;

It should bé emphasised that these pictures are of qualitative
nature, they are presented here solely for demonstration, As is evident
from these pictures, at higher fluidizing rates the heaps of the de-
fluidized particles take the form of a trapezoid whose upper angles are
rounded (i.e. a psrabola) whereas at low fluidizing rates the heaps take
the form of a pyramid. The observed effect at higher gas rates is
probably due to the side impact of particles during lateral mixing of the
material in the bed, Erosion of the upper regions of the defluidized

heaps at higher gas rates has been reported by Ukhlov and Volkov(92),

but it is not known uwhether Fakhimi(74) has also observed a similar sort

of bchaviour,
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5.7 Experimental Results

The experimental results are given in Tables (5.3) - (5.5) and as
U
Y4 mfy .
plots of (S) Vs, (*U”J in the way suggested by (5.5) in figures (5.9) -
(5.11). In figure (5.9), the experimental results are compared with the
theoretically predicted line from (5.5).

As can be seen, the experimental results show a linear relationship

1 Z _ f \ .
between (g) and ( ) and the line drawn through the experimental data

m
U
passes through the origin asv(5.5) predicts. However, the egreement
between (5.5) and experiments is not good, but the two sets of results
exhibit a similar trend. Similar discrepancy has been observed by
Fakhimi(74), and as shown in Figure (5.9) the theoretical line falls
below the experimental line with slope of 1.38 (for N = 5),

A important feature of the results is apparent from Figures (5.9) -
(5.,11). The experimental lines exhibit slopes of the same magnitude
(i.e. around 4.0) regardless of the type of solid used. Fakhimi who
carried out experiments with sand particles found a slope of similar value

(i,e. about 3.8). This clearly demonstrates the closeness of our obser-

vations with the recently published work.

5,8 Discussion of Experimental Results

A study of the formation of defluidized zones on multi-orifice dis-
tributors and in between the orifices was made in a two-dimensional bed.
As can be seen from tﬁe plots, the line drawn through the experimental
results passes through the origin. The slopes of these lines are approxi-

mately similar (i.e. about 4.0) although Diakon exhibits slightly louwer

slope than sands., This may be attributable to the lower angle of repose

obtained with Diakon (spherical). In all the cases studied the height of

the defluidized zones decreased with increasing gas flow rate and in-

creased with increasing orifice spacing. Hence for a given orifice diame-

ter and column, a decrease in the fractional free area ¢ would cause an




increase in the amount of defluidized solids stagnating on the distri-
butor plate,

In Figure (5.9) we present a comparison with the recently published
thBDfY(74)- Only qualitative agreement exists between the two sets of
results. This discrepancy was expected and mainly due to two factors
given already by Fakhimi.

l. As explained earlier, in the formulation of equation (5.5) (for
the case of the two-dimensional bed system), Fakhimi considered a bed of
uniform voidage resting on the.distributor plate through which gas is
percolating (see Figure (5.4)). But this is valid only when the gas flow
rate is equal to or less than Umf; a higher gas rate will obviously lead
to the spouting situation shown in Figure (5.2). The spouts effectively
become two-phase jets of gas and solids of high voidage which, of course,
is contrary to what has been assumed in deriving(5.5). This is probably
the main reason for the deviation shown between the theoretical model and
the experimental resultse This discrepancy has been anticipated by
Fakhimi himself in the first place and, as can be seen from his results,
the experimental line exhibits a slope about twice as much as that of the
theoretical line.

2., The experiments uwere conducted in a two-dimensional Perspex
column, chosen particularly to facilitate visual observations at the bed
walls, The possible influence of the bed walls and the curtaining effect
produced by particles sticking on the Perspex walls may lead to values of
Z higher than expected. But it is doubtful whether static effects can
lead to unreasonable results because (i) these were completely absent at
low gas rates and (ii) rounded sand which showed little tendency to stick
on the column walls produced results not different from those of the

other solids.

Measurements in a three dimensional bed system cannot be made visually
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unless some kind of measuring device is used (e.g. a capacitance probe).
However the insertion of a probe in the bed will inevitably disturb the
stagnant heaps and may lead to erroneous results. The wall effects in a
commercial bed are normally less pronounced, and thérefore it is expected
that the quantity of defluidized solids stagnating on a unit area of a
commercial distributor would be less than that on a laboratory distributor,
Obviausly, the model presented by Fakhimi cannot be used for design pur-
poses and the only way to obtain Z accurately is ta measure it.

Ukhlov and Volkov(92) who experimented with different type of dis-
tributors and also observed the effect of gas flow rate and plate geometry
on the height of‘the defluidized zones which appears to be in line with our
obgervations. It is interesting to note that Glass(93) who studied the
formation of defluidized zones on the upper surface of a cylindrical
baffle immersed in beds of sand and glass beads fluidised with air also
shows similar results. He found that the amount of defluidized solids
settling on the baffle was governed by the gas flow rate and baffle
diameter, i.e. the weight of defluidized solids decreased with gas flow

rate and increased with baffle diameter.



5.9 Application of Experimental Results

The study of defluidized zones can now be applied to some aspects of

distributor design and fluidized behaviour at the bottom of the bed.

5.9.1. Calculation of the Total Amount of Defluidized Solids

Stagnating on the Distributor Plate for a Three-

Dimensional Bed System

The results from the present work will be applied directly to
a three-dimensional bed system, altﬁough the possible influence of the
“bed walls makes the interpretation of experiments in a two-dimensional
bed to be somewhat different from that in a three-dimensicnal bed system.
Now considering the experimental results, the height 7 may be related

to the orifice Spacing S5 and gas flow U by:

] U
é - 4 (-IS_‘J) (5.8)

(i) Orifices with square-pitch arrangement

As may b2 seen from the photographs, at higher fluidizing rates the
curve bordering the stagnant sones is almost a parabola. At lower
fluidizing rates the heaps take the form of a pyramid. To simplify the
calculations we may assume that each stagnant heap is a pyramid having a

base area 52 and volume

4 3 .
or Vo= . 5 (”U“) s (5.9)
where U is the volume of a heap of defluidized solids stagnating on a
n

square accommodating the n-th orifice. If N = total number of orifices

on the distributor, then the total volume of defluidized solids stagnating

on the distributor plate is N
= \ (5.10)
v A
n=1
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u
_ 4 3 mf
or V=g N ST () (5.11)
If D is the distributor (or column) diameter, then
2
jij D
N=7% . 5 (5.12)
S
Combining (5,11) and (5.12), we obtain
u
T 2 mf
V=0t s (g (5.13)
Therefore, the total mass of defluidized particles settling on the
distributor is given by
= - 14
mo=pe (1 e ).V, (5.14)
u
g 2 mi
o p - a—
ms 3 ° S. (]— emf‘).D aSo ( U ) (5.15)

which shows that the amount of defluidized solids is a function of bed
diameter, orifice spacing, and gas flow rate.

(ii) Orifices with triangular-pitch arrangement

For a triangular pitch, the base area of the defluidized heap of

solids is-% . 52V 3, and therefore its volume 1is

(5.16)

where V is the volume of a heap of defluidized solids stagnating on a
n ' - .

triangle accommodating the n-th orifice. Ffor N orifices, the total

volume of defluidized solids on the distributor plate is

U
]
3w, S0, (5 (5.17)

<
i1

m | D2
But we have N= = .75 (5.18)

Combining (5.17) and (5.18), we get
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. 2 mf
Vo= .00 s () (5.19)
and m = L R (l - e ) 02, S (.__U[.nf.
s 3P wple Dr 8o () (5.20)

It can be seen that expressions(5.15) and (5.20) are identical confirming
that the amount of defluidized solid stagnating on the distributor plate

and in betuween the orifices is independent of the type of orifices pitch

5.9.2. Calculation of Height of Defluidized Zone at the

Angle of Repose

As already pointed out, solids settle in advance at the angle

of repose (zone I). As this zone is a constant feature in the system it

is of interest to relate its extent to the height Z. The slope of the
surface of the defluidized zones to the horizontal can exceed the angle

of repose only under conditions when the hydrostatic pressure of the flui-
dized bed is greater or at least equal to the pressure acting from within
the defluidized zone. This in effect will prevent particles from rolling
down and being swept into the fluidized bed. Thus solid particles at

the boundary of the stagnant zone undergo pressure from both sides and

under steady conditions these pressures are equal,

In the present work no attempts have been made to reach the angle of
repose due to the considerable pressure drop in the system caused by the
higher gas rates required°‘

Consider Figure (5.3), the height of the defluidized zone at the
angle of repose of solid particles is given by

1
ZR =5 S. taneR (5.21)

where 9R is the angle of repose of solid particles. Combining (5.8) and

(5.21) we have
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L 8 Umf
7 - - (=) (5.22)

tam@R

and the gas flow rate necessary to reduce the height Z to ZR is

8

U = .
tangR : Umﬁ (5.23)

Since for most solids BR is around 400, therefore the superficial
gas velocity necessary to reduce Z to the angle of repose should be at

least 8 times U _.
. mf

5.9.3%., Prediction of Performance of Multi-Orifice Distributors

This follows from the earlier discussion presented in Chapter
One concerning the theory Of Fakhimi and Harrison(64) with respect to
multi-orifice distributor design. These authors have derived a theory
for predicting the number of oper;tive orifices n on a multi-orifice

distributor as a fraction of the total number of orifices N supported

by experimental work on sand particles only (see Chapter One), i.e.

U
(o - 1)
N = - 0s . 2 3 e
- (e Qe \"TT 7 /e —‘Z 2—1
[1 + 0.727.(1 emf) 9 (pf°uéf) ! ]

Here Z is the height above the distributor for which the defluidized

region extends and above which the superficial velocity U may be con-

The height Z is related to the orifice spacing

U .
7 =4 5.(-%£) has been obtained

sidered as uniform,

and the gas velocity and the relaticnship

from the present work for different solid systems. Fakhimi and Harrison

%.85 in the ebove model, i.e. for a given solid-distributor

o
6]
Q
o
~N
1

system Z has been treated as a constant in their model, hence giving a

U
linear relationship between (%) and (——) . Results from the present work
mf

an (UE—) and the possible reason

n
indicate a non-linear dependence of (ﬁ) -
m
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is that 7 was varyi ith . . .
? s varying with gas flow rate, i.e. for a given solid-

distributor system 7 = f(! . . . Ca .
2 ystem Z = f(U). Their expression is then modified, in the

light of experimentsl evidence indicated by our results, viz

U
(D‘—* - 1)
n £
N = - (5.25)
1+ 0.727(1 Os : Unry7E
+ (-3 - - L t——— —
em’r‘)ﬁg'(pflu2 ) (4.5 )} 1
mf

The purpese of the following work is to examine the applicability of
the above models with regard to different solids, as the work of Fakhimi
and Harrison was confined te sand particles only.

The expcriments were carried out in a two-dimensional column similar
to that slready described. The characteristics of the solids used are
given in Tahle (5.2): these consisted of particles having different
shapes and densities., Following the same experimental procedure zs that
described by Fakhimi and Harrison(64), the fracticn of operative orifices

. .. on . .
on the distributor = as a function of gas flow rate was obtained. The

i
experimental results are presented in Tables (5.6) - (5.8), Plots of
(ﬁ) US.(UHM - 1) obtained from these results are compared with the theore-
mf

tical models (i.e.equations (5.24) and (5.25) in Figures (5.12) ~ (5.14).

As shown in the plots, the experimental points show a non-linear re-

lationship between (%) and (UQM - 1)yi.e. in accord with the modification
mf
introduced to the original mordel, A study of Figure (5.14) shows that

with cracking catalyst (having very low Umf) the deviation between experi-

ments and (5.74) is caonsiderable. Unlike the other solids, the points are

scattered and Figure (5.14) clearly demonstrates the repeatebility of the

resulte, the experimental results show closer agreement with the modified

model than with (5_24)D 1t seems clear that this might arise from the

fact that cracking catalyst is difficult to defluidize due to thes greater
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mobility which usually obtained with small particles, and this probably
caused Z to decrease very rapidly over the range of gas flows,

In Chapter One we have pointed out thé peculiar behaviour found with
cracking catalyst and in particular with tge unsieved catalyst. In con-
clusion some doubt may be felt over this theory with respect to its appli-
cation to solids with low Umf’ but the matger still reméins to be clari-

fied, 1In fact (5.25) was relied on in predicting the performance of

multi-orifice distributors encountered throughout the work of this thesis.

5,9.4. Distributor Design Variables and Jet Interaction

With multi-orifice distributors and similar devices, adjacent
jets issuing vertically through the fluidized bed tend to interact with
each other at a certain gas velocity for a given orifice spacing. Visual
observations have indicated that jet interaction often leads to larger
bubbles and these may coalesce further up the bed, eventually farming
slugs. This, of course, is undesirable and can lead to unstable operation
of the fluidized bed. The height above which jet interaction occurs is
largely governed by the orifice spacing. For example, a small orifice
spacing causes neighbouring jets to intersectone another at smaller heights
above the distributor with gas velocity not much above Umf‘

Little work has been done on this problem previously. As already
indicated in Chapter One,Zenz(?U) made a study of single vertical jets
issuing into a two-dimensional bed of cracking catalyst, As a first
approximation, to provide a basié for calculating the orifice spacing in

an industrial distributor, he measured the penetration by visual obser-

vation and found the following relationship
- 5.26
P 2 Dy ( )

where p, is the penetration depth and Dp is the bubble diameter re-
J

presenting the penetration volume.,
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In order to avoid premature bubble growth, he suggested a minimum

orifice spacing given by

3
Smin = 4¢P (5.,27)

Here Dj is not necessarily the height where the boundaries of neighbour-
ing jets intersect one another. From our visual observations, jet inter-

section occurs at heights much greater than that predicted by (5.27).

Theoretical Analysis

The purpose of the following analysis is to determine the height
where the boundaries of adjacent jets intersect one another and this will
be related to the design variables of the distributor. With the aid of
concepts on tne stability of a submerged round fluid jet abave a single
orifice in the distributor and from a balance of the flow of momentum we
shall determine the maximum volume concentration of solid particles which
either remain in the same position or are carried off in the direction of

flow of the fluide This limiting concentration is that which can be

attained in the effective volume of the jet without destroying its stabi-
lity, Abramovich(94) analysed a two-phase jet in air by assuming that
. f—o

the motion of admixed particles approximated/the local air velocity, and

that the solid concentration in a transverse cross-section of the jet was

similar to the temperature profile in a jet of non-uniform temperature.

Abramovich's analysis applies to small liquid droplets and dust in a jet,

where the relative velocities between gas and particles are assumed to bhe
negligible. He also assumed that, even if the particles were initially
at rest in the jet stream, they would be instantaneously accelerated to

the local gas velocitye This is not the situation in a fluidized bed,

because solid particles are large in comparison; those swept into the

jet region are accelerated from rest in the gas stream, and whether their

velocities can ever reach the local ges velocity will depend on their
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size and density. However, the analysis to be pursued here will be based

on Abramovich's work, but some simplifying assumptions are necessary.

Now consider a multi-orifice distributor having orifices of constant
diameter Do and centre-to~centre orifice spacing S, The arrangement of
the orifices is arbitrary (square or triangular). Slotted distributors
giving vertical jets can also be considered, but other types of distri-
butors giving horizontal jets are excluded (e.g. bubble caps), The
fractional free area of the distributor plate ¢is taken as small. The
fluid of density ef pf is assumed to be incompressible and the flow 1is
isothermal and uniformly distributed across the distributor. It may be
assumed that at the surface of the orifice the fluid velocity UO is con-
stant. The solid particles of density p, are of uniform size and shape,
It will be assumed that their volume is negligible in comparison with the
effective volume of the jet, It is further assumed that all particles in

the fluidized bed which have entered the jet region above the orifice
either remain in their position or are carried out in the direction of
flow, At the distance Zj above the distributor plate, where the boundar-
ies of adjacent jets intersect one another, the velocity of solid particles
in the jet is zero.

Consider Figure (5.15), and under these assumptions make a balance of
flow of momentum in the jet in the direction of flow of fluid, between the
plane of afea ag at the surface of the orifice and by the plane perpen-
dicular to the axis of flo@ in the jet and limited by the jet boundary at

the distance Z. above the distributor. Then
J

U, a_ = (1 - ej). v, 9.(p, - pg) (5.28)

Pee"o o s

Uhere \/j is the effective volume of the jet, ej is the average maximum

voidage of solid particles in the jet and (1 - ej) is the maximum volume

concentration of particles contained in the effective volume of the jet,
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In view of the assumed small free area ¢ of the distributor, we

have neglected in (5.28) the flow of momentum in the jet at the distance

Zj from the distributor, further we have neglected the loss of momentum
in . ’

due to changes e# momentum of the solid particles and fluid, and the

additional turbulence due to the presence of solid particles and their

collisions,

Calculation of \/j

From Figure (5.15), if the angle of the jet is considered constant,

then it can be shown that

V. = .g:. n (Z ._Z.J&J_ ) 52 i ™ (_Z_JEP_ ) D (5 '30)
j5E Ny tS D T34t Vs op e .
o 0
Simplifying (5.,30), we have
l m San 2\
Uj =T e g Zj ( T DO) (5.31)

Now using (5.31) in (5.28) and considering that for gas-solid systems

Py :2> Pe s we obtain

2
, Df. UD. a,
i (27 -1
1T (160 o P g (5.32)
) (=) -1
D
)
For sguare-pitch arrangement, we have
D2
b = ~. —= (5.33)
B ¢ 2 .
4 S
Also, we have
il 2
=7 5034
U= Uo°¢ and & = e DO ( )
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5.34) in (5.32) simplify and rearrange, we have

0 2
f'U

N 3& (5.35)

2
+(1-e ). [ ¢ tYe ¢ Y. %},ps.g

Thus (5.35) relates, for a three-dimensional bed system, the height Zj

at which adjacent jets interséct one another to the plate characteristics,
solid and gas properties and the gas flouw rateo' It also shows the concit-
ions under which the volume concentration (1 - ej) of particles in the
effective volume of the jet above the distributor of a fluidized bed will
attain its maximum value. It should be noted that Zj for a triangular

pitch arrangement of orifices is also given by (5.35)

Unforturately, knowledge of (1 - ej) is not available and its esti-
mation is rather difficult due to the complexity of the situation. Another
problem encountered in this study is the difficulty in locating visually
(using the two-dimensional column) the height Zj’ because of the uncertain-
ty of jet interactlon. Values of Zj as a function of orifice spacing for
the distributors used are plotted in Figure (5.16) and this may be demon-
strative of the reproducibility of the results. Nevertheless, from these

preliminary observations we find

= 4,4 - 5,7 (5.36)

U‘)LI\I

when experimenting with (281 /) graded Diakon. (With this material (Perspex)

clearer vision of jets has been obtained compared with other solids),

Fquation (5.36) implies that for a given orifice spacing there exists a
definite height above the distributor at which jets intersect one another

and this intersection takes place at a certain gas flow rate. It should be

noted that Z. is always greater than 7, the height of the defluidized heaps
J
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stagnating on the distributor plate. However, for smaller values of S,

the gas flow rate needed for jet intersection is equal to or little above

Umf and in this case Zj would approach 7,

If it is required that the distributor should not cause irregular
behaviour in the fluidized bed over the entire range of concentration,

i.e. not even alt the point of incipient fluidization U when the voidage
m

f
of spherical particles is approximately 0.40 (see Chapter Two), we have

for the height Zj the relation

Pl
Z, = (5.37)
1 3n

0,2 {¢/2 +Y* 0 +Y.¢].ps-g

With the aid of (5.36) and (5.37), it is possible to estimate the
design parameters for a multi-orifice distributor able to avoid irregua-
rities at incipient fluidization.

It should be realised that the complexity of the problem has forced a
number of drastic assumptions to be made. The purpose of the above
analysis can be accomplished if the problem is pursued more rigorously
and this, of course, requires a separate study. Investigatidn of this
problem together with study on the nature of voidage in the effective
volume of the fluid jet above the orifice would be useful subjects for

future research and would give results of design interest.
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CONCIUSTONS

1. The study of this chapter has shown that the amount of defluidized
particles stagnating on the distributor plate is influenced by the orifice
spacing, column diameter, gas flow rate and incipient fluidizing velocity
of the solid particles, but independent of the Ditéh arrangement of the
orifices. The experimental results agree only qualitatively with Fakhimi's
model(74), but in excellent agreement with his experiments.

The experimental results indicate that the minimum gas flow rate
necessary to reduce the height of the defluidized zones to the angle of

repose ol solid particles should be at least 8 times U £
m

2. In the light of the experimental evidence it is suggested that the
theory of Fakhimi and Harrison(64) for predicting the performance of
multi-orifice distributors might break down with solids having lo@ Umf
values (e.qg. cracking catalyst). A modification to the original model

has been proposed and this modification has resulted in closer agreement

with experiments.

3o A simple relationship has been derived for predicting the conditicns
under which adjacent fluid jets issuing verticslly through a fluidized

hed interact with each other, anc this has been considered in particular

with regard to distributor design. The conclusions which can be drauwn
from the analysis are qualitative in natures This follows from the fact
that na information is aﬁailable sbout the nature of the voidage within
the fluid jet above the orifice. It is therefore, suggested that this

subject is a useful field for further research.

4o Judging from our obeervations, the fluidized bed in the region
closz to the distributor surface or close to an obstacle placed in the

bed should not be treated as an ideal inviscid fluid for its analysis

but as @ more complex systems
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FLOWUBACK OF SOLTD PARTICLES ACRDSS THE DISTRIBUTOR PLATE

6.1 Introduction

The study presented in this chapter is concerned with a phenomenon
that occurs at perforate distributors of gas fluidized beds, namely the
flowback (or leakage) of solid particles through the distributor orifices
into the wind box. This flowback can easily be ohserved with multi-
orifice distributors where it has been reported even at average orifice
velocities one hundred times greater than the particle free fall velocity
(15), Excessive flowback of solids quite often results in the destruction
of the distributor, especially when the fluidized bed is a catalytic
reactor, for the following reasons:

1. Particle recntrainment at high velocity into the fluidized bed causes
erésion of the distributor orifices.

2. If an exothermic reaction is cérried out in the bed, the reaction
will start inside the wind box due to the presence of catalyst particles
under the distributor plate and submit the distributor to temperatures
for which it has not been designed. The presence of solids below the
distributor implies that some of the catalyst particles are unavailable
for reaction in the bed.

Despite its adverse offects on fluidized bed reactors, flowback is
actually required during the operation of multi-stage systems where
multi-orifice plates act both as gas distributors and downcomers.
nding of flowback behaviour is vitally important for the

An understa

rational design of fluidized beds. As noted by Gregory(2), flowback

of particles through the distributor in gas fluidized beds has not been

studied theoretically. To date, only little work has been reported,

and more systematic work remains to be done. for this reason, the

present study has been undertaken.
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6.2 Previous Uork

«

Information on flowback derived partly from the patent literature

and partly from reported investigations can be found in the literature
survey presented in Chepter 1. Gregory(2) stated the problem and gave
two curves of distributor flowback plotted against the fluidizing velocity.
He postulated that surges associated with bubble growth and activity may
be significant in influencing flowback. The present author(77) has also
carried out preliminary investigations on solids flowback through multi-
orifice distributors. The distributors were constructed from Perspex
plates and silver sand (irregular) was used as the fluidized solid,
However, blockage of some of the orifices with sand particles during
operation led to some difficulties and made the interpretation of the
experimental results rather ambiguous. But nonetheless, the study gave
an insight to the‘important variables in the praoblem,

Recent work by Serviant et al.(76) on flowback through orifices in
gas fluidized beds revealed two different types of flowback: dumping and
weeping. Dumping is a phenomenon associated with low gas flow rates
causing particles to fall through the entire area of the orifice, WUhereas
weeping is associated with high gas flou rates causing particles to fall
by the periphery of the orifice. Ueeping and dumping are phenomena
observed with sieve trays in distillation columns, and, since the incip-
iently fluidized bed behaves SO quch like an inviscid liquid, it seems
e rate of flowback of solid particles through

reasonable to suppose that th

the orifices of the distributor should occur in the same way as for

liquid en sieve trays. However, the analogy between gas-solid systems

and gas-1liguid systems may not be justified for reasons stated in Chapter

1, We may nevertheless gain some partial insight into the likely

behaviour by considering the analogye. Unfortunately the work of Serviant

et al.(76) has been confined mainly to plates with single orifices with
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little work done on multi-orifice distributors using one solid only

(i.e. unsieved cracking catalyst)., It should be noted that data obtained
from a single-orifice experiments cannot be used to interpret the
behaviour of a multi-orifice distributor. As the ﬁresent work shows,
maldistribution of the gas flow through the distributor which usually
occurs in practice may cause the Flowback Behaviour of an orifice on a
multi-orifice distributor to be different from that with single-orifice

distributor,

In a closely related problem, Bulove and Tyuryaev(110) have given
two design equations to compute solids flowback through perforated
baffles. Baffles are used in staging fluidized beds and differ from
distribution plates mainly because of higher valuos of their relative
free areas, ¢ (Bulove and Tyuryaev studied baffles with values of ¢ as
high as 16%). The free areas of commercial distributors hardly exceed

4% otherwise proper fluidization cannot be achieved.

In this study we consider the flowback behaviour of multi-orifice
distributors in more detail. plates having single orifice and distri-

butors equipped with long cylindrical nozzles are also included in the
studye.

The distributor design variables under consideration in this study

are: the distributor plate characteristics ¢ (or fractional free area),

orifice diameter D_ and spacing S, distributor thickness or nozzle length
o

9 and wind box volume Uw'

The following work consists of two types of investigations:

1. Investigation of solids flowback across the distributor plate under

free-flow conditions (i.e. gravity flow), without gas being blouwn into

the bed (i.e. U = 0).

2 Investigation of solids flowback through the distributor plate



under fluidized conditions (i.e, U'ZrUmf), and this can be divided into

.

two types of investigations:

(a) Determination of the limiting gas velocity UQO (in the distributor
orifices) at which the particles cease entirely to fall through the
orifices (i.e. weep point).

(b) Detevmination of solids flouwback through the distributor plate over
the entire range of fluidizing velocities from U = U to U = UL »

mf

where UZ is the limiting superficial velocity of gas.,
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6,3 Flowback Through the Distributor Under Free-Flow

Conditions (Gravity Flouw)

Numerous equations have been published for the gravity flow of
solids through circular orifices. The summary of some of these can be
found in a short review paper by Pilpel(111l) who classifies them into
(a) empirical equations (b) those derived from dimensional analysis and
(c) those derived from theoretical analyses based on analogies with
fluids, Empirical equations usually take the form W = pB.Dg.f(DP),
where n varies betuween 2.5 and 3 and PR is the bulk density of solids
in the bed. Instead of DD the so-called effective diameter (Do—l.S DP)
is sometimes used as well as (D - k)swhere k is a factor depends upon
the size and shape o the solid particles. 1In general these empirical
relationships imply some analogy witn fluid flow either through orifices

or over weirs, Empirical equations such as that of Gregory(53):

W = 0,278 DO2'5 (6.1)

which is related to stick-slip downflow of solid particles in pipes.
Gregory(53) also suggested some rules for the flow of particulate solids
in pipes.

Beverloo et al.(112) published for the flow of granular solids

through circular orifices, the following equation:
2.5

- / - : 6.2

W= 35 P V8- (DO 1.4 DP) ( )

Using the effective hydraulic diameter De so that De = DO - 1.4 Dp

and the effective orifice area A_ calculated from D_, (6.2) can be

replaced by the eguation

(6.3)
W= 45 pge Ay VRN :

some workers have included the bed height in their correlations,
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for example Newton et al,(113) found

LU - 2]3 D02096. HD.04 ‘ (6.4)

where H is the height of the bed of solidsﬂstanding>aboue the orifice.
However, the influence of bed height is usually negligible when it is
higher than several times Do' This is because friction between particles
prevents the transmission of pressure forces. Unlike a liquid where

the rate of discharge varies as the square root of the height of ligquid
standing above the orifice (proporticnal to the pressure). Also the
flﬁid~flow analogy is only valid to any extent when the particles are
fluidized, i.e. when the particles are no longer in contact with each
other., It was ascertained in this study that the discharge rate of

solid particles under free-flow conditions was independent of bed height

with both single-orifice and multi-orifice distributors.

Dimensional analysis yields equations such as that of Jones and

Pilpel(lla) and Brown and Richards(115):

0.4
D = -Ilﬁ ( 4 W ) + k (6.5)
© 60 7.5 I8
which is of the same form as
1/n
D = A ( t W ) R (6.6)
@]
BOﬁpB.I[g‘

where A, m, n and k are 211 functions of particle size and shape.

The most satisfactory theoretical study of the problem has been

that of Brown and Richards(115) who considered the variation of the

total (potential + kinetic) energy of a granualeas it approached the

6rifice Their treatment of the problem postulated radial flow and a

: ; : f a i column in a "stream
progressive decrease of the totsl energy of & moving

tube" approaching the orifice. This led to the.minimum energy equation
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D -k
SR = 2
fu 2 sin o
g (pE
R + KE) =0 (6.7)

Where R is the radius of surface of minimum energy and o is the angle
f h (incl L

of approach (included §-angle of flow of channel). By neglecting any

change in the bulk density of the granule-fluid mixture, they were able

to show that the discharge rate could be expressed as:

b W 1 - cosao- (6.8)

i pB.Jéi(Do—k)z'S Ji'sinl'Sa

Thus, the above theory shows that the flow through a circular orifice of

diameter DD is also represented by an equation of the form:

2.5

W = constant x f(a)‘pB.(DU - k) (6.9)

Flow rates computed from (5.8) have been shown to be remarkably
accurate if the particles are coarse and in practice the only difficulty
encountered concerns the value of the angle a, if a non-mass flow
hopper is used(116).

As the particle size decreases, however, flow rates computed from
Brown and Richards' approach invariabl? exceed the experimental values,
as noted by Miles et al.(116). By considering kinetic and potential
energies Brouwn and Richards have examined the role of imertial and

gravitational forces and, in the case of coarse particles, the success of

their equation would suggest that these forces dominate when the particle

diameter is large. 1In general terms, the effects which are neglected in

the analysis may be described as fluid drag forces and interparticle

forces,

Holland et al.(117) have studied the effects of fluid drag on the

discharge of particles from orifices. They showed that fluid drag forces

become sicnificant as the particle diameter is reduced. These forces act



against the gravitational forces and thus retard the flow. Miles et al.

(116) also carried out similar studies and found that fluid drag effects
. . a

are associated withinegative pressure gradient in the orifice region

and this pressure gradient is responsible for the louwer discharge rates

obtained with fine particles.

The above analyses refer to flows through single orifices only.
From the distributor point of view it would be relevant to have a flow
equation that could be equally applied to a single orifice and a
multiplicity of adjacent orifices (i.e. a multi-orifice plate), The
free flowback of particles through multi-orifice plates has not been
studied before and it is not known whether the présence of neighbouring
orifices would cause the flow from an orifice to be different from that

in isolation,

In the present work, therefore, a study has been made of the flouw

behaviour of both single and multi-orifice plates using a variety of
solids, One objective has been to derive an equalion which can be used

to predict the flow rate through multi-orifice distributor platese.
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6.3.1 Formulation of the Proposed Equation

General consideration and analysis of experimental data
published on the gravity flow of solids through circular orifices
suggests that the rate W of free flowback of solid particles through

multi-orifice distributor plates can be expressed as:

W= f(pg, D5 N, g) . , (6.10)
where
DO = orifice diameter,
o) = acceleration due to gravity,
N = number of orifices on distributor,
Pp = Abulk density of solids.

Equation (6,10) contains four dimensional quantities and three
principal dimensionsj; by the gimilarity theory, the ngmber of dimension-
less groups determining the given effect is 4 - 3 =1, If Py s Do’ and
g are chosen as the principal quantities, equation (6.10) may be written

as

= f(N) (6.11)

vhere the left-hand side is the required dimensionless group.

Dimensional analysis gave the following values for the indicies:

a:]_, b:]_, d:D.5, ¢ = 2.5.

Therefore,

v = f(N) (6.12)

or

2 [
W= Kepp « Oge N. o 0 (6.13)

where K is a constanto
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2 4
But we have N.D = - i .
g 0 T Ao’ where Ao is the total orifice area on

the distributor, thercfore

W= Kopp. Al /e Dy (6.14)

6.5.2 Effective Orifice Area

As pointed out by previous inuestigators? the effective diameter
of the orifice is less than the actual orifice diameter D _, because of
‘ 0
the existence of an empty annulus just inside the orifice where no
particles pass or where the concentration of particles is low. Analoguus

to the expression of Beverloo et al.(112) for the flow through circular

W= Kyoopge A ‘/g(DO - BDp) g>1 (6.15)

orifices:

Where Ae = %u(Do - BDP)Q. N (the total effective area of orifices on

the distributor) and B is an empirical coefficient. Brown and Richards
(115) found that B 1is independent of the orifice size and flow rate,
varies with the particle size and other solid properties. Beverloo et al.

(112) found B = 1.4 for spherical particles. In the present work g

was determined from experiments with solids having different size and

shape and found to be approximately constant (i.e. B~ 1,42),
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6.4 Eguipment and Experimental Procedure

6.4.1 Single~Orifice Experiments

These were carried out in a cylindrical column made of Perspex,
having inside diameter of 10 cm. and 50 cm high, fitted with a base plate
of Perspex. This held a shutter and a sliding aluminium plate, 1/8"

thick, into which had been accurately drilled seven smooth orifices with

¢iameters D_ of 0,238, 0,3175, 0.4762, 0.635, 0,873, 1.1112 and 1.27 cin.

The solids used are specified in Table (2.3) (Chapter 2). These
were sand fractions, glass beads, cracking catalyst, Diakon and Coal,
411 these materials are closely graded and may be regarded as monodis-

persed particles.

Experimental procedure was as follows: known weights of particles

were placed in the column so as to give static beds of various heights.

The flow rates W in gm/min. were detecmined thrae times by collecting

the material that discharged through the orifice during a definite time,

after the flow had become steady, and weighing the guantity cecllected.

6.4.2 Multi-Orifice Experiments

For an investigation of the gravity flow of solids through

multi-orifice distributor plates use was made of two cylindrical columns

originally designed for the study of flowback under fluidized conditions.

One column was made of standard Q.V.F. glass, having inside diameter of

7.9 cm. and 60 cm. high. Tt was connected at the base to a conical

inlet, also made from Q.v.F. and had the same diameter as the column.

The second column used in the expariments was identical to that described

in Chapter 3 or 4 (i.e. @ Perspex tube of 14 cm. diameter and approxi-

mately 100 cm high). The multi-orifice distributors were made of 1/8"

thick aluminium plates, with orifices drilled either on a square-pitch

g upon the number of orifices.

or on a triangular-pitch array dependin
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The number of orifices drill W
lled on a particular plate was varied between

2 to 14 according to the orifice size (see Tables (6.4) - (6.8)).

Preliminary experiments showed that orifices had to be drilled within
0,80 diameter circle in order to eliminate the wall effects, where D is
the bed diamster,

The experimental procedure was essentially the same as that with
single-orifice experiments, However, loading the column and starting
up the experiments required a more laborious procedure owing to the
difficulty of preventing the bed from discharging into the wind box
while solids were being added., A typical run was, therefore, started
as follows: before introducing solids into the column, the discharge
exit £ (see Figure (6,1)) of the wind box was closed with a tightly
fitting rubber stcpper S. Then a gentle current of air of about 9 Cm?/
SBCa 4 regulated via needle valve V, was passed upwards through the
distributor. With this air flow, solids dischargs was effectively
prevented without fluidizing the bed. As shouwn in Figure (6.1), the
column was filled from a Hopper H through a glass stendpipe of 2 cm.
diameter, Preliminary experiments showed that the height of the bed
had no influence on the flow rate W, Therefore, the bed height selected
for the study was maintained within 50 - 60 cm, The flow rate W (gm/
min.) was measured shortly after closing the air valve and removing the
rubber bung. The measurements were repeated at least three times to be

sure of the repeatability of the results.
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6,5 Experimental Results

and Discussion

The experimental results oStained from the single-orifice studies

are presented in Tables (6.1) « (6.3), and as plots of U (flow rate) vs.
Do (square of the orifice diameter) on a log scale in Fioures (6.2) -
(6.3). The flow rates obtained with multi-orifice plates can be found
in Tables (6.4) —.(6,8), these will be dealt with later. The examples
given in Table (6.1) may be demonstrative for the repeatability of the
results. From Table (6.2) it anpears that the bed height, within the

range investigated (H = 10 - 30 cm, for a single-orifice flow), has no

influence on the flow rate W, and therefore is in agreement with those

of earlier workers.

In agreement with previous investigations it is found that WU plotted
on a log-log scale as a function of the square of the orifice diameter

2 . .
DO gives straight lines.

A dimensional analysis (refer to equation (6.14)) suggests that

for a given orifice, U should be propertional to pB' / g. D 2.5

.

@]

However, the plots shown in Figures (6.,2) - (6.3) give exponents of D,

greater than 2.5, viz:

. 3.,36
glass beads W o, Uo
3,55
sand i o DO
332
Diakon U o D0
5,28
coal W a DO
3.0
cracking catalyst U« DO

This clearly indicates the evyistence of a zone, around the edge of the

orifice, empty of solids. This zone is useless or less fit for use for
, sali i
s
flow Tte size varies with particle size but/independent of the orifice
. e ¢

I 2.5 .
diameter, so that the equation U = Kl Pge 8] '(Do - BDp) is valid,
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ever, 1t ma : ali . P .
However, .may not be valid Fol‘flne particles where the drag forces

are significant compared with the inertial and gravitational ferces.
As can he seen from above, the catalyst has, in fact, exhibiled a flow
rate lower than that of the other solids., This discrepancy is believed
to be due to the effects of fluid drag forces which become significant as
the particle size is decreased, The particle size of both grades of
catalyst used in the experiments is small in comparison with other solids,
but the most notable difference is thejr porosity, Cracking catalyst is

a porous material with pore volume about 0,68 cm3./gm., whereas other
solids are non-porous. It is not known whether its porosity has anything
to do with the drag forces. In this work no atteméts have been made to
investigate the effect of fluid drag on the flow rate. since it required

a separate study. Miles et al.(116) have discussed the effect qualitat-
ively; a guantitative treatment has just been published recently by
Holland et al.(117), However, visual observations with catalyst revealied
some intereétimg features:

1. When a batch of catalyst particles weas placed in the column, the bed
immediately became. full with air and had the property of a semi-fluidized
bed., Unlike the other solids, a metal rod met no resistance when it was
pushed down the bed (reminding of a guicksand).

2, A periodically varying flow rate and intermittent break-up of the
column of discharging catalyst from the orifice. This has been observed
particularly with larger orifices, but subsided with smaller orifices.

It was believed to be due to the effects of fluid drag which, according

to Miles et al.(116), were associated with negative pressure gradient in

the region close to the orifice. Fluid tended to flow into the bed and

this probably was responsible for the break-up of the column of dis-

. ; o PP
charging particles., Ffor larger orifices the area available was sufficient

. . ) - 1 { counterflow of air
for simultaneous discharge of solids anc .
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6.5.1 Determination of the Coefficient B

Consider the equation W g Py Jéi(Do - BDP)Q'Sfor the flouw

through a single orifice, then by plotting D vs.wm'a the value of{? can
o .

be determined from the intercept,
0.4

D vs. W s whose intercepts B.Dp, on the ordinate have heen used to

In Figure (6.4) are shown plots of

calculate B . For the catalyst, however, B has been determined by

0.5

plotting Do vs, W The reason for this can be seen from Figure (6.5).

Contrary to the indications of dimensional analysis we found that D
’ 0

) 0.4 :
plotted against U on a loq scale yields a straight line with slope

of 1.25, whereas a plot of DO VS, WU’5

yields a straight line with
slope of 1.0, This suggests that the flow of cracking catalyst through

a circular orifice of diamoter DO would follow the relationship,

W = KZ. PR Jéj -(DO - B.DP)2 5 (6.16)
rather than that derived by dimensional analysis. (This behaviour
might be assnciated with absence of a 'breaking arch' as might be expected
from the quicksand-like characteristicé.)

Applying this result to a multi-orifice plate system, we have
- 3 2 6.17)
W=X,. pge N leg (D, - B.Dp) (6.1

or

_ / (6.18)
W= K3. PR Ae' g

The values of B determined from Figure (6.4) are as follouws

glass beads B = 1.443
sand R = 1.407
Diakon B = 1.423
coal B = 1.410
cracking catalyst B = 1.408
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“CIT Al t [EESY ‘(‘30 y - | .
fer all the solids examined we can therefore assume for B an

average value of 1,42,

5
v
i

L1

It appears, therefore, from these results that the drag forces
which are considered te be of influence on the flow of catalyst have no

effect on the coefficient B .

6.5.2 Flow Through Multi-Orifice Distributor Plates

A large number of observations were made on the gravity flow
of solid particles through multi-érifice nlates. for a particular solid,
the flow was direitly proporticnal to the number of orifices N on the
distributor., The same was found with all solids investigated and the
complete results are presented in Tables (6.4) - (6.8). Suffice, therefore,
to give one example, viz of Diakon (see Figure (6.6)). It can be seen
that with orifices of the same diameter, the flow increases lincarly
with N, i.e. in gccord with equation (6.17). An interesting feature
of the results is also apparent from Figure (6.6). This shows that

orifices were discharging solids at egual rates, thus conficming that

there was little or no interference between adjacent orifices. It is

evident, therefore, that the flow rate obtained from a single-orifice

plate can be used directly to predict the flow through an array of orifices.,
The results obtained from multi-orifice plates have been finally

correlated as shown in Figure (6.7). Results from single-orifice studies

are a2lso included in the correlations.

As shown in Figure (6.7), two sets of results have been correlated

individually: (i) by plotting U vs. Pp . A /E(DO - 1,42 Dp) in the

way suggested by eguation (6,15) for the non-porous (or coarse) particles,

and (ii) by means of equation (6.18) as a plot of W wvs. pB'Ae v 9

for the porous (or fine) particles, i.e. the catalyst. In each case a

straight 1ine correlation is obtained, anc the best lines drawn through




the points are those obtained by method of "least souares" For the
< suLUudl'es ¢

latter purpose, a computer library subroutine available from the

University Computing Centre was used. The equations of the best lines

are
W = 47 . f - P T 59 ;
P Ae. \ g(DO 1.42 DP) + 5% (gm./min.) (6.19)
W= 123 Pg- Ay Ve ¥ 4% (gm./min.) (6.20)
Uhe A= T -1.42D)°
e . ;- (D, = L2 D)%, N

It seems remarkable from the above eqguations that the particle
shape appears to be of no significance. However, the influence of the
shape factor finds expressions more or less in the values of both PR and

D so that it is admissible to drop the shape factor.

p’

A comparison of our equation W :'u7ioB. Ae. V/g . (DO - 1.42 DP)

with that inferred by Beverloo et al.(112)(i.e. W = U5 pu.A_ /g,(DO—]_,L;QDP)
shows that the two correlations are remarkably close, noting that
Beverloo's work was based on large spherical particles (i.e. a number of
seeds) with pé sbout 0.7, From this we may concluce that our corre-

lation can be used to predict the free flowback of coarse particles and

is equally valid for both single and multi-orifice systems.

o i a a1c) zrive y el
Unfortunately, thes second correlation has been derived from results

obtained with cracking catalyst only where the influence of fluid drag

is believed to be significant. Therefore it is hoped that future

research in this field may add further support to the correlation.
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6.6 Flowback of Solids Through the Distributor Under Fluidized

Bed Conditians

The objective of the following work is to obtain more extensive
data on flowback of particles in gas fluidized beds and in particular to

determine the conditions under which flowback of solids is completely

excluded.

In this work, the flowback of solids through single and multi-
orifice distributor plates hés been.investigated in two-dimensional and
cylindrical beds of solids fluidized with air.' Single and multi-nozzle
distributors have also been included in the study. The two-dimensional
bed has been used mainly for the experiments with single-orifice plates.
The initial DbjectiQe was to obtain visual observations of the flowback
hehaviour of the orifice. However, some experiments have also been

conducted in the cylindrical column so that a comparison with the two-

dimensional column can be made.

6.7 Equipment and Experimental Procedure

6.7.1 The Cylindrical Beds

Two cylindrical columns were employed in the experiments:
1. A 7.9 cm. diameter Q.V.F. glass column and about 80 cm. high was
used in most of the experiments involving multi-orifice and multi-nozzle

distributors. This was connected at the hase to a conical inlet (wind

box) also made of Q.V.F. glass and nhad the same diameter as the column.

Between the wind box and the column, the metal distributor was tightly

bolted with the steel flanges. Above the column was an expansion section

about 14 cm. diameter to minimize particle entrainment. Pressure tappings

consisted of three boles at 120 deg. to each other uwere drilled on the

glass walls below the distributor. Short pieces of 3/32" I.D. stainless
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steel tubing were glued into each of these tappings and then covered
with a patch of 350 mesh stainless steel gauze to prevent particles

entering the tappings. These tappings enabled the wind box pressure
to be determined. The wind box volume was approximately 2 x lecmj.

It is to be noted that use of this column has already been made in
the previous section with experiments concerning the free flowback of
solids across multi-orifice distributors. Figure (6.8) shows a schematic
illustration of the present arrangement of the column.

As shown in Figure (6.8), particles falling back through the
distributor were contiﬁuously collected from the bottom of the wind box
in a detachable vessel, With this arrangement, it was possible to make

several samplings within a run without the likelihood of the wind box

pressure altering.

2. The second cylindrical bed used in the experiments was a Perspex

tube 14 cm. diaméter and 120 cm. high This was, in fact, the same
column used in the experiments of Chapters 3 and 4, but they differed
only in their respective heights. Here, for example, a taller column
was used in order to obtain enough disengaging height.

This column was used to supplement studies made with the two-
dimensional bed. This enabled the use of bigger distributor loadings,

i.e. it was possible to investigate beds as high as 110 cm.

Unsieved cracking catalyst (size range 20 - 150 u) was the only

material available in bulk quantities and suitable for this type of

study. When this was fluidized, its fine particles formed a cloud of

dust which discharged from the top of the column and created problems

in the laboratory.

These undesirable conditions were overcome by connecting two Q.V.F.

cyclones (meant for vapour geparation) in series with the top exit of

the column Then, by fluidizing the catalyst for about 1/7 hour at

gr
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10 - 15 cm./sec. air superficial velocity, most of the dust was allowed

to be carried away by the cyclones‘ Because the catalyst théh‘lost

some of its original volume, its size distribution in the experiments

was somewhat different from the one specified in Appendix A2; However,
the amount of catalyst lost was very small relative to that in the column.
Therefore, no size distribution determination of the treated material

was made.

Particles falling back through the distributor plate were collected
at the bottom of the wind box as with the smaller diameter column.
Figure (6.8) a2lso shows a schematic diagram of the arrangement of

the column described above.

6.7.2 The Two-Dimensional Bed

This was identical to ?hat already used in the investigation
iof defluidized zones (Chapter 5). It was used primarily for the
experiments with single-orifice pla£es. No expansion section was
installed, but a nylon filter cloth was clamped on the top cross-section

of the column to prevent particle entrainment which was apparent only

with unsieved cracking catalyst.

6.7.3 The Distributors

A large number of multi-orifice and multi-nozzle distributor

plates were used in the experiments. Table (6.9) gives details of the

various distributors (including single-orifice and single-nozzle plates)

used The multi-orifice distributors were made from aluminium plates
L]

with orifices arranged on either 8 triangular-pitch or a square-pitch

array. The centre-to-centre orifice spacing and orifice diameter were
variables,

By stopping up orifices with plasticine, the number of open orifices
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n a particular plate { : -
0 pa lar g could be reduced as desired. This, of course,

entailed a change in the orifice spacing and the relative free area.

thus a variety of distributor geometries was obtained. Some plates had

orifices positioned at the same diameter to pitch ratio, thus keeping

the plate free area constant for plates with different sizes of orifices.
The values of the relative free area ¢ used in the experiments

were between 0.5 - 5%, These values of ¢ spanned the range used in
industrial distributors., The plate thickness was varied between 0.082 cnm.
(32 Thou) and 1,27 cm. It was felt that with higher plate thicknesses

the orifices drilled were not smooth, particularly with small orifice
diameters. Consequently, multi-nozzle distributor plates equipped with
cylindrical nozzles were infroduced to overcome the above difficulties

as well as to obtain deeper orifices. These were built by filting
stainless tubes into the orifices of a 1/8" thick aluminium plates, for
example a 1/4" outside diameter nozzle was inserted into a 1/4" diameter
orifice, The length éf the nozzles was varied between 2 cm, and 18 cm.

For single-nozzle experiments, the length was varied between 1.3 am,

and 10 cm.

6.7.4 The Secondary Distributors

In single-orifice experiments secondary air distributors had

to be used to keep the bed well fluidized. Views of these distributors

are shown in Figure (6.9). In the two-dimensional bed, two manifolds

were placed on each side of the orifice. In the cylindrical bed

(14 cm. diameter), an annular distributor was designed to rest on a single-

orifice distributor plate. The annular distributor was made from tuwo

interconnected circles of 127 cme. outside diameter copper tubing having

16 x 1 mm diameter equally spaced orifices drilled on the underside to

prevent blockages with particles.

A
3
i




6.7.5 Varying the Wind Box Volume

In order to investigate the effect of the wind box volume on
solids flowback a 30.5 cm. (12") Q.V.F. glass column was built in sections.
These consisted of a conical (or bottom) section and three lengths of
pipe sections, each 30.5 cm.(12") long. When these were assembled
together, a wind box volume approximately 86.1 x 1030m3 was obtained.

By mounting the fluidized bed at different levels in the column (see

Figure (6.10)), four wind box volumes could be obtained as follows:

Wind Box Volume, Cm?

le = conical section alone 19,2 x 103
%32 = le + a 12" long pipe section AlfS X lEl“S
. . 3

— n ~
%n3 = \](l02 + a 12" long pipe section 6§f8 x 10
3
! — 1 S - 3
HDH_ = Uw3 + a 12" long pipe section  86.1 x 10

The wind box volume may be defined as the volume between the distributor
and that first point in the fluidizing gas supply stream where there is
a very large pressure drop. In our work, this point occurs at the

needle valve placed normally before the wind box.

6.7.6 The Fluidizing Gas

The fluidizing gas was air taken from an 80 p.s.1.g. main,

reduced to 20 p.s.i.g. via a pressure reducing valve and fed into an

inlet manifold which supplied a bank of variable area flow meters.

The outlet manifold was connected via a valve to the wind hox of the

fluidized bed under study. The flow meters were d range of calibrated

metric type rotameters, tuo of which were of the precision type and

suitable for small flow rates. Wwith this set of rotamete?s it was

possible: to méter flows between 0.6 - 200 litre/min.(rotameters for

metering flows up to 360 1itre/min. were also used, but only with
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experiments concerning the flow through distributors with long nozzles)
The flow to each flowmeter was finely controlled by its own needle valve

shich also served to isolate any meter not in use.

In the single-orifice experiments, tﬁe secondary distributor was
fed separately from a smell compressor capable of deliverjing about 70
litre/min. This uas intended to avoid intéraction between the primary
and secondary air flows. The air pressure from the compressor uwas
reqgulated by a Negretti and Zambra controller which damped out all
noticeable fluctuations in the flow. After the controller there was a
variable bleed to atmosphere and then a mercury manometer, then came the

secondary distributor.

In the determination of the iimiting gas velocity at which solids
ceased entirely to fall thyough the orifices, as well as air three
additional gases uwere used. These werz compressed carbon dioxide,
helium and Arcton 12 (CCQQF2) supplied from high pressure cylinders.
The rotameters used to meter the flow of these gases uere calibrated
according to'propedure stated in the manufacturer's manual, The
calibration procedure along with the calibration charts can be found
in Appendix Ab.

Figures (6.11) - (6.13) are photographs showing the general

arrangement of the experimental equipment including some of the

different distributors used.

e
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6.8 Particles

6.8.1 Required Particle Properties

Shape: (Orifices are more liable to blockage with sharp

particles than with rounded particles. In general irreqgularly shaped

particles are less free-flowing and less fluidizable than rounded particles.
Therefore rounded or spherical particles were preferred for ease of

fluidization and correlation.

Size: The particle size is normally chosen according to the
size of the orifice. It is recommended(31) that the orifice size should
be at least ten times greater than the mean particle diameter, if blockage

is to be avoided. In our experiments, the distributors had orifices at

least an order of magnitude larger than the mean particle diameter of

any of the solids used. Thus blockage was effectively eliminated.

Preliminary experiments showed that build-up of static charges in the

bed increased with increasing particle size. Thus from this point of

PR s ckiiabsin

L view smaller particles were also preferred.

% Uniformity of Size: It is inevitable that solids with wide

size range tend to segregate on fluidization. Consequently, particles

falling through the distributor plate may not be representative of those

actually in the bed. Therefore, it was necessary to work with as small

a SiZ; range of particles as possible, in the attempt to reduce to a

minimum the error in measuring flouwbacke.

Materials with a louw density were preferred due to

E the fact that these would require lower gas rates than high density

particles for exploring the entire range of fluidizing velocities.

Also, pressure drop 1imitations in the system would not allouw the use

of high gas rates and from this point of vieuw dense particles were not

preferred.




Llectrical Propert%esg In this particular study, static
charges are very undesirable, The build-up of static electricity in
the bed encourages segregation and can result in blockage of the
distributor orifices. The humidification of the fluidizing gas does
not solve the problem entirely, but nevertheless, it can reduce static
effects to a certain extent as observed with experiments of Chapters 3
and 5. Therefore, in using non-conducting particles those of high

surface conductivity particles are preferable (i.e. those with low di-

e%ectric constant), since they are less likely to give up static charges.

All metallic surfaces were earthed (e.q. steel flanges and distri-

butors) as an extra measure to reduce static effects in the bed.

6£.8.2. Choice of Particles

1. Glass Spheres: These were available in small size and close

cuts with densities ranging between 2.70 - 2.95 gm./cmz. The advantage
of the small size available and the spherical shape of the particles
was outweighed by the ease with which the particles became charged.

Consequently, few experiments were carried out with it.

2. Sand: Tuwo types of sand particles were available: silver
sand and rounded sand wiﬁh density about 2.64 gm./omz. Silver sand
(sharp) was avoided because of the ease with which the orifices became
blocked. Previous work(77) in this field also emphasize on the un-
desirable characteristics of silver sand. Rounded sand showed no tehdency
to stick or block up the distributor, and therefore experiments were
carried out with it.

3. Coal: This was used with size range'75 - 150 iy (mean
particle diameter 128 H ), and particle density 1,35 gm./cmz, Larger

particles were also used, but only with experiments concernlng the

. P—
T I Y




limiting velocities. The advantage of the low density was outuweighed
by the irregular shape of the particles. However, with fine coal
(128 y; ) orifices showed no tendency towards blockage and values of

flowback rate were reproducible to within + 5%.

4. Cracking Catalyst (Synclyst - 13% Alumina): This was the

mcst attractive material found among all solids tested. Its advantages

were that:

(i) Particles had their COTOG?SAPDUndBd.

(ii) It was easy to sieve, i.e. no sticking or agglqmeraﬁion.
(iii) It had a low particle density of about 0.90 gm./cms.
v(iv) Its diele;tric constant was low in comparison with other solids,
i.e. it exhibited considerébly less static effects in the bed in
comparison with other solids. )

Therefore, due to the characteristics of this material, most of the

experiments were carried out with it.

5. Others: Other materials such as diakon (Perspex) and
fire brick were also available as low density solids. However, both

had disadvantages which made them far from ideal materials for studying

flowback,

Details of particles used in the experiments are specified in

Table (2.3) (Chapter 2).
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6.9 Variables Studied

6.9.1 Operating Variables

From flow meter readings the time average orifice velocity UO
and superficial velocity U (based on bed cross~sectiqn) were calculated
in cm./sec. at the pressure just above the distributor. As shown in
Chapter 3, the pressure immediately above the distributor piate is
practically equal to the weight of the bed divided by its cross—sectiohal

2

area. This, in fact, is equivalent to the distributor loading (gm/cm”.)

which also determined the bed height.

For a given distributor design the settings of these variables
determine the flowback of solid particles tihrough the distributor plate.

No hysteresis effect was discernible in the flowback curves,

6.9.2 Distributor Design Variables

Other parameters are known to have an effect on flowback.
Among the parameters related to design of & distributor plate, the
relative free area ¢ , the orifice diameter Do’ the plate thickness or

length of the nozzles & , and the orifice spacing S were studied.

The effect of the wind box volume w» was also considered.

T




6.10 Experimental Procedure

6.10.1 Measurement of Flowback

Flowback rates (gm./min) across the distributor were obtained

from the weight of solids collected under the distributor in a given time.,

The experimental procedure was mbesbes as follows: a known weight of
solid particles was poured into the coiumn, with the air set at a
sufficiently high flow rate to prevent particles from falling into the wind
box. In the single-orifice experiments, the secondary air was then
adjusted to the desired value, The air supply was then reduced to a pre-
determined settipg and the timer was started after the system had reached
its steady state. The steady state conditions in the system were
established by making three preliminary measuremerits of flouback rates at
different time intervals and checking feor their reproducibility. The
actual sampling time was varied between a few minutes and one hour
depending on the flowback rate. Particles vere continuously collectgd at
the bottom of the wind box in a detachable vessel (see Figure (6.8)).-

At the end of the run, the collecting vessel was detached without altering
the wind box pressure, and weighed. The‘solids collected were put back

into the bed through the charging hopper.

The measurements were repeated at least three times to be sure of
the reproducibility of the results. The values of flowback rate were
reproducible within less than 10% (usually 5%) for a given setting of the
variables,

For a given solid-distributor system, the measurements were repeated
for different gas flow rates and bed heights. In most of these experi-

ments the gas flow was varied between the minimum fluidizing velocity

U _ and the limiting superficial gas velocity U2 at which flowback

mf
ceased completely.
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However, with some solid-distributor systems, it was not possible
to reach U% because of the considerable amount of gas required and the

excessive pressure drop imposed by it,

6.10.2 Determination of the Limiting Gas Velocity

Analogous te gas-ligquid systems, this may also be defined as

the "weep point", or the point at which flowback of particles diminishes.

In a separate study, thé limiting-gas velocities through multi-
orifice distributors were determined as Followé: a known weight of
particles was put into the bed, with the gas set at a high flow rate to
prevent flowback. The gas supply was then reduced gradually until
particles just started to fall through the orifices. At this point
the gas flow rate was recorded and the superficial velocity corresponcing
to this flow was the limiting supekficial gas velocity UL . UL was also
approached by gradually increasing the gas supply from a low value.

Almost no difference was detected between the two measurements.

The measurements were repeated at least three times to establish
their reproducibility. ygq was guite reproducible when measured at
decreasing and increasing fluidizing velocities and could be determined

to within 2 - 5%.

The same procedure was carried out with different solids and gases
uUsing a variety of distributor geometries. A special feature of our
experiments should be noted. The bed height exerted no influence on

the value of UL, and consequently all experiments were restricted to

the same initial bed height of 40 - 50 cm.
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6.11 Experimental Results and Discussion

6.11.1 Qualitative Description of the Phenomenon

In agreement with Serviant et al,(76), two phenomena were
observed. At high gas velocities, the solids leaked mainly from the
periphery of the orifice (cf. weeping). At low gas velocities, the
particles fell through the entire area of the orifice in a rhythmical
manner (cf. dumping).

As it has been indicated already in Chapter 4, at low gas flou
rates malcistribution of flow through the orifices of a multi-orifice
distributor often led to two types of orifice behaviour: (i) bubbling/
spouting orifices and (ii) non-bubbling orifices. With bubbling
orifices particles dumped in a rhythmical manner,, whereas non-bubbling
orifices were either jammed or'overwhelmed by a heavy, but intermittent,
type of dumping (see Figure (4.14)). Thus two types of dumping were
recognized. UWhen the gas flow was decreased, more and more orifices

started dumping. Simultaneous dumping of all orifices was not observed.

Whan maldistribution was overcome, at higher gas flow rates, the
orifices became fully cperational and particles often seen falling

round the edges of the orifices (weeping).

With single-orifice distributors, the situation was somewhat
different in that there existed no maldistribution through the distri-
butor, as we had only one orifice. This, of course, implied that the

orifice should be bubbling at all gas rates provided that sufficient

secondary alr was maintained to keep the bed in a fluidized state.

Visual observations of a single orifice in a two-dimensional bed

showed that periodic dumping was associated with orifices producing

single bubbles only. Its freguency was consistent'mith the frequehcy

of bubbles detaching from the orifice and this was, probably, the reason




for the rhYthmicity observed. Heavy dumping was observed at very low
~ubbling rates. .This type of dumping was intermittent and usgally
occurred over a short period of time, stoppéd and then returned shortly,
possibly due to local defluidization and pérticle bridging above the
orifice. No measurements uwere madg under these conditions due to the

s

bad reproducibility of the results.

Weeping, however, was approached at higher bubbling rates,
particularly at the tyansition from single bubble formation to doublet
anq triplet formation. As the gas flow was further increased, the
coalescence point between successive gubbles moved closer to the orifice
resulting eventually in jet formation. At this point, weeping could be
easily distinguished from the way the particles tended to fall only
through the edges of the orifice. This led to the suggestion that

weeping was a phenomenon assoclated with jetting orifices.

It should be borne in mind that these are entirely qualitative
observations, but nevertheless thése are the phenomena which character-
ize a multi-orifice distributor operating in the flowback range. To
determine the appropriate operating regime of a given distributor it is
only necessary to ascertain whether bubbling or jetting occurs at the
orifice. The transition from dumping to weeping bacomes that point at

which a change in the mechanism at the orifice takes place.




6.11.2 Solids Flowhack Through Single-0Orifice Distributors

A1l these experiments were conducted with a secondary source
of air using mainly the two-dimensional bed. In all the cases studied;
the secondary air rate was maintained at or just above the incipient
fluidizing velocity of the solid particles. The main objective of this
investigation is to simulate as closely as possible the behaviour of an
orifice in an actual distributor (i.,e. a multi-orifice distributor).
But it should be recognized fhat wi£h multi-orifice distributors the
situation is entirely different from that with.single—orifice distri-
butors, In the single-orifice experiments, a secondary source of air
is necessary to keep the bed in a liquid-like state. The interaction
of this secondary air with thg main bubbling stream cannot be avoided
and its effects are not known. UWith multi-orifice distributors no
secondary air is necessary, but maidistribution at low gas rates and
pressure surges and eddies at higher gas rates might cause the flowback
behaviour of an orifice to be different From>that of a single-orifice
distributor. This is evident, as will be shown later, from the higher
values of the limiting orifice gas velocity Found with multi-orifice
distributors in order to overcome solids leakage. Thus, it is expected
that results obtained from a single-orifice experiment cannot be applied
directly to multi-orifice situations. Nevertheless, we may obtain some

insight into the likeiy behaviour by considering first the behaviour of
a single orifice.

The experimental results obtained with single-orifice distributors

are presented in Tables (6.10) - (6.13). 1In all the expe-iments

performed it was found that the rate of solids flowback decreased rapidly

with air flow through the orifice in an exponential-type curves.

Typical results are shown in Figures (6.14) - (G.15) as plots of flouwback

rate w (gm./min.) through the orifice vs. average orifice gas flow rate

Q (cm?/sec ) for plates with different orifice diameters using cracking
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catalyst as the solid. Similar_plots were also obtained with other

solids (e.g. rounded sand and coal),

6.11.2.1, Effect of Orifice Velocity and Orifice Diameter

In all the experiments it was found that ﬁhe flowback of solid
particles increased with orifice diameter for a given orifice velocity.
The example shown in Figure (6.14) is the results of experiments with
ungraded catalyst in the cylindrical bed .for three orifice diameters.

As can be seen from the plots, at the higher values of w the data
indicate very rapid decrease with orifice flou rate QO and at lower
values a gradual decrease, hence it would appear, for example, that the
ordinate of Figure (6.14)‘might best be plotted on a logarithmic scale.
Preliminary plots of w vs, QD on a semi-log scale produced straight lines
almost parallel to each other with the oyifice diameter DO as a parameter.
The same is also found with other solids. These lines are brought to-
gether by plotting flowback flux Wy (gm./min.cmz.) (i.e. @ divided by
the surface area of the orifice) against average gas velocity through

the orifice UO (cm./sec.) as shown in Figures (6.16) - (6.17). Orifice
velocity appears to be an important correlating factor, and it should be
noted that the velocity of falling particles through the orifices has
been neglected,

The ordinate of each. plot shown in Figures (6.16) - (6.17) represents
flowback flux W, plus 1.0 so that the line drawn through the points can
be represented with an intercept corresponding to zero flowback (or flux)
when the abscissa is the limiting orifice gas velocity Uzd

With the exception of ungraded catalyst, the scatter of the paints
in Figures (6.16) - (6.17) is not unreasonable considering that each
plotted point depends on the accuracy of three measurements: the time
. the weicght of solids collscted

period over which solids were collected,

and the gas flow rate through the orifice.




The lines drawn through the data in Figures (6.16) - (6.17) can

be expressed analytically by the following equations:

106 pu - graded catalyst 115 log, ~(w + 1) = (UL ) - U (6.21
100 o’w o o
020
128 u ~ graded coal 66 log,,(w_+ 1)= (UL ) - U (6.22)
0 o’w o
070
138 y - graded rounded sand 210 log,.(w + 1)= (U2 ) - U (6.23)
| 10 "o 0 wo+o O
60 py - ungraded catalyst 200 loglo(wo+ 1)= (US?JO)UJ o Uo (6.24)
0

Uhere UQO is the limitimg orifice éas velocity which appears to be a
function of solid only.

A comparison of the limiting orifice velocity UQO and the particle
free-fall velocity Ut based on mean particle diameter for the solicds

tested (as calculated from the equations given by Jottrand(llBD is as

follouws:

Solid ps,gm./cng Uﬁo,cm./sec. Uy cm./scc.
graded catalyst ’ 0.90 250 25.4
ungraded catalyst 0.90 470 10.8
graded coal 1.35' 148 4876

2.63 525 98.6

graded rounded sand

It can be seen that the limiting velocities are several times greater

than the free-fall velocities.




The pfimary need for such high orifice gas velocities would appear
to be to ensure particle conveying and thus preventing flowback, It is
significant to note that Zenz(15) has refefred to an average orifice
velocities one hundred times greater than £he particle free-fall velocity
heing necessary to gliminate solids flowback. He was referring;
presumably, to ungradéd cracking catalyst.‘ The most likely reason is
due to the fact that the flow in the orifice is not well established;
and particles fall intq the wide boundary layers where eddies force them
down inﬁo the wind box. With long nozzles, in contrast to that of an
orifice, there Exists a well established turbulent flow pattern and flat
velocity profile. Therefore,'lower values of UQO are expected with

nozzles or with deep orifices.

A study of the correlations given above shous that the density and
the shape of the particles are important in influencing flowback (refer
to the graded materials where size effect can be neglected). The higher
density of the particles the greater is the rate of flowback and hence the
more is the gas required to control it, Particle shape is also important
although with gravity flow this appeared to be of no significance, Here,
it may influence the flowability of the fluidized particles which is
usually characterized by the angle of repose. A frea~?lqming solid is
described as one having'lom drained angle of repose (e.g. glass spheres).
The more shallow the drained angle of repose the more fluid-like its
behaviour. A liquid, for example, has 3 drained angle of repose
approaching zero degrees. Thus a fluidizable solid is one which isvfree—
flowing and has a low drained angle of repose. Irregular particles
exhibit a higher drained angle of repose than rounded or spherical
particles and, therefore, are less free-flowing (i.e. less fluidizable).

For example, in the present work, coal particles which are irregular

0 .
exhibited a drained angle of repose of about 40  when they were allouwed
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to drain from the two-dimensional bed, Similarly, the catalyst which

is more regular exhibited a drained angle of repose of about 3305

whereas rounded sand showed an angle of 31°. The fact that coal appeared
to be less flowable than the other solids, and degpite the presence of a
secondary source of air channelling and rat-holing were often observed.
These effects may well result in a lower flowback since particles around
the orifice are immobile. However, when the secondary alir rate was
increased in the attempt to mobilize the bed more particles fell through
the orifice. This was also evicent from the ekperiments with multi-
orifice distributers which showed a'significant increase in flowback of
coal at higher gas rates and in particular the limiting orifice velocity
was found to be higher than‘tha£ of the graded catalyst. This is,
obviously, not the case with the single-orifice distributor. It should
be realised that coal is more dense than catalyst and normally would

fall at a greater rate. It would appear, therefore, that the sufficiently
high fluidizing velocities used with multi-orifice distributors have
enhanced the flowability of coal particles by effectively eliminating

channel formation and rat-holing.

In the case of ungraded catalyst (see equation (6.24)), the results

seem to be surprisingly high in view of the smaller average particle size.

Although, with smaller particles one would expect a lower flowback flux,
it was observed that this material, & dusty pouwcer with wide size range
(i.e. 20 ~ 150 1), had a higher flowback rate than graded catalyst which

has a larger particle size., The higher flowback flux exhibited by the

Unsieved catalyst may be attributed to the following reasons: (i) possible

aggregation of its fine particles; (ii) the presence of very fine

particles may have a lubricating effect on the larger particles, thus

increasing their flowabilitys; and (iii) a cembination of (i) and (ii)

o . L P . .
may be occurring. This is &lso evident from the significant increase 1n




he value of hse J with 15 i i
th LRO observed with this material and the presistence of

flowback to low values to a higher gas rate.

The extrapolation of the graphs in Figures (6.16) - (6.17) to zefo
UO possibly corresponds to the flow from a defluidized bed into a close
chamber (analogous to an hourglass), a phenomenon which to our knowledge
has not yet been studied. Houwever, in the present work, some experiments
have been carried out and as can be seen from the graphs the experimental
results agree reasonably well with extrapslation. In the case of un-
graded catalyst a peculiar phenomenon was obeerved. Qualitative experi-
ments shouwed that the bed flowed into the wind box by intermittent jets
(reminding of a geyéer)° No measurements were possible at zero UO due
to the high flowback and in particular the intermittent nature of the
flow,

The flow from a defluidized bgd_into a closed chamber should be
distinguished from-gravity flow (i.e. wi?h open wind box ), a study that
has already been presented in Section (6.5) of this chapter. for
example, the gravity flow of 106  catalyst through 0.476 cm. diameter
orifice is about 77 gm./min. compared with 22.5 gm./min. obtained from
the flow into a close chamber. It is of intersst to note that the bed
height appeared to be of no significance (see, for example, Table (6.10))

an effect which is also present with gravity flow,

6.1.,2.2 Effect of Bed Heiaht

A study of Figures (5.14) - (6.15) show that solids flowback

is practically independent of bed height (or distributor loading) and

this appears to be so with a1l solids tested within the range of bed

studied (i.e. H . = 25 - 100 cm.), Another important feature

heights
= mf

of the results is also apparent from the graphs is that the limiting gas

velocity through the orifice for a given orifice-solid system is indepen-

dent of bed height. GSimilar effects have also been observed with multi-




orifice distributor plates. These results would appear to confirm

our visual observations that flowbask is associated with bubble growth
and activity at the orifice surface. Previsus workers(82) and the work
of Chapter 4 have shown that bubble formation at an orifice to be
independent of bed height, it is a funstion of gas flow rate only and

this seems the most likely explanation.

6s1le2.3 Effect of Wind Box Volume

A single orifice, 0.952 Cm.(3/8f) in diameter was tested with
four wind boxes using the cylindrical bed. VUngraded catalyst and air
‘were used as the solid and gas respectively. The bed height selected for
the expeyiments was about 75 cm. The experimental results are given in
Table (6.14) and in Figure (6.18) these areAshomn as plots of w vs. Qo
with the wind box yolums Vw as a parameter. Rssglts obtained already

~

. . - 3
from experiments using the original wind box (i.e. Vw = 4,9 x 10 cmd.)

are also included in Figure (6.18) to complete the range of‘Vw.

The same trend of behaviour has been observed, i.e. for a given
wind box volums,fiowback decreases with gas flow rate in an exponential
manner. The effect of the wind box volume vw on solids flomback can
be seen from Figure (6.18) which shows that at low values of O_ solids
flowback is significantly reduced by increasing the wind box volume.
However, the effect seems to diminish rapidly as U increases with the
result that flcuwback becomes yirtually independsnt of the wind box
volume at higher values of QO. This, of course, suggests that the
limiting orifice gas velocity UQO at mhich solids flowback ceases 1is

also independent of the wind box volume.

These results are particularly interesting because they find a

parallel in gas—liquid systems. The strong effect of the wind box

volume (or gas chamber volume as noted with gas-liguid systems) underneath
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the orifice has baen acknowledged by several workers who studied gas-
liquid phenomena. McCann and Prince(86) observed a significant decrease
in liguid flowback at low gas rates with large wind box volumes. As with
this work, the effect decreased rapidly with gas flow rates so that liquid
flowback, and hence weep point, became independent of the wind box valume
at higher gas rates. The similarity between the two sets of phenomena

is remaerkable, and in this connection it is noteworthy that from the
experimental results of McCann and Prince(86) liquid flowback decreases
with orifice gas velocity in the same manner aé does solids flowback in

gas fluidized beds, i.e. flowback curves in both systems are very similar.

The reduced solids flouback obsérved at low gas rates and large wind
box volumes may be associated with bubble formation in this region.
Qualitatiue}expeyiments showed that for gas flouw rates in the range‘of
40 - 70 cmz./sec. and for wind box volumes larger than 41.5 x 103 cmz,,
particles were falling round the edges of the orifice only (i.e. weeping).
Visual observations in a two-dimensional bed have shown that in the
weeping regime the gas issues from the orifice in the form of a jet,
whilst in the dumping regime the priméry mechanism at the orifice 1is one

of discrete bubbling.

At the same gas rate, but smaller wind Box volumes (e.q. Vw < 19.2
X lchmB.) particles were observed to fall through the entire area of

the orifice in a rhythmical manner, thus indicating that there was a

single-bubble formation. Therefore, the important conclusion to be drauwn

from these observations is that at low gas rates and large wind box

volumes jet formation is possible and this could be the reason for the

lower flowback obtained with the largest wind box volume. Similar

effects have also been observed with gas-liguid systems. Hughes et al.(119)

found that at very louw gas rates and large wind box volumes, the bubbles
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formed in doublet and triplets. This led to the definition of a
vgapacitance number" which related the acoustical properties of the
gas-orifice system to the wind box volume, The wind box volume was used
as a parameter in determining the growth rate and ultimate size of a

bubble.

It should be borne in mind that the offect of the wind box volume
on bubble qumation in gas fluidized beds has received little attention
in the past. It has bezen neglected to the same degree that solids flow-
hack through the distributor has bzen neglected. However, if the
argument based on our visual observations is correct, then it would
appear that the wind box design is important in.influencing fluidized

behaviour particulaily at the distributor level,
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6011.3 Solids Flowback Through Single-Nozzle Distributors of

Different lLenagths

As with single-orifice experimenté, a secondary source of air
was uscd to keep the bed minimally Fluidizéd. Preliminary experiments
with single cylindrical nozzles showed a significant reduction in solids
flowback, Experiments carried out with a s}ngle nozile, 0.794 cm.
diameter and 10 cm. long indicated that leakage of solid particles would
only occur for values of UD corresponding to laminar flow in the nozzle.
Visual observations suggested that the solids were falling in the
boundary layer in a way similar to weeping for single and multi-orifice

distributor plates.

Studies have been made on two sets of single—nozzle distributor
plates:'(i) plates hauing cylindrical nozzles with 0.794 cm, diameter,
1.36 cm. < & < 10 cm., in the two-dimensional bed using the graded
catalyst (106 v ) and (ii) plates having cylindrical nozzles with
0,635 cm. diameter, 3.0 cm. < 2 < 8.9 cm., in the cylindrical bed
using ungraded catalyst (20 - 150 4 ). In both systems air was used as
the gas. The experimental results are presented in Tables (6.15) -
(6.16) and as plots of flowback rate w vs. air flow rate through the
orifice Q_ in Figures (6.19) - (6.20) with the nozzle length & as a
parameter, Results obtéin@d from experiments with Single—qrifice plates

are also included in the plots to complete the range of 2 .

As shown in Figures (6.19) - (6.20), the curves exhibit similar

trends in behaviour as for the single-orifice plates, i.@. flowback
decreased rapidly with air flow in an exponential manner. It can clearly
be seen that the effect of increasing the nozzle length is to reduce
salids flowback; hence resulting in lower values of‘Ugd If ¢ is

cross-plotted against ¢ for constant values of Uo’ another interesting
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feature emerges. decreases exponentially with nozzle length, as shoun
N ok { o) - . o
in Figures (6.21) - (6.22). This effect becomes more pronounced at

higher values of UO and it is so with both grades of catalyst.

As may be seen from fFigure (6.21), results from the single orifice
with the graded catalyst also fall on the same lines. However, with
the unsieved catalyst, the single orifice ekhibits a different trend as
indicated in Figure (6.22). »At Low gas rates the data are considerably
lower than those of the nozzle;, the difference gradually becoming less
pronounced at higher gas rates. This indicates that the advantage of
-using nozzles to reduce flouback is only apparent at higher gas velocities.
The reason for thisvanomalous behaviour is not clear, but nevertheless

trends and effects found with nozzles seem to confirm the behaviour

observed with the graded catalyst (refer to Figures (6.21) and (6.22)),

Tt is interesting to note that flowback of solids through nozzles
varies in the same way as does entrainment of solids with freeboard
height. As shown in Figures (6.21) - (6.22), for a given orifice velocity

Uo’ solids flowback varies with nozzle length ¢ by
w = o EXP (- B«2) s (6,25)

where o and B are Constant. similar relationship has been found to

apply for entrainment at a given fluidizing velocity U (50), and in this
case £ would be the freeboard height. But for a given nozzle length
flowback decreases with gas velocity, whilst fqr a given fyeegéard

height entrainment increases with gas velocity. Therefore, flowback Qf

solids through nozzles micht be referred to as a negative entrainment.

ge
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6.11.4 Comments and Conclusions

The study of flowback through a single-orifice distributor

has led to a number of conclusions that might be usefully used to inter-
pret the flowback behaviour of a multi-orifice distributor in the next
phase of this work. Multi-orifice distributors are of much qreater
practical interest because, single-orifice distributors are not used in
industry. The conclusions are

1. Two regimes of solids flowback, namely dumping and weeping
have been differentiated

2. Splids flowback has been found to decrease rapidly with gas
flow rate through the orifice in.an exponential-type curve and this finds
a parallel in gas-liquid Systgmso Flowback Flux has been correlated in

terms of orifice gas velocity.

The effect of bed height (or distributor loading) on flouback has
been found to be negligible. This is believed to be due to the fact that
flowback is a phenomencn associated with bubble formation and activity
at the orifice surface.

3. The effect of varying the wind box volume has been ohserved,
particularly at moderate gas flow rates.

4, The advantage of using nozzles in minimizing sclids flowback
has been observed.

5, The limiting orifice gas velocity at which complete cessation
of solids flowhback occurs has been found to be independent of orifice
diameter; bed height and wind box volume. It i; a function of solid
properties and orifice depth (or nozzle length).

6. Effects observed in a two-dimensional bed system are also

present in a three~-dimensional bed system,
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6.11.,5 Solids Flouwback Through Multi-Orifice Distributors

The experimental work was carried out in the cylindrical
column (7.9 cm. diameter) with a wind box volume of about 2 x 10° cmz.
The larger cylindrical column was also used in the experiments, but
mainly with diStfibUtQTS equipped with long nozzles. No secondary source
of air was used; therefore the superficial.gas velocity U (based on bed
cross-section) was related to the gas velocity through the orifices by

(3.,2), 1.2

U = ¢.UO (cmo/sec.) (3.2)
where ¢ is the plate characteristics (or fractional free area).

As explained earlier, there appear to be two causes for solids
flowback through a multi-orifice distributor plate; At high gas flow
rates, the velocity profile across the orifice of a multi-orifice dis-
tributor is peaked and the particles have been observed to fill the thick
boundary layer where pressure fluctuations sporadically force them down
into the wind box. This phenomencn is referred to as weeping as for

single-orifice plates (i,e. particles leaked through the edges of the
orifices).

At lower gas flow rates, the pressure drop threugh the distributor
is not sufficient to ensure an equal distribution of the flow through

the orifices. Some orifices have been observed to dump particles in a

random way (i.e. not together).

Uhen the gas flow was decreaced more and mOTE orifices started dumping.

Simultaneous dumping of all orifices uwas not observed. Houwever, at a

very low gas rate dumping lasted only for a short period of time with

the result that most of the orifices became jammed with particles.

This phenomenon 1is referred to as dumping.
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6011c5.1 Solids Flowback Over the Entire Range of

Fluidizing Velocities

Tests were made with air fluidized beds of cracking catalyst,
rounded sand, and coal, but most of the experiments were carried out
with the catalyst. The multi-orifice distributors used in the experi-
ments had free areas ranging between 1.74 - 3,4%, the orifice diameter
and the centre-to-centre orifice spacing were variables, Four of the
distributors had orifices positioned at the same pitch to diameter ratio
(S/DO = 5), thus keeping the free area approximately constant for plates
with different sizes of orifices, The fluidizing air was varied betueen

the incipient fluidizing velocity Um and the limiting superficial

f
velocity UL (where UL = ¢ UQO) at which solids flowback was completely

excluded;

The experimental results are given in Tables (6.17) - (6.26) and
as plots of flowback rate W (gm./miﬁ.) vs. superficial air velocity
(cm./sec.) in Figures (6.23) - (6.32). These indicate the way in which
flowback through a multi-orifice distributor increases rapidly from
sero to a maximum and then decreases steadily in exponential manner as
with single-orifice distributors. The general trend of the curves can
be explained as follows.

1. When bubbling commences at velocities slightly above Umf’ a
small number of distributor orifices are operative and produce bubbles,
and dropping of the particles through the orifices 1is apparently
hindered by the restricted nature of their motion near the orifices.

As the gas flouw rate is increased more orifices becomg& operational, the

mobility of the particles in the fluidized bed also increases, and the

number of particles dropping through in unit time increases accordingly.

However, the increase of flowback rate of particles with increasing gas

velocity continues only up to a certain value, At this point the flowback
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rate is at a maximum and the number of operative orifices is alsc at

a maximum but this is not necessarily the total'number of orifices in
the distributor. Throughout this reqion, orifices have been observed to
dump particles in the manner described ecarlier and, therefore, it is
referred to as the dumping region.

2. The declire in the flowback rate with further increase in U
may be explained as follows: on further increase of gas velocity the
orifices in the distributor plate become gradually "locked" by the
dynamic action of the gas jets in them., The decrease in the flowback

rate continues until a certain limiting gas velocity UL is reached, At

this limiting velocity, solids flowback ceases completely.

In this region, particles leaked mainly through at the edges of
the orifice and, therefore, it is referred to as the weeping region.
In the weeping regime, the flowback does not fall at the same rate as
does a single-orifice distributor (as might be expected from the jetting
mechanism then prevailing at the orifices). Rather, it continues at a
low level until guite high gas rates. This is a result of wave-like
oscillations in the bed over the distributor plate which temporarily
prevent some orifices from jetting and can cause localised weeping.
This is probably the main reason why a multi-orifice distributor requires

a ﬁuch higher limiting orifice velocity than a single-orifice distributor.

As can be seen from the plots, thé experimental data obtained in
the weeping region show little or no scattering and of the cases studied
weeping has always been consistent, The most notable feature of this
region is that the flowback rate decreases essentially in the same way as
does flowback through a single-orifice distributor. Qualitatively, this
in this respect the single-orifice distributor is simu-

suggests that

lating the behaviour of an actual distributor. Quantitatively, however,
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this is not so for reasons which have been indicated already.

Unlike the weeping data, the points in the dumping region are
somewhat scattered and reproduce rather badly. This is attributed to
a number of effects which have been referred to earlier, but are mainly
due to the effect of flow maldistribution across the distributor which
occurs at low gas flow rates. In this reggon, the orifices dump particles
in a random manner and only few orifices are weeping. Therefore, oper-
ation of a distributor under these conditions is undesirable and can

eqsily lead to instability in the bed, Provided some relatively low

level of flouwback is tolerable the weeping region is apparently a stable

region because almost 100% of the orifices are operational and weep in a
consistent manner. In this region, flow maldistribution is almost
negligible, and it can be seen that the single-orifice and the multi-
orifice distributors exhibit similar trends of behaviour, confirming a
uniformly distributed gas flouw through the orifices. At the limiting
velocity U&R , the flow through the orifices is high enough to ensure

particle conveying and thus preventing flowback.

An inspection of Figures (6.23) - (6.32) shows that the superficial
gas velocity at which maximum flowback occurs appears to be a function
of solid characteristics_and it is intereéiing to note that of the
systems studied this maximum occurs at gas velocities 4 - 8 times Umf‘
However, this also appears to be influenced, but not considerably, by
the plate characteristics and in particular the orifice diameter. The

influence of orifice diameter will be referred to later.

6.11.5.2 Effect of Distributor Characteristics

The influence of the geometrical plate parameters (orifice diameter

and free area) on solids Flowback is clearly evident from Figures (6.23)-

(6.32) It should be emphasised that an exact comparison of the various
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distributors employed is possible only with results obtained in the
weeping regime. A comparison with these obtained in the dumping regime

may not be exact due to the bad reproducibility and the considerable

scatter observed in this region. The examples shown in Figures (6.23)~
(6.25) are the results of experiments with graded catalyst (106 p) for
plates having the same thickness % and orifice diameter DO but different
relative free areas ¢ (orifice spacing S 1is a variable). It can be
seen that ﬁhe effect of decréasing fhe relative free area is to decrease
solids flowback for a given superficial gas Ueiocity U and conseguently
“the limiting velocities must be decreased. As found with single-orifice
studies, the limiting gas velocity through the orifices UQO(: U2.¢~l)

is independent of tﬁe plate free area (or orifice diameter). Hence the
flouwback flux Wy must also be independent of the plate characteristics.

Effect of plate characteristics on flowhack flux will be examined later.

The examples shown in Figures (6.26) - (6.28) are also the results
of experiments with graded catalyst which show the effect of orifice
diameter on flowback for plates having approximately the same free area
(S/DO = 5), It is apparent that large orifices favour weeping, i.e. 1t
appears that plates with large orifice diameters tend to move into the
weeping regime more readily than plates with small orifice diameters.
The result is not unexpected. Equations proposed by Kutateladze and
Sorokin (120) for gaé~liquid systems suggest that the orifice velocity
at the onset of jetting has an inverse power dependence on orifice
diameter. A similar dependence of the dumping—to—weeping transition on

orifice diameter may apply to gas-fluidized beds.

6.11.5.3 Effect of Bed Height

The effect of bed height may also be seen from Figures (6.23)-

(6.32) for all solid-distributor systems tested. The bed height was
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varied betuween 20 to 70 cm. It is apparent that for the range of bed

heights employed, the bed height has little effect at low gas flow
rates and almost no effect at high gas flow rates, particularly in the
weeping regime. This is consistent with the results of the single-
orifice distributors, but in disagreement with Gregory(2) who shous
that solids flowback decreases sharply with bed height and then rises
to a local maximum. A bed height effect may be associated with waves
traversing the surface of the distributor as the amplitude of these
waves will depend on the bediheight and it is more likely with large
diameter beds. The work of Chapter 3 chows that the larger diameter
bed tends to be less stable than the smaller diameter bed when these
are operated with shallow beds. Visual observations also show that the
larger bed exhibits some degree of pulsation. It is possible that the
distributor then undergoes periodically a certailn dynamic pressure when
the bed {or a pért of it) sinks onto the distributor, this pressure
being proportional to the bed height. It may be supposed that the
flowback rate across the distributor is proportional to this pressure.
On further increase of the bed height the pulsating material in the
region above the orifices becomes considerably more compact, so that
the rate of increase of flowback with bed height diminishes. The current
experimental investigation has shown that the bed height does not in-
fluence flowback and this is so with both single and multi-orifice
distributorse. Therefore; further work on deeper and larger diameter

beds is necessary to establish whether bed height or bed diameter are

actually influencing flowback.

6.11.5.4 Change in Flouwback Behaviour With Change in

Distributor Thickness or Nozzle Length

In view of the promising results obtained with single nozzles,

it was decided to test plates with different thicknesses as well as
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plates with' cylindrical nozzles of various lengths (i.e. multi-nozzle
distributors),

A new phenomenon was observed with 1ong'nozzles. At a certain gas
velocity the bed would start flowing through one nozzle and flood the
wind box. The longer the nozzle, the more difficult it was to control
it by increasing the gas flow rate, because 'of the hydrostatic head in
the nozzle. There is a critical nozzle length for a bundle of cylindrical
nozzles above which this phenomenon can occur. It would appear, however,
that for the range of nozzle diameters and lengths employed this un-
controllable downflow of solids occurs only with nozzles having ratios
éf length to diameter Q/DO exceeding 12. In other words, the critical
nozzle length would exist only with ratios higher than 12, and this is so
with all sclids tested; Consequently, all experiments concerning the
effect of plate thickness (or nozzle length) were restricted to ratios
,Q,/DO equal to or less than 12 in the attempt to prevent the occurrence of
this phenomenon. Flowback through distributors equipped with long cylin-
drical nozzles (i.e. R/DO:€> 12) has been considered in a separate study.
A theoretical model for predicting the critical nozzle length for a bundle
of nozzles in terms of gas velocity through the nozzles has been derived.

This will be dealt with later, now we consider distributors with ratios
2/0 K12,
The experimental results are presented in Tables (6.27) -~ (6.29)
and as plots of flowback rate w (gm./min.) vs. superficial gas velocity

U (cm./sec.) with the plate thickness (or nozzle length) & (cm.) as a

parameter in Figures (6.33) - (6.35). The distributors selected for the

experiments are either flat plates having different thicknesses or plates
equipped with short nozzles, so that R/DO.S; 12. The distributors have

approximately the same free area for different orifice diameters, i.e.
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i

pitch to diameter ratio is maintained constant (S/D 5).
0

In the experiments performed it is found that solids flowback
decreases with increasing plate thickness (or nozzle length). The effect
appears to be most pronounced in the weeping regime, as can be seen in
any of Figures (6.33) - (6.35). These also explain the effect of in-
creasing the plate thickness in reducing the limiting gas velocity Uf.
It is also clear that the superficial gas velocity at which maximum
flowback occurs is not infldemced by the plafe thickness and so flouwback
in the dumping regime. We may, therefore, conélude that the decisive
advantage of increasing the distributor thickness or using nozzles to
minimize flowback in fluidized beds is apparent only in the weeping
regime. The cbserved difference between the effect of plate thickness

on weeping flowback and dumping flowback still remains to be explained.

The observed decrease.in flowback with plate thickness in the
weeping regime may be associated with the type of flow pattern in the
orifices (or nozzles). At high gas flow rates, there exists a well
established turbulent flow patterﬁ and flat velocity profile in a deep
orifice (or a nozzle). In a thin orifice, in contrast to that of a
nozzle, the initial velocity profile is not well established and par-
ticles fall through the thick boundary layer where pressure fluctuations
sporadically force them down into the wind boOX. Obviously, with nozzles
particles have to tréuel a longer distance in order to fall through (the
nozzle length provides thraking' for incoming particles) and pressure
fluctuations would have less effect in forcing them down the wind boXe
The longer the nozzle the more difficuit it is for the particles to
fall down the wind box and hence the lower is the gas velocity at which
flowback can occur. HoOwever, maldistribution which occurs at low gas

flow rates would cause the bed to descend through one of the nozzles
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and flood the wind box. A further decrease in the gas flow causes more

nozzles to flow simultaneously.

‘Start-up problems can be expected from long nozzles. The start-up
from a defluidized bed with defluidized solids filling the nozzles was
found very difficult to achieve for nozzles longer than 15 cm. flowback
through long cylindrical nozzles is considered separately 1in Section

(6.11.9)

6.11,5.5 Effect of Wind Box Volume

A multi-orifice distributor with N = 9, DG = 0,476 cm. and
¢ = %,3% was tested with four wind boxes using graded catalyst as the
fluidized solid? The bed height selected for the experiments was about
50 cm. The experimental results are given in Table (6.30) and as plots
of flowback rate ( vs. superficial yas velocity U with the wind box
volume Vw as a parameter in Figure (6.36). Results shouwn already in
Figure (6.27), %or a wind box volume Vw =2 X lD3 cmz., are also in-

cluded in Figure (6.36).

The same trend of behaviour has been observed with all wind boxes
tested, i.e. two types of orifice mechanisms have been differentiated.
In the dumping regime, orifices have been observed to leak and bubble
in a random way regardless of the volume of the wind box which appears
to be of no significance in this region. It would appear that the wind
box volume has an effect 1In the weeping regime only and in particular
on the transition from dumping-to-weeping. Although the superficial gas
velocity at which maximum flowback occurs remains unchanged, this
maximum eppears to decreace with increasing wind box volume. As
observed with the single-orifice distributor, the effect of the wind
box volume seems to subside repidly with increasing gas velocity with

the consequence that solids flowback becomes independent of the wind

box volume at higher gas rates. This is partly due to the improved
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gas distribution obtained at higher gas flows which, probably, eliminates
the effect of the wind box. This would,obviously, mean that the limiting
gas velocity at which flowback diminishes is also independent of the wind

box volume.

The observed influence of wind box volume on the flowback rate is
in agreement with that found with the singlé~orifice distributor and that
reported by McCann and Prince(86) for gas-liquid system. Despite the
subjective nature of visual observations, the agreement with the single-~
orifice supports the earlier proposition that large wind box volumes
fa&our jetting at the orifice, In general, therefore, large wind box

volumes favour weeping flowbacks,
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6.11.6 Criterion for the Prevention of Solids Flowback

The following work is an experimental programme aimed at
establishing a criterion which can be used to predict the minimum gas
flow rate for the prevention of solids flowback (or weeping) through a

multi-orifice distributor of a given design.

The gas velocity in the distributor orifices at which solid particles
cease entirely to drop through (the limiting corifice gas velocity YJQO) is,
in the general case, determined by the physical properties of the gas
(density Dg, viscosity ug ) and of the solid particles (particle diameter
_Dp s particle density ps, shape factor AS), distributor design (orifice

diameter Do’ relative free area ¢, orifice spacing S, plate thickness

2), and by the acceleration due to gravity g.

The experimental study of flowback with single and multi-orifice
distributors has shown that the depth of the bed and the wind box volume
have virtually no effect on the limiting velocity, The shape factor XS
cannot be varied significantly and, therefore, as with gravity flow the
bulk density of the solid phase pB'mould be the relevant variable in the
problem., However, the influence of the shape factor finds expression

more or less in the values of Py and Dp’ so that it is admissible to

drop the shape factor, Therefore,

UQO = f( DO s S 9 L Dg ’ Ug ’ Dp » Pp 9 9, ¢ ) (6.26)

Fquation (6,26) contains nine dimensional quantities and one
dimensionless quantity ¢ , with three principal dimensional units. By

similarity theory, the number of dimensionless groups determining the

given effect is therefore 1 + 8 - 3 = 7 Dimensional analysis may be

used to arrive at the groups relevant to the problem, See Appendix A6

for detailed account. Fvidently one of the required groups is the
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Reynolds number for gas flow in the distributor orifices, i.e.

Ut e, D
Reﬁim, - .0 & © (6.27)
Ug

The other groups, found by dimensional analysis, may be

P = P 3 2
B g , o ) S D . p_. g
P D 5 ’—R-—E————Q
g % O O U
g

The number of dimensionless groups can be reduced. Ue can write

3 2

: pg = P Do, &f.
__}?_.5_.*% . _P__..%__g = Ar : (6.28)

2 Ho

where Ar is the Archimedes number.

The fipal criterion form of (6.26) is therefore

@ D P N s e (6.29)
- - O o2
Re,Q,im = const Ar. (D—') . (-I’)"*) (—D—') ¢
P o o

The inclusion of some of the physical parameters requires explanation.
The acceleration due to gravity g will in part determine the rate of
falling particles through the orifices and hence, as with gravity flouw,
is relevant. The effect of the physical properties of gas and solid is
linked with the drag forces acting on the falling particles. The
Archimedes group which includes these variables is commonly known as the

particle Reynolds number (based on the particle free-fall velocity).

The Archimedes number could be written as

24

Ar = 18 Re for Re & 1, ( Ty =7y (Stoke's law) s (6.30)
Ar = %Rez for Re 1000, ( T, = 0.44) (Newten's law) ,  (6.31)

where Re is the Reynolds number “ased on the particle free-fall velocity




‘ , - 184 -

~—

and Ly is the single particle drag coefficient,

The effect of gas density on the limiting superficial velocity is
shown in Figure (6.37a). Different gases were used to change the density,
Cracking catalyst (106 ) was used as the solid, The distributors were
multi-orifice plates having the same orifice, diameter (DO = 0.238 cm)
but different free areas. It is clear that the limiting gas velocity
increases with decrease in the gas density for a given free area, This
also explains the effect of the plate free area on the limiting super-
ficial gas velocity. The linear dependence of UL on ¢ confirms that the
limiting gas velocity through the distributor orifices Uﬁo is independent

of ¢, Thus the limiting Reynolds number Re is also independent of ¢,

fim
The effect of solid density is shown in Figure (6.37b), The distri-
butors with 0,238 cm, diameter ofifices were again used, Air was used as
the gas. For solids of high density the limiting superficial gas velocity
is greater and, therefore, the limiting orifice velocity must be greater.
Fiqure (6.37b) elso shows that the limiting superficial gas velocity
is a linear function of ¢ o This is consistent with the measurements
reported on Figure (6.37a). An inspection of Figure (6.37b) reveals that
glaés is exhibiting lower values than rounded sand. Although glass has a
smaller mean particle diameter, the result was to some extent unexpected,
since glass is spherical and more dense than sand. Spherical particles,
in particular, are more flowable than non-spherical particles, because
Dense particles would, obviously, fall at a greater

they can slip easier.

rate than light particles. The reason for this discrepancy is presumably

due to the jamming of some of the distributor orifices caused solely by

static effects in the bed. Visual observations confirmed this, The
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development of static charges in the bed was particularly serious with
glass beads. Consequently, few experiments were carried out with it.,

Some of the geometrical variables in (6.29) are interrelated, For
example, for a given orifice diameter D0 the relative free area ¢ 1is
determined by the orifice spacing S. 1In fact, the free area, the orifice
spacing and the orifice diameter are the geometrical variables which do
not act independently as far as the surface geometry of the distributor
is concerned, As it has been evidenced already, the limiting orifice

velocity Ugo is not a function of both ¢ and Dg (i.e. R is independent

"0im
of ¢ R Therefore, S can be expected to have no effect on Ulo. The
evidence of this may be seen from Table (6.31) which shows that for a
given orifice diameter, the limiting Reynolds tumber Reﬂim is practically
independent of B/DOO Hence it seems probable that the dimensionless
groups ¢ and S/DO are not signifiéant variables over the wide range of

experimental conditions studied (see tables of experimental results).

Hence equaticn (6.29) yields
a b c.

op = P D-o2.g D
Regsn = const ( B oy &..R U% ) (ﬁi) (%é) (6.32)

To arrive at the final form of (6.32), about 70 tests were carried
out using different gases and solids with distributors of various design
(including multi-nozzle distributors). The distributors involved in the
tests had Reynolds numbers Relim in the range 0.4 x 103 - 9 x 103.

Archimedes numbers Ar were in the range 3 - 310, It will be shouwn later

that for stability reasons Q/DO should be within the range 0.5 - 12.0.

As explained earlier, data obtained from the single-orifice studies
are considerably lower than those obtained with multi-orifice distri-

butors. A comparison of UL  values (cm./sec.) observed with single and
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multi-orifice distributors for some of the solids tested is as follouws:

.

Solid Single-orifice plate Multi-orifice plate
138y ~ rounded sand 525 1560
128y =~ coal 148 710
106y - cracking catalyst 250 650 -~ 720

The difference is clearly evident and therefore only data from

experiments with multi-orifice distributors will be used in establish-

ing the final form of (6,32) as, of course, a multi-orifice distributor

is more relevant than a single-orifice distributor.

With the number of experimental data available (see Table (6.32)),

equation (6.32) was programmed for a computer analysis so that the best

values of the exponents a, b and c could he found. A multiple regression
analysis program was used. This program minimized the square of the error
between the dependent variable (always Reﬁinl) and the collection of

groups being used to correlate the dependent variable.

The functional relationship between Reﬁim and each of the dimension-
less groups are shown in Figures (6.38) - (6.40), In Figure (6,40), Ugo
i ; ai i ad of Re,. on a semi-log scale to shouw
is plotted against QI/DO instead o %im q

how increases in £/D  bring about decreases in the limiting orifice
o

velocities. It can be seen that Ulo decreases exponentially with 'Q/DO

and it is true with all solids tested. However, this decrease can only

be achieved within the range 0.5 « Q/DO < 12. As it has been indicated

already, uncontrollable downflow of solids has been observed mostly

with raties higher than 1Z. With very thin distributor plates (i.e.

2 /o < 0.5) solids flowback was observed to persist to a considerably
0 .
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higher gas.ratio. The deviation of the experimental data from "least
squares' lines d?awn in Figure (6.40) is indicative of tﬁe behaviour ob-
served with ratios R/DO < 0.5, This, of course, is undesirable and there-
fore operation of a fluidized bed with thin distributor plates should be
avoided. Thus, the proposed correlation will be valid only for distri-
butors witpin the range 0.5 S;Q/DO~S:12°O where controllable downflow of
solids can be achieved,

The best values for the exponents in (6.32), as obtained by

- computer analysis, are

a = 0,43 b = 0.87 c = =0.27
In Figure (6.41) Reg. is plotted against
. —c. 32 0.43
p o8? o2t 5 - D-.
(_9_).(_&).("8 Pg  _pt%q pg)
D D e 2
P 0 g 119

on a logarithmic base and the linear relationship produced the eguation:

UL . p.. D p O¥F o ep e D3, pl. g O%3
— ) (5! " " u% ) (6.33)
g P o g

for 0.5 R,/DO £ 12,0

Equation (6,33) and the experimental data are shoun in Figure (6.41).

More than 90% of all the data lies within + 25% of values predicted by

equation (6.33) which may seem high but leads to estimate that, probably,

it is adequate for practical purposes.
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6.11.7 Correlation of Weepage Data

This correlation permits calculation of flowback rates when
operating multi-orifice distributors in the weeping regime. Normally
one would choose to design at some point well above the flouwback range
so that reduced load operation would also still fall above this range.
However, there exist instances in which pressure drop considerations or

the need to prevent excessive entrainment force the design point to be
quite close to the weeping regime aﬁd partial load operation can fall
into the weeping regime. An operation in the dbmping regime is evi-

dently undesirable and should be avoided.

6.11.7.1 Formulation of the Proposed Correlation

With a gas flowing through the distributor orifices, solids
flowback depends on the distributor design, the properties of solid
particles, and the characteristics of the gas stream. The effect of the
wind box volume may be neglected., If the flowback flux W, (i.e. flowback
rate (y divided by the total area of the orifices in the distributor) is

expressed as a fraction of the maximum flux WO, then we have

W

HECH- (6.34)
v FUL UOP) ,

where W = W/A is the flux due to gravity flouw (see equations (6.19) -
8! e

(6.20)); U - U + U is the gas velocity in the distributor orifices
op 0

relative to particles falling with velocity Up'

It can be easily shouwn by dimensional analysis that the effect is

determined by two dimensionless Groups; one 1is wo/wé and the other
follows from the evicent consideration that flowback flux in the

; 3 neT it ease U = U +U i.e with
weeping regime, increases with decrea op o p ! +Es

increase of the difference UQO~ (UO + Up)' Therefore the second
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dimensionless group is

Uy, -U - -
O op - URO (UO Up)
U
op (UO + Up)
and then
b
w vg - (U + U
. 0 P)
S U * Y% (6.35)

Since the falling velocity of the particles in the distributor
orifices is not large, at gas velocities differing conziderably from

zero (as in this investigation) we may write with adequate accuracy

U - -
20 UO + gp _ UQO Uo
UO + Up UO
Then
b
w ug -U
.....Q- - a © ©
W U (6.36)
o) o)

w ug - U
A preliminary plot of weepage data as 043) vse  ( 0 O)
WO Uo

on a logarithmic base produced a linear relationship from which we had

a = B x 10—3 and b = 1.42. Therefore equation (6.35) becomes
.42
w -3 UL - (U_+ UL (6.37)
.w_g- = 8 xlO o o P
© U +U
© b

Now it is possible to calculate Up from (6.37) as follows:
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In the absence of gas flow U ; 0 and w = U i.e
o 0 O’ ° 3
AU IER N
1 = 8x10 ("“QU““E‘>
b
UL
and hence U =2 (6.38)

P 3

Substituting the expression for Up into (6,37), we finally have

USLO {42
w = 8 X 10—3 W Py o+ 71
o o UL (6.39)
U+ —
¢} 31

It would appear that correlating the data in the way suggested by

(6.35) is unsatisfactory as far as the boundary conditions are concerned.
w

A more satisfactory correlation can be obtained if loglD (Tﬁ) is plotted

U

against ( = ¥, This follows from the evident consideration that

ug -u
0 o

the fractional flux (wo/mo) decreases with increase of the ratio
(UO/USLo - Uo), i.e.

b
log (wo) = a (———29———> with U ~ O
) - )
10 WO URO - UO ? P (6.40)

where a is a negative coefficient.

As a large number of weepage data were available, equation (6.40)

was programmed for computer analysis SO that the best values of a and

b could be ohtained. For the Jater purpose, a non-linear regression

analysis program was yritten in FORTRAN 4, The calculational procecure

and the computer program can be found in Appendix A&, This program
w

minimized the square of error between the dependent variable loglO(Wg)
O

U

and the group (Uf_:%%—-) . The best values for a and b were =1.91
o ©
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and 0.4 respectiveiy. Equation (6.40) then becomes

1 = _ -
g =) = - 1.9 © 4 |
10 wo) 1 (Ugo - Uo> (6.41)

The boundary conditions are

-
—~
o)

o

i

WU (gravity flow) (6.42)

and if U = Up s w = 0O (6.43)

Equation (6.41) and the experimental cdata are shown in Figure (6.42),
A wider scatter exists at higher orifice velocities: this scatter is
attributed to the less accurate measurement of flowback which in most

cases is found to persist to a higher gas rate.

Two ppints concerning the results in Figure (6.42) must be
commented on.

(i) In this work no information is available regarding gravity flow
through deep orifices oT nozzles. Brown and Richards(115) have shoun
that with orifices longer than 1 cm., the flow rate increases linearly
with orifice length. However, nrivate communication(57) suggests that
the flow is proportional to JE- . Therefore, in order to avoid error in
the correlation presénted in Figure (6.42), we have excluded distributors
thicker than 1.27 cm.(1/2"). Consequently, it is recommended that

further work is necessary to examine the effect of plate thickness on

gravity flow through multi-orifice plates.

(ii) The results of a series of air-solid experiments with multi-
orifice distributors of various design have shown that the transition

from the dumping regime to the weeping regime OCCUTS at superficial




-~ 192 -

Y. It is,

fluidizing velocities 4 - 8 times U _ (typically at U U
mf . mf
thETQfDFB suggested that equation (6.41) should be used to predict solids

flowback through multi-orifice distributors only at fluidizing velocities

U = 6 U _.
mf

It is not known whether this applies to all orifice sizes, especially
larger than those employed in the present study (i.e. for DO 5> 0,635 cm. ).
There appecars, however, some evidence that plates with large orifices
tend to move into the weeping regime more readily than plates with small
orifices. Further wock with wider range cof orifices 1s necessary to

ascertain our argumente
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6.11.8 Recommended Design Equations

The following equations may be used for design calculations
relating to solids flowback in gas fluidized beds. . For the rate of free
flowback of defluidized solids through multi-orifice distributors

(gravity flow).

"7 pg e A (DO 1.42 Dp). g , for coarse particles
W =23 Pg * Ae.,/ g , for fine particles

and for the determination of the limiting gas velocity through the

distributcr orifices LRO at which flowback is completely eliminated

UL D .D ~C2F D o0.8% 0.~ D D3 02 o-43
o'g o . ’ 0 B P p P ®
= 21.8 (]—)—')- (ﬁ-)' ( 5 . G ) R
‘ fs)
“g : P g Mg

for 0.5 & 'Q'/Do < 12.0 5

and for the determination of the weeping flux
U o-4

W : .
2y = - o >
1Og10 (wo) 1.91 <U£o - Uo> for U2 6 Umf

2
- 1,42 D « N
(b, -1 o)

~|=

= A =
where U_ UJ/A‘e and A,

6.11.8.1 Application Where flowback is Needed

The results obtained may be applied to some practices of

fluidized bed technology where flowback is actually reqguired in the

process, l.e. in multi-stage systems where multi-orifice plates(or grids)

o .
act both as downcomers and stage separatOrIsSe These results provide

an approach to evaluation of the efficiency of grids of a given
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design in relation te mixing of the solid phase.

The efficiency of a grid is unity if there is no intermixing of
two beds of suspended particles separated by the grid. In this case
the flowback rate @ must be equal ta the external circulation rate we
of the solid phase across the system, In industrial practice w > Wy,
under steady conditions, so that the hold-up of the solid phase is
avoided. Since under the given conditions the grid lets through an
amount w of the solid phase,'and a émaller amount we leaves the system,
under steady conditions the excess amount of material (w - we) passing
through the grid is carried by the gas stream into the bed above,
creating internal circulation of the solid phase. If w < W s the

grid does not let through the required amount of the solid phase.

W

e . - .. . .
Therefore o £ is a measure of grid efficiency 1n relation to

solid mixing,




6.11.9 Uncontzollable Downflow of Solids Through Long

Cylindrical Nozzles i

g
(53]

pointed out earlier, a new phencmenon was observed with
distributors equipped with long nozzles, At a certain gas velocity the
‘bed would start flowing through one nozzle and flood the wind box. Simul-
taneous flow through a number of nozzles was observed, but normally at very
low gas rates. The longer the nozzle the more difficult it was toc stop
the flow by incveasing the gas flow rate, beceuse of the hydrostatic head
in the nozzle. It is believed that naldistribution through the nozzles is
the reason for the occurrence of this phenomenon. There is a critical
length for a bundle of cylindrical nozzles above which this phenamenon can
OCCUT,

5.,11,9.1 Theorztical Prediction of the Critical Nozzle lLengtih

Consider a bundle of N nozzles of length g which initially
‘are all operational (i.e. bubbling ), At an orifice velocity Uo’ the distri-
butor pressure drop is given by (3.2) and (3.8), assuming a turbulent flow
through the nozzles (see Chapter 3), i.e.

Y

2
AP = £ . U
P € ° (6.44)
If one nozzle stops bubbling, the velocity through the N - 1

N
remaining nazzles becomes R UO and the pressure drop through each

of these nozzles is therefore:

N-1 o) (6.45)

If an incipiently fluidized bed whrich has a density Pp is treated

as a liquid, then the maximum distance 2z whik the bed will be able to

descend inside the nozzle, creating a hydrostatic head AP = ppeZ

is given by

APD = APZ (6.46)

—




. 0 |
1
or z = £ eyl (~§T)2. Qi (6.47)

For z > % the solids start flowing into the wind box and become un-
caontrollable. llence for each velocity U ,‘there is a critical length
o Q

for a multi-nozzle distributor given by

P
= .__g. . '_.l., . ...___N._. 2 2
%e 0 g F RS

g (6.48)

Alternatively, for nozzles of length & there is a critical orifice
velocity below which uncontrollable downtlow of solids may occur. IT n

nozzles remain bubbling (i.e. N - n nozzles start flowing simultaneously)
2

L, 2
a larger value of the critical length, equal to (kﬁi . QC is obtained.

Experiments were carried out on three sets of muiti-nozzle distri-
butors with 0.318, 0.476 and 0,635 cm. diameter nozzle respgctiuelyO The
nozzle length was varied between 4-18 cm., SO that SZ,/DO o 12 (see Table
6.33). In all experiments, unsieved cracking catalyst (pB = 0.4 gm,/cmz.)
was used. The experimental procedure was started as follows: a known
weight of catalyst particles was poured into the Colﬁmn, with the air set
at a sufficiently high flow rate to prevent the flow of solids. The air
supply was then reduced gradually until one of the nozzles started to flow
and flood the wind box. At this point the orifice velocity UO was re-
corded as the critical velocity at which uncontrollable downflow of solids
would occur. This measurement was repeated several times to be sure of
its reproducibility. Further decreases in the gas flow rate allowed more
nozzles to flow simultaneously. Consequently it became exceedingly
difficult to stop the flow by increasing the gas flow rate.

The experimental results are given in Table (6.33) and in Figure

(6,43) a plot of g Vs U2 shows their comparison with the theoretical
c 0




line predicted from (6.48) for the multi-nozzle distributors used. As
may be seen, the experimental points fall above the theoretical line.

But the trend of the expsrimental data indicates a linear dependence

. 2 .

of QC on Uo ; it would appear that the best line through the data passes
through the origin, i.e. in accord with the prediction of (6.48)., Large
pressure fluctuations at low values of § occasionally started the phenomenqg‘
and this may explain the deviation observed at low values of § . The dev-
iation disappears at higher values of UO, probably due to the lack of
sufficiently large pressure fluctuations,

Therefore, although there is no quantitative agreement between experi-
ments and theory, there is some agreement qualitatively. Houwever, better

agreement is obteined if the right hand side of eqguation (6.48) is multi-

plied by an empirical coefficientoj . Eguation (6.48) then becomes

o : 2
- S S . I 2 6.49
3 g e g A (6.49)

It has heen shown(121) that 47 for a distributor jetting into a
fluidized bed is not significantly different from the tdry! coefficienit.
V) was measured from jetting experiments in an empty bed and was found to

be
1,55 < q < 1.62 (6.50)

The value “} - 1,62 was used to predict Qc from (6.49). It can be
seen in Figure (6.43), eguation (6.49) compares well with the experimental
data, Therefore, (6.49) may be used to predict the critical length for a
multi-nozzle distributor plate. Alternatively, it may be used to estimate
the critical orifice gas velocity for nozzles of length g o

Start-up problems can be expected from long nozzles. As indicated

earlier, the start-up from a defluidized bed with defluidized solids

filling the nozzles was found very difficult to achieve for nozzles longer

than 15 cm,
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The findings of the study of solids flowback through distributors

in gas fluidized beds can be summarised as follouws:

1. Solids flowback across a multi-orifice distributor passes through
maximum with respect to gas velocity. Two regimes of flowback, namely
weeping and dumping, have been differentiated. 1In the weeping regime,
the orifices leaked in a consistent manner and almost 100% of orifices
were operatiopal, In the dumping regime, however, the orifices leaked

and bubbled in a random way. Thus operation of a distributor in this

region is highly undesirable and can lead to instability.

26 Data from distributors of various desigr using different gas-solid

systems have been correlated. Three design equations have been derived

‘and these may be used to estimate solids flowback through multi-orifice

distributor plates in gas fluidized beds.

3 The decisive advantage of increasing the distributor thickness or
using nozzles to minimize flowback has been observed. Cylindrical
nozzle-plates reduced solids flowback for nozzle lengths less than a
critical value. Above this critical length uncontrollable dounflow of
solids wculd occur. A theoretical model for predicting the critical
lenéth of a bundle of nozzles in terms of gas velocity through the

nozzles has been derived. ‘Experiments showed reasonable agreement with

theory,
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GENERAL CONCLUSIONS AND RECONMENDATIONS

The study presented in Chapters (3) - (5) concludes that in the
presence of the bed the distributor pressure drop is reduced relative
to that without the bed,-and this pressure drop in the former condition
is the appropriate parameter for distributor design. Further work is
necessary to show the precise effect of the bed on the normal pattern
of gas flow through the orifices beéause, it is unlikely that the
lowering cbserved in the distributor pressure drop is due to compression
of the gas as suggested by earlier wo%k(?d).

There is evidence that larger diameter beds tend to be less stable
than small diameter beds when these are operated with shallow beds. It
would be useful to extend this study to larger and shallower beds as it is
relevant to multi-stage systems.

Jet interaction may be important in influencing the performance of
the distributor. Investigation of this problem together with study on the
nature of voidage in the jet would be useful subjects for further research.

The work of Chapter 6 is concerned with solids flouwback through
distribution plates. More work should be carried out on multi-orifice
distributors in a larger bed with a wider range of orifice diameters.

Cylindrical nozzle-plates reduced solids flowback for nozzle
lengths less than a critical value. Above this critical length un-
controllable downflow of solids would occur. It would be interesting
to re-do the study conducted with cylindrical nozzles using convergent
conical nozzles. The hydrostatic head is less likely to form with
these nozzles which therefore should be more stable. Also they should
plug less easily and consequently have less start-up problems. A
' 1¢ of these nozzles would also give results of

search for optimal ang

design intereste
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APPENDIX A2

Determination of Physical Properties of Solid Particles

(properties of particles are specified in Table (2.3)(Chapter 2))

Density Determination

Bulk density, Pp

An estimate of pp was made by pouring a known weight of particles

very gently inte a measuring cylinder.

Then

o B weight of particles
B B volume occupied by particles

(A2.1)

The above procedure was repeated several times to establish the

% reproducibility of the measurements and the results were averaged.

(b) Particle density, Pq

For roon-porous particles, the particle density was determined using
the water displacement method. The main disadvantage of this method was
that even with a surfactant such as Nonidet P40, minute air bubbles
remained trapped between the submerged particles. In some cases, especially
with fine glass beads, the density bottle and its contents were heated
until the water boiled, in an attempt to drive off all the entrapped air.

Catalyst: It was noted that the catalyst particles were porous and
that therefore the particle density required was the value that would be
obtained if all the pores c¢ould be plugged with a solid of the same density
as air and a normal determination in water then carried out. This density
value was obtained by measuring the skeletal density of the particles by

the water method, and then correcting this value by the pore volume per

Unit mass determined on a sample of the catalyst, i.e.

S



where pg = particle density, gm./cm?
S skeletal density, gm./cm?
Vp = pore volume, Cmé/gm.

The pore volume was determined by the liquid titration method
described by Innes(122) and found to be equal to 0.636 cmz./gm, This
figure represents an averége of three measurements.

2.18 gm./cms. (using water method)

The skeletal density Py

2.18
1+ 0,634 x 2.18

1

Therefore particle density pS = 0,915 gm./cmg.

The supplier (Joseph Crosfield Ltd.) quote 0,68 cmj./gm. for the
pore volume. Using %this value in (A2.2), gives 0.88 gm./cmz. for the
particle density, Therefore an average of (.20 gm./cma. was taken as

the particle density of cracking catalyst,

24 Estimation of Bed Voidage, €. r

The bed voidage at the point of incipient fluidization was estimated

from the bulk density Pp and the particle density S

p
FT 1 - Ji (R2.3)
m Pe
3. . Determination of Shape (KS) and Roundness {Ar) Factors

Two-dimensional shape.and roundness factors of particles listed in
Table (2.3) (Chapter 2) have been determined by visual comparison with
charts available in the literature (see Figures (A2.1) - (A2.2)). The
method is based on Wad211(123) (shape and roundness of quartz particles).

To determine the shape factor (or sph=ricity) and the roundness
factor by visual comparison, loose particles were magnified by micro-

scope to about 2 - 3 times the size of those in Figures {A2.1) and (A?.2).

The shape factor and the roundness factor of each particle was estimated



by comparison with the outlines on the charts. Pest results were obtained

by first selecting sphericities on the charts that are obviously too high
and too low and then narrowing this range.

The visual method permitted sphericities to be determined at the
rate of 2 - 3 per minute., The values of ks and Ar’ presented in Table
(2.3) (Chazpter 2) were the average of at least 40 estimates. It should
be noted that three~dimensional shape factors can be determined with the
aid of the Carman-Kozeny equation (i.e. from experiments of fluid flou
through fixed beds). However, it would give less consistent results and
for this reason it was not used. Considering the rather large sampling
errors to which sphericity studies are subject, it seems probably that
visual comparisons will yield data of suffirient accuracy for many
investigations. Certeinly the rapidity of the method will permit shape
" studies to be made o part of many investigations in which the time

available otherwise would be insufficient.

4, Determination of NMean Particle Diameter, Dp

The particle size which is relevant to fluidization studies is the
surface/volume diameter st' 1t is the diameter of a sphere having the
same surface to volume ratio as the particle. This can normally only be
obtained from fluid flow or gas adsorption tests using fixed beds. The

sieve diameter D ., can usually be obtained readily and the mean size of
i

a mixture of particles calculated from:

: _ 1
p(mean) X3
Ea D .

p

(A2.4)

where x. is the weight fraction of material in each size range.
i



S

All solids were machine sieved (BS mesh size) and were closely graded.
Mean particle diameters determined using (A2.4) for all solids tested are
listed in Table (2.3)(Chapter 2), Suffice, therefore, to give a few
examples of particle size distributions and mean particle sizes for some
of the materisls used in the present work.

1. Ungraded cracking catalyst - 13% Alumina

size range (y)¥ %
0 - 20 1.0
20 - 40 9.0
40 - 80 70.0
- 80 20.0
Mean particle size (u) 60

¥ As quoted by the suppliers in their data sheet. Size distribution
q Y P

determination carried out in the present work showed a size range of

20 - 150 y.
2. Graded cracking catalyst C2
size range (u) fi xi/D i
-~150 +125 0.184 0,00132
-125 +106 0.299 0.00257
~-106 + 90 0.375 0.00381
- 90 + 75 : 0.076 0.00090
- 75 + 63 0.061 0.00086

o= 5 = C[L-
st x, = 0,995 gxi/Dpi 0.00946

Therefore DD = 106 yp



I,

T —

e

3, Rounded Sand S,

)

size ranqe QLL X. x./0 .

7 i’ Tpi
~180 +150 0.653 0.003852
~150 +125 0.091 0.000661
-125 +106 0.059 0.000511
~106 + 75

0.191 0,002100

< x. = 0,994 ggxi/opi = 0.,007224

Therefore Dp = 138 y

4, Coal

size rance (u) il xi/D i

+ 150 0.396 0.00264

~150 +125 0.330 0.00240
-125 +106 0.118 0.0010216
-106 + 90 0.074 0.0007551
- 90 + 75 0.057 0.0006909
- 75 0.023 0.00030666

\ _ i -

S\ x, = 0.998 $ix./D .= 0.00782626

5. Glass beads GB

Therefore Dp = 128 U

size range (u) X5 xi/DDi
-300 +250 0,352 0.00130
-250 +2172 0.510 0.00223
~212 +180 0.134 0.000705

SI x, = 0,996 Z, x;/0 ;= 0.004235

Therefore Dp = 237 U
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Theoretical Prediction of True Surface Eruption Diameter

Zenz(106) approached the problem by considering the annular shell
as the reaion through which the bed solids flow down around the bubble

under a fluid head equal to height of the bubhle.

from Zenz's analysis the head is related to the solids flow rate

‘by the relationship:

ot

2

ws = 3,56 Py (height of hubble) (A4,1)
Where U, = bulk flow of solids, lbs,/sec. ftz.
and pB = bulk density of dense phase flowing solids, lbs./ftz.

As depicted in Figure (A4.1), the volumetric flow of bulk solids

through an area of Am square feet surrounding the bubble can be equated

to valume displaced behind the upwardly rising bubble resulting in the

relationship

2
7 (o D) 3
—_B ey = 3.56 A [ (1 -w,)D ] (n4,2)
4 B ) m H B ¢
Since o 2
T DC T DB
= - nG.,
A 7 Z (R4.3)
and
e
. 2
_ Ad. 4
U = 4.01 K Dy ( )

Where K is a constant

Substituting (A4.4) and (R4.3) in (A4.2) rasults in the relationship

D 2
.13 K
( ) = 1 + 1.1 g (pns4.5)




Zenz quotes average values for Ky o and WH as reported by other

investigators and on substitution in (A4,5) yields

7 e (115) (1) (0, 849)°
| & _ 213)(1)(0,948
5= 1 L.20) s (hd.6)
B (1 - 0,34)2
E' or D = 3 D
; B = 3 9 (R4o7)
%
TTTRTTT T T
P
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%
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FIG. A4.] SOLIDS INFLOW MODEL FOR BUBBLE
RISE IN A FLUIDIZED BED ADAPTED FROM

ZENZ (106) .




PSEND TOY ( ED,ASTD=DEFAULT(O0),.PROGRAM)
CYWORK' (EDWORK FILE )

O S

.

BUBBLE ASSEMBLAGE MODEL —— COMPUTER PPOGRAM

PBEGIN® "COMMENT® BUBRLF ASSEMRLAGE MODEL FOR MULTI=OQORJFICE
' ) ‘ DISTRIBUTORS USED IN GAS FLUIDIZED. BEDS.,
MODEL 1S FORMULATED IN TERMS OF DI?TR[RUTOP PRFSQURt DROP

TPBEGIN' 'COMMENT® EGUATIOHS ARE BASED ON C.C UNITS.

"BEGINY 'REAL! UH.DhU,U,UHF,RHus,np.H,HS,HMF,ﬂELTAH G, PI,NOR,DUR;M,NB,
AeAF B BT, F 2, EME, U, Ha, RHOG . PDON, PONN, PRD:

VINTEGER® N, 1
RHOS:=READ; DP: =R‘AD‘ G:=RFAD: UMF:=RCAD; HMF:=READ; EMF:=READ:
Ar=READ; AF:=READ; DOR:=RFAD; 1:=READ: RHOG:=READ:
PI:=¢*ARCTAN(1>, '
MOR:SAFAF*A/(DT*DORT(2))
NOR:=HOR/AS

REPEAT: PREGIMY U:=READ; PDON:z=REAND:

UGB sU=UF NEULTHEC(Z): SPACE(S):
WRITETEXT (" ('GUBBLE%PHASEYYVELDCITY(CM/SEC)=")")Y: PRINT(UB,?2,3):
HEWLINE(Z) S .
WRITETEXT (' ("MOLOFZCOMPARTHMENTS " (P"2S Y YHETGHTZO F/COMPARTM{NT'('SS')

SNOZOFY%BURBLESY ("3 ')'H[[GHT%ABUV{ADISTRIBUTUR')')

N:=13
H5:=0;

Me=1, e RAEOS*«DP = (U/UMF) ;
PONM:= (RHOG* (U12)) / (2FGRAF*AF) ; S
PDB:=(RHOG* (UBT2) )/ (24G«AF*AF); ’ S
NOR:=NOR/ (1+(PDY=PDNN)/(PDR)) ; ‘ TS
CDROr=( (6% (U=UMF) /(PI*NOR)Y)IT(0.4))/(G1(N.2)); C
DR =M% (HME/2)+DBO;
He=HMF* (U=UMF) /7 (0. 711% ((G*DBY4(0,5)))+HMF

AGAIN: 'BEGIN!

DELTAH:=2+DBO*(((2+4M)/(2-MH))F(N))Y/(2+M);
E1:=1-HME* (1=EMF)/HI ‘ o
E?"1~HMF*(1-FMF)/H+(HMF*(1 th)t(DE[TAH*HMF))/(?*H*(H HMF)) &
HR:=HHF+2% (H=HMF) ; _ :
E:"‘IF' DELTAH 'LE' HMF 'THEN' EY 'ELSEY *IF' HB *GE’ DELTAd .
*AND' DELTAH ‘GE' HHMF STHEN®' E2 'ELSE' EMFI . ‘ CeoTn
1= Ax (F=EMF)/(PI*#(1-EMF)* ((DELTAHIT(2))):
NR:=ENTIER(NB); L
o v O NEWLINEC(2): _ S _ ]
SPACE(&); PRINT(N,2,0); SPACE(15); PRINT(DELTAH,2,3): SPACE(13);.
PRINT(NB,111). e el e
Lol =N+1; : . : T
. HS'*HS+DELTAH' . o . T
SPACE(9); . PRINT(HS,2:3);  ° NEWLINECT); SRR e S St
VﬂlFfﬂHw'GT' HS YTHEN'. 'GOTO' _AGAIN e S
BUUCLESVENDY: o Ui e T
N ~1~1: . ‘ o o
GT! CPTHENY TGOTOY REPEAT ..




A_SAMPLE OF COMPUTER RESULTS

BUBDLE PHASE VELOCITY(CM/SEC)= 3,000 . .

. NU OF HEIGHT OF KO OF WEIGHT ABOVE
COMPARTMENT  COMPARTHENT EUBGLES DISTRIBUTOR |

Y 0,793 . 40.0 0.793

~ ,

0.877  32.0 1,670 o

A | L3 ; o 0!921 o260 - 2 641
) N
- ¢“ :'1.51?"f“14.0;f116j223f1;w”b?
s 1,614 9.0 9,296 )
v 1.787 7.0 11.U83
e 197 6.0 13,067
11 - 2.190 5.0 15;250,;V
- e 2:424 ,,”,;,4{0, 17,6764 |
13 | 2.685 2,0 20.358 .
14 2970 2.0 23,328 )
s 3.288 2.0 26.616

16 3,640 1.0 50,255
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APPENDIX AG

Calibration of 'Metric' Series Rotameters for the Flow of Other Gases

In the manufacturer's manual(125), Charts are supplied which can be
used for calculating the flow calibration of any 'Metric' Series Rotameter
or anyb'MEtricF tube fitted with arspecial float the constants of which
are knouwn.

Families of curves, expressing the relationship between the variables
involved are given in the manual, Using the known meter and fluid con-
stants, the parameters of the curves are evaluated and from these the

calibration for the required fluid is established.

Formulae
P X P
1 = P~ g Y
F' F pg
Wo (p =€)
F = K X P F g
t 2 0 X P (A6.2)
Fo g
Uhere
wF = weight of float, gm.
H 3
| pF = density of float, gm./cm”.
. . 3
o = density of gas, gm./cm
g
v = kinematic viscosity of gas, stokes
Ft = theoretical capacity in litres/min
K K = instrument constants which vary with tube sizes,
17 2
and are specified in the manual.
Evaluation
Using the appropriate values of Kl and KZ’ I and Ft were calculated
using (A6.1) and (A6.2) respectively.




From the characteri

stic curves the scale readings which correspond

to plotted values of f at the calculated value of I were determined and
a detailed calibration curve of flouw F(f x Ft) Vs, scale reading was
plotted. Here f is a parameter as shown on the characteristic charts in
the manual,

It should be noted that the flow derived by this procedure was
expressed in terms of free volumes (15°C and 760 mm Hg). Conversion to
mass flow units is effected by ﬁultiplying by thoe free density of the gas.
Conversion to volumes at the working conditions is made by dividing the
mass flow rate by the working density of the gas.

Example

Calibration of 'MPetric' 14 for the flow of Co, at 15°C and 760 mm Hg.

= 1,85 x 10_3 gm./cmz.

p =
& 4
g pg = 1.457 x 10" gm./cm.sec.
: ' -4
i
§ Therefore v = 1457 % 1?3 = 0,079 stokes
1.85 x 10
pp = 2.80 gm./cmz. (for Duralumin float given in manual)
wF = 1,77 gm, (from manual)
Kl = 0,379 (from manual)
K2 = 1,316 (from manual) .

Using (A6.1) and (A6.2) and with the aid of the charts supplied in the

manual, the following calibration data were obtained.

Scale 0 3.5 6.78 9,9 12.8 15,7 18,35 20,95 23.34 25,9

reading,
CMe
Free flow 4,07 B8.14 12,21 16.28 20,35 24,42 28,5 32.56 36,63 40.7
rate,
litre/min,

The same procedure was carried out for other gases and for the meters

used in the experiments. (The calibration charts produced from the cali-

bration data are not given here).




Construction of (6.29) by Dimensional analysis

The following method of forming the dimensiqnless groups is adapted

from D?uglas(l24). It is based on the indicial and Buckingham's Pi theorem.
The method is to write doun all the variables and determine by inspection

the least number k of variables in terms of which all the other m-k variables
can be described, where m is the total number of variables in the problem,
Write down m-k equations expressing the other m-k variables in terms of the
selected k fundamental variables. The ratio of the two sides of each of these
equations will then form a dimensionless group. There will be a total cf m-k
dimensionless groups consisting of not more than k+1 variables, namely the k
fundamental (or principal) variables, if all are required, together with one

of the remaining m-k variables.

Now from (6.26) we have

Ugo - f(Do’ S+ ’pg ’Ug ’DD’pB v 9,0)
Applying tre above method, the variables include dimensions of length, mass

and time. UWe therefore require three fundamental variables to include all

three of these dimensicns.

We have 10 variables, 7 dimensional quantities and three fundamental
(principal) dimensions.
Therefore the number of dimensionaless groups is 10-3=7,
: . A6.3
iceo my fl(ﬂz, s Ty Tgo Moo ﬂ7) ( )

Selecting D ,u_ and p we express the fundamental dimensions of L, T and M
0 g

in terms af these:

o =[] giving [L1=[0_]

ug = [m L Tﬁllgiving [MJ = [pg ngz
-3 o ' pg Y
pg = [m L ] giving [T] = [-—T,l—g__]

Taking each of the other variables in term we can write down their dimensional

formulae in terms of L, M and T and then use the above equations to replace L,

M .
and T by Do,ug and pg

Group T Selectihg UL 4 the limiting orifice velocity, as the first
1° 0




SOV

All

of the m-k remaining variables we have, dimensionally,

[ong] =L - pogfeey -1y

‘whence u

U p D
ue = my . —&— and o = 9 80 . g
0 p_D 1 2im
g O Ug

By similar procedure, other dimensionless groups can be easily obtained

o

These are

P
m (-—9- T = (._.E
2 D > 3
D °g
2 -3
m (-&- T = 5 pg DO
b DO > 5 7 u 2
g
- _ S
TT'B = (¢) 5 TT7 = (—D-)

The number of dimensionless groups can be reduced and since we are
concerned with the flow of particles countercurrent to a gas stream, the
group of interest would be the Archimedes group (i.e, the particle
Reynolds number),

Therefore we may introduce the group

( Pp = Py g-oé. 9;)

5 . . 5 = Ar
g g
and the final form of the correlation will be:
a b c d e
R t [ PSS Y- R } (6.29)
e, . - Ccons . =) =) - .
2 T Dp DO Do

and this equation (6.29) forms the basis of the work presented in

Section (6.11.6),




Non-Linear Regression Analysis and the Computer Program

The program is teo find the "best" curve describing a set of data

which suggests a relationship of the form

log)y 2 = a x°

Suppose the error lies only in the ordinate Y. The method of
"lepast squares" assumes that the "best" system of values for a and
is the one which rendors the sum of the squares of the deviations a
minimum, i.e.

m o=y (v - log, 2)2 = Min.

or Moo= Z (Y - aXb)Z = Min.

where Y is the predicted value of the dependent variable,
The values of a and b may be found by solving the "normal"

equations:

mo.ow
ice. Bos o J-a® =0
giving a - Z_E___Xj
T
and Ao - aP)ax i x = 0
or FyxPmx = | a x*P an x

Substituting (A6.8) into (A6.9), we have

RBS J x*P gn x

7y xPan X ] xP

(RG,4)

(n6.5)

(R6.6)

(A6.7)

(AG.8)

(A6.10)




Hence the algorithm is to evaluste (A6,10) for different values of
b, then to pick the b value which makes (A6.10) nearest to 1.0 and to
evaluate the corresponding a using (AG.B);

The program was written in FORTRAN 4 énd can be found in the following
pages along with the best values of a and b as obtained from the computer
analysis using the exﬁerimental data, )

The main drawback of this program is the fact that values of b are
to be given which suggests that the programmer had to estimate its value
in advance.

The other defect is that since the natural log of X is to be

evaluated then X cannot have a negative value. However, this may be

QUErcome.
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90 FORMAT (//1UXr?HRESULTSIZXIZHOF;2XI1OHREGRESS[ON,ZXrB“ANALYSIS//iﬁQEG

1QU

NON—LINEAR REGRESSION ANALYS|IS— COMPUTER

PROGRAM

MASTER REGRESSION.

NON-LINEAR  REGRESSION  ANALYSIS
DIMENSTON XCVIUY  YC110),2(24),B(24)
READ (1,10) (BC1),I=1,2¢4).

FORMAT (24F5.1)

DO 0 K=1,110

READ 1 ,50) X{K),Y(K)

FORMAT (YX,FO.3,7X,F6.3)

S]:t_."

S2=0,U

§5=u,0

SQ:U'

WRITE (2.920)

DO 40 T=1.24 :

DO S0 K=1,11Y
SI=5T+Y (K) ¥ (X(K)w*g (1))

=S+ (X IK)** (2, 0x0 (1)) )« ALOG(X(K))
SH=R8 Y (K)* (X(K)**QA(I))*ALUG(X(K))
SHESLFIX(RY *#® (2 «B(1))Y)

CUNTINUE

2= 8N1%S2)/ (S3+54)

WRITE (2:.60) 201),8¢1)

FORMAT (13X,F5.2,10X,F3,1)
CONTINUE

22=1000,V

b0 70 I=1,24

1F (ABS(Z(IX=1.0) ,G6T¥, ABS{(2Z)} GO TO 70 _

22=7¢(1)~1.0

11=1]

CONTINUE

$S1=0,0

S4=0.0

b0 BU K=1,11Y .
S1=S1+Y(K)*(X()*wg(I]))
SL=S4+(X(K)Iww(2,0%BC(11)))
CONTINUE

A=S1/S4

IXrTHZ 15X THBY/)
WRITE (2,100) A,8(11)

STUP
END

FORMAT (//12X+12HOPTIMUM A =71F6.3//12X,12H0PTIMUH B 2 sF3.9) . .

REG
REG
REG
REG
REG
REG
REG
REG
rREG
REG
RFG
RFEG
RFGQ
REG
REG
ReG
RFG
RiG
REG
ReG
REG
R G
REG
REG
RFEG
REG
REG
REG
RFG
REG
RFG
REG
REG
REG
REG
REG

REG
REG
REG
REG

 REG

600

700

800

200
1000
1100
1200
1300
1400
130
1600
1700
1750
T800
1900
2000
21900
2200
23G0
24600
2500
2ru0
2a00
2000
3000
3100
200
3300
3400
3500
3600
3700
3800
3900
4000
6100
46200
6300
6400
LS00
6600
4700
6800
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TABLE (3.1)

Multi-orifice distributorsused in the experiments

—
Orifice diam, Orifice Spacing Number of Orifices | Plate free area
Do’ cm. S, CMe Ny, =~ ¢

, =4

3.00 19 9.7 x 10
0,10 2.3 37 18.85 x'lOHé
-

1.80 57 29,0 x 1U

% 2.3 57 48.0 x 107°
-
% 0,159 1.80 57 74,0 x 107"
% ) . -4
! 0.200 2.3 37 238 x 10
|
~4
1.80 : 57 166 x 10
0,238 1.59 S 19 174 x 10”4
,X.
_ 1,81 14 127 X 10”4 .
I
i 4
| 3.0 19 100 x 10
|
i : - ¥
0.7318 1.59 19 310 x 1070 7

¥ 7.9 cm. diameter column

IS




z
,

S e S e S

%

TABLE 3,2
Orifice diameter D0 :. D.1 cm,
N = 57 = 37 N = 19
QO A'DD Qo APD QO APD
cmjﬁ/sec. CrmH2O cm . /sec, cmn. H,0 cmz./secg cm. H,0
3.760 0,485 8.05 1,90 11.00 3.30
4,460 0.650 9,20 2.45 13.50 4.80
5,23 Of89 11.50 3.40 17.9 7045
5,96 1,12 12,60 4,55 22.45 11.35
6.72 1035 13.70 5,30 26,80 16,30
7.45 1.67 16.20 6.60 36.00 27.50
8.20 2.00 18.20 8.80 44,60 41.00
10,45 3.15 20,60 10,45 54,20 96.50
11.96 3.90 28.20 18.40 6?.50 74,00
14,92 5.80 30,60 272,50
20,80 10.50 36.70 31.80
23,90 13,70° 41,40 40,00
QGfBD 16,80 48,40 52.00
31,30 23,00
37.95 31,00
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Ay

15

Orifice diameter DD 159 cm. \\\\\\Egjjffe diameter Do 0.20 cm.
N = 37 ‘ N =
u, 4, APy a, AP,
cmze/secc sze/sec, em. H,0 cmz./sec, cm. H,0
7.10 13.60 0.44 9,00 0.09
8,87 19.00 U.Bé 10,25 0,112
10.80 21.70 1.090 11.3 0,143
12.56 27,70 1.72 13.5 0.20
14,30 33.50 2.47 15.7 0.265
16.10 42,68 3.90 18.0 0.350
18,20 52,00 5.65 22.5 0,545
23.70 62.00 7.90 27.0 0,78
28.0 73,60 10.55 31.5 1.04
34,10 80.00 13.00 36.0 1.41
39,60 91,50 17.80 40,6 1.85
45,30 100.00 20,40 44,0 2.10
54,00 109.4 25.50 50,2 2.80
121,.0 30,00 55,0 3,30
61.0 3.90




TABLE 3,4

Orifice diameter D
o

= 03318 CMe

N o= 19 N = 19%
0, Ary Q APy
Cm3a/seco cm, HZD cmz./seco CM. HQO
26,3 0.109 19,70 0.07
32.8 0,177 22,00 0.0835
42.2 0,270 26,50 0,117
59.0 0,520 31.00 0.160
71.0 0.730 35,00 0,193
89.0 1.195 39,40 0.244
102.0 1.58 44700 0.310
118.5 1.90 52,50 0.432
137.0 2,70 61,40 0,595
155.0 3.45 72.0 0.795
172.0 4,14 80,0 0.980
190.0 5.10
217.0 6,40

¥ Data refer to 7.9 cm.

diameter column,.




TABLE 3.4 (cent'd)

Orifice diameter D
]

0.238 cm.

%}
7
%Z
:
=
Z
|
%
%
:
% o

—

7 N N =
QD ApD a ApD 0
cm3s/sec. cm. H,0 ./sec, cm. H,0 cmz./sec.
14.0 0.105 13.92 0.110 15,20
19.60 0.203 16.25 0.143 18.25
23.4 0,29 18.52 0.180 21.80
274 0.392 21,00 0.225 24,4
33,6 0.596 23,20 0.27 30.4
40.5 0.824 25,60 0.33 33.5
45.0 1.12 27.80 0.382 36.5
54,5 1.52 32.00 0.500 42.8
62.0 1.94 37.20 0.650 49,0
80.0 3,10 46,60 1.080 54,8
98.0 4,80 56, 30 1.600 61.0
109.0 5.40 66.0 2,150 73,3
76.2 2.850

% Data refer to 7.9 cm.

diameter column.




Effect o

f orifice

spacing on distributor pressure drop

(14 cm. diameter column)

DO = 0,10 cm, N = 19 ¢ = 9.7 x 10
5 = 1.27 cm S = 1.9 cm. S = 3.0 cm.
U 8P, U AP U AP
cms/sec. cm, HQU cm. /sec. cm. H cm. /sec cm. H.O
1.50 3.75 1,20 2,04 1.37 3.3
2.20 8.00 1.55 4.0 1.67 4,7
2.78 12.3 1.98 6.6 2,22 o4
3.00 14,1 2.48 10.0 2,78 11.3
3,65 19.1 B;DD 13.4 3.33 16.2
4,56 29.0 3.50 ) 18.0 4,46 27,7
5.36 38.5 3.95 23.8 5.56 40,6
/.00 63.0 3.54 35.4 6.90 56.9
£.00 80,2 5.95 50.0 7.35 74,0
6.90 60.0
TABLE 3.6

Comparison of calculated and measured orifice constant

¥Is the mean observed orifices co

0, % . .
cm, cm? calculated |measured
0,10 0.01 10 7.08
0,159 0.0253 25.3 20.80
0.20 0.04 40 30,50
0.238 0,0565 56.3 44,00
0,318 0.0101 101.0 82.00
nfflc1fnt It was obtained as follows

each distributor

/"

JZ}?

Where n = number of obser vatlonso

for




‘

o

Distributors used in the experiments (14 cm.diam.bed)

TABLE 3,7

Predicted air velocities U

Distributor plates Do’ cm, S, cm.
1 0.1 1.8
2 0.1 2.3
3 0.1 3.0
4 0.159 2.3
5 0,159 1.8
TABLE 3.8

required to make all orifices

N

57

19

37

57

¢

29.0 x 10°

18,85

X
=
=

9,70 x 10

48,0 x 10

74,0 x 10

operative for the distributors used in the experiments

Solid Distributor U cm./sec. U/Umf
2244 silver sand 1 9,133 1.63
U = 5.7 cm./sec. 2 7.446 1,33

mf
3 6.408 1.144
4 12.474 2,230
237 W glass beads 1 9.968 1.424
U . = 7.0 cm./sec. 4 14,680 2.100
mf
5 16.230 2.320




(Glass Beads)

U

AP

>
«

o
o

_ SR o
Cm.HZO Cm'HZD cm. /sec. cm.HQO cmnHZD 1 .
12,62 27.5 15.8 1.30 0.575
14.82 37.0 28,2 0.970 0,773
18.60 56.1 44,2 0.640 0,788
22.53 7863 62,2 0.460 0.80
26525 105.0 80.0 0.341 0.76
12,22 27,1 15.4 2.285 0.568
14,5 36,2 23.2 1.71 0.64
18.86 56,3 42,1 1.100 0.75
22.86 80,0 57.0 0.774 0.712
26.0 104,0 84.4 0,595 0.81
12,7 | 27,7 12.00 3.14 0,433
14,82 37,0 18.00 2.35 0,487
18.82 56,1 35.6 1,55 0.635
22.59 79,0 59,3 1.10 0.747
10,75 20.0 6.84 5.30 0.342
12.44 27.3 10.26 3.90 0.376
14.40 35,5 17.23 2.986 0.486




TABLE 3.9 ( continued)

(Glass Beads)

APB APB U Apl AP2 ApB Ap2
eq, obs. KEI Kp“l“
cm,H2U cm.HQD cm. /sec. cm.HQU Cm°H20
85.6 83,02 11.80 4,95 1.00 16.80 0,200
83,65 13.10 6.00 0.82 14.00 0.136
83.80‘ 15,30 8.00 2.00 10,50 0.250
17,40 10‘56 3.60 7.98 0.343
TABLE 3.9 ( continued)
(Glass Beads)
APB APB gas.ve APl AP2 APB A PZ
eq. obs. ‘A'Fa”l“ 7@“1“
cm.H2D cm.H2U cm./sec, cm.HZD Cm.HzU
5563 51.5 14.00 3,14 ‘0,50 16.40 0.159
15,40 3.75 0.90 13,74 0.240
17,10 4,60 1,50 11.20 0,326
20,00 6.10 2,20 8.44 0.367
85.25 84,10 17.50 4,80 0.82 17.50 0.170
19.10 5.65 0.90 14,88 0,159
20,40 6.30 1.15 13.35 0.182
21,76 7.10 1.56 11,850 0.220
24,40 9.00 3.00 9,34 0.334




s

(Silver Sand)

U APy AP, APy Ap2
Ap_ Ap_

cm. /sec. cm.HZU cm.H2U ‘ 1 pl
8.62 13.70 11,4 1.61 0.833
9.71 17.00 15.8 1,29 0.930
11,0 21,00 18,7 1.05 0.890
11.8 24,00 21.00 0.916 0.675
13,736 30,00 27.00 0.734 0,500
15.6 40,50 35.00 0.544 0.865
9,7 16.70 14,90 2.33 0.840
11.26 21,40 16.90 1.84 0.79
13,22 29,60 25.74 1.32 0.87
15,53 40.00 36.00 0.973 0.90
14,77 36.5 21.90 1.84 0.623
18,86 56.3  35.7 1.195 0.635
22.5 78.6 55,7 0.855 0,705
15.60 40.5 23.6 2.08 0.584
18.82 56.1 34.0 1.50 0.606
0.577

22,40 78.0 45,0 1.01




TABLE 3.10 ( continued)

APy A%y U Apy 4P, AP /AP, AP,
eq. obs. Ka—‘
cm,HQD cm.HQD cm./sec. cm.HZU cm.HZD 1
16,00 15.10 . 5.62 13.8 8.8 1.095 0,637
14,90 6.1 15,7 11.2 0.95 0.720
15.00 6,637 18.5 13.8 0.812 0,746
7,735 24,8 19.4 0,605 0.783
8.87 32,0 25,70 0.470 0.80%5
9.98 39,0 33,70 0.385 0,865
10,55 43,5 37047 0,345 0.862
11.65 5200 46,50 0,289 0.895
31,8 31,00 5.50 13.65 6.9 2.27 0,504
30.80 6.00 15.30 8,00 2.00 0,523
6.64 ‘19.00 10,75 1.62 0.566
7.725 24,8 16.00 1.24 0.645
8.87 32,00 23.00 0.963 0,720
9,94 38.50 29,20 0.800 0.76
10.51 43,20 33,10 0,713 0.766
11,60 51,80 43,00 0,595 0.830
47,70 46,80 6,10 15,70 6.30 2.98 0.400
6.65 19,00 8.53 2.46 0.950
7.72 24,7 13.20 1.90 0.535
8,95 32,2 23,00 1.45 0.715
9,90 38.0 31.20 1.23 0.82
10.75 44,0 34,00 1,063 0,773
11,55 51.5 42,90 0.91 0.834




TABLE

(Silver Sand)

3.10 (continued)

APB APB U Apl A[J2 APB Ap2

. eq, obs. N =
. cm.H,0 om0 cm./sec., cm.H.0 cm. M0 1 1
% “ 8l.7  8l.2 6.60 18,40 8.1 4,41 0.44
7.75 24,5 10,0 3,31 0.408

8. 60 29.5 13.9 2.75 0,472

10.00 38,8 22.1 2.09 0,570

3 23.8 23,0 5,60 42,00 36.9 0,547 0.88

23,2 7.35 72.50 71,2 0.320 0.983

10,00 125.0 118,5 0.185 0,950

11.20 150,0 145.9 0,155 0,973

15,23 268,0 265.0 0,0865 0,99

TABLE 3,10 ¢(continued)
(silver Sand)
APB APB U APy Ap, éfg éfé
p p

T

4 23,00 21,8 8.80 2.8 0.66 7.80 0.236

10,00 3.7 1.15 5.90 0.311

11.65 4.9 2.20 4,45 0.450

13.85 6.6 3.70 3.30 0.560

16,70 9.4 7.00 2.32 0,745
19.40 12.9 11.30 1,69 0.876
47,9 45.8 9,95 3.55 0.40 12,9 0.130

11.60 4,80 1.15 9,55 0.24
13,80 6.56 2.00 6.97 0.304

16.60 9,30 4,50 4,93 0.484




TABLE 3,10 continued
(Silver Sand)
ADB APB gas APl L\Pz APB AF’Z
eq. obs. velocity Apl ZEI
crnﬁ420 can2O cm, sec, cm, H,0 can?O
4 65.35 64,0 11.10 4,35 0.65 14.70 0.150
14.00 6.90 1.60 9,30 0,232
16.65 9,40 3.00 6.80 0.319
19.00 12,3 4,40 5.20 0.36 :
84,70  B3.80 11.25 44 0,50 19,10 0.114
13.90 6.8 1.20 12,730 0.176
16,60 9,3 3,00 9,00 0.323
19,30 12,7 4.50 6.60 0,354
2 67,0 66,0 = 6,60 18,00 9,10 3.67 0.505
7.76 24,60 13.10 2.683 0,533
8.90 31,50 16.00 2,100 0,507
9,95 38.00 25.64 1,740 0,675




Pressure drop criteria

TABLE 3,11
(14,0 cm, diam. bed )
‘ }
Bed ht. APB(Dbsﬁ) APD(obs.) H/D ADD/ADB
N H, cm, cm.H,0 cm.H,0
Distributor 4 4,0 6.1 1.28 0.286 0,21
224 ysilver 5,85 8.8 1.80 0,418 0,205
sand 8.10 11.6 1,65 0,578 0,142
10.0 14,93 1,74 0.715 0.1163
12.45 18,50 1,45 0,89 0,0785
16.85 25.50 1.43 1,20 0.0581
22,40 34,10 1.22 1.60 0.0358
Distributor 5 4,0 6.0 1.40 0.286 0.234
224 y silver 5.9 6.6 1.22 0.422 0.185
sand 8.5 9.6 1.15 0.608 0.12
10.5 11.4 1.14 0.750 0.10
13.8 17.4 1.35 0,985 0,775
Distributor 4 4,1 8.2 1.72 0.293 0.21
237 y glass 6.5 10.25 2.20 0.465 0.214
beads 10.6 17.10 1.90 0,757 0,111
13,4 21.40 2.0 0.957 0.08935
16.4 26,75 1,745 1.171 0.0654
22.1 36425 1.90 1,580 0.05245
Distributor 5 5.5 2.70 0.47 0.393 0.174
281 | Diakon 9.3 6.00 0.61 0.664 0.103
14.8 8.90 0.52 1.055 0.0585
18.9 11,15 0,47 1.35 0,0421
Distributor 5 5.5 2,0 0,30 0.393 0.15
106 U cracking 10;1 4.2 0.42 0.722 0.10
catalyst 15.5 6.3 0.352 1,108 0,056

e =




Distributor

(30.5 cm. diam. Bed)

N: 97

Do: 0,159 cm.

¢ 26,4 % lD"4

Bed ht. | pPy(obs.)| pPy(obs.) H/D | 4 Pg/h Py
Hy, cm, CMe HQD cm. HZD
224y silver 5.8 8.85 2.84 0,19 0,321
sand 8.6 13,7 3,50 0,282 0.256
12,2 17.9 4,12 0,40 0,230
17.4 25.9 4,22 0.57 0,163
21,4 31.8 3.82 0.70 0,12
30,5 44,1 3.53 1.0 0.08
237 glass 6.0 10.2 3.18 0.197 0.316
beads 8.2 14.2 3,80 0.269 0,268
12,1 19.9 4,68 0,396 0,235
16.5 24,7 4,32 0.542 0.175
21,0 34,0 4,32 0.690 0.127
27.9 46,1 4,20 0.915 0,091
30,6 52.0 4.0 1.0 0,077
TABLE 4.1
Distributor plates Do’ CMe S, cm. N 0
A 0,10 1.8 57 29 x 1074
B 0.159 1.8 57 74 x 107"
C 0.159 1.8 22 29 x 107
0.238 1.8 57 166 x 10”4




A

TABLE 4.2

Experimental Results

Distributor A

Maximum spoutable bed height = 5.24 ¢cm, U _ = 5.7 cm./sec

Solid: (224 y) ungraded silver sand

mf
oo, | Hyp = 5.8cne | H o = 1056m |[H . = 16.5 cm,
cm. /sec. Dgoem- | Dgs cme Dggs cme Dgs cme | Dy, cim. Dg» cm.
obs. calc. obs. calc, obs., calc.
0,00 0.80 1.39 1.83
0.30 0.81 0.805 1,33 1.215
0.60 0.87 0.926 1.40 1,357 1,99 1.906
1.00 0.94 1.050 2,20 2.091
1.30 1.53 1.607 2.18 2.217
1.40 1,13 1,154
1.60 2.35 2.335
1.70 1.00 1,224
1.80
2,00 ' 1.13 1,289 1,73 1,815
2,30
2,40 2,47 2,630
2,70 1.26 1.43 1,96 2.00
2,80
3.00 2,905 2,838
3.40 2,00 2.18
3,80 2,80 3.105
3.90 1,48 1,645
4,00 2,20 2,325
5,10 1.80 1.841 2,53 2,580 3.47 3,52
‘5.50
6.00 2.07 1,980 2.81 2,778 3.67 3.80
I B S E———




legﬂii_ﬂglg continued
L 0 F 22.4 cm, Hmf = 25.0 cm,
mf
cm./sec. Dgs cme Dgs cm. Dgs cm. Dgs cme
obs calce. obs. calc.
0.00 2.39
0,30 2.46 2.256 2,72 2,479
0.60 2,45 2,445 3.00 2,683
1.00 2.63 2,665 3,03 2,918
1,30 2,73 2,810 3.20 3.081
1.80 2.92 3.05 3.5 ‘3.338
2.30 3,18 3.28
2.40 3.73 3,63
2.80 3.39 3.50
%.00 3.90 3.912
4.00 3.86 4,00 4,40 4,367
5.10 4,46 4,445 5.08 4.853
5.50 4,52 4,610 5.39 5.027
| 6.20 4,97 4,879




Distributor A

TABL

E 4,3

Experimental Results

Solid: (237 u> graded glass beads.

Maximum spoutable bed height = 5.35 cm, Umf = 7.0 cm./sec.
U - Umf Hmf = 6.0 cm, Hmf = 10,5 cm, Hmf = 1l6.1 cm,
. /sec. Day cin, DB’ cm, DB’ Cil, BB’ CMe DB’ cm. DB’ Cile
obs, calc, obs, calc. obs. calc,

0.5 1.10 0.991 1.38 1.459 1,70 2,042
1.0 l.41 1.645 1.80 2.271
1.1 1.2 1,177

1.5 1,52 1.808

1.7 1.18 1.323

2.0 1.72 1.95 2.4 2.649
2.3 1.30 1,45

3.0 1,56 1.584 2.10 2,208 2.8 2,984
3.5 3.1 J.144
3.6 l.64 1.691

4,0

4ol 1.82 1.776 2.62 2,468

4.2

4o4 3,70 3.422
4.5

b4o7 2.84 2.604

5.2 2.12 1,952

5.4 3,23 2,757 4,18 3.72
6.1 3,42 2,906 4,57 3,923
6.2 2.40 2.104

7.0 2,76 2.22 3.90 3.094 5.16 4,181




rz

TABLE 4.3

continued

B L Hmf 22.5 cm, Hmf 27.2 cm,
mf —
CiMe/SBC, Dys cm. Dy cme. Dgs cie Dgs cme
obs. calce. obs. cals,
0.5 2,36 2.707 2.90 3.185
1.0 2,52 2,98 2,98 3.491
2.0 3,10 3,447 3.02 4,021
3.0 3,80 3.872
3.1 4,52 4,557
4,0 4,58 4,275
4o2 5.06 5.069
4.5 4,72 4,472
5.4 5.26 4,820 6.00 5,611
6.1 5.55 5.086 6.39 5.921
7.0 6.50 5.423 7.10 6.316




2979 8T AR 160 ¢ 8T ' 222 $8°2 0'L

$88°¢C 06°¢€ 09

6L"S ozLe oh*h LSL'Z £6°¢ £86°T 252 n°g

T09°¢€ STARY 0L8°Z on'e 126°T hi 'z 0°S

6£°S Zshe 00" H 655°C 0z'¢ Th8 " T Te°2 S*h

Shh*Z 0z°¢ 65L°T 0z°2 0'h

08" nhl"¢ st 622 062 g¢

zL8°¢€ 95" h h86°Z n'g 8022 LL*Z h8S " T h6° T 0°'¢

Lhh € 00" H 669°C . 06°Z 056 T £n'Z 88T £€9°1 02

808°T oh"Z LLT"T 25°1T ST

86°2 65°¢€ TL2°2 09°2 6n9° T 0T°2 0ST'T 9n°T 0T

Zh0°2 6£°C 65h"T ARk 1660 ze°T 50

OV U N PO A I S (A A T R T I o <008, o

w g7z = I w 79T = TH w507 = T d wo 0’9 = T H o
speaq sse1d pspedd  (f Le£Z) PTTOS g JOINQTIIST]

peNUTIUOD €% TIEVL




TABLE 4.3 continued

Distributo? L Solid: (2374 ) graded glass beads.

H = 10,5 ¢m,

U - U
( mf 0.5 1.0 1.5 2,0 2.7 3.0 4.0 4.7 5.4 6.1
Cie /SEC, .

(DB) obs. 1,71 1,70 1,70 1.82 2.00 2.23 2,62 2.9 3,16 3.82

CHle

TABLE 4.4
Data reported in the literature
(I) Date reported by Cookes et al,(102)
Condition U U/Umf Hmf (DB)obs. (DB)calc.

cm. /sec. - cm, cm. Cm.
Solid: coal 36 762 20 15 16.2
Upe = 5 ch./sec, 36 7.2 40 24 27.4
€ = 1.4 gm. /cm™. 24 4.8 20 12,5 11.5
| 24 4.8 40 21 19,73
Distributor: multi- ‘ 18 3.6 20 9.8 9.1
orifice with 0,1 18 3.6 40 16 14.8
orifices per cm2. 18 3.6 60 22 20.4
18 3.6 80 27 26.0

D = 30 cm, x 1;2 CMe

(two-dimensional bed)




TABLE 4.4 continued

(11) Data reported by NMecgrath and Streatfield(109)

Condition

U U/Umf‘ Hop (DB)obs, (DB)calc.
cm./sec, - CMe Cfo CMo
Solid: alkalized alumina 65 1.18 1.3 1.65 1.25
70 1,272 1.3 1.68 1.35
U o= 55 cin./sec, 65 1,18 2.6 2.50 1,70
70 1.272 2.6 2.60 1,85
f’ 3 )
= 1o gm./=m 65 1.18 5,2 2.90 2.64
70 1.272 5.2 3.33 2.85
D = 1540 fL 65 1.18 7.8 3.34 3.60
P
Distributor: multi-orifice 70 1.272 7.8 4,10 3.85
plate with 2.5 orifices 75 1,362 7.8 5.00 4,00
per cmz. 65 1.18 10.5 4,17 4,57
70 1,272 10,5 5,30 4.90
D = 30,5 cm. x 15.2 cm, 65 1,18 13.3 5.00 5.60
(three-dimensional bed) 70 1,272 13,3 7.35 6.00




Netaile of - s .
etails of muiti-orifice dist

ributors

Cross-sectional area of column = 45,45 cm%

Distributors Orifice spacing Orifice diameter Number of Plate character—

S cm, DO cm. Orifices istics ¢
N

1 6.5 0.05 5 2.21 x 107%

2 3.3 0.05 11 4.86 x 107°

3 9.6 0.10 3 5.3 x 107°

4 7.2 0,10 5 8.84 x 107

5 4.8 0.10 8 14.14 x 107° Qf; @
6 2.4 0.10 15 26.5 x 107" i

TABLE 5,2

Solid Particles *

1 alc - c c c -
Diakon Sand Sl Sand 82 Sand S, Catalyst Cl
Mean particle diameter, U 281 177 2717 138 106
particle density, gm,/cmgo 1.167 2,64 2.64 2,63 0,915
Umf, cm./sec. 3,25 4,011 7.6 1,95 0.455

% Spe Table (2.3) (Chapter 2) for details.

7

dimensional column

Il In Table (2.3) is given as 2.6 cm./szc. In a two-

this is found to be around 4.0 cm./sec.

]
{




TABLE 5.3
Experimental Results
Solid: Diakon (281 = 25 s
u) Umf = 3.25 cm,/sec,
__—--m l 2 m ‘:‘ T T
1 - 4 5
S = 6.6 cm, S = 3.3 cm, S = 7.2 cm. S = 4.8 cm
0.788 3,12 2,97 0.694 2.65 2.80
0,720 2,77 2,73 0,572 - 2,34
0.620 2,27 2,35 0.500 1,92 1.88
0,540 2.16 2,05 0,434 1,70 1.62 1
D.481 1.88 1.79 0.383 1.48 1.42
i
0.434 1.58 1.59 0.342 1.34 1.27 1
0,315 1.25 1.15
0.289 1.12 0.94
TABLE 5,4
Experimental Results

Solid: Silver sand s, (277 u) Up = 7.6 cm. /sec.
2/5
Unt ' 6 5 S
U 5 = 2,4 cm. S =4.8cm. S = 7.2 cm.

0.914 3.99 3.75

0,855 3,70 3.42 3.53

0.763 3.12 3,10 3.06

0.703 2,90 2.91 2.90

0,648 2.67 - 2.54 |
0,592 2.42 2.36 2,50

0.558 2,22 2,27 2,38

‘continued... ;ii»g




TABLE Siﬂ continued

Z/5

Umf ° 5 4

U S=2.4cm S =4.8cm. S = 7.2 cm

0.522 2.04 2.0% 215

0.467 1.79 1.86 1.92

0,420 1.61 1.63

0.351 1.38 1.42

0.300 1.16

0.263 1,02

TABLE 5.5
Experimental Results
Solid: Rounded sand S, (138 1) U p= 1.95 cm. /sec.
P_ﬂji z/s
U 6 5 4 3

5 = 2.4 cm. S=48cm. S=7.2cm. S =9.6 cm.
0.756 3.04 2,92 2.95 3,13
0.66 2.60 2.71 2.56 2,70
0.53 2.12 2.04 1.93 1.98
0.441 1.80 1.71 1.60 1.68
0,377 1.58 1.46 1.40 1,44
0.33 1,46 1,32 1.25 1.22
0.293 1,34 1,13 1,13 1.19
0.264 1.17 1.12 1.00
0.24 1,10 1,04 0.94
0.21 0.92 0.96 0.77




TABLE 5.6

Experimental Results

Solid: Diakon (281yp)

u
m

p = 3.25 com. /sec.

Distributor

5

Solid: graded silver sand S, (177 u) U o= 4.0 cm. /sec.

Experimental Results

U/Umf
n ﬁ- Bed height Bed height Bed height
np = 215 Moo= 465 H = 66.6
1 0.125 - 1.05 1.058
2 0.250 1,125 1.138 1.12
3 0.375 1.20 1.21 1,21
4 0.500 1.27 1.25 1.26
5 0.625 1,31 1.30 1,30
6 0.750 1,36 1,76 1.35
7 0.875 1,448 1.46 1,44
8 1.00G 1,610 1,54 1.52
TABLE 5.7

U/Umf
n n Bed height Bed height Bed height
N Hmf = 21.7 Hmf = 36,4 Hmf = 56,2
1 0,125 1.08 1.062 1.065
2 0,250 1.17 1.158 1,150
-3 0,375 1.22 1,235 1,250
4 0,500 1,282 1,300 1,300
5 0,625 1,366 1,385 1,370
6 0,750 1.410 1.420 1.450
7 0.875 1,467 1.48 1.530
8 1,000 1,870 1.86 1.840

Distributor 5




TABLE 5.8

Experimental Results

solid: Cracking catalyst C, (106 yu) U p = 0,455 cm.sec™?, Distributor 5

Repeatability of Results

U/Umf
n n Bed height Bed height Bed height
N Hoo=22.0 H =450 H =703
1 0.125 1.375 1.82 1.64
1.86 1.31 1.50
2 0,25 1.70 1.36 1.50
1.80 1.66 1.54
3 0.375 2,12 1.94 2.05
- 2.25 2,36
4 0,500 2,42 2.32 2.13
2.25 2,45 2.20
5 0.625 2.78 3.04 3.10
3.06 3,72 2.85
6 0,750 3,42 3.25 3.55
3.68 3,65 3.33 ',f}f
7 0.875 4.09 3.76 4.0 lé ‘
3,66 - 3.9 ?
8 1.000 4,45 4.3 4,25 .
| 4,12 4,50
i




Gravity Flow Data

TABLE 6.1

Repeatability of the results

Solids are specified in Table (2.3) (Chapter 2)

. Orifice
Salids diam, Observed W Average W Deviation
D, cme  sec, gms. gm,/min, gm./min, A
35 154,5 264 il
Glass beads  0,4762 35 154.4 263 . 264,0 71 T 0.4 E
G, . g
(237 U) 40 176.6 265 ,
60 266.5 266.5
Glass beads  0.4702 40 177.0  265.8  266.0 0.5 T 0.2
Gy
45 198.0 265.8
(270 ) N |
30 236.9 473,.8
Silver & Sand 0,635 40 314,7 473.,0 473.3 105 7 0.1
%2 40,9 322.5 473,2
(277 1)
30 99,6 . 199.2
Diakon 0.635 30 98.0 196,0 198 + 2 ¥ 1.0
(281 1) 30 00.4 198.8
TABLE 6,2
Fffect of bed height
. Orifice diam, Flow rate W qm./min,
Solid Dr cm H = 10 cm. H = 20 cm. H = 30 cm,.
’ L
@]
1.270 - 3869 3854
Glass beads  1.1112 2709 2716 2711
G 0.873 1540 1433 1441
3 [
(237 1) 0.635 575.4 576.3 575
0.4762 264,0 266,0 263.7
0.3175 82.1 82.1 82.0
39.9 39.7 39.8

0.238
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Cr

acking catalyst C?

Dp 106 p PR = 0,581 gm./cmg.
D CMe N A cm2 ;
o o . pB.Ae.J~§" W, gm./min,
0,238 1 0.0391 0,712 17.2
2 0.0782 1l.424 34,5
4 0.1564 2,848 70.0
9 0.3519 6.408 153.2
D,3175 1 0.072 1,32 29.81
2 0.144 2,64 60.0
4 0.488 5.28 129, 3
8 0.648 11.88 271.5
D. 4762 1 0,167 3.04 77.25
2 0.334 6.086 155.0
4 0.668 12.16 320.0
0.635 1 0,302 5.50 133.0
2 0.604 11.1 271.2
4 1,208 22.2 533.7
0.8731 1 0,577 10.5 275,0
) 1.154 21.0 540,0
4 2.308 42.0 1100.0
1.112 1 0,945 17.2 464,47
) 1.89 544 940.,0
1.27 1 1.24 22.6 602.1
2 2.48 45.2 1210.0




TABLE
Dp =128 u pg = 0.490 gm,/cmz,
DO,Cm. N Ae,ch, 0. WA jg D m /mi
B *"a o s gm./min,
0,238 1 0.038 0.272 11.65
4 0.076 1.088 . 49,12
7 0.266 1.904 83,03
9 0.342 | 2.448 106. 3% ,
14 0.532 3.808 170,25 f
60318 1 0.0705 0,594 25,71 {
2 0,141 1,188 53.0 : i
4 0.282 2,396 103,32 ‘ §
7 0,4935 4.158 180,55 %
9 0.635 5,346 230,12 %
0.4762 1 0.1645 1.72 66,00
2 0.329 a4 141.21
4 0.658 6.88 280,63
6 0.987 10,32 421,28
0,635 1 0.298 3.6 135.8
2 0.596 7.2 290.0
0.87312 1 0.575 8.15 289.0

. 1,15 16.3 610.0




TABLE 6.6

et

Diakon
Dp = 281 oy = 0.688 gm./cm?
D, cm. N A, oml _— Jf”_g"' -1
0 e B e 9 o U, gm.min.

0,2381 1 0,0308 0.296 14,73
2 0.0616 0.592 29.5

4 0.1232 1.184 59,0

7 0.2156 2.072 105.0

9 0.2772 2.664 : 125.7
14 0.4312 4,144 208.25

0,4762 1 0.1495 2,122 91,2
2 oezggb 4,244 180.5

4 0.598 8.468 364,72

7 1,0465 14,854 638.8

9 1.3455 19.098 822.1

0,635 1 0,278 4.62 198.0
2 0.556 9,24 408.2

3 0.8%4 13.86 594,2

5 1,390 23,1 987.2

7 1.946 32,34 1353,8

0.8731 1 0.5445 10.7 4682
2 1,089 22,4 940,0

3 1.5335 32.1 1402.0

5 2.7225 53,5 2342.6

7 3.8115 74.9 3279.5




Glass beads G
4

Dp = 270y Py = 1.79 gm./cmz.
D , Che. N A, cm2= On oA v/g D .
0 e B e e W gm./min,
0,238 1 0.0312 0.78 , 472 .49
2 0.0624 1,56 84,05 !
4 0.1248 3,17 169.55 %
7 0.2184 5,46 244,12 ?
14 0.4368 10,92 590.10 ] ’;
0.3175 1 0.0613 1.815 93.55   :Q
2 0.1226 3,63 200.2 :
3 0.1879 5. 445 282.0 |
5 0.3065 9,075 465,75
7 0.4291 12,705 654,50
9 0.5517 16.335 838,0
0.4762 1 0,150 5.551 265.2
2 h.soo 11,10 532.,0
3 0,45 16.653 7965
5 0,75 27,76 1312.0
7 1,05 - 38.86 1862.0
0.635 1 0.2794 12,1 595,73
2 0.5588 2442 1193.5
3 0.87382 36.3 1787.4
c 1,797 60,5 2980.0
0.87312 1 0.552 28.2 1396.0




IABLE 6.8
Silver sand 82
Dp 277 g = 1.58 gm,/cmg.
D, cm. N Ao cm2. PneA /g.D | W /mi
JSRRAPRY e .+ gm,/min,
0.238 1 0.031 0.681 35,8
2 0.062 1.3672 ‘ 70.05
4 0.124 2.724 142.2
7 0.2168 4,767 245.0 :
14 0.4337 9,534 490,0 ?*’f
0,4762 1 0.15 4,92 215.9 i?:%
2 0.30 9.84 430,0 : é
3 0,45 14.76 650.0 ?
|
4 0.60 19,68 860,0 i
7 1.05 34,44 1533.0
9 1.35 44,28 1882.0
0,635 1 0.278 10.6 475,3
2 0.5564 21.2 946.8
3 0.8346 31.8 1425,1
5 10391 53,0 2380.0 &
7 1,947 74,2 3228,0 3 i
0.87312 1 0.545 24.6 1138,0
2 1,090 49.2 2272.5 » i
3 1.635 73.8 3414.8 fg‘%f
. 2.725 123.0 5685,0




TABLE 6.9

Distributor Plates

(1) Mmulti-orifice flat plates (7.9 cm. diam. column)

(NOTE: by stopping up orifices with Plasticine, the number of open

orifices on a given plate was varied as desired.)

T 1
N Do’ Ciie S, cm, L, cm. b, %
37 0.159 1,18 | 0,318 1.55 2
37 0.238 1.18 0.318 3,38
37 0,200 1,18 0.318 2,38
37 0.278 1,18 0.635 3,38
37 0.238 | 1.18 1.27 3,38
30 0.238 1,27 0.318 2.74 nal
19 0.238 1,59 0.7318 1.74 '1'%
19 0.400 1.59 0.318 4.9 L
19 0,318 1.59 0.318 3,09
19 0.318 1.59 0,635 3.09
19 0.318 1.59 ' 1.270 3,09
14 0.238 1,81 0,318 1.27
9 0.476 2,738 0.718 3,28
9 0.476 2.738 0.635 3.28
g 0.475 2,738 1,27 3,28
5 0.635 3,13 0.082% 3,27 |
5 0.635 3,13 0,318 3,27
5 0.635 3,13 0,635 3,27
5 0,635 3,13 1.27 3.217
* = 32 Thou.
(2) Multi-nozzle plates (see Table (6.33).
(see Tables (6.10) - (6.13).

(3) single-orifice plates

(4) single-nozzle plates (see Tables (6'15) - (6.16)
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TABLE

138 rounded sand S, (2-D bed)

6.12

- Hmf = 70,2 Cm.; Hmf = 35.8 cm,
D 3QO U W vig w W
e cm”/sec, cm./sec, gm. /min., gm,/min.cm? am. /min. gmc/min.cm?
0,476 16,7 93,6 21.6 121 22,0 124
¢ = 4t><lo"3 25,00 140.5 10,2 57.8 10.5 £g
28,2 164,0 7.8 44,0 8.0 45
33.4 187.3 5.98  33.6 5,2 29,2
41,8 234 3.71 20,8 3.7 20.8
46.2 257,5 3.06 17,2 3.2 18,0
54,2 304,3 1.84 10,33 1.5 8,45
0.0 0.0 49.5 278,0
0,635 20.9 65.5 44,1 138.8
$= 7.15x107° 29,2 91.6 34,4  108.0
33.4 104,.7 31.4 99.1
41,6 151.0 21.9 69.0
50,0 157.5 16.5 52.2
67.0 211.0 10.4 32.8
B83.5 264.0 575 18.1
100,.0 316.0 2.92 9.2
0.754 3344 67.4 95.3 192.0
= 11.1x1077 37.6 75.8 80.2  162.0
41.8 84.2 67.8  138.0
50,0 101.0 52.0 105.0
67.0 134,7 33.2 67.0
83,5 168.0 25.8 51,7
100,0 202.0 17,2 34.6
117.0 236.0 12.85  26.0
150.0 3030 6.55  13.2
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TABLE  6.16

Unaraded catalyst (20 - 150 y ) (2-D bed)

D, 0.635 cm, Hmf = 75 cm, A = 153,73 Cm?n

QD UD = 3.0 ch., Q = 6.35 cm. £ = 8.9 cm,

cm?,/sec, cm./sec, W oygm./mine |« ,gm./min. | ,am. /min,
46.0 146 17.3 13.3 9,55
50,0 158 14,2 10,4 6.90
58.5 185 10,55 6.4 5.50
67,0 211 7.25 2.54 1.30
75,0 237 4,97 1,50 6.78
83,5 263 2,50 - 0,36
52.0 291 1:50 0.4 0,20
100,0 316 0,90 0.2 0.00
108.4 343 0,60 0,00 0,00




Flowback of 50lids Through Multi-Orifice Distribut

(Data represcnts the average of st least three measurements.

ors

(7.9 cm. diam, column)

The Plots show the repeatability of the results).

TABLE (6.17)

DD = 0923’8 CMe N = 37 d} = 3,4% = 5
(106 | catalyst C2>
= 25,1 cm. - = 35 2 op X _
Hoe Locm Hmf 35.2 cm., Hoo= cm.

U,cri. /8eC. gy, 0. /min,

U,cm. /sec.

ws am. /min,

U,em./sec. g,om./min

1,412

2,120

11.56
12,48
14,4
7.82
19,96

21,26

2,12
2,83
3,545
4,241
4.94
5.65
6,35
7,045
7.755
8,75
8,72
10,58
12,325
14,11
17.62
19,78
216l

21.6

0.566

2.4

3,843

6.973

15,04

3,12

2,02

0.76

0,41

0.281

No flowb

2,056

2.74

3.44

4,11

4,77

5.47

6.155

6,838

10,252

12,0

13.7

17,1

20,53

21.8

0,627

17,78
15,43
13,25
11.48
9,31
6.668
5.14
3.52
1,84
0.74

0.32




TABLE (6.18)

D, = 0.238 cme N = 30 ¢ = 2,749 5/D_ = 5.35 1064 catalyst 2
::::;_ e = 180 Hoo = 25.2 cm. H = 35.0 o, ﬁ
[ U,cm./seC. _ @207./min, *MLALLQM’”“ U.em. /sec. 4 ,qm, /min.

1.112 0.000 1.21 0.31 1.39 0.09

1,39 D114 1.74 0,351 2.066 0. 60

2,074 0.35 2.09 0.217 2.74 2.01

2.76 0.452 2.8 0.644 © 3,42 5. 39

3,447 1.054 3,44 1.36 416 7. %4

4,15 2.16 4,2 2.55 4,82 7.54

4.18 3,22 4.9 4,89 5,53 9.26

5,47 5.1 5,57 6.37 6.24 8.0

6.1 6.36 6.3 8.15 6.91 7.12

6,745 4o14 6.98 7.3 7.6 5.94

7.4 3,88 8.65 4.885 8.55 4,33

B,7 4,1 10,35 2.91 10.35 2,62

10,42 2.3 12.1 1,67 12.1 1,55
13,92 0,825 13.81 0.902 13.81 0.803
15.65 0,422 15,52 0.503 15,52 0,55
17,42 0,21 17.28 0,273 17.28 0.26
17.9 0.09 17.9 No flowback | 18,0 No flowback
18,6 No flowback




i

0.238 cm, N

. 19 ¢ =1.74% s/o =67 106y, Catalyst C,
Hmf 25,3 cm, Hmf = 35,3 cm, Hmf = 45,5 cn.

U,cm. /sece W ,am. /min, Uyem./sec.w ,om./min. | U,cm. /scc. W ,am. /min.
2,085 0,365 2,055 0.132 2,041 0.16
2,79 1.0 >2,7l | 0.44 2,72 1.4
3.5 2,09 3445 1.97 3.4 2.46
4,18 3.0 4,13 3,16 4,11 304
4,93 3632 4,88 3.49 4,8 3,27
5.56 2028 5.57 2,41 5,46 2,7
6.255 1.70 6.256 2,0 6.2 2.1
7.0 1.29 6.9 - 1.42 6,86 1.52
Te7 0,935 7.61 1.03 7.0 1.16
8,67 0,069 B.75 0.58 8.51 0.75

10. 46 0,172 10,59 0.18 10.3 0.15
11.28 No flowback 11.16 . 0,10 11.21 No flowback




o Dy = 0318 N =19 ¢ = 3,007 S/3,=5 106y cat.c,
Hmf = 20.0 cm, ‘~jiﬁ;j_EP°7 cile Hmf = 50,5 cm,
_u’cm,/saco w,ame /min, Uscme/sec, w,am. /min, Lh,ém,/sec. W,gm, /min,
1.55 1.29 1.21 1.59 1.546 1.66
1.9 2,16 1.56 2,25 1.89 2.65
2,77 4,05 1.90 0.85 2,742 40051
3,46 10,17 2,76 5.67 3.42 11.6
4,16 13,22 3. 46 12,626 4,12 16:22
4,85 17.78 4,15 19,45 4.79 18,266
5.54 15.21 5.545 16.92 5.47 16,67
6.25 14.5 6:.26 14,47 6.155 14,45
6,94 12.14 6,94 12,91 6.85 12,923
7.64 10.28 7,61 10,61 7.54 9.83
8.6 8.23 8.6 8.55 8.5 7.58
9.54 5,62 9,52 5.612 9.4 5.617
10,39 4,3 10.36 4,5 10,28 4,37
12,11 2,78 12,1 267 11.98 2,578
13,85 1.7 13,86 1,58 13.7 1.542
17.3 0,545 17.3 0.57 17,1 0.587
19,0 0,33 19,0 0632 19,15 0,27
20.5 No 20,53 No 20,55 No
flowback flowback flowhack

TABLE (6.21)
D = 0;476 cm, N =9 ¢ = 3.285% S/Q,: 5 106 y Cat.62
0 ’ |
Hmf = 20,3 cme Hmf = 20,6 cm. Hmf‘ = 50,5 cm l
U,cm./sec.  w.om./min. | U,cm./sec,  w,qm./min, | U,cm./sec, w,gm./min,
1.9 15,75 1.92 22,1 - 1.9 25,1
2.77 36,1 2.77 53.5 2,77 63.7
3. 46 51,3 3.46 60.0 3,46 69.0
4,15 49,0 4,15 55.75 4.1? 56,2 i
4,842 44.6 4.85 46.0 4.85 45.5 b
5.54 38.3 5,54 37.1 5.54 38.7 ,
6.227 30.24 6.23 31.2 6.3 32.23
6.92 25.69 6,92 25.4 6.92 §9,7
7.627 18,116 - 7.626 . 20,3 7.22 1507
8.584 15.98 8,584 16.0 8. 11.73
9,511 11.87 9,5 12.6 9,52 9.6
10.39 9.83 10,4 10,6 10,39 >
12.1 7.1 12,1 7.03 12.13 0.7
1720 Nyl e I 1o6s
03 L] L
s L o 0.5 20.2 0.57
20,18 0,55 20,18 . -
23,7 No 23,75 No 23,62 o
Q flowback flowback flowbac
| P




TABLE (6,27

(106 |4 catalyst)

Do = 0,635 cm, N=238 ¢ = 3,27% S/Do = 5
__‘*_Hmf = 30,5 cm, Hmf = 50.6 cm, Hmf = 70.2 cm.
pQLQE;ZSOC° weam./min, | Uyem./sec, o ,am. /min. U,cm./sec. (am./min.
i.giz 3572 i~gg 9,45 3,42 92,7
.91 .5 ‘ 46,6 4,1 77.5
3,48 91.2’ 3.42 0.8 4.8 76.3
4.17 72612 4,1 78.4 5.47 60,8
4,87 64,2 4,8 69.5 6.16 49,5
5,56 58,32 5,47 61.2 6.85 42 .55
6,26 50.1 6.16 55,5 7.53 35.4
6.95 42 .17 6,85 41.6 8.5 25.2
7,65 31.32 7.53 32.3 9,42 18.9
B.63 25,0 8.5 24,9 10.26 15.0
9,55 16.55 9,42 15.26 12.0 10,1
10,41 14,7 10,26 13.9 13.7 8.1
12,15 10,65 12.0 10,5 17.1 4.94
13.9 7e1 13,7 7,19 20,5 1.72
17.36 3,55 17.1 3.6 23.56 No
. , flowback
20.84 1.41 20,5 1.38
23,42 No 23,38 No
flowback flouwback
TABLE (6.23) (128y coal)
D, = 0.318 cm. N =19 ¢ = 3.09% 5/00 =5
H o= 24.7 cnm. Hop = 35.0 cm g = 42 ‘
U,cm./sec. w ,qm./min, U.cm./sec. w ,qm./min. U,cm./sec. _w ,gm./min.
2,0 0.61 2,0 0.2 2.5 765
2.5 0,25 2.5 2.5 2.5 4,5
5.0 4.0 4.0 0.5 5.0 5.0
5.0 15,0 5.0 9.98 6.52 18,0
6.48 17.5 6,5 16.0 7.5 17.53
745 15.64 7.5 16.6 8.5 14,6
8.5 14,3 8,5 13.5 10.0 10.0
10.0 g.7 10.0 10.4 12.0 5.8
o ° 5.4 14.5 1.1
12.0 6.3 12.0 . 0.2
14,5 3.2 14.5 303 20.0 °
17.0 0.6 17.0 0.8 221 "
o ° flowback
20.0 0.3 20,0 0.4
22,0 No 22,5 No
flowback flowback




TABLE (6,24 (128 ycoal)

3 3
V =2 x 10 cm, DO = 0.476 cm, N

W =9 ¢ = 3.288%
v Hmf = 45.5cm Hmf = 65,8 cm
cn.Aec w, am./min. W,am. /min
1.1 0,12 -
2,45 10.0 30.0
2.45 02 40,1
3.4 45,0 44,0
4.4 47,0 49,5
6.46 40,0 33,0
8.5 21,0 - 20,0
10.0 la,4 14,0
12.15 9,3 9.7
14,4 4.0 4,8
17.2 2.0 2.1
20,0 1.0 1.1
24,0 No No
flowback flowback

TABLE (6,25) (138/L rounded sand)

b, = 0.238Cm. N =19 ¢ = 1.74%
U Hmf = 15,7cm, Hmf = 25,3cm. HmF = 40,2cm.
cim. /sec. | m,qm./min. _ w,om./min. w,qm./min,
2.53 1.0 0.1 0.3 o
3.5 1.0 0.2 0,61 o
4,1 0.8 1.1 1.6 3
5.0 2,45 3.2 2,78
6.3 5.43 3.4 4,59
7.0 6.0 4.8 5.0
8.0 7.26 6.8 5.97
9.0 8.0 7.2 6.95
10.5 8.2 9.1 9.4
12.0 9,8 9.0 9.98
12.8 10.64 10,2 10,3
13.9 9,6 B.3 8.3
15,0 6,96 6.2 6.4
17.55 4,0 3.6 3.4
20,0 2.2 1,98 1,92
22,0 1.1 1.2 1.2
24,5 0.5 0.5 0.46
27.8 No No No
flouwback flowback flowback




TABLE (6.27) 106y catalyst

DD = 0,238 cm, N = 37

¢ = 3.4%
U L= D635 cm, £ =1,27 cm,
cm./sec.  |w ,am./min. w ,am./min,
1,51 0.55 0.64
1.88 0,59 0.62
2.67 4,35 2.1
3.35 5.9 9.65
4,0 12,0 9.3
4.68 14.9 13.0
5.35 13.0 10.1
6.03 11.4 8.0
6.7 10.2 7.54
7,35 9.0 5.78
8.3 T4 4o2
9.2 5.0 2.58
10.0 3.78 . 1,74
11.7 2.1 0.84
13.6 1.5 0.38
15.7 - No
16,7 0,52 flowback
18.4 0.2
19.2 No
flowback

TABLE (6.28) 106 p catalyst

D_ = 0.318 cme No=19 ¢ = 3.09%

u 7 = 3.8 cm.| £ = 2,54 cn,| £=1,27 cm.
cm./sec. w,am, /mine W,qm, /mine W ,am. /min
1.55 - 1.39 2,32
1.90 - 1.16 1,51
2,76 10,65 3,76 4,65

3. 44 12,43 9.7 10,7
4,12 8,11 13,94 12,15

4,48 5.46 - -
4.8 1,74 13.21 11.87
5.52 0,52 9,76 9.9
6.2 0,134 6.8 8.45
6,94 . - 3.97 5.44
7.2 No - - -
7.64 flowback 2.1 3.12
1
8.6 1,19 .
9,54 0,32 1.65
No
10,15
10,41 flowback 1,042
12.15 0&3
14.0 f1ouPack




106 p catalyst

DD = 0,476 cm. N =9 - ¢ = 3.285%
L= 2.54 cme 9= 1,27 cm. g = 0.635
cm./s8C.__ |w, gr./min, W ,9m. /min, &),Q@‘/%ia -
2,74 61.0 62,
5.4z 56.7 80 o
4,12 47.1 54,92 56=G
4,79 39.5 47.3 50.0
D¢ 51,3 41.5 38, 3
6.16 24,4 32.8 33'4
6.85 17.77 26.0 26:0
7.53 13.7 20,73 21.5
8.5 6.9 14,6 16.3
Jed e 3 8.1 10.4
10,25 2,0 6.0 8.2
11.9 1.67 3.15 5.2
12,0 0,75 - -
12,8 0.46 - -
13.9 0.2 1.67 3,1
14,5 No - -
15.4 flouwback 0,84 —
16,3 0.58 -
17.45 No _
19.65 flowback No
flouwback
TABLE (6.30) 106  catalyst
b, = 0.476 cm. N =9 b = 3.285%

U Uw:19.2x103cm? qudl.leUscmé Uw:62.2x1036m? U“586,1x103cmj
cm. /sec., s QM. /ming W ,Qm./min. W ,qm./min. 1,0M. /min
1.97 14,0 30,0 14 10,0
1,97 1.0 - 32 3664
2.85 44,0 43,0 50.0 32.0
3.47 60.0 54,0 46,4 40,4
4o2 52,0 46,0 39,9 3444
4.9 38.5 34,8 32.0 3001
5.65 29.7 28,2 26.0 2409
6024 26.0 24,2 23.1 2243
6.9 21.9 20,4 19,8 19,7
7.66 18,2 17.8 18,0 18.0
B.6 12,0 10,8 11.8 11.0

10,45 9.0 8.5 8.2

12,1 7.6 6.2 5.8 6.2

13.9 4.0 4,0 4.1 3.9

17,5 1.0 1.1 ‘f\lloﬁ 0.9

19, - - o -

19°25 No 3 Floubeek flomggck
2060 flowback -

20,5 No

flowback




The Limiting Gas Velocities

% Tables (6.31) - (6.31d) are presented

results are given in Table (6,32),

106 u catalyst fluidized with air - 7,9 cm. diam, column

106 U catalyst fluidized with air - 7.9 cm. diam. column,

TABLE (6.3

1) ~ Re ..
) Re im

as examples butthe complete

as a function of 5/D
0

D = 0.2%8 cm,
0

/Q/ = 00318 Cile

S, cm. S/DO Reﬁhn
1.18 5,0 1008
1,27 5.35 1075
1.59 6.7 1029
1.81 7.62 1332
2,30 9,7 1128
3,10 13,0 1040
3.40 14.3 1080
3,40 14,3 1080

TABLE (6.31a) ~ Re,.

f1m

as a function of ¢

D = 0,238 cm, 9 = 0.318 cm,
0

N ¢ % U ,cm./sec. UQO,cm./sec. Rekim
37 3.4 21,6 636 1008
28 2.65 16.2 612 970
23 2.10 12,58 600 952
15 1.74 10.78 6.9 981
13 1.18 7,445 625 9390

7 0.54 2,935 615 975




TABLE (6.31b) - Re . as a function of ¢

2im

128 ycoal fluidizad with CO, - 7.9 cm. diam, column
2 :

DO = 0,238 cm. £ = 0,318 cm,

é , % U, cm./sec, UQO. cw./sec. Re

2im
23 2.1 11.47 546 1595
19 1.74 9.54 548 1600
13 1.19 5,50 545 1590
11 1.01 5.58 553 1610

TABLE (6,31c) - Regs. as a function of ¢
106y catalyst fluidized with nhelium - 7.9 cm.diam,column
DO = 0.2 cme £ = 0.318 cm,
N ¢ ,% U ,cm./sec. U O,cm./sec. Reg im
13 0.8360 21,0 2505 432
11 0,716 18.85 2659 456
.9 0.576 14,32 2500 430
7 0.45 11,50 2559 440

TABLE (6.31d) - Reg: . as a function of DO/Dp

106 u catalyst fluidized with air - 7.9 cm. diam. column

£ = 0,318 cm.

D_scm. DO/Dp Regsim
0,159 15 729
0.20 18.9 988
0,238 22.4 1100
0.318 30 1410
0.40 37.75 1955
0.476 45 2290

0,635 60 3040
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NOTATION
cross sectional area of bed

total orifice area on the distributor
effective orifice area on the distribufor
surface area of an orifice

drag on a single sphere

bed diameter

orifice diameter

bubble diameter

bubble dismeter at the distributor surface
mean particle diameter

voidage fraction

voidage fraction at incipient fluidization
voidage in the effective volume of a fluid jet
acceleration due to gravity

expanded bed height

incipient bed height

maximum spoutable bed height

bed height above distributor

orifice constent

plate thickness or nozzle length

critical nozzle length

mass of defluidized solids resting on distributor
number of operative orifices or nozzles
total number of orifices or nozzles

fluid pressure

pressure drop through the distributor
pressure drop through the bed

theoretical bed pressure drop

valumetric flow rate per orifice

orifice spacing

superficial velocity

bubble velocity

gas velocity at incipient fluidization
Orifice velocity

limiting gas velocity

limiting gas velocity through the orifices

effective volume of jet




Y Uind box volume

W
WB weight of bed
] free flowback rate (gravity flow)
) flowback rate (fluidized bed conditions)
wo Tlowbeck flux (fluidized bed conditions)
Z height of defluidized zones on distributor
Zj height above which jet interaction occurs
ZR height of defluidized zones at angle of repose
GR angle of repose of solid particles
Uf:Ug fluid viscosity, gas viscosity
pf’pg fluid density, gas density
Py bulk density of solid particles
oq pnarticle density
¢ plate cnaracteristics (or fractional free area)
AS’XP shape factor, roundness factor
The rest of the symbols are Clearl§ defired within the text.
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