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bifunctional catalyst of CuO/ZnO/Al2O3þZSM-5 were incorporated in the model using in-
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house developed user-defined function. The model was validated by comparing the predictions with experimental data from the literature. The results revealed for the first time
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mass ratio of 3 (molar ratio of 7.62). The spatial variation in the gas species concentrations
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suggests the existence of three distinct reaction zones but limited temperature variations.

Steam reforming

The DME conversion and hydrogen yield were found to be 87% and 59% respectively,
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resulting in a product gas consisting of 72 mol% hydrogen. In part II of this study, the model
presented here will be used to optimize the reactor design and study the effect of operating
conditions on the reactor performance and products.
Copyright © 2015, The Authors. Published by Elsevier Ltd on behalf of Hydrogen Energy
Publications, LLC. This is an open access article under the CC BY-NC-ND license (http://
creativecommons.org/licenses/by-nc-nd/4.0/).

Introduction
Hydrogen is currently receiving increasing interest as an
alternative source of clean energy and has high potential applications, including the transportation sector and stationary
power generation. Traditionally, hydrogen is produced from
fossil fuels by steam reforming of natural gas or heavy

hydrocarbons; however recently, there is growing research
and development activities on hydrogen produced from other
sources, such as biomass, methanol (MeOH) and Dimethyl
Ether (DME). DME is particularly attractive for hydrogen production because it contains higher mass fraction of hydrogen
(13 wt%) and the reforming process can be carried out at a
lower temperature (200e350  C) compared to other options,
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such as natural gas reforming for instance [1,2], hence, less
energy intensive.
There is appreciable number of published research papers
on methane and methanol steam reforming processes, however there is less focus on DME Steam Reforming (DME-SR),
particularly in fluidized bed reactors. As far as the author's
knowledge, there are no publications on experimental or
computational modelling of the DME-SR in a circulating fluidized bed (CFB) system. Owing to their superior heat transfer,
intensive solidegas mixing and the potential integration with
catalyst regeneration within a closed loop dual fluidized bed
(DFB), it could be easily argued that the circulating fluidized
bed is one of the most important technologies for industrial
scale hydrogen production.
Numerical investigations have shown the potential of the
DFB in carrying out simultaneous reforming reaction, catalyst
regeneration and carbon dioxide capture [3e5]. This has been
demonstrated for hydrogen production by methane steam
reforming were the reforming reactions and carbon dioxide
capture are assumed to take place in one reactor while the
sorbent regeneration takes place in a second joint reactor,
thus forming a continuous closed loop flow. The DFB system
has also been frequently reported as a promising technology
for other large scale processes involving solidegas flow [6,7].
Experimental studies on hydrogen production via catalytic
steam reforming of methanol have shown that a fluidized bed
reactor has a 20% higher conversion efficiency compared to
fixed bed reactors [8]. This is mainly due to the advantages of
having larger surface contact area, uniform temperature distribution and better control of the gas residence time.
The DME-SR reaction occurs in two-steps: DME hydrolysis
and steam reforming of methanol, with the latter being produced from the first step [9e11]. It is this two-steps reaction
that necessities the use of a bifunctional catalyst to facilitate
both reactions. However, depending on the catalyst used and
the reaction parameters, some side reactions may occur
which include water-gas shift reaction (WGSR) and DME
decomposition reaction [12]. The catalysts that have been
frequently reported in DME-SR are alumina or zeolite acid
catalyst in combination with metallic copper oxides
[10,13e15]. The zeolite component is the preferred choice as
acid site for the hydrolysis of the DME because it promotes
reaction at a lower temperature compared to the alumina [16].
It is understood that the alumina catalyst promotes the
reverse WGSR while the zeolites acid site promotes the forward reaction. Hence, the zeolite help in increasing the
hydrogen yield by converting the carbon monoxide formed
during the process to hydrogen and carbon dioxide [17]. The
metal based catalyst CuO/ZnO/Al2O3 has been used in methanol steam reforming studies [18e20]. The same metal catalyst, but with an added ZSM-5 zeolite catalyst, has been
recently reported in experimental studies of DME-SR [21].
Such a bifunctional catalyst is suitable for achieving very high
hydrogen yield with minimum carbon monoxide produced
due to presence of WGSR.
Review of the available literature show that numerical
studies on DME-SR in fluidized bed reactors are limited. Feng
et al. [22] developed a one-dimensional isotherm plug flow
model to simulate DME-SR in a fixed bed reactor with
bifunctional catalyst CuO/ZnO/Al2O3þZSM-5. The DME

hydrolysis reaction was implemented in the model using a
simple multi-response objective function with the kinetics
derived from the elementary reaction steps of methanol
dehydration to DME. Yan et al. [21] conducted a numerical
study on DME-SR in a micro-reactor with the same bifunctional catalyst and predicted up to 70e90% DME conversion
when operating the reactor within the temperature range of
240e280  C. Other catalysts, such as mechanically mixed HPA/
Al2O3 acidic catalyst and Cu/SiO2 metallic catalyst, have been
tested experimentally in a fixed bed reactor and reported to
achieve near 100% DME conversion at 290  C [23]. A Numerical
study using STAR-CD software has been reported to investigate the fluid flow, heat transfer and chemical reactions during DME-SR in a fixed bed [12]. The DME-SR kinetics was based
on CuOeNiO/Al2O3/ZrO2þZSM-5 catalyst. The results have
shown fast decrease of the temperature at the entrance region
of the reactor because of the endothermic nature of the DMESR reaction. Beyond the entrance region, the temperature was
found to increase along the axial length of the bed to the exit.
Recently, a mathematical model coupling mass, energy and
momentum equations has been reported to investigate the
DME SR in a novel fluidized bed reactor using Comsol commercial software [24]. The reactor was assumed to be thermally driven by exhaust gas recycling. The result provided
useful data on the effect of varying the exhaust gas velocity
and other operating parameters on the DME conversion and
hydrogen yield.
In this study, which is the first in a series of two, EulerianeEulerian model is used to simulate the DME-SR in a CFB
reactor, as part of a proposed concept of closed loop DFB
system. The model was solved using commercial software
(ANSYS FLUENT). The chemical reactions and kinetic in the
presence of bifunctional catalyst CuO/ZnO/Al2O3þZSM-5 were
implemented in the model using in-house developed userdefined function (UDF). The model was first validated by
comparison with experimental data [17], then used to show
the detailed hydrodynamics and thermochemical behaviour
of the CFB reactor at a selected operating conditions. In part II
of this study, this model will be used for optimizing the reactor
design and studying the effect of operating conditions on the
reactor performance and products.

Proposed concept and computational domain
It is proposed that the overall DME-SR process is carried out in
an industrial scale DFB system. This system mainly consist of
two coupled reactors; one for catalytic steam reforming of the
DME and the other the thermal regeneration of the catalyst.
The solid and gas mixture leaving both reactors are separated
using two cyclones as part of a closed loop system. The
arrangement of the reactors and the particulate flow
throughout the system is described schematically in Fig. 1. In
this study, focus is only made on the DME-SR reactor; hence
the cyclones and regeneration reactor are outside the scope of
the study. The steam reforming reactor is assumed to operate
in a riser mode and has the dimensions of 3 m diameter and
15 m height. The choice of this size is made to replicate
commercially proven scale of a CFB reactor (e.g. PYROFLOW
CFB system of Goodrich Co in Illinois U.S.A as reported in Ref.
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Conservation of mass:
v
ðai ri Þ þ V$ðai ri vi Þ ¼ Si
vt

(1)

where S is the source term for the volumetric mass transfer
rate, a is the volume fraction, v is the velocity and r is the
density. The subscript i stands for either the solids (catalyst) or
gas phases. Note that S is taken as zero for the solid catalyst
due the assumption that no birth or consumption of solids is
taking place during the process.
2
X

asj þ ag ¼ 1

(2)

j¼1

where the subscript j ¼ 1 or 2 stands for the two solid phases
(catalysts).
Gas phase momentum:
2





X
v
ag rg vg þ V$ ag rg vg ¼ ag VPg þV$tg þ ag rg g
bsj vg vsj
vt
j¼1

(3)
where b is the momentum exchange (drag) coefficient between the gas and solid, P is the pressure and t is the gas phase
stress tensor and g is the gravity constant.
Solid phase momentum:

Fig. 1 e Conceptual drawing of the proposed DME-SR
process in a dual fluidized bed system. The dotted line
indicates the boundary of the computational domain
considered in this study.

[7]). The riser is equipped with three openings; at the bottom
for introducing the fluidizing steam, at the lower part of the
wall for catalyst and DME feeding and at the top part of the
wall for exiting the spent catalyst and product gas.




v
as r vs þ V$ asi rsi vsi ¼  asi VPsi þ V$tsi þ asi rsi g
vt i si i
2



 X
þ bsi vg  vsi þ
Ksi;j vsi  vsj
j¼1

(4)
where Ksi is the solidesolid momentum exchange coefficient
and the subscript j s i.
Granular kinetic energy:









3 v
rSi asi qsi þ V$ rsi asi qsi vsi ¼  Psi I þ tsi : Vvsi þ V$ ksi qsi Vqsi
2 vt
 gqsi þ 4gsi
(5)

Model formulations
This section presents the main equations for the prediction of
the flow hydrodynamics, heat transfer, and reactions taking
place during the DME-SR process. The model is in threedimensional coordinates and takes into consideration the flow
of two solid phases (binary mixture), representing a bi-functional
catalyst, in addition to the flow of multiple gas species.

Mass conservation, momentum and kinetic energy
equations
The multiphase flow mixture in the CFB riser has been
simulated using ANSYS FLUENT CFD commercial code (Ver.
14.5) based on EulerianeEulerian model with closure equations from the kinetic theory of granular flow (KTGF). In this
model, the gas and solid phases (binary solid mixture) are
treated as interpenetrating continuum through the volume
fractions and the interphase exchange (drag) coefficient. The
continuity, momentum and granular energy equations are
given as follows:

where q is the granular temperature. The terms in the right
side represent the generation of energy by the solid stress
tensor, the diffusion of energy, the collisional dissipation of
energy and the energy exchange between the gas and solid
phase respectively.
The conservation equations of species transport in the gas
phase are given by:


v ag rg Yi;g
vt



!
þ V ag rg vg Yi;g ¼ V$ag J i;g þ Si


m
VT
!
J i;g ¼  rg Di;g þ t VYi;g  DT;i;g
T
Sct

(6)

(7)

where Yi,g ¼ 1,2, … ng is the mass fraction of species i in the gas
!
phase, J i;g is the diffusion flux, Di,g is the mass diffusion coefficient, and DT,i,g is the thermal diffusion coefficient.
Because of the high fluidizing velocity required to circulate
the solid phases, an equation that takes into consideration the
flow turbulence is implemented using the widely reported kepsilon (k-ε) dispersed turbulence model. For details of this the
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Table 1 e Constitutive equations for the gasesolid flow hydrodynamics.
Gas-solid interphase exchange (drag) coefficient [25]

3a a r
!
s
vs !
vg
bsg ¼ 4vs2 gd l CD Re
vr;s
r;s s

where

!2
4:8
0:63 þ pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ

CD ¼
vr;s ¼
(

Res =vr;s

 0:06Res þ

0:5ðag4:14

B¼

qﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
8:28
ð0:062Res Þ2 þ 0:12Res ð2B  a4:14
g Þ þ ag Þ

if ag  0:85
0:8a1:28
g ;
ag2:65 ; if ag > 0:85

Radial distribution function [26]


1=3 1
P as
asi
g0si ¼ 1  as ;max
þ 12 dsi 2j¼1 dsj
i

j

where as,max is the packing limit and its equation for binary mixture can be found in Ref. [26].
Solidesolid drag coefficient [28]
Ksi sj ¼

3 p2 ð1þesi sj Þasi rs asj rs ðdsi þdsj Þ2 g0;si sj .
u si
2prs ðd3s þd3s Þ
i

j

.

 u sj

Where
g0;si sj ¼

dsj g0;si si þdsi g0;sj sj
dsi þdsj

Solid shear stresses [29]
ts ¼ 2Sðmsi ;col þ msi ;kin Þ
where
.

.

Ss ¼ 12 ðV u s þ ðV u s ÞT Þ
msi ;col ¼

4
5 asi rs ds g0si ð1

msi ;kin ¼

asi rs ds pqsi
6ð3eÞg0si εsi

pﬃﬃﬃﬃﬃﬃﬃ 

qﬃﬃﬃﬃﬃ!
qs
þ esi Þ pi
!

1 þ 25 ð1 þ esi Þð3esi  1Þg0si asi

Solid phase pressure [26]
ðds þds Þ3
P
Psi ¼ asi rsi qsi þ 3j¼1;jsi i4d3 j g0;si sj rsi asi asj qsi ð1 þ esi sj Þ
si

Gas stress tensor [30]


tg ¼ ag mg ðVvg þ VvTg Þ þ ag lg  23 mg V$vg I
Energy dissipation [26]
gsi ¼ 3ð1  e2 Þa2si rsi g0si qsi

qﬃﬃﬃﬃﬃ!
4
dsi

qsi
p

Diffusion coefficient of granular energy [29]
2

1 
150r dsi ðpqsi Þ2
qs
1 þ 65 asi g0;si si ðesi si þ 1Þ þ 2a2si rs dsi g0;si si ðesi si þ 1Þ pi
kqsi ¼ 384ðess s þ1Þg
0;s s
i i

1
2

i i

reader is referred to the reported literature [25e27]. The
equations for the gasesolid and solidesolid drag coefficients
and the various constitutive equations derived from the KTGF
are summarized in Table 1.

Heat transfer equations
The heat balance in the reactor was solved for the solid and
gas phases by using the following energy conservation equation for both phases:
2
X
v
vPi
ðai ri hi Þ þ V$ðai ri vi hi Þ ¼ ai
þ ti : Vvi  V$qi þ Si þ
Qs j g
vt
vt
j¼1

(8)
where q, S and Q refer to the heat flux, source term for the
enthalpy change due to chemical reaction and the volumetric

rate of energy transfer, respectively. The subscript i refers to
solid or gas and j ¼ 1 or 2 refers to the two solid phases (catalysts). Note that, in this analysis the solidesolid heat transfer
is ignored because the reactor is operating at a dilute condition. The volumetric rate of energy transfer between the gas
and solid phases is given by:


(9)
Qsj g ¼ hsj g Asj Tsj  Tg
where As is the interfacial transfer area, Ts and Tg are the solid
phases and gas temperatures respectively, and hsg is the
volumetric heat transfer coefficient given in terms of the
Nusselt number as follows:
h sj g ¼

ksj NuS

(10)
dsj
where ks is the thermal conductivity of the solid phase and NuS
is the Nusselt number given by Gunn [31] correlation as follow:
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1=3
NuSj ¼ 7  10asj þ 5a2sj 1 þ 0:7Re0:2
sj Pr


1=3
þ 1:33  2:4asj þ 1:2a2sj Re0:7
sj Pr

(11)

CH3 OH/CO þ 2H2

DHor ¼ þ90 kJ=mol
(14)

DME-SR reactions and kinetics model

CO þ H2 O4 CO2 þ H2

DHor ¼  41:17 kJ=mol
(15)

The widely reported reaction scheme for catalytic DME-SR
involves two major reactions, as noted earlier. This includes
a hydrolysis reaction converting the DME to methanol and a
steam reforming reaction converting the methanol to
hydrogen and carbon dioxide. The proposed reactions and
kinetics, as well as the additional side reactions, as described
here have all been extracted from various literature sources.
Studies [21,22] have shown that within the temperature range
of 200e300  C the DME undergoes catalytic steam reforming
(hydrolysis) in the presence of the acid based catalyst ZSM-5 to
produce methanol according to the following reaction:
CH3 OCH3 þ H2 O42CH3 OH

DHor ¼ þ 24:5 kJ=mol
(12)

The methanol then undergoes steam reforming to generate
carbon dioxide and hydrogen enhanced by the presence of the
metal based catalysts CuO/ZnO/Al2O3 according to the
following reaction:
CH3 OH þ H2 O/CO2 þ 3H2

DHor ¼ þ 49:1 kJ=mol
(13)

Some studies suggested that without the CuO/ZnO/Al2O3
catalyst the DME reforming process produces methanol only,
whereas with the catalyst, hydrogen and carbon dioxide are
the major products along with some portion of unreacted
methanol and carbon monoxide [12,22].
The widely reported side reactions are associated with the
methanol decomposition and the WGSR [18] and these reactions are as follows:

Li et al. [12] suggested that the WGSR is the only side reaction that may occur in the overeall process. It is also understood
that the carbon monoxide production is favoured at higher
temperature as the WGSR shifts to the left, which means
reduction of hydrogen produced. The complete DME steam
reforming reaction scheme used in this study, including the
details of the rate equations and kinetics, are given in Table 2.

Model boundary conditions and solution
procedure
Model Boundary conditions
In the solution of the model equations, no-slip wall condition
was assumed for the gas phase and a slip velocity and granular temperature was specified for the solid phases. The
interaction of the solids with the wall was considered by using
Johnson and Jackson [34] boundary condition given by the
following equations:
6ms as ;max
dvsi w
usi ;w ¼ pﬃﬃﬃﬃﬃﬃﬃﬃ i i
3qsi p4rs asi g0;si dn
pﬃﬃﬃ
3
3p4rs asi v2si w g0si q2si
ks qs dqsi w
qsi ¼  i i
þ
gw dn
6as;max gw

(16)
(17)

where esi is the particle-wall restitution coefficient and 4 is
the specularity coefficient, which is the fraction of collision of
particles that transfers significant amount of particle lateral

Table 2 e The various reaction steps and their kinetics used in the DME-SR model.
Steps
DME hydrolysis

MeOH-SR

MeOH decomposition

Water gas shift

Reactions
CH3 OCH3 þ H2 O42CH3 OH

CH3 OH þ H2 O/CO2 þ 3H2

CH3 OH/CO þ 2H2

CO þ H2 O4 CO2 þ H2

Rate equations
rDME ¼ rDMOþ ¼

k'F;DMOþ CRþ1 PMeOH



Reference

k'C;DMOþ CDMO

[21,22]

(Further details of this reaction and the definition of the symbols can be
found in the given references)
rR ¼ ð1  εÞrs kR CCH3 OH
Where

kR ¼ ¼ CR ½A1 þ B1 ln∅exp ER=
RT
CR ¼ 5.5 is the reforming rate constant, ∅ is the steam to methanol ratio, A1
and B1 are constants (¼1.15  106 and 9.41  105 m3 s1 kg1 respectively)and
ER ¼ 84,100 J mol1 is the activation energy
rD ¼ ð1  εÞrs kD
Where

kD ¼ CD A2 exp ED=
RT
CD ¼ 5.5 is the decomposition rate constant, A2 ¼ 7.09  107 mol s1 kg1 is a
constants and ED ¼ 111,200 J mol1 is the activation energy
rWGS ¼ CWGS kWGS ðpCO pH2 O  pCO pH2 =Keq Þ
Where
Keq ¼ exp(4577.8/T4.33)
kWGS ¼ 1:74  1017 ð1  0:1540d þ 0:008d2 ÞT8:5 exp


35000
RT

CWGS ¼ 11.2 is a constant and d is steam to CO molar ratio

[18,19]

[18,19,32]

[32,33]
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momentum to the wall. The outlet of the reactor was set to
“pressure outlet”, which ensures the conservation of mass in
an open boundary. The boundary at the fluidizing gas and
solid catalyst inlets, located at the bottom and side wall of the
reactor respectively have been specified as mass flow. In
specifying the thermal boundary conditions, the reactor wall
was assumed to be perfectly insulated, i.e. no heat flux. The
steam, DME and solid catalyst were all introduced to the
reactor at a fixed temperature of 300  C.

Meshing scheme and solution procedure
The geometry of the CFB riser was designed using SOLIDWORKS, a computer-aided design (CAD) software compatible
with ANSYS FLUENT code. This was imported into FLUENT
simulation platform for meshing. A high quality mesh was
obtained by using tetrahedral (patch conforming) meshing
method, which allows dividing the domain geometry into
tetrahedral shaped cells with refined edges and faces. The
mesh quality was checked using skewness and aspect ratio.
The skewness value gives indication of the deviation from the
ideal tetrahedral cell size while the aspect ratio gives the ratio
of longest side of the element to the shortest side. The
maximum skewness and aspect ratio were 0.80 and 10.05
respectively, which according to ANSYS FLUENT documentations are within the recommended range for meshing a
reactor of the size considered here. In making decision on the
number of grids or cells required to accurately predict the
behaviour in the simulation domain shown in Fig 2, a detailed
grid sensitivity analysis was conducted. Three different cell
numbers of 117,000, 211,303 and 400,000 were tested. The
predictions have shown minor hydrodynamic differences but
a considerabl increase in the computational time at higher cell
numbers. Accordingly, 117,000 cells number was used in the
simulation. Similarly, the computational time step was set at
0.001 based on careful sensitivity analysis.

Table 3 e The parameters used in the model solution.
Parameters

Values

Specularity coefficient, 4 ()
Wall-particle restitution coefficient, es,w ()
Particleeparticle restitution coefficient, es ()
Solution time step (s)
Maximum number of iterations ()
Solution convergence criterion ()

0.5
0.8
0.9
0.001
20
103

Table 4 e The reactor operating conditions used in the
simulation.
Parameters
Steam:
Inlet temperature
Flow rate
DME:
Inlet temperature
Flow rate
Catalysta:
Particle diameter
Density
Total mass flow rate
Calculated space velocity
Reactor dimensions:
Diameter
Height
a

Operating condition
300  C
9.0 (kg/s)
300  C
3.0 (kg/s)
150 mm (both catalyst)
1300 kg/m3 (CuO/ZnO/Al2O3)
720 kg/m3 (ZSM-5)
600 kg/s (300 kg/s each catalyst)
1
37,104 ml g1
cat h
3.0 m
15.0 m

Specified as two separate solid materials: CuO/ZnO/Al2O3 and
ZSM-5.

The gas density was calculated based on the ideal gas law
and all the other physical properties of the gas species were
selected from FLUENT software library. The gas mixture
properties were obtained using mass weighted mixing law.
The model was solved using HP Z620 Workstation of 16 core
processors (CPU of 2.70 GHz and 32 GB RAM). Because the
simulation was carried out in three-dimensional coordinates
and in a large scale reactor, the computational time was
relatively long compared to similar simulation of a lab scale
reactor, mainly due to the large number of cells with the
added complexity of chemical reactions. The total computational time required to reach steady state solution was 216 h,
corresponding to 50 s real time operation. Summary of the
model parameters and the reactor operating conditions
considered in the simulation are given in Tables 3 and 4
respectively.

Implementation of the DME-SR reactions

Fig. 2 e The computational domain and meshing of the CFB
riser geometry.

The reactions considered for the DME-SR process, given in
Section DME-SR reactions and kinetics model, have been
implemented in the main computational model using an inhouse developed UDF. It is assumed that the two main reactions of DME hydrolysis and methanol steam reforming are
initiated and accelerated by the bifunctional catalyst CuO/
ZnO/Al2O3þZSM-5 with the ZSM-5 group acting as the acid site
for enhancing the hydrolysis step of the reaction. The catalyst
was introduced to the model as two separate solid phases
with the same size and mass flow rate but different densities.
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This procedure allowed enabling the UDF to impose the effects of the acidic and metallic functions separately on the
different reaction. All the reactions have been implemented as
heterogeneous reactions in order to take into consideration
the presence of the catalysts and its spatial variations in
concentration.

In order to validate the model, comparison has been made
with the experimental data reported by Ref. [17] for DME-SR in
a bubbling fluidized bed of 0.022 m diameter with the bed
material consisting of the same bifunctional catalyst considered in this study (CuO/ZnO/Al2O3þZSM-5). To ensure good
grounds of comparision, the exact reactor geometry and
operating condition used in the experiment have been applied
in the simulation. The meshing method and the solution
procedure described above for the CFB riser have also been
applied here.
The validation has been made by comparing the prediction
with the experimental measurements of the product gas
composition, DME conversion (CDME), MeOH conversion
(CMeOH), hydrogen yield (YH2 ) and carbon dioxide selectivity
(SCO2 ). Following [17,22], the DME conversion was given by:
nDME;in  nDME;out
 100
nDME;in

then followed by presentation of the predicted data and
analysis of the CFB performance in terms of the flow hydrodynamics, gas residence time, temperature distribution and
product gas composition for a selected operating condition. In
part II of this study, a critical assessment of the reactor performance at various operating conditions will be presented.

Validation of the model

Validation procedure

CDME ¼

15871

Fig. 3 shows a comparison between the model predictions and
the experimental data. In Fig. 3a, there is clear reasonable
match between the two sets of data. In Fig. 3b, the predicted
mole fraction of the hydrogen and DME are also in reasonable
agreement with the experimental data, however the carbon
monoxide, carbon dioxide and methanol are all over predicted. It is difficult to give precise reasons for such a
discrepancy; however it has to be taken into consideration
that the model assumes ideal conditions by neglecting the
effects of catalyst deactivation. The experimental work of [17]
have indicated possible catalyst deactivation by coke deposition on the metallic catalyst at temperatures above 275  C.

(18)

where nDME,in and nDME,out are the molar flow rate of the DME
at the inlet and outlet of the reactor respectively. Similarly the
methanol conversion (CMeOH) was given by:
CMeOH ¼

nMeOH;prod  nMeOH;out
 100
nMeOH;prod

(19)

where nMeOH,prod and nMeOH,out are the molar flow of methanol
produced from the DME pyrolysis reaction and the unreacted
methanol leaving with the product gas respectively. The
former is assumed to be equal to the number of moles of DME
consumed in the process. The percentage of hydrogen yield
was given by:
YH2 ¼

1 nH2
 100%
6 nDME;in

(20)

where the number 6 represent the stoichiometric coefficient
of the hydrogen component produced in the reactions. The
carbon dioxide selectivity was defined in terms of the molar
flow ratio of carbon dioxide produced to the total moles of the
carbon present in the product as follows:
SCO2 ¼

nCO2
nCO þ nCO2

(21)

where nCO and nCO2 are the molar flow rate of carbon monoxide and carbon dioxide at the reactor outlet respectively.

Results and discussion
This section presents first a validation of the proposed model
by comparing the predictions with the reported experimental
data produced by Ref. [17] in a bubbling fluidized bed. This is

Fig. 3 e Comparison between the predicted and
experimental data (a) conversion, yield and selectivity (b)
product gas composition (dry basis). Operating conditions:
Inlet temperature ¼ 300  C, space velocity ¼ 0.2 gcatalyst h/
gDME, PDME ¼ 0.16 bar, steam to DME mass ratio ¼ 1.18
(equivalent to molar ratio of 3).
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According to [16,17] such a phenomena could have a complex
effect on the equilibrium shift between the DME hydrolysis
and methanol steam reforming. Another reason that may
have contributed to this discrepancy is the possible formation
of small quantity of methane during the process. Some
experimental studies have reported presence of small quantities of methane in the product gas believed to be generated
from DME decomposition when a strong acidic function or
high temperature is used [14,16,17]. In this study, such a reaction is neglected, and so did majority of the reported studies
on DME catalytic steam reforming [9,35]. Finally, another
factor that is worth noting is the uncertainty about the side
reactions that may take place during the DME-SR. A number of
researchers have recommended more experimental work to
reveal more details about the side reactions and its kinetics.

Hydrodynamic performance in the CFB reactor
Solid/gas distribution and velocities
It is desirable to have homogeneous flow pattern and sufficient gas residence time inside the reactor in order to enhance
the DME reforming reactions and increase the hydrogen yield.
These can be analysed by looking at the solid volume concentration, which is a measure of the catalyst surface area
available for reaction, and by calculating the gas velocity and
residence time.
Fig. 4 shows the time-averaged contours of the solid volume fraction and vertical gas/solid velocities in a crosssection at the middle of the reactor. It should be mentioned
that, the solid concentration and velocities presented here are
for one selected solid phase because both catalysts, CuO/ZnO/
Al2O3 and ZSM-5, are introduced to the reactor at the same
mass flow and their physical properties are very similar. Here,
it is clear that the solid concentration is dilute and nonuniform (asymmetric). This non-uniformity is mainly due to
the entrance effects (solid feeding from one side of the

Fig. 4 e Contour plots of the time-averaged solid (catalyst
ZSM-5) volume fraction and vertical velocities of the solid
and gas phases. The gas and solid velocities have been
restricted to 25 m/s and 15 m/s respectively to allow better
demonstration of the spatial distribution.

column). As expected, the solid and gas velocities follow the
same flow pattern. The extreme velocity spot near the exit is
due to the sharp flow deflection at this region. There is back
flow and circulation of the gas and solid phases indicated by
the negative or very low velocities in the upper left side and
around the solid entrance at the bottom right in the velocities
contour plots. Interestingly, these are the regions where the
hydrogen concentration is highest, as well be demonstrated
later. In part II of this study, the effect of changing the feeding
location on the flow hydrodynamics, as well as on the overall
thermochemical performance of the reactor, will be discussed
in details.

Gas residence time
The gas residence time is an important parameter defining the
degree of contact between the gas and solid catalyst within
the hot zone of the reactor. The information on the gas velocity, shown earlier in Fig. 4, could be used for a first estimate
of the gas residence time. If for simplicity, it is assumed that
the flow obeys a plug flow with limited axial velocity variations, then the approximate gas residence time for the case
considered here would be 2.8 s. However, since there is clear
evidence of considerable gas velocity variations and back
mixing in Fig. 4, the gas velocity distribution and a mean gas
velocity have to be calculated. For this purpose, an advanced
numerical technique based on tracer method has been used.
This is carried out by tracking an inert molecule of similar
characteristics to the DME and steam mixture injected at the
inlet of the reactor at time t ¼ 0 in a manner similar to pulse
input [36]. The concentration of the tracer exiting the reactor
was then monitored as a function of time to give a residence
time distribution function EðtÞ and a mean gas residence time
given by the area under the curve E(t), as shown in Fig. 5. The
calculated mean gas residence time was 3.92 s. Unfortunately,
there is no experimental data on the recommended range of
gas residence time for DME-SR in a fluidized bed reactor,
however, as a comparison, a study on methanol steam
reforming in a micro-channel using copperezinc catalyst has
shown that a residence time of around 1.0 s is sufficient to
achieve more than 80% methanol conversion at the temperature of 350  C [37]. Clearly this is much shorter time than

Fig. 5 e The tE(t) curve used for the derivation of mean gas
residence time.
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what is predicted here because, unlike the methanol reforming, the complete reactions of DME-SR requires additional
time to accommodate for the first stage of the DME conversion
to produce methanol. It is also recognized that the CFB reactor
operates at a dilute suspension condition, thus requires more
time for sufficient contact between the catalyst and gas. In
part II of this study, further discussion and analysis of the
effect of the gas residence time on the DME reforming will be
presented.

et al. [12] in a fixed bed reactor. The observed temperature
non-uniformity seen in the contour plot (Fig. 6b) is a reflection
of the asymmetric flow structure and solid back mixing, as
noted earlier. At the far top section of the reactor, the temperature slightly increases and this could be attributed to the
moderately exothermic WGSR associated with the increase in
carbon monoxide formation in this region. This phenomenon
is further confirmed by analysing the spatial variation in the
product gas composition inside the reactor, as will be discussed in the next section.

Thermochemical performance

Spatial distribution of gas species concentration

Spatial distribution of temperature

One of the great advantages in CFD modelling is that it predicts detailed microscopic data that may be difficult to measure experimentally, especially when considering large scale
processing unit. Fig. 7 shows the spatial variation in concentration of the gas species inside the reactor after reaching a
steady state condition. As expected, both of the reactants
(DME and steam) appear with high concentrations at the
entrance and then get consumed as they rise towards the top.
The hydrogen and the carbon dioxide both appear with high
quantities at the top, but with higher concentrations in a
limited region near the entrance. The information provided in
Fig 7 has been particularly useful in understanding the reactions zones in the CFB reactor as summarized below:

The majority of the reported studies on DME and methanol
steam reforming have been conducted on lab scale fixed bed
reactors, with very little reference to the spatial variation of
temperature, despite the well documented critical effect of the
temperature on the reactor performance. The widely agreed
range of temperatures for DME steam reforming using the
catalyst considered in this study is within the range of
200e300  C [21,22]. Though, Takeishi [13] extended this to
higher temperatures in the range of 300e350  C in order to
achieve excellent hydrogen production with less CO. The
recommended temperature was also reported to be dependent on the weight ratio between Cu and Zn in the CuO/ZnO/
Al2O3 catalyst. The DME hydrolysis reaction is relatively slow
and requires temperature higher than 200  C, but it has to be
noted that the metallic part of the bifunctional catalyst deactivates at temperatures higher than 325  C as a result of
coke deposition [10,17].
Fig. 6 shows the central-line time-averaged axial temperature profile of the gas and the contour plot in a cross-section
at the middle of the reactor. In general, Fig. 6a show insignificant overall temperature variation along the reactor
height, but there is a noticeable sharp temperature decrease
within a limited region between the bottom and above the
catalyst entrances level. This is mainly due to the heat being
consumed by the DME hydrolysis reaction, which is slightly
endothermic. Similar observation has been reported by Li

Fig. 6 e Time-averaged gas temperature (a) average axial
profile and (b) contour plot.

Fig. 7 e The spatial variations of the gas species
concentrations in mass fraction.
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 The DME is rapidly consumed at a very short entrance
length to form methanol. This behaviour matches well the
observed sharp drop in temperature in the entrance region
due to the endothermic nature of the DME hydrolysis reaction, as noted earlier.
 The methanol, formed from the DME hydrolysis, is rapidly
reformed to produce hydrogen and carbon monoxide
within the entrance region. This reaction also contributes
to the sharp drop of temperature in this region.
 There is evidence of methanol decomposition at the
entrance region indicated by the presence of appreciable
amount of carbon monoxide in this region.
 The highest hydrogen and carbon dioxide concentrations
are found in a small region within the entrance zone,
however these are also well spread and with high concentrations at the top of the reactor.
 Because most of the methanol is consumed at the lower
part of the reactor, the increased concentration of the
carbon monoxide appearing at the top can only be a result
of the WGSR. This hypothesis is supported by the sharp
increase in temperature at the far top of the reactor as
shown earlier in Fig. 6a (WGSR is exothermic).
Based on the above observations, a proposed map of reaction zones in the CFB is shown in Fig. 8. In reality, it is not
expected to see clear cut boundaries, and the transition from
one zone to another is most probably gradual and overlapping.
Further simulations have shown that the reaction zones proposed here remain generally applicable to wider operating
conditions, as will be demonstrated in part II of this study.

Product gas composition
Fig. 9 shows the molar compositions of the product gas in dry
basis at the outlet of the CFB reactor. The product gas mainly
consists of hydrogen and carbon monoxide, representing a
total of 95%, with the remaining 5% consisting of unreacted

Fig. 8 e Schematic description of the DME-SR reaction
zones and the corresponding temperature profile in the
CFB reactor.

DME and MeOH in addition to carbon monoxide. Using this
data, the calculated DME conversion and hydrogen yield were
found to be 87% and 59% respectively. This is relatively a high
DME conversion and hydrogen yield compared to most of the
reported experimental and numerical studies in fixed and
bubbling bed reactors operating at 300  C [e.g. 11,22]. At a
lower temperature within the range of 200  C, the equilibrium
DME conversion has been reported to be less than 20% [21,22].
There is an argument that DME hydrolysis reaction is the rate
controlling step in the over DME-SR process and that the DME
conversion rate can be increased by enhancing the methanol
steam reforming [12]. It is therefore plausible to attribute the
high DME conversion predicted here to the contribution of
temperature and/or the metal part of the bifunctional catalyst
(CuO/ZnO/Al2O3), which both lead to increasing the methanol
steam reforming. The carbon dioxide concentration in the
product gas is the second highest with the calculated selectivity of 97.3%. This comes at the expense of the carbon
monoxide concentration, which is consumed by the forward
WGSR. In part II of this study, detailed parametric analysis of
the effect of the operating condition on the product gas
composition will be presented.

Conclusions
A computational model capable of predicting the flow hydrodynamics, heat transfer and reactions during DME steam
reforming (DME-SR) in a large scale circulating fluidized bed
(CFB) reactor has been presented and validated with experimental data from the literature. This is the first reported
model of DME-SR in a CFB reactor developed as part of a
proposed closed loop dual fluidized bed (DFB) system concept.
The model, which is solved using ANSYS FLUENT commercial
software, was based on EulerianeEulerian approach with the
reactions and kinetics adopted from the literature and
implemented using a user-defined function (UDF). The model
was found to produce satisfactory accurate data within a
reasonable computational time despite of the large scale
reactor considered.

Fig. 9 e The product gas composition at exit of the reactor
in mole percentage (on dry basis). Note that the left y-axis
represent the hydrogen and carbon monoxide and the
right axis represent the MeOH, DME and carbon monoxide.
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The hydrodynamics show axisymmetric flow structure,
mainly due to the entrance of solid catalysts from one side of
the reactor. The DME conversion and the hydrogen yield for
the selected case of operating condition of 300  C and steam to
DME mass ratio of 3 (equivalent to 7.62 M ratio) was found to
be 87% and 59% respectively. The gas species distributions
together with the predicted hydrodynamics suggest that the
DME hydrolysis and methanol steam reforming both occur at
the bottom of the reactor. These reactions, which are endothermic, result in the reduction of the reactor temperature
around the bottom zone. However, the overall temperature
variations in the reactor are insignificant. Towards the top
part of the reactor, the forward WGSR is predominant. This is
associated with a limited increase in temperature around the
top. In the middle to the upper part of the reactor, methanol
decomposes to produce carbon monoxide and more
hydrogen.
With the limited knowledge of DME-SR in industrial scale
CFB, the model developed in this study will be particularly
useful in further development of the process by providing a
robust tool for parametric analysis, reactor design and process
optimization, as will be demonstrated in part II of this study.

rD
rR
rDME
T
vr,s
v
Yi,g

15875

rate of methanol decomposition, mol m3 s1
rate of reaction for methanol steam reforming,
mol m3 s1
rate of reaction of DME, mol kg-cat1 s1
temperature,  C
particle terminal velocity, m s1
velocity, m s1
mass fraction of species i in the gas phase ()

Greek letters
a
volume fraction ()
b
momentum exchange (drag) coefficient, kg m3 s1
gqs
collisional energy dissipation, kg m1 s3
i
qsi
granular temperature of solid phase i, m2 s2
kqsi
diffusion coefficient of granular energy, kg m1 s1
ml,g
viscosity of gas phase due to laminar flow, kg m1 s2
mt,g
viscosity of gas phase due to turbulent flow,
kg m1 s2
msi ;col
viscosity of solid phase i due to collision, kg m1 s1
msi ;kin
viscosity of solid phase i due to kinetics, kg m1 s1
r
densities respectively, kg m3
t
shear stress tensor, kg m1 s2
sk,sε
constants ()
∅
molar ratio of steam to methanol ()
4
Specularity coefficient
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Nomenclature
A1, A2, B1 pre-exponential term in the Arrhenius expression,
s1
CD
decomposition reaction constant ()
Cm, C1ε,C2ε constants ()
Cfr,sisj
friction coefficient between solid phases i and j ()
methanol steam reforming modification constant ()
CR
water gas shift reaction constant ()
CWGS
concentration of species, mol m3
Ci
DT,i,g
thermal diffusion coefficient, kg m2 s1
ds
particle diameter of solid phase, m
activation energy of reaction, J mol1
Ei
esisj
particleeparticle restitution coefficient ()
particle-wall restitution coefficient ()
esi,w
radial distribution function ()
g0
g
gravity, m s2
Gk,g
production of turbulent kinetic energy, kg m1 s2
I
unit vector ()
!
diffusion flux of species i, kg m2 s1
J i;g
hq
specific enthalpy of q phase, J kg1
kg
turbulence kinetic energy, m2 s2
Keq
water gas shift equilibrium constant, K1
kR
methanol steam reforming rate constant,
m3 kg1 s1
kWGS
water gas shift rate constant, mol m3 s1 K1 pa2
P
pressure, pa
partial pressures of gas components, bar
Pi
R
gas constant, J mol1 K1
Res
Reynolds number of solid phase ()
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