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Summary

Currently, the main source for the production of liquid transportation fuels is petroleum, the
continued use of which faces many challenges including depleting oil reserves, significant oil price
rises, and environmental concerns over global warming which is widely believed to be due to fossil
fuel derived CO, emissions and other greenhouse gases. In this respect, lignocellulosic or plant
biomass is a particularly interesting resource as it is the only renewable source of organic carbon
that can be converted into liquid transportation fuels. The gasification of biomass produces syngas
which can then be converted into synthetic liquid hydrocarbon fuels by means of the Fischer-
Tropsch (FT) synthesis. This process has been widely considered as an attractive option for
producing clean liquid hydrocarbon fuels from biomass that have been identified as promising
alternatives to conventional fossil fuels like diesel and kerosene. The resulting product composition
in FT synthesis is influenced by the type of catalyst and the reaction conditions that are used in the
process. One of the issues facing this conversion process is the development of a technology that
can be scaled down to match the scattered nature of biomass resources, including lower operating
pressures, without compromising liquid composition.

The primary aims of this work were to experimentally explore FT synthesis at low pressures for the
purpose of process down-scaling and cost reduction, and to investigate the potential for obtaining
an intermediate FT synthetic crude liquid product that can be integrated into existing refineries
under the range of process conditions employed. Two different fixed-bed micro-reactors were used
for FT synthesis; a 2cm? reactor at the University of Rio de Janeiro (UFRJ) and a 20cm?® reactor at
Aston University. The experimental work firstly involved the selection of a suitable catalyst from
three that were available. Secondly, a parameter study was carried out on the 20cm? reactor using
the selected catalyst to investigate the influence of reactor temperature, reactor pressure, space
velocity, the H,/CO molar ratio in the feed syngas and catalyst loading on the reaction performance
measured as CO conversion, catalyst stability, product distribution, product yields and liquid
hydrocarbon product composition. From this parameter study a set of preferred operating
conditions was identified for low pressure FT synthesis.

The three catalysts were characterized using BET, XRD, TPR and SEM. The catalyst selected was
an unpromoted Co/Al,O; catalyst. FT synthesis runs on the 20cm® reactor at Aston were conducted
for 48 hours. Permanent gases and light hydrocarbons (C;-Cs) were analysed in an online GC-
TCD/FID at hourly intervals. The liquid hydrocarbons collected were analyzed offline using GC-
MS for determination of fuel composition.

The parameter study showed that CO conversion and liquid hydrocarbon yields increase with
increasing reactor pressure up to around 8 bar, above which the effect of pressure is small. The
parameters that had the most significant influence on CO conversion, product selectivity and liquid
hydrocarbon yields were reactor temperature and catalyst loading. The preferred reaction
conditions identified for this research were: T = 230°C, P = 10 bar, H,/CO = 2.0, WHSV = 2.2 h%,
and catalyst loading = 2.0g. Operation in the low range of pressures studied resulted in low CO
conversions and liquid hydrocarbon yields, indicating that low pressure BTL-FT operation may not
be industrially viable as the trade off in lower CO conversions and once-through liquid
hydrocarbon product yields has to be carefully weighed against the potential cost savings resulting
from process operation at lower pressures.
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1 Introduction

Fischer-Tropsch (FT) synthesis is an industrially important chemical
process that converts synthesis gas or syngas, a mixture of mainly CO and
H, into a wide spectrum of products, consisting primarily of
hydrocarbons that range from C;-Cq., as well as oxygenated compounds
[1-3]. Historically, coal and natural gas have been used as feedstocks in
producing hydrocarbon fuels via FT synthesis. Security of fuel supply and
environmental concerns over the past years, however, have driven
research in the direction of renewable fuels, where biomass can be used as
a substitute to produce synthetic liquid transport fuels by means of the FT

synthesis.

1.1 Background

The energy consumed for transportation accounts for a significant, and continuously increasing,
proportion of the total global energy demand. Currently, the main source for the production of
liquid transportation fuels is petroleum, the supplies of which have been abundant and relatively
low-cost [4, 5]. Its continued use, however, faces many challenges. These include depleting oil
reserves, which has raised concerns for the security of fuel supply and has led to significant rises in
the price of oil (both currently and anticipated for the future), as well as environmental concerns
over global warming, the main causes of which are widely believed to be fossil fuel derived CO,

emissions and other greenhouse gases [6].

In order to meet the increasing demand for transportation fuels, as well as comply with
continuously more stringent environmental policies and legislation, alternative sources must be
implemented for the purpose of developing more sustainable means of production of fuels and
chemicals. This makes lignocellulosic or plant biomass a particularly interesting resource as it is
the only renewable source of organic carbon that can be converted into liquid fuels and chemicals
(also known as biomass-to-liquids or BTL) [7, 8]. The resulting carbon dioxide emissions from the
combustion of biomass fuels are commonly regarded as neutral because carbon dioxide is fixed by
photosynthesis in the original plant or tree [9]. As a result, biomass is considered as the only

sustainable route to synthetic transport fuels and many organic chemicals [10, 11].

1.2 BTL via FT Synthesis

There are three main routes for the conversion of biomass into liquid biofuels. These include
thermal conversion (gasification and pyrolysis), biological conversion (digestion and fermentation)
and mechanical extraction (oilseed extraction) [8]. Biological processes can be extremely slow and
give specific products such as ethanol, whereas thermal conversion processes are rapid in

comparison, offering higher conversion efficiencies, scalability and giving a number of products
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[8]. Gasification of biomass produces synthesis gas or syngas, which can be converted into
synthetic liquid hydrocarbon fuels by means of the Fischer-Tropsch synthesis. This process has
been widely considered as an attractive option for producing clean liquid hydrocarbon fuels from
biomass [12, 13]. These synthetic fuels have been identified as promising alternatives to
conventional fossil fuels like diesel and kerosene [9, 14-16]. When compared to conventional crude
oil derived products, FT liquid fuels have an environmental superiority, because they are free from
sulphur, nitrogen and heavy metal contaminants, and have a very low aromatic content resulting in
lower engine emissions [17-20]. In addition, FT diesel fuels originating from biomass are
compatible with contemporary vehicle engines and can also be used for blending with conventional
diesel fuels in any proportion [12]. This means that they can be refined to current fuel standards
and specifications in conventional refineries, and are therefore able to offer economies of scale and
access to state-of-the-art processing. Moreover, while separate distribution systems may be
required for a number of alternative fuels, FT fuels can be easily managed by the existing fuel

infrastructure.

However, as FT plants are both capital and energy intensive, the viability of the FT process has
been very dependent on crude oil prices, which have gone through dramatic fluctuations over the
last three decades (current prices in 2012 exceeding $100/bbl) [20, 21]. A recent economic study
on FT fuel production plants conducted by van Vliet et al. [22] in 2009, reported that the
production costs of BTL via FT synthesis (or BTL-FT, as it will be referred to in the remainder of
the thesis) break even when oil prices rise above $75/bbl. The steep increase in the price of crude
oil, and more importantly, recent environmental legislation demands, have reignited the interest in
the well established, century old technology of FT synthesis in recent years [5, 9, 23, 24]. FT
synthesis is typically carried out at pressures in the range of 25-60 bar [19, 25]. One way of
potentially reducing the capital and operating costs in a BTL-FT process, therefore, is by operation
at lower pressures which implies lower expenditure on the energy consumed for gas compression

and lower investment costs that are associated with plant equipment operation at higher pressures.

There are currently very few commercial-scale FT plants in existence globally, with main
operations by Sasol in South Africa and Qatar, and by Shell in Malaysia and Qatar [26]. These,
however, are based on either coal (CTL) or natural gas (GTL) [27-29]. FT synthesis using biomass
feedstocks (BTL) is still at a very early stage of development, and to date, there are no industrial-
scale FT operations based on biomass [30]. The main hindrances to the application of BTL-FT
technology appear to be in the biosyngas clean-up steps and the limitations of economy of scale
imposed by the availability and cost of biomass as a feedstock. There are, nonetheless, a number of
laboratory scale BTL-FT studies, as well as planned pilot plant studies that aim to commercialize
the technology, and these will be discussed in section 2.8. Some of the issues that need to be

addressed in developing and implementing BTL-FT technology include the following:
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e Developing a technology that can be scaled down to match the scattered nature of biomass
resources, including lower operating pressures, without compromising liquid composition.

e Producing a lower specification product for upgrading in conventional refineries.

e Considering the co-production of higher value chemicals such as SNG and C,-C, olefins or
the co-production of liquid fuels and electricity.

e Managing the contaminants that are peculiar to biomass derived syngas (or biosyngas)
including more tolerant catalysts that can handle alkali metals and tars. The contaminants
that are present in biosyngas may or may not be similar to those found in coal or natural
gas-derived syngas. Hence, it is this uncertainty in the composition of biosyngas that poses

one of the greatest challenges in BTL operations.

1.3 Project Aims and Objectives
In response to some of the above challenges facing BTL-FT technology, the main aims of this

project are to:

1. Experimentally explore the de-severetisation of the FT synthesis process for down-scaling
and cost reduction.

2. Investigate the potential for obtaining an intermediate FT synthetic crude liquid product
that can be integrated into existing refineries under the range of process conditions

employed.
The specific objectives of this work are to:

1. Evaluate and compare the standard FT catalysts that are available for this project and
determine their suitability both for operation on the fixed-bed micro-reactor system at
Aston University and for fulfilment of the main aims of the work, as outlined above.

2. Determine the relationship between the product distribution and yields, and the processing
conditions employed in the FT synthesis reaction (syngas composition, operating pressure,
operating temperature, space velocity, etc.) using a standard FT catalyst at low pressures
(down to 2 bar).

3. Determine a set of operating conditions for low pressure FT synthesis on the fixed-bed
micro-reactor at Aston University that would give maximum yields of a lower specification
liquid hydrocarbon product. Ideal characteristics of this product would be a high diesel
composition, low wax and low naphtha contents, therefore reducing the need for product

up-grading operations which are commercially capital intensive to integrate on site.

1.4 Structure of the Thesis

The arrangement of the remaining chapters within this thesis is as follows:

Chapter 2 — Literature Review on Fischer-Tropsch Synthesis: A literature review is carried out in

this chapter which encompasses the historical context and the theoretical background of FT
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synthesis, including the main FT reactions, the reaction mechanism, FT products and the factors
that influence the product composition. Studies in the available literature that have investigated the
influence of FT synthesis reaction conditions on the catalyst activity and performance, the product
distribution, and the product yield, using standard iron and cobalt-based FT catalysts similar to
those used in this project, are critically reviewed. The different steps in BTL-FT processes are also
discussed from feedstock to final fuel products, including the various technologies that are
employed in FT processing, such as syngas generation, syngas cleaning, syngas conversion, FT
reactors, and product recovery and upgrading. In addition, the status of BTL-FT processing is
discussed, and recent developments aiming towards the commercialisation of the technology are
highlighted.

Chapter 3 — Experiment Plan, Equipment and Methodology: the experiment plan that is followed is

presented, and the laboratory equipment that is used for the FT synthesis experiments and product
analyses is described. The experimental methodologies and procedures that are followed are also
outlined. Fischer-Tropsch synthesis is conducted in two different stainless steel fixed-bed micro-
reactors: a 2cm® reactor at the University of Rio de Janeiro (UFRJ) and a 20cm? reactor at Aston
University. Online analysis of the products is carried out using gas chromatographs equipped with
thermal conductivity detectors (TCDs) and flame ionisation detectors (FIDs). Offline analysis of
liquid hydrocarbon products from the 20cm? reactor are analysed on a gas chromatograph equipped

with a mass spectrometer (GC-MS).

Chapter 4 — Catalyst Selection: this is the first of two chapters that contain the results of the

experimental work that is carried out during this project. The catalyst selection procedure is
outlined and the results of the catalyst characterization studies, including BET surface area
determination and pore size, XRD, TPR and TGA are presented and discussed. These are followed

by the results obtained for the FT synthesis catalyst screening experiments and their discussion.

Chapter 5 — FT Synthesis Parameter Study: this is the second of the two chapters that discuss the

results of the experimental work carried out on the 20cm® reactor at Aston. The details of the FT
synthesis parameter study that is carried out are provided, and the results that are obtained for each
parameter investigated are presented and discussed. The impact of the results found on process

investment costs is also discussed.

Chapter 6 — Conclusions: provides a summary of the major findings of the work carried out and the

conclusions that are drawn.

Chapter 7 —Recommendations for Future Work: provides recommendations for future research and

development to complement on the work carried out in this project.
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2 Literature Review on Fischer-Tropsch Synthesis

The FT process converts syngas into a wide range of hydrocarbons, as
well as some oxygenated compounds such as alcohols. The literature
review in this chapter encompasses the historical context and the
theoretical background of FT synthesis, which includes the main FT
reactions, the reaction mechanism, FT products and the factors that
influence the product composition. Studies that have investigated the
influence of FT synthesis reaction conditions on the catalyst activity and
performance, the product distribution, and the product yield, using
standard iron and cobalt-based FT catalysts similar to those used in this
project, are critically reviewed. The different steps in BTL-FT processes
are also discussed from feedstock to final fuel products, including the
various technologies that are employed in FT processing, such as syngas
generation, syngas cleaning, syngas conversion, FT reactors, and product
recovery and upgrading. In addition, the status of BTL-FT processing is
discussed, and recent developments aiming towards the commercialisation

of the technology are highlighted.

2.1 Introduction

The synthesis reaction was implemented for methane synthesis as early as the beginning of the
1900s. However, it wasn’t until the 1920s when the initial major FT work was carried out in
Germany by Franz Fischer and Hans Tropsch, who obtained a liquid product that consisted mainly
of hydrocarbons [31, 32] from the hydrogenation of CO over iron and cobalt catalysts, leading to
their famous patent of the FT synthesis process in 1925 [33]. Their research greatly contributed to
the later development of the synthesis process, establishing, for example, that Fe, Co and Ni are the
most effective catalysts for producing hydrocarbons (Co being the most active for hydrocarbon
production and Ni for methane), that alkali additives or promoters improve liquid hydrocarbon

yields, and that sulphur permanently poisons these catalysts [34].

The process was first commercialized in 1936 by Ruhrchemie AG in Germany [31, 35] and the
technology became valuable when Germany became isolated due to its war effort, which made it
dependent on coal that was readily available in Germany [20, 36]. The technology implemented at
the early stages of development after the war, however, was too expensive to compete with crude
oil [20], the prices of which were extremely low in the post-war period due to the discovery of the
large oil reserves in the Middle East [5, 20, 36]. This led to the minimal interest in FT synthesis
during this time period, and development of the process continued almost exclusively at SASOL
(South African Synthetic Oil Limited) in South Africa which was formed in 1950 [20, 37]. This
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was attributed to the fact that South Africa faced an oil embargo sanctioned by the international
community, and relied on its vast coal deposits for the production of liquid fuels and higher value
chemicals [37].

Interest in FT synthesis revived, however, in the 1970s and 1980s due to alarming forecasts at the
time about depleting crude oil reserves, as well as international politics which included oil boycotts
by major oil producing nations [5]. The attention towards FT processing further increased in the
1990s when it was realised that the technology could be used to take advantage of remotely located
sources of natural gas, which would be too expensive to transport in pipelines but could either be
liquefied and then transported as liquefied natural gas (LNG) or gasified and processed via FT
synthesis to produce synthetic transport fuels [20]. Consequent to this rich history, a wealth of
published papers and patents exist, a significant amount of which can be accessed on a recently
developed web site sponsored by Syntroleum, Inc., known as the Fischer-Tropsch Archive [38].
This website contains a comprehensive bibliography of FT synthesis literature from as early as the
1920s, holding over 7000 references and citations including journal and conference articles, books,
government reports and patents [39, 40]. Today, with continuously depleting oil reserves, and the
added factors of environmental concerns, as well as the recent improvements to the technology
used in FT processing, the research focus in FT synthesis has turned towards BTL technologies for

the production of clean and sustainable synthetic fuels.

2.2 Theoretical Background

Irrespective of the operating conditions used, and contrary to thermodynamic expectations [41, 42],
the FT synthesis reaction always yields an array of products consisting mainly of hydrocarbons that
range from methane and C, compounds to high molecular weight waxes (Ceo) [21, 42]. These
products can be a mixture of alkanes, alkenes, aromatics, ring compounds and oxygenated
compounds [43]. Typically, the oxygenated compounds are comprised of mainly alcohols as well
as some acids, ketones and aldehydes [44]. Other products of the reaction include water (which is
a primary product of the reaction), and carbon dioxide (which is a secondary product formed via
the water gas shift reaction, Equation 2.2 below) [45]. The lower molecular weight oxygenated
compounds that are formed during FT synthesis are mainly dissolved in the water phase, those with
higher molecular weight are dissolved in the oil or liquid hydrocarbon phase, whereas usually
negligible amounts of oxygenated compounds are reported to be present in the wax phase [44]. The
composition or distribution of all these products in the mixture varies depending on the type of
catalyst that is used as well as the reaction conditions that are implemented. These reaction

parameters are discussed in more detail in section 2.5.

The FT synthesis reaction is commonly represented by Equation 2.1 below, and industrially, it
takes place over iron or cobalt-based catalysts [20]. The reasons for the choice of these particular

catalysts are discussed in detail in section 2.4. Equation 2.1 shows that, stoichiometrically, the FT
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synthesis reaction requires two hydrogen molecules to react with one molecule of carbon
monoxide, thus requiring a H,/CO molar ratio of 2.0 in the feed syngas. Equations 2.2 and 2.3
represent the water gas shift (WGS) reaction and the Boudouard reaction, respectively. These are
two equilibrium reactions that also take place during FT synthesis and are important as they are
responsible for the disproportionation of CO in the reactor and can, therefore, influence the
stoichiometry of the FT synthesis reaction. In the WGS reaction, the CO is disproportionated
towards the formation of carbon dioxide and hydrogen, whereas in the Boudouard reaction, the
carbon product remains on the catalyst surface, and only CO, is formed, but no hydrocarbons [46].
Reactions 2.2 and 2.3, therefore, are mainly responsible for high CO, selectivities during FT

synthesis.

FT synthesis reaction: CO +2H; — -[CH,]- + H.O  AHgesk = -165kJ/mol  (EQ 2.1)
WGS reaction: CO +H;0 « CO, + Hy (EQ 2.2)
Boudouard reaction: 2CO0 - CO,+C (EQ 2.3)

A H,/CO molar composition ratio of two is usually recommended in the syngas when the reaction
takes place over cobalt-based catalysts, whereas lower H,/CO ratios (in the range of 0.5-1.5) can be
used over iron-based catalysts [20]. The reasons for this relate to the different WGS (Equation 2.2)
activity of these catalysts and are discussed in more detail in section 2.4. As opposed to cobalt-
based catalysts, which display a very low WGS activity, iron-based catalysts exhibit a very high
WGS activity, shifting the reaction equilibrium towards the production of hydrogen [43]. This
makes it possible for the syngas fed to the FT reactor using iron catalysts to have a H,/CO ratio
lower than two, as this ratio is increased by the WGS reaction [43]. This is important when using
biomass as a feedstock, as the H,/CO ratio in the syngas derived from its gasification is usually low
(0.5-1.8) [21, 47].

2.2.1 Reaction Mechanism

There are numerous reaction mechanisms and variations of these mechanisms that have been
proposed for the FT synthesis reaction and examples of these can be found in work published by
Dry [48], Claeys and van Steen [49], and Davis [50, 51]. Some of the differences have to do with
the chain initiation step. A number of these theories support that the CO molecules are adsorbed on
to the catalyst surface either by, 1) first dissociating into the individual comprising atoms and then
becoming hydrogenated, or 2) becoming directly hydrogenated and then taking part in the chain-
growth reaction, or 3) directly taking part in the reaction and then becoming hydrogenated [21].
Despite the differences, what is common between all the proposed mechanisms is the assumption
that the carbon chain grows in steps like a polymerisation process [43, 52], and this is depicted in
Figure 2.1 below. This figure summarizes the FT mechanism polymerisation steps, and illustrates

the different reaction paths that these monomers can follow.
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Figure 2.1 — FT polymerization steps (left) and carbon chain growth and termination
sequences (right) (derived from [21, 43, 53])
The monomers, or basic building blocks, in this process are presumed to be -CH,- units [52]. For
these units to form, the CO molecules in the reacting syngas dissociate into carbon and oxygen
(chain initiation). The H, molecules then adsorb on to the carbon molecules, resulting in the CH,
monomers, as well as on the oxygen molecules, giving water [54]. The CH, monomer has the
option to either react with H,, forming methane, and then desorb from the catalyst surface (known
as chain termination [39]), or attach to another -CH,- monomer, forming a C,H, species. This
species, in turn, can either desorb to give ethene, react with H, to give ethane, or attach to another -
CH,- monomer to produce an adsorbed C3;Hg unit, and so forth. The CO molecules are also in
competition with H,, CO, and H,O for adsorption on to the catalyst surface [55]. Other products in
the FT synthesis, like alcohols, can be formed from various combinations of other species giving

different monomers, such as CO species with H species giving CHOH monomers.

The latter route option of attachment of further -CH,- monomers, explained above, is referred to as
the probability of chain growth or the o (alpha) value of the synthesis reaction [43, 56, 57]. Rather
than the chain terminating, it can continue to grow with more CH, units, increasing the likelihood
of particular products being formed. The reaction sequences can continue giving rise to
hydrocarbon products ranging from methane to high molecular weight waxes [43]. Therefore, as
the alpha value increases so does the length of the hydrocarbon chains [43]. This probability of
chain growth or a value has been modelled according to the Anderson-Schulz-Flory (ASF) chain

polymerization kinetics model [42], which can be used as an arbitrary approximation for the
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distribution of the hydrocarbon products. This model is graphically illustrated in Figure 2.2 below,
which shows that between the two carbon number extremes, the FT products go through a

maximum point as the alpha value increases.
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Figure 2.2 — Product distribution as a function of chain growth probability ()
(adapted from [43])

Hence, the ASF model also sets theoretical limits to the maximum possible yields of specific
products from the process [55], e.g. the maximum yield of diesel (C1;-Cys) is theoretically 55 wt.%.
This shows that in order to maximize the yields of diesel further product upgrading, such as wax
hydro-cracking, is required downstream. [55]. In practise, however, FT synthesis reactions can
deviate from this model [58], and it cannot be used to predict the actual product distribution, but is

helpful in determining the interrelation between all the hydrocarbon products.

2.2.2  Operating Modes

FT processes are technically divided into two categories according to the operating temperature of
the synthesis — low temperature FT (LTFT) and high temperature FT (HTFT). Typical LTFT
processes operate in the temperature range of 200-250°C and pressures of 25-60 bar using cobalt or
iron-based catalysts [19], whereas HTFT processes operate in the temperature range of 300-350°C
and at similar pressures to LTFT using iron-based catalysts [59]. FT reactor operating temperatures
do not normally exceed 350°C, as at higher temperatures mainly methane would be produced [20].
The main steps involved in a typical FT commercial process are discussed in section 2.7, which

deals with the industrial technology implemented.

The mode of FT operation has a significant influence on the nature and composition of the products
obtained from the synthesis reaction. HTFT products are mainly composed of naphtha (low-grade

gasoline) and low molecular weight hydrocarbons, whereas LTFT products contain mainly diesel
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and waxes (which are usually hydro-cracked to maximize the yields of diesel) [35]. The differences
in product composition, arising from the different modes of operation, are illustrated in Figure 2.3
below, which compares the typical compositions of LTFT and HTFT products, obtained from a
fixed-bed and a circulating fluidized bed reactor, respectively (discussed in section 2.7.4).
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M 800l .

Methane Light h/c's Naphtha Diesel Waxes Oxygenates

Composition (wt.%)

Figure 2.3 — Typical compositions of LTFT and HTFT products (derived from [35])

2.2.3  Product Characteristics

Due to their predominantly hydrocarbon nature, FT products are regarded as an alternative to crude
oil for producing synthetic liquid fuels (such as gasoline, diesel and kerosene) and higher-value
chemicals (such as 1-alkenes) [60]. Hence, the names adopted for FT fuels are equivalent to those
used in the petroleum industry as listed in Table 2.1 below. The options for the recovery and
upgrading of these hydrocarbon fuels in a BTL-FT complex are discussed in more detail in section
2.7.5. FT liquid fuels are considered to be environmentally superior to petroleum derived fuels, as
they contain no sulphur, nitrogen, heavy metal contaminants, or aromatics [17-20]. Hence, the

resulting emissions contain significantly lower amounts of SO,, NO, and particulates.

Table 2.1 — Names used for FT fuels and their equivalent carbon chain lengths
(derived from [35, 61])

Names Carbon Chain Length

Fuel Gas C.-C,
LPG Cs-Cy
Naphtha Cs-Cyo
Kerosene C11-Cy3
Diesel C11-Cys
Soft Wax C19-C2s
Medium Wax C,4-C3s
Hard Wax Cas+
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The quality of a diesel fuel is usually rated by assignment of a cetane number. This is a measure of
its combustion quality during compression ignition; the higher the cetane number, the easier the
fuel ignites when it is injected into the engine [9]. Some of the properties of a typical FT diesel are
contrasted against standard diesel specifications in Table 2.2 below.

Table 2.2 — Comparison of typical FT diesel with standard diesel specifications
(derived from [62])

US Diesel

Property (ULSD) US07 FT Diesel
Cetane number 53.90 79.00
Sulfur (mg/m?) 46.00 0.05
Aromatics (wt%) 24.40 0.30
Density at 15°C (kg/m®) 827.10 784.60
Viscosity at 40°C (mm?%s) 2.47 3.50
Calorific Value (MJ/kg) 42.70 43.90

Table 2.2 above, shows that conventional diesel has a significantly lower cetane number than that
of the straight-run diesel fraction (Cy;-Cyg) produced from FT processes. This is because FT diesel
has a low aromatics content and low degree of branching [63]. This high cetane number makes it
possible to use FT diesel for blending with low cetane petroleum diesel for upgrading purposes in
order to meet the increasingly strict transportation fuel specifications [20]. Moreover, this requires
no extra modifications to be made in diesel engines or the existing fuel distribution framework. The
low aromatics content and low degree of branching in FT diesel result in a lower density than
conventional diesel and poor cold properties [63], which are disadvantages of FT diesel as this
results in a lower power output in diesel engines [60]. However, on account of the typical
efficiency of diesel engines (which is reported to be approximately 44% as opposed to 24% for
gasoline engines) the use of diesel is more advantageous from an environmental perspective and
merits preference as the fuel of choice [60]. In addition, during combustion diesel produces less
CO, and more H,0 than gasoline as diesel is more hydrogenated than gasoline thus contributing to

lower greenhouse gas emissions [42].

2.3 Product Distribution

The distribution of the resulting carbon containing products in FT synthesis is commonly referred
to as the product selectivity [43]. The product selectivity is a particularly valuable way of
presenting the product composition in FT synthesis as it represents the molar composition of the
total products formed. Hence, product selectivities are used in the experimental work (which will
be discussed in chapters 4 and 5) in order to evaluate the influence of reaction conditions on the
distribution of FT products. The methods used to calculate the product selectivities are discussed in
section 3.5.2.4. FT product selectivity or distribution can be altered through modification of key
process variables, which relate to either the operating conditions (reactor temperature, reactor

pressure, space velocity and H,/CO molar ratio in the feed syngas) [43, 53, 64-66], or the FT
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catalyst (such as the type of metal, supports and promoters used, as well as preparation methods)
[67, 68]. These influencing factors are discussed in sections 2.4 and 2.5 below.

2.4 Influence of FT Catalysts on the Product Distribution

Only the four transition metals iron, cobalt, nickel and ruthenium are sufficiently active for
application in the FT synthesis reaction [43, 69]. The relative cost of these four metals can be
expressed as Fe:1, Ni:250, C0:1,000 and Ru:48,000 [43]. From these four metals, Ru is the most
active for FT synthesis. Ni, Co and Fe form volatile carbonyls to varying extents during the FT
reaction, however, those formed by Fe and Co are volatile at 500-600°C (temperatures that are
higher than those used in typical FT conditions), whereas those formed by Ni are volatile at 200-
300°C (within the range used in typical FT conditions) [20]. In the case of Ni, this causes the
continuous loss of the metal during the reaction [43]. In addition, Ni is considered more as a
methanation catalyst as it produces mainly methane and gives the lowest yield of higher molecular
weight compounds at typical FT conditions [69]. Ru does not oxidise or carburise under normal FT
conditions, and it gives high yields of oils and waxes [69]. However, because of its very high cost
and low availability, large scale application of Ru as a catalyst is not viable for the production of
low value chemicals and/or synthetic fuels, but could potentially be used in the production of

higher value chemicals [43].

Hence, only iron and cobalt catalysts are used commercially for FT synthesis [43, 44, 70] and for
this reason only these two types of catalysts are considered in this research project. The mode of
operation in the FT process usually dictates which of these two industrially applicable catalysts is
selected, as different operating conditions are more suited to either type of catalysts. Fe catalysts
are used for HTFT processes, whereas both Fe and Co are suitable for LTFT processes [21]. The
type of feedstock that is used, as well as the type of products that are desired (i.e. gasoline versus
diesel and waxes) also play a significant role in the choice of catalyst. The reasons for the choice of
catalyst to suit the operating mode, feedstock and desired products are discussed in sections 2.4.1 to
2.4.3.

The differences in the compositions of typical iron and cobalt-based catalysts are illustrated in
Figure 2.4 below. The general compositional trend for typical cobalt and iron-based industrial
catalysts comprises of the metal (in its oxide form), a support or carrier material, and promoters
(other metals and metal oxides) [31]. Some of the common support materials and promoters used in
both iron and cobalt-based catalysts are discussed in sections 2.4.1 and 2.4.2, respectively. The iron
or cobalt oxide phases in the catalyst require reduction prior to the FT reaction (typically using
hydrogen), as they both need to be reduced to the equivalent metallic phase which is the phase that

actually possesses the necessary activity for the FT reaction.
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Figure 2.4 — Typical composition of FT cobalt catalysts (A) and iron catalysts (B)
(derived from [5, 31, 43, 71])
Research on both cobalt and iron-based catalysts has focused on a number of aspects in an effort to
improve catalyst reducibility and activity, tailor and enhance the selectivity to certain products and
by the same token, decrease the selectivity to undesired products like methane, as well as
increasing their resistance to catalyst poisons, such as sulphur compounds. These aspects include
the influence of physical and chemical properties, the support or carrier materials, promoters and
other additives, the preparation techniques and the catalyst pre-treatment or activation procedures
implemented. A small number of these studies have also explored catalyst suitability for FT
applications that use biomass as a feedstock [72-75]. This is important as FT catalysts are very
sensitive to syngas contaminants (section 2.7.3), and therefore have intensive syngas cleaning
requirements. Any design improvements in catalyst resistance to syngas or biosyngas poisons,
therefore, could lead to potential savings in capital and operating costs as the cleaning requirements

may be reduced.

2.4.1 lron Catalysts

Iron-based catalysts are used both in LTFT and HTFT processes. The catalyst preparation
techniques, supports and promoters used, however, differ depending on this operational mode. For
example, added mechanical strength is required for HTFT processes that take place in fluidized-
beds (discussed in section 2.7.4.1) hence fused iron catalysts are used instead of those prepared by
precipitation for LTFT processes. Typical iron support materials include silica and/or alumina, and
promoters include copper and alkali metals like sodium and potassium [43]. Compared to cobalt,
iron is reported to be more responsive to promoters, and the more alkaline the promoter is the
higher the average carbon chain length of the hydrocarbon products [69]. This is because CO
surface adsorption and subsequent decomposition into C and O atoms (chain initiation in section

2.2.1) has been reported to be enhanced by surface alkalinity [21].

Since iron is so much cheaper than cobalt, the degree of dispersion of the metal on the catalyst
surface is not as important. Hence, as shown in Figure 2.4 above, typical iron catalyst compositions

comprise of mainly the iron phase and a much lower proportion of the support material. This
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significantly higher metal surface area in typical iron catalysts compared to that in typical cobalt
catalysts has been reported to give iron-based catalysts a higher initial intrinsic activity [66].
However, according to Espinoza et al. [66], this activity decreases as the reactant conversion
increases, making iron catalysts suitable for a given range of conditions, such as high space
velocities and operating pressures, whereas the opposite has been reported for cobalt catalysts [66].

An advantage of iron catalysts is that they display high water gas shift activity (reportedly due to
the iron carbides and re-oxidised Fe;O, that are formed during the FT reaction [53]). This means
that the carbon dioxide produced in the synthesis reaction is hydrogenated into more FT products
(Equation 2.2 in section 2.2). This water gas shift activity also implies that iron is more versatile as
an FT catalyst, as syngas with low H,/CO molar ratios (below 2.0) and/or high CO, content can be
used [69]. This allows for more flexibility in industry for using hydrogen-poor syngas, such as
biomass derived syngas (with H,/CO molar ratios typically in the range of 0.5-1.5) to be used with
less or no conditioning and adjustment of H,/CO molar ratios to higher values [69]. The main
reported disadvantage of using iron-based catalysts is that they deactivate faster due to oxidation
and coke deposition and have a much shorter process life than cobalt-based catalysts (~2-3 months)
[69].

2.4.2 Cobalt Catalysts

Cobalt-based catalysts are used in LTFT processes only as, due to their high activity, it has been
reported that they would produce mainly methane at higher temperatures [21, 76]. At LTFT
conditions, cobalt-based catalysts have been reported to be more stable than iron-based catalysts,
have a much higher resistance to deactivation by water and therefore have much longer process
lives than iron catalysts (~5 years in LTFT fixed-bed reactors) [67, 69]. In addition, they have been
reported to exhibit a high activity and selectivity towards linear hydrocarbons (paraffins), which is
favourable for diesel and wax products [21]. The differences in catalyst compositions illustrated in
Figure 2.4 above, are mainly due to the relative cost of both metals. The very high price of Co
means that, ideally, more of the metal needs to be exposed on the catalyst surface [21]. For this
reason, cobalt-based catalysts are usually supported on carriers that are stable (during catalyst
calcination, activation and reaction) and that have a high surface area such as alumina, silica and
titania [71]. This is usually done by impregnation of these support materials with aqueous cobalt
salt solutions. These support materials can also have an influence on the catalyst activity and

performance (in terms of CO conversion versus time on stream) and the product distribution.

Promoters like boron, ruthenium, rhenium and CaO are commonly used in order to improve the
reducibility of the catalyst prior to FT reaction, as well as enhancing the catalyst activity and Cs.
selectivity by keeping the metal surface clean from carbon deposition during the reaction [31, 77,
78]. This has been shown in studies by Bao, Liew and Li [79], Khodakov [80] and de la Osa et al.

[68]. The cobalt oxide phase in the catalyst usually reduces at temperatures above 300°C, which are
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higher than those used in LTFT conditions. Hence, the ease of catalyst reducibility is quite
significant, as the catalyst has to be reduced before it is loaded into the reactor, adding extra costs
and process stages. The main reported disadvantage of using cobalt-based catalysts is that they
require H,/CO ratios in the syngas greater than or equal to 2.0, as they are not very active water gas
shift catalysts [69, 81]. Therefore, if syngas derived from biomass is used, which contains low
H,/CO molar ratios, an external shift reactor would be required to adjust this ratio in the syngas
prior to entering the FT reactor.

2.4.3 Catalyst Deactivation

What is common between both cobalt and iron catalysts are the means by which their deactivation
occurs. Some of these means include sintering of the metal, re-oxidation of the active metal phase
by water and poisoning by syngas contaminants, especially sulphur compounds which are
permanent poisons [17] (typical FT syngas requirements for sulphur content are below 0.05 ppm
[69]). In comparison, iron has been reported to be more easily deactivated by water, whereas cobalt
is more sensitive to sulphur compounds [66]. Despite these differences, sulphur removal from the
syngas is vital for the success, longevity and viability of the FT process when either type of catalyst

is used. Typical syngas contaminants and gas cleaning requirements are discussed in section 2.7.3.

Other deactivation mechanisms that have been reported to occur during the reaction include
catalyst pore plugging and fouling due to mainly wax (heavy hydrocarbons), as well as coke
deposition or accumulation inside the catalyst pores [82, 83]. These mechanisms are speculated to
be partly responsible for the declining CO conversion with time on stream which have also been
reported to potentially contribute to intra-particle diffusion limitations [83]. The occurrence and
extent of these deactivation mechanisms can be examined by using catalyst characterization
techniques such as BET specific surface area determination (discussed in section 3.6.1) as these
deposits would decrease the total surface area of the catalyst. The technique that is used in this
work is thermo-gravimetric analysis (TGA, discussed in section 3.6.4) which can also be used to
examine the occurrence and extent of this mechanism by monitoring the weight loss profile as the

deposits are burned off with increasing temperature.

2.4.4 Catalysts used in this Project

Three catalysts are available to work with in this project; two cobalt-based catalysts and one iron-
based catalyst. Their compositions and characteristics are discussed in detail in chapter 4. With
regard to the catalyst, FT synthesis work can be carried out according to three different approaches
[84] as listed below:

1. Catalyst intrinsic chemistry — this relates to the science involved in the preparation of the

catalyst, including the type of metal, promoters and support used.
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2. Engineering the catalyst pellet — this has to do with the catalyst performance on stream and
involves the design of a catalyst pellet that will help to maintain this desired performance
in operation and particularly in up-scaling.

3. Methods of operating the catalyst pellet — this involves the careful selection of the right
conditions for process operation, including factors such as reactor pressure, syngas
composition, reactant conversion, etc. which have been reported to have a significant
influence on the catalyst performance and product selectivity [44, 85].

The first two approaches that are listed above are beyond the scope of this project as their
executions require dedicated catalysis research, the equipment and expertise for which are not
available for this work. The work that is carried out, therefore, follows the third approach listed
above. The three available catalysts are first evaluated and compared, and the most suitable catalyst
is selected for further exploration on the effects of operating conditions on its activity (reactant
conversion), product distribution and product yields. The catalyst selection procedure is detailed in
chapter 4, whereas the parameter study which examines the influence of operating conditions is

discussed in chapter 5.

2.5 Influence of Operating Conditions on the Product Distribution

The reaction conditions that have an effect on the synthesis process and that will be examined in
the experimental work (discussed in chapters 4 and 5) include the operating temperature, operating
pressure, space velocity, and the H,/CO molar ratio in the feed syngas. These parameters are
discussed in sections 2.5.1 to 2.5.4 below.

2.5.1 Operating Temperature

Temperature is one of the most important variables in FT processing due to the highly exothermic
nature of the FT reaction. Therefore, the temperature needs to be carefully controlled and
maintained within a constant range in order to avoid temperature runaways that can lead to the
predominant formation of methane and rapid catalyst deactivation [43]. Overall, in the FT reaction,
an increase in temperature has been reported to increase the reaction rate and, therefore, the
reactant conversion and product formation. However, as the temperature increases the product
composition shifts towards the production of methane and low molecular weight compounds, i.e.
the average chain length of the products decreases [55]. This is true for both iron and cobalt-based
catalysts and has been widely reported in the literature [86-90]. This can be explained by the
increased rate of chain termination reactions (discussed previously in section 2.2.1), where the
‘CHz’ monomers are hydrogenated to CH, [91]. Lower Cs. selectivity at higher temperatures has
also been attributed to thermal cracking of the heavier compounds [91]. The operating temperature
can also adversely affect the catalyst life. Increasing operating temperature favours catalyst
deactivation mechanisms, such as sintering or carbon deposition and wax deposition (discussed

previously in section 2.4.3), which inhibit the activity of the catalyst by occupying or ‘blocking’ the
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catalyst active sites. The rate of these deactivation mechanisms has been found to increase
excessively at elevated temperatures [91]. Previous work investigating the effects of operating
temperature on FT catalyst activity, product distribution, etc. is discussed in section 2.6.

As discussed previously in sections 2.4.1 and 2.4.2 above, the optimum operating temperature
range for cobalt is reported to be in the LTFT range (200-250°C), whereas iron-based catalysts
could be used in either the LTFT or HTFT (300-350°C) ranges, depending on their preparation
methods and formulation. The operating temperature range recommended by the manufacturer for
the iron-based catalyst used in this project (section 4.1) is in the range of 300-350°C. Hence,
depending on the type of each catalyst used in this work, these are the temperature ranges that will

be implemented in the FT synthesis work discussed in chapters 4 and 5.

2.5.2 Operating Pressure

Pressure is an important parameter as it has a significant effect on capital cost and can require
additional expenditure on energy and equipment for compression, either for gas compression or
from the higher capital cost of a pressurized gasifier. A sensitivity analysis on product value carried
out in a techno-economic assessment by Swanson et al. [92] on BTL-FT plant scenarios showed
that the capital cost of gas compression significantly influences the product value. Conversely, the
equipment sizes become less as the pressure increases. The overall effect of a 25 bar working
pressure compared to 5 bar is approximately a 150% increase in capital cost [93]. Thus operation at
5 bar compared to 25 bar would reduce capital costs by around 60%. These assumptions could be
drawn from a review of the costs of biomass gasification technologies by Bridgwater [93], where
the installed plant costs for gasification plants from across Western Europe were collected and
compared and showed a clear difference in the capital costs between atmospheric and pressurized
systems. The capital cost data that was collected encompassed each system from the reception of
the biomass feedstock to a final, clean syngas ready for the generation of electricity [93]. For plants
of the same capacity, this data showed that a pressurized gasification system accounts for an
increase of approximately 150% in capital costs over those of an atmospheric gasification system
[93].

Cost reduction estimates for operation at lower pressures could also be drawn from step count
estimating procedures, such as those put forward by Zevnik and Buchanan [94] and Wilson [95], to
which adjusted UK plant cost indexes are included for more current costs (year 2000 basis) [96].
These capital cost estimation models relate basic process parameters like plant capacity, pressure,
temperature, and construction materials to total plant cost by considering the number of main plant
items or functional units in the process [96]. Using these process step capital cost estimation
procedures shows that for plants of the same capacity (and assuming that the same number of
process units is involved and that they remain unchanged) a reduction in working pressure from 25

bar to 5 bar would reduce capital costs by 15%. A reduction of 20% in capital cost could be
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achieved instead, however, if the syngas compression step is eliminated (accounting for one less
process unit). An example of the calculations for estimating these capital costs is provided in
APPENDIX E. Hence, combining the data from installed gasification systems and the values
calculated using step count estimation procedures, it can be assumed that potential savings of 20-
60% in capital costs could be realised if lower working pressures are implemented in a BTL-FT
plant. The influence of these lower operating pressures on FT synthesis product distribution,
product yields, etc. therefore requires investigation, as these are also important considerations that
affect the process both from technical and economic perspectives.

The general consensus in the available literature is that an increase in FT reactor pressure results in
an increase in both CO conversion and selectivity towards higher molecular weight hydrocarbon
products (Cs.) [43, 87]. Wax formation is reported to increase considerably with increasing
pressure, whereas a less marked influence on liquid fuel formation (naphtha and diesel) has been
observed, particularly at pressures above 10 bar. Moreover, operation at increased pressures (>30
bar) has been found to have a negative effect on the catalyst life as these conditions promote
deactivation at a faster rate than operation at low pressures [70]. The influence of reactor pressure
on the FT product yields as reported in a review on the selectivity in FT synthesis by Caldwell [97]
is illustrated in Figure 2.5 below.
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Figure 2.5 — Influence of reactor pressure on FT product yields
(adapted from [97])
The results taken from the above review do not give an overall view of the total products obtained
as they are not expressed in weight percentage yields, but still serve in showing the differences and
trends in the yields of hydrocarbon products as influenced by increasing pressure. For example, an
increase in pressure up to 15 bar results in increased wax yields, whereas these yields are lowered
as the pressure is further increased above 15 bar. Further evidence on the influence of operating

pressure on FT product distribution (using cobalt catalysts) is provided in Figure 2.6 below, which
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is adapted from a review by Davis [70]. Both figures show that the most significant effect of
operating pressure on the product yields and distribution is observed at lower pressures (1-10 bar).
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Figure 2.6 — Influence of reactor pressure on FT mass percentage product composition using
a typical cobalt catalyst (adapted from [70])
Commercial FT processing is usually carried out at pressures in the range of 20-40bar, and
therefore the majority of the available literature on FT synthesis deals with experimental studies
within this range. Work performed at lower pressures is not as common, but the influence of these
milder conditions on the FT synthesis process is of interest from an economic perspective as
previously discussed above. Hence, operating pressures in the lower pressure range of 1-10 bar will
be implemented for the FT synthesis work discussed in chapters 4 and 5. Previous work
investigating the effects of operating pressure on FT catalyst activity, product distribution, etc. is

discussed in section 2.6.

2.5.3 Space Velocity

Space velocity is the inverse of residence time, t, and is usually defined as the ratio of the feed gas
flow rate to the size of the reactor (units = h™). The space velocity can be defined in terms of gas
hourly space velocity (GHSV, which is more commonly expressed in the following units in
research publications: Lge'h™), or weight hourly space velocity (WHSV), and calculated using

Equations 2.4 and 2.5 below, respectively.

Feed Gas Volumetric Flow Rate

GHSV =
Reactor (or Catalyst) Volume

(EQ 2.4)
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Feed Gas Mass Flow Rate

WHSV =
Catalyst Mass

(EQ 2.5)

Hence, space velocity can also be used for rating the approximate size of the reactor. Since higher
space velocities correspond to shorter reactor residence times, catalyst activity and Cs. hydrocarbon
selectivity are expected to decline with increasing space velocity and these phenomena have been
reported by several authors including de la Osa et al. [89], and Liu et al. [44]. This is not always
the case in the available literature, however, where the relationship of increasing space velocity to
catalyst activity and product distribution using different catalysts and reactor set-ups can be more
complex. An example of this is seen in the work carried out by Mohanty et al. [91] who reported
CO conversion increasing to a maximum point as the space velocity was increased, but thereafter
declining as the space velocity was further increased. The step-wise growth nature of the FT
reaction mechanism (discussed previously in section 2.2.1) that has been reported to potentially
occur in series, parallel or in a cyclic arrangement means that definite trends for conversion or

product selectivity with changing space velocity are not necessarily observed [46].

The implications of varying the syngas space velocities in commercial FT applications is of
interest, as the relationship of space velocity to the size of the FT reactor vessel is inversely
proportional, i.e. the higher the space velocities or syngas flow rates, the smaller the reactor vessel
required and the lower the capital cost of the FT processing plant. If low FT reactor operating
pressures are desired, this would mean that larger FT reactor vessels are necessary to handle the
larger gas volumes. Potentially, therefore, a balance could be achieved between having higher
space velocities and lower operating pressures that would lead to potential capital cost savings.
These cost implications could be checked from the scaling relationship given in Equation 2.6 below
[96], where C is the capital cost, Q is the capacity, and X is the scaling factor (typically ranging
from 0.6-0.7). For instance, if the capital cost of an industrial fixed-bed FT reactor is taken as $16.7
million (according to the techno-economic review carried out by Tijmensen et al. [9]), and if the
scaling factor, X, is assumed to be 0.67, then a 200% increase in the feed flow rate or capacity

lowers the capital cost to $10.5 million, a cost reduction of approximately 30%.

C, _ ( Q: )X
G Qu (EQ 2.6)

In order to investigate the influence of increasing space velocity the values of space velocity

(WHSV) that will be investigated in the FT synthesis work discussed in chapter 5 are in the range
of 8.8 to 11.5 h™. The minimum value of 8.8 h™ is selected due to equipment limitations that will
be discussed in section 3.4.3. Previous work investigating the effects of space velocity on FT

catalyst activity, product distribution, etc. is discussed in section 2.6.
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2.5.4  Synthesis Gas Composition (H,/CO Molar Ratio)

As the molar ratio of H,/CO changes in the feed syngas so does the stoichiometry of the FT
reaction. This affects the partial pressure and, therefore, the concentration of each species (CO and
H,) on the catalyst surface. The widely accepted ‘alkyl’ reaction mechanism (discussed previously
in section 2.2) proposed that the CO adsorbed on the catalyst surface is hydrogenated to form the
CH, monomers which can propagate the reaction, whereas H, is more responsible for chain
termination reactions. Hence, the likelihood of this chain growth is dependant on the H,/CO ratio in
the feed syngas [55]. An increasing H,/CO in the feed syngas has been reported to favour the
formation of lighter hydrocarbon compounds, whereas, the Cs. hydrocarbon selectivity increases
with decreasing H,/CO molar ratio [91, 98, 99]. In addition, an increasing H,/CO molar ratio has
been reported to improve the exothermic heat removal in the reactor and enhance the catalyst life
and activity as carburisation (or coke formation) on the catalyst surface is minimized [91, 100].
Previous work investigating the effects of the H,/CO molar ratio in the feed syngas on FT catalyst
activity, product distribution, etc. is discussed in section 2.6.

As discussed previously in section 2.4.2, a H,/CO molar ratio in the syngas of 2.0 is generally
recommended for cobalt catalysts in order to achieve a good activity in the FT synthesis reaction,
whereas iron catalysts can handle a much lower H,/CO ratio due to their high WGS activity [20].
The syngas produced in BTL processing via biomass gasification tends to have a low H,/CO ratio
(0.45-1.8, depending on the means of gasification employed) [9]. The biosyngas has to therefore be
conditioned in order to adjust this ratio to a higher value before entering the FT reactor. Due to
their higher activity than iron catalysts and heavier hydrocarbon product yields, cobalt catalysts
have been mainly considered so far for BTL-FT applications, assuming that the syngas is
sufficiently cleaned prior to the FT reactor [73]. If H,/CO molar ratios lower than 2.0 could be used
with cobalt catalysts this could potentially lower the syngas conditioning requirements in the

process and lead to potential savings.

The possibility of using iron-based catalysts is also examined in this work (chapter 4), as iron
catalysts can be used with hydrogen deficient biosyngas. In addition, iron catalysts have been
reported to display a much higher resistance to typical biosyngas contaminants (section 2.7.3.1),
and can therefore potentially be applied in BTL-FT processing [73]. These two advantages of iron-
based catalysts, which imply the removal of the syngas conditioning step and less stringent gas
cleaning requirements, in combination with their much lower price than cobalt catalysts, could also
potentially lead to significant cost savings. The values for the H,/CO molar ratios in the feed
syngas that will be implemented in the FT synthesis work discussed in chapter 4 and 5 are in the

range of 1.5 to 2.0.
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2.6 Previous Studies on the Influence of Operating Conditions on FT Product Distribution

The three catalysts that are available for this project (which will be described in chapter 4) not only
differ in the type of active metal phase used, but also in the type of support materials and promoters
implemented in their formulation. The influence of support materials and promoters in these three
catalysts on the catalyst activity and performance, the product distribution, and the product yield,
therefore, can not be accurately compared, neither is it within the scope of this work. As discussed
previously in section 2.4.4, this project focuses on methods of operating the catalyst in the reactor
for FT synthesis, and therefore, similar studies that have examined the influence of operating
conditions on FT catalyst performance in terms of activity, product distribution, etc. are reviewed

and discussed in this section.

In relation to the wealth of published material available on FT synthesis, only a small number of
studies have investigated the influence of reaction conditions on the activity, stability (in terms of
reactant conversion versus time on stream), and product distribution (or selectivity) of either iron or
cobalt-based catalysts. The studies which are reviewed in this section are relevant to the FT
synthesis parameter study carried out in this project and span mainly the last few decades. These
studies have mainly concentrated on the effects of reactor temperature, reactor pressure, syngas
space velocity and the H,/CO molar composition in the feed syngas. As commercial FT processing
is typically carried out at pressures in the range of 20-40 bar, the majority of these studies deal with
experimental investigation on the influence of operating conditions within this conventional range
of FT reactor pressures. As the work aims to explore the influence of less severe FT operating
conditions, studies that specifically address the influence of lower operating pressures (in the range
of 1-20 bar) on catalyst activity and stability, and product distribution using either iron or cobalt-
based catalysts are of particular interest. These specific studies, however, are very limited in

number.

As previously discussed in sections 2.2.2 and 2.4, there are fundamental differences in FT synthesis
when using either iron or cobalt-based catalysts, and these relate to the operating conditions that are
used and the type of products that are obtained. Cobalt catalysts are selective towards the formation
of straight-chain diesel range hydrocarbons and waxes, whereas iron catalysts are more selective
towards naphtha grade products and lower molecular weight hydrocarbons. The type of reactor that
is implemented, such as a fixed bed or slurry (CSTR) reactor that are discussed in section 2.7.4,
also plays an integral role in the final product distribution. On account of these differences,
therefore, the literature review of the parameter studies is divided into two parts; studies carried out
using iron-based catalysts are discussed in section 2.6.1, whereas those using cobalt-based catalysts
are discussed in section 2.6.2. Important findings of these studies that are closely related to this
work, including the influence of reaction conditions on reactant conversion, liquid and wax yields,
Cs. hydrocarbon product selectivity, etc. are reviewed. For convenience, the shorthand format that

is adopted for reference to the set of process conditions that were implemented in each of the
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studies that are discussed below, as well as in the remainder of the thesis, is the following: (T, P,
GHSV or WHSV, H,/CO, and m, if applicable).

2.6.1  Studies using Iron Catalysts

Research on FT synthesis using iron-based catalysts has been quite extensive owing to the
development of HTFT technology since the 1950s mainly by Sasol in South Africa (section 2.1),
for which iron-based catalysts are more suitable for the reasons discussed previously in section
2.4.1. This research has primarily focused on the development of reactor technology, and catalyst
design including its preparation, structural supports and promoters. Studies that have addressed the
influence of reaction conditions, and FT reactor pressure in particular, on the catalyst activity,
catalyst stbility and the product distribution using iron-based catalysts are relatively few. Studies
that specifically address the influence of low pressure (1-20 bar) are even less. These studies have
been carried out at a laboratory-scale in both fixed-bed reactors [86, 88, 101-104] and slurry
reactors [44, 90, 98, 105-107] and are reviewed below. Some earlier studies carried out just over
two decades ago [98, 104] are also included. From these particular studies, only a few specifically
examine the influence of low operating pressures (within the range of 1-20 bar) on FT synthesis
[86, 98, 103]. The reaction conditions investigated in all the studies using iron-based catalysts

reviewed in this section are summarized in Table 2.3 below.

The effects of temperature and H,/CO molar ratio, as well as the influence of alkali promoters
using commercial Ruhrchemie iron-based catalysts (Fe-Cu-K-Na/SiO,, which was representative of
typical industrial catalysts implemented at the time) were investigated by Donnelly and Satterfield
(1989) [98] in a slurry reactor (one litre CSTR) under the following reaction conditions: (230-
265°C, 8-30 bar, GHSV = 0.6-2.4 h™', H,/CO = 0.5-2.0, and m¢, = 25¢). The influences of reactor
pressure and space velocity were not reported, as these specific parameters were kept constant (at
different values) for each of the catalysts tested. As opposed to the unpromoted catalyst which
displayed rapid deactivation over the reaction test period, the promoted catalyst was reported to
have displayed a stable activity over a 1300 hour reaction period. However, the average molecular
weight of the products was reported to decrease with both increasing reactor temperature and time
on stream, which is in general agreement with other contemporary work at the time, as well as with
the more recent studies that are reviewed in this section. The product distribution was reported to
be unaffected by the H,/CO molar ratio in the feed syngas, an observation which is contrary to the
findings of Mirzaei, Vahid and Feyzi [86] and Liu et al. [44] which are reviewed further down.
This trend, however, is presented in terms of the a-value of the synthesis reaction, which is an
arbitrary value (section 2.2.1), and individual product or product group selectivities, which are
commonly reported in more recent publications, are not reported by Donnelly and Satterfield thus

not to allowing for accurate comparison.
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Table 2.3 — Summary of cited parameter studies using iron-based catalysts

T P GHSV Meat
Catalyst Reactor Type H,/CO ) Reference Year
Y P cc) | (bar) ) | (@
Fe-Cu-K-Na/SiO, | Slurry (1L CSTR) 230-265 | 8-30 | 0.5-2.0 0.6-2.4 25 | Donnelly and Satterfield [98] 1989
. 1) Fixed-bed (ID =10mm, L = 36cm)
Fe-Cu-K/SiO, 2) Slurry (1L CSTR) 235-250 15 0.7-1.0 1.0-4.0 3.5 | Bukur, Patel and Lang [104] 1990
Fe/Cu/K Fixed-bed (ID = 18mm, L = 30cm) 220-270 | 11-31 @ 1.0-3.0 | 4.0-10.0 - Wang et al. [101] 2003
Fe-Mn CSTR 260-290 | 9-30 1.0 0.46-1.85 | 4.75 | Liuetal. [44] 2007
Fe-Cu-K/SiO, 1L CSTR 240-270 | 20-30 1.0 - 10 | Fariasetal. [105] 2007
. 1) 0.1 L CSTR .
Fe/SiO, 2)1L CSTR 240-280 | 10-29 | 0.4-2.0 - 15 | Hayakawa, Tanaka and Fujimoto [90] | 2007
Fe-Mn Fixed-bed (ID = 9mm, L = 110cm) 280-450 | 1-15 | 1.0-3.0 2.7 1.0 | Mirzaei, Vahid and Feyzi [86] 2009
Fe Fixed-bed 260-300 30 1.0 1.3 - Kumabe et al. [102] 2010
Fe-Cu-K/SiO; Slurry (3.6 L) 245-265 25 1.0 2.6-3.9 720 | Jungetal. [106] 2010
Fe-Mn Fixed-bed (ID = 7mm, L = 30cm) 230-300 | 1-20 2.0 1.0-1.6 0.5 | Feyzi, Irandoust, and Mirzaei [103] 2011
g EE:(Z:Z-K/Alzos Fixed-bed 250-300 | 14-24 2.0 0.135-1.20 | 20 | Dasgupta and Wiltowski [88] 2011
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The performance of a similar type of Ruhrchemie catalyst to those used by Donnelly and
Satterfield above was also compared by Bukur, Patel and Lang [104] in a fixed-bed reactor (I.D. =
10mm, L = 36cm) and a slurry reactor (one litre CSTR) under the following reaction conditions:
(235-250°C, 15 bar, GHSV = 1.0-4.0 h, H,/CO = 0.7-1.0, and my = 3.5). The results concurred
with the other literature findings reviewed in this section in that CO conversion increases with
increasing temperature. In addition, it was reported that both the activity and the Cs. hydrocarbon
product selectivity declined over time in both reactors. The study also demonstrated that fixed bed
reactors are easier to use and require smaller amounts of catalyst than slurry reactors. In addition, it
was concluded that it is feasibly possible to use the same catalyst for evaluation in either type of

reactor as the results obtained from both reactors were comparable.

The influence of the following operating conditions (280-450°C, 1-15 bar, GHSV = 2.7 h*, H,/CO
= 1.0-3.0 and m¢ = 1.0g) on an unpromoted Fe-Mn/Al,O; catalyst were investigated by Mirzaei,
Vahid and Feyzi [86] in a fixed-bed micro-reactor (I.D. = 9mm, L = 110cm). In line with the aims
of the work conducted in this particular study, this catalyst emerged as the most suitable for
optimum production of light olefins out of a number of catalysts supported on different materials
(TiO,, SiO, and Zeolites) and containing different promoters (Rb, Mg, K and Li) that were
screened in their work. Hence, the optimum operating conditions that were determined at 360°C, 6
bar and H,/CO = 1.0 did not target high Cs. hydrocarbon selectivities. Despite this, their results still
illustrated that the temperature, pressure and H,/CO molar ratio have a considerable effect on FT
synthesis. The reactant conversion was significantly influenced by all these parameters, whereas
product distribution was most influenced by variation in H,/CO molar ratio in the feed syngas and
reactor pressure. For example, an increase in pressure from 2-15 bar resulted in a 43% increase in
the Cs. hydrocarbon selectivity. Both CO conversion and methane selectivity increased with an
increasing H,/CO molar ratio and an increasing temperature, whereas the opposite trend was
observed for the Cs. selectivity; similar results were also reported by Liu et al. [44]. When the
temperature was increased above 360°C, this resulted in excessive coke formation and deposition
on the catalyst surface, leading to faster deactivation of the catalyst; an observation which was also
made by Feyzi, Irandoust, and Mirzaei [103]. An increase in pressure from 1-15 bar resulted in the
decrease of both CO conversion and methane selectivity, but favoured Cs. selectivity. As will be
discussed in the other studies, reviewed below, the general agreement is that an increase in pressure
results in higher Cs. hydrocarbon selectivity and yields. The influence of pressure on reactant
conversion reported by Mirzaei, Vahid and Feyzi, however, is not conclusive as opposing results
are reported in the literature. An accurate comparison is difficult to make, though, as different

reaction conditions, catalysts and reactors are implemented in each study.

Another study which also aimed towards obtaining high selectivities to C,-C,4 olefin compounds,
rather than high Cs. hydrocarbon selectivity was carried out by Feyzi, Irandoust, and Mirzaei [103],

who explored the effect of reactor temperature, reactor pressure and space velocity using a

39



potassium promoted Fe-Mn catalyst in a fixed-bed reactor (I.D. = 7mm, L = 30cm) under the
following reaction conditions (230-300°C, 1-20 bar, GHSV = 1.0-1.6 h™*, H,/CO = 2.0, and m¢y =
0.5g). Once again, despite the main aims that were outlined, their study serves in shedding further
light on the influence of key operating conditions on the FT synthesis reaction. In accordance with
the other studies reviewed in this section, an increase in temperature from 230-300°C resulted in
significantly higher catalyst activity (CO conversion), lower Cg,. hydrocarbon selectivity and an
increased rate of coke formation [86]. In contrast, an increase in pressure from 1-20 bar resulted in
a significant increase in the Ce. hydrocarbon selectivity. This was also observed by Mirzaei, Vahid
and Feyzi [86] also working in a similar range of pressures, as well as by other groups working at
higher pressures that are discussed further down in this section [88, 90, 101]. A similar trend for
CO conversion as that observed for increasing temperature was also reported for increasing
pressure from 1-20 bar. Interestingly, however, only in this study by Feyzi, Irandoust, and Mirzaei
[103], is it reported that the product distribution was not significantly influenced by pressure in the
range from 1-3 bar. An increase in space velocity resulted in lower CO conversions, which was
also observed by Liu et al. [44] and Jung et al. [106]. However, contrary to these two studies, a
more complex relationship was observed for the selectivity of Cg. hydrocarbons; Ce. selectivity
decreased as the space velocity was increased from 1.0-1.2 h™, but thereafter increased as the space
velocity was increased to 1.6 h™%. This shows that space velocity is also an important consideration
in FT synthesis, and optimum values for this parameter cannot be simply predicted and must be

determined experimentally on different reactor systems and under different operating conditions.

The influence of temperature, pressure and space velocity were also examined by Dasgupta and
Wiltowski [88], in a fixed-bed micro-reactor under the following reaction conditions (250-300°C,
14-24 bar, GHSV = 0.135-1.20 h*, H,/CO = 2.0, and m.,; = 20g). Fe and Fe-Co hybrid or co-
catalysts were used in an attempt to improve FT catalyst design and make them more versatile in
handling syngas from a variety of feedstocks. As expected, CO conversion was found to increase
as the reactor temperature was raised, and overall, an increase in reactor pressure and a decrease in
temperature gave heavier hydrocarbon products. In comparison to the hybrid catalysts, the
formation of these heavier hydrocarbon products was higher using Fe catalysts, indicating that Fe
catalysts are more likely to be suitable for BTL-FT applications aiming to maximize the yields of

liquid and/or wax hydrocarbons.

The influence of reactor temperature and reaction time (or time on stream) on the selectivity of an
unpromoted 100% Fe catalyst, specifically towards kerosene grade-products (Ci;-Cyz), was
examined by Kumabe et al. [102] in a fixed-bed reactor under the following reaction conditions
(260-300°C, 30 bar, WHSV = 13 h?, and H,/CO = 1.0). CO conversion and Cs, hydrocarbon
selectivity were found to increase as the temperature was increased (in agreement with the other
studies reviewed in this section, as discussed above), and the maximum kerosene selectivity was

observed at 280°C. Optimum catalyst stability (a measure of CO conversion versus time on stream)
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was observed at 280°C and above. Ideally, however, longer reaction durations than the five to six
hours used in these experiments are necessary in order to more accurately determine the stability of
any catalyst during FT synthesis. Nevertheless, this study did show that FT synthesis over a 100%
Fe catalyst is feasible for the production of hydrocarbons in the range of C;-Cys, indicating that
pure iron could potentially be used for the production of liquid hydrocarbon fuels. Due to the
relatively low cost of iron as a material, in comparison to cobalt-based catalysts and other
conventional FT catalysts, this could potentially offer significant process savings, and therefore

further investigation into this topic can be recommended for future investigation.

The effects of temperature, pressure and space velocity were studied by Liu et al. [44] using an Fe-
Mn catalyst in a CSTR under the following FT synthesis reaction conditions (260-290°C, 9-30 bar,
H,/CO ratio = 1.0, GHSV = 0.46-1.85 h*, and m; = 4.759). Their results showed that CO
conversion increased with increasing temperature, increasing pressure and decreasing space
velocity, whereas the Cs. hydrocarbon selectivity was reported to decrease with both increasing
temperature and space velocity; all in agreement with the findings of Feyzi, Irandoust, and Mirzaei
[103] and Jung et al. [106]. Contrary to the findings of these two other research groups, however,
Liu et al. report that the Cs. hydrocarbon selectivity was relatively unaffected by variation in
pressure. The influence of the H,/CO molar ratio was also separately investigated by Liu et al. in
the same publication, using the same CSTR, as well as a fixed-bed reactor, under the following
reaction conditions (300°C, 20 bar, GHSV = 1300 h™, and H,/CO = 0.8-2.5). In agreement with the
findings of Mirzaei, Vahid and Feyzi [86], CO conversion was observed to increase with increasing
H,/CO molar ratio in both reactors, whereas the opposite trend was reported for the Cs. selectivity.
However, significantly higher CO conversions and Cs, selectivities were achieved in the fixed bed
reactor (15-20% higher, on average) than in the CSTR for the same H,/CO molar ratios. From these
results it can be seen that the selection of the appropriate H,/CO molar ratio also plays a significant
role in the FT synthesis reaction, and can significantly improve the catalyst performance,
irrespective of the reactor type used. It could also be deduced that the fixed-bed reactor used in this

study was more favourable for the production of liquid hydrocarbons than its CSTR counterpart.

The influence of pressure and temperature on the production of diesel range hydrocarbons and
heavy waxes was investigated by Farias et al. [105] in a one litre CSTR using a Cu and K promoted
Fe catalyst supported on SiO, under the following reaction conditions (240-270°C, 20-30 bar,
H,/CO = 1.0, and m; = 10g). The products obtained in this study were reported to be mainly n-
paraffins, and their results showed that the relationship of temperature and pressure to the liquid
product distribution was not straight-forward for the Fe catalyst implemented. At lower
temperatures (~240°C), an increase in pressure resulted in the increased formation of lower
molecular weight compounds as opposed to heavy waxes. At higher temperatures (~270°C) a
decrease in pressure gave higher yields of C,;-C,s. Wax formation was favoured at pressures

between 24-27 bar, whereas variation in temperature at these pressures did not significantly
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influence wax formation. Higher pressures and temperatures, however, resulted in the formation of
heavier waxes (Css.). The results of this study indicate that reaction conditions can be adjusted in
order to selectively narrow the product distribution and maximize the yields of targeted products,
such as diesel.

Although specific hydrocarbon products were not targeted it was also shown in a study by Wang et
al. [101] that liquid hydrocarbon (and wax) yields could be maximized with increasing pressures.
These results were found using a fixed-bed micro-reactor (I.D. = 18mm, L = 30cm) and an
industrial Fe/Cu/K catalyst under the following conditions: (220-270°C, 11-31 bar, GHSV = 4.0-
10.0 h, and H,/CO = 1.0-3.0). However, no reactant conversion or product selectivity data was
provided in this study by Wang et al. for comparison with other studies or with the work carried

out in this project.

The influence of temperature, pressure and H,/CO molar ratio using both unsupported and silica-
supported Fe catalysts was studied by Hayakawa, Tanaka and Fujimoto [90] in both a 0.1 litre
CSTR and a one litre CSTR under the following conditions (240-280°C, 10-29 bar, H,/CO = 0.4-
2.0, and m¢y = 3.0 and 15g, respectively). At lower temperatures (< 260°C), CO conversion and Cs.
selectivity were found to both increase as the pressure was increased, but the results were more
pronounced in the case of the silica-supported Fe catalyst. At higher temperatures (> 260), higher
Cs. selectivities were obtained with the unsupported catalyst as the pressure was increased,
resulting in significantly higher liquid hydrocarbon yields. The trends in CO conversion and Cs.
selectivity resemble those reported by Feyzi, Irandoust, and Mirzaei [103] and Dasgupta and
Wiltowski [88]. Higher CO conversions were also achieved as the H,/CO molar ratio was
increased, which was also observed by Mirzaei, Vahid and Feyzi [86] and Liu et al. [44]. However,
contrary to the findings of these two other research groups, Hayakawa, Tanaka and Fujimoto report
that an increasing H,/CO molar ratio resulted in higher Cs. selectivities. The silica-free catalyst,
however, displayed the highest activity (CO conversion) between H,/CO molar ratios of 0.4-1.0,
whereas further increases to the H,/CO molar ratio did not influence the catalyst activity or the Cs.
selectivity. Different catalyst supports and promoters were used in each of these studies, in
different types of reactors and therefore accurate comparisons are difficult to make. However, what
can be drawn from the study by Hayakawa, Tanaka and Fujimoto is that the catalyst support also
significantly influences the activity and selectivity of iron catalysts. For instance, the silica support
enhanced the catalyst activity and the Cs. selectivity at lower H,/CO molar ratios. These results
indicate that silica supported iron catalysts are potentially more suitable for H, deficient syngas,

which is commonly generated in BTL applications.

The influence of temperature and space velocity using a Cu and K promoted Fe catalyst supported
on SiO, was examined by Jung et al. [106] in a slurry reactor under the following conditions (245-
265°C, 25 bar, GHSV = 2.6-3.9 h™, H,/CO = 1.0, and Mgy = 720g). Their results showed that higher
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temperatures favoured CO conversion and the selectivity to methane and light hydrocarbons, but
not the liquid hydrocarbon (Cs.) Yyields. An increase in space velocity was reported to result in
decreasing CO conversions and higher Cg. selectivities, amounting to a higher liquid hydrocarbon
or oil production rate. Similar results were also reported by Feyzi, Irandoust, and Mirzaei [103] and
Liu et al. [44].

2.6.2  Studies Using Cobalt Catalysts

Research on the product distribution in FT synthesis using cobalt-based catalysts goes back to the
time of the discovery of the process in Germany (discussed previously in section 2.1). The results
from these early studies in Germany, as well as other studies carried out at later dates, were
summarized in a review by Storch et al. [108]. The work performed on the
Co/ThOx/MgO/Kieselguhr catalysts used in these studies reported that wax selectivity increased
with decreasing H,/CO molar ratios and increasing reactor pressure. Optimum wax selectivity was
reported at reactor pressures between 5-9 bar. Since this early research, studies on cobalt-based
catalysts have primarily focused on catalyst preparation techniques, as well as catalyst structural
supports and promoters and their influence on catalyst activity and product selectivity. However,
studies that have addressed the influence of reaction conditions, and reactor pressure in particular,
on the catalyst activity, catalyst stability, the product distribution and the product yields using
cobalt-based catalysts are relatively few. Studies that specifically address the influence of low
reactor pressures (1-20 bar) are even less. The influence of reaction conditions using cobalt-based
catalysts in these particular studies have been investigated at a laboratory-scale in mainly fixed-bed
reactors (and some in slurry reactors). Some earlier studies have also been included in the review
below [87, 109]. From these studies, only a small number expressly examine the influence of low
reactor pressures (within the range of 1-20 bar) on catalyst activity and FT product distribution [46,
83, 109, 110], and are also reviewed below. The reaction conditions investigated in all the studies

using cobalt-based catalysts reviewed in this section are summarized in Table 2.4 below.
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10

11

12

Catalyst

Co/Kieselguhr
Co/Rurchemie
Co-Ni/ZrO,
Co-Re/Al, O3

Co/SiO;

CO-Pt-ZI’Oz/Ale;;
Co/SiO,

1) CO/’Y-A|203
2) Co-Re/y-Al03

CuO-Co0-Cr,03
(+ MFI Zeolite)

1) CO/A|203
2)RU- CO/A|203

1) CO/A|203
2) Ca—Co/AI203

CO/A|203

Table 2.4 — Summary of cited parameter studies using cobalt-based catalysts

Reactor Type

Fixed-bed
1LCSTR
Fixed-bed (I.D. = 4mm, L = 23cm)
1L CSTR

Fixed-Bed (I.D. = 6.35mm)

Fixed-bed
Fixed-bed (1.D. = 20mm, L = 60cm)

Fixed-bed (1.D. = 9.3mm)

Fixed-bed (I.D. = 13mm, L = 29cm)

Slurry (1.D. = 50mm, L = 150cm)

Fixed-bed (1.D. = 18mm, L = 100cm)

Fixed-bed (I.D. = 27mm, L = 200cm)

T
(°C)
157-240
220-240
240-260
220

200-220

200-220
230

210

225-325

210-250

210-300

200

P
(bar)
1,6and 11

5-15
1-31
20

land9

5-35
2-20

20

28-38

10-30

20

20
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H,/CO

0.5-2.0

1.5-35
1.0
2.0

1.0-3.0

2.0
2.0

1.0-2.1

1.0-2.0

2.0

0.5-2.0

GHSV
(™)
0.93-6.25
0.008-0.085
5-25 (WHSV)
1.0-8.0

0.5and 1.0
2.0

0.85-1.2
0.457-0.850
1.0-6.0

4.0-12.0

0.037-0.180

Mecat

(9)

0.1
20.0

2.0

1.0
6.0

1.0

3.0-5.0

5.0

Reference

Gibson and Hall [87]
Yates and Satterfield [109]
Sethuraman et al. [46]

Dasetal. [111]

Sharifnia, Mortazavi and
Khodadadi [112], [113]

Xuetal. [83]
Zheng et al. [110]

Tristantini et al. [114]

Mohanty et al. [91]

Woo et al. [115]

de la Osa et al. [89]

Rafig et al. [116]

Year

1954
1992
2001
2003

2005,
2008

2006
2007

2007

2010

2010

2011

2011



Later work on the influence of reaction conditions on the product distribution in FT synthesis using
cobalt catalysts includes a study by Gibson and Hall [87] in 1954. According to the claims of these
authors, the majority of the FT research and process development up to and at the time of their
publication concentrated on iron catalysts, with very little work investigating the effects of reaction
conditions on the nature of the products. The experiments in their study were carried out in
laboratory-scale fixed-bed reactors using eleven different Co/Kieselguhr catalysts (representative
of industrial catalysts and support materials used at the time), under the following reaction
conditions (157-240°C, 1 and 11 bar, GHSV = 0.93-6.25 h™, and H,/CO = 0.5-2.0). Their work
investigated the effects of reactor temperature, reactor pressure, and the H,/CO molar ratio in the
feed syngas on the olefin and alcohol content of liquid and wax products (Cs.) and the molecular
weight distribution of the products. The results of this early FT work pointed out that these reaction
parameters did not influence the reaction independently of each other, revealing more complex
relationships than had initially been anticipated at the time. For instance, wax production decreased
with increasing reactor temperature at a pressure of one bar, whereas an increase in reactor
temperature at 11 bar resulted in a rapid increase of wax formation. Overall, the average molecular
weight of the products was reported to decrease with increasing temperature and increasing H,/CO
molar ratio in the feed syngas. A similar observation at similar pressures (1 and 9 bar) was also
made by Sharifnia, Mortazavi and Khodadadi [112, 113]. An increase in pressure was reported to
result in higher reactant conversions and a higher average molecular weight of the products. This
can be considered equivalent to a high Ce. hydrocarbon product selectivity and is therefore in
agreement with the findings of more recent studies carried out at low reactor pressures (1-20 bar),
which are reviewed further down, by Xu et al. [83], Zheng et al. [110], and Sharifnia, Mortazavi
and Khodadadi [112, 113]. Other investigations, including those by Sethuraman et al. [46] and
Woo et al. [115], conducted at higher pressures (15-30 bar), however, report that an increase in
pressure resulted in lower Cq. hydrocarbon product selectivities. The results from all these studies
indicate that an optimum Cg. hydrocarbon selectivity, and therefore optimum liquid hydrocarbon
yields, can be achieved at low pressures in the range of 5-15 bar, as discussed previously in section
2.5.2.

Interestingly, the findings from a different investigation on the effects of low reactor pressures (as
well as reactor temperature, space velocity and H,/CO molar ratio) on FT product distribution by
Yates and Satterfield [109] showed that variation in both reactor temperature and reactor pressure
did not have a significant effect on the Ce. hydrocarbon product distribution. This observation is in
opposition to the findings of more recent studies, but this may be attributed to the differences in
formulation of the catalyst used by Yates and Satterfield in comparison to that of the more modern
cobalt catalysts used in the other studies. The intent of their study was to obtain optimal yields of

diesel range products and waxes using a Co-Mg/diatomaceous earth catalyst in a one litre CSTR
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reactor under the following reaction conditions: (220C-240°C, 5-15 bar, GHSV = 0.008-0.085 h™,
and Hy/CO = 1.5-3.5). The yield of Ceq. hydrocarbon products was reported to increase with
increasing space velocity and decreasing H,/CO molar ratio; an observation which was also made
by Tristantini et al. [114]. Their work, however, fails to report a set of process conditions for
obtaining optimal yields of diesel and/or waxes.

More recent work on the influence of reactor pressure (covering a wider range of values from 1-31
bar), as well as reactor temperature and the space velocity on reactant conversion and product
distribution was performed by Sethuraman et al. [46] in a fixed-bed micro-reactor (ID = 4mm, L =
23cm) over a Co-Ni/ZrO, catalyst under the following reaction conditions: (240-260°C, 1-31bar,
WHSV = 5-25 h™, and me,; = 0.1g ). The work concentrated on mainly improving the yields of C,
hydrocarbons (such as iso-butane), which are important in polymer manufacture, and therefore
incorporated the use of a secondary catalyst bed or follow bed in the experiments (using a C,
hydrocarbon selective sulphated-ZrO, catalyst), and compared the yields with a single-bed
containing the Co-Ni/ZrO, catalyst. Thus only the results of the single-bed experiments are relevant
for comparison and are, therefore, discussed here. In agreement with the other studies reviewed in
this section, Sethuraman et al. report that an increase in temperature resulted in lower Cs.
hydrocarbon selectivities and this was attributed to an increased rate of thermal cracking at higher
temperatures. The CO conversion was also reported to increase as the space velocity was increased,;
the CO, selectivity also increased, but at the expense of the weight fraction of Cs. hydrocarbons,
for which the opposite trend was observed. The trends reported by Sethuraman et al. for the weight
fraction of Ce. hydrocarbons are in agreement with the other literature findings reviewed below;
those observed for CO conversion are in opposition to these other studies. However, this may be
due to the ZrO, supported catalysts used by Sethuraman et al. as opposed to the alumina supported
catalyst mainly used in the other studies. As discussed previously in section 2.4, the catalyst
support can have a significant influence on the catalyst activity and product distribution. An
increase in pressure from 1-31 bar was reported by Sethuraman et al. to result in significantly
higher CO conversions and methane formation. A different trend was reported for the weight
fraction of Cs. hydrocarbon selectivity which decreased significantly as the pressure was increased
from 1 to 11 bar, was then relatively unaffected by a further increase from 11 to 21 bar, but then
decreased markedly as the pressure was further increased from 21 to 31 bar. These results do not
agree with those reported in other investigations, such as those by Xu et al. [83], Zheng et al. [110],
and Mohanty et al. [91], where an increase in pressure (up to 20-25 bar) resulted in higher Cs.
selectivities. This may be due to the lower H,/CO ratio of 1.0 used in this particular study by
Sethuraman et al. [46], as opposed to the ideal molar ratio of 2.0 used in the other studies that is

generally recommended for cobalt-based catalysts (as discussed previously in section 2.4.2).
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Sethuraman et al. report that the highest weight fraction of Cs. hydrocarbon products (52%) were
obtained at the following reaction conditions: (250°C, 1 bar, WHSV =5 h, and H,/CO = 1.0).

The influence of a wide range of reactor pressures, as well as reactor temperature, on the FT
product distribution were also investigated by Xu et al. [83] over a Co/Al,O3-Pt/ZrO, catalyst in a
fixed-bed reactor under the following reaction conditions: (200-220°C, 5-35 bar, GHSV = 1.0 h,
and H,/CO = 2.0). This study mainly concentrated on the influence of nitrogen content in the feed
syngas (10-50%), however, both temperature and pressure were reported to have a significant
effect on CO conversion and product selectivity. As expected [43, 87], an increase in temperature
was reported to result in higher CO conversions, CH, selectivities and CO, selectivities, but lower
Cs. hydrocarbon selectivities. An increase in pressure from 5-15 bar was reported to result in
increasing CO conversion, however, further increases in pressure had very little influence on CO
conversion. The selectivity of Cs. hydrocarbons was also reported to increase with increasing
reactor pressure, whereas that of CH,4 decreased as expected. Similar trends for the performance of
cobalt-based catalysts with increasing temperature were reported by Bechara, Ralloy and Vanhove
[117], and with increasing reactor pressure by Das et al. [111] using unpromoted and Re-promoted
Co/Al,O5 catalysts. The trends reported for the influence of reactor pressure are important as they
indicate that pressure has a significant effect only in the low range of 1-15 bar, as discussed
previously in section 2.5.2, which further favours the case for exploring FT synthesis operation at

lower reactor pressures in this project.

A study that exclusively explored the effects of reactor pressure on the FT product distribution was
carried out by Zheng et al. [110] in a fixed-bed reactor (I.D. = 20mm, L = 60cm) over a Co/SiO,
catalyst under the following reaction conditions: (230°C, 2-20 bar, GHSV = 2.0 h™, H,/CO = 2.0
and mg = 6.0g). Similar to the results reported above by Xu et al. [83], both the CO conversion
and the Cs. selectivity were reported to increase as the pressure was increased, whereas the
opposite trend was reported for the selectivity of CH, and light hydrocarbon compounds (C,-C,).
Once again, at reactor pressures above 15 bar little change was reported in both CO conversion and
product distribution, providing further evidence that the operating pressure has a significant

influence on the FT synthesis product distribution only at values below 15 bar.

The influence of reactor temperature, reactor pressure and space velocity on CO conversion and the
selectivity of Cyy. hydrocarbon products (diesel and waxes) were investigated by Woo et al. [115]
using a Co/Al,O3 and a Ru/Co/Al,O3 catalyst in a slurry bed reactor under the following reaction
conditions: (210-250°C, 10-30bar, GHSV = 1.0-6.0 h*, and H,/CO = 2.0). Optimum Ci.
hydrocarbon product selectivity and yields were reported at reactor temperatures between 220-
230°C and a reactor pressure of 20 bar. The promoted catalyst was reported to display a better and

higher stability in CO conversion than its unpromoted counterpart. The selectivity of Cjj.
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hydrocarbons was reported to decrease with increasing reactor temperature and increasing reactor
pressure (above 20 bar) in agreement with other studies reviewed in this section, such as those by
Sethuraman et al. [46] and Xu et al. [83], whereas an increase space velocity resulted in higher Cy;.
selectivities. Opposing results for the influence of space velocity on the FT product distribution are
found in the literature, with some investigations, such as those by Sethuraman et al. [46], and
Mohanty et al. [91] reporting the opposite trend. This demonstrates that the effect of the space
velocity on the product distribution is difficult to predict and must be determined experimentally

for each specific reactor system, reaction conditions and catalyst used.

The influence of reactor temperature, reactor pressure, space velocity and H,/CO molar ratio in the
feed syngas on the catalyst activity and FT product distribution were investigated by Mohanty et al.
[91] over a CuO—-Co0O-Cr,05 catalyst mixed with MFI Zeolite in a fixed-bed reactor (1.D. = 13mm,
L = 29cm) under the following reaction conditions: (225-325°C, 28-38 bar, GHSV = 0.457-0.85 h™,
H,/CO = 1.0-2.0 and m¢y = 3.0-5.0g). Overall, reactor temperature and pressure were found to be
the most influential parameters on the yield and selectivity of Cs. hydrocarbons. Their results
showed that CO conversion increased with increasing reactor temperature, reaching a maximum
value at 275°C, and thereafter decreasing as the temperature was raised further. This can be
attributed to excessive -CH,- monomer hydrogenation at higher temperatures, as well as increased
sintering of the catalyst as the temperature exceeds 275°C (as discussed previously in section
2.5.1). This observation has not been made by other investigations that were carried out over
similar temperature ranges, reviewed in this section, but a similar behaviour was noted by Mirzaei,
Vahid and Feyzi for iron-based catalysts in section 2.6.1. Optimum Cs. hydrocarbon selectivity was
reported at temperatures in the range between 240 and 260°C, which is within the optimum range
for operation with cobalt-based catalysts as commonly recommended in the literature [60]. An
increase in H,/CO molar ratio was reported to result in lower CO conversions and higher Cs.
hydrocarbon selectivities, an observation which differs from the findings of other investigations on
the influence of the H,/CO ratio on the catalyst activity and product distribution, such as those by
de la Osa et al. [89] and Tristantini et al. [114]. However, these other studies were conducted at
lower reactor pressures (20 bar) and over Al,O3 supported cobalt catalysts which may significantly
influence the outcome of the synthesis reaction. An increase in space velocity was reported by
Mohanty et al. to result in lower CO conversions, whereas the overall hydrocarbon selectivity
increased with space velocity, peaking at GHSV = 0.585 h™, but thereafter decreasing as the space
velocity was further increased. The formation of liquid hydrocarbons (Cg.), however, was reported
to decrease steadily with increasing space velocity. An increase in pressure was found to favour CO
conversion and to significantly influence the product distribution favouring the formation of
heavier hydrocarbons (Cs.), whereas the opposite trend was reported for gaseous hydrocarbons (C;-

Cs). However, no data on the influence of reactor pressure on the product selectivity was provided
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by Mohanty et al. for comparison of results with other studies or the work carried out in this
project.

Similar trends for the influence of space velocity on CO conversion and Cs. hydrocarbon
selectivity were also reported by Rafiq et al. [116] using a Co/Al,O; catalyst in a fixed-bed reactor
(I.D. = 27mm, L = 200cm) under the following reaction conditions: (200°C, 20 bar, GHSV =
0.037-0.18 h* and H,/CO = 2.0). It was reported that with increasing space velocity, CO
conversion decreased, Cs. selectivity increased and, overall, the hydrocarbon productivity
increased. The Cs. selectivity was found to reach a maximum value as the space velocity was
increased from 0.037-0.111 h™ and thereafter declined with further increase in the space velocity.
Their results demonstrated yet again that the relationship that exists between the space velocity and
the product distribution is not straight forward and may be unique for specific reactor systems,

catalysts and reaction conditions.

The influence of the H,/CO molar ratio in the feed syngas and the space velocity on the product
distribution were studied by Tristantini et al. [114] in a fixed-bed reactor (1.D. 9.3mm) over a
Co/Al,O3 and a Re-Co/Al,O; catalyst under the following reaction conditions: (210°C, 20 bar,
GHSV = 0.85-1.20 h™, H,/CO = 1.0-2.1, and m¢; = 1.0g). The space velocity was adjusted in the
case of each catalyst in order to achieve similar CO conversions and allow fairer comparison. An
increase in space velocity was reported to result in lower CO conversions and higher Cs.
hydrocarbon selectivities for both catalysts. As discussed above, the results reported in the
literature cited in this section are not conclusive, as similar trends for the Cs. hydrocarbon
selectivity were observed by Woo et al. [115] and Rafiq et al. [116] (who worked at similar reactor
temperatures and pressures of ~20 bar, but at either lower or higher space velocities), whereas the
opposite trends are reported by other research groups, including de la Osa et al. [89], Mohanty et
al. [91] and Sethuraman et al. [46]. Tristantini et al. also report that an increase in the H/CO molar
ratio in the feed syngas resulted in higher CO conversions and lower Cs, selectivities, which was
also observed by Sharifnia, Mortazavi and Khodadadi [112, 113], whereas the opposite trends were
reported by de la Osa et al. [89] and Mohanty et al. [91]. Interestingly, in this particular study by
Tristantini et al. [114], the hydrocarbon selectivities were similar at H,/CO ratios of 1.5 and 2.1,
which may be of particular interest when applied to a BTL-FT concept implying lower syngas
conditioning requirements, as will be discussed later in section 2.7.3.2. It was also reported that the
variation in the H,/CO ratio had a much more marked effect on the Re promoted Co/Al,O; catalyst
than the unpromoted CoAl,O; catalyst, although the Re-Co/Al,Os; catalyst displayed a higher
activity and selectivity towards Cs. hydrocarbons than its counterpart at all the H,/CO molar ratios
examined. An assumption that can be drawn from the study by Tristantini et al., therefore, is that if
low reactant conversions are acceptable in the FT process using the same catalysts, then lower

H,/CO molar ratios in the feed syngas could potentially be used in order to achieve higher Cs.
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hydrocarbon selectivities. This would imply avoiding the use of a WGS (shift) reactor prior to the
FT reactor in order to adjust the H,/CO ratio of a typical biosyngas. However, in a BTL-FT
complex where maximum liquid fuel yields are desirable, the option of eliminating the shift reactor
step has to be weighed against the cost of syngas conditioning and cleaning, as well as the cost of
FT reactor off-gas recycling and conditioning (as will be discussed later in section 2.7.3.2).

The influence of space velocity and the H,/CO molar ratio, as well as the reactor temperature, on
the distribution of hydrocarbon products (particularly diesel range products) was also investigated
by de la Osa et al. [89], using a Co/Al,O3; and a Ca-Co/Al,O; catalyst in a fixed-bed reactor (1.D. =
18mm, L = 100cm) under the following reaction conditions: (210-242°C, 20 bar, GHSV = 6.0-
12.0h™, H,/CO = 0.5-2.0 and mg; = 5.09). Their results showed that the unpromoted catalyst was
more markedly influenced by reaction conditions than its promoted counterpart. CO conversion
was found to increase with increasing temperature, decreasing space velocity and increasing H,/CO
molar ratio for both catalysts. In contrast, the selectivity of Cs. hydrocarbons was reported to
decrease with increasing reactor temperature and increasing space velocity. No definite trend was
reported for the Cs. selectivity with increasing H,/CO molar ratio, although, the results still point
towards higher Cs. selectivity at low H,/CO molar ratios (0.5-1.0), which can lead to the same

assumption made in the previous paragraph.

The influence of the same parameters, reactor temperature and H,/CO molar ratio, on the activity
and product distribution, this time using a Co/SiO, catalyst were examined by Sharifnia, Mortazavi
and Khodadadi [112, 113] using a fixed bed reactor (1.D. = 6.35mm) under the following
conditions: (200-220°C, 1 and 9 bar, H,/CO = 1.0-3.0 and m¢, = 2.0g). As expected, it was reported
that higher CO conversions and lower Cs. hydrocarbon selectivities resulted from an increase in
both reactor temperature and the H,/CO molar ratio in the feed syngas. This was also reported by
Tristantini et al. above. Although reactor pressure was not a parameter that was examined more
extensively by Sharifnia, Mortazavi and Khodadadi, higher CO conversions and Cs. selectivities

were reported at the higher pressure of 9 bar they investigated.

2.6.3 Summary of Findings from Parameter Studies found in the Literature

The studies using iron and cobalt-based catalysts reviewed in sections 2.6.1 and 2.6.2 above,
illustrated the influence of reaction conditions on catalyst activity and FT product distribution, and
highlighted the importance of the selection of the appropriate conditions for achieving a narrow
distribution of products or, in other words, targeting a particular grade(s) of products, such as diesel
or waxes. The following conclusions can be drawn from the studies that were reviewed in sections
2.6.1and 2.6.2 above:
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In comparison to the wealth of literature available on FT synthesis, publications that are
related to the investigation of the influence of reaction conditions (reactor temperature, reactor
pressure, space velocity and the H,/CO molar ratio in the feed syngas) on the catalyst activity,
catalyst stability, product distribution and product yields are relatively few in number. In
addition, the majority of the studies that do examine the influence of reactor pressure are
carried out at pressure ranges used in typical FT processes (20-40 bar). Studies that
specifically address the influence of low operating pressures (1-20 bar) on catalyst activity,
product selectivity, etc., using either iron or cobalt-based catalysts, are actually very limited in

number.

The general consensus in these studies appears to be that the most influential parameters on
the catalyst activity, the product distribution and the product yields in FT synthesis are the

reactor temperature and reactor pressure.

The most commonly studied iron-based catalysts appear to be promoted with Cu and/or K and
supported on silica (SiO;) or alumina (Al,O3), whereas the most commonly studied cobalt-
based catalysts seem to be supported on alumina, with a lot of research focusing on the
influence of various promoters, including, Ca, Re and Ru. The supports and promoters used
were found to have a significant influence on the FT synthesis by enhancing the catalyst
reducibility, catalyst activity and could also be used to tailor the product selectivity or

distribution.

It was also widely agreed that an increase in reactor temperature results in higher reactant
conversions, and favours the formation of lighter hydrocarbon products for FT synthesis over
both iron and cobalt-based catalysts. The Ce. hydrocarbon product selectivity decreases,
whereas the selectivity of CH4 and light hydrocarbons (C,-Cs) increases with increasing
reactor temperature. Optimum Cg. hydrocarbon selectivities and, therefore, optimum liquid
hydrocarbon yields are typically obtained at 250-300°C and 200-250°C using iron-based and

cobalt-based catalysts, respectively.

In general, it appears that reactor pressure has the most significant effect on the product
distribution (particularly the Cq. hydrocarbon product selectivity) in the low pressure range of
1-20 bar. The Cs. selectivity and the liquid hydrocarbon yields have been reported to generally
decline as the reactor pressure is increased above pressures in the range of 10-15 bar. As
mentioned previously, for both iron and cobalt-based catalysts only a few studies on the
influence of low reactor pressures (1-20 bar) have been carried out, but the results that are

reported are not always in agreement. Thus, a conclusive trend in the relationship between
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reactor pressure and the FT product distribution cannot be presumed from the findings of these
studies and, therefore, further investigation is required.

e Different trends are reported in the literature for the influence of space velocity on the catalyst
activity and product distribution (using either iron and cobalt-based catalysts), and sometimes
a more complex behaviour is observed, depending on the reactor system, operating conditions
and catalyst composition implemented. Optimum values for this parameter cannot be simply
predicted, therefore, and must be determined experimentally for each study accordingly.

e It would be expected that an increasing H,/CO molar ratio in the feed syngas would favour the
formation of lighter hydrocarbon compounds [91, 98, 99]. However, as discussed previously
in section 2.5.4, what is true for space velocity above for both iron and cobalt-based catalysts,
is also the case for the influence of the H,/CO molar ratio in the feed syngas on the product
distribution, as contrary Cg. selectivity trends are also reported in the reviewed literature.
Nevertheless, what can be concluded from the findings of the studies reviewed in sections
2.6.1 and 2.6.2 is that iron-based catalysts can be used with hydrogen deficient syngas (low
H,/CO molar ratios) giving high Cs. selectivities. Moreover, it appears that H,/CO molar
ratios in the feed syngas lower than the recommended 2.0 can be used for cobalt-based
catalysts to achieve higher Cq. selectivities, although this does not necessarily also imply high
liquid hydrocarbon yields. Hence, optimum values for this parameter must also be determined

experimentally to suit the needs of individual studies undertaken.

2.6.4 Research Gaps

The review of the available literature on the influence of reaction conditions on the product
distribution in FT synthesis (sections 2.6.1and 2.6.2 above) pointed out that only a relatively small
number of studies have investigated the influence of reaction conditions on the catalyst activity and
product distribution using iron and cobalt-based catalysts. As discussed in section 2.6.3 above,
some of the findings from the parameter studies reviewed, related to reactor pressure, space
velocity and the H,/CO molar ratio in the feed syngas, are not always in agreement. This
emphasizes the need for further investigation into this area of FT synthesis. The influence of
reactor pressure, in particular, has been mainly studied at conventional FT process ranges (20-40
bar). As was concluded in the section 2.6.3 above, reactor pressure appears to have the most
significant effect on the product distribution at lower pressures, but its influence at these lower
pressures (1-15 bar) is not well documented and therefore requires further exploration. Moreover,
studies with the specific intent of maximizing the yields of liquid hydrocarbons, such as diesel, at

these lower pressures have not been found, but may have been undertaken in earlier FT work.
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In addition to the influence of lower reactor pressures (1-15 bar) on the catalyst activity and
product distribution, it would be of interest to incorporate some additional information, as well as
some supplementary studies that may not have been previously included or performed in

combination as part of one single investigation. This information includes the following:

e The product yields obtained — these are not usually reported in FT synthesis research
publications. What is commonly presented is the product distribution or selectivity, which
provides information on the molar composition of the hydrocarbon products that are
formed, but does not give an overall picture of all the products that are formed during the

synthesis reaction and their physical quantities.

e Analyses of the liquid hydrocarbon products that are collected — analyses of their fuel
composition (naphtha, diesel and wax content), energy content (or calorific value) and, in

the case of the aqueous product, for water content, are very rarely reported in the literature.

e The catalyst stability (in terms of the CO conversion versus time on stream) — this reflects
on the performance of the catalyst and provides information on its activity or effectiveness
in the synthesis process, as well as how quickly or slowly it deactivates. This is important
as, industrially, high and steady catalyst performance over long periods of time are
desirable in order to lower the requirement of periodical FT catalyst regeneration or

replacement which results in the loss of production and profits.

2.7 BTL-FT —Process Technology

As discussed previously in chapter 1, FT synthesis is a well established technology already
commercialized by Sasol and Shell [26]. Hence, it is assumed that the commercial technology used
for conventional FT processes can be applied in a BTL-FT plant. The application of FT technology
consists of basic steps that begin with the pre-treatment of the biomass feedstock and generation of
the syngas via biomass gasification. The syngas (or bio-syngas) is then cleaned and conditioned in
order to modify or adjust the H,/CO molar composition to the specifications necessary in the FT
reactor. This is followed by FT synthesis in the FT reactor, and finally, the recovery and/or
upgrading of the products [17, 20], as illustrated in Figure 2.7 below. Each of these process stages

is discussed in more detail in sections 2.7.1 to 2.7.5.
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Figure 2.7 - Basic steps in a BTL-FT process

A short review of the status of BTL-FT processing is provided in section 2.8, highlighting the
recent developments in the field aiming towards the commercialisation of the technology. There
can be a number of possible process configurations for converting biomass to FT liquids. These
options relate to the choice of gasifier, gas cleaning and conditioning considerations, FT process
(reactor and mode of operation), and the type of products (or by-products, such as SNG and power
generation) that are desired [9]. All these different configurations, however, can be divided into

two general process schemes [9], as illustrated in Figure 2.7 above:

1. Full conversion FT — aimed at maximizing the yields of FT liquid fuels where the FT
reactor off-gas (containing methane and C,-C, hydrocarbon gases) is reformed back into
syngas and recycled back into the FT reactor (Option 1 in Figure 2.7 above).

2. Once-through FT — aimed towards achieving maximum energy efficiency where the FT
reactor off-gas is completely combusted in gas turbines for power generation (Option 2 in

Figure 2.7 above).
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2.7.1 Step 1 - Biomass Pretreatment

The first stage in the overall FT process has to do with preparation of the biomass feedstock, so as
to enable steady feeding into the gasifier. This involves several steps that begin with receiving the
biomass, storage and handling, as well as some pre-treatment processes such as drying, screening
and size reduction [8, 12, 118], or even torrefaction [119]. Drying is a vital pre-treatment process as
biomass can contain high levels of moisture (30-45%) which needs to be reduced significantly
(down to 10-15%) in order to improve the efficiency of the gasifier [9, 118, 120]. This is an energy
intensive step, but the energy required can be recovered from the excess process heat, or the steam

produced during FT synthesis in order to improve overall process economics [9, 120].

2.7.2 Step 2 — Gasification

The integration of biomass gasification with downstream syngas conversion into liquid transport
fuels via FT synthesis is currently at a very early stage in its commercial development, despite the
fact that both biomass gasification and syngas conversion technologies separately exist at
commercial scales in industry. The main hindrances to the commercialisation of BTL-FT have to
do with the gas clean-up, as well as economies of scale which are important in biomass
applications because, as opposed to capital costs, feedstock costs increase with increasing plant
capacity and are, therefore, the limiting factor to higher BTL plant capacities [12, 92]. Research is
still needed for more efficient biomass pre-treatment, biosyngas generation, and the subsequent gas
cleaning and conditioning, as these operations have been commonly reported to pose the most
difficulties and comprise the majority of the capital and plant running costs in a typical commercial
FT complex. According to several authors [21, 55, 119, 121] these process steps account for
approximately 60-70% of the total plant costs. The gasification pressure, as well as the gasification
medium that is implemented, significantly influence the capital and operating costs of the gasifier
as well as other downstream equipment [12], making the gasification step vital in the BTL-FT
process. Operation of the gasifier (as well as other downstream equipment) at lower pressures than
those used in conventional FT processes could potentially offer significant cost reductions which
would improve the overall plant economics. These potential cost reductions were discussed

previously in section 2.5.2.

Once the biomass feedstock is pre-treated, the second process step involves the generation of the
syngas that is necessary for FT synthesis. To do this, the pre-treated biomass feedstock has to
undergo gasification. This is a thermal conversion technology in which the biomass is completely
broken down into syngas, volatiles, char and ash in a gasifier [122]. Syngas is a gas mixture
comprised mainly of carbon monoxide, hydrogen, methane and carbon dioxide as well as other
minor components [8] (section 2.7.2.2, below). Gasification is an endothermic process which

involves three steps. As the biomass is heated in the gasifier (at 100-150°C), first the moisture
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content is driven off. This is then followed by pyrolysis, in which the volatile components in the
biomass are vaporized (at 250-550°C), producing volatile vapours (including CO, H,, CO,,
hydrocarbon gases, water and tar), as well as char and ash which are not vaporized during the
pyrolysis step [122, 123]. In the last step, the volatile vapours and the char are gasified through
partial oxidation with oxygen (direct or autothermal gasification at <1000°C) or steam (indirect or
allothermal gasification at >1200°C) [8, 25].

Although air is the most commonly used gasification agent in biomass gasification [123], it would
not normally be used as a gasification agent in BTL-FT applications as this would result in a
syngas containing high concentrations of nitrogen [122]. Hence, when oxygen or steam are used as
the gasification agent the amount of nitrogen within the system is brought down to a minimum.
Firstly, this ensures that the syngas produced contains high concentrations of H, and CO, which is
important for maintaining a high reaction rate in the FT reactor as well as high Cs, hydrocarbon
selectivity [9]. Secondly, this reduces the equipment size that is used, and therefore capital costs, as
much lower gas volumes are handled [8]. Thirdly, the lack of inert gas dilution in the syngas
contributes to the much higher heating values of syngas derived from oxygen or steam gasification
[8]. Moreover, in the case of full conversion FT (Figure 2.7 above), where reforming and recycling
of the FT reactor off-gas (which contains unreacted syngas, methane and hydrocarbon gases) are
carried out for maximum production of biofuels, the level of inert gases must also be kept at a
minimum in order to avoid their accumulation within the system. Conversely, there have been a
few laboratory-scale studies investigating the use of nitrogen-rich syngas (up to 50 vol.%) in FT
synthesis that concluded on its suitability for the conversion process [83, 116]. Despite the
suitability of nitrogen-rich syngas for the FT synthesis reaction at a laboratory scale, however,
industrial gasification using air would result in a significant increase in gasifier and downstream
equipment size and capital costs [12, 120]. For full conversion FT, therefore, oxygen and steam
blown gasifiers (and CO, removal units which are discussed in section 2.7.3.2) would be more

suitable.

2.7.2.1 BTL-FT Gasifiers

There are a number of atmospheric and pressurized gasifier designs that are commercially available
for syngas production, operating at temperatures in the range of 800-1500°C [124]. These gasifiers
can be categorized according to the gasification agent (steam or oxygen), the pressure, temperature,
fluid dynamics and the mode of heat supply that are used (direct or indirect) [125]. These
parameters, the type of feedstock and gasifier that are used, as well as the final application of the
syngas all define the specifications of the syngas that is produced [25]. Generally, there are three
types of gasifier designs and these include fixed-bed, fluidized-bed and entrained-flow reactors
[122, 126].
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As discussed previously, full conversion FT applications require a minimum concentration of inert
gases, like nitrogen, in the syngas and therefore oxygen and steam are the preferred gasification
agents. Oxygen-blown entrained-flow gasifiers (direct or autothermal gasification) have been
considered as one of the most suitable reactor technologies for BTL-FT applications [123]. These
types of gasifiers operate at high temperatures (>1200°C) and allow for pressurized operation. The
syngas produced from this type of gasification processes contains almost no tars (as they are
completely cracked during operation at these elevated temperatures) and low levels of methane
(less than 1%), allowing for simpler gas cleaning requirements prior to the FT reactor and making
the syngas more suitable for FT synthesis [25, 123]. However, direct or autothermal gasification
with oxygen requires an air separation unit, which is an energy and cost intensive operation to
integrate on site that could become more economical in large scale BTL-FT applications [25]. In
comparison, steam-blown fluidized-bed gasifiers (indirect or allothermal gasification), which
operate at lower temperatures (< 1000°C) and also allow for pressurized operation, can also
potentially be used for BTL-FT applications [25]. The syngas produced from these types of
gasification processes, however, would contain higher levels of tars (due to the lower operating
temperatures) and methane (~10%), requiring additional tar cleaning operations prior to the FT
reactor [25]. One of the main advantages of this type of gasification process, though, is that it does

not require an air separation unit on site [25].

As opposed to atmospheric gasification, pressurized gasifier operation would be more suitable for
BTL-FT applications because the FT reactor operates at higher pressures (typically 25-60 bar), and
therefore, if the syngas is already pressurized, this potentially removes the costs of syngas
compression prior to the FT reactor. This would be true even at the lower FT reactor pressures
investigated in this project (2-10 bar), where pressurized gasification would need to take place at a
few bar higher than the pressure in the FT reactor. A pressurized gasifier would also mean higher
capacities and a reduced gasifier size due to the lower gas volumes processed and therefore lower
capital costs. In addition, Tijmensen et al. [9] report that a pressurized gasifier in a BTL-FT
application would contribute to a higher overall energy efficiency, because of the higher energy
consumption that would otherwise be required for syngas compression after an atmospheric

gasifier.

2.7.2.2 Syngas Composition

The composition of the syngas produced depends on several factors which include the gasification
conditions that are employed, such as reactor type and operating temperature [125, 126], as well as
the properties of the feedstock that is used. These properties include the carbon, hydrogen and
oxygen content (ultimate analysis) of the biomass, its moisture content, its volatile matter and ash

content (proximate analysis), its energy content, as well as physical properties like the particle size
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and bulk density [124]. For instance, when compared to natural gas, biomass contains less
hydrogen and more oxygen, which lowers the gasification conversion efficiency as more carbon is
released as CO,, carrying a lot of excess heat [127]. As a result of this elemental composition in the
biomass feedstock, biosyngas has a lower H,/CO ratio (0.5-1.8, as opposed to 2.0 or higher in the
case of natural gas-derived syngas) [47]. A typical biosyngas is a mixture of compounds containing
mainly hydrogen, carbon monoxide and carbon dioxide, as well as other minor constituents. This is
because during gasification, elements that are normally found in biomass, like carbon, hydrogen,
nitrogen, oxygen, sulphur, and chlorine are turned into CO, H,, H,O, CO,, CH, and C,. gases, N,
NHs;, H,S, HCI, COS, HCN, and various other contaminants [47] which are discussed in section
2.7.3 below.

2.7.3  Step 3 - Syngas Cleaning and Conditioning

In addition to a low H,/CO molar ratio composition, as discussed in section 2.7.2.2 above, the
resulting biosyngas also contains many impurities, and therefore it must be cleaned and conditioned
before it can be used in the FT reactor. This is because FT catalysts are extremely sensitive and can
be easily poisoned or deactivated by syngas pollutants [9]. These contaminants can also potentially
lead to other process problems such as blockages, and equipment fouling and corrosion, as well as

environmental problems due to harmful emissions [125].

Commercially, regeneration or replacement of the FT catalysts occur periodically and, hence, the
additional investment costs for gas cleaning are weighed against the costs incurred by process
down-time due to catalyst poisoning, or maintenance due to equipment fouling and corrosion, in
order to achieve the right economic balance [25]. The acceptable levels of contaminants, therefore,
may be different for each plant and FT catalyst. Notably, it has been identified by Boerrigter et al.
[26] that there are no syngas contaminants that are specific to biomass and, therefore, conventional
gas cleaning approaches can be adopted. This may or may not be true, however, as operational
experience in biomass gasification applications is relatively small in comparison to that of coal and
natural gas gasification, and it is this uncertainty in knowledge of the exact contents and
contaminants of biosyngas that poses one of the greatest challenges in the commercialization of
BTL-FT operations [125]. The various typical syngas contaminants and conventional methods used
for their removal are discussed in section 2.7.3.1 below, whereas the methods used for syngas

conditioning are discussed in section 2.7.3.2.

2.7.3.1 Syngas Cleaning

Raw or unprocessed syngas typically contains tars (high molecular weight hydrocarbons),
particulates, alkali compounds, nitrogen and chlorine compounds (such as NH;, HCI, HCN) and
sulphur compounds, such as H,S and COS, which can permanently poison the FT catalyst by

adhering to the active sites [9, 18, 128]. The impurities present in the syngas are not easily avoided
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and the amounts present depend on the type of gasification process and feedstock used [8].

Biomass feedstocks generally contain very low amounts of sulphur, nevertheless, minuscule levels

are sufficient to poison the catalyst [8]. Some of the potential problems that can be caused by these

impurities are listed in Table 2.5 below. This table also gives their corresponding tolerance levels,

which are representative of the typical requirements for FT synthesis.

Table 2.5 — Problems caused by syngas contaminants and FT contaminant tolerance levels

Contaminant

Particulates

Examples [8, 125]

Dust, ash, char, and

FT Tolerance

Potential Problems Caused [8, 125] Levels (ppb) [9]

Erosion of metallic components

Environmental pollution 0

High-temperature metal corrosion
Reactor bed de-fluidisation
Deposits on catalyst

Product contamination

10

NO, formation

e FT catalysts deactivation 20

e Corrosive emissions

e Acid corrosion of metals 10
Permanent poisoning of FT

catalysts

bed material
Alkali metals | Sodium, and
potassium
compounds
Nitrogen Ammonia and HCN
compounds
Sulphur and HCL and H,S
chlorine
compounds
Tars Condensable

organic compounds
with boiling points
in the range of
80-350°C [18].

Clogging of filters and valves
Produce metallic corrosion
Internal reactor deposits

Difficult to burn

10

Deposits on catalyst
Product contamination

Consequently, the syngas must undergo an intensive cleaning process prior to taking part in FT

synthesis [125]. Biosyngas is reported to be similar to other more conventionally derived types of

syngas, like those produced from coal, and therefore the same gas cleaning technologies can be

used [129]. Some of these cleaning methods are listed in Table 2.6 below.

Table 2.6 — Syngas cleaning methods (derived from [8, 125])

Contaminant

Particulates
Alkali metals
HCI

Acid gases
Inorganics

Sulphur compounds
(H2S and COS)

Tars

Cleaning Methods

Cyclones, filters, scrubbers and packed beds with
sorbents (such as lime or dolomite).

Alkali metals condense at 550°C on the particulates
and are removed together

Scrubbers and conventional gas removal processes
with physical or chemical solvents

Scrubbers, adsorbers
Catalyst guard beds (ZnO and activated carbon)

Tar cracking (catalytic or thermal reforming)
Tar removal (e.g. water scrubbing)
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2.7.3.2 Syngas Conditioning

As mentioned previously in section 2.7.2, the main syngas constituents include CO, H,, CO, and
CH,. For the syngas to be used for conversion in FT synthesis the inert gas concentration needs to
be as low as possible (< 2 vol. %) [25]. The methane composition is commonly reduced by
reforming with steam, whereas the carbon dioxide can be removed using conventional separation
technologies [130]. The composition of the carbon monoxide and hydrogen (H,/CO molar ratio)
also needs to be adjusted to the specific requirements of the FT synthesis process. This is usually
done by means of the water-gas shift (WGS) reaction in a shift reactor [131]. The water present in
the syngas is also removed prior to the FT reactor by cooling the gas and knocking the water out
[12]. This is because water would shift the WGS equilibrium reaction (Equation 2.2 in section 2.2)
and lower the partial pressures of CO and H,. The above syngas conditioning process steps are

discussed in the following paragraphs.

Methane Reforming

Methane and low molecular weight hydrocarbon gases (C».) present in the syngas can reduce the
conversion efficiency of the FT synthesis reaction, as well as possibly deactivate the FT catalyst
[47]. The composition of these gases can be adjusted to meet the requirements of the FT process by
methane reforming over a nickel catalyst. This method uses steam to convert methane (as well as

other light hydrocarbon gases) into carbon monoxide and hydrogen (Equation 2.7 below) [12].

CHs + H,0 & CO+3H, (EQ2.7)

Water-Gas Shift Reaction

Stoichiometrically, FT reactions need an H,/CO molar ratio in the feed syngas of approximately 2.0

(recommended for cobalt catalysts) or lower (for iron catalysts). Typically, the H/CO molar ratio
of the biosyngas produced are lower than 2.0 [131], and this must then be adjusted using the WGS
equilibrium reaction (Equation 2.2 in section 2.2). Using steam, this turns carbon monoxide into
carbon dioxide and hydrogen. In the case of FT synthesis using cobalt catalysts, the WGS reaction
is carried out in an external shift reactor, which is usually operated between 15-25 bar and around
300°C [131] over copper-promoted catalysts [25]. When using iron catalysts, however, they are
WGS active and the WGS reaction occurs in the FT reactor with no need for an external shift
reactor [121]. This means that the FT reactor would be able to handle syngases with a high CO
content (low H,/CO ratio) by producing more hydrogen. The costs associated with adding a shift
reactor, though, are small in comparison to the total FT plant capital and operational costs [121],
and any costs are usually outweighed by using cobalt catalysts which display higher catalytic
activity and Cs. hydrocarbon selectivity and have a much longer process life than iron catalysts
(section 2.4).
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Removal of Carbon Dioxide

The CO; in the syngas is generally regarded as un-reactive during FT synthesis and can therefore
lower the conversion efficiency of the process, particularly to Cs. products, as it dilutes the syngas
[12, 131]. Moreover, this CO, content can also be further raised by the WGS reaction (Equation 2.2
in section 2.2). Carbon dioxide can be removed from the syngas using conventional separation
technologies such as adsorption with solid absorbents (e.g. silica gel and zeolites), chemical or
physical absorption with a washing liquid (e.g. amine treatment) or by using cryogenic membranes
[25, 125, 130].

2.7.4  Step 4a - FT Synthesis

After the syngas is cleaned and conditioned, it is then ready to take part in the next stage of the
industrial process where the FT synthesis reaction is carried out. As discussed previously in section
2.5.2, if pressurized gasification is carried out at a slightly higher pressure than the desired
operating pressure in the FT reactor, there would be no need for a syngas compression step prior to
the FT reactor. The fundamentals of the FT synthesis process, including the reactions that take
place and the factors that influence the products that are formed, were discussed previously in

sections 2.2 to 2.5.

A major consideration in the design of FT reactors is the highly exothermic nature of the synthesis
reactions. This requires reactor technology with rapid heat removal from the catalyst bed.
Isothermal temperature control within the reactor or catalyst bed is crucial because, firstly, higher
temperatures in FT synthesis favour the production of methane and lower molecular weight
hydrocarbons, which are not the desired products in full conversion FT (Figure 2.7 in section 2.7).
Secondly, if the catalyst overheats this could lead to a higher catalyst deactivation rate due to
sintering and other deactivation mechanisms [21, 55] (discussed previously in section 2.4.3).
Industrially, high heat exchange rates are ensured by using high gas space velocities (and therefore
turbulent gas flows) through narrow catalyst-packed tubes in fixed bed reactors [21]. Alternatively,
fluidized bed reactors are used, in which the catalyst is dispersed within the liquid phase and
therefore very efficient heat transfer is achieved resulting in good isothermal temperature control
[21].

The exact reactor technology used depends on the two modes of process operation (discussed
previously in section 2.2.2) and the products that are desired. Detailed reviews on the fundamentals
and development of FT reactors can be found in the literature by Dry [21, 55], Steynberg et al.
[132], Davis [133], Guettel et al. [36], Sie and Krishna [134], and Jager [135]. There are three main
types of reactors that are used in commercial FT applications. These include multi-tubular fixed-
bed reactors, gas/solid fluidized bed reactors (fixed fluidized bed and circulating fluidized bed) and

slurry phase reactors [132]. Circulating fluidized bed reactors and fixed fluidized bed reactors are
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usually used in HTFT processes (Figure 2.8 below) for producing gasoline and higher-value
chemicals, whereas multi-tubular fixed-bed reactors and slurry phase reactors are commonly used
in LTFT processes (Figure 2.9 below) for the production of diesel and waxes (section 2.2.2) [35].

2.7.4.1 HTFT Operation

As shown in Figure 2.8 below, the type of reactors used in HTFT processes are fluidized bed
reactors because their design enables more efficient heat exchange, when compared to multi-
tubular fixed beds, and more isothermal conditions due to the high gas circulation rates.
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Figure 2.8 — HTFT reactors: A) circulating fluidized bed, and B) fixed fluidized bed
(adapted from [39])
At HTFT conditions within the reactor, all the products are in the gas-phase, and hence only two
phases exist within the system (the catalyst being the solid phase) [134]. These reactors can only be
used with two phases (gas/solid) as any liquid or wax deposits on the catalyst would lead to
agglomeration of the catalyst and subsequent loss of the fluid phase [133]. Therefore, the heaviest
hydrocarbons that are produced using these types of reactors are naphtha grade products [132]. As
BTL-FT processes would usually aim for maximum yields of liquid fuels and diesel in particular,
HTFT operations using fluidized beds have not been investigated for BTL-FT applications.

2.7.4.2 LTFT Operation

LTFT processes employ multi-tubular fixed bed and slurry phase reactors, as shown in Figure 2.9
below. Both types of reactors are described below and their main advantages and disadvantages are
also discussed. At these conditions, within both of these types of reactors, three phases exist; the
gas phase (containing the reactants, water vapour and hydrocarbon gases), the liquid phase (which

is composed of the higher molecular weight hydrocarbons), and the catalyst as the solid phase
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[134]. The main types of catalysts used in LTFT reactors are cobalt-based catalysts, which have a
high selectivity towards diesel and high molecular weight waxes [20]. Iron-based catalysts can also
be used in LTFT reactors, however, it has been reported that the operating temperature cannot
exceed 260°C, as the reactor will be blocked from carbon deposition [55]. The waxes produced are
usually further upgraded or hydro-cracked in order to maximize the yield of diesel. As mentioned
in section 2.7.4.1 above, BTL-FT operations typically aim to obtain high yields of liquid fuels and
it is therefore, this mode of operation that is receiving attention for application in BTL-FT.
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Figure 2.9 — LTFT reactors: A) multi-tubular fixed bed, and B) slurry phase
(adapted from [39])

Multi-Tubular Fixed Bed Reactors
Multi-tubular fixed bed reactors consist of catalyst-filled narrow tubes surrounded by cooling water

(Figure 2.9 above). Temperature control and efficient heat exchange are reportedly achieved by the
combination of narrow tubes, high space velocities and sufficiently large catalyst particle sizes
(which also significantly reduce the pressure drop across the catalyst bed) [55]. The heat given off
by the synthesis reaction generates high pressure steam [136] which can be used within the same
complex for other operations, such as biomass drying, in order to improve the overall process

economics.

The waxes and liquids produced are easily extracted as they trickle down to the bottom of the
reactor, therefore making the reactor design suitable for wax production at LTFT conditions. The
operation and scale-up of these types of reactors is simple and they are quite versatile with regards

to the range of temperatures and pressures that can be used [55]. Furthermore, any contaminants
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present in the syngas after gas cleaning are absorbed by the top layers in the catalyst bed, therefore
leaving the rest of the bed contaminant free [55]. This allows for flexibility in the choice of raw
materials used, and to a certain extent, the leniency of the gas cleaning requirements. The main
disadvantages of multi-tubular fixed-bed reactors are mainly associated with process economics.
This is because their construction is expensive, the high pressure drops within the bed necessitate
higher gas compression, and catalyst replacement is time and labour intensive [9].

Slurry Phase Reactors

Slurry phase reactors are composed of an outer shell with cooling water coils immersed in the
slurry bed. The syngas flows up the slurry bed, which contains mainly FT waxes and liquid
products, as well as the suspended catalyst, making it a three-phase system [66]. This makes these
reactors suitable for LTFT operation as the waxes produced also serve as the liquid phase within
the reactor [55]. The main advantages that fixed slurry beds have over the multi-tubular fixed beds
include the following [21, 55, 135]:

e Lower capital cost for the equivalent capacity.

e Much lower pressure drop in the reactor vessel, and therefore lower gas compression costs.

e Lower catalyst related costs — less catalyst loading and consumption, and longer reactor
runs are possible, as the catalyst can be removed and replaced online.

e Isothermal bed operation (no hot spots), which allows for higher temperatures to be used

giving higher syngas conversions.

Despite the above advantages of slurry phase beds, they have a few reported drawbacks [21, 55].
Firstly, the wax that is produced needs to be separated from the slurry and suspended catalyst,
requiring additional equipment so as not to lose any of the catalyst. Secondly, if a contaminant like
H,S enters the reactor, then unlike the poisoning of only the top layers that would occur in multi-
tubular fixed bed reactors, the entire amount of catalyst used would be poisoned in the slurry phase

reactor. For this reason, gas cleanliness requirements are stricter when operating slurry phase beds.

2.7.4.3 Choice of FT Reactor

From the preceding sections on the different types of reactors, the modes of reactor operation, and
targeted products, it can be said that the LTFT mode, in which either multi-tubular fixed-bed or
slurry phase reactors are implemented to produce diesel and heavy hydrocarbon waxes, is more
suitable for application in a BTL-FT scenario, where maximum yields of liquid fuels are typically
desired (full conversion FT). Both types of LTFT reactors have advantages and drawbacks which
were discussed in the previous sections. Even though the advantages of slurry phase reactors seem

to outweigh those of multi-tubular fixed-bed reactors, successful large-scale, natural gas based FT
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operations carried out by Shell in Malaysia using multi-tubular fixed bed reactors and a proprietary
catalyst [135, 137], illustrate that both reactor technologies are commercially viable.

2.7.5 Step 4b — Product Recovery and Upgrading

Product recovery and/or upgrading comprise the last stage of the FT synthesis process. In order for
the products to meet market specifications they need to be refined or up-graded and, typically, the
same refining processes that are used in the petroleum industry can be used in treating FT products
[43]. Some of these refining processes include: i) isomerisation (branching of straight
hydrocarbons) and aromatisation for improving octane value and density, ii) oligomerisation for
shifting light molecular weight products to higher products, iii) hydrocracking for converting heavy
hydrocarbon products (waxes) to lighter products, and iv) hydrogenation for removing any
oxygenates or olefins that are not desired [63]. Sections 2.7.5.1 to 2.7.5.3 below, outline the options
that can be followed for further product processing or upgrading and recovery. The products from
the FT reactor can be divided into four general categories: C;-C,4 (hydrocarbon gases), naphtha (Cs-
Cio), diesel (C11-C1g) and waxes (Ciq+). The Cs. products are usually separated by condensation and

then recovered and/or upgraded [12].

2751 C;-C,4 Fraction

Methane is not normally a desired product in FT synthesis and is, therefore, usually reformed back
to syngas using steam and recycled into the FT reactor (as discussed previously in section 2.7.3.2).
The olefins in the C,-C4 product fraction, such as ethylene and propylene, can potentially be
recovered as higher-value chemicals because they can be used as raw materials in the polymer
industry (e.g. for the production of polyethylene and polypropylene) [138]. Other hydrocarbons in
the C,-C, product fraction can be oligomerized into diesel or gasoline [138]. However, the energy
requirements for the recovery of this small fraction of C,-C,4 products in the mix are high [12], and
therefore these product gases are usually also reformed, along with methane, back into syngas and

recycled back into the FT reactor in order to maximize the liquid hydrocarbon fuel yields [138].

2.7.5.2 Naphtha Fraction

Gasoline and other fuels are usually rated by assignment of an octane number. This is a rating
method that indicates the measure of the resistance of the fuel to explosive pre-ignition, also known
as knocking, within an internal combustion engine in comparison to a mixture of iso-octane and
heptane [9]. Conventional gasoline has an octane number of 87-89 [9], whereas the naphtha
fraction (Cs-Cyo hydrocarbons) in the FT product has a significantly lower octane number than this
due its low aromatic content and low degree of branching [63]. In its unrefined condition, therefore,
naphtha cannot be used directly in gasoline engines and cannot be used for blending with

conventional gasoline [136].
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The naphtha fraction can be upgraded to gasoline by isomerisation of the Cs-Cs hydrocarbons and
catalytic reforming (over a Pt catalyst) of the C,-Cyo hydrocarbons, as carried out by Sasol [138].
Before this can be done, however, the naphtha must first be hydro-treated in order to make it
compatible with conventional technologies used for isomerisation and reforming [136]. Hence,
naphtha upgrading requires additional processing steps that increase capital and operating costs and
process complexity, and the viability of which need to be weighed against the value that the up-
graded gasoline product would add to the BTL-FT operation [136]. Ideally, therefore a low
composition of naphtha-grade products is desired within the liquid fuel mix. However, in a
decentralized BTL-FT process scheme where an inter-mediate or synthetic crude FT liquid fuel
product is transported to a conventional refinery, the naphtha content of this product is not a major
issue, as the technology for its recovery, upgrading or further processing for the production of

higher-value chemicals would be more readily available.

2.7.5.3 Diesel and Waxes Fraction

The properties and characteristics of FT diesel and its advantages and disadvantages over
conventional petroleum diesel were discussed previously in section 2.2.2. As previously discussed
in section 2.2.1, and according to the Anderson-Schulz-Flory distribution model (Figure 2.2 in
section 2.2.1), theoretically there is a maximum amount of straight-run diesel (typically around
20%) that can be obtained from FT synthesis [60]. For example, it was reported by Boerrigter and
den Uil [18] that the equivalent of 1kg of woody biomass produces 175ml of FT wax, finally giving
150ml of diesel after hydro-cracking. In an energy analysis conducted by Manganaro et al. [139],
the diesel yields obtained from biomass (containing 30wt.% moisture) are reported to be around
13wt.%. Their modelling also showed that significant energy densification is achieved, as 42% of

the original energy content of the biomass is contained in the diesel produced.

It is generally accepted in the literature that the highest yields of diesel are obtained by producing
waxes and then hydro-cracking them into diesel [136]. Wax hydro-cracking is commonly carried
out in LTFT processes, which aim for high yields of waxes and use conventional crude oil refinery
technology [136]. This is usually carried out over catalysts like Pt or NiMo on alumina or zeolite
carriers at pressures above 100 bar and temperatures of 350°C or higher [136]. This process route is
followed in the operations carried out by Shell in Malaysia [135, 137] which are geared towards
maximum wax Yyields. Presumably, wax hydrocracking allows for more control over the final
product range, and the middle distillate or diesel range of fuels can be maximized. The energy
demands of this upgrading step in a BTL-FT process, therefore, would be high. In a decentralized
BTL-FT process scheme, however, the energy dense intermediate or synthetic crude liquid product
(containing naphtha, diesel and Cio. Waxes) would be transported to a dedicated, central refinery

and the upgrading costs would not be incurred on site.
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2.7.6  Step 5-— Optional Power Generation

From experimental demonstrations at ECN, in The Netherlands [26], maximum overall energy
efficiency of syngas to liquid fuels via FT synthesis of about 70% are reported, with about a quarter
of the energy given off as heat. The remainder of the energy, with potential for power generation, is
carried by the unreacted syngas and the C;-C, fraction [26]. Alternatively therefore, this C;-C4 gas
product fraction can be combusted, along with the FT off-gas (containing unreacted syngas), for the
purpose of co-producing power, as in the case of once-through FT (section 2.7) [9]. However,
generating power as a co-product in BTL-FT processing may not be an economically viable
solution. This is because of the high cost of the syngas cleaning and conditioning process steps,
which are vital for the FT synthesis downstream, but are not necessary for power generation.
Ideally therefore, in a BTL-FT process aiming to maximize liquid fuel yields, a high reactant
conversion and a low selectivity towards the formation of this light hydrocarbon fraction are
desired. As discussed previously in section 2.5, this selectivity is also influenced by process
conditions, such as reactor temperature and pressure, which will be investigated in the parameter

study discussed in chapter 5.

2.8 Status of BTL-FT Processing

As mentioned previously in section 1.2, existing large-scale commercial applications that combine
gasification and syngas conversion technologies are either coal or natural gas based and include
operations by Sasol in South Africa [26] and Qatar [140], and those by Shell in Malaysia [26] and
Qatar [141]. As already pointed out in section 1.2, the synthesis of FT liquids from biomass
feedstocks is a relatively new development in the field of FT synthesis and, to-date, there are no
BTL-FT applications that have been commercialized [30]. There are, nonetheless, a number of lab-

scale studies, as well as planned pilot plant studies that aim to commercialize BTL-FT technology.

The very first lab-scale application of BTL-FT was run successfully by ECN in 2001, where FT
liquids were produced for the first time using syngas derived from biomass (willow) using an
oxygen-blown circulating fluidized bed gasifier combined with an oxygen-blown tar-cracker
(resulting in H,/CO ratios between 0.8-2.1) [26]. FT synthesis was successfully run for 150 hours
on a small fixed-bed reactor using a proprietary cobalt-based catalyst made by Shell, achieving Cs.
hydrocarbon selectivities around 90% [26]. Following this, the first BTL-FT pilot plant was
initiated in a joint project by Choren and StidChemie in Freiburg, Germany, in 2005 producing 7.5
bbl/day of FT diesel [142]. The success of this project later led to the planning of the world’s first
demonstration BTL-FT plant in partnership with Shell, which was under construction in Freiberg,
Germany, with an expected capacity of 1.5 million bbl/year [143-145]. This would have qualified
this particular BTL-FT technology as the closest to becoming commercialized. Unfortunately,

however, this venture is no longer going forward due to financial difficulties.
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Two pilot plants (planned to produce diesel and kerosene based on biomass gasification) are
currently under construction in France, and scheduled to start operating in 2012 [146]. This is part
of a demonstration project, called BioTFuel, involving the industrial plant technology company,
Uhde, and five French partners, aiming to integrate and commercialize all the stages of the BTL
process chain (from biomass reception to FT fuels).

Another BTL-FT pilot plant aiming to produce gasoline type fuels at Karlsrhue, Germany, known
as Biolig, is under construction and apparently due for completion in 2016 [147]. The process is
planned to consist of three stages involving flash pyrolysis, entrained-flow gasification and synfuel
production. This project is being carried out by Forschungszentrum Karlsruhe GmbH in partnership
with LURGI GmbH.

A BTL demonstration plant making biofuels from wood residues is claimed to exist at Stora Enso’s
Varkaus Mill in Finland, known as NSE Biofuels Oy, and is a joint venture between the Finnish
Neste Oil and Stora Enso (a paper, packaging and forestry products company) [148]. This plant has
a capacity of approximately 5000 bbl/year using a 12 MW gasifier. Future plans by NSE Biofuels
(partnering with Foster Wheeler and VTT) include using the gained experience and data for the
development of a commercial production plant with a capacity of 740,000 bbl/year by 2016 at one

of Stora Enso’s mills.

Small amounts of FT liquids are also produced by Repotec in Gissing, Austria, where a SMW CHP
demonstration plant is operated in combination with FT liquids production in a lab-scale slurry bed
reactor, using wood as the primary feedstock [142, 149]. Repotec intends to up-scale the process
and planning for the construction of a 30MW plant combined with FT diesel production (31,000
bbl/year) is apparently underway [142].
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3 Experiment Plan, Equipment and Methodology

This chapter outlines the plan that was devised for the experimental work
and describes the experimental equipment and the work that is carried out,
as well as the methodology and procedures that are followed. Two fixed-
bed reactor systems are used for FT synthesis work — a 2cm? reactor at the
Federal University of Rio de Janeiro, in Brazil (UFRJ), and a 20cm®
reactor at Aston University. Both of these reactor systems, as well as the
equipment used for analytical work and catalyst characterization studies

are described.

3.1 Experiment Plan

The primary objective of this project entailed the experimental exploration of the influence of
lower FT synthesis pressures for the potential production of an intermediate synthetic crude or
syncrude liquid product that can be integrated into existing refineries. To do this, the catalysts that
are available are first evaluated and compared in order to determine their suitability for fulfilling
this aim, as well as for operation on the 20cm? fixed-bed micro-reactor system at Aston University.
Using the most suitable catalyst, the relationships between the catalyst activity and stability,
product distribution (or selectivity) and product yields, and the process parameters (discussed
previously in section 2.5) are then studied in order to identify the preferred set of operating
conditions on the 20cm?® fixed-bed micro-reactor at Aston University. The two different fixed-bed,

down-draft reactors that are used for carrying out FT synthesis work in this project include:

e Asingle stainless steel shaft, 2cm® (total volume) fixed-bed micro-reactor at the Federal
University of Rio de Janeiro (UFRJ), Brazil. This reactor system uses syngas that is
ready-mixed in a standard gas cylinder and is described in section 3.3.

e A single stainless steel shaft, 20cm® (total volume) fixed-bed micro-reactor at Aston
University, that is fully integrated into an automated bench-top reactor system (BTRS)
manufactured by Autoclave Engineers. This reactor system uses syngas that is mixed

inside the reactor system and is described in section 3.4.

The gases that are required for this project are discussed in section 3.2. Both reactors are used in
the catalyst selection procedure, whereas only the 20cm® reactor is used in the FT synthesis
parameter study. The equipment used for product analysis is described in section 3.5. The
techniques and equipment used to characterize the catalysts are described in section 3.6. Finally,

section 3.7 outlines the experimental procedures followed, from start to finish, for the FT synthesis
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tests on both fixed-bed reactors. The devised experiment plan is comprised of three main items,
which are listed below and discussed in sections 3.1.1 to 3.1.3 below.

1. Catalyst selection procedure — Evaluation and comparison of the catalysts that are
available for this project. This includes catalyst characterization and initial FT synthesis
experiments that assess the performance of the catalysts. The most promising catalyst
candidate is selected for further study.

2. FT synthesis parameter study — This is the main part of the work and is comprised of an
investigation on the influence of important process parameters on the selected catalyst
activity and stability, product selectivity, product yields, etc. during FT synthesis.

3. Product analysis — Analysis of the gaseous, liquid and solid reaction products. This is
achieved by means of various gas chromatography techniques, as well as other techniques
for the determination of the energy content of the hydrocarbon products and water content

of the aqueous phase.

3.1.1 Catalyst Selection Procedure

As discussed previously in section 2.4.4, three catalysts (representative of those typically used in
industry) are available for the FT synthesis experiments. The compositions and preparation
methods of these catalysts are discussed in the beginning of chapter 4. One of the catalysts was
prepared in collaboration with the University of Rio de Janeiro and is an un-promoted cobalt-based
catalyst supported on y-alumina (Al,Oz). However, only approximately 10g of this cobalt/alumina
catalyst formulated in the laboratory is available for use in this work. This type of catalyst is
commonly used in FT synthesis, albeit with added promoters, on the merit of its high activity and
resistance towards re-oxidation by water [5, 21, 89], as well as the mechanical properties of the
alumina support due to the strong cobalt oxide interactions with the alumina (discussed in section
4.2.3). The other two catalysts are provided by Catal International Ltd. The first one is a ruthenium
promoted cobalt-based catalyst supported on titania (TiO,) which was recommended by BP for its
high Cio. hydrocarbon selectivity [84], and the second one is an iron-based catalyst promoted with
various transition metals and supported on y-alumina. All three catalysts are compared and
subjected to a screening procedure (chapter 4) that will decide on the most suitable catalyst which
will take part in the parameter study (chapter 5). This procedure includes a combination of
characterization studies on the three catalysts and a number of FT synthesis screening experiments
to evaluate their performance during reaction. These studies are explained in sections 3.1.1.1 and
3.1.1.2 below.

3.1.1.1 Catalyst Characterization
The characterization studies are performed in order to determine catalyst properties such as the

surface area and pore size, active phase in the catalyst, moisture retention, suitable reduction
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temperatures for the catalyst activation procedures, extent of coke and wax deposition during
reaction, etc. A variety of techniques are used which include morphological studies (BET surface
area, pore diameter and volume determination, and scanning electron microscopy or SEM), X-ray
diffraction (XRD), temperature programmed reduction (TPR), and thermo-gravimetric analysis
(TGA). These techniques are discussed in more detail in section 3.6.

3.1.1.2 FT Synthesis Catalyst Screening Tests

The initial FT synthesis experiments are designed to evaluate each catalyst under fixed and
representative conditions from which the most promising catalyst is selected for further study.
Their catalytic activity and selectivity (or product composition) are contrasted. The catalyst
yielding a product composition with the most potential for achieving the main aims of this work
(section 1.3) is selected for continued use in the parameter study tests that involves process
parameter profiling. The screening tests are carried out on both reactors and the reaction conditions

implemented are discussed in chapter 4.

3.1.2 FT Synthesis Parameter Study

This study comprises the main series of FT synthesis tests that are performed using the selected
catalyst to investigate the influence of important process parameters on the performance of the
catalyst in terms of its activity and stability (i.e. CO conversion versus time on stream), product
distribution, product yields and liquid hydrocarbon product composition. These parameters include
the reactor temperature, reactor pressure, syngas space velocity, syngas composition (H/CO molar
ratio) and catalyst loading (i.e. catalyst mass). The experiments in this parameter study are carried
out on the 20cm?® fixed-bed reactor, which is described in detail in section 3.4. The results obtained
will then aid in identifying a set of preferred conditions for operation on this reactor. The details of
this parameter study, including a summary of the planned experiments and the reaction conditions

employed, are presented in chapter 5.

3.1.3 Product Analysis
Analysis of the FT synthesis products are carried out online as well as offline as summarized in
sections 3.1.3.1 and 3.1.3.2 below. The equipment used and the analysis methods employed are

described in detail in section 3.5.

3.1.3.1 Online Gas Analysis

Product gases (from both reactors) are analysed online using gas chromatographs (GCs) equipped
with thermal conductivity (TCD) and flame ionisation (FID) detectors. The TCDs are used for the
detection and quantification of permanent gases (CO, H,, N,, CO, and CH,), whereas the FIDs aid

in the detection and quantification of hydrocarbons and other volatiles.
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3.1.3.2 Offline Liquid Analysis

The hydrocarbon liquids collected from the experimental runs on the 20cm? reactor are analysed
offline on a gas chromatograph coupled with a mass spectrometer (GC-MS). The calorific values of
these hydrocarbon liquids are also determined by ultimate analysis (section 3.5.3.3). The aqueous
products are also analyzed for water content using a volumetric titrator, as this serves as an

indication to the percentage of oxygenated compounds present.

3.2 Gases Required

The gases required for FT synthesis, as well as for the 20cm® reactor and analysis equipment
operation are supplied by BOC Gases in standard gas cylinders for use in the laboratory. These
include FT feed gases (pure carbon monoxide, hydrogen and nitrogen), GC sample carrier gas
(argon), GC operational gas (pure helium for pneumatic operation of the detectors and mass flow
controllers), and air (for automated pneumatic valve operation in the reactor system). These
cylinders are connected via high pressure lines to the equipment, fitted with pressure regulators
and, in the case of H, and CO, connected to automatic safety alarms and trips, which are designed

to shut off the main gas supply in the case of gas leaks above the maximum allowable levels.

3.3 2cm® Reactor at UFRJ

This fixed-bed, downdraft micro-reactor (Figure 3.1) was used during a researcher exchange visit
at UFRJ, Brazil. Only a picture of the disassembled reactor shaft is provided (courtesy of UFRJ,
Brazil) as the entire reactor system set-up used was confidential. The reactor consisted of a single

stainless steel tube (L = 10cm, 1D = 5mm) with a total volume of 2cm?.

Figure 3.1 — 2cm® fixed-bed reactor (UFRJ, Brazil)

The syngas flows through a coiled tube wrapped around the outside of the reactor shaft and then
into the top of the vessel. The reactor shaft is mounted onto a metal framework and is surrounded
by a well insulated ceramic heating jacket that controls the reactor temperature and heats the

syngas before it enters the reactor.
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3.4 20cm’ Fixed-Bed Reactor System at Aston
This fixed bed micro-reactor is integrated within a fully automated reactor system, which is
completely encased within one bench top unit, as shown in Figure 3.2 below.

Chamber

_ = %5 Reactor Oven
% -, =

- " Chamber

Figure 3.2 — Automated 20cm?® fixed-bed micro-reactor system at Aston

Figure 3.3 below, shows a close-up of the reactor assembly within the oven chamber. A schematic
process diagram of this system is also presented in Figure 3.4 below. This reactor system is also
used in the catalyst screening procedure, where all three available catalysts are compared, as well

as the parameter study tests that are discussed in section 3.7.3.

Feed gas
mixer
Reactor and
heating jacket
GC sampling
valve

Figure 3.3 — 20cm?® fixed-bed micro-reactor inside open oven chamber
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Figure 3.4 — Schematic of 20cm® automated fixed-bed reactor set-up at Aston
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34.1

20cm?® Reactor Sub-Systems

The overall system can be divided into the following four major subsystems:

Reactant preparation (feed mixing and heating)

Reactor

Product handling (gas liquid separation vessels, GC sampling valve and GC transfer

line)

Reactor pressure control (back pressure regulator)

These different sub-systems are described in sections 3.4.1.1 to 3.4.1.7 in the order that they are

met by the stream path of the reactant and product gases in the overall system. All pipelines to and

from the reactor are 1/16 inch stainless steel tubes. The digital outputs from the system are

connected to a computer from which all the settings (temperatures, pressure, gas flow rates, etc.)

are controlled via a customized software package. A screenshot of this software program is shown

in Figure 3.5 below.
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Figure 3.5 — Screenshot of software program used for controlling the 20cm? fixed-bed reactor

at Aston
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3.4.1.1 Reactant Preparation

Three gas inputs (hydrogen, carbon monoxide and nitrogen) are connected to the reactor system,
and the gas delivery rate is controlled by three mass flow controllers (Brooks Instrument Model
number 5850TRG); one for each gas input (Figure 3.4). For verification purposes, the gas delivery
rates (controlled by these mass flow controllers) are checked and adjusted by means of an external
glass volumetric flow meter, using soapy water and a stopwatch as shown in Figure 3.6 below. The
gas flow rates are calculated by measuring the time taken for a soap bubble to travel the equivalent
distance of 5ml up the glass tube in order to work out the volumetric flow per minute. For instance,
if 5ml are travelled upwards by the soap bubble in 2 seconds, then the flow rate would be

calculated to be 150ml/min. The maximum standard deviation in these measurements was 0.56%.

Gas Flow Out
to Vent

|

Volumetric
Flow Meter
— 15ml
Soap Bubble A
at t; T ———10ml

Soap Bubble A
at t=0 T —— 5ml

L Soap Bubble A

Soap Water

Gas Flow In —»

Syringe

Figure 3.6 — External volumetric flow meter arrangement on 20cm? reactor system at Aston

Next, the feed gases enter the mixer which is located inside the reactor oven chamber (Figure 3.4).

Here they are mixed and heated to the desired temperature before entering the reactor.

3.4.1.2 Reactor
After being mixed and heated, the gas stream then flows in through the top of the reactor (Figure

3.4). The reactor assembly consists of:

o Atype 316 stainless steel tube (7.65 mm I.D. x 14.05 mm O.D. x 43.5 cm, V= 20cm’®)

e A ceramic heating jacket
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e Aninternal catalyst bed thermocouple

e An external reactor wall thermocouple

3.4.1.3 Gas Liquid Separators

After leaving the reactor, the gases then flow into the Gas Liquid Separators (GLS-1 and GLS-2) or
knock-out pots, which are 150 ml cylindrical vessels located outside of the oven (Figure 3.2 and
Figure 3.4 above). The product gases enter the GLSs through a dip tube at the top of each vessel
and then exit through a tee at the top of each vessel. An air operated valve and a metering valve are
connected in series to the bottom of each GLS vessel to drain the condensed liquids and waxes. The
knock-out pots are each surrounded by ceramic heating jackets that could heat GLS-1 and GLS-2
to maximum temperatures of 200 and 80°C, respectively. This makes the option for specific
product separation available if required, e.g. soft waxes in GLS-1 at 200°C, and lighter
hydrocarbons at 80°C or lower. However, both GLS-1 and GLS-2 are kept at ambient temperature
during the FT synthesis experiments so as to condense as many of the Cs. hydrocarbon products as
possible, and prepare them for analysis on the offline gas chromatograph coupled with a mass

spectrometer or GC-MS (described in section 3.5.3.1).

3.4.1.4 Back Pressure Regulator
After the GLS section, the product stream passes through a back pressure regulator. This regulator
is automatically controlled to maintain the desired pressure set-point within the reactor. System

pressure is monitored by an isolated pressure gauge/transducer.

3.4.1.5 GC Sampling Valve

After the back pressure regulator, the product stream then enters the GC Sampling Valve (Figure
3.3 and Figure 3.4 above). This valve rotates between two positions: the collect mode and the
transfer mode. In the collect mode the product gases pass through the sampling loop and on to the
reactant vent. In the transfer mode, the GC carrier gas (helium) pushes the product gas trapped in

the sample loop to the transfer line and on to the online GC, as illustrated in Figure 3.7 below.
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Figure 3.7 — OLD GC Sampling Valve connections
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COLLECT TRANSFER
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Figure 3.8 — NEW GC Sampling Valve connections

However, two problems were found with this sampling valve. The first problem was that the
actuator valve responsible for rotating the sampling valve had been wrongly fitted by the
manufacturer and did not rotate the valve correctly. This was later rectified by the manufacturer.
The second problem met was that the gas sample trapped in the GC sampling valve 1ml sample
loop was not being delivered correctly to the online GC apparatus due to synchronization issues in
the delivery of the gas sample between the reactor system and the online GC. This required a
modification to the GC sampling valve fittings arrangement. This modification is illustrated in
Figure 3.8 above, and involved manually swapping the tube connections in positions 1 and 2. This
meant that, essentially, the 1ml sample loop is bypassed when the GC sampling valve is in the

transfer mode, and the product gases are directly fed to the online GC.
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3.4.1.6 Transfer Line

The GC sampling valve then sends the product gases through to a heated transfer line (maximum T
= 180°C). This line is an insulated, stainless steel microbore tube about 3 metres long. The
temperature of the transfer line (and, hence, the product gases) is controlled by entering the desired
set point on the software display screen (Figure 3.5 above).

3.4.1.7 BTRS Oven

The reactor, mixer tubing, switching valves, and system tubing are all housed in a heated, insulated,
stainless steel oven which allows for isothermal operation (maximum temperature of 250°C). The
oven temperature is controlled via the oven temperature set-point on the software display screen
(Figure 3.5 above).

3.4.2 20cm® Reactor Commissioning
Significant and unforeseen delays were incurred during the delivery of this reactor system due to
issues faced during the tendering process at UK customs. Once it was delivered, however, a

commissioning procedure was required for the equipment. This included the following:

e Setting up of a dedicated laboratory in order to house the reactor system which had to be
fully equipped with the necessary high-pressure gas lines. As the gases used were both
flammable and toxic, these gas lines required the installation of safety alarm trips.

¢ Initial commissioning of the reactor system and training had to be carried out by the reactor
manufacturer for operational, safety and insurance purposes. This commissioning process
involved pressurizing the system with nitrogen to check for leaks, as well as checks for
overall mechanical and electrical functionality.

e The delivery, set-up, and commissioning of the gas and liquid product analysis equipment
(gas chromatographs), as well as the required training by the manufacturer.

e Once all of the above equipment was installed, the joint system (reactor and online gas
chromatograph) was re-commissioned using FT synthesis feed gases and typical reaction

conditions (section 4.5).

3.4.3 20cm® Reactor System Limitations

Some equipment limitations were encountered during the work carried out using the 20cm? reactor
system at Aston. These relate to the minimum attainable delivery rate of nitrogen, the availability
of pneumatic air supply necessary for automated valve operation, and the absence of a water

cooling mechanism. These limitations are discussed in sections 3.4.3.1 to 3.4.3.3 below.
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3.4.3.1 Nitrogen Flow Rate

The flow rate of nitrogen into the reactor system is automatically controlled by a mass flow
controller, as previously discussed in section 3.4.1.1. The flow rate calibrations that were carried
out revealed that the minimum attainable flow of nitrogen into the reactor system was ~13ml/min.
The presence of a small amount of nitrogen in the feed syngas is required as an internal standard
for GC analysis for the purposes of calculating reactant conversions (section 4.5.2). A compromise
had to made, therefore, between having the lowest possible nitrogen content in the syngas and the
lowest possible space velocity. Hence, for the nitrogen content in the syngas mixture to remain low
(<10mol%), a restriction is placed on the minimum flow rate of syngas (CO + H,) that could be

delivered to the reactor.

Equation 3.1 below, is the re-arranged rate expression for the design of heterogeneous catalytic
fixed bed reactors [150]. It states that the reactant conversion, Xa, is proportional to the catalyst
weight, W, and inversely proportional to the reactant flow rate, Fao.

Ka = TaW (EQ 3.1)

Fao

According to Equation 3.1, therefore, the limitation on the feed syngas delivery rate, discussed
above (in combination with the availability of only a small amount of catalyst previously discussed
in section 3.1.1) means that a further constraint is placed on the maximum reactant conversions that
could be achieved. In other words, the reactant conversion can not be further increased by lowering
the syngas (containing nitrogen) flow rate or increasing the catalyst mass used in the reactor. In
addition, the higher (than originally intended) dilution of the syngas with nitrogen as the internal
standard (< 10mol% instead of < 5mol%) also contributes to lowering the potential reactant
conversion, as this reduces the concentration of CO and H, in the syngas and, therefore, on the

catalyst surface during the FT reaction.

3.4.3.2 Pneumatic Air Supply

All the automated valves in this reactor system are operated by pressurized air (at 6 bar). This
means that a constant supply of air is required during each experiment run. This constant air supply
is not available in the laboratory facilities and, therefore, the air is delivered in standard pressurized
cylinders. The air supply needs careful monitoring as the air cylinders require manual replacement
once depleted, even while the experiment runs are in progress. The above limitation in combination
with the department building access schedule (closed during weekends), meant that the
experiments could only be conducted on week days. Hence, the length of an FT synthesis runs is
limited to a total period of 48 hours. The reasons for this selected duration can be clarified by

consideration of the length of time required for each stage in the complete FT synthesis experiment
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procedure that is outlined in section 3.7, in relation to the number of accessible days available per

week.,

3.4.3.3 Reactor Temperature Control

An additional limitation on this reactor system is the absence of an efficient temperature control
mechanism surrounding the reactor, i.e. cooling water. The temperature of the reactor is controlled
by adjusting the temperature of the ceramic heating jacket that surrounds it. Any temperature
runaways are controlled by turning the heating jacket off. This means that the reactor temperature

can not be so easily controlled and needs careful monitoring (and sometimes adjustment).

3.5 Product Analysis Equipment

Two types of analysis equipment are employed for the identification and quantification of products;
online GC analyzers for product gases and an offline GC/MS analyzer for liquid and wax products.
The specifications of the analysis equipment used in conjunction with each reactor are discussed in
sections 3.5.1 to 3.5.3 below.

3.5.1 2cm® Reactor Product Analysis at UFRJ

Complete online analyses of the products from the 2cm® reactor are carried out on a GC-17A
Shimadzu gas chromatograph equipped with a thermal conductivity detector (TCD) and a flame
ionisation detector (FID). The TCD detector aids in the identification and quantification of
permanent gases (CO and He), whereas the FID detector is used for identifying a wide range of
hydrocarbon products (C;-Cgo.) and other volatiles. However, separate gas injections are necessary
in order to use either detector (TCD or FID), as these detectors are not connected in series. For a
TCD injection, the volatile products are first passed through a cold trap at 16°C (cooled using
ethylene glycol), thus allowing only permanent gases and low molecular weight hydrocarbons to
pass through to the GC-TCD for analysis. The specifications of the columns used for each of these

detectors are given in Table 3.1 below.

Table 3.1 — 2cm® reactor: GC column specifications

Detector | Column Type | Column Dimensions
TCD CP-Porabond Q 50m x 0.32mm
FID CP-Sil 5CB 50m x 0.32mm

For a FID injection, the volatiles are set to bypass the cold trap and are transferred directly to the
GC. The GC oven chamber has been modified to use cryogenic cooling in order to analyze a very
wide spectrum of hydrocarbon products (C1-Cq.) in the following way; the GC oven chamber is

first cryogenically cooled by injecting CO, (at 60 bar and -25°C) for the first 5 minutes, thus
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bringing the column temperature down to -25°C. After 5 minutes, the CO, flow is switched off, and
the temperature ramp is set to 5°C/min. As the temperature is slowly raised in the column this
achieves individual compound separation and detection by the FID detector. Some examples of
chromatograms obtained from the GC-FID analysis of the products from the 2cm?® reactor are
provided in section 4.4.2.

3.5.2 20cm® Reactor Online Gas Product Analysis at Aston

The GC connected online to the 20cm? reactor is equipped with a TCD and a FID connected in
series, and therefore only one gas injection is necessary for analysis using both detectors. The FID
in this GC, however, is only capable of detecting C;-Cs hydrocarbon products. Hence, the GLS
chambers or ‘cold traps’ in the 20cm® reactor system (Figure 3.4 above) are kept at ambient
temperature in order to condense as many Ce. products as possible. Online product analysis is
performed on a Varian 450-GC gas chromatograph equipped with five columns (Table 3.2 below),
which have specific functions within a two ‘channel’ system, that include a permanent gas analyzer
‘channel” (connected to the TCD detector) and a light hydrocarbon analyzer ‘channel’ (connected

to the FID detector). The specifications of the GC columns used are provided in Table 3.2 below.

Table 3.2 — 20cm® reactor: online GC column specifications

Detector Column Type Specifications Dimensions
Hayesep T (CP81072) Sojlg%';f:fh' 0.5m x 1/8” x 2.0mm
TCD Mo'e?gﬁ‘gf’ois‘l’f 13X 80-100 Mesh 1.5mx 1/8” x 2.0mm
Hayesep Q (CP81073) 80-100 Mesh 0.5mx 1/8” x 2.0mm
- Varfan (Ccagélllgrzé)Column CP-Sil 5 CB 12.5m1>f20£12mm X
Varian %ég?llélég)Column CP-ALOY/Na,SO. 50m xlg}iimm X

3.5.2.1 Permanent Gas Analyzer Channel

This “channel” is an analytical tool developed by Varian principally for the simultaneous
determination of non-condensable gases (nitrogen, carbon monoxide, carbon dioxide, methane, and
C, isomers) in various gas samples. The channel is set for the determination of the mentioned
components down to 0.01%. The 1mL sample is injected by means of a gas-sampling valve onto a
series of Hayesep columns. The fraction containing nitrogen, carbon monoxide and methane is
flushed onto a Molecular Sieve column and ‘parked’. In the meantime, carbon dioxide and the C,
isomers are eluted to the TCD detector, bypassing the Molecular Sieve column. After the elution of
H,, the Molecular Sieve column is set to flow again giving the separation of nitrogen, carbon
monoxide and methane.
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3.5.2.2 Light Hydrocarbon Analyzer Channel

This “channel” is designed to measure the range of low boiling hydrocarbons (C;-Cs). The system
consists of a CP-Sil 5 CB pre-column and the Al,O3/Na,SO, column. The highly selective
Al,03/Na,SO,4 column separates all individual isomers from the light hydrocarbon fraction. The
channel is set for determination of the hydrocarbon isomers down to 0.01%.

3.5.2.3 Gas Calibration

For compound identification and quantification, both analyzer channels are calibrated by injecting
standard mixtures of C,-Cs hydrocarbon and permanent gases, including carbon monoxide,
hydrogen, carbon dioxide, nitrogen and methane (using gas cylinders containing certified
component concentrations). The gas mixtures and concentrations used for GC calibration are
provided in APPENDIX A. Based on account of their relative abundance in typical FT gas product
mixtures as found in the literature, the hydrocarbon gases that the GC equipment is calibrated for
include methane, ethane, ethene, propene, propane, iso-butane, 1-butene, n-butane, neo-pentane, 1-
pentene and n-pentane. The GC method used for identification and quantification of the permanent

gases and C;-Cs hydrocarbon gases is outlined in Table 3.3 below.

Table 3.3 — GC method used for permanent gases and C;-Cs hydrocarbon analysis

Parameter Settings
Carrier Argon at ImL/min
1. 50°C for 10 min
Oven 2. 50-180°C at 8°C/min
3. 180°C for 5 min
Injectors TCD at 150°C, FID at 220°C
Injection Volume TCD=1.0mL, FID =0.25 mL
Detectors TCD at 200°C, FID at 200°C

Total Analysis Time | 31.25 minutes

Figure 3.9 and Figure 3.10 below, provide two examples of the chromatograms obtained from the
permanent gas and C;-Cs hydrocarbon gases calibrations in the GC-TCD and GC-FID channels,

respectively.
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Figure 3.9 — Chromatogram obtained from GC-TCD calibration of permanent gases at Aston
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Figure 3.10 — Chromatogram obtained from GC-FID calibration of C;-Cs hydrocarbon gases
at Aston

3.5.2.4 Reactant Conversion and Product Distribution

The reactant conversion is measured by the conversion of carbon monoxide, as it is the reactant
taking part in smaller amounts according to stoichiometry (Equation 2.2 in section 2.2) and
therefore plays a limiting role on the FT reaction [151]. As discussed previously in section 2.3, the
distribution of the resulting carbon containing products in FT synthesis is commonly referred to as
the product selectivity [43] and represents the molar composition of the products formed. Product
selectivities are calculated for main reaction products that include carbon dioxide, methane, C»-Cs
and Ce. hydrocarbon products. Their distribution or selectivities can be determined on the basis of
carbon monoxide conversion in the synthesis reaction using Equations 3.2 to 3.6 below, according
to the methods that have been used by Xu et al. [83], Mirzaei et al. [86], Feyzi et al. [103], Rafiq et
al. [116], Mohanty et al. [91], and Dry [43]. These equations are important as they are used for
calculating both the reactant conversion and product selectivities for the FT synthesis experiments
that will be conducted in chapter 5. As an example, a Cq. selectivity of 70% indicates that 70% of
the carbon atoms in the carbon monoxide that react to be become hydrocarbons end up in the Ce.

product fraction.
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moles of inlet CO — moles of outlet CO

CO conversion (%) = ——los of inlet CO x 100

(EQ 3.2)
moles of CO, produced
CO: Selectivity (%) = moles of inlet CO — moles of outlet CO 100
(EQ 3.3)
CH Selectivity (%) = moles of inTeotk:ZsOOf—c:loferz C(i)ufc(?:tlet Cco x 100
(EQ 3.4)

moles of C,-Cs produced

CCs Selectivity (%) = 100
zCs  Selectivity (%) moles of inlet CO — moles of outlet CO

(EQ 3.5)
Ce-+ Selectivity (%) = 100 — Sco, — ScHa — SC2-C5(EQ 3.6)

3.5.3 20cm® Reactor Offline Liquid Product Analysis

At the beginning of each FT synthesis experiment, the GLS chambers (Figure 3.4) are dismantled
from the reactor system, weighed and then re-assembled on to the reactor system. At the end of
each experiment the liquids (and waxes) are drained and collected from the GLS chambers. The
GLS chambers are then dismantled and weighed in order to account for the accumulation of any
waxes and liquids in the vessels. The liquid products include an oil phase (liquid hydrocarbons and
waxes) and a water phase (water plus oxygenated compounds). The equipment and methods used

to analyze these liquids are described in sections 3.5.3.1 to 3.5.3.3 below.

3.5.3.1 Liquid Hydrocarbon Product Analysis

Typical analyses of FT liquid/wax hydrocarbon products are usually performed in gas
chromatographs and produce chromatograph spectra that include carbon number products from Cg
up to Cy or higher. Liquid product analysis is performed on a Varian 450-GC chromatograph
coupled with a Varian MS-220 mass spectrometer. According to the manufacturer, the
experimental error due to the syringe sample injection in these analyses was + 1%. The

specifications of the column used for analysis are given in Table 3.4 below.

Table 3.4 — GC-MS liquid hydrocarbon analyzer column specifications

Detector Column Dimensions
Mass Spectrometer Varian FactorFOUR® VFE-5ms, 30m, 0.25mm ID,
(MS) Capillary Column 0.25um DF

Using this column, a GC method capable of detecting and identifying this wide range of
hydrocarbon compounds was developed in this project. The method development procedure that

led to the final preferred method that is used is discussed below. Full details of this method
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development procedure are provided in APPENDIX D. Table 3.5 below, summarizes the final GC
method that was arrived at.

Table 3.5 — GC method used for C;-Cy liquid hydrocarbon analysis

Parameter Settings
Carrier Gas Helium at ImL/min
Oven Temperature, 1. 40°C for 5 min 4. 180-260°C at 2°C/min
hold time and 2. 40-180°C at 2°C/min | 5. 260°C for 5 min
heating rate 3. 180°C for 5 min 6. 260-330°C for 10 min
Injector 250°C
Injection Volume 1.0 yL

Detector Temperature | TCD at 200°C, FID at 200°C

MS molecular weight

scanning range 30-650 (m/z)

As discussed previously in section 2.2, a typical FT hydrocarbon product mixture consists mainly
of paraffins (alkanes) and olefins (alkenes) [43]. Hence, a saturated alkane standard mixture could
be used in the procedure for developing an appropriate method for GC analysis. According to GC
principles, the saturated alkanes in the standard mixture would elute from the column at distinct
retention times and in order of ascending molecular weight [152]. The retention time of each alkane
compound could then be compared to the spectra obtained from the product oil analyses to identify
alkanes (and their isomers) in the liquid hydrocarbon product collected. In addition, this would aid
in categorizing other products (such as alkenes and alcohols) eluting at relatively close retention
times and, hence, belonging to the same carbon number product group. The product peaks could
then be categorized into distinct carbon number groups, i.e. C;, Cg, Co, €tc., and then, in turn, into
product groups, i.e. naphtha (C;-Cy), diesel (Cy;-Cyg) and waxes (Cio+) [35]. The product peak
areas could then be used in calculating the relative percentage composition of the product groups in

the liquid hydrocarbon sample.

A standard C;-Cy4 saturated alkane mixture in a 1mL hexane solution was provided by Supelco©

Analytical. The individual concentrations of the alkanes in this hexane solution were 1000 ug/mL
(+/- 0.5%). Hence, each liquid hydrocarbon (plus waxes) sample collected from the FT synthesis
experiments were also diluted in pure hexane before analysis. After a number of hexane solutions
containing different concentrations of dissolved liquid hydrocarbons (and waxes) were prepared
and analyzed, the optimum hydrocarbon concentration that was determined was approximately 3.0
wt.% (+ 5%). This concentration, in combination with the GC method outlined in Table 3.5 above,
allowed for complete separation of C;-C4 compounds within the FT liquid samples. Figure 3.11
below, shows the chromatogram obtained from the analysis of the standard saturated alkane

mixture.
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Figure 3.11 — GC-MS chromatogram of standard saturated C,-Cy4 alkane solution
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Figure 3.12 below, shows the chromatogram obtained from the analysis of a liquid hydrocarbon

(plus waxes) product sample collected from an FT synthesis run (test FT4 in Table 4.4, in section

4.5) superimposed on to the chromatogram from the standard solution (Figure 3.11). This is done in

order to verify that the product peaks and their retention times coincide with the retention times

determined from the analysis of the standard alkane solution. For added certainty, the

chromatograms obtained from the analyses of all the liquid hydrocarbon samples collected during

the FT synthesis runs were also superimposed onto the standard saturated alkane chromatogram.

Further examples of these superimposed chromatograms are provided in APPENDIX F. In all

cases, the compound peaks and retention times were well matched.
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Figure 3.12 — GC-MS chromatogram: comparison of standard versus liquid hydrocarbon
product from FT synthesis test FT4 (at 210°C)

3.5.3.2  Aqueous Product Analysis

Water content analysis of the aqueous phase is performed using a Karl-Fischer titration method
performed on a Mettler Toledo V20 Volumetric KF Titrator, using ‘Hydranal® 34849 — water
standard 10.0° as the standard solution, ‘Hydranal® 34816 — Composite 5k’ as the titrant and
‘Hydranal® 34817’ as the working medium. Prior to each sample analysis, the titrant is
standardized against the water standard solution in triplicate. The sample is then added to deduce
the concentration of water (and, hence, soluble oxygenated compounds by difference) within the
sample in triplicate. A similar Karl-Fischer titration method for the determination of the water

present in the FT aqueous phase was also used by Bukur, Patel and Lang [104].

3.5.3.3 Liquid Hydrocarbon Calorific Value Determination

Ultimate (CHN) analyses of the liquid hydrocarbon samples that are collected after each FT
synthesis experiment in the parameter study (chapter 5) are carried out by Medac Ltd (elemental
oxygen content is determined by difference). Their energy content (HHV) is determined by the
unified correlation for estimating HHV from ultimate analysis put forward by Channiwala and
Parikh [153] (Equation 3.7 below). This correlation is used as it is the basis for all HHV

calculations at Aston and thus provides a consistent database for comparison.

HHV4r, (MJ/kg): 0.3491-C + 1.1783-H + 0.1005-S — 0.1034-O — 0.0151-N — 0.0211-ash (EQ 3.7)
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3.6 Catalyst Characterization Techniques

Catalyst characterization studies are carried at various institutions in the UK, both at Aston
University and Catal International Ltd, as well as in cooperation with the Federal University of Rio
de Janeiro (UFRJ), in Brazil. The specific techniques that are used are commonly used in FT
catalyst research [86, 103] and include morphological studies, powder X-ray diffraction (XRD),
temperature programmed reduction (TPR), thermo-gravimetric analysis (TGA) and scanning
electron microscopy (SEM). These techniques, the reasons for their implementation and the

equipment used for each one are discussed in sections 3.6.1 to 3.6.4 below.

3.6.1 Morphological Studies
These studies aim to investigate some of the textural and physical properties of the available
catalysts, which include BET and SEM analyses that are outlined in sections 3.6.1.1 and 3.6.1.2

below.

3.6.1.1  Specific Surface Area, Porosity, Particle Size and Bulk Density

These studies aim to determine the specific surface area, pore volume and pore size of the catalysts.
These properties, in combination with the catalyst formulation and composition, help to
characterize or define the catalyst. Brunaeur-Emmet-Teller (BET) surface area measurements for
the cobalt/alumina catalyst were carried out at UFRJ, Brazil at a temperature of -196°C using a
Micrometrics ASAP2010 gas adsorption instrument according to the method reported by Sing and
Everett [154]. The sample is degassed at 300°C overnight prior to the adsorption experiments. The
specific BET surface area is determined from the linear part of the BET (Brunauer curve in 0.05-
0.35 partial pressure range) and the pore size distribution is determined by the Barrett—Joyner—
Halenda (BJH) method from the desorption branch of the isotherm. BET surface area
measurements for the cobalt/titania and iron/alumina catalysts were carried out by Catal

International Ltd.

The bulk densities of the catalysts are found by determining the exact mass of each catalyst that
occupied 1cm® in volume of a volumetric cylinder. Knowledge of the bulk density of each catalyst
is required in order to plan the reactor packing method which, in combination with the reactor
dimensions and volume (provided in APPENDIX E), enables the determination of the catalyst bed
height. Information on the average particle diameters for both the cobalt/titania and iron/alumina
catalysts were provided by their manufacturer, Catal International Ltd, whereas for the
cobalt/alumina catalyst formulated in the laboratory at UFRJ, this was determined using standard

fine mesh sieve plates.
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3.6.1.2 Scanning Electron Microscopy (SEM)

This analysis technique is performed on all three available catalysts so as to take a magnified look
at the morphology of the catalyst surface prior to and after reaction. Potentially, it also enables the
observation of the effects of reaction conditions on catalyst deactivation due to the mechanisms of
carbon deposition and/or wax deposition, discussed previously in section 2.4.3. The catalyst
samples are scanned using a Cambridge Instruments Stereoscan S90 scanning electron microscope.
Each sample is dried in an oven at 105°C for 24 hours and then placed on a double-sided
conductive carbon tape and scanned at a wide range of magnification strengths. SEM images of the
available catalysts prior to reaction are provided in section 4.2.1. Images of the cobalt/alumina
catalyst before reaction as well as after all the FT synthesis parameter study experiments (detailed
in chapter 5) are provided in APPENDIX B.

3.6.2 X-Ray Diffraction (XRD)

Powder XRD is an analysis technique that can be used to identify the active phase(s) in the catalyst,
as well as the promoters and supports that are incorporated into the catalyst structure, thus verifying
the presence of the catalyst components. XRD measurements are performed using a Rigaku
Miniflex X-Ray Diffractometer Ultimate+ 2200, operated at 30 kV and 15 mA, using copper
radiation (Acuka = 1.5406 A). The values of 0 ranged from 2-100° with a step size of 0.05° and
20/min. The basic theory behind this technique can be explained as follows [155, 156]. When an
X-ray beam strikes a plane of atoms in a crystalline solid, a portion is diffracted (reflected) and one
crosses the plane going to reach a subsequent plane. If two or more planes are considered, the
conditions for the diffraction phase will depend on the path followed by the X-ray beam. The

condition for diffraction in the phase is given by Bragg’s Law (Equation 3.8 below):

nl = 2dsin@ (EQ 3.8)

where nis the order of diffraction, Ais the wavelength of the incident wave, d is the spacing
between the planes in the atomic lattice, and @ is the angle between the incident ray and the
scattering planes. The basic idea behind XRD analysis is to vary the 6 until Bragg’s Law is
satisfied. This can be done by turning the crystal or by using a large number of randomly oriented
crystals (powder method). Thus, for a given plane characterized by d, there exist a significant
number of crystals in which this plane will be guided through the beam at an appropriate angle, 0
[157].

3.6.3 Temperature Programmed Reduction
This characterization technique is used in order to identify the temperature range at which the
catalyst undergoes reduction (section 4.2.3). This enables the right temperatures to be selected for

the thermal pre-treatment of the catalyst prior to FT reaction and ensure that the catalyst has indeed
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been reduced and activated before the start of the reaction. The samples (50 mg) are placed in a
quartz micro-reactor coupled to a GC-TCD detector. The pretreatment consists of dehydrating the
powder at 300 °C for one hour in a flow of pure Ar at 30 ml/min prior to the reduction. After
cooling to room temperature the gas mixture is switched to 10% H,/Ar at 30 ml/min and the sample
is heated to 1000 °C at 10°C/min. After the reaction, the reactor is cooled to 25°C. Calibration with
CuO powder is used to quantify the extent of reduction of the samples.

3.6.4 Thermo-Gravimetric Analysis (TGA)

TGA measurements are carried out using a PerkinElmer Pyris 1TG apparatus with an auto-sampler.
The TGA records the change in mass of a sample as temperature varies (heated, cooled or held at a
constant temperature). The weight loss profile that the TGA analysis provides makes it possible to
determine the moisture retained in the catalyst sample and to estimate the amount of coke and/or
wax deposited on the catalyst surface after reaction, as this would be burned off at high
temperatures. The relative weight loss is attributed to the amounts of carbon and/or wax present on
the catalyst surface and therefore the extent of deposition during the FT reaction. The same method
for determination of coke deposition on the catalyst surface using TGA analysis was also used by
Mohanty et al. [91]. Approximately 20mg samples of the catalyst are taken after each FT synthesis
reaction and analyzed using a constant heating rate of 5°C/min from room temperature to 800°C

using a steady flow rate of air at 30ml/min and at atmospheric pressure.

3.7 FT Synthesis Experiment Procedure

The experimental procedure that is followed for the FT synthesis experiments, both in the catalyst
selection procedure (stage 3A) and the parameter study (stage 3B), can be broken down into four
stages. These stages are depicted in Figure 3.13 below, and a detailed description of what each
stage entails is provided in sections 3.7.1 to 3.7.4 that follow. During each experiment, the data
collected during these stages is recorded on a laboratory record sheet, an example of which is
provided in APPENDIX H.

STAGE 2 STAGE 3
Catalyst (3A or 3B)

STAGE 1

Reactor
Loading

STAGE 4

Product

Pre-
re FT Sampling

treatment Synthesis

Figure 3.13 — Stages in FT experiment procedure

3.7.1 Stage 1 — Reactor Loading
This first procedural step involves the packing of the reactors. The catalyst loading procedures for

each fixed-bed reactor are provided in sections 3.7.1.1 and 3.7.1.2 below. Both methods employ the
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ideal loading ratio of bed height: reactor diameter being greater than 20:1, according to advice
from an industrial contact with fixed bed FT synthesis catalysis expertise [158]. Whereas the quartz
wool layers (used in both methods) secure in place and support the catalyst bed, the glass bead
layers aid in primarily enhancing the gas distribution and flow patterns inside the reactor by
minimizing the voidage along the reactor length. This also contributes to maintaining isothermal
conditions along the entire length of both reactors.

3.7.1.1 2cm® Reactor Loading

In the 2cm?® reactor, the thermocouple is attached on the outside wall of the reactor shaft, hence, the
shaft is easily disassembled, packed and reassembled back onto its supporting metal framework.
The particular packing method used is illustrated in Figure 3.14 below.
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Gas Flow 29
Q0
Q0 -
§§ Borosilicate
6em %le— Glass Beads
83 (1mm)
10cm 82
88
........ OO
AR
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lcm Catalyst Bed
lcm Quartz Wool
Yo J

Figure 3.14 — 2cm® reactor loading method

3.7.1.2  20cm?® Reactor Loading

In order to pack the 20cm? reactor, the shaft is removed from the automated reactor system and
then disassembled, in order to isolate it from the heating jacket (the catalyst bed thermocouple is
left attached to the reactor tube). The stainless steel tube is first turned upside down, and then the

following loading sequence is performed:

First a layer of quartz wool is pushed down the reactor shaft using a ¥ inch, thin-walled tube. Next,
1mm borosilicate glass beads are dropped onto the quartz wool. This is followed by the catalyst,
and then another layer of quartz wool. The remaining reactor volume is occupied with borosilicate

glass beads, which are supported on a final layer of quartz wool. The catalyst-laden reactor is then
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re-assembled and re-connected to the automated reactor system, and is ready for the next stage of
the experimental procedure. This devised packing method is illustrated in Figure 3.15 below.
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Figure 3.15 — 20cm® reactor loading method

3.7.2 Stage 2 — Catalyst Pre-Treatment
The second stage of the FT synthesis experimental procedure involves subjecting the catalysts to
thermal treatment and reduction or activation, which are necessary prior to taking part in the FT

reaction for the following reasons:

e Firstly, moisture accumulates on the catalyst surface and pores during storage which has to
be evaporated before the FT synthesis reaction. This is because the presence of water has
been found to hinder the reduction of the metal oxide to the metallic active phase, by de-
activating the catalyst [159].

e Secondly, the metal oxide phase needs to be reduced in hydrogen to the metallic phase

which possesses the necessary activity for the FT reaction.
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The catalysts that were provided by Catal International Ltd (namely the cobalt/titania and
iron/alumina catalysts) each came with their own manufacturer recommended pre-
treatment/activation procedures [160]. The activation procedure recommended for the cobalt/titania
catalyst is comparable to that published for a similar catalyst formulation by Li et al. [161]. The
activation procedure followed for the cobalt/alumina catalyst was recommended by UFRJ (where
the catalyst was formulated [157]), and is analogous to those commonly found in the literature for
cobalt supported on alumina (10%Co/Al,O3) [159]. The determining factors for the appropriate
pre-treatment conditions for each catalyst are discussed in more detail in section 4.2.3. The
activation procedures followed in each reactor are discussed in sections 3.7.2.1 and 3.7.2.2 below.
The time needed for the pre-treatment of each catalyst varied from 9 to 19 hours depending on the

catalyst.

3.7.2.1 2cm® Reactor Catalyst Activation Procedure (UFRJ)

The pre-treatment procedure followed for the FT synthesis experiments on the 2cm? reactor is the
same for both catalysts used and only differs in detail from the 20cm® reactor catalyst activation
procedures described in section 3.7.2.2. This is the standard catalyst activation procedure carried
out at UFRJ [157] and includes first drying in a flow of pure helium (133ml/min) for one hour at
105°C, followed by reduction in pure hydrogen (133ml/min) at 350°C (1°C/min) for 10 hours, and

subsequent cooling to 180°C.

3.7.2.2 20cm?®Reactor Catalyst Activation Procedures (Aston)

The catalyst pre-treatment procedures followed on the 20cm? fixed bed reactor are different for
each catalyst and are summarized in Table 3.6 below. These procedures are similar to those used in
the available literature [83, 114, 156, 162]. Despite the differences, the overall procedure involves

the following:

1. Drying in a nitrogen atmosphere (for 1 or 2 hours at 105°C), followed by

2. Reduction in a flow of hydrogen, partial flow of hydrogen in nitrogen, or in syngas in the
case of the iron/alumina catalyst, for a defined period of time as the temperature is raised,
at the appropriate heating rate, up to the corresponding reduction temperature.

3. Once this temperature is reached, the catalysts are reduced at these conditions for a specific
amount of time.

4. In the case of the cobalt-based catalysts, once the reduction in hydrogen is complete, the
reactor is cooled down to 180°C, prior to reaction, so as to avoid any temperature runaways

once the FT synthesis reaction is initiated.
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Table 3.6 — Summary of catalyst pre-treatment procedures followed for catalyst screening test runs on 20cm® reactor

Catalyst

CO/A|203

CO/TlOz

Fe/A|203

Procedure

DRYING

REDUCTION

COOLING

DRYING

REDUCTION

COOLING

DRYING

REDUCTION

Stage

~N o ol WwWINEFE oo, WwDN RPN WDNEe

Temperature
(°C)
25-105
105
105-350
350
350-180
25-150
150
150
150-350
350
350-180
25-125
125
125
125-175
175-225
225-275
275-290

Heating Rate
(°C/min)

5

1

ol o1 o1 o

95

Duration
(h)
0.25
1.00
4.08
11.00
1.00
2.08
1.00
0.50
2.51
12.00
1.00
0.33
3.00
1.00
1.20
1.20
1.20
1.05

Gas

Composition

100% N,
100% N,
100% H,
100% H,
100% N,
100% N,

25% H, + 75% N,
25% H, + 75% N,
25% H, + 75% N,

100% N,
100% N,
100% N,

50% N, + 50% Syngas
50% N, + 50% Syngas
50% N, + 50% Syngas
30% N, + 70% Syngas
30% N, + 70% Syngas

Gas
Flow Rate
(ml/min)

133
133
133
133
0
133
133
133
133
133
133
75
75
75
75
75
75
75

WHSV
(h™)
10
10
0.7
0.7
0
10
10
7.7
7.7
7.7
7.7
5.6
5.6
4.1
4.1
4.1
34
3.4



3.7.3 Stage 3 - FT Synthesis

Stage three of the overall experimental procedure involves the actual FT synthesis tests. This
entails either the catalyst screening (or selection) tests or the parameter study tests. The
experiments conducted during the catalyst selection procedure, the conditions that are employed
and the results that are obtained are presented and discussed in detail in chapter 4. Conversely,
those conducted during the FT synthesis parameter study, the conditions that are employed and the
results that are obtained are presented and discussed in detail in chapter 5.

3.7.4  Stage 4 — Product Sampling

The equipment used for gas and liquid product analysis was described in detail in section 3.5. The
product analysis procedures that are followed for the products obtained from both fixed-bed micro-
reactors are outlined in sections 3.7.4.1 and 3.7.4.2 below.

3.7.4.1 2cm® Reactor Product Sampling (UFRJ)

All product analyses during the FT synthesis reactions carried out using this reactor are performed
online. Samples, containing permanent gases (e.g. CO, H, and He) and product vapours (C;-Cyo),
leaving the reactor are injected at regular intervals into the gas chromatograph. Separate injections
are made for permanent gas detection and quantification into the GC-TCD channel, and conversely,
for hydrocarbon product detection and quantification into the GC-FID channel as previously
described in section 3.5.1. TCD injections are performed every 2-4 hours during the day, whereas
only 3 FID injections are carried out at the beginning (2 hours), middle (24 hours) and end (48
hours) of each experiment.

3.7.4.2 20cm?® Reactor Product Sampling (Aston)

As previously discussed in sections 3.5.2 and 3.5.3, the gaseous and liquid products from this
reactor are analyzed separately. A sample of the gases leaving the reactor (permanent gases,
including CO, H,, N,, CO, and methane, as well as C;-Cs hydrocarbon gases) during each FT
synthesis experiment is automatically injected every one hour via a heated transfer line (at 180°C)
into the online GC equipped with a TCD and an FID detector. The values obtained for the molar
composition of the product gases at the time of the injections, therefore, are assumed to be constant
for each hour in between sample injections. The CO conversion and product selectivity values
(calculated using Equations 3.2 to 3.6 in section 3.5.2.4) are used to determine the gas product
yields, as well as the yield of unreacted syngas. The liquid (and wax) products are also drained,
collected and weighed at the end of each experiment. These values are then used to perform a mass
balance over the reactor for each run, from which an energy balance over the reactor can also be
carried out. The liquid products are usually comprised of an oil phase (liquid hydrocarbons) and a
water phase (water plus soluble oxygenated compounds). Samples from each phase are extracted
for analysis. The liquid hydrocarbons are analyzed for their fuel composition on the offline GC-MS
(section 3.5.3.1), and also for their calorific values using ultimate analysis (section 3.5.3.3). The
water product samples are analyzed for water content in the volumetric titrator (section 3.5.3.2) and
the soluble oxygenated product content is calculated by difference.
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4  Catalyst Selection

This chapter describes the procedure that is followed in order to compare
the three catalysts that are available for this work and enable the selection
of the most suitable catalyst for further FT synthesis parameter studies.
The catalysts are subjected to characterization studies, as well as catalytic
activity tests during FT synthesis, for which the two different fixed-bed
micro-reactors described in sections 3.3 and 3.4 are used. The results of
both the catalyst characterization studies and the FT synthesis catalyst

screening tests are presented and discussed within this chapter.

4.1 Introduction

As previously discussed in section 3.1.1, there are three catalysts available for this work. The
composition of these catalysts and a summary of the methods used to prepare them are presented in
Table 4.1 below. For convenience, the shorthand description for each catalyst presented in the first
column in Table 4.1 (giving the metal and the support material) will be used in the remainder of
this thesis when reference to any of these catalysts is made. The techniques used to prepare each of
these catalysts are provided in APPENDIX C.

Table 4.1 — Available catalysts: composition and preparation methods

Catalyst Composition .
(Metal/Support) (WL.%) Preparation Method
Incipient wetness impregnation on alumina
1) Co/ALO Co: 10% support (prepared in collaboration with and at
23 Al,O3: 90% the Federal University of Rio de Janeiro,
Brazil).
Pore volume impregnation on titania support
Co: 9.80% (recommended by BP [84] and externally
2) Col/TiO, Ru: 0.22% prepared by CATAL International Ltd, UK,
TiO,: 89.98% according to the method used by Li et al.
[161]).

Fe,O3 phase: 60%
Aleg: 40%.

(Fe,O3 phase:
Fe,0s: 91.9%

La: 2.6%, Re: 3.2%,
Ru: 1.5%, Cr: 0.8%)

Precipitation — successive impregnations on
alumina support (externally prepared by
CATAL International Ltd, UK).

3) Fe/A|203

These three catalysts are compared in a screening procedure to determine their suitability for the
main project aims outlined in section 1.3, which included obtaining an intermediate liquid
hydrocarbon product for further integration into existing refineries. The factors influencing the
catalyst selection are centred on the products that are obtained and their composition. Hence, the

catalyst candidate that gives the best yields of liquid hydrocarbons with an optimum composition of
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diesel range products is opted for. The activities and product distribution of the catalysts listed in
Table 4.1, therefore, are compared during FT synthesis. These FT synthesis catalyst screening tests
are outlined and discussed in section 4.3. In preparation for these FT synthesis catalyst screening
tests, however, some basic catalyst characterization studies are first performed. The results of these
characterization studies are presented and discussed in section 4.2 below.

4.2 Catalyst Characterization

The catalyst characterization techniques were described in section 3.6, and the results of these
studies provide morphological details (such as surface area and porosity), other physical properties
(like the average particle size and bulk density), verification of the catalyst components present (i.e.
active phase and support material), as well as the reducibility of each catalyst. The results obtained

from these characterization studies are presented and discussed in sections 4.2.1 to 4.2.3 below.

4.2.1 Catalyst Morphological Studies — Results
Table 4.2 below, presents the specific surface areas, pore volume and size, and bulk density of each

catalyst using the techniques previously outlined in section 3.6.1.1.

Table 4.2 — Results of catalyst morphological studies

23?—%22 Pore _Pore P_article Bul!<
Catalyst Area Volume Diameter Diameter DenS|£y

(%70) (cme/g) A) (um) (g/em’)
Co/Al,O; 216 0.85 146 <50 0.28
ColTiO, 28 0.31 2250 <25 0.67
Fe/Al,O4 162 0.35 494 <355 0.75

The specific surface area and porosity study results demonstrate some of the structural differences
between the three catalysts. The determined values are representative of similar catalyst
formulations found in the literature [161, 163-165]. The differences in the specific surface areas of
the cobalt-based catalysts is considerable due to the different support materials that are used, where
y-alumina supports typically display much larger surface areas than titania. When the support
material has a high surface area like alumina, it has been reported that the cobalt particle size tends
to be quite small, forming clusters, whereas the opposite is true in support materials with low
surface area like titania, where the particles are more evenly dispersed [156, 159]. A study carried
out by Bezemer et al. [166], however, concluded that the cobalt particle size (>6nm) does not
influence the catalyst activity, hence the differences in specific surface areas of these catalysts are
not a major concern. The average particle size of each catalyst, given in Table 4.2 above, is
important in the determination of the pressure drop across the catalyst bed. Examples of these

calculations using the Co/Al,Oj5 catalyst in the 20cm? reactor are provided in APPENDIX E.
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The differences in the particle sizes, shapes and the texture of the catalysts can be seen in Figure
4.1 below, which displays SEM photographs of the three catalysts, at similar magnification
strengths. As shown in the images below, the Fe/Al,O; catalyst has coarse particles of varied sizes
(representative of the crushed nature of this catalyst, as described in APPENDIX C) which are, on
the whole, much larger than those of the other two catalysts. In contrast, much smaller particle
sizes and relatively more uniform particle shapes can be seen in the images representing the cobalt-
based catalysts. In both cobalt-based catalysts, agglomeration of the fine particles (probably due to
moisture retention) contributes to the formation of clusters. Hence, although seemingly larger
particles can be seen in the image representing the Co/TiO, catalyst in comparison to that of the

Co/Al,O5 catalyst, this is due to the much finer powder nature of the Co/TiO, catalyst.

Rl s ;’\‘:5,5? ‘I A2
c) Fe/Al,O3 (x192)

Figure 4.1 — SEM micrographs of the three catalysts prior to FT synthesis reaction

4.2.2 X-Ray Diffraction Results
The presence of the active metallic phases and supporting materials in the overall catalyst structure
are verified using X-ray diffraction (XRD), as previously described in section 3.6.2. The results
obtained from the XRD analyses of the three catalysts used in the present study are purely for
identification of the active metallic phases and support materials in the catalyst, and are discussed
in sections 4.2.2.1 t0 4.2.2.3 below.
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4.2.2.1 XRD of Co/Al, 05 Catalyst

It has been reported that different metallic cobalt phases (Cos04 or Co,AlO,) can exist in the
catalyst framework as the cobalt can penetrate deep into the alumina structure during calcination at
high temperatures [67, 156]. These two phases cannot be easily differentiated in the XRD
diffractogram, but the presence of Co,AlO, can be verified by an analysis technique known as
temperature programmed reduction (TPR), the results of which are discussed in section 4.2.3.1.
Figure 4.2 below, shows the XRD diffractogram obtained for the Co/Al,O; catalyst. The peaks that
correspond to the metallic phase (Co;04 or Co,AlQ,), according to the mass spectrometer (MS)
library, are indicated with a red circle, whereas those corresponding to the alumina support are
indicated by a blue square. Peaks at similar angles were also reported by de la Osa et al. [89] using
catalysts of similar composition, thus indicating that both metallic cobalt phases (Cos;0O4 or

Co,AlQy), supported on y-alumina, are present in the overall catalyst structure.
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Figure 4.2 — XRD diffractogram of Co/Al,O; catalyst

4.2.2.2 XRD of Co/TiO, Catalyst
Figure 4.3 below, shows the XRD diffractogram obtained for the Co/TiO, catalyst.
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Figure 4.3 - XRD diffractogram of Co/TiO, catalyst
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The peaks that correspond to the CoO metallic oxide phase, according to the mass spectrometer
(MS) library [157], are indicated with a red circle, whereas those corresponding to the titania
support are indicated by a blue square. Peaks at similar angles were also reported by Zennaro,
Tagliabue and Bartholomew [167] using a catalyst of similar composition, thus indicating that the
metallic cobalt phase (CoTiOs), supported on titania, is present in the overall catalyst structure.

4.2.2.3 XRD of Fe/Al,O; Catalyst

Figure 4.4 below, shows the XRD diffractogram of the Fe/Al,O; catalyst and compares it with MS
library patterns of alumina and haematite [157], thus indicating that the metallic iron phase (Fe,O53),
supported on y-alumina, is present in the overall catalyst structure.
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Figure 4.4 — XRD diffractogram of Fe/Al,O; catalyst (a) compared to MS library identity
patterns for haematite (b) and aluminium oxide (c)

4.2.3 Catalyst Reducibility — TPR Results

The catalyst activation procedures, which were discussed previously in section 3.7.2, include a
drying stage where undesirable moisture retained on the catalyst surface is driven off. According to
Jalama et al. [159], when cobalt is used on alumina support strong interactions exist between the
metal and the support making it harder to reduce. These strong interactions are reported to be
enhanced further by the presence of water vapour [159]. For this reason, any surface moisture must
be driven off prior to reaction. The presence of surface moisture on each catalyst is verified by
means of thermo-gravimetric analyses (TGA), as described previously in section 3.6.4. The results
of these analyses show that the surface moisture content of the catalysts varies from 2.5 to 3.8 wt.%

(results are the average of three repetitions).
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Prior to taking part in the FT synthesis reaction, the appropriate reduction temperature for each
catalyst must also be determined. The most common characterization technique for doing this is
temperature programmed reduction (TPR), which was discussed previously in section 3.6.3. This
technique monitors the reduction behaviour of the catalyst as the temperature is increased, and the
results obtained for each catalyst are discussed in sections 4.2.3.1 to 4.2.3.3 below. The
temperature profile obtained is then incorporated into the activation procedure, which was
discussed previously in section 3.7.2. In the case of the Co/TiO, and Fe/Al,O3 catalysts activation
procedures with appropriate reduction temperatures were recommended by their manufacturer,

Catal International Ltd, as discussed previously in section 3.7.2.

4.2.3.1 TPR of Co/Al,O3 Catalyst
The reduction profile for the Co/Al,O3 catalyst obtained using the TPR technique discussed
previously in section 3.6.3, is presented in Figure 4.5 below.

337°C

84°C
563°C

Intensity (a.u.)

0 200 400 600 800 1000
Temperature (°C)

Figure 4.5 — TPR spectrum of Co/Al,O; catalyst used in present study

The two main peaks, at 84°C and 337°C, are commonly reported to represent the reduction of the
metal oxide phase, Coz04 to CoO, and then CoO to metallic cobalt, respectively [159]. Similar
peaks have been reported by Jalama et al. [159], and the much wider peak, at higher temperatures,
has been attributed to the much stronger interactions that exist between Co and the alumina support
(e.g. Co,AlQ,) that are harder to reduce [159]. Hence, from this TPR profile, a reduction
temperature of 350°C is selected for the Co/Al,O3 catalyst activation procedure, so as to ensure that

the metal oxide phase is adequately reduced to the catalytically active metallic phase.

4.2.3.2 TPR of Co/TiO, Catalyst

The preparation method for the Co/TiO, catalyst follows that published by Li et al. [161, 163],
where TPR is also used to determine its reducibility profile. Initially, it was not possible to perform
TPR analysis on the Co/TiO, catalyst used in the present study and, therefore, the TPR spectrum
obtained by Li et al. [161, 163] was used as a guide for its reduction profile. This TPR spectrum is

shown in Figure 4.6 below.
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Figure 4.6 — TPR spectrum of a Co/TiO, catalyst reported by Li et al. [163]
(adapted from [163])
The first peak at 188°C represents the reduction of Co;0, to CoO, whereas the second peak at
364°C represents CoO reducing to metallic cobalt [161, 163]. The appropriate value for the
reduction temperature, therefore, would need to be above 364°C. This was in agreement with the
manufacturer recommendation of 375°C and, consequently, the proposed activation procedure
previously outlined in section 3.7.2 seemed appropriate. However, as will be discussed in section
4.2.3.2 where the performance of the catalyst (CO conversion versus time on stream) is examined,
the reduction temperature selected from the study by Li et al. [161, 163] was not sufficient to
reduce the Co/TiO, catalyst. TPR analysis of the Co/TiO, catalyst in the present study was
performed at a later date (after the catalyst selection procedure and parameter study discussed in
chapters 4 and 5, respectively, were carried out) and the reduction profile that was obtained using

the TPR technique (discussed previously in section 3.6.3) is presented in Figure 4.7 below.
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Figure 4.7 — TPR spectrum of Co/TiO, catalyst used in present study

The results in Figure 4.7 above, clearly show that a much higher reduction temperature than the
375°C value that was used in the catalyst reduction procedure (previously outlined in section
3.7.2.2) is required to adequately reduce the Co/TiO; catalyst used in this work. The first peak at
206°C (representing the reduction of Coz0O,4 to CoO) occurs at a higher temperature than that given

in Figure 4.6 above. The same is true for the second peak (representing CoO reducing to metallic
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cobalt) which occurs at 441°C. In addition, this second peak is much wider indicating a stronger
interaction between the cobalt and the titania support, making the catalyst more difficult to reduce.
Hence, a recommendation for future work would be to implement a higher reduction temperature
for the Co/TiO; catalyst used in the present study.

4.2.3.3 TPR of Fe/Al,O5 Catalyst

The reduction profile for the Fe/Al,O; catalyst obtained using the TPR technique discussed
previously in section 3.6.3, is presented in Figure 4.8 below. According to Feyzi, Irandoust and
Mirzaei [103], the first peak at 153°C can be ascribed to the transformation of Fe,O3 to Fe;0,,
whereas the second peak at 279°C represents the transformation of Fe;O4 to Fe. Hence, the
reduction temperature of 290°C recommended by the Fe/Al,O; catalyst manufacturer (section
3.7.2.2) appears sufficient in order to ensure that the metal oxide phase is adequately reduced to the
catalytically active metallic phase.

279°C

Intensity (a.u.)

0 200 400 600 800 1000
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Figure 4.8 — TPR spectrum of Fe/Al,O; catalyst used in present study

4.3 Catalyst Screening — FT Synthesis Tests

After characterization of the available catalysts, their activities and product distribution during the
FT synthesis reaction are compared. The screening tests are performed in the two fixed-bed micro-
reactors that were described previously in sections 3.3 and 3.4. The 2cm? reactor (at UFRJ, Brazil)
is used to compare the Co/Al,O3 and Fe/Al,O3 catalysts, whereas the 20cm?® reactor (at Aston) is
used for comparing all three available catalysts. The reason for this is that the Co/TiO, catalyst had

not yet been acquired at the time of this laboratory visit to UFRJ, in Brazil.

The three catalysts are compared at low CO conversion rates and at similar values (maximum CO
conversion ~10%), in line with recommendations put forward by Dautzenberg [168] on isothermal
catalytic reaction testing. This is necessary as the selectivity or product distribution in FT synthesis
depends on the reactant conversion, and the catalysts must, therefore, be compared at a constant
CO conversion [114]. The same reasoning was applied in catalyst comparison studies by Tristantini

et al. [114] and de la Osa et al. [67, 68]. These low CO conversions are achieved by using high
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space velocities or high reactant flow rates (giving low residence times [116]), lower reactor
temperatures and pressures, and small amounts of catalyst mass (> 0.19).

The first reason for employing these conditions is in order to maintain isothermal reactor
conditions, as high flow rates help in keeping a more uniform heat distribution along the length of
the reactor shaft. The second reason is that at low reactant conversions the three catalysts, which
have different compositions of metal, support materials, etc. can be compared on a level ‘playing
field’. The catalysts are far from equilibrium; hence the catalysts exhibiting a better overall
performance are identified. At these low reactant conversions (<15 mol%) the relationship between
the reaction rate, -ra (which is a function of the reactant concentration, C,) and the reactant
conversion, Xa, is almost linear, irrespective of the order of the reaction [157]. Therefore, the term

for the reaction rate in Equation 4.1 below, can be assumed constant.

Xa =-raW

Fao

(EQ 4.1)

The experiment conditions that were used and the results that were obtained using the 2cm® and

20cm?® reactor systems are presented and discussed in sections 4.4 and 4.5, respectively.

4.4 Catalyst Screening — 2cm?® Reactor Tests (at UFRJ)

Four FT synthesis experiments are carried out using this reactor, each with a total reaction duration
of 48 hours (which is the standard duration for FT synthesis catalyst screening runs at UFRJ, Brazil
in collaboration with PetroBras [157]). The experiment procedure was previously outlined in
section 3.7. The reaction conditions that are selected for these experiments also follow the standard

catalyst screening procedure implemented at UFRJ, Brazil, in collaboration with PetroBras [157].

The reactor temperatures used represent values in the optimum activity range for the corresponding
catalysts, as previously discussed in section 2.4. The reactor pressure is kept at 10 bar for the
reasons previously outlined in section 4.3 above. In addition, this value is in line with the aims of
the project for operation at lower pressures than those used for conventional FT processing. The
H»/CO molar ratio in the feed syngas is kept constant in these experiments as the syngas used was
provided in pre-mixed gas cylinders at a fixed, and certified molar composition of H,/CO/He of
63.8/32.1/4.0%. Helium is used as an internal standard in order to calculate the CO conversion. A
summary of the reaction conditions implemented in these experiments (tests B1-B4) are provided
in Table 4.3 below. Two values for space velocity are implemented for each catalyst in order to
examine the influence of space velocity on CO conversion and the product composition, as shown
in Table 4.3.
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Table 4.3 — 2cm® reactor FT synthesis catalyst screening tests: Reaction conditions

E,\)I(E' Catalyst I\C/Igzs I:\')I'ecfl r%tp?.r Rli’efe?s? ' V\éﬁls)v I;';;g? Con\c/:e?sion
(@) (°C) (bar) (mol %)

Bl Co/Al,O3 | 0.10 210 10 18.0 2.0 3.8

B2 Co/Al,O3 | 0.10 210 10 7.5 2.0 6.4

B3 Fe/Al,O; | 0.10 300 10 15.0 2.0 9.6

B4 Fe/Al,O; | 0.10 300 10 24.0 2.0 5.7

4.4.1 Product Analysis: GC-TCD Results

The GC-TCD results from tests B1-B4 aid in determining the CO conversion. This is calculated
using Equations 4.2 and 4.3 below, according to Xu et al. [83] and the method used at UFRJ [157],
where the helium in the syngas mixture is used as an internal standard in the GC:

) moles of inlet CO — moles of outlet CO
CO conversion (%) = —les of inlet CO x 100

(EQ 4.2)

(%) out

Q in
He (EQ 4.3)

CO conversion (mol %) = 1 — x 100

For the Co/Al,O; catalyst, a space velocity (WHSV) of 18.0 h™ is used in Test B1 giving a CO
conversion of 3.8 mol%. When the space velocity is reduced to 7.5 h™ in test B2, CO conversion
rises to 6.4 mol%. In the case of the Fe/Al,O; catalyst, a similar trend is observed, where space
velocities of 24.0 and 15.0 h* give CO conversions of 5.7 and 9.6 mol%, respectively. These trends
are in agreement with the findings of Ngwenya et al. [162] who observed that feed syngas flow
rates are inversely proportional to CO conversion. This is expected as at higher space velocities (or
high flow rates) the concentration of the reactants on the catalyst surface is higher, corresponding

to lower residence times in the catalyst bed and therefore lower reaction rates.

4.4.2 Product Analysis: GC-FID Results

Figure 4.9 and Figure 4.10 below, show two examples of the chromatograms (retention time versus
GC-FID signal response) obtained from the analysis of the products from the 2cm?® reactor catalyst
screening tests. The peaks on the chromatograms in Figure 4.9 and Figure 4.10 (from left to right)
each represent compounds in ascending order of molecular weight, and hence, ascending order of
carbon number group, for the same reasons explained in section 3.5.3.1. For example, C; products
include propane, propene, propanol, etc, and their isomers. Qualitatively, the intensity (height) of

the peaks is proportional to the amount of each compound present in the product mix.
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Figure 4.9 —-GC-FID chromatogram from 2cm? reactor catalyst screening test B2 (using
Co/Al, O3 at 210°C, 10 bar, WHSV = 7.5 h*, H,/CO = 2.0, and m; = 0.1g)
(provided courtesy of [157])
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Figure 4.10 — GC-FID chromatogram from 2cm? reactor catalyst screening test B3 (using
Fe/Al,O; at 300°C, 10 bar, WHSV = 15 h, H,/CO = 2.0, and My = 0.19)
(provided courtesy of [157])
The chromatograms provided in Figure 4.9 and Figure 4.10 above, show a marked difference in the
composition of the products obtained from each catalyst. The product distribution for the Co/Al,O3
catalyst covers a very wide range, from C; to Cy. hydrocarbons, displaying a product distribution
composed mainly of Cs. hydrocarbon products, and more interestingly, C;. hydrocarbon products.
The Fe/Al,O; catalyst, on the other hand, exhibits a product distribution containing mainly light
hydrocarbon gases (C;-Cs). These results are in agreement with typical product selectivities for

LTFT and HTFT processing as shown previously in Figure 2.3 in section 2.2.2 [35].

4.4.2.1 Hydrocarbon Product Composition

The relative composition of the hydrocarbon products from each test (B1-B4) is worked out using
the peak areas in the chromatograms obtained. The peak areas in each carbon number group are
added together to represent their corresponding group, and then calculated as a percentage of the
total of the peak areas. These groups are then put under five main product categories which include
CH,, light hydrocarbons (C-Cs), naphtha (Ce-Ci), diesel (C11-Cig) and waxes (Cig:). The
calculated hydrocarbon product compositions for tests B1-B4 are presented in Figure 4.11 below,

where the difference in product distribution for each catalyst can be seen more clearly.
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Figure 4.11 shows that the Co/Al,O; catalyst yields products mainly in the diesel and wax product
range, which account for 58% and 68% of the total product in both tests B1 and B2, respectively.
Lower proportions of the total product (24% and 20% in B1 and B2, respectively) are in the
naphtha range. The composition of CH, and C,-Cs products is low in both cases (12-18% of the
total product). The product composition obtained from the Fe/Al,O3 catalyst, on the other hand, is
heavily weighted towards CH, and light hydrocarbons (C,-Cs) which account for more than 80% of
the total product in both test B3 and B4. These product compositions are similar to typical product
compositions for cobalt and iron-based catalysts at LTFT and HTFT process conditions, as reported
by Leckel [35].

Co/Al, O, ! Fe/Al,O,
210°C, 10 bar, 210°C, 10 bar, ; 300°C, 10 bar, 300°C, 10 bar,
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Figure 4.11 — 2cm® reactor catalyst screening tests (B1-B4) performed at UFRJ: composition
of hydrocarbon products

From Figure 4.11 it can also be deduced that a change in space velocity has a more marked effect

on the final product composition obtained from the Co/Al,Os catalyst, in comparison to that

obtained from the Fe/AlL,Oj; catalyst. A decrease in space velocity from 18.0 h™* (test B1) to 7.5 h*

(test B2) using Co/Al,O3 favours diesel and Ciq. Wax formation, where the products in the diesel

and wax ranges increase from 25 to 28% and 33 to 40%, respectively. In the case of the Fe/Al,O3

catalyst the product composition is not significantly affected by the increase in space velocity.

4.5 Catalyst Screening — 20cm® Reactor Tests (at Aston)
The experiment procedure that is followed for the FT synthesis tests on the 20cm? fixed-bed reactor
at Aston was previously outlined in section 3.7. Three FT synthesis catalyst screening tests are

performed (tests FT4-FT6 in Table 4.4 below) firstly, so as to determine the repeatability of the
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results obtained from the 2cm? reactor tests when ‘up-scaling’ to this 20cm? reactor, and secondly,
in order to examine the activity and selectivity of the Co/TiO, catalyst. There are two reasons why
the numbering of the tests performed on this 20cm® reactor begins at FT4, rather than FT1:

1. Tests FT1 and FT2 were unsuccessful runs due to a problem with the gas sample delivery
to the online GC. This problem and its rectification were explained in section 3.4.1.5.

2. Test FT3 was the commissioning run for the 20cm? reactor. FT feed gases were used, but
no catalyst was used (i.e. a blank run), under the following reaction conditions: (210°C, 10
bar, syngas delivery rate = 145ml/min, and H,/CO = 2.0). The reactor was packed with the
quartz wool and borosilicate glass beads, which were the materials used for catalyst
support, gas flow enhancement, etc. as previously explained in section 3.7.1.2. This was
done in order to verify that these materials were not in any way catalytically active during
FT synthesis, and would, therefore have no influence on the reaction. The exit gases from
the reactor were monitored for 48 hours and the results indicated that no reactant

conversion was achieved throughout this commissioning run.

A summary of the three FT synthesis catalyst screening experiment (FT4-FT6) conditions
implemented using this reactor are provided in Table 4.4 below. The criteria for the selection of

these specific reaction conditions are discussed in section 4.5.1 below.

Table 4.4 — 20cm® reactor FT synthesis catalyst screening tests: Reaction conditions

Cat. Reactor | Reactor

E,\T(E' Catalyst | Mass T P V\érI?lS)V %ﬁ?
) (°C) (bar)

FT4 @ Co/AlLO; | 0.50 210 10 8.8 2.0

FT5 | Co/TiO, 0.50 210 10 8.8 2.0

FT6 @ Fe/Al,O;3 | 0.50 300 10 10.8 15

Overall, the performance of all three catalysts is assessed in terms of two main criteria which
include the catalyst activity and stability (CO conversion versus time on stream), as well as the
product profile of the catalyst (including product selectivity, product yields and the composition of
the liquid hydrocarbon products obtained). The performance results of the three catalysts are

presented and discussed in sections 4.5.2 and 4.5.3 below.

4,5.1 Criteria for Selection of Specific Reaction Conditions

The activities and product distribution of the Co/Al,O; and the Fe/Al,O3 catalysts (which were
investigated using the 2cm? reactor at UFRJ in section 4.4) are re-examined in the 20cm?® reactor (at
Aston) for comparison. In addition, the performance of the Co/TiO, catalyst during FT synthesis is
investigated. The catalyst loading used in the experiments depends on the total amounts of each
catalyst that are available for the project. Only a small amount of Co/Al,O; (~10g) is available,

hence, only 0.5g is used in order to allow for further experimentation. For more accurate
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comparison, therefore, only 0.5g of Co/TiO, and Fe/Al,O; are also used. Due to the higher capacity
of this 20cm?® reactor and the higher space velocities used, larger amounts of catalyst are used, in
relation to the 2cm?tests, so as to increase the reactant conversion (section 3.4.3).

To reproduce the other reaction conditions of the screening tests carried out in the 2cm?® reactor as
closely as possible, the same reactor temperatures and pressures are used. These represent values in
the optimum activity range for the corresponding catalysts, as previously discussed in section 2.3.
The reactor pressure is also kept constant at 10 bar for all three catalysts for the reasons previously
outlined in section 4.3. The syngas space velocity is measured in terms of the weight hourly space
velocity (WHSV = syngas mass flow rate / catalyst mass) and depends on the individual gas flow
rates and therefore, the syngas H,/CO molar ratio. The values of 8.8 h™ and 10.8 h™, for both cobalt
catalysts and the Fe/Al,O3 catalyst, respectively, correspond to a total syngas flow rate of
approximately 145ml/min. Once again, this flow rate is selected due to the equipment limitations

relating to the minimum possible nitrogen flow rate explained previously in section 3.4.3.

As opposed to the 2cm? reactor at UFRJ, in this 20cm? reactor at Aston the syngas is mixed inside
the reactor system before entering the reactor as explained in section 3.4.1.1. This means that the
H»/CO molar ratio in the feed syngas could be varied by altering the individual gas delivery rates,
in order to tailor it to the optimum operational range required by each type of catalyst (discussed
previously in section 2.5.1). A ratio of 2.0 is used for the cobalt-based catalysts, and a lower one, of
1.5, for the iron catalyst which is expected to display a higher WGS activity. Nitrogen is used as an
internal standard for the purposes of CO conversion calculations. Its composition in the syngas is
kept at approximately 10 mol% (the same N, composition is used by Jalama et al. [159] and Yao et
al. [169]). Prior to each FT synthesis run the syngas mixture (mixed in the reactor system mixer
shown in Figure 3.4 in section 3.4) is set to by-pass the reactor. A sample of this mixture is then
injected into the online GC (as outlined in section 3.5.2) in order to verify its molar composition

and adjust the Ho/CO/Nj ratios accordingly. These injections are carried out in triplicate.

4,5.2 Catalyst Activity and Stability

A sample of the gases leaving the reactor is analyzed at hourly intervals during the FT synthesis
runs (as detailed previously in section 3.7.4.2). The values for the CO conversions at the time of the
injections, therefore, are assumed to be constant for each hour in between the injections. The
percentage CO conversion is calculated using Equation 4.2 (section 4.4.1) and Equation 4.4 below,
according to Xu et al. [83], where nitrogen is used as an internal standard in the GC. The total
proportions of the CO converted for each catalyst during each complete run are calculated using
Equation 4.5 below, and the results are presented in Figure 4.12 below. The experimental error for

these CO conversion calculations is approximately + 5% of the absolute values.
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CO
(m) out
CO conversion (mol %) =1 — ~Con X 100
m) mn

(EQ 4.4)

Total moles of inlet CO — Total moles of outlet CO
Total CO Converted (mol%) = Totalmoles of inlet CO x 100

(EQ 4.5)
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Mg = 0.59

-
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Mey = 0.50
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Co/AI203 CO/TiOz Fe/AI203

Figure 4.12 — 20cm?® reactor catalyst screening tests (FT4-FT6): Total CO conversion

From Figure 4.12 it is evident that under the reaction conditions that are implemented the highest
CO conversion is achieved by the Co/TiO, catalyst, followed by Fe/Al,O3 and then Co/Al,Os. The
performance of each catalyst (CO conversion versus time on stream) is compared in Figure 4.13

below, giving a clearer picture of the activity and behaviour of each catalyst with time on stream.
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Figure 4.13 — 20cm?® reactor catalyst screening tests (FT4-FT6): Catalyst performance (CO
conversion versus time on stream)
Figure 4.13 plainly illustrates the difference in catalyst activities; the Co/Al,O; and Fe/Al,O;
catalysts exhibit a relative stability in performance, reaching a steady-state within 5-10 hours of
reaction time that is maintained until the end. The average CO conversions that were recorded for
the Co/Al,O; and Fe/Al,O; catalysts, once steady-state operation is reached for both, are
approximately 8 and 10 mol%, respectively. The difference between the performances of each of
these catalysts, as illustrated in Figure 4.13, is that the activity of the Co/Al,O3 catalyst slowly

declines towards the end of the run, whereas the opposite is observed for the Fe/Al,O; catalyst.

In stark contrast, the Co/TiO, catalyst demonstrates sporadic bursts of activity, going through
maxima and minima that range from 0-80 mol% CO conversion throughout the test run. The test
run for the Co/TiO; catalyst was continued for a further 20 hours more than the other catalyst runs
in order to investigate if the catalyst would stabilize, given the additional time. As can be seen from
Figure 4.13, the Co/TiO, catalyst does not achieve steady-state operation even during this added
reaction run time and the same intermittent activity is observed. Despite its irregularity, however,
this activity appears to be declining over time, as noted by the gradual decreasing intensity of the

peaks observed in Figure 4.13 after 48 hours of operation.

These results, displaying a declining trend in CO conversion for the Co/TiO, catalyst are in partial
agreement with the findings published by Li et al. [161], who used a catalyst of similar
composition and found that at steady space velocities, CO conversion gradually declined with time

on stream. The irregular CO conversion behaviour observed, however, was not reported by the
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same authors. As explained previously in section 4.2.3.2, this may have been due to the differences
in the activation procedure recommended by the catalyst manufacturer in this project and that
followed by Li et al. [161], suggesting that the catalyst did not undergo sufficient reduction. The
TPR analysis performed on the Co/TiO, used in the present study (section 4.2.3.2) showed that a
higher reduction temperature than the one used in the activation procedure (outlined in Table 3.6 in
section 3.7.2.2) was actually required, and is therefore recommended for future investigation.

The total reactant conversion and catalyst stability during the reaction, however, cannot be used
alone in the selection of the optimal catalyst, as the products that are formed need to be investigated

as well. The products obtained from each catalyst run are examined in section 4.5.3 below.
4.5.3 Catalyst Product Profile

45.3.1 Product Yields

A mass balance was performed over each run (tests FT4-FT6) and the product yield results are
presented in Table 4.5 below. The CO,, CH, and C,-Cs (light hydrocarbons) yields are calculated
using the results obtained from the GC analyses (described previously in section 3.5.2). The mass
of the liquid products is obtained by weighing the collected liquids on laboratory scales (error
according to manufacturer = + 0.1ug), as discussed previously in section 3.5.3. The percentage of
unreacted syngas is calculated by difference. One of the assumptions that were made for these
calculations was that there are no product losses due to volatilisation, and therefore all Cg. products
are condensed in the collection chamber (GLS, Figure 3.4 in section 3.4) at ambient temperature

and collected at the end of each run.

Table 4.5 — 20cm® reactor catalyst screening tests (FT4-FT6): Mass balance

Product Yields (wt.%0) Unreacted
Test | Catalyst Liquid H/C’s Water Syngas
CO; | CHs ! GGl "o Waxes | + Oxygenates | (Wt.%0)
FT4 | Co/AlL,O; | 7.02 | 0.17 0.14 0.21 1.28 91.18
FT5 | Co/TiO, @ 7.33 | 0.24 0.26 1.07 2.29 88.81
FT6 | Fe/Al,O; @ 5.08 ' 1.90 0.89 0 1.55 90.58

The results given in Table 4.5 indicate that the cobalt-based catalysts produced relatively high, but
similar amounts of CO, (on a mass basis). The amount produced by the Fe/Al,O; catalyst is lower,
which can be attributed to the higher extent of WGS equilibrium reaction (Equation 2.5 section 2.1)
commonly exhibited by iron-based catalysts [20], where an excess of CO, would shift the balance
towards the formation of CO and water. This also explains the formation of water in all the catalyst
runs. The liquid products from the cobalt-based catalyst runs (tests FT4 and FT5) are composed of
two phases; an agqueous phase (containing soluble oxygenated compounds) and an immiscible oil

phase (liquid hydrocarbons plus waxes). The liquid product obtained from the Fe/Al,O3 run (test
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FT6) only contains an aqueous phase. This was confirmed by analyzing its water content (using the
volumetric titration method outlined in section 3.5.3.2) which showed that the concentration of
water is approximately 97.8 wt.%.

4.5.3.2 Product Selectivity
To get a clearer picture of the product profile obtained from each catalyst, the product selectivities
calculated (using Equations 3.2 to 3.6 in section 3.5.2.4) are provided in Table 4.6 below.

Table 4.6 — 20cm® reactor catalyst screening tests (FT4-FT6): Product selectivities

Product Selectivities (mol %)

Test Catalyst

CO; CH, C-Cs Co+
FT4 Co/AlL,O3 88.6 6.1 1.2 4.1
FT5 ColTiO, 47.3 4.2 1.6 46.9
FT6 Fe/Al,O; 44.5 455 10.0 0.00

Under the reaction conditions previously summarized in Table 4.4, the product selectivity results
clearly advocate the Co/TiO, catalyst for possessing the highest selectivity towards the formation
of Cg. products (liquid hydrocarbons and waxes) in relation to the other two catalysts. The
selectivity of the Fe/Al,O; catalyst towards the formation of mainly methane and light
hydrocarbons (C,-Cs) serve in re-confirming the results obtained from the 2cm® reactor screening
tests (section 4.4.2).

4.5.3.3 Product Physical Characteristics

From a Ce. hydrocarbon product selectivity standpoint, therefore, the Co/TiO, catalyst seems to
emerge as superior over the other two catalysts. These Cg. hydrocarbon products, however, require
further inspection so as to determine their nature, composition and suitability for the aims of this
project. The physical characteristics of the Cs. products (liquid hydrocarbons and waxes) obtained

from the Co/Al,O3 and Co/TiO, test runs are summarized in Table 4.7.

Table 4.7 — 20cm® reactor catalyst screening tests: Physical characteristics of liquid and wax
products collected

Test Catalyst Product Physical Characteristics
1) Oil phase — immiscible liquid with a yellow tint
FT4 Co/Al,O3 2) Wax phase — tiny white solids settled at base of oil phase
3) Water phase — clear liquid
1) Oil phase — tiny amount of clear yellow coloured liquid
FT5 Col/TiO, 2) Wax phase — white waxy solids
3) Water phase — clear liquid

1) Water phase — clear white liquid

FT6 Fe/AlOs 2) No oil or waxes produced
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The high Ce. product selectivity that the Co/TiO, catalyst displays translated into a hydrocarbon
product that consisted mainly of white solid waxes (solid at ambient temperature). Incidentally,
these waxes condensed at several points (or ‘cold spots’) causing blockages along the pipes and
fittings both inside the reactor oven (kept at the maximum attainable temperature of 250°C) and
along the GLS pipes and fittings (Figure 3.4 in section 3.4). The pipelines and fittings were
disassembled and the waxes were physically removed by pumping pressurized nitrogen through the
pipelines and fittings. The waxes that were removed were weighed in order to aid in mass balance
calculations. Industrially, wax formation would not pose such problems as uniform temperatures
above the boiling point of high molecular waxes (250°C+) could be maintained in the system, thus
preventing their condensation. In contrast, the hydrocarbon products formed using the Co/Al,O;
catalyst do not cause any blockages as both liquid and wax hydrocarbons are contained in the oil

phase which is easily drained out.

4.5.3.4 Liquid Hydrocarbon Product Composition

A sample of the oil phases collected from both cobalt-based catalyst runs were dissolved in hexane
and analyzed using the GC-MS method previously outlined in section 3.7.4.2. The resulting
chromatograms from test FT4 (using the Co/Al,O; catalyst) and test FT5 (using the Co/TiO,

catalyst) are presented in Figure 4.14 and Figure 4.15 below, respectively.
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Figure 4.14 — Chromatogram of liquid hydrocarbon products (Test FT4 using Co/Al,O; at
210°C, 10 bar, H,/CO = 2.0, WHSV = 8.8 h™, and m¢, = 0.50)
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Figure 4.15 — Chromatogram of liquid hydrocarbon products (Test FT5 using Co/TiO, at
230°C, 10 bar, H,/CO = 2.0, WHSV = 8.8 h™, m., = 0.5g)
The higher molecular waxes (Cx. Which are solid at ambient temperature) obtained from the
Co/TiO, run (FT5) did not fully dissolve in hexane, as required by this GC-MS method and
therefore only the liquids obtained were analyzed. This is apparent from the chromatograms above,
where the product ranges observed for the Co/Al,O3 and Co/TiO, catalyst were C7-Czs and Cg-Coy,
respectively. The relative composition of the hydrocarbon products determined from the

chromatogram peak areas are compared in Figure 4.16.
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Figure 4.16 — Test FT4 and FT5: Relative composition of liquid hydrocarbon products (at
210°C, 10 bar, H,/CO = 2.0, WHSV = 8.8 h™, and m.y = 0.50)
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As the waxes obtained from the Co/TiO, catalyst were not analyzed, this figure only contrasts the
liquids obtained, and therefore, the Co/TiO, composition shown in Figure 4.16 above, cannot be
entirely representative of the final product. Hence, despite the fact that from these analyses both
cobalt-based catalysts demonstrate selectivities mainly towards diesel grade products, this result is
more representative for the Co/Al,O3 catalyst.

4.6 Results Summary and Chapter Conclusions

The three catalysts that were available for this project, Co/Al,O3, Co/TiO, and Fe/Al,O; were
compared in the catalyst screening procedure outlined in this chapter. The primary objective of this
procedure was the selection of the most suitable catalyst for further investigation on the influence
of important process parameters on its activity and performance during the FT synthesis reaction,
as well as its product yields and composition. The main criteria that influenced the catalyst
selection included the yield of liquid hydrocarbons produced and the fuel composition of these
liquids, as high proportions of diesel range products were desired. Another aspect that was
considered included the stability of the catalyst during the FT synthesis reaction, i.e. CO

conversion (or activity) versus time on stream.

The results from the catalyst screening tests performed on the 2cm? reactor at UFRJ (which was
described in section 3.3), involving the Co/Al,O3 and Fe/Al,O; catalysts, showed that the Fe/Al,O3
catalyst favours the formation of methane and light hydrocarbons (C,-Cs), whereas, the Co/Al,O3
catalyst exhibited a very high selectivity towards Ce. hydrocarbons (naphtha, diesel and Cjg. wax
products). As one of the main project aims was to investigate the potential for obtaining a synthetic

crude FT liquid fuel mixture, these tests showed that Co/Al,Os is a much more suitable catalyst.

The results from the catalyst screening tests carried out on the 20cm? reactor (described in section
4.5) also showed that the Fe/Al,O; catalyst is not selective towards the formation of C.
hydrocarbon products and produced mainly carbon dioxide, methane and light hydrocarbons (and
water), but no Ce. hydrocarbons (liquid fuels). This implied that the Fe/Al,O; catalyst should be
ruled out from the selection process as liquid fuels are desired, and the final decision was between

the two cobalt-based catalyst candidates.

The results from the same set of screening tests (section 4.5) showed that the Co/TiO, catalyst
displayed the highest Cg. hydrocarbon product selectivity. The hydrocarbon products formed,
however, were mainly solid waxes which are not favourable for the operation of this 20cm? reactor
system as they caused blockages at several points in the pipelines and fittings, as previously
discussed in section 4.5.3.3. Moreover, the Co/TiO, catalyst displayed a very irregular performance
(CO conversion) over the course of the synthesis run, as opposed to the other two catalysts which
exhibited a relatively steady CO conversion throughout the experiment runs. The erratic
performance in activity displayed by the Co/TiO, catalyst was initially thought to be due to either

the activation procedure (outlined in section 3.7.2.2) not being adequate for reducing the catalyst or
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differences in the catalyst preparation method used by the manufacturer, Catal International Ltd
(section 4.1), in comparison to the preparation method used by Li et al. [161] for a catalyst of
similar composition. However, TPR analysis (described in section 3.6.3) was performed on this
catalyst at a later date and showed that a significantly higher reduction temperature than the 375°C
value that was used in the catalyst reduction procedure (outlined previously in section 3.7.2.2) was
required to adequately reduce the Co/TiO, catalyst used in the present study. Hence, future work
using this particular catalyst would be recommended using the appropriate reduction temperature as
determined from its TPR reduction profile.

The Co/Al,O3 catalyst, on the other hand, demonstrated stability in performance, in terms of steady
CO conversion, during the FT synthesis reaction and did not give wax products that blocked the
pipelines and fittings in the 20cm® reactor system. Furthermore, the results from the GC-MS
analyses of these liquid hydrocarbons revealed a product with a high diesel composition that has
the potential for fulfilling the aims of this project. Hence, the catalyst selected from the screening

procedure is the Co/Al,O; catalyst for the following reasons:

1. A good stability in activity and performance, in terms of CO conversion, was displayed
over the duration of the experiment run. This showed that the catalyst was sufficiently
reduced by the conditions used in the activation method outlined in section 3.7.2.2 and that
it could adequately perform during the FT synthesis reaction for sustained periods of time
without deactivating quickly.

2. The product distribution was primarily weighted towards Ce. hydrocarbon products,
containing mainly diesel and Cio. Waxes. This showed that this catalyst is inclined to
forming liquid and wax hydrocarbon fuels that could potentially comprise a synthetic crude
liquid fuel mixture that can be integrated into decentralized refineries.

3. GC-MS analysis of the liquid hydrocarbon product collected (even though in small yields)
showed that it is composed of mainly diesel grade hydrocarbon products. This is
favourable from a refining perspective as potentially no further upgrading to this fuel

fraction is required if diesel is targeted as one of the final products.

It must be noted, however, that despite the suitability of the Co/Al,Os catalyst for operation on the
20cm? fixed-bed reactor at Aston and for the requirements of this project, this catalyst may not be

suitable for operation in a commercial scale BTL-FT application.
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5 FT Synthesis Parameter Study

This chapter describes the FT synthesis parameter study that incorporated
the use of the catalyst selected in chapter 4. The experiments are carried
out on the 20cm® fixed-bed reactor at Aston that was described in section
3.4. The influence of reaction conditions on the catalyst activity, product
selectivity, product composition and product yields are investigated, and
the results obtained are presented and discussed. The impact of the results

found on process investment costs is also discussed.

5.1 Introduction

The parameters that influence the FT synthesis reaction and the resulting product distribution
include the reactor temperature, pressure, space velocity, the H,/CO molar ratio in the feed syngas
and the catalyst. These variables were discussed previously in section 2.5. A parameter study is
carried out in this chapter that aims to investigate the influence of the above reaction parameters on
several performance criteria, which include the catalyst activity (CO conversion), product
distribution and product yields, as well as the stability (in terms of activity versus time on stream)
of the selected Co/Al,O; catalyst during the runs on the 20cm?® reactor at Aston (which was
described in section 3.4). This is done in order to explore the potential for cost reduction in the FT
process, as well as the prospect of obtaining a synthetic crude liquid fuel product that can be
integrated into existing refineries, in line with the main aims and objectives of the project that were
outlined in section 1.3. The parameter study included twelve FT synthesis experiments (including
one repeated run) which were divided into five test sets that are listed below and discussed in
sections 5.1.1t0 5.1.5.

Temperature profile
Pressure profile
Space velocity profile

Syngas composition profile, and

o > v D oE

Catalyst loading (mass) profile.

5.1.1 Temperature Profile

As discussed previously in section 2.5.1, temperature is one of the most important variables in FT
processing due to the highly exothermic nature of the FT reaction, and has a profound influence on
the product distribution and product yields (section 2.2.2). The reactor temperature, therefore,
needs to be carefully controlled and maintained within a constant range in order to avoid
temperature runaways that have been reported to lead to the predominant formation of CH, and
rapid catalyst deactivation [43]. In addition, the selection of an appropriate reactor temperature is

necessary for determining the conditions that target high CO conversion and liquid hydrocarbon
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product yields (as well as desirable product distributions or selectivities). Therefore, the appropriate
reactor temperature (or temperature range) must be experimentally determined. Hence, the first set
of tests includes three experiments and is designed to study the influence of the reactor
temperature. In the 20cm® reactor system at Aston, the reactor temperature is measured as the
catalyst bed temperature (using the catalyst bed thermocouple which was illustrated in Figure 3.4 in
section 3.4). Cobalt catalysts are commonly used in low temperature FT (LTFT) processes in the
range of 200-250°C (section 2.4.2). Temperatures above this range have been documented to
significantly decrease the yield of Cs. hydrocarbons and maximize the formation of CH, and C,-C4
hydrocarbon gases [60]. As the selected catalyst is cobalt-based the above operating range is
suitable for its operation and has, therefore, been selected for this set of tests.

Three values for reactor temperature are arbitrarily selected covering the range of 200-250°C in
order to examine the relationships for the influence of this parameter on CO conversion, product
distribution, product yields, liquid product composition and the catalyst stability during the FT
synthesis runs. The three reactor temperatures studied are 210, 230 and 250°C. From these three
reactor temperatures, the preferred value is identified and selected for use in the remaining
parameter profiling test sets. The criteria for determining the preferred conditions for operation on
the 20cm® fixed-bed reactor at Aston are discussed in section 5.2. The other reaction conditions in
this test set are kept constant at the following values: (10 bar, H,/CO = 2.0, WHSV = 8.8 h™, and
Meat = 0.50).

5.1.2 Pressure Profile

The reactor pressure can have a significant influence on the process costs and can also have a
considerable effect on the product distribution and product yields (as previously discussed in
section 2.5.2). Therefore, the reactor pressure can be used to direct FT synthesis towards obtaining
a narrower distribution of products or maximizing liquid hydrocarbon yields. The second set of
tests, therefore, includes four experiments which examine the influence of low reactor pressures in
the range of 2-10 bar; pressures that are much lower than the 20-40 bar typically implemented in
conventional FT processing (section 2.5.2). As discussed previously in the review of studies that
have investigated the influence of reaction conditions on FT product distribution in section 2.6,
work performed at these lower pressures is not as common. However, the influence of these milder
conditions on the FT synthesis process is of interest as, industrially, both capital and operating

costs increase as the operating pressure is increased (section 2.5.2).

Four values for reactor pressure are arbitrarily selected covering the range of 2-10 bar in order to
examine the relationships for the influence of this parameter on CO conversion, product
distribution, product yields, liquid product composition and the catalyst stability during the FT
synthesis runs. The four selected values for reactor pressure investigated are 2, 5, 8 and 10 bar.

From these four values the preferred value is identified and selected for use in the remaining
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parameter profiling test sets. The criteria for determining the preferred conditions for operation on
the 20cm® fixed-bed reactor at Aston are discussed in section 5.2. The other reaction conditions in
this test set are kept constant at the following values: (230°C, H,/CO = 2.0, WHSV = 8.8 h, and
Meat = 0.50).

5.1.3 Space Velocity Profile

The concept of space velocity was defined and discussed previously in section 2.5.3. As it is the
ratio of the feed gas flow rate to the reactor volume or size, it can be used for rating the size of the
reactor. The implications of varying the syngas space velocity in a commercial FT application is of
interest, as the relationship of space velocity to the size of the FT reactor vessel is inversely
proportional, i.e. the higher the space velocity, the smaller the reactor vessel required and the lower
the capital cost of the FT processing plant. As low FT reactor operating pressures are also
investigated in this work, this would mean that larger FT reactor vessels are necessary to handle the
larger gas volumes. Potentially, therefore, an economic balance, in terms of reactor size, could be

achieved between having higher space velocities and lower reactor operating pressures.

The third set of tests includes three experiments which investigate the effect of syngas space
velocity on CO conversion, product distribution, product yields, liquid product composition and the
catalyst stability during the FT synthesis run. Three values for weight hourly space velocity
(WHSV) are selected covering the range of 8.8-11.5 h™, including 8.8, 10.5 and 11.5 h™. The
reason for selecting 8.8 h™ as the lowest value is due to the equipment limitation related to the
minimum possible flow rate of nitrogen that was explained in section 3.4.3. Ideally, however,
lower space velocities would have been preferred in order to maximize CO conversion. The other
two higher values are arbitrarily selected. From these three values for space velocity, the preferred
value is identified and selected for use in the remaining parameter profiling test sets. The criteria
for determining the preferred conditions for operation on the 20cm® fixed-bed reactor at Aston are
discussed in section 5.2. The other reaction conditions in this test set are kept constant at the
following values: (230°C, 10 bar, H,/CO = 2.0, and m¢; = 0.50).

5.1.4 H,/CO Molar Ratio Profile

The fourth set of tests includes three experiments that investigate the effect of the H,/CO molar
ratio in the feed syngas (section 2.5.4). As discussed previously in section 2.4.2, H,/CO molar
ratios in the feed syngas of 2.0 are most commonly used with cobalt-based catalysts in commercial
FT applications. However, the H,/CO molar ratios in syngas produced from the gasification of
biomass are significantly lower than 2.0 (typically in the range of 0.5-1.8 [47]), and therefore
require conditioning in a shift reactor to increase this ratio (section 2.7.3.2). As discussed
previously in section 2.5.4, if lower H,/CO molar ratios than 2.0 could be used in the FT reactor
using cobalt-based catalysts, then the conditioning requirements could be reduced leading to

potential savings in the process.
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Three values for the H,/CO molar ratio in the feed syngas are arbitrarily selected covering the
range of 1.6-2.0 in order to examine the relationships for the influence of this parameter on CO
conversion, product distribution, product yields, liquid product composition and the catalyst
stability during the FT synthesis run. The three H,/CO molar ratios studied are 1.6, 1.8, and 2.0.
From these three values for H,/CO molar ratios, the preferred value is identified and selected for
use in the next parameter profiling test set. The criteria for determining the preferred conditions for
operation on the 20cm® fixed-bed reactor at Aston are discussed in section 5.2. The other reaction
conditions in this test set are kept constant at the following values: (230°C, 10 bar, WHSV = 8.8h™,
and mg; = 0.5¢).

5.1.5 Catalyst Loading Profile

The fifth and final test set includes two experiments that examine the influence of catalyst loading
(or mass). The two catalyst loading values studied are 0.5 and 2.0g. The reason for the selection of
0.5¢g as the lower value is related to the amount of catalyst that is available (discussed previously in
section 3.1.1). A higher catalyst loading of 2.0g is used in this test set as a ‘proof of principles’ in
order to ensure that the Co/Al,O; catalyst is capable of achieving higher CO conversions and
producing higher liquid hydrocarbon yields. The results from this test set are also used in
calculating the mass and energy balances over the FT reactor. The preferred value is identified and
selected to complete the total picture of a set of reaction conditions giving the preferred Co/Al,O;
catalyst performance on the 20cm? reactor, in line with the main project aims that were outlined in
section 1.3. The criteria for determining the preferred conditions for operation on the 20cm? fixed-
bed reactor at Aston are discussed in section 5.2. The other reaction conditions in this test set are
kept constant at the following values: (230°C, 10 bar, WHSV = 8.8 h*, and H,/CO = 2.0).

5.1.6 Experiment Outline and Summary

The experiment procedure (including the reactor packing method, catalyst activation, FT synthesis
test runs, and product sampling and analysis) was previously outlined in section 3.7. In summary,
the catalyst is activated prior to the FT synthesis reaction under the following conditions: drying for
one hour in N, at atmospheric pressure, followed by 11 hours reduction at atmospheric pressure in
pure hydrogen at 350°C, with a heating rate of 1°C/min. The reactor is then cooled to 180°C and the
FT reaction is then initiated using the conditions for each of the 12 experiments making up the five
test sets, summarized in Table 5.1 below. The results obtained are presented and discussed in
section 5.3. The total reaction duration for each FT synthesis experiment is 48 hours due to the
limitations relating to the pneumatic air supply and department access schedule discussed
previously in section 3.4.3.2. The effluent gas compositions are analyzed online before the
beginning of the reaction, and at hourly intervals after the initiation of the FT synthesis reaction as
previously described in section 3.7.4, where the offline analysis of the liquid products was also
detailed. The nitrogen molar composition in the syngas (internal standard for GC analysis) used in

all the experiments is 10 mol% due to the equipment limitations related to the minimum possible
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delivery rate of nitrogen that were explained in section 3.4.3.1. The mass of the Co/Al,O; catalyst
used is kept constant (0.5g) in the first four parameter profile tests for the reasons relating to
catalyst availability that were explained previously in section 3.1.1. This amount is increased to
2.0g in the last parameter profile test set for the reasons explained previously in section 5.1.5.

Table 5.1 — Parameter study tests: Summary of reaction conditions used in the 20cm? reactor

Catalyst | Reactor | Reactor

Parameter Study Exp. No. Loading | Temp. | Pressure

WHSV | H,/CO

Test Set @ C) (bar) (h™) Ratio
L FT4 0.5 210 10 8.8 2.0
Temperature FT7 0.5 230 10 8.8 2.0
Profile FT8 0.5 250 10 8.8 2.0
FT9 0.5 230 2 8.8 2.0
5 FT10 0.5 230 5 8.8 2.0
Pressure FT11 0.5 230 8 8.8 2.0
Profile FT11 (REP.) 0.5 230 8 8.8 2.0
FT7 0.5 230 10 8.8 2.0
3 FT7 0.5 230 10 8.8 2.0
Space Velocity FT12 0.5 230 10 10.5 2.0
Profile FT13 0.5 230 10 115 2.0
" FT14 0.5 230 10 8.8 1.6
H,/CO Molar Ratio FT15 0.5 230 10 8.8 1.8
Profile FT7 0.5 230 10 8.8 2.0
5. FT7 0.5 230 10 8.8 2.0

Catalyst Loading

Profile FT16 2.0 230 10 8.8 2.0

5.2 Performance Criteria for Selection of Preferred Conditions

The preferred set of conditions on the 20cm® reactor at Aston would ideally represent a
compromise between the results of the selected performance criteria. This would include a balance
between high reactant (CO) conversions and stability in catalyst activity (CO conversion) with time
on stream, low selectivities and yields of CO,, CH, and C,-Cs hydrocarbon products, high Ce.
product selectivity, high yields of liquid hydrocarbons, and finally, a liquid hydrocarbon
composition weighted towards diesel grade products. Hence, the performance of the selected
Co/Al,O5 catalyst is assessed in terms of five main criteria which include CO conversion, product
selectivity, product yields, liquid hydrocarbon product composition and the stability of the catalyst.

These criteria are discussed in sections 5.2.1 to 5.2.4 below.
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5.2.1 CO Conversion and Product Selectivity Criteria

High reactant or CO conversions are desired in FT synthesis, as in most chemical processes.
However, the desired products are liquid hydrocarbon fuels and therefore high Ce. hydrocarbon
product selectivities are desired, as opposed to high selectivities of CO,, CH,4 and light hydrocarbon
gases (C,-Cs). This is because a high Ce. hydrocarbon product selectivity usually corresponds to a
final product containing a high proportion of Cs. liquid hydrocarbon products. This normally
implies maximum liquid hydrocarbon fuel production and therefore minimizes the commercial
requirement for FT reactor off-gas steam reforming and recycling (discussed previously in section
2.7.5.1), which would bring added processing costs. The resulting product distribution from each
experiment run in the present study is represented by the individual (or group) selectivities (as
described previously in section 3.5.2). The CO conversion is calculated using Equations 4.4 and 4.5
in section 4.5.2. The product selectivities are calculated using Equations 3.3 to 3.6 that were
presented in section 3.5.2.4. The results obtained from each parameter test set for the CO
conversion and the product selectivities are compared to the results of similar studies using cobalt-

based catalysts in the available literature, which were reviewed in section 2.6.2.

5.2.2 Product Yields Criterion

As discussed previously in section 2.6, product yields are very rarely reported in FT synthesis
research publications. No research studies investigating the influence of reaction conditions on the
product distribution using cobalt-based catalysts have been found that provide data on FT product
yields. Instead, product selectivities are usually presented. As previously discussed in section 2.3,
product selectivity provides information on the distribution of products from a molar composition
perspective and gives an overall picture of the type of products the catalyst is inclined to form. This
does not represent the actual amounts of products obtained, the knowledge of which is industrially
important. High liquid hydrocarbon yields maximize the viability of the process if liquid fuels are
being targeted, whereas gas products are usually undesirable. Once again, this is because of the
lower requirements for FT reactor off-gas steam reforming and recycling that would be implied, as
discussed previously in section 2.7.5.1. The ratio of the yields of these FT products (liquid/gas) can
therefore be useful in differentiating between the various processing conditions examined to reveal
the preferred set of values; the higher this ratio, the higher the relative proportion of liquids to gases
in the product and, therefore, the lower the requirement for FT reactor off-gas reforming and
recycling. These ratios are also reported in the present study. The methods used for calculating the

product yields were outlined in section 3.7.4.2.

5.2.3 Liquid Hydrocarbon Product Composition Criterion

In addition to the yield of liquid hydrocarbon products, knowledge of their composition is required.
Synthetic FT diesel is a very high quality fuel (section 2.7.5) in terms of its combustion properties
and from an environmental perspective, as it has been reported to produce less emissions [42].

Naphtha grade products in the mixture are reported to lower the quality of the diesel, and would
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normally require significant upgrading to gasoline-grade products if they are to be used in gasoline
engines [42]. Tthis would imply additional process stages which are accompanied by extra process
complexity and costs. Targeted product control, such as maximizing diesel yields, can be more
easily achieved by hydro-cracking the wax products (C,.) into diesel grade products, and therefore
a higher wax content would be preferred over that of naphtha grade products in the fuel mixture (as
carried out by Shell [135, 137]). However, in a decentralized FT process scheme, maximum yields
of straight-run diesel and minimum yields of wax products would potentially be more desirable
from a logistical perspective. Therefore, a final synthetic crude liquid product with a high diesel
fuel (Cy1-Cig) composition, containing minimum amounts of naphtha and wax (Ci.) grade

products, is preferred.

5.2.4 Catalyst Stability Criterion

The catalyst stability (measured in terms of CO conversion versus time on stream) reflects on its
activity and provides information on its effectiveness in the synthesis process, as well as how
quickly or slowly it deactivates. Industrially, FT catalysts require periodical regeneration or
replacement which results in the loss of production and profits, as well as added maintenance and
other costs. Hence, a high and steady catalyst activity over sustained periods of time is also

desirable.

5.3 Results and Discussion

The results obtained from the FT synthesis parameter study summarized in Table 5.1 above, are
presented and discussed in sections 5.3.1 to 5.3.5 below. Each section contains the results from
each parameter profile test set described previously in section 5.1. Each parameter is discussed in
relation to its effect on the performance criteria discussed in sections 5.2.1 to 5.2.4 above and the
reactant conversion and product selectivity results are compared to similar studies in the available
literature. The reaction conditions implemented in these literature studies were previously
summarized in Table 2.4 in section 2.6.2. The influence of the parameters studied on the above

performance criteria are then compared in section 5.3.6.
5.3.1 Influence of Reactor Temperature

5.3.1.1 CO Conversion

The results obtained in the present study for the effect of reactor temperature on CO conversion (at
10 bar, H,/CO = 2.0, WHSV = 8.8 h}, and m; = 0.5g) are compared to the results of similar
studies using cobalt-based catalysts (reviewed previously in section 2.6.2 and summarized in Table
2.4) that have investigated the influence of temperature on CO conversion in Figure 5.1 below.
These include studies by de la Osa et al. [89] and Woo et al. [115] (both working with Co/Al,O4
catalysts at higher pressures > 20 bar), as well as Mohanty et al. [91] (working above 28 bar, but
with a CuO-CoO/Cr,03 catalyst combined with MFI Zeolite), and Xu et al. [83] (who used a

125



pressure of 10 bar and a Pt/ZrO, modified Co/Al,O; catalyst, but at a significantly lower space
velocity than the one used in the present study). As discussed previously in section 2.6, studies
using cobalt-based catalysts that have specifically addressed the influence of low operating
pressures (< 20 bar) on FT product distribution, and catalyst activity are very limited. Therefore,
although different reaction conditions were implemented in these other studies, including higher
reactor pressures (by de la Osa et al., Woo et al. and Mohanty et al.) than the reactor pressure used
in the present study, and lower space velocities (by all), these are the only studies that have been
found for comparison of results.

o X Present Study
© 80 -
£ B Xuetal. [83]
S 60 -
3 = R de la Osa et al. [89]
g 40 °
S ° X ® Wooetal. [115]
O 209 %
8 % Mohanty et al. [91]
0 T T .
200 220 240 260

Reactor Temperature (°C)

Figure 5.1 — Influence of reactor temperature on CO conversion in the present study
(at 10 bar, H,/CO = 2.0, WHSV = 8.8 h!, and m.,; = 0.5g) in comparison to similar studies by
Xu et al. [83], de la Osa et al. [89], Woo et al. [115], and Mohanty et al. [91]
In all work reported CO conversion increases with increasing reactor temperature in an almost
linear fashion. The trend observed in the present study is comparable to the other trends shown in
Figure 5.1 above (apart from Xu et al.), but the absolute figures are not. The lower CO conversions
achieved in the present study may be due to the limitations of the 20cm® reactor system at Aston
relating to the minimum possible space velocity, the amount of catalyst available and reactor
temperature control that were explained previously in section 3.4.3. Hence, in order to carry out all
the planned tests, each experiment was limited to using 0.5g of the Co/Al,Oz catalyst and high
space velocities (~17 Lg.*h™). In contrast, larger amounts of catalyst (ranging from 1.0-5.0g), and
much lower space velocities (as low as 0.5 Lge'h™ by Xu et al.) were used in the studies
compared in Figure 5.1 above. The low value for space velocity used by Xu et al. may justify the
much higher CO conversion figures they report with increasing reactor temperature, as lower space
velocities imply longer residence times (section 2.5.3). Higher conversions could not be achieved
in the present study by increasing the catalyst loading used in the reactor, or by decreasing the
space velocity (Equation 3.1 in section 3.4.3.1). The higher range of space velocities used in the
present study in comparison to other studies that have investigated the influence of space velocity

on FT product distribution and CO conversion are discussed in section 5.3.3.
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5.3.1.2 CO; Selectivity

CO, formation is attributed to the WGS reaction (Equation 2.2 section 2.2), an equilibrium
reaction, the extent of which depends on CO conversion, which in turn, increases with rising
reactor temperature. The results obtained for the effect of reactor temperature on CO; selectivity (at
10 bar, H,/CO = 2.0, WHSV = 8.8 h*, and m¢, = 0.5g) are presented in Figure 5.2 below. From the
studies investigating the influence of reaction conditions on FT product distribution that were
reviewed in section 2.6.2 and summarized in Table 2.4, only a few report on the effect of reactor
temperature on CO, selectivity. The results of these studies are also presented in Figure 5.2 below,
for comparison.
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Figure 5.2 — Influence of reactor temperature on CO; selectivity in the present study (at 10
bar, H,/CO = 2.0, WHSV = 8.8 h!, and m.y = 0.5g) in comparison to similar studies by Xu et
al. [83] and Das et al. [111]

The results from the present study show that CO, selectivity is greatly dependent on reactor
temperature and decreases sharply as the reactor temperature is increased. The opposite trend,
however, is reported by both Xu et al. [83] and Das et al. [111], as shown in Figure 5.2 above. The
different reaction conditions and catalyst formulations implemented in these studies, including a
higher reactor pressure (20 bar) by Das et al., a different catalyst by Xu et al. (Pt/ZrO, modified
Col/Al,O5 catalyst), as well as significantly lower space velocities by both studies (0.5 and 2 Lgca
'h™ by Xu et al. and Das et al., respectively) may be contributing factors to these opposing trends.
Above 220°C, the results from the present study are in more general agreement with those reported
by Xu et al. and Das et al., however, below 220°C the results disagree considerably. As previously
discussed in section 3.5.2.4, product selectivity represents the molar composition of the products
formed. In particular, the CO, selectivity represents the proportion of the carbon atoms in the CO
ending up as CO, in the final product. CO, is always produced during FT synthesis (EQ 2.2 in
section 2.2), hence, at the low CO conversions observed at 210°C (as previously discussed in
section 5.3.1.1) the high CO, selectivity shown in Figure 5.2 above, does not necessarily represent

a high yield of CO, but, rather, reflects on the poor hydrocarbon product formation achieved at the

127



specific reaction conditions implemented for experiment FT4 (Table 5.1 in section 5.1.6) at 210°C.
This is also later verified in section 5.3.1.5 where the CO, yields obtained at all temperatures
investigated were found to be similar. This potentially justifies the differences in results shown in
Figure 5.2 above, as at the reaction conditions implemented in the studies by Xu et al. and Das et
al. significantly higher CO conversions were reported below 220°C (Figure 5.1). Further
investigation into the influence of reactor temperature on CO, selectivity, including repetition of
the FT synthesis run at 210°C, however would be recommended for future work for clarification of
results. What can be drawn from the results of the present study, however, is that under the reaction
conditions implemented in the 20cm? reactor, operation at higher reactor temperatures (in the range
of 200-250°C) is preferred as the CO, selectivity is lower. As CO; is an inert gas, a lower
concentration of CO, in the product would require less FT reactor off-gas conditioning (i.e. CO;
removal discussed in section 2.7.3.2) and, in addition, imply higher yields of once-through liquid
hydrocarbon products.

5.3.1.3 CH, and C,-Cs Selectivity

The results obtained for the effect of reactor temperature on CH, and C,-Cs hydrocarbon
selectivities (at 10 bar, H,/CO = 2.0, WHSV = 8.8 h%, and m¢, = 0.5g) are presented in Figure 5.3,
and Figure 5.4 below, respectively. The results from similar studies using cobalt-based catalysts
(reviewed previously in section 2.6.2 and summarized in Table 2.4) that have investigated the
influence of reactor temperature on CH,4 and C,-Cs selectivities are also presented in these figures
for comparison. In all the studies reported, both CH,4 and light hydrocarbon (C,-Cs) selectivities are
found to increase with increasing reactor temperature. The reasons for this relate to the increased
rate of chain termination reactions (section 2.2.1) as the temperature rises, where the -CH,-
monomers are hydrogenated to CH, as discussed previously in section 2.5.1. A much less marked

effect is observed with light hydrocarbon (C,-Cs) selectivity.
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Figure 5.3 — Influence of reactor temperature on CH, selectivity in the present study (at 10
bar, H,/CO = 2.0, WHSV = 8.8 h*, and m.y = 0.5g) in comparison to similar studies by Xu et
al. [83], Woo et al. [115], and Das et al. [111]
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Figure 5.4 — Influence of reactor temperature on C,-Cs selectivity in the present study (at 10
bar, H,/CO = 2.0, WHSV = 8.8 h!, and m., = 0.5g) in comparison to similar studies by Woo
et al. [115], de la Osa et al. [89]

The trend observed for CH, selectivity in the present study is comparable to the trends by Woo et
al and Das et al., as shown in Figure 5.3 above, but not with Xu et al., who reported higher figures
for CH, selectivity with increasing reactor temperature. The difference in these results may also be
due to the lower space velocities employed by Xu et al. than those used in the present study, as
discussed in section 5.3.1.1 above. The trend for C,-Cs hydrocarbon selectivity observed in the
present study is most comparable to that reported by de la Osa et al. [89], although absolute figures
are not, whereas higher figures were reported by Woo et al. [115], as shown in Figure 5.4 above
(the influence of reactor temperature on the selectivity of C,-Cs hydrocarbons was not reported by
Xu et al.). This may indicate that under the reaction conditions implemented in the 20cm? reactor in
the present study, the selectivity of the Co/Al,O; catalyst towards the formation of light

hydrocarbon gases is low and not significantly affected by reactor temperature.

5.3.1.4 Cg. Selectivity

The results obtained for the effect of reactor temperature on Cg. hydrocarbon selectivity (at 10 bar,
H,/CO = 2.0, WHSV = 8.8 h™, and m¢, = 0.5g) are presented in Figure 5.5 below. The results from
similar studies using cobalt-based catalysts (reviewed previously in section 2.6.2 and summarized
in Table 2.4) that have investigated the influence of reactor temperature on the selectivity of Cs.

hydrocarbons are also presented in Figure 5.5 for comparison.
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Figure 5.5 — Influence of reactor temperature on Cs. selectivity in the present study (at 10
bar, H,/CO = 2.0, WHSV = 8.8 h!, and m., = 0.5g) in comparison to similar studies by Xu et
al. [83], de la Osa et al. [89] and Woo et al. [115]

In the present study, Ce. hydrocarbon selectivity increases significantly with increasing reactor
temperature. As shown in Figure 5.5 above, the opposite trends (and higher figures) are reported by
Woo et al. [115] and Xu et al. [83]. Higher figures are also reported by de la Osa et al. who, in
contrast to the other two studies, report that Cq. selectivity is not significantly affected by variation
in reactor temperature in the range of 210-250°C. The different reaction conditions and catalyst
formulations implemented in these three studies (as discussed previously in section 5.3.1.1) may be

contributing factors to these opposing trends.

Similar to the discussion made previously in section 5.3.1.2, the results from the present study
above 220°C are in more general agreement with those reported by Xu et al. and de la Osa et al.,
and Woo et al., whereas below 220°C there is considerable disagreement. The Cg. selectivity
represents the proportion of the carbon atoms in the CO ending up as Ce. or liquid hydrocarbons in
the final product. Hence, at the low CO conversions observed at 210°C (as previously discussed in
section 5.3.1.1), the low Cs. hydrocarbon product selectivity shown in Figure 5.5 above, does not
necessarily represent a low yield of Ce. hydrocarbon products but, rather, reflects on the poor
hydrocarbon product formation achieved at the specific reaction conditions implemented for
experiment FT4 (Table 5.1 in section 5.1.6). This potentially justifies the differences in results
shown in Figure 5.5 above, as at the reaction conditions implemented in the studies by Xu et al. de
la Osa et al. and Woo et al. higher CO conversions were reported below 220°C (Figure 5.1). Once
again, further investigation into the influence of reactor temperature on Cg. hydrocarbon selectivity,
including repetition of the FT synthesis run at 210°C, however would be recommended for future
work for clarification of results. What can be drawn from the results of the present study, however,
is that under the reaction conditions implemented in the 20cm? reactor using the Co/Al,O3 catalyst,
operation at higher reactor temperatures (>220°C) is preferred as Cs. hydrocarbon selectivity is

higher, which usually implies higher yields of once-through liquid hydrocarbon products.
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5.3.1.5 Product Yields

The product yields are calculated as described previously in section 3.7.4.2. The unreacted syngas
is calculated by difference. The product yields obtained in this parameter test set (Table 5.1 in
section 5.1.6) reflect the trends observed in sections 5.3.1.2 to 5.3.1.4 above, for product selectivity
with increasing reactor temperature. These results are presented in Table 5.2 below. As discussed
previously in section 5.2.2, product yields are very rarely reported in FT synthesis research
publications, and no research studies (investigating the influence of reaction conditions on the
product distribution using cobalt-based catalysts) that provide data on FT product yields have been
found for comparison to the yields found in the present study.

Table 5.2 — Influence of reactor temperature on FT gas and liquid product yields
(at 10 bar, H,/CO = 2.0, WHSV = 8.8 h™ and m.4 = 0.50)

Product Yields (wt.%) Oxyg. Unreacted
Test Temp. FPo In water Syn
es C) | co, | CH, C.C Liquid H/C’s | Water ate yngas
2 4| s + Waxes +Oxyg. | (Wt.%) (wt.%0)
FT4 210 7.0 0.2 0.1 0.2 1.3 3.8 91.2
FT7 230 7.5 1.2 0.3 2.2 3.6 3.7 85.2
FT8 250 6.1 2.6 1.6 2.3 7.8 2.5 79.6

The yields of CH, and light hydrocarbons (C,-Cs) increase with reactor temperature as expected
(section 2.2.1). The yield of CO, peaks at 230°C, and then drops again as the reactor temperature is
raised to 250°C. The yield of water (containing soluble oxygenated compounds) more than doubles
for every 20°C increase in reactor temperature, indicating that the WGS reaction (Equation 2.2
section 2.2), through which water is produced, is significantly influenced by variation in reactor
temperature. The variation of the soluble oxygenate concentration in the aqueous phase with
increasing reactor temperature is minimal, indicating that the formation of oxygenated compounds
is not significantly influenced by reactor temperature. The yield of liquid hydrocarbons and waxes
(Ce+ products) is negligible at 210°C, whereas similar yields are obtained at 230 and 250°C. This
shows that under the reaction conditions used with the Co/Al,Os catalyst in the 20cm? reactor in the
present study, increasing the reactor temperature above 230°C does not have a significant influence
on liquid hydrocarbon formation. In contrast, the formation of water is significantly influenced by
increasing the reactor temperature, indicating that increasing temperature in the range of 210-250°C
favours the reverse WGS reaction (CO, hydrogenation producing water) which was discussed in
section 2.2.

Figure 5.6 below, illustrates the influence of reactor temperature on the ratio of liquid products to
gas products (excluding unreacted syngas). As shown in this figure, the highest total liquid
products to gas products ratio (~1.0) is obtained at 250°C. Similar ratios are obtained, however, for

the liquid hydrocarbon to gas products at both 230 and 250°C. Hence, although higher Cg.
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selectivities are obtained at 250°C (as discussed previously in section 5.3.1.4), which could imply
higher yields of liquid hydrocarbon products, this is not the case as shown in Figure 5.6 below.
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Figure 5.6 — Influence of reactor temperature on the ratio of liquid products to product gases
(at 10 bar, H,/CO = 2.0, WHSV = 8.8 h!, and m., = 0.50)

5.3.1.6  Energy Content and Composition of Liquid Hydrocarbon Products

Figure 5.7 below, shows a photograph of the liquid products collected from the GLS chamber(s) in
the 20cm? reactor system (Figure 3.4 in section 3.4) at the end of the FT synthesis experiment run
FT7 at 230°C (Table 5.1 in section 5.1.6). This photograph is representative of most of the liquid
products collected from all the parameter study experiments (tests FT4-FT16, listed in Table 5.1 in
section 5.1.6). These liquid products consisted of a clear aqueous phase (water plus soluble
oxygenates) and an immiscible oil phase (liquid hydrocarbons) which sometimes contained small
amounts of visible solid waxes. After collection, these phases were analyzed according to the

methods previously discussed in sections 3.5.3.1 and 3.7.4.2.

Oil phase
(liquid & wax
hydrocarbons)

Aqueous phase
(water &
oxygenates)

Figure 5.7 — FT liquid products collected at the end of experiment FT7
(at 230°C, 10 bar, WHSV = 8.8 h!, H,/CO = 2.0, and mc, = 0.5g)
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The calorific values of the liquid hydrocarbon samples collected from experiment runs FT4, FT7
and FT8 (Table 5.1 in section 5.1.6) are calculated using the method outlined in section 3.5.3.3, and
are given in Table 5.3 below. Although very slight increases in calorific value are observed with
increasing reactor temperature, these results show that the energy content of the liquid
hydrocarbons is not significantly influenced by variation in reactor temperature.

Table 5.3 — Influence of reactor temperature on the energy content of liquid hydrocarbon
products (at 10 bar, Hy/CO = 2.0, WHSV = 8.8 h!, and mc, = 0.5g)

Test | T (°C) Content (%) HHV (MJ/kg)
C H N | O

FT4 | 210 | 84.09 | 1512 | 0.10 | 0.69 47.10

FT7 | 230 | 84.21 | 1520 0.10 | 0.49 47.26

FT8 | 250 | 84.35 | 1524 | 0.10 | 0.31 47.36

The GC-MS chromatograms obtained from the analysis of the liquid hydrocarbons obtained at the
three reactor temperatures investigated (210, 230, and 250°C) in tests FT4, FT7 and FT8 are shown
in Figure 5.8, Figure 5.9, and Figure 5.10 below, respectively.
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Figure 5.8 — GC-MS chromatogram of liquid hydrocarbons collected from temperature
profile test FT4 at 210°C
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Figure 5.9 — GC-MS chromatogram of liquid hydrocarbons collected from temperature
profile test FT7 at 230°C
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Figure 5.10 — GC-MS chromatogram of liquid hydrocarbons collected from temperature
profile test FT8 at 250°C

The relative fuel compositions of the liquid hydrocarbons collected are calculated from the
chromatograms in the figures above, using the method outlined previously in section 3.5.3. The

results are illustrated in Figure 5.11 below.
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Figure 5.11 — Influence of reactor temperature on liquid hydrocarbon product composition
(at 10 bar, H,/CO = 2.0, WHSV = 8.8 h!, and m.y = 0.50)

These results show that the liquid hydrocarbon product composition is significantly influenced by
the reactor temperature. As discussed previously in section 2.5.1, higher temperatures have been
shown to favour the formation of shorter-chain carbon products [20]. This is mainly reflected in the
naphtha (C;-C,0) composition that noticeably increases as the reactor temperature rises, as well as
the wax (Ciq+) composition which varies slightly from 210 to 230°C but then sharply decreases by
almost half at 250°C. This difference is also visibly evident in the liquids obtained, as the
immiscible oil phases collected at 210 and 230°C have a yellow tint due to the suspension of small
amounts of tiny wax particles (Figure 5.7 above), whereas the oil phase collected at 250°C does not

appear to have suspended solid waxes and, as a result, has a more transparent appearance.

From the point of view that maximum diesel contents are desired in the liquid hydrocarbon fuel (as
discussed previously in section 5.2.3), it would appear that 210°C is the most favourable reactor
temperature giving the highest diesel composition of 62%. However, the results discussed in the
previous sections show the lowest CO conversion, Ce. hydrocarbon product selectivity and liquid
hydrocarbon product yields at this reactor temperature. Hence, under the reaction conditions
implemented in the 20cm? reactor in the present study, using the Co/Al,Os catalyst, the preferred
diesel composition is observed at 230°C. This is because at 250°C the naphtha content is

significantly higher, and conversely, the wax content is much lower than at 230°C.

5.3.1.7 Catalyst Stability

The influence of reactor temperature on the stability of the Co/Al,O; catalyst (CO conversion
versus time on stream) during the synthesis experiments (FT4, FT7 and FT8 in Table 5.1 in section
5.1.6) is compared in Figure 5.12 below.
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Figure 5.12 — Influence of reactor temperature on catalyst stability: CO conversion versus
time on stream (at 10 bar, H,/CO = 2.0, WHSV = 8.8 ht, and mgy = 0.59)
As shown in Figure 5.12 above, a relative stability in activity is demonstrated by the Co/Al,O;
catalyst over the 48 hour period within the reactor temperature range studied. The initial ‘spikes’
observed at the beginning of the reactions at 230 and 250°C are due to the extreme exothermicity of
the FT synthesis reaction [156]. This firstly results in high initial activity because of the increased
reaction rate at higher temperatures, and then a sudden drop in activity due to catalyst surface
carburisation and/or wax deposition (deactivation mechanisms discussed previously in section
2.4.3). The activity then stabilizes at a lower conversion rate as the reaction progresses. No such
spikes are recorded at 210°C, suggesting that there is a much lower reaction rate at this reactor
temperature, and inconsistent activity is displayed by the catalyst as the reaction progresses further.
Both of these observations signify that a reactor temperature of 210°C is not adequate for achieving

favourable catalyst activity under the conditions implemented (Table 5.1 in section 5.1.6).

The results obtained at 250°C display the most favourable consistency for the first 26 hours of
reaction, after which point a temperature runaway occurred in the reactor during the experiment
run. As there is no water cooling mechanism surrounding the reactor (an equipment limitation
discussed previously in section 3.4.3.3), the temperature setting had to be significantly decreased in
order to bring the value back down to the desired reactor temperature of 250°C. Once this value
was reached in the reactor, the setting was restored to the original value of 250°C. This adjustment
is reflected in the irregular behaviour of the 250°C plot in Figure 5.12, where dramatic fluctuations
in CO conversion are recorded with time on stream. These eventually stabilize after 40 hours of

operation when the reactor temperature had cooled down to 250°C once again.

Overall, the observed CO conversions at different reactor temperatures in Figure 5.12 suggest a
decline in catalyst activity (or deactivation) with time on stream. This gradual deactivation is

evident at all the reactor temperatures studied, and can be attributed to mainly coke and/or wax
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deposition on the catalyst surface (section 2.4.3). To investigate the extent of these deactivation
mechanisms, TGA analyses of the catalyst samples are performed according to the method that was
outlined in section 3.6.4. The mass loss results obtained from these analyses are presented in Table
5.4 below. These results show that the extent of carbon and wax deposition is inversely
proportional to increasing reactor temperature. The mass loss due to these surface deposition
deactivation mechanisms shows a small decline from 210 to 230°C and then a steep decrease at
250°C. However, due to the temperature runaway that occurred during the run at 250°C, as
discussed above, these results may not be entirely representative of the catalyst resistance to the
deactivation mechanisms at this reactor temperature. SEM micrographs (at X764 magnification) of
the Co/Al,O; catalyst before and after reaction in runs FT4, FT7 and FT8 (Table 5.1 in section
5.1.6) are provided in APPENDIX B. Small differences can be seen in these micrographs, however,
the magnification strength used was not sufficient in order to allow for definite conclusions to be

drawn. Higher magnification strengths are therefore recommended for future investigation.

Table 5.4 — Influence of reactor temperature on the extent of carbon and wax deposition on
the catalyst surface (TGA results)

Catalyst Reactor Total Mass Dul\g?gsczorsbson
Sample Temperature Loss & Wax Doposition
Origin (°C) (Wt.% dry basis) wt O/F;)
Co/Al,O3 ) 47 ]

before reaction -
Test FT4 210 45.0 40.3
Test FT7 230 40.3 35.6
Test FT8 250 16.5 11.8

5.3.1.8 Reactor Temperature Selection for Further Experiments

Under the conditions used (Table 5.1 in section 5.1.6) in the 20cm?® reactor with the Co/Al,Os
catalyst in the present study, operation at 210°C is not recommended as this results in very low CO
conversion and poor Cg. hydrocarbon product selectivity, and therefore very low yields of liquid
hydrocarbon products (despite their favourable diesel composition). In addition, the catalyst
displayed an inconsistent activity (in terms of CO conversion with time on stream) at this reactor
temperature. Hence, the choice of the preferred reactor temperature remains between the values of
230 and 250°C.

As discussed previously in section 5.2.1, higher yields of liquid hydrocarbons and lower yields of
inert gases (requiring less FT reactor off-gas reforming and recycling) are desirable qualities from a
commercial perspective as process profitability is increased. Higher syngas conversions are
achieved at 250°C than at 230°C that result in a higher Cs. hydrocarbon product selectivity and a
higher ratio of total liquids to product gases formed. Also contributing to this higher ratio is the

observation that an increase in reactor temperature favours CO, hydrogenation (reverse WGS
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reaction) resulting in a lower CO, selectivity and yield at 250°C than at 230°C. However, at 250°C
more than double the yield of CH,4 and light hydrocarbon gases (C,-Cs) are obtained than at 230°C.
The yield of liquid hydrocarbons, however, is similar at both reactor temperatures, indicating that
increasing the reactor temperature above 230°C does not influence liquid hydrocarbon formation.
Hence, water comprises a greater proportion of the total liquids that are produced at 250°C (in
comparison to 230°C) where it is observed that more than double the yield of water is produced at
250°C than at 230°C (but contained less soluble oxygenates). The calorific values of the liquid
hydrocarbons collected at 230 and 250°C are similar, indicating that reactor temperature does not
have a significant influence on the energy content of the liquid hydrocarbons obtained. The
compositions of diesel and waxes in the liquid hydrocarbon product are lower at 250°C, whereas a
significantly higher composition of naphtha grade products is observed, making operation at 230°C

more favourable.

From the results displayed in Figure 5.12 above, a lower stability is seemingly observed in catalyst
activity with time on stream at 250°C. However, this is due to the equipment limitations relating to
temperature control (explained previously in section 3.4.3.3), which is an important consideration
in the selection of the appropriate operating temperature. Industrially, operation at 250°C would not
pose the same temperature control problems that were encountered on the 20cm® reactor in the
present study, as appropriate heat exchange systems (e.g. water cooling) would be employed. At a
research level, future work carried out on the 20cm?® reactor at Aston, using the same or other
catalysts, could incorporate the use of inert diluents in the catalyst bed (e.g. silica carbide) to aid in
achieving better isothermal control. From this test set and under the reaction conditions used with
the Co/Al,O3 catalyst in the present study, therefore, the preferred reactor temperature that is
selected for operation on the 20cm? fixed-bed reactor at Aston, and as the value to be used in the

remaining parameter profiling test sets, is 230°C.

5.3.2 Influence of Reactor Pressure

Section 5.3.1 resulted in identification of the preferred reactor temperature for subsequent tests.

5.3.2.1 CO Conversion

The results obtained in the present study for the effect of reactor pressure on CO conversion (at
230°C, H,/CO = 2.0, WHSV = 8.8 h, and m. = 0.5g) are presented in Figure 5.13 below. The
results from similar studies using cobalt-based catalysts (reviewed previously in section 2.6.2 and
summarized in Table 2.4) that have investigated the influence of reactor pressure on CO conversion
are also presented in Figure 5.13 for comparison. These include studies by Xu et al. [83] (using a
Pt/ZrO, modified Co/Al,O3 catalyst in the pressure range of 5-35 bar), Das et al. [89] (using a
Co/Al,O3 catalyst in the pressure range of 1-35 bar), Woo et al. [115] (also using a Co/Al,O3
catalyst, but in the pressure range of 10-30 bar), Zheng et al. [110] (using a Co/SiO, catalyst in the

pressure range of 2-20 bar), and Mohanty et al. [91] (using a cobalt-based catalyst in combination
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with a MFI zeolite in the higher pressure range of 28-38 bar). As discussed previously in section
2.6, studies using cobalt-based catalysts that have specifically addressed the influence of low
operating pressures (< 20 bar) on FT product distribution, and catalyst activity are very limited.
Therefore, although different reaction conditions were implemented in these other studies,
including lower space velocities and different catalyst compositions than those used in the present
study, these are the only studies that have been found for comparison of results.
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Figure 5.13 — Influence of reactor pressure on CO conversion in the present study
(at 230°C, H2/CO = 2.0, WHSV = 8.8 h-1, and mcat = 0.5g) in comparison to similar studies
by Xu et al. [83], Das et al. [89], Woo et al. [115], Zheng et al. [110], and Mohanty et al. [91].
(Arrow represents results of experiments repeated at 8 bar)

In all the studies reported CO conversion increases with increasing reactor pressure. This is
expected due to the contraction in volume that takes place as pressure rises, which has been
reported to increase the concentration and dissociation of CO molecules on the catalyst surface and
promote chain growth [43, 97]. The trend observed in the present study is comparable to the other
trends shown in Figure 5.13 above (apart from Zheng et al. and Mohanty et al.), but the absolute
figures are not. The lower conversions achieved in the present study may be due to the limitations
of the 20cm? reactor system at Aston relating to the minimum possible space velocity and the
amount of catalyst available that were explained previously in section 3.4.3. As discussed in
section 5.3.1.1 above, each experiment in this parameter test set (Table 5.1 in section 5.1.6) was
limited to using 0.5g of the Co/Al,O; catalyst and high space velocities (~17 Lges"h™), whereas
larger amounts of catalyst (ranging from 1.0-20.0g), and much lower space velocities (as low as
0.46 Lge'h™ by Mohanty et al.) were used in the studies compared in Figure 5.13 above. These
factors would contribute to the higher CO conversions reported in the other studies shown in Figure
5.13. In addition, the catalyst composition (including the type of support used) can significantly

influence the CO conversion and the product distribution, as previously discussed in section 2.4.2.
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These differences may explain the much higher CO conversion figures reported by Zheng et al. and
Mohanty et al., as shown in Figure 5.13 above. The results reported by Zheng et al., in particular,
suggest that relatively high CO conversions can be achieved at low reactor pressures (2-20 bar),
and could potentially, therefore, be feasible for application in BTL-FT operations. As shown in
Figure 5.13 above, however, much lower CO conversions than those reported by Zheng et al. are
reported by Xu et al., Das et al., and Woo et al., as well as the present study, which can imply
much lower product yields, and more specifically, lower liquid hydrocarbon yields. In contrast to
Zheng et al., therefore, the results of these four other studies indicate that operation at low reactor
pressures may not be industrially viable as the trade off in lower CO conversions and liquid
hydrocarbon product yields has to be carefully weighed against the potential cost savings resulting

from process operation at lower pressures (which is discussed later in section 5.4).

Similar results for CO conversion are obtained at 8 bar and 10 bar in the present study, as shown in
Figure 5.13 above. As lower CO conversions are expected with decreasing reactor pressure (section
2.5.1), the run at 8 bar was repeated in order to verify this outcome. This repeated run confirmed
the initial findings at 8 bar, as similar values for CO conversion were obtained. Furthermore, the
results of the repeated run suggest that the run at 10 bar also requires repetition, but this is not
possible due to the limitation related to the availability of the Co/Al,O3 catalyst in this project
(discussed previously in section 3.1.1). However, repetition of the run at 10 bar is a
recommendation for future work in order to clarify the influence of reactor pressure on CO
conversion at reactor pressures above 8 bar. Without repetition of the run at 10 bar, however, the
results of the present study (Figure 5.13 above) signify that reactor pressure does not have a
significant effect on CO conversion above 8 bar in the range studied. These results also show that
significantly lower CO conversions are achieved below 8 bar, with very poor CO conversions
observed at the lowest reactor pressure studied of 2 bar. This indicates that under the reaction
conditions implemented in the 20cm?® reactor in the present study using the Co/Al,O; catalyst,
operation at higher reactor pressures in the range investigated of 2-10 bar is preferred as higher CO
conversions are achieved, whereas operation at the lowest reactor pressure implemented of 2 bar is

not recommended.

5.3.2.2 CO, Selectivity

The results obtained for the effect of reactor pressure on CO, selectivity (at 230°C, H,/CO = 2.0,
WHSV = 8.8 h*, and mg = 0.5g) are presented in Figure 5.14 below. From the studies
investigating the influence of reaction conditions on FT product distribution (reviewed previously
in section 2.6.2 and summarized in Table 2.4), only a few report on the effect of reactor pressure on
CO, selectivity. The results of these studies are also presented in Figure 5.14 below, for

comparison.
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Figure 5.14 — Influence of reactor pressure on CO2 selectivity in the present study
(at 230°C, H2/CO = 2.0, WHSV = 8.8 h-1, and mcat = 0.5g) in comparison to similar studies
by Xu et al. [83], Sethuraman et al. [46], and Zheng et al. [110]. (Arrow represents results of
experiments repeated at 8 bar)
The results from the present study show that CO, selectivity decreases with increasing reactor
pressure. This trend is comparable to that reported by Sethuraman et al. [46] who used a different
catalyst (Co-Ni/ZrO,) and a higher space velocity (WHSV = 15 h™) than the one used in the present
study (WHSV = 8.8 h), suggesting that at higher values the space velocity has a much more
significant influence on CO, selectivity. As shown in Figure 5.14 above, different trends were
obtained by Xu et al. [83] and Zheng et al. [110], who reported that CO, selectivity is not
significantly influenced by variation in reactor pressure. Considerably lower space velocities were
implemented in these two studies, however, in comparison to the study by Sethuraman et al. and
the present study. These lower space velocities used imply higher reactor residence times, and
therefore, higher CO conversions, as well as lower CO; selectivities as hydrocarbon production is
more favoured (section 2.5.3). The higher range of space velocities used in the present study in
comparison to other studies that have investigated the influence of reaction conditions and, more
specifically, the influence of space velocity on FT product distribution and CO conversion are
discussed in section 5.3.3. The results of Sethuraman et al. and the present study suggest that
reactor pressure has a significant effect on CO, selectivity only at lower reactor pressures (< 11
bar). Hence, under the reaction conditions used with the Co/Al,Os catalyst in the 20cm? reactor in
the present study, operation at 10 bar is preferred as low CO, selectivities are desirable. As
discussed previously in section 5.2.1, lower CO, selectivities imply lower inert gas dilution in the
products and, therefore, a lower requirement for FT reactor off-gas conditioning and recycling, as

well as higher yields of once-through liquid hydrocarbon products.

5.3.2.3 CHj, and C,-Cs Selectivity
The results obtained for the effect of reactor pressure on CH, and C,-Cs hydrocarbon selectivities
(at 230°C, H,/CO = 2.0, WHSV = 8.8 h™, and me; = 0.5g) are presented in Figure 5.15 and Figure
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5.16 below, respectively. The results from similar studies using cobalt-based catalysts (reviewed

previously in section 2.6.2 and summarized in Table 2.4) that have investigated the influence of

reactor pressure on CH, and C,-Cs selectivities are also presented in these figures for comparison.
These include studies by Xu et al. [83] (using a Pt/ZrO, modified Co/Al,O; catalyst), Woo et al.
[115] (using a 20%Co/Al,O; catalyst, as opposed to the 10%Co/Al,O; catalyst used in the present

study) and Zheng et al. [110] (using a Co/SiO, catalyst), all working at much lower space velocities

than the one implemented in the present study.
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Figure 5.15 — Influence of reactor pressure on CH4 selectivity in the present study
(at 230°C, H2/CO = 2.0, WHSV = 8.8 h-1, and mcat = 0.5g) in comparison to similar studies
by Xu et al. [83], Woo et al. [115], and Zheng et al. [110]. (Arrow represents results of
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Figure 5.16 — Influence of reactor pressure on C2-C5 selectivity in the present study
(at 230°C, H2/CO = 2.0, WHSV = 8.8 h-1, and mcat = 0.5g) in comparison to similar studies
by Xu et al. [83], Woo et al. [115], and Zheng et al. [110]. (Arrow represents results of

experiments repeated at 8 bar)

As shown in Figure 5.15 and Figure 5.16 above, the trends for CH4; and C,-Cs hydrocarbon

selectivities found in the present study are very different to those reported by Xu et al., Woo et al.,
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and Zheng et al. The trends reported by Woo et al. (at reactor pressures above 10 bar) contradict
the other trends presented in Figure 5.15 and Figure 5.16 above, showing that both CH, and C,-Cs
hydrocarbon selectivities increase with increasing reactor pressure. A possible explanation for this
difference between the studies may be because of the higher cobalt metal loading in the catalyst
used by Woo et al. This corresponds to an increased number of active sites on the catalyst surface,
which has been found to favour the formation of low molecular weight hydrocarbon products and,
equally, decrease the production of heavier hydrocarbon molecules [170].

Although both Xu et al. and Zheng et al. also report that CH, and C,-Cs hydrocarbon selectivities
decrease with increasing reactor pressure, much sharper declines in both product selectivities are
observed in the present study as the reactor pressure is increased above 5 bar. In addition, higher
figures for CHy, selectivity and lower figures for C,-Cs hydrocarbons selectivity are observed in the
present study in comparison to the other studies shown in Figure 5.15 and Figure 5.16 above,
respectively. These differences may be due to the much higher space velocity that is implemented
in the present study in comparison to the other studies. These higher values for space velocity
would contribute to shorter residence times and lower reactant conversions, as well as lower chain
growth probability and, therefore, increased formation of low molecular weight hydrocarbon
products. In the present study, this can be seen in the higher CH, selectivities reported. In contrast,
the lower C,-Cs hydrocarbon product selectivities suggest, once again, that under the reaction
conditions implemented in the 20cm? reactor in the present study, the Co/Al,Oj catalyst used is not

particularly selective towards the formation of these light hydrocarbon products.

The declining trends in both product selectivities reported by Xu et al., Zheng et al. and in the
present study are expected due to the contraction in volume that occurs with increasing pressure,
which has been found to increase the concentration and dissociation of CO molecules on the
catalyst surface and promote chain growth [43, 97]. Hence, as the reactor pressure decreases, both
CH, and C,-Cs selectivities are expected to increase. However, the opposite trends are observed
below 5 bar in the present study. These may be explained by the very low catalyst activity that was
observed at the low reactor pressure of 2 bar (as discussed in section 5.3.2.1 above), resulting in the
limited formation of CH, and other hydrocarbon products. Figure 5.15 and Figure 5.16 also show
the mean values for CH, selectivity and C,-Cs selectivity, respectively, for the experiment that was
repeated at 8 bar (experiments FT11 and FT11 REP. in Table 5.1 in section 5.1.6). Despite the fact
that no other experiments were repeated, these results serve in demonstrating the repeatability of
the FT synthesis runs as very small deviation is observed. Overall, the results of the present study
indicate that under the reaction conditions implemented in the 20cm?® reactor using the Co/Al,Os
catalyst, operation at 10 bar is preferred. This is because lower CH,; and C,-Cs selectivities
generally imply higher liquid hydrocarbon yields, and therefore, a lower requirement for FT reactor

off-gas reforming and recycling (as discussed previously in section 5.2.1).
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5.3.24 Ce. Selectivity

The results obtained for the effect of reactor pressure on Ce. hydrocarbon selectivity (at 230°C,
H,/CO = 2.0, WHSV = 8.8 h%, and m.,; = 0.5g) are presented in Figure 5.17 below. The results
from similar studies using cobalt-based catalysts (reviewed previously in section 2.6.2 and
summarized in Table 2.4) that have investigated the influence of reactor pressure on the selectivity
of Ce. hydrocarbons are also presented in Figure 5.17 for comparison.
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Figure 5.17 — Influence of reactor pressure on C6+ selectivity in the present study
(at 230°C, H2/CO = 2.0, WHSV = 8.8 h-1, and mcat = 0.5g) in comparison to similar studies
by Xu et al. [83], Woo et al. [115], and Zheng et al. [110]. (Arrow represents results of
experiments repeated at 8 bar)
As shown in Figure 5.17 above, an increase in reactor pressure from 2 to 10 bar in the present study
results in higher Cq. hydrocarbon product selectivities. A negligible Cg. hydrocarbon selectivity is
observed at 2 bar, but as previously discussed in section 5.3.2.1, under the reaction conditions
implemented in the 20cm? reactor in the present study, the Co/Al,O; catalyst displayed a very low
activity at this reactor pressure, making operation at 2 bar unsuitable in this reactor system.
Increasing Ce. hydrocarbon selectivities with increasing reactor pressure are also reported by Xu et
al. [83] and Zheng et al. [110], although significantly higher figures were reported in both studies.
However, considerably lower space velocities were implemented in these studies in comparison to
the present study, contributing to longer residence times, higher reactant conversions, as well as
higher chain growth probabilities leading to the increased formation of higher molecular weight
hydrocarbon products (section 2.5.3). Once again, the higher range of space velocities used in the
present study in comparison to other studies that have investigated the influence reaction conditions
and, more specifically, the influence of space velocity on FT product distribution and CO

conversion are discussed in section 5.3.3.

Higher figures for Cg. hydrocarbon selectivity than those found in the present study were also
reported by Woo et al. However, the trend reported by Woo et al. contradicts the other trends

presented in Figure 5.17 above, showing that Ce. hydrocarbon selectivity decreases with increasing
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reactor pressure. As discussed in section 5.3.2.3 above, a possible reason for this difference may be
because of the higher cobalt metal loading in the catalyst used by Woo et al. This corresponds to an
increased number of active sites on the catalyst surface resulting in the increased formation of low
molecular weight hydrocarbon products, as opposed to an increase in the formation of higher
molecular weight hydrocarbon products.

Despite the differences in the trends reported by Xu et al., Zheng et al. and Woo et al., their results
suggest that the reactor pressure does not have a significant influence on the Cg. hydrocarbon
product selectivity above 10 bar. As the present study only investigated the influence of reactor
pressure up to 10 bar, further investigation is necessary in order to determine the influence of
higher reactor pressures (10-20 bar) on product distribution, and is therefore recommended for
future work. The significantly higher figures for Ce. hydrocarbon selectivity reported by Xu et al.,
Zheng et al., and Woo et al. appear to advocate operation at low FT reactor pressures, as high Ce.
hydrocarbon selectivities can also imply high liquid hydrocarbon product yields and could
potentially, therefore, be feasible for application in BTL-FT operations. However, as discussed
previously in section 2.3, product selectivity represents the molar composition of the products
formed rather than their actual yield. Thus product yield results would be more useful, however,
these three studies fail to report on the yields of liquid hydrocarbons obtained. The liquid
hydrocarbon product yields obtained in the present study, though, are discussed in section 5.3.2.5

below.

5.3.2.5 Product Yields

The product yields are calculated as described previously in section 3.7.4.2. The unreacted syngas
is calculated by difference. The product yields obtained in this parameter test set (Table 5.1 in
section 5.1.6) reflect the trends observed in sections 5.3.2.2 t0 5.3.2.4 above, for product selectivity
with increasing reactor pressure. These results are presented in Table 5.5 below. As discussed
previously in section 5.2.2, product yields are very rarely reported in FT synthesis research
publications, and no research studies (investigating the influence of reaction conditions on the
product distribution using cobalt-based catalysts) that provide data on FT product yields have been

found for comparison to the yields found in the present study.
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Table 5.5 — Influence of reactor pressure on FT gas and liquid product yields
(at 230°C, H,/CO = 2.0, WHSV = 8.8 h'", and m,; = 0.59)

Product Yields (wt.%) Oxyg. | Unreacted

Test P Liquid InWater = Syngas
(bar) ' co, CH, C,GCs +I\{/\//gxse S +V\é)a;)e/ 5 Wt o) (\X,t_g/o)
FT9 2 165 | 0.2 0.1 0.0 0.0 0.0 83.2
FT10 5 9.3 0.8 0.5 1.1 2.9 9.4 85.2
FT11 8 9.3 2.2 0.8 2.2 3.9 7.4 81.6
(IIZ-II—E]I-D]-) 8 8.9 2.9 2.0 2.6 4.3 8.1 79.3
FT7 10 7.5 1.2 0.3 2.2 3.6 3.7 85.3

As shown in Table 5.5 above, at a reactor pressure of 2 bar no liquid products are obtained and
mainly CO, is formed. Once again, this indicates that under the particular reaction conditions used
with the Co/Al,O; catalyst a reactor pressure of 2 bar is not recommended for operation on the
20cm? reactor in the present study. Further evidence supporting this assumption can be gathered

from the catalyst stability at this reactor pressure, which is discussed later in section 5.3.2.7.

The yield of CO, decreases with increasing reactor pressure, although the yields are similar at 5
and 8 bar. This indicates that operation above 8 bar is more favourable as a reduction in the inert
gas content of the product is achieved. The yields of both CH, and C,-Cs hydrocarbon products
increase as the reactor pressure is increased, reaching a maximum at 8 bar and thereafter decreasing
as the reactor pressure is raised further to 10 bar. As discussed previously in section 2.5.2, the
formation of lower molecular weight hydrocarbon products, such as CH, and C,-Cs hydrocarbons,
is expected to decrease as the reactor pressure is increased. The opposite trend, however, is
observed below 8 bar in the results presented in Table 5.5 above, suggesting that at lower values

the reactor pressure has a significant influence on these specific product yields.

A similar trend to those of CH,; and C,-Cs hydrocarbons is observed for the yield of water,
indicating that the WGS reaction (Equation 2.2 section 2.2), through which water is produced, is
significantly influenced by variation in reactor pressure in the range of 2-10 bar. The soluble
oxygenate concentration in the aqueous product decreases as the reactor pressure increases. This is
expected as chain growth probability increases with increasing reactor pressure, therefore reducing
the formation of soluble oxygenated compounds, which tend to have short carbon chains (as
discussed previously in section 2.2). The liquid hydrocarbon (Cs.) Yield also increases as the
reactor pressure is increased up to 8 bar, however, similar yields are obtained at 8 and 10 bar. This
suggests that under the reaction conditions used in the 20cm® reactor in the present study with the
Co/Al,O5 catalyst, reactor pressure does not have a significant effect on liquid hydrocarbon yields
above 8 bar in the range studied. Further investigation is required in order to determine the reasons

for all the observations made above, including repetition of the run at 10 bar (FT7 in Table 5.1 in
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section 5.1.6), as well as additional FT runs at higher reactor pressures (10-20 bar) as previously
discussed in section 5.3.2.4 above, and are therefore recommended for future work.

Figure 5.18 below, illustrates the influence of reactor pressure on the ratio of liquid products to gas
products (excluding unreacted syngas). As shown in this figure, the highest ratios of total liquid
products to gas products (0.64) and liquid hydrocarbons to gas products (0.24) are obtained at 10
bar, making operation at this pressure more favourable than lower values in the range of 2-10 bar.
This is because these higher ratios imply a higher proportion of liquids in the product and,
conversely, a lower requirement for FT reactor off-gas reforming and recycling, as discussed

previously in section 5.2.2.
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Figure 5.18 — Influence of reactor pressure on the ratio of liquid products to product gases (at
230°C, H,/CO = 2.0, WHSV = 8.8 h*, and mc4 = 0.5g)

5.3.2.6  Energy Content and Composition of Liquid Hydrocarbon Products

A representative photograph of the liquid products, consisting of a liquid hydrocarbon phase (plus
waxes) and a water phase (containing soluble oxygenated compounds), collected from the pressure
profile tests (tests FT7-FT11 listed in Table 5.1 in section 5.1.6) was provided in Figure 5.7 in
section 5.3.1.6. The product analysis methods were described in sections 3.5.3.1 and 3.7.4.2. The
calorific values of the liquid hydrocarbon samples collected from these experiment runs are
calculated using the method outlined previously in section 3.5.3.3, and are given in Table 5.6
below. Although very slight differences in calorific value are observed with increasing reactor
pressure, these results show that the energy content of the liquid hydrocarbons is not significantly

influenced by variation in reactor pressure.
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Table 5.6 — Influence of reactor pressure on the energy content of liquid hydrocarbon
products (at 230°C, H,/CO = 2.0, WHSV = 8.8 h*, and m = 0.5g)

Content (%)

Test P (bar) C ¥ N o HHV (MJ/kg)

FT9 2 - - - - -

FT10 5 84.31 | 15.15 | 0.10 | 0.44 47.23

FT11 8 84.22 | 1541 | 0.10 | 0.27 47.52
FT11 (REP.) 8 84.23 | 1539 | 0.10 | 0.28 47.51

FT7 10 84.21 | 1520 | 0.10 | 0.49 47.26

Figure 5.19, Figure 5.20 and Figure 5.21 below, show the GC-MS chromatograms obtained from
the analysis of the liquid hydrocarbons obtained from the three different reactor pressures
investigated (5, 8 and 10 bar) in tests FT10, FT11 and FT7, respectively. No chromatograms are

shown for operation at 2 bar, as no liquid hydrocarbons were produced at this reactor pressure.
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Figure 5.19 — GC-MS chromatogram of liquid hydrocarbons collected from pressure profile
test FT10 at 5 bar
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Figure 5.20 — GC-MS chromatogram of liquid hydrocarbons collected from pressure profile
test FT11 at 8 bar
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Figure 5.21 — GC-MS chromatogram of liquid hydrocarbons collected from pressure profile
test FT7 at 10 bar

The relative fuel compositions of the liquid hydrocarbons collected are calculated from the
chromatograms above, using the method outlined in section 3.5.3. The results are illustrated in

Figure 5.22 below.
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Figure 5.22 — Influence of reactor pressure on liquid hydrocarbon product composition (at
230°C, H,/CO = 2.0, WHSV = 8.8 h', and m¢,; = 0.50)
These results show that the most favourable diesel composition is obtained at 8 bar; however, this
is at the expense of an increased naphtha and reduced wax content. This difference is also visibly
evident in the immiscible oil phases collected at the end of the runs at 8 bar; those at 5 and 10 bar
have a yellow tint due to the suspension of small amounts of tiny wax particles (Figure 5.7 in
section 5.3.1.6), whereas the oil phases collected at 8 bar are more transparent as they do not
appear to contain suspended solid waxes. As discussed previously in section 5.2.3, higher wax
contents are preferred to higher naphtha contents in the liquid product, as waxes can be hydro-
processed to maximize diesel yields, whereas the naphtha fraction (low-grade gasoline) requires
significant processing in order to be upgraded to gasoline, which adds process costs and complexity
[138]. From this perspective, therefore, the hydrocarbon liquids obtained at 5 bar have the most
favourable diesel composition. However, as previously shown in Table 5.5, the yield of liquid
hydrocarbons obtained at 5 bar is significantly lower than the yields obtained at higher reactor
pressures. Hence, it can be determined that the liquid hydrocarbons obtained at 10 bar have the

preferred fuel composition.

5.3.2.7 Catalyst Stability

The stability of the catalyst, in terms of CO conversion versus time on stream, over the duration of
the synthesis experiments (FT9, FT10, FT11, FT11 REP and FT7 in Table 5.1 in section 5.1.6)
using different reactor pressures is compared in Figure 5.23 below. As illustrated in this figure, the
activity of the catalyst is similar at reactor pressures of 8 and 10 bar. As discussed earlier in section
5.3.2.1, experiment FT11 (Table 5.1 in section 5.1.6) was repeated for verification of the catalyst
activity at 8 bar and the results, displayed in Figure 5.23 below, do show a very similar trend in
activity. Once again, this demonstrates the reproducibility of the FT synthesis runs as previously
discussed in section 5.3.2.3.
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Figure 5.23 — Influence of reactor pressure on catalyst stability: CO conversion versus time
on stream (at 230°C, H,/CO = 2.0, WHSV =8.8 h't, and Mgy = 0.59)
The initial ‘spikes’ in CO conversion observed at 8 and 10 bar are due to the very exothermic
nature of the FT reaction as previously explained in section 5.3.1.7. These are not observed during
operation at the lower reactor pressures of 2 and 5 bar, suggesting that the reaction rates are much
lower at these reduced reactor pressures. This is particularly true for operation at 2 bar, as at this
reactor pressure the catalyst displays a much slower initiation of activity, followed by low and
inconsistent CO conversion with time on stream. Again, this shows that under the conditions used
(Table 5.1 in section 5.1.6), 2 bar is an inadequate reactor pressure for achieving favourable
activity using the Co/Al,O5 catalyst in the 20cm?® reactor in the present study. At 5 bar, the catalyst
activity is higher and more consistent (though gradually declining with time on stream) than at 2
bar, signifying that steady-state is reached and that this higher reactor pressure is slightly more
favourable for the synthesis reaction. As shown in the figure above, similar catalytic activities are
achieved for operation at both 8 and 10 bar, where the initial ‘spikes’ in CO conversion, are
followed by steady activity as the reactions progress. Overall, this implies that under the reaction
conditions used (Figure 5.23 above), and in the pressure range of 2-10 bar, the activity of the

Col/Al,O5 catalyst is not significantly influenced above 8 bar.

The visible decline in catalyst activity that is observed with time on stream in the experiment runs
is due to gradual deactivation caused by the carbon and/or wax deposition mechanisms that were
discussed previously in section 5.3.1.7. The influence of reactor pressure on the extent of these
deactivation mechanisms is examined by TGA analysis, as previously outlined in section 3.6.4. The

mass loss results obtained from these analyses are presented in Table 5.7 below.
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Table 5.7 — Influence of reactor pressure on the extent of carbon and wax deposition on the
catalyst surface (TGA results)

Catalyst Reactor Total Mass Mass Loss
Due to Carbon
Pl Prissure Loss & Wax Deposition
L . _
Origin (bar) | (wt.% dry basis) Wioe)
Co/Al,O3 47 ]
before Reaction -
Test FT9 2 51 04
Test FT10 5 16.6 119
Test FT11 8 45.9 412
Test FT7 10 40.3 35.6

These results show that the extent of carbon and wax deposition is proportional to increasing
reactor pressure up to 8 bar. As the reactor pressure is further increased to 10 bar, less carbon and
wax are deposited on the catalyst surface by the end of the run. This suggests that operation at
pressures above 8 bar, in the range of 2-10 bar, inhibits carbon and wax deposition to a greater
extent in comparison to operation at lower pressures. Despite the similar catalytic activities
observed at 8 and 10 bar, the higher deactivation rate observed at 8 bar is supported by the
evidence from the TGA results given in Table 5.7 above. Hence, operation at 10 bar is preferred as
slower catalyst deactivation is observed. SEM micrographs (at x764 magnification) of the
Co/Al,O5 catalyst before and after reaction in runs FT7, FT9, FT10, and FT11 (Table 5.1 in section
5.1.6) are provided in APPENDIX B. Small differences can be seen in these micrographs, however,
the magnification strength used was not sufficient in order to allow for definite conclusions to be

drawn. Higher magnification strengths are therefore recommended for future investigation.

5.3.2.8 Reactor Pressure Selection for Further Experiments

Under the reaction conditions used (Table 5.1 in section 5.1.6) in the 20cm® reactor using the
Co/Al,O5 catalyst in the present study, operation at 2 bar results in very low CO conversion,
producing mainly CO, and no liquid hydrocarbons. Hence, only the higher reactor pressures of 5, 8
and 10 bar are considered for final selection of the preferred operating value. The results show that
CO conversion increases with increasing reactor pressure up to 8 bar. A further increase in reactor
pressure, however, does not appear to influence CO conversion but has a significant effect on Ce.
hydrocarbon product selectivity, where a maximum value for Cg. selectivity is observed at 10 bar.
Minimum values for the selectivities of CO,, CH,4 and light hydrocarbons (C,-Cs) are also obtained
at 10 bar. The catalyst displays similar activity with time on stream at both 8 and 10 bar, however,
catalyst deactivation is more evident at 8 bar, and this is verified by TGA analysis, where the
recorded mass loss due to carbon and wax deposition on the catalyst surface is higher than at 10

bar.
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The calorific values of the liquid hydrocarbons collected at 5, 8 and 10 bar are comparable,
indicating that reactor pressure does not have a significant influence on the energy content of the
liquid hydrocarbons obtained. Similar yields of liquid hydrocarbons and water are collected at both
8 and 10 bar, indicating that increasing the reactor pressure above 8 bar does not influence liquid
hydrocarbon formation. However, higher ratios of both total liquids to product gases and
hydrocarbon liquids to product gases are obtained at 10 bar. GC-MS analyses of the liquid
hydrocarbons showed that the most favourable fuel composition, containing the highest proportion
of diesel (and, conversely, the lowest naphtha content) is obtained at 5 bar, followed by that at 10
bar. Since higher liquid hydrocarbon yields are obtained at 10 bar, however, this value is selected
as the preferred reactor pressure to be used for operation on the 20cm? fixed-bed reactor in the

present study, and in the remaining parameter profiling test sets.

5.3.3 Influence of Space Velocity
Sections 5.3.1 and 5.3.2 resulted in identification of the preferred reactor temperature and reactor

pressure for subsequent tests.

5.3.3.1 CO Conversion

The results obtained in the present study for the effect of space velocity on CO conversion (at
230°C, 10 bar, Hy/CO = 2.0, and m¢; = 0.5g) are compared to the results of similar studies using
cobalt-based catalysts (reviewed previously in section 2.6.2 and summarized in Table 2.4) that have
investigated the influence of space velocity on CO conversion in Figure 5.24 below. These include
studies by Rafiqg et al. [116], de la Osa et al. [89], and Woo et al. [115] (all working with Co/Al,O4
catalysts at higher reactor pressures than in the present study > 20 bar), as well as Mohanty et al.
[91] (also working at higher reactor pressures but with a CuO-CoO/Cr,0; catalyst combined with
MFI Zeolite). These studies report on space velocity in terms of GHSV (usually expressed in Lgca
'h™) whereas in the present study, the space velocity is calculated in terms of WHSV (as discussed
previously in section 2.5.3). Hence, the WHSV values calculated in the present study are converted
into GHSV for ease of comparison. As discussed previously in section 2.6, studies using cobalt-
based catalysts that have specifically addressed the influence of low reactor pressures (< 20 bar) on
FT product distribution and catalyst activity are very limited. However, no studies have been found
that investigate the influence of space velocity at these lower reactor pressures. Therefore, although
different reaction conditions were implemented in these other studies, including higher reactor
pressures than those used in the present study, as well as catalysts of different composition, these

are the only studies that have been found for comparison of results.
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Figure 5.24 — Influence of space velocity on CO conversion in the present study

(at 230°C, 10 bar, H,/CO = 2.0, and m,: = 0.5g) in comparison to similar studies by Rafiqg et
al. [116], de la Osa et al. [89], Woo et al. [115], and Mohanty et al. [91]
In all the studies reported above CO conversion decreases with increasing space velocity. This is
expected as higher space velocities correspond to shorter reactor residence times, implying reduced
reactant adsorption on the catalyst surface and, therefore, lower reactant conversions. As shown in
Figure 5.24 above, the space velocities that are investigated in the present study are significantly
higher than those investigated by Rafiqg et al., de la Osa et al., Woo et al. and Mohanty et al., (as
well as other studies using cobalt-based catalysts that were reviewed previously in section 2.6.2).
This is due to the limitations of the 20cm? reactor system at Aston relating to the minimum possible
space velocity (explained previously in section 3.4.3), resulting in the lower CO conversions that
are reported in the present study in comparison to the other studies presented in Figure 5.24 above.
These observations further support the argument that higher CO conversions could have been
achieved if this equipment limitation did not exist. Interestingly, at the lower range of space
velocities investigated by Woo et al. and Mohanty et al., they report that CO conversion reaches a
maximum and thereafter declines as the space velocity increases, suggesting that there is a
threshold value of space velocity for optimum CO conversion. Based on achieving maximum CO
conversion, the results from the present study indicate that under the reaction conditions
implemented, operation on the 20cm? reactor with the Co/Al,O; catalyst at a GHSV of 16.9 h™ (or
WHSV of 8.8 h™) is preferred.

5.3.3.2 CO, Selectivity

The results obtained for the effect of space velocity on CO, selectivity (at 230°C, 10 bar, H,/CO =
2.0, and m¢ = 0.5g) are presented in Figure 5.25 below. From the studies investigating the
influence of reaction conditions on FT product distribution using cobalt-based catalysts that were
reviewed in section 2.6.2 (and summarized in Table 2.4), only a few report on the effect of space

velocity on CO, selectivity. Studies by Rafiq et al. [116] and de la Osa et al. [89], both working at
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much a lower range of space velocities than the range used in the present study (but at a higher
reactor pressure of 20 bar), found that CO, selectivity is negligible. However, in a study by
Sethuraman et al. [46], working at a wider and higher range of space velocities than that in the
present study (but using a Co-Ni/ZrO, catalyst at a lower reactor pressure of one bar), CO,
selectivity is reported to increase as the space velocity is increased. The results from this study by
Sethuraman et al. are also presented in Figure 5.25 below.
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Figure 5.25 — Influence of space velocity on CO, selectivity in the present study
(at 230°C, 10 bar, H,/CO = 2.0, and m¢,; = 0.5g) in comparison to a similar study by
Sethuraman et al. [46]
The results from the present study show that CO, selectivity increases with increasing space
velocity. This trend is comparable to the trend reported by Sethuraman et al., who also show that
further increases to the space velocity lead to the predominant formation of CO, at atmospheric
pressure. This may also be true for the higher reactor pressure of 10 bar implemented in the present
study, however, further investigation using higher space velocities at this or higher reactor
pressures would be required in order to verify this assumption, and can therefore be recommended
for future work. From the results of the present study, it can be deduced that under the reaction
conditions used with the Co/Al,O; catalyst in the 20cm? reactor, operation at a WHSV of 8.8 h™ is
preferred as low CO; selectivities are desirable. This is because low CO, selectivities imply lower
inert gas dilution in the products and, therefore, a lower requirement for FT reactor off-gas
conditioning and recycling, as well as higher yields of once-through liquid hydrocarbon products

(as discussed previously in section 5.2.1).

5.3.3.3 CH, and C,-Cs Selectivity

The results obtained for the effect of space velocity on CH, and C,-Cs hydrocarbon selectivities (at
230°C, 10 bar, H,/CO = 2.0, and m., = 0.5g) are presented in Figure 5.26 and Figure 5.27 below,
respectively. The results from similar studies using cobalt-based catalysts (reviewed previously in
section 2.6.2 and summarized in Table 2.4) that have investigated the influence of space velocity

on CH, and C,-Cs hydrocarbon selectivities are also presented in these figures for comparison.
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These include studies that have all used Co/Al,O; catalysts at 20 bar by Rafiq et al. [116] and Woo
et al. [115], as well as de la Osa et al. (who only reports on the influence of space velocity on the
C»-Cs hydrocarbon selectivity). No studies have been found that investigate the influence of space
velocity on CH, and C,-Cs hydrocarbon selectivities at lower reactor pressures (< 20 bar).
Therefore, although higher reactor pressures were implemented in these other studies, these are the
only studies that have been found for comparison of results.
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Figure 5.26 — Influence of space velocity on CH, selectivity in the present study
(at 230°C, 10 bar, H,/CO = 2.0, and m,: = 0.5g) in comparison to similar studies by Rafiq et
al. [116], and Woo et al. [115]

~~ 15 7
S X Present Study
g . A A delaOsaetal. [89]
~
>, 107 ¢ \Woo et al. [115]
= *
=2 N Rafiq et al. [116]
b A A
Te}
@) X
'~ X X
O o . : : : .
0 5 10 15 20 25
GHSV (Lgeyth)

Figure 5.27 — Influence of space velocity on C,-Cs selectivity in the present study
(at 230°C, 10 bar, H,/CO = 2.0, and m,c = 0.5g) in comparison to similar studies by de la Osa
et al. [89], Woo et al. [115], and Rafiq et al. [116]
As discussed previously in section 2.5.3, higher space velocities correspond to shorter reactor
residence times. Therefore, lower CO conversions (section 5.3.3.1) and an increased formation of
CH, and low molecular weight hydrocarbons are expected as the space velocity is increased.
Conversely, the production of heavier hydrocarbon products (Ce.) is expected to decrease with

increasing space velocity (section 5.3.3.4 below). In all the studies reported above, CH, selectivity
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decreases with increasing space velocity, whereas light hydrocarbon (C,-Cs) selectivity increases
with increasing space velocity. As higher space velocities are implemented in the present study in
comparison to these other studies, lower values for these product selectivities are generally
observed than those reported in the other studies, as shown in Figure 5.26 and Figure 5.27 above.
In addition, the higher reactor pressure of 20 bar implemented in these other studies (in comparison
to that of 10 bar used in the present study) would enhance chain growth and, therefore, the
formation of higher molecular weight products, resulting in lower CH, selectivities and higher C,-
Cs hydrocarbon selectivities (section 2.5.2). However, higher figures for CH, selectivity are
reported by Woo et al. potentially due to the higher cobalt metal loading in the catalyst they used
(as discussed previously in section 5.3.2.3), which has been found to favour the formation of CH,4
and low molecular weight hydrocarbon products and, equally, decrease the production of heavier
hydrocarbon molecules (Cs.) [170]. Moreover, the results reported by Rafiq et al. (Figure 5.26),
suggest that at the higher reactor pressure of 20 bar implemented in their study, CH, selectivity is
significantly reduced at very low space velocities (0.037-0.180 h™).

Overall, the results from the present study suggest that under the reaction conditions implemented
in the 20cm?® reactor using the Co/Al,Oj5 catalyst, operation at higher space velocities appears to be
more favourable. This is because lower CH, selectivities generally imply higher hydrocarbon liquid
yields, and therefore, a lower requirement for FT reactor off-gas reforming and recycling.
However, higher C,-Cs hydrocarbon selectivities may also imply lower hydrocarbon liquid yields,
and therefore, the results obtained for Ce. hydrocarbon selectivity (section 5.3.3.4 below) must be
examined in order to identify the preferred space velocity for operation on the 20cm?® reactor using

the Co/Al,O5 catalyst in the present study.

5.3.3.4 Cg. Selectivity

The results obtained for the effect of space velocity on Cq. hydrocarbon selectivity (at 230°C, 10
bar, H/CO = 2.0, and m.; = 0.50) are presented in Figure 5.28 below. The results from similar
studies using cobalt-based catalysts (reviewed previously in section 2.6.2 and summarized in Table
2.4) that have investigated the influence of space velocity on the selectivity of Cs. hydrocarbons

are also presented in Figure 5.28 for comparison.
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Figure 5.28 — Influence of space velocity on Cs. selectivity in the present study
(at 230°C, 10 bar, H,/CO = 2.0, and m,: = 0.5g) in comparison to similar studies by Rafiq et
al. [116], de la Osa et al. [89], and Woo et al. [115]
In the present study, Ce. hydrocarbon product selectivity decreases as the space velocity is
increased. This is expected as higher space velocities correspond to shorter reactor residence times
and, therefore, lower reactant conversions (section 5.3.3.1), and a decrease in the formation of
heavier molecular weight products. A similar trend is reported by de la Osa et al. [89] at lower
space velocities, although higher figures for Cg. selectivity were reported in their study. However,
at even lower space velocities, the opposite trend is reported by both Rafig et al. and Woo et al.
suggesting that there is a threshold value of space velocity for optimum Cs. hydrocarbon
selectivity. From the results obtained in the present study it can be deduced that under the reaction
conditions implemented in the 20cm? reactor using the Co/Al,O; catalyst, operation at lower space
velocities in the range of 16.9-22.2 Lge'h™ (or WHSV = 8.8-11.5 h™) is preferred as the Cg.
hydrocarbon selectivity is higher, implying higher yields of once-through liquid hydrocarbon

products.

5.3.3.5 Product Yields

The product yields are calculated as described previously in section 3.7.4.2. The unreacted syngas
is calculated by difference. The product yields obtained in this parameter test set (Table 5.1 in
section 5.1.6) reflect the trends observed in sections 5.3.3.1 to 5.3.3.4 for product selectivity with
increasing space velocity. These results are presented in Table 5.8 below. As discussed previously
in section 5.2.2, product yields are very rarely reported in FT synthesis research publications, and
no research studies (investigating the influence of reaction conditions on the product distribution
using cobalt-based catalysts) that provide data on FT product yields have been found for

comparison to the yields found in the present study.
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Table 5.8 — Influence of space velocity on FT gas and liquid product yields
(at 230°C, 10 bar, H,/CO = 2.0, and m.,= 0.5g)

Product Yields (wt.%) Oxyg. | Unreacted

Test V\éII;IlS)V co. | era | ec %_:?(ij’ld Water | InWater | Syngas
2 4 2-Cs . Waxses +Oxyg. | (Wt.%) (Wt.%)
FT7 8.8 7.5 1.2 0.3 2.2 3.6 3.7 85.2
FT12 10.5 8.0 0.8 0.4 1.7 2.7 2.7 86.4
FT13 11.5 8.4 0.6 0.5 1.3 2.4 1.7 86.8

As discussed previously in section 5.3.3.3, when the space velocity is increased the reactor
residence time becomes shorter leading to lower reactant conversion, as well as lower production
of liquid hydrocarbons due to reduced chain growth probability (section 2.2.1). This is reflected in
the results presented in Table 5.8 above, which show that higher yields of CO, and C,-Cs
hydrocarbon gases are produced as the space velocity increases, whereas the opposite trend is
observed for CH, yields. The yield of liquid hydrocarbons also decreases with increasing space
velocity, in harmony with the results reported for Ce. selectivity in the present study, discussed
previously in section 5.3.3.4. The yield of water (containing soluble oxygenated compounds)
decreases as the space velocity is increased, indicating that the WGS equilibrium reaction
(Equation 2.2 section 2.2), through which water and/or CO, are produced, shifts towards the
formation of CO, as lower CO conversions are achieved. Lower CO conversion and reduced chain
growth probabilities are also possible explanations for the reduction in the concentration of soluble

oxygenated compounds in the water product with increasing space velocity.

CO,, CH,4 and C,-Cs hydrocarbon gases are generally undesired products in a FT synthesis process
that aims to maximize liquid hydrocarbon liquids. Hence, the results presented in Table 5.8 above
indicate that under the reaction conditions implemented in the 20cm?® reactor using the Co/Al,O3
catalyst in the present study, operation at the lower WHSV of 8.8 h™ is preferred because higher
yields of once-through liquid hydrocarbon products are obtained. This is further demonstrated in
Figure 5.29 below, which illustrates the influence of space velocity on the ratio of liquid products
to gas products (excluding unreacted syngas), showing that the highest ratios of total liquid
products to gas products (0.64) and liquid hydrocarbons to gas products (0.24) are obtained at a
WHSV of 8.8 h™.
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Figure 5.29 — Influence of space velocity on the ratio of liquid products to product gases (at
230°C, 10 bar, H,/CO = 2.0, and mgy = 0.50)

5.3.3.6  Energy Content and Composition of Liquid Hydrocarbon Products

A representative photograph of the liquid products, consisting of a liquid hydrocarbon phase (plus
waxes) and a water phase (containing soluble oxygenated compounds), collected from the space
velocity profile tests (tests FT7, FT12 and FT13 listed in Table 5.1 in section 5.1.6) was provided
in Figure 5.7 in section 5.3.1.6. The product analysis methods were described in sections 3.5.3.1
and 3.7.4.2. The calorific values of the liquid hydrocarbon samples collected from these experiment
runs are calculated using the method outlined previously in section 3.5.3.3, and are given in Table
5.9 below. Although slight differences in calorific value are observed with increasing space
velocity, these results show that the energy content of the liquid hydrocarbons is not significantly

influenced by variation in space velocity.

Table 5.9 — Influence of space velocity on the energy content of liquid hydrocarbon products
(at 230°C, 10 bar, H,/CO = 2.0, and mc,: = 0.5¢)

[0)
Test V\éﬁls)v = Coljtent (T: ) o HHV (MIkg)
FT7 | 88 | 8421 1520 | 0.10 | 0.49 47.26
FT12 | 105 | 8440 1539 0.0 | 011 47.59
FT13 | 115 | 8462 1524 | 0.10 | 0.04 47.49

Figure 5.30, Figure 5.31 and Figure 5.32 below, show the GC-MS chromatograms from the
analysis of the liquid hydrocarbons obtained at the three different space velocities investigated in
tests FT7, FT12 and FT13, respectively.
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Figure 5.30 — GC-MS chromatogram of liquid hydrocarbons collected from space velocity
profile test FT7 at WHSV = 8.8 h'
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Figure 5.31 — GC-MS chromatogram of liquid hydrocarbons collected from space velocity
profile test FT12 at WHSV = 10.5 h*
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Figure 5.32 — GC-MS chromatogram of liquid hydrocarbons collected from space velocity

profile test FT13 at WHSV = 11.5 h*

The relative fuel compositions of the liquid hydrocarbons collected are calculated from the

chromatograms in the figures above, using the method outlined in section 3.5.3. The results are
illustrated in Figure 5.33 below.
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Figure 5.33 — Influence of space velocity on liquid hydrocarbon product composition (at

230°C, 10 bar, H,/CO = 2.0, and ms = 0.50)

These results show that the composition of naphtha is not significantly affected by changes in the

space velocity. Slightly more favourable fuel compositions are obtained at the higher space

velocities used, where the highest composition of diesel-grade products is obtained at a WHSV of

10.5 h™. However, the results presented previously in Table 5.8 and Figure 5.29 showed that both
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the yields of liquid hydrocarbons and the ratio of these liquids to the gases produced (excluding
unreacted syngas) significantly decrease with increasing space velocity. The highest liquid
hydrocarbon yields are obtained at a WHSV of 8.8 h™". In this respect, therefore, it is this value for
space velocity that is preferred for operation in the present study.

5.3.3.7 Catalyst Stability
The stability of the catalyst, in terms of CO conversion versus time on stream, over the duration of
the synthesis experiments (FT7, FT12 and FT13 in Table 5.1 in section 5.1.6) using different space

velocities is compared in Figure 5.34 below.
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Figure 5.34 — Influence of space velocity on catalyst stability: CO conversion versus time on
stream (at 230°C, 10 bar, H,/CO = 2.0, and mgy = 0.59)
The initial “spike’ in CO conversion observed at a WHSV of 8.8 h' is due to the exothermicity of
the reaction explained previously in section 5.3.1.7. The same behaviour is not observed during
operation at the higher space velocities of 10.5 and 11.5 h™, because, theoretically, the increased
mass flow of reactants (associated with higher space velocities) aids in carrying away the excess
heat given off by the reaction. As illustrated in Figure 5.34 above, the Co/Al,O; catalyst displays
the most favourable stability at a WHSV of 10.5 h™, where CO conversion is almost constant
during the entire experiment run. This suggests that at this space velocity, the catalyst surface is
continuously and sufficiently ‘cleaned’ of carbon and wax deposits by the increased mass flow of
reactants, thus allowing for more enhanced CO dissociation and chain propagation (section 2.2.1)
[156]. A further increase in space velocity results in lower CO conversion and a more unstable
activity by the catalyst, indicating that space velocities above 10.5 h™ are not recommended for

operation on the 20cm? reactor with the Co/Al,O; catalyst.

A gradual decline in catalytic activity is observed during experiment runs FT7 and FT13, and to a
much lesser extent in run FT12 (Figure 5.34 above), due to deactivation by the carbon and wax

deposition mechanisms discussed previously in section 5.3.1.7. The influence of space velocity on
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the extent of these deactivation mechanisms is examined by TGA analysis as previously outlined in
section 3.6.4. The mass loss results obtained from these analyses are presented in Table 5.10 below.
These results show that the extent of carbon and wax deposition is proportional to increasing space
velocity, indicating that catalyst deactivation caused by these mechanisms is reduced at lower space
velocities. SEM micrographs (at x764 magnification) of the Co/Al,O; catalyst, before and after
reaction in runs FT7, FT12 and FT13 (Table 5.1 in section 5.1.6), are provided in APPENDIX B.
Small differences can be seen in these micrographs, however, the magnification strength used was
not sufficient in order to allow for definite conclusions to be drawn. Higher magnification strengths

are therefore recommended for future investigation.

Table 5.10 — Influence of space velocity on the extent of carbon and wax deposition on the
catalyst surface (TGA results)

Caalyst | gy TORIMAS b Carsor
Origin (h™) (Wt.% dry basis) & Wa(XW[zg/lz())smon
Co/AIzog_ ] 47 ]
before Reaction
FT7 8.8 40.3 35.6
FT12 10.5 44.8 40.1
FT12 11.5 47.7 43.0

5.3.3.8 Space Velocity Selection for Further Experiments

Under the reaction conditions used (Table 5.1 in section 5.1.6) in the 20cm® reactor using the
Co/Al,O3 catalyst in the present study, an increase in space velocity results in lower CO
conversions. CO, selectivity increases with increasing space velocity, whereas the opposite is
observed for CHy, selectivity. Similar Cs. hydrocarbon selectivities are observed at a WHSV of 8.8
and 10.5 h™, whereas a lower value is obtained at a higher WHSV of 11.5 h™". The product yields
follow similar trends to these product selectivities, where increasing space velocity results in lower
yields of liquid products (both liquid hydrocarbons and water) and, conversely, higher yields of
product gases (CO,, CH, and C,-Cs hydrocarbons). The catalyst displays the most favourable
activity with time on stream at a WHSV of 10.5 h™. However, TGA analysis shows that the
recorded mass loss due to carbon and wax deposition on the catalyst surface is significantly higher
than at a lower WHSV of 8.8 h™. GC-MS analyses of the liquid hydrocarbons showed that the most
favourable fuel composition, containing the highest proportion of diesel, is obtained at a WHSV of
10.5 h™. The difference in diesel composition of the liquid hydrocarbons obtained at a lower
WHSYV of 8.8 h* is small, however, higher liquid hydrocarbon yields are obtained at this lower
space velocity. Therefore, a WHSV of 8.8 h' is selected as the preferred value for space velocity to
be used for operation on the 20cm® fixed-bed reactor in the present study, and in the remaining

parameter profiling test sets.
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5.3.4 Influence of H,/CO Molar Ratio in Syngas
Sections 5.3.1 to 5.3.3 resulted in identification of the preferred reactor temperature, reactor
pressure and space velocity for subsequent tests.

5.3.4.1 CO Conversion

The results obtained in the present study for the effect of the H,/CO molar ratio in the feed syngas
on CO conversion (at 230°C, 10 bar, WHSV = 8.8 h™, and m¢; = 0.5g) are compared to the results
of similar studies using cobalt-based catalysts (reviewed previously in section 2.6.2 and
summarized in Table 2.4) that have investigated the influence of the H,/CO molar ratio in the feed
syngas on CO conversion in Figure 5.35 below. These include studies by Tristantini et al. [114]
and de la Osa et al. [89] (both working with Co/Al,O; catalysts at a higher reactor pressure of 20
bar), as well as Sharifnia et al. [113] (working at a similar reactor pressure to the present study of 9
bar, but with a Co/SiO, catalyst). As discussed previously in section 2.6, studies using cobalt-based
catalysts that have specifically addressed the influence of low operating pressures (< 20 bar) on FT
product distribution and catalyst activity are very limited. Therefore, although different reaction
conditions were implemented in these other studies, including higher reactor pressures than those
used in the present study and different catalyst compositions, these are the only studies that have

been found for comparison of results.
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Figure 5.35 — Influence of the H,/CO molar ratio on CO conversion in the present study
(at 230°C, 10 bar, WHSV = 8.8 h™, and m = 0.5g) in comparison to similar studies by
Tristantini et al. [114], de la Osa et al. [89], and Sharifnia et al. [113]

In all the studies reported above CO conversion increases as the H,/CO molar ratio in the feed
syngas increases. This is expected as higher H,/CO molar ratios imply a higher concentration of H,
species on the catalyst surface, which have been reported to promote chain termination reactions
(section 2.2.1) and increase CO conversion, but result in the increased formation of lower
molecular weight hydrocarbons [89, 91]. The figures for CO conversion found using H,/CO molar
ratios of 1.8 and 2.0 in the present study are comparable to those found by Tristantini et al., de la

Osa et al. and Sharifnia et al. for H,/CO molar ratios in the same region, as shown in Figure 5.35
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above. At the lower H,/CO molar ratio of 1.6 investigated, a very poor CO conversion was
observed. This suggests that under the reaction conditions implemented on the 20cm® reactor with
the Co/Al,O; catalyst, operation at this lower H,/CO molar ratio is not recommended, and therefore
higher H,/CO molar ratios are required. Further evidence supporting this assumption can be
gathered from the catalyst stability at a H,/CO molar ratio of 1.6, which is discussed later in section
5.3.4.7. Based on achieving maximum CO conversion, therefore, the results from the present study
indicate that operation at a H,/CO molar ratio in the feed syngas of 2.0 is preferred.

5.3.4.2 CO, Selectivity

The results obtained for the effect of the H,/CO molar ratio in the feed syngas on CO, selectivity
(at 230°C, 10 bar, WHSV = 8.8 h, and m.,; = 0.5g) are presented in Figure 5.36 below. From the
studies investigating the influence of reaction conditions on FT product distribution that were
reviewed previously in section 2.6.2 (and summarized in Table 2.4), only a few report on the effect
of the H,/CO molar ratio in the feed syngas on CO, selectivity. These include studies by de la Osa
et al. [89] and Tristantini et al. [114], both working with a Co/Al,O3 catalyst at a reactor pressure
of 20 bar, and space velocities (GHSV) of 6 and 12 h™, respectively. The results of these studies are
also presented in Figure 5.36 below, for comparison. Although higher reactor pressures and lower
space velocities were implemented in these studies than those used in the present study, these are

the only studies that have been found for comparison of results.
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Figure 5.36 — Influence of the H,/CO molar ratio on CO, selectivity in the present study
(at 230°C, 10 bar, WHSV = 8.8 h™, and m, = 0.5g) in comparison to similar studies by
Tristantini et al. [114], and de la Osa et al. [89]
As shown in Figure 5.36 above, a potentially more complex relationship for the influence of the
H»/CO molar ratio in the feed syngas on CO, selectivity is observed in the results from the present
study in comparison to the other trends reported in Figure 5.36 above. CO, selectivity increases as
the H,/CO molar ratio is increased in the range of 1.6-2.0 in the present study, reaching a maximum

at a H,/CO molar ratio of 1.8 and thereafter declining as this ratio is further increased to 2.0. In
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contrast, Tristantini et al. report much lower figures for CO, selectivity showing a trend that slowly
decreases as the H,/CO molar ratio is increased. In addition, de la Osa et al. report negligible CO,
selectivities, suggesting that CO, selectivity is not affected by variation in the H,/CO molar ratio in
the range of 0.5-2.0.

The different reaction conditions implemented in these three studies (as discussed above) may be
contributing factors to these contrasting results, but the exact reasons for these differences are not
known. Further investigation is required in order to determine the relationship between the H,/CO
molar ratio in the feed syngas and CO, selectivity and is, therefore, recommended for future work.
This includes repetition of the FT synthesis run performed at a H,/CO molar ratio of 2.0 (FT7 in
Table 5.1 in section 5.1.6), as well as additional experimental runs covering a wider range of
H,/CO molar ratios (e.g. H,/CO = 1.0-3.0). Still, what can be drawn from the results of the present
study is that under the reaction conditions implemented in the 20cm? reactor, operation at lower
H»/CO molar ratios in the range of 1.6-2.0 is apparently more favourable as a low CO, selectivity is
desirable. This is because low CO, selectivities imply lower inert gas dilution in the products and,
therefore, a lower requirement for FT reactor off-gas conditioning and recycling, as well as higher
yields of once-through liquid hydrocarbon products (as discussed previously in section 5.2.1).
However, as discussed earlier in section 5.3.4.1, operation at a H,/CO molar ratio of 1.6 resulted in
very low CO conversion. Hence, operation at a H/CO molar ratio in the feed syngas of 2.0 is

preferred as it results in the next lowest CO, selectivity, as well as a higher CO conversion.

5.3.4.3 CH, and C,-Cs Selectivity

The results obtained for the effect of the H/CO molar ratio in the feed syngas on CH, and C»-Cs
hydrocarbon selectivities (at 230°C, 10 bar, WHSV = 8.8 h™', and m; = 0.5g) are presented in
Figure 5.37 and Figure 5.38 below, respectively. From the studies investigating the influence of
reaction conditions on FT product distribution that were reviewed previously in section 2.6.2 (and
summarized in Table 2.4), the effect of the H,/CO molar ratio in the feed syngas on CH, selectivity
is only reported by Sharifnia et al. [113] (working with a Co/SiO, catalyst at a similar reactor
pressure of 9 bar), whereas both Sharifnia et al. and de la Osa et al. [89] (the latter working with a
Col/Al,O5 catalyst but at a higher reactor pressure of 20 bar) report on the effect of the H,/CO molar
ratio in the feed syngas on C,-Cs selectivity. Their results are also presented in Figure 5.37 and
Figure 5.38 below. Hence, although different reaction conditions were implemented in these
studies than those used in the present study, these are the only studies that have been found for

comparison of results.
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Figure 5.37 — Influence of the H,/CO molar ratio on CH, selectivity in the present study
(at 230°C, 10 bar, WHSV = 8.8 h*, and m¢,: = 0.5g) in comparison to a similar study by
Sharifnia et al. [113]
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Figure 5.38 — Influence of the H,/CO molar ratio on C,-Cs selectivity in the present study
(at 230°C, 10 bar, WHSV = 8.8 h™, and m: = 0.5g) in comparison to similar studies by de la
Osa et al. [89] and Sharifnia et al. [113]

In all the studies reported above both CH, and C,-Cs product selectivities increase as the H,/CO
molar ratio in the feed syngas increases. As discussed previously in section 5.3.4.1 above, this is
expected as higher H,/CO molar ratios imply a higher concentration of H, species on the catalyst
surface. These higher H, concentrations have been reported to promote chain termination reactions
(section 2.2.1) and increase CO conversion, but result in the increased formation of lower
molecular weight hydrocarbons [89, 91]. The higher figures reported for CH, and C,-Cs product
selectivities by Sharifnia et al. and de la Osa et al. in comparison to the present study may be due to
the different reaction conditions implemented in these studies. Although a similar reactor pressure
to the present study was implemented by Sharifnia et al., a cobalt catalyst with a different support
material was used in their study which, under the conditions implemented (space velocity not
reported in their study), may be more selective towards the formation of lighter hydrocarbons. The

lower space velocity used by de la Osa et al. (6 Lge *h™ in comparison to 17 Lge*h™ used in the
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present study), and higher reactor pressure used possibly account for the higher C,-Cs product
selectivities reported. As discussed previously in section 5.3.3.3, this is because higher reactor
pressures and lower space velocities would result in increased reactant concentration on the catalyst
surface and shorter residence times, respectively, therefore increasing CO conversion and
enhancing chain growth probability.

What can be deduced from the results of the present study is that under the reaction conditions
implemented in the 20cm? reactor using the Co/Al,O; catalyst, despite the fact that the lowest CH,
and C,-Cs hydrocarbon products selectivities were observed at a H,/CO molar ratio of 1.6,
operation at this lower ratio is not recommended as this results in poor CO conversion (as discussed
earlier in section 5.3.4.1). Thus, operation at a H,/CO molar ratio in the feed syngas of 2.0 is
preferred as this not only results in the highest CO conversion (section 5.3.4.1) but in low CH, and
C»-Cs hydrocarbon product selectivities, which imply a lower requirement for FT reactor off-gas
reforming and recycling, and potentially higher liquid hydrocarbon yields (as discussed previously

in section 5.2.1).

5.3.4.4 Cg. Selectivity

The results obtained for the effect of the H,/CO molar ratio in the feed syngas on Cs. hydrocarbon
selectivity (at 230°C, 10 bar, WHSV = 8.8 h™, and m¢, = 0.5g) are presented in Figure 5.39 below.
The results from similar studies using cobalt-based catalysts (reviewed previously in section 2.6.2
and summarized in Table 2.4) that have investigated the influence of the H,/CO molar ratio in the

feed syngas on the selectivity of Cg. hydrocarbons are also presented in Figure 5.39 for

comparison.
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Figure 5.39 — Influence of the H,/CO molar ratio on Cs. selectivity in the present study
(at 230°C, 10 bar, WHSV = 8.8 h™, and m, = 0.5g) in comparison to similar studies by
Tristantini et al. [114], de la Osa et al. [89] and Sharifnia et al. [113]

In all the studies reported above Cg. selectivity decreases as the H,/CO molar ratio in the feed

syngas increases. As discussed in section 5.3.4.3 above, this is expected as higher H,/CO molar
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ratios imply a higher concentration of H, species on the catalyst surface, which have been reported
to increase CO conversion and promote chain termination reactions (section 2.2.1) which, in turn,
result in the decreased production of higher molecular weight hydrocarbons [89, 91]. However, a
much sharper decline in Cs. hydrocarbon selectivity with increasing H,/CO molar ratio is observed
in the present study in comparison to the gradually declining trends reported by Tristantini et al., de
la Osa et al., and Sharifnia et al., as shown in Figure 5.39 above. The reasons for the sharper
decline in the present study are not known, but could potentially be due to the different reaction
conditions implemented in these three studies, including a higher reactor pressure and lower space
velocity by both Tristantini et al. and de la Osa et al., as well as the use of a different catalyst
support by Sharifnia et al. Hence, further investigation is required in order to determine the
relationship between the H,/CO molar ratio in the feed syngas and Ce. hydrocarbon selectivity and
is, therefore, recommended for future work. This includes repetition of the FT synthesis runs
performed at H,/CO molar ratios in the range of 1.6-2.0 (FT7, FT14 and FT15 in Table 5.1 in
section 5.1.6), as well as additional experimental runs covering a wider range of H,/CO molar
ratios (e.g. H,/CO = 1.0-3.0).

What can be drawn from the results of the present study, however, is that under the reaction
conditions implemented in the 20cm?® reactor using the Co/Al,Oj catalyst, operation at lower H,/CO
molar ratios in the range of 1.6-2.0 is apparently more favourable as high Cg. hydrocarbon
selectivity is desirable. This is because high Cs. selectivities imply higher yields of once-through
liquid hydrocarbon products (as discussed previously in section 5.2.1). However, as discussed
earlier in section 5.3.4.1, operation at a H,/CO molar ratio of 1.6 resulted in very low CO
conversion. Hence, operation at a H,/CO molar ratio in the feed syngas of 2.0 is preferred as this
resulted in the highest CO conversion (section 5.3.4.1), as well as a favourable Cg. hydrocarbon

selectivity.

5.3.4.5 Product Yields

The product yields are calculated as described previously in section 3.7.4.2. The unreacted syngas
is calculated by difference. The product yields obtained in this parameter test set (Table 5.1 in
section 5.1.6) reflect the trends observed in sections 5.3.4.1 to 5.3.4.4 for product selectivity with
increasing H,/CO molar ratio in the feed syngas. These results are presented in Table 5.11 below.
As discussed previously in section 5.2.2, product yields are very rarely reported in FT synthesis
research publications, and no research studies (investigating the influence of reaction conditions on
the product distribution using cobalt-based catalysts) that provide data on FT product yields have

been found for comparison to the yields found in the present study.
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Table 5.11 — Influence of the H,/CO molar ratio in the feed syngas on FT gas and liquid
product yields (at 230°C, 10 bar, WHSV = 8.8 h*, and m.,= 0.5g)

Product Yields (wt.%) Oxyg. | Unreacted

Test | H,/CO Liquid In Water | Syngas
2 CO; | CH; CyGCs +|;|A//g)’(se . ng%l (Wt.%) (v)\//t.g/o)
FT14 1.6 9.0 0.1 0.1 0.2 0.4 2.1 90.1
FT15 1.8 7.6 0.7 0.3 2.7 3.7 5.1 84.9
FT7 2.0 7.5 1.2 0.2 2.2 3.6 3.7 85.2

When the H,/CO molar ratio in the feed syngas increases the concentration of H, species on the
catalyst surface increases (as discussed previously in section 5.3.4.4). This has been reported to
increase CO conversion and promote chain termination reactions (section 2.2.1) which, in turn,
result in the increased production of lower molecular weight hydrocarbons [89, 91]. Conversely,
the formation of heavier molecular weight hydrocarbons (Ce.) would decrease as the H,/CO molar
ratio is increased, resulting in lower liquid hydrocarbon yields. Equally, as the H,/CO molar ratio in
the feed syngas decreases, the concentration of CO species on the catalyst surface increases. This
has been found to propagate chain growth to a greater extent than at higher H,/CO molar ratios in
the feed syngas (section 2.5.4).

The above observations are reflected in the results presented in Table 5.11 above, which show that
as the Hy/CO molar ratio in the feed syngas increases both the yields of CH; and C,-Cs
hydrocarbons increase, whereas the yield of liquid hydrocarbons (plus waxes) decreases as the
H,/CO molar ratio is increased from 1.8-2.0. Below a H,/CO molar ratio of 1.8, however, the yield
of liquid hydrocarbons decreases, which is contrary to the expected trend. This can be attributed to
the poor CO conversion that was achieved at a H,/CO ratio of 1.6, as discussed previously in
section 5.3.4.1. The poor performance of the Co/Al,O; catalyst at this lower H,/CO ratio of 1.6 is
also discussed later on in section 5.3.4.7. The yield of water (containing soluble oxygenated
compounds) increases as the H,/CO molar ratio in the feed syngas is increased, whereas the yield
of CO, decreases indicating that the WGS equilibrium reaction (Equation 2.2 section 2.2), through
which water and/or CO, are produced, shifts towards the formation of water rather than CO, as
higher CO conversions are achieved. No definite trend is observed for the concentration of soluble

oxygenated compounds in the water.

The results presented in Table 5.11 above indicate that under the reaction conditions implemented
in the 20cm® reactor using the Co/Al,O; catalyst in the present study, operation at a H,/CO molar
ratio in the feed syngas of 1.8 would be preferred over operation at a ratio of 2.0 because higher
yields of once-through liquid hydrocarbon products are obtained. Operation at this lower H,/CO
molar ratio would also be more favourable from a processing perspective as less conditioning or

H,/CO molar ratio adjustment of the syngas (typically H,/CO molar ratio for biomass derived
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syngas is 0.5-1.5 [69]) would be required for FT synthesis using the Co/Al,O; catalyst. These
results are further demonstrated in Figure 5.40 below, which illustrates the influence of the H,/CO
molar ratio in the feed syngas on the ratio of liquid products to gas products (excluding unreacted
syngas), showing that the highest ratios of total liquid products to gas products (0.72) and liquid
hydrocarbons to gas products (0.30) are obtained at a H,/CO ratio of 1.8.
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Figure 5.40 — Influence of the H,/CO molar ratio in the feed syngas on the ratio of liquid
products to product gases (at 230°C, 10 bar, WHSV = 8.8 h™, and mc,; = 0.59)

5.3.4.6 Energy Content and Composition of Liquid Hydrocarbon Products

A representative photograph of the liquid products, consisting of a liquid hydrocarbon phase (plus
waxes) and a water phase (containing soluble oxygenated compounds), collected from the H,/CO
molar ratio profile tests (tests FT7, FT14 and FT15 listed in Table 5.1 in section 5.1.6) was
provided in Figure 5.7 in section 5.3.1.6. The product analysis methods were described in sections
3.5.3.1 and 3.7.4.2. The calorific values of the liquid hydrocarbon samples collected from these
experiment runs are calculated using the method outlined previously in section 3.5.3.3, and are
given in Table 5.12 below. Although very slight differences in calorific value are observed with
increasing H,/CO molar ratio in the feed syngas, these results show that the energy content of the
liquid hydrocarbons is not significantly influenced by variation in the H,/CO molar ratio in the feed
syngas.

Table 5.12 — Influence of the H,/CO molar ratio in the feed syngas on the energy content of
liquid hydrocarbon products (at 230°C, 10 bar, WHSV = 8.8 h™, and m. = 0.50)

Test | H,/CO Content (%) HHV (MJ/kg)
cC | H | N | O

FT14 | 16 | 8440 | 1539 | 010 | 0.11 47.56

FT15 | 1.8 | 84.62 | 1524 | 010 | 0.04 47.46

FT7 | 20 | 8421 1520 0.0 | 049 47.26

Figure 5.41, Figure 5.42, and Figure 5.43 below, show the GC-MS chromatograms of the liquid
hydrocarbons that were obtained at the three different H,/CO molar ratios in the feed syngas

investigated in tests FT14, FT15 and FT7, respectively.
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Figure 5.41 — GC-MS chromatogram of liquid hydrocarbons collected from H,/CO molar
ratio in the feed syngas profile test FT14 at H,/CO = 1.6
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Figure 5.42 — GC-MS chromatogram of liquid hydrocarbons collected from H,/CO molar
ratio in the feed syngas profile test FT15 at H,/CO = 1.8
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Figure 5.43 — GC-MS chromatogram of liquid hydrocarbons collected from H,/CO molar
ratio in the feed syngas profile test FT7 at H,/CO =2.0
The relative fuel compositions of the liquid hydrocarbons collected are calculated from the
chromatograms in the figures above, using the method outlined in section 3.5.3. The results are
illustrated in Figure 5.44 below.
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Figure 5.44 — Influence of the H,/CO molar ratio in the feed syngas on liquid hydrocarbon
product composition (at 230°C, 10 bar, WHSV = 8.8 h*, and mc,; = 0.5g)
These results show that the most favourable fuel composition (highest diesel and lowest naphtha
content) are obtained at a H,/CO molar ratio of 1.8. The fuel composition obtained at a H,/CO
molar ratio of 2.0 is in fact less favourable than the one obtained at a molar ratio of 1.6, although
the liquid hydrocarbon yield at a H,/CO molar ratio of 1.6 was very low (as discussed previously in
section 5.3.4.5). The highest naphtha content (and, conversely, the lowest C,q. Waxes content) is

observed at a H,/CO molar ratio of 2.0. This result further supports the argument (made previously
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in section 5.3.4.1) that higher H,/CO molar ratios in the feed syngas promote chain termination
reactions due to higher H, partial pressures in the syngas, producing lower chain length
hydrocarbon products. As the highest liquid hydrocarbon yield (discussed previously in section
5.3.4.5) containing the highest proportion of diesel in the fuel mix was obtained at a H,/CO molar
ratio of 1.8, this value appears to be the preferred value for operation in the 20cm? reactor using the
Co/Al,O5 catalyst under the reaction conditions implemented in the present study. However, further
investigation into the activity of the catalyst with time on stream is required before selection of the
preferred H,/CO molar ratio in the feed syngas is made (section 5.3.4.7 below).

5.3.4.7 Catalyst Stability

The stability of the catalyst over the duration of the synthesis experiments using different H,/CO
molar ratios in the feed syngas is compared in Figure 5.45 below. The initial ‘spike’ in CO
conversion observed at a H,/CO molar ratio of 2.0 is due to the exothermic nature of the reaction
explained previously in section 5.3.1.7. To a lesser extent, a similar effect is observed at a H,/CO
molar ratio of 1.8, where sudden activity is recorded approximately two hours after the reaction is
initiated. As opposed to the reaction at a H,/CO molar ratio of 2.0, however, this is followed by a

more initially stable activity.
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Figure 5.45 — Influence of the H,/CO molar ratio in the feed syngas on catalyst stability: CO
conversion versus time on stream (at 230°C, 10 bar, WHSV = 8.8 h™, and m.. = 0.59)
As illustrated in Figure 5.45, the catalyst displays the most favourable stability at a H,/CO molar
ratio of 2.0, where CO conversion is more consistent, though a gradual but smooth decline is
recorded over the duration of the run. As shown in Figure 5.45 above, at a H,/CO molar ratio of 1.6
intermittent short periods of very low CO conversion are observed in comparison to the runs
performed at higher H,/CO molar ratios. This indicates that under the reaction conditions used in
the 20cm?® reactor with the Co/Al,O, catalyst a H,/CO molar ratio of 1.6 is not recommended for

operation. At a H,/CO molar ratio of 1.8 the catalyst displays a relatively stable behaviour up to
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approximately 36 hours of reaction time, at which point the activity begins to rapidly decline over
the last 12 hours of the run. The decline in catalyst activity recorded during the runs at H,/CO
molar ratios of 1.8 and 2.0 can be attributed to deactivation by the carbon and wax deposition
mechanisms discussed previously in section 5.3.1.7. However, the reasons for the rapid decline in
catalyst activity recorded at a H,/CO molar ratio of 1.8 are not known. Further investigation is
required, therefore, in order to justify this observed behaviour, including repetition of the FT
synthesis runs performed at H,/CO molar ratios in the range of 1.6-2.0 (FT7, FT14 and FT15 in
Table 5.1in section 5.1.6), as well as additional experimental runs covering a wider range of H,/CO
molar ratios (e.g. H,/CO = 1.0-3.0), as discussed previously in section 5.3.4.4.

The influence of the H,/CO molar ratio in the feed syngas on the extent of the above deactivation
mechanisms was examined by TGA analysis as previously outlined in section 3.6.4. The mass loss
results obtained from these analyses are presented in Table 5.13 below. The results show that
significantly higher amounts of carbon and wax are deposited on the catalyst surface at a H,/CO
molar ratio of 1.8 in comparison to molar ratios of 1.6 and 2.0. This potentially explains the rapid
decline in activity that is observed at this value (Figure 5.45 above), as the excessive deposition of
carbon and wax can “block” the catalyst active sites and inhibit the progression of the reaction.
SEM micrographs (at x764 magnification) of the Co/Al,O; catalyst before and after reaction in
runs FT7, FT14 and FT15 (Table 5.1 in section 5.1.6) are provided in APPENDIX B. Small
differences can be seen in these micrographs, however, the magnification strength used was not
sufficient in order to allow for definite conclusions to be drawn. Higher magnification strengths are

therefore recommended for future investigation.

Table 5.13 — Influence of the H,/CO molar ratio in the syngas on the extent of carbon and
wax deposition on the catalyst surface (TGA results)

Catalyst Total Mass Mass Loss
Due to Carbon
Sample H,/CO Loss ..
Origin (wt.% dry basis) & Wax Deposition
' (Wt.%0)
CO/Alzog ) 47 )
before Reaction ’
FT14 1.6 41.9 37.2
FT15 1.8 55.5 50.8
FT7 2.0 40.3 35.6

5.3.4.8 H,/CO Molar Ratio Selection for Further Experiments

Under the reaction conditions used (Table 5.1 in section 5.1.6) in the present study, a H,/CO molar
ratio of 1.6 results in poor catalyst performance and is, therefore, not recommended for operation
on the 20cm?® reactor. Despite this, the liquid hydrocarbons collected at this lower H,/CO molar
ratio had a more favourable fuel composition (high diesel, low naphtha contents) than those

collected at a higher H,/CO molar ratio of 2.0. Maximum liquid hydrocarbon yields and the most
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favourable fuel product composition were obtained at a H,/CO molar ratio of 1.8, indicating that
chain growth reactions are enhanced at H,/CO molar ratios in the range of 1.8-2.0. The activity of
the catalyst at a H,/CO molar ratio of 1.8, however, was found to rapidly decline towards the end of
the run due to excessive carbon and wax deposition, ultimately leading to quicker deactivation than
at a H,/CO molar ratio of 2.0. Hence, despite the advantages of operation at a H,/CO molar ratio of
1.8 discussed above, a H,/CO molar ratio in the feed syngas of 2.0 is selected as the preferred value
to be used for operation on the 20cm® fixed-bed reactor in the present study, and in the final
parameter profiling test set. This is because at this H,/CO molar ratio in the feed syngas the catalyst

displays more consistent activity with time on stream.

5.3.5 Influence of Catalyst Loading
Sections 5.3.1 to 5.3.4 resulted in identification of the preferred reactor temperature, reactor

pressure, space velocity and H,/CO molar ratio in the feed syngas for subsequent tests.

5.3.56.1 CO Conversion & Product Selectivity

The results obtained in the present study for the effect of catalyst loading on CO conversion and
product selectivity (at 230°C, 10 bar, H,/CO = 2.0, and WHSV = 8.8 h™) are presented in Table
5.14 below. As discussed previously in section 5.1.5, this parameter profiling test set is carried out
as ‘a proof of principles’ in order to ensure that the Co/Al,O; catalyst used in the present study is
capable of achieving higher CO conversions and producing higher liquid fuel yields. The results
from this test set are also used in calculating the mass and energy balances over the FT reactor
(section 5.3.5.3). The calorific values of the liquid hydrocarbon samples collected from experiment
runs FT7 and FT16 (Table 5.1 in section 5.1.6) are calculated using the method outlined previously

in section 3.5.3.3 and are also provided in Table 5.14.

Table 5.14 — Influence of catalyst loading on CO conversion, product selectivity and energy
content of liquid hydrocarbon products (at 230°C, 10 bar, H,/CO = 2.0, and WHSV = 8.8 h'")

Catalyst coO Product Selectivity
Test | Loading | Conversion (MJ/kg)
() (mol%) | CO, CH, CyCs Ce
FT7 0.5 18.3 49.2 | 20.8 1.9 28.0 47.26
FT16 2.0 39.6 16.5 | 14.8 4.3 64.4 47.68

These results show that a fourfold increase in catalyst loading results in significantly higher CO
conversion, and higher C,-Cs and Cs. hydrocarbon selectivities, but lower CO, and CH,
selectivities. As the same feed syngas mass flow rate conditions are used in both experiments (FT7
and FT16 in Table 5.1 in section 5.1.6) these results are expected. This is because a higher catalyst
loading corresponds to a longer catalyst bed height and, therefore, a lower space velocity and a
higher residence time in the catalyst bed. This is also in agreement with the relationship that was

expressed previously in Equation 3.1 in section 3.4.3.1, stating that the reactant conversion is
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proportional to the catalyst weight. In turn, this results in higher reactant conversion and higher
chain growth probability leading to the increased formation of heavier molecular weight
hydrocarbons (Cs.), and conversely, a decreased production of CH, and low molecular weight
hydrocarbons. These results indicate that under the reaction conditions implemented on the 20cm?®
reactor with the Co/Al,O; catalyst using a higher catalyst loading of 2.0g is preferred. This is
because lower CO, and CH, selectivities imply a lower requirement for FT reactor off-gas
reforming, conditioning and recycling, whereas the higher Cs,. hydrocarbon selectivity can be
considered equivalent to higher yields of once-through liquid hydrocarbon products (as discussed
previously in section 5.2.1). Once again, although very slight differences in calorific value are
observed as the catalyst loading is increased, these results show that the energy content of the

liquid hydrocarbons is not significantly influenced by variation in the catalyst loading.

5.3.5.2 Product Yields

The methods used for calculating the product yields were previously outlined in section 3.7.4.2.
The unreacted syngas is calculated by difference. The product yields obtained in this parameter test
set (Table 5.1 in section 5.1.6) reflect the results for CO conversion and product selectivity for the
different catalyst loadings presented previously in Table 5.14 (section 5.3.5.1 above), and are

provided in Table 5.15 below.

Table 5.15 — Influence of catalyst loading on FT gas and liquid product yields
(at 230°C, 10 bar, H,/CO = 2.0, and WHSV =8.8 h™)

Product Yields (wt.%)

Catalyst R Oxyg. Unreacted
Test | Loading co. | cr | ec ||—_:(/1CL:“d Water | InWater | Syngas
2 4 2-Cs ’s wt.% wt.%
(9) - Waxes + Oxyg. ( ) ( )
FT7 0.5 7.5 1.2 0.3 2.2 3.6 3.7 85.2
FT16 2.0 7 2.3 2.2 5.1 14.2 1.6 69.2

As discussed previously in section 5.3.5.1, higher catalyst loading results in higher reactant
conversion and higher chain growth probability leading to the increased formation of heavier
molecular weight hydrocarbons (Cs.), and a decreased production of lower molecular weight
hydrocarbons. This is reflected in the results presented in Table 5.15 above, which show that a
higher catalyst loading results in higher yields of liquid hydrocarbons (plus waxes). Although
higher yields of both CH4 and C,-Cs hydrocarbons are obtained when a higher catalyst loading is
used, these figures are still in relative proportion to those obtained at the lower catalyst loading.
The yield of water (containing soluble oxygenated compounds) increases in direct proportion to the
catalyst loading, where a fourfold increase in yield is observed. A small decrease in the yield of
CO, is abserved as the catalyst loading is increased, indicating that the WGS equilibrium reaction
(Equation 2.2 section 2.2), through which water and/or CO, are produced, shifts towards the

formation of water rather than CO; as higher CO conversions are achieved. The reduction in the
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concentration of soluble oxygenated compounds in the water when the catalyst loading is increased
may be due to the higher chain growth probability