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SUMMARY

The work reported in this thesis concerns the heat transfer rates
and fluidization phenomena encountered when solids are heated by
a high temperature gas stream, then transported away and brought
into contact with a cold gas stream.

Transport of solids through the "particle heater" fluidized bed
is achieved by inclining the distributor at various angles up to
20° to the horizontal and returning the cooled solids to the top
of the slope by mechanical means s0 as to maintain continuous
circulation of solids. A review of the literature established
that no similar system had been reported upon and that data on
previously reported fluidization phenomena were not directly
applicable to design of the type of system investigated here,

A small experimental heat exchanger was built at the University
to test the feasibility of the concept, Experiments with this
heat exchanger showed that its performance was sufficiently good
to justify further development work, Parameters explored
included, irclination of the distributor, mean particle size,
fluidizing velocity and solids flow rate.

A theoretical model was also developed during the course of the
studies to assist design of laboratory apparatus and to predict
the performance of larger scale equipment, The model predicted
that, for two given gas streams, the rate of heat transferred
between the gases is dependent on the circulation rate of the
solids and the gas-to-particle heat transfer coefficient, The
analysis led toc the cgnclusion that more than one #ke- bed is
required to.e achieveassufficiently large rate of heat transfer
between two gas streams to satisfy industrial criteria, yet the
power required to fluidize and to transport the solids is
relatively small,

The effect of the solids flow rate and the gas-to-particle heat
transfer coefficient upon gas-to-gas heat exchanger design and
performance have been evaluazted,

The project detailed in this thesis has been sponsored by Xomatsu
Ltd. The author wishes to acknowledge the advice given to him
by Dr., J.R. Howard and the assistance gEiven in construction of
apparatus and laboratory work by the staff of Department of
Mechanical Engineering,
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NOMENCLATURE

Variables

A cross sectional area of bed or tube
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Ar Archimedes number Ar = gdp5(ps - pg}pg / pga
a bed length

B dimensionless éuantity given by eguation 2.7
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Dy distributor plate hole diameter
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d diameter of bed

Fw pressure gradient caused by friction
Fr Froude number Fr = Ua/(gD}

f friction factor

E accelation due to gravity

h heat transfer coefficient

L bed depth

LT solids height in downcomers

Lh length of heat exchange surface

M number of cells

m mass flow

N number of stages

Nu Nusselt number Nu = hpdp VX

P pressure

Ph distributor hole pitch

Br Prandtl number Pr = #&CE A

g heat transfer rate

feed rate of heat capacity or solid loading ratio in

equation 2.14



Re Reynolds numb Re = Ud
Y umber PV, Vi ke

5 surface area of particles
T temperature
Tav average air temperature
Ts,f solids temperature at feed point
(8 time
U velocity
u* dimensionless velocity
uo gas velocity
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Ws solids mass flow
z tube length
€ voidage
n efficiency
thermal conductivity of gas
7 viscosity
P density
L standard deviation
¢ particle sphericity

Subscripts
a air
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"particle heater"
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m mean

Xi



ok

» < Libg™ | g b o L i
& bl S | [ 4
g R T Sk Al
S : . h ":El*bﬁ‘l—l—'l }"”—Qr =" :
, . ¥ g s il e e ad SRR PO
' 4 L 4 L | |_ﬁ ? ol '.' L "r\:"f'__..'., 5 i AR i ,tl‘; =, ﬁ .‘I""
- i = : .'4_ - " ol JJ s i. 3 Pl ] i 20
- T : b = L "2l L 1 1 o i | - ..a.‘ 2 1 Vi i
AL _ iy =l : vl |' A - ,Ifl"-j'.-
A et 2 TN o Y ' wivh o ' J - Yags
. ~ ¥ S
3= T Rk s = B :
p



CHAPTER ONE
INTRODUCTION

1.1 FLUIDIZED BEDS

Fluidization is the process by which a gquantity of solid
particles can be made to behave in a fluid-like manner by passing
a gas or a liquid through the spaces between the particles.

It is not a new technique. An American patent of 1879 (1)
describes a process for roasting of minerals whereby mineral ore
particles are fluidized under high temperature conditions,
(although the word "fluidized" is not used). Attention was
drawn to outstandingly uniform temperature in this patent.

The next important use of fluidized beds was by Fritz Winkler
for the gasfication of powdered coal in 1926 (2). In the early
1940%s a major successful application of gas—fluiﬁized bed
techniques was to the engineering of the catalytic cracking
process (3). The techniques of fluidization provided the means
whereby the cracking and regeneration reactions could be carried
out. The problem of transferring the used catalyst from the
reactor to the regenerator and back seemed to have been solved
from 1942 onwards (3). Subsequently, the chemical and oil
industries concentrated for many years largely on the applications
of gas-fluidized systems which exploit the advantages of good
gas-to-so0lid contact and good mixing for chemical reactions and
ease of transporting solids. Although the heat transfer
properties of the fluidized systems have often been essential

to successful operation of a process, this inherent éuality was
usually taken for granted and not separated out as a primary

reason for the particular process application. Nevertheless



the advantageous heat transfer properties find application in
fields as diverse as the heat treatment of metals (4), coal
combustion furnaces and boilérs (5), dryers (6) and heat

exchangers (7).

The main purpose of the work described in this thesis was to
study heat transfer prbcesses in fluidized beds with a view to
establishing whether fluidized beds could be used for industrial

gas-to-gas heat exchange operations.

16 WASTE HEAT RECOVERY

A crisis over supplies of energy was brought to a head in 1973/4
by the formation of OPEC and its collective action at that time
which resulted in quadrupling of oil price. Since then
accelerated research and development has been in progress
worldwide (a) to explore for new source of oil, (b) to provide
alternative energy technology to augment the dwindling supply of
petroleum and natural gas, and (c) to use energy more efficiently
with less waste.

the
This thesis in concerned witgfpevelopment of a method of
recovering heat from hot gases which would otherwise be discharged
directly to the atmosphere. One large source of waste energy is
hot exhaust gas from combustion systems and heating systems of
all types. The degree of commercial viability of such a heat
recovery scheme depends strongly on the use to made of the
recovered heat (8) and the reliability of the heat rehovery
equipment. It is important therefore that sight is not lost of

these commercial considerations when investigating the technology.



In the particular application in mind here, recovered heat from
a furnace exhaust gases would be transferred to the air to be

heated.

Necessary characteristics for such a system would be,

7S The system should present a low pressure to the exhaust
S0 as to minimise the pumping power needed,

2e The capital cost and the maintenance cost of the system
should be minimal and be small in comparison with the annual
cost of providing the same amount of energy by alternative
means (e.g. by burning fuel).

3 The size and the complexity of the system should be
sufficiently small to make the construction easy and
functioning reliable,

L. The system can be cperated over a sufficiently wide range
of the conditions of hot exhaust gas and the particular

fluid to be heated up.

1.3 FLUIDIZED EED HEAT EXCHANGERS

Waste heat recovery units based on shallow beds are now
commercially available for transferring heat to steam or hot
water and they have GEEjEEE&characteristic mentioned above (G).
On the other hand, a novel fluidized bed gas-to-gas heat
exchanger was proposed and patented by Elliott and Virr in 1278
(10), and the feasibility of this patent was exploited by Newey
Cil, 129, His results showed that there is g limitation for the
pressure difference between two gas streams if z larée amount of
leakage between them is to be avoided. It seems more difficult

to maintain the leakage at a low level for a multi-stage unit

M



heat exchanger than a single-stage unit heat exchanger. However

a multi-stage unit is very necessary if a higher effectiveness

than 60% is to be achieved. This effectiveness is normally

the
achievable by some other types heat exchanger such as rotating

regenerator and heat pipe heat exchanger$



CHAPTER TWO
REVIEW OF LITERATURE

2,1 INTRODUCTION

This review studies the esstime present state regarding work
relevant to the design and $ke development of #he gas-to-gas
fluidized bed heat exchanger. Firstly there is a section

dealing with .some properties of fluidized beds. The second

section describes the several types of heat recovery systems

2.2 FLUIDIZED BEDS

A fluidized bed can be considered as a mass of particles
supported by a fluid stream as shown in Figure 2.1. The bed of
solid particles is contained in a vessel with a porous base
through which a fluid flows upward into the bed. This fluid
permeates the voids between the particles at low flow rates.as
shown in Figure 2.1 (i). The bed in this condition is a fixed
bed. As the fluid velocity increases, so does the drag force
on the particles. At some velocity the drag force on the
smallest particles becomes equal to their weight and they become
supported on the flow. As the velocity increases progressively,
more of the particles bepome supported and the bed expands
gradually with increasiag’the number of the particles supported,
Eventually a sufficient number of the particles are fﬁlly
suppggked by the fluid and the particles then have just

sufficient freedom for random movement as shown in Figure 2.1 (ii).



The fixed bed becomes incipiently fluidized at this point.

With further small increase in velocity the bed is fully
fluidized and exhibits fluid-like properties. The pressure
drop across the bed will be equal to the weight of the bed
although it is likely that this pressure drop will be exceeded
just prior to the achievement of fluidization with gas-fluidized
systems because the reéidual packing and interlocking of
particles within the bed must first be broken down. This is
indicated by the hump in the stylized curve OAB in Figure 2.2

for bed pressure drop as a function of the fluid flow rate.

With further increase in fluid velocity it makes little
difference whether the fluid is a liquid or a gas. If the fluid
is a liquid, the bed continues to expand uniformly with increase
in the velocity as shown in Figure 2.1 (ii). If the fluid is a
gas, the system becomes unstable and cavities containing few
solids are formed as shown in Figure 2.1 (iv). These- look like
bubbles of vapour in a boiling liquid. The upward movement of
the bubbles is responsible for the mixing of the particles in
the bed. As shown in Figure 2.3 (13), a rising bubble has a
wake which tends to 1lift particles and so induces vertical
mixing. The bubbles increase in size by coalescence as they

rise,

When the bubbles become comparable in size with the containment
at high fluid velocities, the bed is in the slugging regime as
shown in Figure 2.1 (v) (14). Slugging is strongly affected by
the vessel geometry, especially in tall beds of small diameter.
It is usually considered undesirable since it increases the
problems of entrainment and lowers the performance pokential of

the bed.,



Further increase in gas velocity will eventually lead to the

stage when the terminal velocity of the particles is exceeded
locally or generally and the particles become entrained in the
gas stream. This is exploited in pneumatic transport systems

and is often termed & dilute phase fluidization (15).

For large particles orﬁinary fluidization may not be practical
and so a modified contacting scheme, the spouted bed, may be used.
The spouted bed is a combination of a jetlike upward moving
dilute fluidized phase surrounded by a slow downflow moving bed
through which gas percciates upwards) s shown in Figure 2.4,
-fb date the application of the spouted bed has been limited to

a few physical operations such as the drying of grains and peas

(16).

All the work reported here concerns gas fluidized beds only, and

ligquid fluidized system will not be mentioned further. Therefore
the results and conclusions of this thesis should not be regarded
as indicative of the 1ikelyfproperties of liguid fluidized system

similar to that described here.

2é2.,1 Minimum fluidizing velocity and pressure drop

Minimum fluidizing velocity, Umr, is the superficial gas

velocity at which the fluidized state is considered to begin.

The onset of fluidization occurs when the drag force on the
particles becomes equal to the weight of particles. Then the
pressure drop developed across the bed by the passage of the gas
is equal to the weight of the bed per unit area of the distributor

plate:

=



SPb = — = me(l = emr}li PS o PE)E (2.1)

a

The pressure drop throughﬁfixed bed of uniformly sizerolidshas

been correlated be Ergun (17) using the eguation,

e
3 P, 150(1-;)2,,EU 1.75(1 - ¢ )p 0

. = +
s T AR
I e dp g¢up

(2.2)

The particle shape factor, ¢ (required for non-sphericsl
particles), € gy are not normally known. To avoid this
difficulty, Wen and Yu (2) suggested the empirical correlation

equation 2.3 might be of greater practical use:

3
gl b 0. OUOBA. 2.l 2 = 25)
2ol £ 133.7% 4 e e ek [ RN
Fe Fe

Eqguation 2.3 was obtained by using the following experimental

results obtained from studies of packed beds,

and inserting them in eguation 2.1 and 2.2, and solving the

resulting quadratic equation when 2.1 and 2.2 are combined.
ever the

For 284 data points #n Reynolds number range of 0.001 to 4000

these expressions have been found to give predictions of Umf

with z standard deviation of +34%. Using equation 2,1 and 2.2,

Todes, Goroshko and Rosentaum (18) obtained eguation 2.4 for



approximate calculations (with an accuracy of the order of 120%),

assuming that the particles, so that

¢ ~1 and €nf = Oely

dﬁUmfpg Ar oy
by © 1,400 + 5.22dAr k

poth eqguation 2.3 and eguation 2.4 assume that no interaction
occurs between the particles as the equations are based on the
packed bed condition rather than a fluidized bed. This approach
is equivalent to regarding the limit of stability as the limiting

state of a still stationary bed.

If a bed of granular material is fluidized for the first time,

it has to be expanded before reaching the minimum fluidization
velocity. With a further increase in gas velocity, the packed
bed suddenly "unlocks", resulting in a decrease in pressure drop
to the static pressure of the bed, as given by equation 2.1.
However real systems do not have a clearly definable transition
to the fluidized state as shown OCB in Figure 2.2.

The transition is gradual for a number of reasons, tbe most
important of which is that all the particles will normally be 042
different sizes and shapes and so the drag force on each of them

is different for a given Ug. Hence, not all the particles



become fully supported simultaneously and there is a range of Uf
the

before the entire bed is innfluidized state.

A pressure drop versus velocity diagram is useful as a rough
indication of the quality of fluidization, especially when
visual observation is not possible. For example 5%2 abnormally
low pressure drop sugéests incomplete contacting with particles
only partly fluidized, called "channelling" (2).

o
In the case ofﬁépouted bed, the pressure drop versus velocity
diagram depends on not only the bed height and the particle
nature, but also the geometry of the equipment. More of the
gas flows through the peripheral annulus as the diameters of
the apparatus and gas inlet are made larger, or as the air
velocity and angle of the conical inlet section are reduced (19).
Figure 2.5 shows typical curves for the relationship between
the pressure drop and gas velocity both before and after the
beginning of spouting. Leva (20) explains the nature of these
curves as follows. Initially, the fluid permeates through the
bed, (section OA) after which a short channel forms in the low€?
portion; as a result of this the bed resistance begins to fall
(section ABC) when the velocity is further increased, since the
channel then grows higher. When the channel finally extends
through the whole bed, there is another sharp fall in 8P (section
CD) and a stabilization of the bed resistance as spouting sets
in. If the air flow rate were now reduced, spouting does not

cease at point D in Figure 2.5 but at point Dm’ corresponding

B!
to the so-called minimum spouting velocity.

C e Particle motion in fluidized bed

The motion of the particles in the bed is largely induced by

10



bubbles rising through the bed, and it causes intensive mixing
of the particles and fluid, which has very important effects on
heat and mass transfer and on chemical reaction. Eubble
formation and particle motion induced by bubbling is of
considerable practical importance and has occupied the attention
of many researchers, but because of the complexity of the
phenomenon the subject is still not fully understood.

Mode
One approach has been deme- by Geldart (21), who classified
granular materials according to the way they behave when they
are fluidized. Four categories emerge from this attempt at
classification and Figure 2.6 illustrates this, Particles
belonging to Group C are either very small or cohesive and are
generally very difficult to fluidize. Group C particles are
characterised by being so small that the inter-particle forces
are large in comparison to the gravitational force on the
particle. Group A particles with size in the range 20 to 100 pl
are used extensively in the petrochemical industry, but these
are too light to be of use in heat recovery units because of
their low entrainment velocity. This group is marked by high
bed expansions and limited bubble growth,. Group B particles
with size in the range 40 to 500 pm show a bubble growth
proportional to the bed height, and Group D particles with size
over 600 pm fluidize unstably with a lot of cross-coalesced
bubbles and are capable of forming a spouted bed. Group B
particles might be suitable for the heat recovery units, however
it is possible to reduce the size of the unit by using Group D

particles because of the enlarged gas velocity through the beds.
In describing the usual particle circulation in small-diameter

fluidized bed, Leva (20) noted that the particles could be seen

through the transparent walls of a tube to move downward and then

11



suddenly away from the walls intoc the bed as shown in Figure 2.7.
However in shallow beds the descending particle motion around the
walls is feebly developed, and particle motion appears toc be more
uniform, bubble size small, and less bubble, the particle motion
is caused by the passage of bubbles. Various authors (22, 23,
24) have observed that particles are carried upwards by the bubble

wake and move downwards elsewhere.

In a few cases the description of the solid mixing is based on

a circulation rate of the solid (25), because some experimental
findings suggest (2) that it can be estimated from the number and
size of bubbles passing through the bed. Heertjes et al (26)
proposed a model for shallow beds with cross flow of solids.

A number of units was used, equal to the average number of gas
bubbles breaking through the surface. The authors distinguish
between a top layer with a relatively fast horizontal solid
transport and an underlying layer with perfect mixing., Although
their result calculated from the model had a reasonable agreement
with the experimental results using silica&el particles of a
particle size between 150 pm and 250 p#m, it seems difficult to
apply their equations in situations wher::;érticle size or
distributor is different from their experimental condition.

They simply identified the number of unite¢from the number of
bubbling at the top of bed, and it may depend on the particle

size or the design of distributor.

Diffusion models have been used to account for and describe the
solid mixing in beds. A number of investigators (27, 28, 29, 30)
have used the diffusion model approach but with different
experimental methods for vertical and lateral mixing.' Comparison
of té? both mixing results suggests that vertical mixing is some

five to ten times faster than lateral mixineg. This result is of

12



importance when we consider the residence time distribution of

particles in flowing fluidized beds.

On the other hand, the movement of particles witqw;n a spouted
bed follows a regular and easily studied pattern. Several
investigations on particle flow in the spout and the annulus,
solid circulation rateé and mixing characteristics have been
reported (31, 32). Particles entering the spout near the
orifice from the annular region accelerate rapidly from rest to
a peak velocity, and then begin to slow down until they reach
zero velocity at the spout top. The main accelerating force is
due to the frictional drag on the particles by the jet, while
deceleration is caused by gravity and by collisions between the
particles and the spout wall. The particles which have reached
the bed surface from the spout top travel down the annulus along
an approximately parabolic path towards the spout (19). If the
slot inlet is so arranged that the spouting gas enters the bed
tangentially, as shown in Figure 2.8, the bed solids are
transported upward as a dilute phase along one wall of the column
and slide downward as a dense phase along the opposite wall.

The vortex movement thus established is reported by Mitev (6) to
be more stable than with vertical introduction of the spouting

gas, and could be achieved for a wide variety of solids.

The whirling bed as proposed by Eaxerres and Gibert (33) is
essentially a solid circulation system in which a high intensity
mixing movement is obtained using a special distributor.
Basically, the idea is to prevent uniform gas distribution at the
bottom of the column by fixing a wedge on the grid plate. One
example working with cylindrical columns is illustratéd on Figure
2e9s It also shows the cyclic solids movement in the column;

the solids travel upwards by pneumatic transport above the free

13



zone of the distributor, and downwards in the space above the
wedge. Rios et al (34) show the whirling (or circulating) bed
improves the contact efficiency between gas and particles, which
is poor in "ordinary fluidized beds" of Group D particles because

of a very strong tendency to slugging and channelling,

e Entrainment velocity

The terminal velocity of a free particle falling in the gas, UT’

is often assumed to be the same as the entrainment velocity of
the particles. An expression for UT for a spherical body can

be derived from fluid mechanics (35),

|
egd . ( )i
E Poi=
U = i L (%.5)

3ngD

where Cp is an experimentally determined drag coefficient.
Empirical approximate Cp and UT in the Reynolds number range is

as follows.,

2
, gd.~ (A - p.)
(a) Cp = 2k 4 Up = =0 & & for Rep < 1
Fep ].Bp.g
1
3
Wp_. - p.) &
(v) Cp = 101, Up=f—5 & g for 1 < Re, < 500
Re 2 225pgpg
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Bg(ps - Pg)dp

(c) G syliatihs U 's
Pe

for 500 < ReP < 200000

However, real particles are not spherical. Shirai et al (3%6)
r
report that CD ﬁ% irregular shape particles is larger than 4%*

He
spherical skape specially in high Rep ranges shown as Table 2.1.
partiles A

2.2.4 Design of distributor

The purpose of the distributor is to provide even fluidization
and to support the bed weight. In the shallow beds at low
temperature the latter is easy to achieve, but for the high
temperature bed the materials of the distributor must be chosen
carefully according‘to the physical properties at the operating
temperature and the corrosion resistance if the distributor works
in corrosive environments. To obtain uniform fluidization the
distributor should provide equal gas flows to all areas of the

bed and should do this with as low a pressure drop as possible

to minimise the pumping power needed. The quality of bubbling
fluidization is strongly influenced by the type of gas distributor
(37, 38). If it has only a few openings the bed may channel or
slug and the bed density fluctuates widely. This is particularly
severe in shallow beds. Use of shallow beds for heat transfer
system distributors are normally restricted to either porous

media or pierced plates with closely pitched holes or slots.

Other distributor types, like bubble caps, tuyeres or simple

orifices, such as are used in deep bed, are hardly used because
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sufficient lateral gas diffusion to give uniform fluidization
cannot occur until some distance above the distributors. The
latter condition would lead to spouting or channelling in

shallow beds.

Many investigators have paid special attention to the criterion
of distributor for uniform fluidization,. For instance Whitehead
(6) has suggested that the distributor pressure drop should be

at least LO% that of the deep bed. Agarwal et al (39) recommend
that pressure drop across the distributor plate be roughly 10%
of the shallow bed, with minimum pressure drop in all cases of
about 35 cm HZO‘ However the value chosen depends upon many
other factors (2), and it is generally desirable to keep pressure
drops as low as possible to limit the pumping power required.
Fluidization can easily become unstable with severe channelling
and local defluidization when such low pressure drop distributor

are used, so care must be taken,

When commercial development is anticipated, the material will be
finally chosen according to the structure of bed and the
enviromental condition, Especially at temperatures higher than
?OOOC the design of the distributor and the support parts should
be carefully decided, because the thermal stress may cause large
distortion or cracks on the distributor plate and it will make
the fluidization uneven. ®ee Gorrosive material or the dust
caré?d iﬁi?as might block or damage the distributor. It should
also be noted that quality control is normally difficult in the

manufacture of distributors, and supposedly identical plates may

differ substantially in actual performance.
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2.2.5 Heat transfer between fluidized bed and wall of the

containing vessel

A number of experimental investigation have been reported on heat
transfer between fluidized bed and the wall of the containing
vessel (40, 41, 42, 43). However there are considerable
differences among the results of different works. This may be
caused by various factors affecting the heat transfer coefficient
such as the physical properties of the gas and the particles and
the size of the bed., Wen and Leva (44) correlated the data of

four groups of investigators (42, 43, 45, 46, 47), and obtained

the following expression

0.4 0.76 0.l 2 \=0.2
A by “ ngS gdp
0.36
3 nfL_m: (2.6)
L¢

where L is the fluidization efficiency defined as

U, - (superficial velocity for uniform expansion of bed)
s =
% U0

This correlation covers a broad range of test materials, and about
95% of the data used fell within *50% of the values predicted.
Another generalized correlation was presented by Wender and Cooper
(48). This is based on five studies (40, 42, 45, 46, 47, 49).

Figure 2,9 shows the diagram of

. (hwdp/k wa - cf)CSPE/Cng 1

(2.7)

against Re, (= U d /k).  However Botterill (50) recommended the
simple approximate correlation which has been given by Zabrodsky

(51) for the maximum bed to surface heat transfer coefficient with
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particles of Geldart’s class "B", This has the form:

2 0.6 4 -0.36

0.
hw,max = 35.8 p A p (2.8)

One might expect to obtain values of 70% of this maximum under

reasonable operating conditions.

The mechanism of heat transfer between the wall and fluidized bed
was pursued and some propesals were made (43, 52, 530 e Though
the detail descriptions of the mechanism is omitted, it should be
emphasized that the gas boundary film fOrmed along the wall
surface, the motion of particles in this region are regarded to
be very important factor controlling the heat transfer to the

emulsion phase adjacent to the wall.

2.2.6 Heat transfer between gas and particle

In the process of the design or the evaluation of the heat
exchanger performance, it is very necessary to know the gas-to-
particle heat transfer coérficient undeéﬁ%roposed bed operating
conditions. Gas-to-particle heat transfer in fluidized bed
systems in general, has been extensively studied and many
correlations for the heat tranfer coefficient have been developed
over a wide range cf operating conditions. However, great
difficulty in interpretation of gas-to-particle heat transfer is
caused by the wide variation in the published data. Kunii and
Levenspiel (2) state that this variation is over one thousandfold
between different observers. They obtserved that there is wide
variation the experimentzl conditions used and in data
interpretation among them. In particular, these must be examined
to see now tc determine gas-to-particle heat transfer coefficient,
namely, through measurement of gas temperature, measurement of

particle temperature and flow pattern assumption for the gas.
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Essentially two types of experiments have been used to find hp
in fluidized bed: the steady-state and the unsteady-state
experiment. In the steady-state, hot gas enters a bed which is
kept cool. Most investigators probed the changing gas
temperature close to the bed entrance. However it is difficult
to evaluate the gas temperature by measurement because the gas
temperatures of bubble and emulsion are different and most
measurement read their some average. In the unsteady-state
setup the temperatures of entering and exit gas are measured
with time, and a heat talance gives the temperature of solids at
any time, from which hp i‘su:ouﬁ:a Th-e&ll investigators made
one of two assumptions i‘or/‘ gas " either backmix or plug flow,

The majority, noting that large disturbances of gas exist in the
bed, assumed complete mixing of gas throughout the bed, hence

backmix flow of gas.

The results are usually presented with the dependent variable
being a Nusselt number, Nu = hpdp/x » Which includes hP,

the gas-to-particle heat transfer coefficient, The simplest
case of gas-to-particle heat transfer is that of a single sphere
in an infinite medium, In this instance Nu is given by Ranz

and Marshall (54) as

Hu = 2 + 0.6 Prl/3 Rel/a (Z.Btg)

which demonstrates that the minimum value of Nu is 2, which
represents heat transfer in an infinite stagnant medium, a
condition which depends only on the thermal conductivity of the

medium,

Cn the other hand, Frantz (55) discussed the variation of the

experimentzl results of different investigators on the gas-to-
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particle heat transfer in fluidized beds. He calculated
Nu-Pr'l/5 from the results of Walton (56) and Heertjes (57), who
measured the gas and the solids temperatures in a steady-state
fluidized bed, and plotted it against Re. Walton mezsured the

solids temperature, T by a bare thermocouple within the main

E’
portion of the bed, and Heertjes showed that the same value of
T, was gi:gf substantially by the different methods such as
measuringha bare thermocouple in a collapsed bed or measuring
the exit gas temperature. They both measured the gas
temperature by a suction thermocouple which only sampled the gas.

The resultant expression from their experiments is

Nu = 0.015 Rel*6 ppi/3 (2.9)

Frantz nominated hp thus obtained as the true heat transfer
coefficient and separated it from the apparent heat transfer
coefficient obtained by measuring the gas temperature with bare
thermocouples. Kunii and Levenspiel (2) considered that data
calculated assuming that the gas flow pattern was plug flow were
more reliable because the data appears to be more consistent.
Nevertheless this assertion of reliability may be challenged,
because experimental findings show that gas flow in fluidized bed
is nearly the extremes of backmix flow. (34) However all
available data reported on this basis are correlated by

00 -~

[~ M
Nu = 07 Reled- 0%

(2.10)

The comparison between the two gas-to-particle heat transfer
coefficients for a single sphere in a infinite medium.-and for
particles in fluidized beds, obtained from equations 2.8 and PSRN G
shows that hp for fluidized beds is considerably smaller than the

theoretical value of a single sphere in ordinary gas convective
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operating conditions at lower Re than 25; Nu of fluidized bed
falls velow 2 for w single sphere condition of conduction

alone. This discrepancy was explained by Kato and Wen (58) who
considered that the effective heat transfer area is much less
than-the total particle area because the regions near the points
of contact between the particles cannot be contacted by the gas.
The thermal boundary layers which surround the particles overlap
and the gas cannot easily penetrate these to reach the particles’
surfaces. Chang and Wen (59) suggested the important relation
between the gas film of particles and the bed depth. Based on
the bubble assemblage model, Kato and Wen (58) re-examined the
results of selected investigators and attempted to introduce the
bed depth, Lf, as a variable when comparing the results of these
investigators. Kato et al (§0) obtainhfollowing empirical
equation in the range of 3<Re< 50, asSuﬁing no lateral mixing

of gas in the bed.

d
Nu = 0.59 Relel [_B_ (2.11)

Equation 2.11 suggests that as the bed depth increases, the
thickness of the thermal boundary layers decreases so Nu rises

towards the predictions of the single sphere equation.

Furthermore, McGaw (61) pointed out that the geometry of the
containment and the distributor is important to estimate hp.

He developed the following correlation for shallow beds of
particles a few mm in size, up to 33 mm in depth and with a
distributor having holes on a triangular array, assuming no
lﬁzfral mixing of gas in the bed and perfect mixing of particles

in vertical plane:

21



d D
Nu = 0,355 Re%? B P (2.12)
Lf Ph

where Dh is distributor plate hocle diameter and Ph is distributor
hole pitch. The range of Reynolds numbers investigated was
100 <Re < 850, which is larger than the range of Re of eguation
2.11.

The determination of a gas-to-particle heat transfer coefficient
in a spouted bed is complicated by the difficulty of selecting
the appropriate temperature driving force and the corresponding
heat transfer area. Although the particle temperature can
reasonably be taken as uniform throughout the bed since the
solids are well-agitated, the gas temperature is far from being
uniform, Uemaki and Kugo (6) measured the temperature profiles
in the spouted bed, and obtained the heat transfer coefficient
which were estimated to be 1/5 - 1/10 of values expected for

a fluidized bed under similar conditions. The reason for the
low values was considered to be that in a spouted bed, only a
small fraction of the total bed solids reside in the heat
transfer zone. In addition, it is the same reason for the

poor heat transfer between gas and particles in a partly

fluidized or channelling bed.

Eei e Flow of fluidized solids

It is apparent that the many attractive features of a fluidized
bed originate in its fluidity, To study this property a number
of investigators (62, 63, 64, 65) measured the viscosities of
beds by different methods, Their results suggest the following
conclusions,
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e Gas velocity plays but minor roles in influencing

Ll

viscosities except close to Umf where the viscosity r=Fses

Eharply. AS ve ("—{T (N Cpfnd 5 ,r4g>-|,\ J“—bfl éss\a-‘m-. UMAM &"ﬂ
rises qredealt

LS The viscosity is strongly affected by the particle size and aglin. !
the size distribution; —— the larger the solids, the
higher the viscesity. The increase is normally more marked
in deeper beds dué to the reduced homogeneity therein when
fluidizing large particles. However adding a relatively
small amount of fine particles to a bed of large material
sharply reduces the viscosity to .that of a bed of fines.,
The fines may act as a lubricant to reduce the friction
between coarse material,
Be The viscosity of a shallow fluidized bed increases with the

bed depth, due to the disturbing influence of the larger

bubbles present in deeper beds.

On the other hand, there are five distinct methods by which

fluidized beds have been made to flow; See€ F!js 2.4 G 2.1

(1) a fluidized bed may be fed continuously from a hopper at
one end and the depth kept constant by a weir at the other,
(26, 61, 66, 67, 68, 69)

(i) the distributor may form the base of an inclined channel.
(65, 70, 71)

(#i). the distributor can be formed into continuous loop shaped
like a running track, the bed being fluidized in the usual
manner but paddle wheels push the material around the
circuit. (71)

(iv) the gas flow from a distributor having jets discharging at
an acute angle to the plane of the distributor may supply
the transverse momentum to particles to enable them to flow.
(11, 12)

(v) the fluidized bed may be sectionalized to z number of cells



and the distritutor inclined, the dividing plates being
arranged so that the solids can flow from one cell to the

next, as shown in Figure 2.15. (72, 73)

The study of vertical flow in continuously fed beds has been
carried out for a number of years to investigate various models
of solid mixing (66). Although the reported work on a
rectangular section fluidized bed with a weir at the other end
of the solid inlet (Figure 2.11) is very limited in exten&: its
use has been reported for process heating of granular coke and
for cooling granular fertilizers, sulphur and powdered milk (67).
Thermal analysis on such a system-Q:;z been carried out by McGaw
(61, 68). He measured the particle residence time distribution
in a continuously fed bed (69). He used 1,25 mm diameter glass
beads in a fluidized bed 29.4 cm long, 5.1 cm wide and.from 16 to
63 mm deep. The actual distributions were always between plug
flow and perfect mixing. As the bed depth decreased the
distribution approached plug flow, though the fluidizing air
velocity did not appear to affect the mixing greatly. He stated
that heat transfer was faster with plug flow and so shallower
beds should be better. In contrast to McGaw’s work, Heertjes

et al (26) reported that fluidizing gas velocity affected the
particle residence time distributions using smaller particles
between 150 um and 250 pm. They stated that shallower bed and
lower gas velocities lead to an increased minimum residence time
and approached plug flow. The lack of agreement of two works’
results seems to be caused by the difference of the contribution
of excess gas to the bubbling in the beds with different size

particles,

Studies of the flow of fluidized beds down inclined channels

(Figure 2,12) have been carried out mainly to understand flow
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phenomena such as slip and viscosity. McGuigan (6£5) intended to
elucidate the flow behaviour of the bed and its associated
viscosity and shear properties for industrial application. He
found that at low fluidizing velocities, the flow was adversely
affected by settlement of stagnant lzyer of particles on the
distributor, which gave rise to increased flow resistance,
especially in shallow beds. Conversely at higher fluidizing
velocities, the resistance at the distributor appeared to be less
than at the walls. 1Ishida et al (70) measured the flow velocity
of solid particles in a open channel using an optical probe and
classified the flow patterns into five types depending on the
fluid velocity and the inclination angle, Only when the air
velocity increased beyond Umf and with very low angle of
inclination, less than 50, was bubbling observed. As the
inclination angle was increased, the rapid stream of particles
extinguished the bubbles as remarked by McGuigan (65) and
Botterill and Abdul-Halim (71). The particle shows laminar
movement and the velocity near the surface of bed is higher at

than the bottom.

The fluidizing particles in a horizontal continuous loop channel
bed can be moved by a paddle-wheel arrangement as shown in Figure
2.13. Botterill and Abdul-Halim (71) reported experiments on
the forced flows of two kinds of solids, a catalyst of mean
diameter 77 pm and a sand of 200 pm, in a cpen channel, Their
results showed that the catalyst expanded stably and flowed as on
an air slide; on the other hand, the flow properties of the sand
were strongly influenced by bubble development. The trends in
the horizontal and inclined channels are qualitatively similar,
but gquantitative agreement was not apparent, possibly due to the
difficulties of calibrating the viscometers accurately.

Especially for bubbling rising flow, it will possess different
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flow characteristics between the vertical and horizontal
directions.

anch(12:)
Newey {ll)ireported on the development of a fluidized bed gas-to-
gas heat exchanger, where fluidizing particles are moved by
fluidizing gas emerging with a significant transverse component
of velocity. Figure 2.lh shows a suitable design for a
distributor which has directional air flow properties. The
fluidizing gas emerges as a jet in a direction inclined to the
plane of the distributor and under certain conditions there is a

sufficiently large transverse component of momentum to make the

solid flow. He measured the solids’ velocity by timing the a(L5Z£nce d;;“edk

b
p&eﬂéée—of a float, although its use has been criticised by

McGuigan (65) as being unrepresentative of the flow velocity of
the solids. However the use of a float remained the only simple
method of assessing solids velocity. Newey reported that the
onset of solids’ flow is quite sudden when Uf is about 2 U . and

that the shallower bed flows more easily.

A pneumatic escalator can be devised for transporting particles;
the particles are blown up along inclined plate and conveyed to
the next cell with air (Figure 2.15). It was developed
initially to convey particles through a duct with air or gas by
Shinohara and Tanaka (72). They investigated the average
residence time, the pressure drop of air or gas, and the power
required to convey solids. Shinohara and Yasuda (73 ) reported
on its heat transfer charateristics with particles. They found
that Nu increases with Re, particle concentration and average

temperature of air and with decreasing particle size as
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0.25
Tav

Nu = 1.52 x 10°% Rel*72 (1 - ¢)~0:31

Te 1

: dp
exp |[-46.7 —E;— (2.13)

They stated the pneumatic escalator could be utilized
satisfactorily for simultaneous heat transfer and particle

conveying in a continuous dry system,

A few common properties may be found among these five distinct
methods of solids transport. Firstly the shallow beds flow more
easily due to the absence of large bubbles. The heat transfer
between gas and particles is faster with plug solid cross flow
and so shallow beds flow is suitable for heat exchangers
Secondly there is no accurate method to measure the total amount
of solid flow in the bed. Only an external catch pot system
seems an unquestionable method for accurate measurement of steady
state solids flows. Lastly it seems very difficult to estimate
the so0lid mixing in the flowing bed because the solid flow is not

homegeneous in vertical cross section of a bed.

Pl et Vertical transport of solid-gas mixture

The scope of the review in this section is confined to (i) upflow
of particulate solids in a tube as occures in vertical pneumatic
conveying and riser-reactors; and (iil) downflow of particulate
solids in a vertical standpipe. The gim is to present some view
on the status of knowledge of the subjects so as to design the

solids circulation system of a fluidized bed gas-to-gas heat
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exchanger and to develop the system.

The different flow regimes in vertical upflows of granular
materials may be described in terms of a flowchart as shown in
Figure 2.16 (74). At a very high gas velocity, solids are
conveyed in an apparently uniform suspension in so-called "lean"

or "dilute phase" flow at a voidage close to one. As the gas
velocity is reduced at a fixed solid flow rate, solid concentration
in the tube increased, In #he systems of coarse particles in
small tubes, which are commonly used for the pneumatic transport
of fluidized bed solids, a sharp transition point will eventually
be reached at which the uniform suspension collapses and the solids
are then conveyed upward inkense phase slugging flow with solids
carried upwards mainly in the wakes of rising slugs. A number of
empirical correlations (75) are available for the prediction of
this sharp transition point which is known as the "choking point",
Leung (74) recommended Yang's correlation which is rewriten in the

following dimensionless form

R=|[|1 ~40.05Fr

U‘é-l) ¥ 3  E W U [

(2.14)
+ 2
where Ug = Ug /Utrand Fr =Utr/ (gD)

The transition gas velocity,Utr, is defined as the choking velocity
for the particular solid loading ratio, R. In dense phase
slugging conveying, if the gas velocity is further reduced at the
same solid flow rate, a point will eventually be reacﬁed when slip
velocity is no longer sufficient to support the particles in

suspension and transition from dense-phase slugging conveying to
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packed bed or moving bed flow occurs. This type of gas-solid-tube
system is represented by the right hand branch of the flow chart
in Figure 2.16. On the other hand, fine particles in large tubes
tend to exhibit the non-choking phenomenon as represented by the
left hand branch in Figure 2,16, For the prediction of
demarcation between choking and non-choking systems, Leung (74)

recommended Yang's equation which criterion becomes

i no chokin
0.35 J&d > U, or g

or Uy, / (gD)0*? > 0.35 for choking to occur (2.15)

A& large number of correlations for predicting pressure gradient in
lean phase vertical pneumatic conveying is available in the
literature, The vertical‘pneumatic conveying can be described by
means of one-dimensional, isothermal steady-state mass and
momentum balances. The common differential equations are as

follows (76).

fluid continuity

%_(epsug) =0 (2.16)
Z

solid continuity

%; [(1 - )p ] =0 (2.17)

mixture momentum

du gt

dp € g
-—= = (1 - €)p U +ep U —2
dz 58 EE 45

*["’s(l -€) + Pge]s 4 R

—
o
.
-
o
~—
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Fw in equation 2,18 represents the pressure gradient caused by
friction between the gas-solid mixture and the wall, It is usual
to consider wall friction to be made up of two additive components,

one for gas and one for the solid, i.e.

2 4 2
2¥ e BT (1w e )pl
Fw = gDE E + o 5 il (2-19)

where fs, fs are s0lid and gas friction factors respectively and
fg is often assumed to be the same as the Fanning friction factor.

For a given p_, U_, Pg? UE and D, there are two unknowns before
pressure gradient can be estimated, viz. U_ (or e) and o

Konno and Saito (77) proposed the following correlation.

g 5 tr (2.20)

and

£, = 0.0285 / (U /quD) (221D

Modi et al (78) suggested that this correlation gave reasonable
agreement with published results on pneumatic conveying of coal.
However it dose not take into account the parameter of the
coefficient of friction between particle and wall. Leung (74)
suggested that this omission throws doubt on whether their
correlations may be extrapolated with confidence, A number of
workers considered the contribution of the particle-wall
coefficient of friction (79), but the validity of their equations
is as yet unknown because information on the coefficient of
friction between particle and wall is often not available for

evaluation of the equations,

Downflow of particulate solids in a standpipe occurs in flow out
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of a fluidized bed, down a hopper outlet and down a cyclone
dipleg. Smooth operation in the stanpipe of a system is often
critical and problems such as flow interruption, flow fluctuations
and general flow instability can often be traced to mal-operation
in ﬁhe standpipe. Leung and Jones (8C) stated that these
problems are caused by the possibility of four different flow
patterns and the coexistence of more than one flow pattern in the
standpipe. They distinguished the four flow modes as following,
1, Dense phase fluidized solids flow (DENFLC) in which particles

are in suspension often at a voidage close to e ]

5°
also known as '"bubbly dense phase flow" to indicate the
occasional presence of bubbles. The bubbles usually flow
downwards in industrial standpipes.

2. Lean phase fluidized solid flow (LEANFLO) in which particles
flow down at high voidage sometimes in the form of
"streamers".

Ba Packed bed flow (PACFLO) in which solids flow en bloc with
little relative motion between gas and solids. The slip
velocity here will be less than that at minimum fluidization,

b Slip-stick flow (STIXFLO) in which solids flow is jerky,
oscillating between flow and non-flow,

In both LEANFIO and DENFLO, particles are in suspension, Thus

the two flow regimes can generally be classified as fluidized

solid flow,. In both PACFLO and STIKFLO, slip velocity is less
than minimum fluidization velocity and they can be classified as

non-fluidized solid flow.

Leung and Jones (80) combined the previously published equations
to indicate the conditions for a standpipe with fixed terminal
pressures and a slide valve near its lower end where different
flow modes would occur, In particular it was shown that there

is a critical aeraticn rate above which either PACFLO throughout



the pipe or DENFLO throughout the pipe would occur, However
there was some uncertainty about whether operation would occur,

which depends on the characteristics of solid.

Eleftheriades and Judd (81l) experimentally investigated the solid
flow in downcomers, using sand of mean diameter 0.5 mm., The

dynamic behaviour of this system has been studied and a simple

force-momentum balance eguation

2 2
Vs LWl

4+ pall = € o)gkn = O
D 'ps(l W ’mf) s mf ik

(2.22)

and a modified Ergun equation (from equation 2.2 )

p, 38U L =i o 3.
g $:2.08 1okl g a{:!agf
Ly \ “nf $° di ‘ar | dp

where

U w
g s
80 = (slip velocity) =U_ =-U_ = -

. ¥ ‘nf pgll. ~'e

)

mf

can be used to describe moving bed flow in a downcomer.

They suggested an iterative scheme for sizing downcomers.

In many industrial standpipes, a slide valve or some other
restriction is often present at the lower end for control of

solid flow and pressure balance, Often such a restriction is
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necessary to give adequate pressure build-up in the standpipe.

For design of an orifice for flow of fluidized particles, Leung
o

(74) recommended Eb-useﬁthe following equation which can predict

solid mass flow rate.

[Ws| = Cpy (Ag / &) pg(1-;5) 3B (2.24)

Predictions from this equation with CDV in the range of 0.5 to
0.65 were shown to agree with extensive results, For flow of a
fluidized mixture through an orifice, the solid and gas flow rate

may be related by adapting the Ergun equation as following.

&= A\ su . A\ su|su] 1 x
= K.D _ i D e e e
0 1% = 2% 0 "
where

&, = [1506(1-02] / (a0

Ky = L75p,(1-¢) / (#d.¢)

Leung (74) stated that equation 2.25 permits the calculation of
gas flow through an orifice if BPO is known. For solid flow
rate through non-mechanical valves such as an L-valve, a J-valve
or reverse seal, knowltnn and Aquino (82) reported that the
most aeration-efficient non-mechanical valve was the L-valve,
which was just slightly more efficient than the J-valve. They
also stated that the non-mechanical valves generally used less

gas to feed solids into the 1lift line than the lift-pot devices.
While some progress has been made in recent years in understanding

£
@£ vertical transport of solid-gas mixture$ the stage seems not
!

to have been reached when industrial transport system can be
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designed with complete confidence. Only some guidelines for
design are available and they are not comprehensive for different
types of operating conditions. However an understanding of
vertical transport may have applications to analyze the solids

movement in a spouted bed or a circulating fluidized bed.

2.2.9 Electrostatic inter-particle effects

The presence of electrostatic charges in fluidized beds is known
to alter the character of fluidization. Generally the presence
of electrostatic potential causes agglomeration, or at least
restriction of movement, of particles withi;Fbed. This leads to
loss of fluidization, channelling and adherence of particles to
the bed walls and immefsed surfaces. Its effect is more serious
in beds of small, light particles. The authors of the works on
fluidized bed flow noted the significant effect charging can have
on flow behaviour, hence its imporfance in this project. However

little work appears to have been carried out on the use and

effectiveness of possible precautions to prevent charging.

If the particles in transport pipeline are charged, the behaviour
of the solid flow can be also affected (6). ®ha Considerable
static electricity can be generated while the solid particles are
passed through pipeé at the high velocities, It causes similar
phenomena toein fluidized bedfand solid flow rate decreases with
a increase in the charge effects. It is sometimes a serious

handicap to their performance.

An encouraging feature of electrostatic charging phenomena, from
the point of view of heat transfer system, is that the effects
appear to be less serious at high temperature. Ciborowski et al

(11) reported reductions in potential over a temperature range of
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20- 108° C. Indeed no difficulties attributable to charge have
been reported in high temperature systems which suggests that it

will not be a serious problem in the heat exchanger.

P WASTE HEAT RECOVERY TECHNIQUES

Introduction

Periodic crises over supplies of energy have arisen all over the
world since 1973/4 when the formation of OPEC and its collective
action resulted in quardrupling of oil price. Since then
accelerated research and development has been in progress world-
wide for the development of techniques for saving or recovering
energy and for exploitation of alternative sources of energy.
For Japan, who depends on foreign supplies for the greatest parﬁ
of her energy demand, the development of s new energy technologies
" to meet the long-term situation is undoubtedly necessary, but in
the meantime development of energy saving systems based on

existing techniques which can be brought into immediate commercial

effect is required urgently.

In industrialized countries, the manufacturing industries account
for the major part of the total energy consumption, For example
i;i?nited Kingdom it is some 42% (83). Industrial heat recovery
systems can be also highly cost effective, even at present levels
of energy costs, so that payback period ranging from a few months
to a few years are achievable in a number of situations, Cn a

national scale a really large amount of recoverable heat at high

temperature is wasted. What is not generally recognised is that

it is expensive simply to handle high temperature gases. The
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cost of a heat recovery system may be small in relation to the
inevitable cost of handling the hot effluent.

23
This thesis is concerned with development of a method of
recovering heat from industrial waste hot gases for the reasons
mentioned above. In the particular application in mind here,
recovered heat from a furnace exhaust gases would be transferred
to the incoming air to be preheated, although it is important to
recognize that this heat exchanger may be applicable for other
systems, This section of the thesis describes the main methods
of gas-to-gas heat recovery to evaluate these techniques for

waste heat recovery in the manufacturing industries.

Of the techniques for waste heat recovery, it is in the area of
gas-to-gas heat exchanger that the widest variety exists.

However, they may be broadly grouped into two classifications:
recuperators and regenerators. The recuperator functions in

such a way that the heat flows steadily and continuously from

one fluid to another through a separating wall. In a regenerator,
however, the flow of heat is intermittent, and is typified by

rotary systems such as the heat wheel, described in Section 2.3.1.

User considerations

Froéﬁ?oint of view of the user, however, one of the most important
distinctions in the selection of gas-to-gas heat recovery equipment
is the operating temperature range. In the high range of
temperature, materials degradation may occur. The liquids used
in systems such as heat pipes and run-around coils may also be
subject to thermal degradation at high temperatures, thus limiting

their life,

Another aspect is fouling. The accumulation of matter on the

\M
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heat exchange surface affects both pressure drop and heat transfer.
The waste hot gases from a industrial furnace are normally
contaminated by dust or corrosive matters, so special care sheaéd—fb
e needed. The installation of the equipment must be easy and

the unit should have a minimal effect on plant operation. It may
be said that practicalities associated with installation,

operation, maintenance and economics take precedence over thermal

design.

Heat storage

On the other hand, the ability to store heat in a useful form for
use at a later stage when demand increases has attracted an
increasing amount of attention in recent years. Industry has
used thermal storage devices for many years, commonly known as
heat accumulators. Some accumulators are employed to store steam
at high pressure for release later at a lower pressure for process
use, These can cope with large fluctuations in demand. The use
of hot water as a storage medium is also popular, and a major
advantage of hot water storage over other heat storage media is
that the water can be used both as the heat storage medium and the
heat transport medium, eliminating the necessity for a heat
exchanger. A recent study (8) investigated solid particle heat
storage media for use at higﬁltemperature than a water storage
system. The advanfage of this system is the high temperature at
which stored heat is available (this increases the possible
applications for‘use of the heat) and the fact that the particles
can be used as the heat transport medium, The particles may be

circulated intermittently through fluidized bed heat exchangers.

2wl Rotating regenerators

The rotating regenerator has been used over a period of about
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fifty years for heat recovery in large power plant combustion
processes (84)., It consists of elements, usually metallic,
which are contained in a subdivided cylinder which rotates inside
a casing, as shown in Figure 2.17. The elements are heated by
the flue gas which flows through éég?side of the cylinder and‘
subsequently cooled by the combustion air on the other side as
the wheel rotates. Baffles subdivide the cylinder; there are
also seals between the cylinder and casing to limit the amount of
leakage from the air side to the flue gas side. On large units
such as 660 MW boilers, this can amount to 10% of the flow,
leading to inefficiencies. In other applications, where the
sensitivity of the fresh air to any cross-contamination is high,
purge sections may be incorporated to minimise leakage flows to

as low as 0,04% by volume,

Rotational speeds are 5-20 rpm, and the effectiveness of the heat
wheel is typically 65-80%, making it generally the most efficient
of the gas-to-gas heat recovery systems available. Operating
temperature range is up to 820° C with a stainless steel cylinder,
and have been reported in excess of 1000° C using a silicon
nitride matrix for the cylinder (85). Overall, rotary
regenerators can be used successfully in air-conditioning and
combustion processes where the leakage is not a problem. However
the heat wheel is often susceptible to fouling which militates
against its use in some conditions, It is important to remember
that rotary regenerators work efficiently only in the condition
where the supply of waste hot gas and the supply of gas required

to be heated exist simultaneously.

A Heat pipe heat exchanger

The heat pipe heat exchanger used for gas-to-gas heat recovery is
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basically a bundle of finned tubular heat pipes assembled like a

conventional air-cooled heat exchanger.

A heat pipe (Figure 2.18) is a sealed container having a wick
lining the inside wall (86). The wick contains working fluid,
which is the heat transport medium, I1f one end is heated, the
liquid evaporates and the vapour is transferred by the pressure
difference between the ends of the pipe. At the cooler end the
vapour condenses and the liquid is returened to the heated end
by the capillary action of the wick, The energy is transferred
as the enthalpy of evaporation of the fluid, and the heat pipe
can operate with only a small temperature difference betwee%ﬁendi
The gas-to-gas heat pipe heat exchanger employs these heat pipes
as shown in Figure 2,19, The evaporators are located in the hot
exhaust duct separated by a partition, through which each heat
pipe passes, from the duct carrying the air to be heated, which
passes over the condenser sections. The efficiency of heat pipe

heat exchangers is typically 50-65% (87).

,.f_ Y
Heat pipe heat exchanger havé technical advantages such as having
no moving parts and zero leakage. They are fully reversible,
can be designed with very low pressure drops and are compact
because of the high thermal conductivity of heat pipes. However
at present heat pipe heat exchangers can cope with exhaust gas
temperatures of up to 3500 C, although special models are
available at high cost where temperatures in excess of this are
likely to be encountered (88). Another disadvantage is that
finned heat pipes are needed to utilize the heat pipe’s large
heat transfer capability, and the fins are liable to corrode and

foul,
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el Run-around coil

The run-around coil system, sometimes referred to as a liquid-
coupled indirect heat exchanger network, can be a highly effective
and readily installed technique for waste heat recovery,
particularly when it is desirable to install a heat recovery
system without re-routing of ductwork. In its simplest form,
used for heating, ventilating and air conditioning (HVAC) and
low-temperature process heat recovery, it consists of standard
extended-surface finned-tube water coils, used with a circulating
pump, As illustrated in Figure 2,20, one coil is located in the
exhaust gas stream, and the other is located in the duct through
which the air to be heated is flowing. The liquid picks up heat
from the exhaust gas as it passes through the coil in that duct,
and subsequently rejects the heat to the incoming air stream

before bteing returned to the exhaust gas coil.

Maximum efficiencies are of the order of 70%, but operation in

_ , Te.
the range 40-60% is more typical (8?)'.A Upper temperature of
operation is limited to about 300° C fluid temperature, and pumps
for higher temperature organic fluids can be expensive. Another
disadvantage is that freezing of the liquid filling can be a

serious problem,

2adelt Recuperator

Convection or tubular recuperators come in a wide variety of
forms, depending upon the operating temperature range, plant size
and the nature of the fouling in the exhaust gases. One
disadvantage of the tubular recuperator is that a comparatively
large amount of tube has to be used in order to achieve
efficiencies comparable with other types of heat exchanger S,

However lack of extended surfaces does have advantages in many of
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the application areas for tubular recuperators, Units
fabricated with glass tubes can be used in corrosive atmosphers.
If the heavily fouled gas strem is directed through the tubes,
they can be cleaned easily, and it allows the equipment to be

used in dusty exhausts.

Another type of recuperator is a radiation recuperator,

Compared with the convection recuperator, the radiation type
offers very low resistance to gas flow and in most instance never
needs cleaning, As well as applications involving heat recovery
from boiler and furnace exhausts, the radiation recuperator may
be used in conjunction with a radiant tube heater, forming a self-
contained radiant tube heater and recuperator unit, as shown as
Figure 2,21, Typical savings on this gas-fired radiant tube can
be in range 25-45% of original consumption (89). t provides a
meanfof greatly increasing the efficiency of small furnaces,

particulary batch furnacel.

2edeD Fluidized bed heat exchanger

The waste heat recovery units based on shallow beds as shown in
Figure 2.22 are now commercially available for transferring heat
to steam or hot water (9). These are more compact than
conventional convective units because the heat transfer
coefficient between he&f&hd immersed finned tube surface is up to
ten times greater than that for air-to-surface. Mazjor advantages
of this system are that it should present as 1ow,;; pressure drop
to the exhaust as possible to minimise the pumping power need,

and that it can operate in heavily fouled enviroment because the
movement of the particles in a bed prevents the immersed finned

tube from fouling.
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Other work on fluidized bed heat eXchanger systems has been
undertaken by Newey (11, 12). He studied the technical
feasibility of the novel shallow fluidized bed gas-to-gas heat
exchanger as shown in Figure 2.25, which was proposed and
patented by Elliott and Virr (10). The novelty of the heat
exchanger lies largely with the distributor plate, shown in Figure
2.13, which moves the fluidized bed across its surface because of
a significant transverse component of gas velocity as described
in Section 2.2.7. The solids are heated by the hot gas in one
part of the bed and then the solids flow around unti%{ they are
fluidized by cold gas. The particles then give up their heat to
the cold gas. Thus heat is transferred from the hot to the cold
& rossconlam inalio—
gas stream, There is an inherent leskese- path between the two
gas streams and the amount of leakage depends greatly on a
pressure difference between the freeboard zones of the two gas
streams. His results show that when the pressure difference
increases more than about 0.6 kPa (=~ & cm Hao), the leakage
increases significantly. It is much more difficult to maintain

alt e
the leakage 28 a low level for, multi-stage unit heat exchanger

o/ A.A'
described in the patent thanﬁgingle unit heat exchanger. The
maximum effectiveness oihsingle unit based on equal cold and hot

mass flow {atefis 50%, which does not seem to be very competitive,

eld . q (793 ,
comparizag some other typeﬁﬂheat exchanger such aﬁ&rotatlng
regenerator and heat pipe heat exchanger.,s

le

The efficiency uﬁ&heat exchanger can be much improved by using
multistage fluidized bed. Such systems have been employed for
example to exchange heat between hot gas leaving a kiln and fresh
cold solids. A simple analysis for design purposes has already
been presented (2). Peyman and Laguérie presented experimental
results using a 4 stage fluidized bed (90). They developed a

model which took into account heat losses to the surroundings and
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radiative exchange between consecutive stages acting as a sort of
backmixing of heat, Toei and Akao (91) developed a multi-stage
fluidized bed with perforated plate and without overflow pipes as
shown in Figure 2,24, The particles form a fluidized bed on
eacﬁ plate and the gas is in contact counter-current with TK@

IS~ SY 0§ »3
particles. The advantageg of this uniﬁhare-tﬂe structure is
very simple and even dirty gases may be used because the backflow
of particles througgﬂperforation seems to prevent dusts from
fouling. They reported that the apparatus can be used

effectively as a dryer, cooler or absorber of material in the

range 0,5-5 mm diameter as had been confirmed by its industrial

application,

2.3.6 Dilute phase streaming bed

Fouling or damage to the distributor can be expected to ogccur if
fluidized bed techniques are used for the recovery of waste heat
at high temperature from very dirty or corrosive gases. A system
free from this limitation is the falling cloud heat exchanger.
(Figure 2.25) Such a device, described by Sanderson and Howard
(92), consists of a vertical duct through which the hot dust-laden
gas flows upward, Cold particles are introduced into the duct
falling freely counter-current to the gas flow, picking up heat
from the gas as they descend. At the bottom of the duct the hot
particles are collected and transported to a fluidized bed heat
exchanger or a heat storage. Once cooled in the fluidized bed
unit, the particles are recirculated to the top of the duct.
Alternatively, a zig-zag contactor, as shown in Figure 2.26 (93),
could be used insted of the vertical duct, The characteristic
common to them is that they can be operated in counter-flow, which

may make it possible to gain high efficiency.



2edal Heat storage

Heat storage for steam raising is probably the most widely applied
storage application in industry. However, because of the
increased awareness of energy cost, other storage media for
consérving waste heat which can be collected at "off-peak" tariff
rate, or accumulating heat from intermittent waste sources, are
beccming of greater interest to industry and commerce,

Bergougnou et al (8) discussed about some advantages and
commercial viability of the high temperature heat storage which
uses solid particles as a heat storage medium, The major
advantage of this system is the particles can be also used as the
heat transfer medium in the situation where high temperature heat
is rejected in gases heavily contaminated with dust and corrosive
vapours and/or intermittently. They stated that the degree of
commercial viability of such a scheme depends strongly on the end

use to made of the recovered heat.

2.4  SUMMARY OF EXISTING WORK

The properties of fluidized beds and developments for waste heat
recovery are now well-documented and commented, but not yet fully
understood, The major advantages of using shallow fluidized beds
for waste heat recovery are as follows.

1. T'heghallow beds can present a low pressure to exhaust and
should have the flow and heat transfer characteristics best
suited to the heat exchanger.

avey 4

2. The system can be operated imn—the wide range of the
tomperarare of hot exhaust gas.ﬁ-)n kLJ"a lirex

<

iné

S The system iékvery suitable device for inpu%ﬁand recovery of

K
heat stored in hot solid particles,
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by hul%%:stage units may operate to obtain higher efficiency
thanﬁt’;o% which can be achieved by some other typesAheat
exchanger.

However it is difficult to predict the total performance of the

heat recovery system on the basis of other people’s work.

The results from the review &% covered by this weex chapter
suggests that a multi-stage unit with shallow fluidized bteds could
be used effectively for waste heat recovery equipment, Therefore
in the work proposed at the University, a highly effective heat
exchanger witn multi-stage beds was designed, and the technical
and economic feasibility of this heat exchanger was studied.

The necessary criteria for the design of an industrial scale

prototype were also developed.
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FIGURE 2.2 PRESSURE DROP
CHARACTERISTIC OF A FLUIDIZED BED
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FIGURE 2.3 PARTICLE MOTION AROUND
A RISING BUBBLE
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FIGURE 2.4 SCHEMATIC DIAGRAM OF A
SPOUTED BED
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FIGURE 2.5 PRESSURE DRQOP
CHARACTERISTIC OFA SPOUTED BED
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FIGURE 2.6 PARTICLE CLASSIFICATION

FOR FLUIDIZATION from Geldart (21)
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FIGURE 2.7 PARTICLE MOTION IN A

FLUIDIZED BED from Leva (20)
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FIGURE 2.8 DIAGRAM OF SINGLE-SECTION
EQUIPMENT WITH GAS ADMISSION THROUGH
A SLOT from Mitev (6)
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FIGURE 2.9 SCHEMATIC DIAGRAM OF A
WHIRLING BED from Rios et al (34)
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FIGURE 2.10 CORRELATION FOR HEAT
TRANSFER AT CONTAINER WALLS
from Wender & Cooper (48)
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FIGURE 2.11 CONTINUOUSLY FED FLOWING FLUIDIZED
BED
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FIGURE 2.14 IDEALISED SECTION OF DISTRIBUTOR

PLATE from Newey (I1,12)
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Figure 2.16 Possible upflow patterns in

vertical pneumatic conveying showing two

types of systems, from Leung (74)
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FIGURE 2.18 A HEAT PIPE
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FIGURE 2.19 A HEAT-PIPE HEAT EXCHANGER

SPLITTER PLATE

gl
HEAT | TRANS FEE‘___

i
/} _

!

HOT GAS

61

HEAT HEAT PIPES

FINNED



INDIRECT

A LIQUID COUPLED

HEAT EXCHANGR,OR 'RUN- AROUND' COIL

FIGURE 2.20

o . s s
T S S e A

————— e

——— ——— — — —
o S s S i i

I

SUPPLY AIR

F 3

—— e — . e

o ——— e e

——— e ——
S ——

———— e ——

EXHAUST
AIR

pump P

FILTER

62




FIGURE 2.21 A UNIT COMBINING THE FUNCTIONS

OF RADIANT TUBE HEATER AND RECUPERATOR
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FIGURE 2.22 SHALLOW FLUIDIZED BED WASTE

HEAT EXCHANGER

&

@

A2

FAN e %
{3

BED

\ o

e T

—WASTE GAS

6L

W

»ﬂ»‘

HE AT
EXCHANGER



FIGURE 2.23 SHALLOW FLUIDIZED BED GAS-TO-GAS
HEAT EXCHANGER
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FIGURE 2.24 A MULTI-STAGE FLUIDIZED BED WITH

PERFORATED PLATES from Toei and Akao (91)
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FIGURE 225 A FALLING CLOUD HEAT EXCHANGER
from Sanderson and Howard (92)
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FIGURE 2.26 A ZIG-ZAG CONTACTOR

from Noordergaaf et al (93)

PARTICLES

L

BAFFLE

68



CHAPTER THREE
THEORETICAL CONSIDERATIONS
OF THE HEAT EXCHANGER DESIGN

3.1 INTRODUCTICON

The need for a theoretical model of the heat exchanger arises
because it is necessary to be able to predict the performance
before design and before scaling-up. It is accepted howevers
that models are often in error, and that extrapolations to
larger scales are often incertain. In this chapter it will
become apparent that development of an adequate model can

only be achieved after making practical measurements. However
it will be also shown that the theoretical consideration of
different type{?iesign is very necessary and helpful to decide
the design of apparatus, the important parameters and the

kinds of experiments required.

The gas-to-gas heat exchanger in which heat is transferred

from the hot gas to the particles and then from the particles

to the cold gas by fhe circulation of particles from the hot gas
stream to the cold air stream, and back again, is shown in
Figure 3,1. Two separate heat exchanger sections are therefore
present, namely the "heater" and the "cooler". We can choose

a suitable "heater!" or "cooler" system from either a fluidized
bed or a dilute~phase streaming bed. However in this chapter
we will only discuss gas-to-gas heat exchangers which consists
of either single or multiple fluidized beds with particle

transport systems.
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3.2 HEAT TRANSFER MODEL OF SINGLE STAGE FLUIDIZED EED

In this section, the analysis of heat transfer between gas (or
air) and particles in a single stage bed, which can be used as
"particle heater" or/and "cooler" in the waste heat recovery

unit, was developed to evaluate the efficiency.

In most cases the following simplifications can be made in the
analysis of the heating and cooling of continuously fed small
particles (2, 66).

L Neglecting the internal resistance of the particle to heat
transfer, i.e, assume infinite thermal conductivity,
so that the particles are always at uniform temperature.

2% The vertical flow of gas is plug flow.

S The solids flow is perfect backmixing flow or horizontal
plug flow in the case of using a shallow rectangular
fluidized bed (69).

Considering the heating of a continuous stream of cold solids by

hot gas in a single fluidized bed "heater", if we neglect heat

losses to the surroundings, a steady-state heat balance about

the whole bed gives
Q = (heat gained by solids) = (heat lost by gas)

With Rg and Rs as the feed rate of heat capacity (kW/K) of gas

and solids, the above heat balance becomes
Q = HE(T

s,h,out ~ Ts,h,in 7t o s g,out) (3.1)

The efficiency of heat utilization of solids in this heater is
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Ts,h,out § Ts,h,in

Qe T (3.2)
g,1l0 8. h,dn

Assuming the solids flow is perfect backmixing flow, i.e. uniform

temperature or composition throughout the reactor (34), which is

nearly achieved in an ordinary fluidized bed, as shown in Figure

3.2 (a), the temperature of all particles can be considered

equal to T in practice. Therefore a heat balance about

s,h,out
the whole bed gives

b SR )
g,in out
Q= A8 : 51
P B,
g,10 s,h,out
1n
rg,out i Ts,h,cut (3.3a)
=R thaont ~ Teun.dn) (3.3b)
T RE(TE,in 2 Tg,Out) (3.3¢)

From equations 3.2 and 3.3

-1 -1
R -h_ S
p

s
7, = —41 - exp o d (3.4)

Rg Rg

As mentioned in Seétion 2,2.7, the actual solids fldw in

rectangular section fluidized bed is always between plug flow,

i.e., uniform in the direction of gas flow but non-uniform lateral
composition, and perfect backmixing. As the bed depth decreases Seolicfs f%tu
i#% approaches plug flow, which is illustrated in Figure 3.2 (c).

Therefore it is important to analyze the condition of horizontal

plug flow too,. Assuming perfect mixing of particles in vertical

plane, a heat balance over the differential element of bed

length, 8a, as shown in Figure 3.3, gives
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- =8
T = 1
A g i s
e =
‘g,out T s (3.5a)
S = : N = 3
= R (TS + B_S, T (3.5b)
RT
= *-—-;— 4 ’ - T (3¢5C)
A kTg,ln ‘g,out)aa
Integrating equation 3.5 between the limits, Ts = TS % An at
3 2

a = 0 and Ts = Ts,h,out at a = A, gives McGaw’s equation as
follows.

—Rg -hps
Ts,n,out = Tg,in * (Ts,h,in e Tg,in) SxR “n LSRexs R
S g
(3.6)
Replacing in equation 3.2 gives
=R -
g hps
My = 1 = exp|—A1 - exp (3.7)
R R
& g

Equations 3.4 and 3.5 are the two extremes of the efficiency of
single unit "heater", and any real bed must clearly fall between
these two results., McGaw (§8) has developed a generalised model
for heat transfer to and from a shallow crossflow fluidized bed
heat exchanger, taking account internal particle resistance to
heat transfer, a residence time distribution and a size
distribution of particles, His full analytic solution is
tmmna.[
therefore complicated and requires fhe evaluation of an imfinite—
b Thin W potlicbes., 1A

resistance to heat transfer may be neglected and the analysis

N P e PMLGJ
simplified. A size distribution of particles may be neglected

in the case where the size range of the particles is not wide.
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pertecle

Only the contribution Oflﬂ residence time distribution is unkncum,

TAr, ee=2t will be discussed later.

All the parameters in equations 3.4 and 3.7 can te easily found
except the gas-to-particle heat transfer coefficient, hp. As
discussed in Section 2.2.6, hp is very difficult to estimate
reliably. Firstly we assume to use the particles whose size is
Just between Group B and Group D, because it seems suitable for
the heat exchanger unit as dis;ussed in Secticn 2.2.2.

Therefore it is assumed dp is about 0,6 mm, In Appendix 1,

the condition of the calculation for "heater" is shown, and the

results are plotted in Figure 3.4, 3.5 and 3.6 from both models

of perfect backmixing solids flow and horizontal plug solids
flow. From these results following matters are clarified.

107 If Kato’s equation (equation 2.11) is used to esimate hp,
the calculated efficiéncies, Thos of the "heater" when
calculated with different depth of bed, Lf, or alternatively
with different gas velocity, U, are scarcely different.

2. The efficiency, 7y, decreases as the solids flow rate
increases.

S The particles in the bed with complete mixing of solids
have wider residence time distribution than with solids
plug flow. The efficiency calculated by the solids plug
flow model is approximately 10% larger than that of the

complete mixing model.

Practically, the wide residence time distribution may give p;}e fé
non-uniform particle temperature and is inefficient for heat
exchange}. However it can be narrowed and greatly improved by
multi-cell cross-current contacting such as shown in figure 3.2

(v) (2). For cross-current contacting in the "heater" which
consists of a series of equal sized M cells, the efficiency of

heat utilization of solids in the i-th cell is given by

&)



Ts,h,i,out y Ts,h,i,in Ts,h,i,out 5 Ts,h,i-l,out
n g =
h,i

: - T o B i
g,in s,h,i,in Tg,in

= B i1, 0ut

(3.8)

are offejfaai

and when all cell’s size and hp are equal, from equation 3.L.

r. "l "'l
ﬁRS hPS

b
—
L5
.
L)
—

If the efficiency of the "heater", 7y &lven by equation 3.2,

is rearranged and the intermediate temperatures eliminated, we

obtain

10 -'?h = (l - ﬂh,i} (3-10)
hence from equation 3,9

MR b =1 =1t
V=1 = |B=] =1l = oxplsw— + 1 (3.11)
R

R
g g

Figure 3.7 shows Th calculated by equation 3.11 }d the condition
described in Appendix 1 and of U = Q.4 m/sec and Lf = 0.04L m,
As the number of cells, M, increases, 7y increases to approach

the value of 7, of horizontal plug solids flow which is estimated
by equation 3,7.

3.3 HEAT TRANSFER MODEL OF MULTI-STAGE FLUIDIZED EED

No matter what the exit temperature of the beds may be, the

efficiency of single-stage operation is low and this prompts the

desire for multi-stage contacting with its improved efficiencies.
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Figure 3.2 (d),(e) and (f) show practical alternatives for multi-
stage contacting, a counter-current and cross-current scheme. Let
us evaluate the efficiencies of these schemes in the conditions

where the solids flow is perfect backmixing flow or plug flow in

each stage.

On the presumption that the solids flow in each stage is perfect
backmixing flow as illustrated in Figure 3.2 (d), the efficiency
in the j-th bed is given by

R s O R e
’?h , = = (3-12)
2 -7 : T -7 :
8,J,in 8,h,j,1in 83J,in 8,h,j-1,0ut

Assuming the solid-gas heat transfer coefficient, h_, and the bed

b
size in each stage are equal, for the perfect backmixing solids

flow model

ﬂh’j = e— 1 - Exp - — + l (3-15)

from equation 3.4 and for the horizontal plug flow model

Rg . hPS
T, . =1-exp|l-—{1 - exp|~— (3.14)
h,j R

5 Rg

from equation 3.7. The overall efficiency, Ny 1is calculated by

equation 3.10, then the relation between KN and T, j is
H
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R r aN
: 3 Rg ik
R 3 R PR
s Rs s RS
— l + = — l + for RS # RE (3-15}
R = L :
g o Rg A=l
l; L
-1=K - 1| forR_ = Rg (3.16)
1 - T 1l- qh,j

Overall efficiency, My» is calculated from equation 3,13, 3.14,

3.15 and 3.16 for both models of solids flow,
a
T curves @f counter-current contacting "heater" which consists

Figure 3.8 shows

of series of 1, 3 and 5 ?eds calculated from the two types of

solids flow model. Th 2% plug solids flow is always higher than f;r‘fﬁﬂt
backmixing flow. The differences of L between single stage Ped,
and 3 stage/ bed are larger than between 3 and 5 stage’ bed for %
backmixing and plug flow models. Comparing Figure 3.7 and 3.8,

we find, not surprisingly, that counter-current contacting always

has a higher efficiency.

In order to narrow theﬁresidence time distribution odfpeebi-edbes, <.

combination of counter-current and cross-current contacting is

haoler

also one of the alternativedgesignq of—the—llisalaril,

-‘Assuming the "heater" consists of N stages

It is shown
in Figure 3.2 (e).
of counter-current contacting beds which are divided into equal

sized M cells, the efficiency of the j-th stage can be given from

equation 3.11.

-1

7 el

i

MRS

Rg

=

5

B
1l - exp |- —
R

g

(3.17)

Then the efficiency of the "heater", Mo is calculated from
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equation 3.15, 3.16 and 3.17. Figure 3.9 and 3.10 demonstrate
7, curves of M = 1, 2, 4 and horizontal plug flow, in the case of
N =2 and N = 3. We find that there is no significant difference
betwgen the curves of ¥ = 4 and horizontal plug flow, which is

the most effective contacting. Of course the true efficiency

is between horizontal plug flow and backmixing flow models.

5.4  THEORETICAL CCNSIDERATICNS OF THE DESIGN OF HEAT EXCHANGER

3.4,1 OQverall Efficiency of the Heat Exchanger

As described in Figure 3.1, the whole gas-to-gas exchanger
consists of two separate sections, "heater" and "cooler'. We
discussed only the efficiency of the "heater", #,, in the Section
3.2 and 3.3, because the efficiency ;?E'cooler", N,y can be

considered in the same way, which is defined

Ts,c,out A Ts,c,in
n_ = (5.18)

c
Ta,in =&

oG

e

The heat balance inﬁfcooler“ tecomes

Q = R (T - T J'= R (%

S,C,in a' "a,in - Ta’out) (3-19)

s,c,out

In this section we dicuss the overall efficiency of the gas-to-
gas heat exchanger.

a
Considering the steady-state heating oﬁﬂcontinuous stream of cold
&
air by hot gas inﬂgas—to—gas heat exchanger, the efficiency of

heat utilization of air in the whole heat exchanger, g, is
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Then from equation 3,1, 3,2, 3,18 and 3.19

RS ik
% e e et {22k
B= g 1
i SIS
rj’h qc

a!

P o= m—— e — (3.22)

Figure 3.11 shows the overall efficiency,q , of the gas-to-gas
P 7208 c e 4
heat exchanger which consists of the squal-desinged '"heater" and
: . Seelios !
"cooler" of single-stage contacting’Las a function of Rs/Rg (or
Rs/Ra). n is calculated by equation 3.1l and 3.22 for multi-

cell contacting and by equation 3.7 and 3,22 for solids plug flow.

As RS/Rs increases, n increases to approach ﬂb Oeb, the maximum

efficiency gf co-current heat exchanger. This effect of RS/RE

can explain the experimental results of Newey’s heat exchanger
(11) that n increases with faster particle circulation speed.
Clearly, as the solids flow approaches plug flow, n increases

as shown in Figure 3.11,

Z,

Figure 3,12 shows effectiveness, n of the heat exchanger
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te

experimented with inApresent programme, which consists of two
identical stages, as a function of Rs/Rg‘ The curves are
calculated by equations 3.14, 3.15, 3.16, 3.17 and 3.22. Both
models of plug and backmixing solids flow modedse have been
computed., It will be seen that the maximum #n approximately
0.63, can be obtained at RS/Rg ~ 1,2 by plug solids flow.
Figure 3.13 also shows 7 éﬂ{the three-stage confacting heat
exchanger, calculated by the same equations, The maximum

effectiveness, n is approximately 0.73 at RS/Rg a0 )

3eLte2 PBasic Design of the Heat Exchanger

As considered in Section 2.3, the effectiveness of the typical
gas-to-gas heat exXchanger is in the range 4LO-70%. The proposed
effectiveness of the new competitive heat exchanger in this work
should be more than 40%, hopefully 50-80%. From Figure 3.1l to
513 it is considered that a counter-current contacting multi-
stage device is practicable for a commercial unit, However it
is accompanied by a larger pressure drop than a single stage
device., Also, as mentioned in Section 2.2.8, it is not easy to
maintain a stable downflow of solids and to avoid imbalance
among the stages. Achievement of good counter-current
contacting therefore requires the design to incorporate features
to ensure that gcod‘contacting in each stage actually occurs
under all operating conditions so as to minimize the numkter of
stages.

U hoice
McGaw (£7) suggested to—eteome bs long a bed as vracticable in
order to approach a plug solids flow condition in%éfbed.
However, <#%e fluidization in an excessively long bed is not
uniform throughout the bed, because the bed depth is different

between the two ends of the bed, as shown in Figure 3.14(A).
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To avoid this defect the bed may be divided up into several cells
by putting some weirs in it as illustrated in Figure 3.14(R).

This iélcombination of counter-current and cross-current
contacting, which is probably the most practicable design for
induétrial use, This design might be improved as shown in
Figure 3,11,(C), to give a more compact and simple unit. In

this case, there is only one gas distributor plate for each stage,
inclined slightly to keep the same pressure drop across different
cells., We may predict that the gas velocity is the highest
through the shallowest part of the bed in each cell, and that

channelling will occur if the distributor is inclined excessively.

When we apply the model to the heat exchanger divided into several
cells as illustrated in Figure 3.1.4 (C), several assumptions are
implicit in using the equivalent configuration for the theoretical
model, Firstly, equating the depth of the bed, Lf, to that of the
median, as illustrated in Figure 3.15, will not be correct, but

it is the best approximation that can be made without determining
the actual fluidization distribution., Secondly Kato’s

empirical equation (equation 2.11) (60) has been applied where

the fluidization is not uniform. Rios et al (34) measured the
heat transfer coefficient between paricles and gas in the

whirling bed, where the cyclic solids movement illustrated in
Figure 2.9 might be similar to that in the cell; however the

particle size used is much larger; belonging in Group D.

To the author’s knowledge, no one has studied the performance of
a shallow fluidized bed having an inclined distributor as a heat
exchanger before. It is not possible therefore to gquantify the
magnitude of the errors produced by the approximations; none-the-
less it is highly desirable to develop a workable form of model.
The model that has been formulated is therefore semi-empirical,

Some errors arise because of the assumed mathematical function
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describing the nature of gas flow such as the assumption of plug
flow or of backmixing flow}Figure 3.16; others however are due to
the uncertainties with which the parameters such as hp can
actually be determined. The semi-empirical model is, however,
adequate for purposes of general predictions of the performance

of the heat exchanger.

Taking all the above considerations into account, the proper
number of stages predicted is two or three and the number of cells

in each stage required may be more than four from Figure 3,9 and
Hedle

D adlivy Prediction of the Time to Reach Steady-State

The model can be used to predict the time taken for the fluidized
bed to reach stable temperature under given conditions.

Assuming the solids do not flow, Figure 3,17 shows the model for
heat transfer, Plug of gas of mass mg passes through the bed
during time 3t, Afte{fglug of gas has passeefthrough the bed Ko

temperature has risen by 3T The heat balance during the

differential element of time, 8t, gives

g,in g,out
Q@ = hSs 3t (3.23a)
P T T
g,in s
ln
g,out Ts
= W37, (3.23b)
= Rg (Tg,in - Tg,out} g% (. 250)
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Initially, at t = O, the solids are considered to be at the

temperature of Ts o » and the solids temperature becomes Ts at
3

BE Then integrating equations 3.23 as shown in Appendix 2 gives

TS - Tg,in Rg hps
—_———— = exp|- 1 - exp t (3.24)

5 - ; 1
5,0 Tg,ln s

Hence the rate at which the bed heats up to operating temperature

can be predicted for given gas inlet conditions. To estimate

the overall heat transfer coefficient between gas and solids in
an

the fluidized bed withhinclined distributor, hp’ it is not exactly

proper to apply Kato’s empirical equation (equation 2.11) as
considered in the Section L.3. It is very important to know
the real heat transfer coefficient from measurement using this

model. However assuming the fluidization is uniform througgfﬂhe

the heat exchanger, Kato’s equation may be used to estimate hp

Figure 3,18 shows the results for the air inlet temperature of

100 °C with U = 0.4 m/sec, e= 0.45, C, = 1.0 kJ/kg X, and
three different bed depths, Lf = 0,02, 0.04 and 0.06 m. The

results demonstrate clearly that the major factor in the heating
up time is the bed depth because less material has to be heated

in shallower beds,
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FIGURE 3.1 GAS TO GAS HEAT EXCHANGER
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FIGURE 3.2 TYPES OF CONTACTING OF GAS

AND SOLIDS
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FIGURE 3.3 A HEAT BALANCE OVER THE

DIFFERENTIAL ELEMENT OF BED LENGTH
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FIGURE 3.14 THREE KINDS OF CONTACTING

OF GAS AND SOLIDS
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FIGURE 3.15 DEPTH OF BED WITH AN INCLINED

DISTRIBUTOR, L

FIGURE 3.16 SCHEMATIC DIAGRAMS OF

GAS FLOW PATTERN

Plug flow Backmixing flow
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FIGURE 3./17 MODEL FOR HEAT TRANSFER
BETWEEN THE GAS AND THE BED
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CHAPTER FOUR
EXPERIMENTAL HEAT EXCHANGER

4ol INTRODUCTION

This chapter describes the design and construction of the
experimental rig which was built to study the ideas explained in
Section 3.l Firstly the aims of the experiments are stated
followed by the various constraints placed upon the design of
the rig., Then the rig itself is described in detail together

with its instrumentation and lastly the experimental procedure

is outlined.

Le.2 AIM TO THE EXPERIMENTS

Overall the intention was to establish whether a heat exchanger
based on the new idea shown in Section 3.4 would actually work.

Within this broad scope, several well-defined aims can be

specified as follows:

(i) to study how the solids movement might be affected by the
degree of the inclined gas distributor;

(L) to measure the heat recovery characteristics of the
"heater";

and

(#1) to obtain sufficient understanding for the design of a

complete gas-to-gas heat exchanger.
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Le3 DESIGN COF THE EXPERIMENTAL UNIT

There was no knowledge of the movement and flow of solids in the
shallow fluidized bed with an inclined gas distributor.
Therefore the experimental unit should, as far as practicable,
be capable of changing the angle of inclination of the
distributor. It had been decided that the angle had to be
changed from 0 to 20 degrees. To obtain this wide flexibility,
a single-stage bed "heater!" was constructeq for reasons of
simplicity. The "heater! could be dividedtto 2, 4 or 8 cells
by weirs, whose height could also be changed to 2, 4 or 6 cm,

as shown in Figure 4.l. After the solids are heated in this

bed, they are introducedjko fluidized bed "cooler" as shown in
Figure L2, As discussed in Chapter 3, the solids flow rate is
also an imporkant factor for satisfactory operation of this
heat exchanger. It is necessary to maintain a stable feedimm.
rate of solids to the "heater'", using a vibratory feeder, The
cooled particles are lifted up to the top hopper by a vertical

pneumatic conveying system and then flow down to the feeder.

The size of the experimental unit was constrained by the amount
of fluidizing air available. It had been decided that two
existing fans would be used to provide the air to fluidize the
"heater!" and "cooler'"; the performance of these fans therefore
limited the area of the bed. @he Both fans were of the
centrifugal type, namely Secomak type N°® 492/2. and the
performance characteristic is shown in Figure L4.3. The maximum
air flow is 0.2 mosec L. To be able to attain a fluidizing
velocity of Q.7 m sec-l at room temperature, the area of the
bed ﬁé‘f&-ﬁ'be less than 0.3 m2. The total area of the bed of 2%
"heater" when constructed was 0.04 ma which can—provdide Perv":{%

sufficiently large fluidizing velocity for various tests. The
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total area of "cooler!" was 0.06 m2 because the fluidizing velocity

[We° gaer—re fixed at about 20, oo

Thus the basic design of the unit rendered the experimental

programme somewhat restricted.

4.4 EXPERIMENTAL UNIT

The experimental unit was assembled at the University from
sections fabricated by Aston Services Litd. Figure L.4 is a
photograph of the complete installation which is shown
schematically in Figure 4.5. The air flows generated by the

two fans were controlled by gate valves and the flow rate measured
by the Rotameters. One air stream was heated electrically,
upstream of the plenum chamber located beneath the 'heater"
distributor. Flow of particles fed from a hopper to the
"heater" were controlled by the electrical input to the

vibrating feeder. The particles flowed to the "cooler!" and were
carried to the top hopper by a vertical pneumatic conveying unit.
The construction of the heat exchanger and solids conveying unit
will now be considered and the metering equipment will be dealt

with in Section 4.5.

Lob,l = Fluidized bed "particle heater"

The "particle heater" consists of a square colum made of mild
steel, 20 cm sides and 16.5 cm high, which can be divided up
into 2, 4 or 8 cells by partitions, as shown in Figure L.1.

The height of ,weirs was alternatively &wem 2, L Or 65 cm. The

A

"particle heater" was disposed on the inclined table which angle

is variable from 0° to 20° against a horizontal plane. The bed
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is filled with particle, which were heated by hot air supplied
from an electric heater, a Secomak 15/2, rated at 18 kW. The
heated air was forced through the distributor and bted of
part%cles. Figure 4.6 is a photograph of the equipment on the
inclined table, Electric heating appeared to be the easiest way
of contrcllinéygir temperature. Thus a hot air supply and a
system to recccer heat from it were provided, the recovered heat
being retained by the particles, which could then be used to

transfer heat to a cold stream of air or gas if desired.

Plenum chamber

The heated air enters the lower section of the plenum chamber
after having been metered. The plenum acts as a chamber in
which the velocity and pressure profiles of the incoming flow
are smoothed out partially before the air passes through the
distributor. Therefore in the "heater" the plenum is divided
into two sections, the upper and the lower section, with a
perforated sheet steel as shown in Figure L.l. The static
pressure in the plenum was measured at the 6 mm pressure tapping
under the centre of the perforated sheet. The inlet air
temperature was determined using a chromel/alumel thermocouples
which penetrates the wall of the plenum, The flange on the top
of the plenum seals against the underside of the distributor with

a gasket,

Gas distributor

As already described in Section 2.2.4 the quality or uniformity
of fluidization is strongly influenced by the type of gas
distributor used. Although the test temperature of the bed is
lower than 200° C, dictated by the hot air supply available,
the practical operation temperature of the unit in excess of

600° ¢ might be eventually required, So the material of the
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distributor should be chosen carefully according to the physical
properties. For an inclined fluidized bed, the distributor
pressure drop may be a critical factor in obtaining good
Congacting between solids and gas. From the view point of
commercial development the design of the distributor and support
plates should also be carefully decided because of the thermal
stress and deformation. At temperatures from 5000 C to 8000 C
stainless martensitic chromium steels are suitable for the
distributor material because they expand 4O% less than stainless
chromium-nickel austenitic steels. For higher temperature than
800° C chromium-nickel stainless should be chosen for the
distributor and also for its supporting flange, so as to avoid
differential thermal distortion between two parts, which can
lead to mal-distribution ofj?luidizingiz;d “channelling" in the

beds.

BEefore the heat exchanger’s performance was determined, the
pressure drop characteristics of three kinds of distributors,
silicon fibre cloth, perforated sheet and grate bar screen were
measured. Their specifications are shown in Table k.l. The
distributors used are square sheets of 20 cm sides with flanges

as shown in Figure L.7.

Bed containment

The containment section of the "particle heater" forms the
outside wall of the bed and defines the freeboard of the unit as
shown in Figure 4.1, It also holds the partitions with weirs
in place and the two slopeing pipes for the solids entrainment
and discharge. The lower flange is sealed on to the top of the

distributor with a gasket.

The partitions in the containment separate the bed and freeboad.
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The solids flow along the partitions passihg over the weirs,
which narrows the residence time distribution of the particles in
the "heater!, A series of interchangeable partitions were made
as ghown in Figure 4.8, The three different items with the
various values of dimension W correspond to a series of weir
height of 2, 4 and 6 cm. The number of partitions could also

be changed to adjust the solids flow rate and the residence time

distribution.

There is no seal between the bottom of the partition and the
distributor, so sﬁzii gaps betwesn them which?afless than 1 mm,
Consequently a few particles may transfer to the next cells
through the gaps, however we can consider that most particles
flow over the weirs because the gap is only about two times
larger than the particle diameter. At the higher temperature of
practical use there will be no thermal stress between the two
parts, which might cause serious distortion there during

operation.

As there is some temperature difference between the—memt two dtﬁﬁiﬂhcjp’”f
cells, a definite amount of heat will be transfered through the
partition between them. In Appendix 3 the heat transfer rate
between adjacent cells is considered quantitatively and the analysis

_ Comperedse
concludes that heat insulation is necessary because aﬂ}arge

amount of heat will leak between them, Therefore silicon

fibre cloth was used for the insulation between the partitions

as shown in Figure L4.l.

Bed material
The choice of bed material is very important because the
functioning of the exchanger strongly depends upon satisfactory

gas-to=-particle contacting., In Section 2.2.2 it was stated that
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Group B particles should fluidize satisfactorily; however it is
possible to reduce the size oéLtnit if.Group D particles could

be used in such a way that good contact efficiency between Ze
gas‘and Group D particles may be improved by circulating solids
movement in each cell because of the inclined distributor.

In addition the particles need to be resistant to corrosion by

hot exhaust gases, to attrition generally and in particular to

that induced by thermal cycling. The material must be readily
available and as cheap as possible for commercial use. Taking
all requirements into account silica sand with a size range of

500 to 710 gm (mean 600 um) the most desirable, The basic
2E€ Goue,
properties were measured aaé—égawz-in Table L2

be4.2 Fluidized bed "particle cooler"

The aim of the fluidized bed "particle cooler" in this apparatus
is merely to cool the particles flowing from the "particle
heater", not to test its performance. Therefore the "particle
cooler" is an ordinary shallow fluidized bed, which consists of
a rectanglar colum made of mild steel, 4O cm long, 20 cm wide
and 16.5 cm high, as illustrated in Figure 4.2. The second
Secomak 492/2 fan provides air to fluidize and to cool the

particles,

The hot particles flow from the "particle heater" to the
"cooler" through an open-ended sloping pipe of heat resistant
silicon rubber, To prevent air from flowing between the
fluidized beds through the sloping pipe, the pressures in the
freeboard of the beds were maintained equal by the outlet air
valves. Variations in the exit shape of the sloping pipe

were found to strongly influence the flow of solids (2). When

the exit shape of the 1 inch diameter pipe as shown in Figure 4.2
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is used, we can get smooth solids flow down the pipe.

After the solids were cooled in the bed, they were carried up to
thq hopper located at the top of the apparatus by pneumatic
transport through a 2.5 m long polyethylene pipe. For the test
which needed higher solids transporting velocity, the air
pressure in the freeboard of the "particle cooler" was raised so

as to obtain a larger air velocity for pneumatic transport.

L.4.,3 Hoppers and vibratory feeder

Figure 4.5 shows two hoppers and a vibratory feeder, which can
feed the cooled particles to the "heater" at steady rates.,

The two hoppers were square hoppers of 24 cm sides, which were
conected by a sloping pipe andfi?opeu channel bridge. The
bridge could be moved manually as illustrated in'Figure L.S

to measure the circulating velocity of solids in the apparatus
by sampling them. So as to ensure constant solids flow a brass
wire was vibrated in the pipe, because the silica sands have a
tendency to adhere to the inside wall due to electrically
charging during operation. From the second hopper particles
were fed to the "heater" through an enclosed vibratory.feeder
manufactured by NEI International Combustion Ltd of Derby,
photograph of which is shown in Figure 4.9. The controller
supplied with the machine enables the amplitude of vibration of
the feeder platform to be increased or decreased, Using the
silica sand of size range 500 pgm to 710 um, the feed rate was

measured and is shown in Figure 4.10.
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4.5 INSTRUMENTATION

There were four different parameters to be measured on the
experimental heat exchanger, These were air flow, solids flow,

temperature and pressure and these will be considered in turn.

I T Air flow measurement

The flow meters used for the fluidizing air to the "heater" and
the "cooler" were Rotameters manufactured by GEC-Marconi Process
Control Ltd. (now Fisher Controls Ltd.) of Croydon. For the
fluidizing air flow to the "heater!" one Type 65A Rotameter was
used to measure the flow and for the air flow to the "cooler"
two Type.65A Rotameters mounted parallel were used. The
staﬁdard curve for a 65A Rotameter for air is shown in Figure

e s The air temperature and pressure at the inlet to the
Rotameters were measured and the reading was corrected to take
account of the difference between operating temperature and

pressure and that at which the Rotameter was calibrated.

L.5,2 Solids flow measurement

It is difficult to measure the solids flow rate in a pipe from
the outside, Therefore a sampling method was used to measure
it. As the method explained already in Section L4,4,.3 the solids
flow was led away from the bridge between two hopper to a beaker
and the weight delivered over a measured time was measured.

The amount of the sampling weight was limited to between 300g
and 600g,

4.5.3 Temperature measurement
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All the temperature measurements were made using chromel/alumel
Junction thermocouples supplied by BICC Ltd. The thermo-electric
e.m,f, was measured relative to an ice/water bath at OOC, using

a Solartron A200 digital voltmeter which was checked against a

standard Weston cell using a potentiometric bridge.

Nine thermocouples were used to measure the temperatures around
the system. The air temperatures were measured at the outlet
manifold from the Rotameter, in the plenum chamber of the
"heater" and at the centre of the outlet manifold from the
"heater", these latter ?ﬁ;ng the hgt 1nlet and cooled outlet air

<4 l"". :‘--“'{f(". AT
temperatures, The solids temperatured weee- 2lso measured in

e e Ocen
the feeder and at the sloping pipe by which the "heater" and

the "cooler" are connected., Four thermocouples were supported
from the top of the bed containment of the "heater" and measured
the temperatures at four different points about Smm below the
bed surface. As will be described later, these results must be

interpreted, ‘bearing in the mind that thermal equilibrium between

air and particles might not be attained.

LeSaly Pressure measurement

The air pressures in the system were measured with a water-filled
U-tube manometer which had one limb open to atmosphere. The
static pressures in each side of the plenum chamber were measured
at their centre, and the Rotameter flow readings were corrected
for these pressures and a barometer reading to account for the
higher fluid demsity at the flow méter. The other measurement
was the differential pressure between the freeboard spaces of

the two beds as this affected the leakage through the sloping
Pipe between them, Throughout all experiments, attention was

Paid to minimizing this leakage by maintaining a low differential

109



pressure,

L.5.,5 Bubbling observation

The movement of solids and rising bubbles were observed by using
a transparent bed containment, namely, acryric plastic. The
containment was the same size as one cell in the "heater" and it
has neither the inlet nor the outlet of solids. A diagram of
the containment is Figure 4,12, As the plastic does not
withstand high temperature the bed temperature was limited

to less than 100° C. The visual observations were made with the

various angles of inclination of the distributor,

4.6  EXPERIMENTAL PROCEDURE

Having chosen the particle size, the weir height, the distributor
and its inclined angle, the following procedure was adopted in
the experimental work on the heat exchanger,
1. The hot and cold sides air flow were selected and these
were set on the Rotameters,
P The air heater and the particle feeder were then switched
on,
3. The power of the heater was selected so as to heat up the

air flow to the temperature 120-170° C.

It took about one hour for the heat exchanger to attain a steady-
state, (The bed temperature was always monitored by a pen-
recorder, so that it could be easily ascertained when a steady-
state was established.) To plot a performance curve, the hot air

flow was maintained constant; the solids flow rate was varied.
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At each solids flow rate all the thermocouple outputs and air
pressure were noted once steady-state was reached. The solids

flow rate was then changed to the next value and steady-state

observations repeated.

In order that meaningful calculations based on the experimental
data could be made, it was important to ensure that steady-state
had been reached in the experiments. This reguired that the
hot air flow rate, the power supplied, the hot air inlet
temperature, the solids flow and the cold air flow had to be

held constant.
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Table 4.1 Specifications of distributor plates used

hole sheet open

hi -

sheet type make material giit Egégk ?%§a

size (mm)

(mm)
silicon Chemical silicon = = =
fibre & Insulating
cloth LTD
perforated Hein, stainless Q.15 0.75 2.5
sheet Lehmann AG steel AISI 316
grate N.Greening stainless 0,125 3.83 4.8
bar LTD steel AIST 430
screen

Table 4,2 Basic properties of the bed material

material d_ (m) o, (kg/m’)  C_ (1J/kg K)

silica sand 0,0005-0,00071 2590 1,00
(mean 0,0006)
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FIGURE 41 "PARTICLE HEATER" CONFIGURATION

Cold air
\»\ 0 Cold

particle

Square colum
20 cm sides

16.5 cm high\

Plenum chamber

22 cm sides
13.5¢cm deep e
i
Sl o M e

Sectional view on XX

0%



FIGURE 4.2 "PARTICLE COOLER" CONFIGURATION
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FIGURE 4,3 PERFORMANCE CURVE OF SECMAK
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Figure L.l

Photograph of the complete installation
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FIGURE4.5 SCHEMATIC DIAGRAM OF EXPERIMENTAL

SYSTEM
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Photograph of the equipment on the inclined table

Figure 4.6
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FIGURE 4.7 DIMENSION OF GAS DISTRIBUTOR OF

“PARTICLE HEATER"
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FIGURE 4.8 DIMENSION OF PARTITION
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FIGURE 4.10 PARTICLE FEED RATE OF VIBRATORY

FEEDER VERSUS CONTROLLER SCALE SETTING
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FIGURE 4.11 THE STANDARD CURVE FOR A B5A
ROTAMETER
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FIGURE 4.12 DIMENSIONS OF TRANSPARENT BED
CONTAINMENT
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CHAPTER FIVE
OPERATIONAL CHARACTERISTICS QOF THE EXPERIMENTAL HEAT EXCHANGER

S.1 INTRODUCTION

This chapter describes the work carried out on the experimental
heat exchanger, the design of which was detailed in the previous
chapter. The aim of the experiments was to find how effectively
the "particle heater" performed, not to study the solids circulation
systems between the "heater" and the "cooler", g:zz:;:Jéhe
operational characteristics of shallow beds with an inclined
distributor have never been studied for heat exchanger
applicatioﬁs. The experiments focused on the efficiency of the
"heater" of one stage unit, Multi-stage operation will be
evaluated theoretically in Chapter 6 using the results of this one
stage unit. Before describing these however, the basic practical
properties of the distributor plate, the particles, their
movement and the heat transfer between the particles and air will

be discussed,

5.2 DISTRIBUTOR PLATE PRESSURE DROP CHARACTERISTICS

The distributor plate used in the heat exchanger was chosen from
the three kinds of sheets whose specifications were shown in Table
4.1, The pressure drops across the sheets, 8pd, increases with
the air velocity through them and the plots of this characteristic
are shown in Figure 5.1. The pressure drop of the silicon fibre

cloth is the largest and the perforated sheet pressure drop is
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the smallest. The grate bar screen has a pressure drop twice as
large as that of the perforated sheet, but the pressure drop
across the shallow bed predicted from equation 2.1 is larger

than it, The mechanical strength of the silicon fibre cloth was
found to be insufficient for use as the distributor for the
practical heat exchanger. The grate bar screen and the
perforated sheet were therefore chosen for the further

experiments.

5.3 MINIMUM FLUIDIZING VELOCITY OF THE PARTICLE

The minimum fluidizing velocity, Umf’ of the silica sand used in
the heat exchanger was determined in the square column of the
"particle heater" as shown in Figure y4,1. This had a horizontal
grate bar screen distributor and no partitions. Compressed air
at room temperature, 20° C, was used to produce fluidization.

The distributor plate characteristic was measured and the pressure
drop across the bed, 3pb, was found by subtraction from the total
pressure drop. In these experiments the air velocity was
gradually increased from zero to well above Umf and reduced to
ZEero. The resulting graph is shown in Figure 5.2. The
determination of Umf from the pressure drop data has been
described earlier with reference to Figure 2,2 and this can be
done for Figure 5.2. The value of Umr with air at 20° C is

0,28 m sec-l. Below this value of fluidizing velocity the bed
would not be fluidized so it is impossible for the heat exchanger

to operate below this limit,
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Dby FLUIDIZATION IN THE BED CN INCLINED DISTRIEUTOR

Fluidization in a small containment was observed through
transparent bed wall as shown in Figure L.13. The pressure drop
and the heat transfer charateristics of the bed were alsoc measured,
The inclined angle of the table was changed to 0°, 5°, 10°, 15°
or 20°, The total weight of the particles used for the all

tests was 40O g.

S.4.1 Observation of fluidization

Bubble formation and solids movement in the small bed were
observed, changing the inclined angle and fluidizing velocity.
Fluidization behaviou; changed significantly when the horizontal
distributor was changed to an inclined distributor. In the bed
with horizontal distributor, the bubbling started at Umf in the
normal manner of the fluidized bed as described in Section 2.2.
As the air flow increased beyond Umf the agitation of bubbling
became more violent so that the solids were uniformly fluidized.
The photograph of this condition is shown in Figure 5.3, On the
other hand, in the bed o;iﬁﬁo inclined distributor the bubbling

;;Le all bubbles

passing through the shallowest part of the bed. Increasing the

A
started atﬁ}ower superficial velocity than Um

air velocity caused most bubbles to rise rapidly through the
shallower part like a jet so that ##e- many of the particles were
swept upwards and then fell downward to produce a circulation of
particles; the upward flow being rapid, the downward flow being
slow through the deep part of the bed, as shown in the photographs
from Figure 5.4 to 5.6. The change to this fluidization behaviour
occurs progressively as the distributor angle of inclination is
increased from 5° to 20%. As the angle increases the fluidization

tends toward spouting through the shallow part, as shown in the
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photographs from Figure 5.7 to 5.9. Figure 5.10 also shows the

observation from the top of the "particle heater'.

e
Deliel Pressure drop charateristics

The pressure drop across the bed was measured at each angle of
the distributor from 0° to 20°. A grate-bar screen distributor
was used, and the resulting graph is shown in Figure 5.11, 1t
shows the trend that as the angle increases, apb decreases
gradually, When the horizontal distributor was used, a sharp
change of pr curve is seen at U = Umf because the fluidization
starts suddenly everywhere in the bed at this point. On the
other hand, as Fhe angle increases the change from packed bed to
fluidized bed becomes smoother because the bubbling starts from
the shallowest part of the bed and spreads gradually over the
gther part. This is reflected in the rate of change of pressure
drop in Figure 5,11 with the inclined distributors. As the large
fraction of the bubbles pass through the shallow part the bed,
with the more inclined distributor, this one has the lower 3 Py

Pressure distribution was measured in the beds by an 1 mm
diameter pipe with pressure tap at its top. The pressure tap
can be immersed anywhere in the bed and the pressure is read at
the U-tube manometer., Figure 5,12 shows the pressure
distribution in the beds with the distributo;:;nclined angl&fgo
and 15°, In the bed with the horizontal distributor the
isobaric lines were also horizontal, parallel to the surface and
the distributor. However with the 15o inclined distributor the
isobaric lines were not horizontal because the large(fraction of

the air flows through the shallower part.
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S5elie3 Heat transfer between solids and air

The experiments in Section 5.4.1 and 5.4.2 suggest that the
fluidization in the inclined distributor bed is not equal
everywhere, teing similar in a whirling bed (34) or a spout-fluid
bed (94)s It might not be proper to apply Kato’s empirical
equation (equation 2,11) to estimate the heat transfer
coefficient, hp, in this condition, To find the heat transfer
characteristics, unsteady-state experiments were carried out.

Hot fluidizing air, about 95° C, heated up the particles from
room temperature and the exit air temperature was measured with

time as described in Section L.6.

Figure 5.14 shows the experimental results of the dimensionless
exit air temperature change from the horizontal distributor bed
with heating time. From the resultfthe air-to-particle heat
transfer coefficient, hp, cén be estimated assuming that the air
flow through the bed is plug flow and that heat also transfers
between the bed and the distributor. The bed-to-distributor heat
transfer coefficient, hd,ztifniﬁnged to be equal to hw and was
estimated 220 W/m%ggg;K fro%ﬁgquééion 2,7 as detailed in Appendix
i The logic diagram for the computer simulation ogzgxit air
temperature is shown in Figure 5.13 and the simulated result is
shown in Figure 5.14, hp being estimated by Kato’s equation.
Comparing the experimental and the simulated curves they show

good agreement,

Figure 5.15 shows the comparison of Tg,out’ change of the
horizontal and 15° inclined distributor bed, Between the two
experimental curves no significant difference can be seen, even
though their fluidizing behaviors are uttez%y different as
described in Section 5.4.1 and 5.4.2. Inﬁ}nclined distributor

bed the majority of air flows in the rapid bubbles through the
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shallower part of the bed, which does not cause good contacting
between air and particles there. HOWEVEﬁ bubbles’ movement
enhances the solids circulation in the bed and the contact between
air and particles in freeboad.

/I.

Gas outlet temperatures, T , were measured for different air

out
velocities in the 15° inclf;ed distributor bed and all results
are shown in Figure 5.16. Assuming that #&e all particles
contact witgiiir, that the air flow is plug flow, whose velocity
is equal to Qﬁe superficial velocity, Uf, and that the bed depth
is equal to the average depth, the exit air temperature was
calculated by the same computer simulation logic as shown in
Figure 5.13, although the fluidization was quite different. The
curves calculated are also shown in Figure 5,16, h

A L brodsky's P
estimated by Kato’s equation and ;equation 2l The calculated

and hd being

curves seem to be in good agreement with the experimental results.

5.5 SOLIDS FLOW RATE THROUGH THE "HEATER"

The efficiency of the gas-to-gas heat exchanger depends on the
ratio of the heat capacity flow of the gases and solids, Then
it is important to know the limits of their flow rate ranges.
The gas flow rate range can be predicted from the Umf and UT.
However the maximum flow rate of solids through the "particle
heater" or "cooler" cannot be predicted from any other works.
In this section the maximum flow rate of solids was measured in
the inclined '"heater", which was not heated by hot air.

The maximum solids flow rate, MS,max’ must be affected by some

Ve
Jartertosamdé—the properties ofﬂsolids, the flow condition of gas
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and the geometric properties of the bed. As the aim of the
experiments was to find how the "particle heater" performed, the
experiments focused on only a few essential factors such as air
superficial velocity, the inclined angle of the bed and height of

weir.

Figure 5.17 shows the m%xi%um solids flow rate through the
"particle heater" divide%?t cells, whose weirs are 2 cm high,

The bed temperature was room temperature, about 250 €, and Umf

in the horizontal bed is 28 cm/sec. If the solids feeding

rate exceeds the maximum solids flow rate measured here, the bed
height in the nearest cell fro;#;article inlet inclfeases gradually
and fluidization stops in the cell, The maximum flow rate
increases with inclining the bed from 0° to 50, because it makes
particles jump beyond the weirs rapidly. Howevai in the bed on e-
10° inclined distributor only the shallower part in ihec each cell
tends to fluidized and the flow rate decreases. It can be alse
seen that increasing the fluidizing velocity enhances the solids
flow.' Figure 5.18 shows the maximum solids flow rate in the bed
dividégfL cells with 4 cm high weirs, It shows that the "heater"
with higher weirs can operate largeﬁggﬁclined angle,

The operation of the gas-to-gas heat exchanger requires that the
solids flow in the hea£ exchahgé; }ﬁ the proper flow rate as
discussed in Chapter 3, For examgie if the heat exchanger
consists of two one-stage beds, RS/Rg should be more than 1.
Figure 5.19 show the operating condition of the ""heater", whose
distributor size is 20 cm x 20 cm and where the temperature of e
air is room temperature, From Figure 5.15 proper solids feeding

rate and fluidizing velocity can bte decided for the gas-to-gas

heat exchanger and it will help to scale-up to industrizl size,
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5.6 HEAT RECOVERY PERFORMANCE

e

The measure of the performance of particle "heater" is its
efficiency, Mo which is defined in equation 3.2, The
experimental procedure which was used to obtain the performance

curves is described in Section 4.6.

S0 as to gain the maximum efficiency in each operating condition,
insulated partitions were employed for this experigentv One
partition consists of two stainless steel plates éa& silicon
fibre cloth sandwiched between them. The temperature ogz%htlet

solids from the "heater", T s Was measured at the point about

5,0
5 mm below the bed surface near the outlet. The temperature
reading during the fluidization does not change after stopping

the hot air to the "heater", which confirms that Ts can be
?

0
measured there,

The complete set of experimental data is given in Table 5,1,

The range of the experimental variables of hot air flow, Uf, and
the heat capacity flow ratio, Rs/Ré’ is shown in Figure 5.20.
The range was limited by the maximum particle flow rate through
the "heater" and through the pneumatic transport pipe from the
"cooler" to the top hopper. The various trends which can be
seen in the large amount of dataz will be considered in turn

following a general review of the data.

Sebal General review of the data

It is important to look first at the data qualitatively and

comment upon their accuracy and consistency. Table 5.1 shows
e

the heat lost frogigir flow, the heat gained.gg solids flow and

their balance, which is the sum of the heat loss from the
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"particle heater" and experimental error, The mean of the
balance is 030629 kW and the standard deviation o is 0.,0833 kW,

't,t’|': [~
prgssumﬁﬁéﬂthe heat loss is constant in the series of experiments,
the loss is 0,0629 kW and it is less than 5% of the heat

: e,

transfered from air to solids. Then standard deviation of the
experimental error is 0.0833 kW. Eﬁpz?bth are considered to
be small enough to discuss the experimental data without reference

to them.

5.6.2 Effect of the heat capacity flow ratio

As analysed in Section 3,2 the heat capacity flow ratic of solids
and air, Rs/Ra , is an important factor for the heat exchanger
operation, The performance characteristics of the "particle
heater" shown in Figure 5.21 are for several different operating
conditigfs. It can be seen that RQQEZSLiffECtS the Ty and that
there a®¥e no significant difference ememg the different operating
conditions such as the distributor and the inclined angle. From
the calculated curves shown in Figure 3.7 the horizontal plug
flow model and the backmixing flow in L series cells were ploted
in Figure 5.21. Although hp was estimated by Kato’s equation,
the performance characteristics measured tend to agree with the

curve of the plug flow model within +4.5%.

5.6.3 [Effect of the distributor and the inclined angle

1l
Figure 5.2l showfthat there is no significant diffence §F 1y

between the two types of distributor, perforated sheet and grate
il Ay
bar screen, As the pressure drop of grate bar screen is larger
Wt L
thanﬂthe perforated sheet, it was observed that the fluidization
in the bed with the grate bar screen distributor was more uniform

than with the perforated sheet distributor. Then the efficiency
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of the "heater!" with the grate bar screen might be slightly

greater than the perforated sheet.

Figure 5.21 shows also that there is no difference between the

performance with tWE CheErMet—aiEle 10%and 150@—7&9 i (’lﬂd-\ﬂz"f‘\l

S.6.4 Effects of the flow rates of solids and air

We note from Figure 5.21 that the plug flow model seemed to give
predictions of heat exchanger efficiency which corresponded 4s&
most closely to the measured performance. This does not
necessarily mean that the solids flow was, in reality, plug flow,.
However the effects of the flow rates of solids and air were
re-examined, comparing the calculated results from the model and
the experimental data. Figure 5.22 shows the effect of solids
flow rate in the condition of air flow from 25 g/sec to 36
g/sec, Figure 5.2% shows the effect of air flow rate for M
from 18 g/sec to 25 g/sec. $me Both Figure 5.22 and 5.23 show
that the plug flow model gives predictions sufficient for initial

design purposes,

Dt SUMMARY OF OVERALL PERFORMANCE OF THE "PARTICLE HEATER"

The work on the experimental unit shows conclusively that the
"particle heater" functions as a gas-to-solids heat exchanger.
Performance may be predicted sufficiently well by a model which
assumes both solids and gas flows are almost perfect plug flows
(Section 3,2)., The observation of bed behaviour in a single cell
clarified the movement of solids circulating, which is affected

by the angle of inclination and fluidizing velocity. These two
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factors influence the maximum solids flow limit. In the given
operating range the ratio of the feed rates of solids and air

heat capacity, Rs/Rg’ is the major factor to change the effieciency,
7+ as discussed the calculated results from the solids plug flow

model in Section 3.2,

135



99*0 ho*o 99 ’ - .
£9'0 <0°0 65 T h9er wm he Nm vor e naest - GIE ot Sniiea
G4°0 8TT0  e4'T OLiE 20T Vi m - Hm.o m.mm S —
AT I A 3 — 4 GeT ou.o 6°6T ¢*ge 0¢ ¢
m@.o ma.o 6h°T 09°T Tt 9¢ wm MMM wm.m MHMM m“mw mm
-O - - L] L] -
moofe @rsn BET @8 g En gx o o
0 GT'0  25°T 29t 60T AS ¢ 26 < 3 2 :
€9°0 TI°0 %S°T "O°C Ot Ls e :mH 80 oTs  orey s
GL°0 (027D,  DEYE 6T OTT 42 18 : mm.o o.Hm e =
Siinoe : A 8ST 09°0 9°6T  6°G2 St U
o So ot g R Bl o
i wm.m- Mm.w mw.ﬁ MMH mm 29 0¢T Hm”o 0°¢e 0°2¢ mw
mm.o 110 . _O%°T T6°F 40T 1% mm mMM ww.w w”wm m”mm mm
*0 200  GW'T 4u'% 81T 44 th 7% 4l ’ 3 s 1
89°0 h0*0 6h° T €6°T1 GTT 19 06 ¢q HE @.mm -
49°0 $0"0- 66T £6°T TTT he 68 HmH mm.o 2 L Creq 2
; 0" X : Te 28°0 Q%02 2*he JBq
o o e oet gm s o mt B BRI e o
$950 2220 TSI Rr9ch 6TT 49 6 . * 7 i
e X : g 991 wm.o 0*4T 9° 12 ¢
goe wrsn m @ % e ag fn :
mw.o a0 6%*1T 0§°T 01T 199 Mm m”% mm.m mumw m“mw 3
09°0C 20°0- T&°T 62°T 86 62 64, 02T 09°%0 ! * e
T4 D 20 00 9eir R geet Gh 0% A 22 o @.mH ﬁ.ﬁn = e
69°0 G0*0 9¢°T ¢h't G6 2¢ A4, f i LR Ss ;
: 2 : : gl ¢c’0 8'Te 2'0f
2
0 do gt G fOf B A8 o B %
£4°0 20°0C 96%T 6G6r 90T 0% 18 he 2 . . 7
69°0 900 49T ELt% ¢oT 44 08 me mm.o e :.mm :
94°0 ho°0- €6°T 64°T 10T 42 08 mmﬂ %50 Trae ost :
: 2 i ‘ G i i s 6°
69°0 02°0 92°T 9f'T 96 62 69 A T P o A A < 1 m.mm m
¥ : anofyfs. utr‘y‘s ‘3 ‘g
(=) aouereq Mwww Mwmm I g W L (=) (29s8/3) (0es/8) (Jop) oTHue ad £q 189y,
zp e Wﬁ. MMM% aowm UOTJBUTTOUT J03NqTI3STI(Q
(1) 3891 (0,) sanyexadusy, Sy eToT3aey mwﬁﬁ

wlojeay arotjaed, oyl Jo sjTnsex TejusutIadxy

1°6 91q9%L

136



FIGURE 5.1 PRESSURE DROP ACROSS DISTRIBUTOR
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FIGURE 5.2 PRESSURE DROP ACROSS BED
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Photograph of fluidization

Figure 5.4

Photograph of fluidization

Figure 5.3

in the bed with 15° inclined distributor

in the bed with horizontal distributor
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Photograph of fluidization

Figure 5.6

Photograph of fluidization

Figure 5.5

in the bed with 15° inclined distributor

in the bed with 15° inclined distributor
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Photograph of fluidization

Figure 5.8

Photograph of fluidization

Figure 5.7

in the bed with 10° inclined distributor:

in the bed with 50 inclined distributor:
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Photograph of fluidization

Figure 5.9

in the bed with 20° inclined distributor
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FIGURE 5.11 PRESSURE DROP ACROSS THE BED
ON INCLINED DISTRIBUTOR
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FIGURE 5.12 PRESSURE DISTRIBUTION IN

BED
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Figure 5.13 Logic diagram for computer simulation of

unsteady-state experiments

Read calc, h _S/R
L, U, hy from eq. A.1l.5

Y
calc. (Xl)=Rg/Wsz

(%2)=1- exp[—(x1)[@-exp(-hps/ﬁgﬂ]
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FIGURE 5.14 DIMENSIONLESS EXIT AIR TEMPERATURE
CHANGE FROM THE HORIZONTAL DISTRIBUTOR BED
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FIGURE 5.15 DIMENSIOLESS EXIT AIR TEMPERATURE

CHANGE FROM THE HORIZONTAL AND INCLINED DISTRIBUTOR
BEDS
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FIGURE 5.16 DIMENSIONLESS EXIT AIR TEMPERATURE

CHANGE FROM THE INCLINED DISTRIBUTOR BED
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FIGURE 5.17 MAXIMUM SOLIDS FLOW RATE VERSUS

INCLINED ANGLE
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FIGURE 5.18 MAXIMUM SOLIDS FLOW RATE VERSUS

INCLINED ANGLE
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FIGURE 5.19 AN EXAMPLE OF OPERATING CONDITION

OF "HEATER”
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FIGURE 5.20 RANGE OF THE EXPERIMENTAL VARIABLES
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FIGURE 5.2 PERFORMANCE CHARACTERISTICS OF THE
"PARTICLE HEATER”
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FIGURE 5.22

EFFECT OF THE AIR FLOW RATE
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FIGURE 5.23 EFFECT OF THE SOLIDS FLOW RATE
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CHAPTER SIX
ASSESSMENT OF THE FLUIDIZED BED
GAS-TO-GAS HEAT EXCHANGER

6.1 INTRODUCTION

The intention of this chapter is to collate all the information
presented earlier on the review of literature, the theoretical
model and the experimental work. The assessment of this

information will lead to two distinct areas for discussion, the

design criteria for larger units and recommendation for further

work,

6.2 DESIGN CRITERIA FOR LARGE UNITS

The experimental work has demonstrated that the "particle heater!
built in accordance with the ideas presented in Section 3.4.2
operates satisfactorily. The experimentally observed performance
of the "particle heater" corresponds closely to that predicted on
the assumption that the solids flow through it is perfect plug
flow over the whole range of the fluidizing conditions examined.
However it is necessary to build a larger multi-stage bed heat
exchanger to demonstrate satisfactory functioning of all the
elements if the system is to be used for industrial applications,
Such elements are solids transport between the beds and between
the heat exchanger and for example, a heat storage system. Before
discussing the further work, it is important to extract sufficient

information from the data obtained during this study so as to
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define the criteria which are essential for the prediction of the
performance of a larger unit, In this section the principles

adopted for scaling-up the heat exchanger design are described.

The starting points of the design are the values of the hot and
cold gas inlet temperatures and their flow rates, together with
their fluctuations with operating time, which are sometimes
important factors. From the above conditions the areas of the
distributors of the "particle heater" and "particle cooler", the
range of solids flow rate and the size of heat storage, if it is
required, can be determined by setting the actual fluidizing
velocity at some value, as the flow chart illustrated in Figure
6e.ls The full set of recommended design values is given in Table
G.ls The dimensions of each cell will depend upon the gas f%gw
rates and the temperature, however the section of the cell should
be rectangular in order to make the solids flow in a near plug-
flow fashion, The angle of inclination of the distributor must

be decided from the maximum solids flow rate required.

The material of particle was recommended silica sand in Table 6.1,
however its resistance to high temperature may not be higher than
about 900° C for continuocus operation.and its ability to withstand
cyclic thermal shock without breaking is not always very high. G 3
the particle is to be heated higher than 900° C, alumina is a more
suitable particle material and it is claimed that its resistance

to thermal shock is greater. If alumina is to be used, then the
particle size may have to be different from that given in Table 6.1

because alumina density is larger than that of silica sand.
Lastly, it is clear that the "particle heater" can be used for

other applications such as particle dryers, particle coolers, for

§izing or solids-to-solids heat exchange. For these applications
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the design values of the design parameters might have to be
different from those in Table 6.1; this matter is however beyond

the chosen scope of this thesis.,

6e3 FURTHER WORK

Further studies on the heat exchanger will fall into one of two
categories, One will be to test a larger size heat exchanger
operating at higher temperatures; the other will be to gain better
understanding about the interaction between the fluidizing gas and
the bed material. The two groups will be discussed in turn, and

the other aspects which merit more study will be suggested,

Do Larger size heat exchanger operating at higher temperature

The next stage of the development of the heat exchanger into a
commercial product is the construction of a prototype of typical
industrial size, which should consist of multi-stage "heater" and
""cooler" beds and the solids transporting system. The technical
aims of the operation of the prototype are to study the effects
of prolonged thermal cycling on the size and shape of particles,
the life of partitions and distributor, solids transport and the
quality of fluidization. It is reasonavle to expect that all
these will be influenced by the larger size and higher operating
temperature of the prototype compared with the present small
exXxperimental unit. The design of the solids transport system
needs particularly careful consideration if pneumatic conveying,
downcomer and non-mechanical valves are to achieve the smooth
operation, high performance, flexibility against the change of gas

flow rates and temperatures and be reliable under such
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service conditions, The predictions of the theoretical model
"%:géé alsoﬁ;e evaluated against actual performance and improved to
aid the design of a full range of production units. In the
industrial prototype the hot gas stream would be exhaust gases
from a gas burner. These can be used to study effects of
contamination of the hot gas stream on particles and
distributors as well as gaining experience of using a gas of
differing physical properties from air, Contamingtion is a
Serious problem for some applications. It might be necessary to
develop the maintenance technique of the distributor for such
applications, Much will depend upon the kind of the application

to decide what further development and studies are required.

.32 Advancing basic understanding

Wres
The principal area of basic understanding whichhyeyond the scope

of the present work was the interaction and the heat transfer
between the fluidizing gas and the bed material. This is a
complicated phenomenon, which has received limited study. The
circulating movement of particles in the cell observed in the
experimental work reported here are determined by many factors,
tut particularly ©ty the size of the cell, the inclination of the
distributor and the fluidizing velocity. The heat transfer might
not only be under the influence of the particle circulation but

also be influenced by the number of the particles in the freeboad,
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Figure 6.1 Flow chart for scaling-up the heat exchanger
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7.1

CHAPTER SEVEN
CONCLUSIONS

CONCLUSIONS

A single-stage fluidized bed apparatus with inclined distributor

has been developed as the "particle heater" for a gas-to-gas heat

exchanger and the effects of some design and operating parameters

have been evaluated. The conclusions are as follows:

(1)

(i)

(i)

Sufficiently rapid transport of solids through the "particle
heater" fluidized bed is achieved by ineclining the
distributor by 10° - 20° to the horizontal and returning

the cooled solids to the top of the slope mechanically to
give continuous circulation of solids. In practice, a 10°
inclination is sufficient for the solids to flow readily

for the weirs 4 cm high and the cells 4 cm wide. An
inclination greater than 20° may lead to too large solids
flow or to partial fluidization.

The maximum solids flow rate is affected by the fluidizing
velocity, the angle of the inclination of the distributor
and the dimension of cell, The maximum flow rate increases
with the fluidizing velocity but decreases with the height
of weirs, The maximum flow rate also increases with the
inclination from 0° and decreases beyond a certain angle.
The gas-to-particle heat transfer coefficient in the bed
with inclined distributor seems to be nearly equal to that
in the ordinary fluidized bed with horizontal distributor,
although the most bubbles were observed passing through

only the shallower part of bed. It may be that
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(iv)

(v)

(vi)

(vil)

(viii)

(ix)

the rapid circulation of pafticles caused by the bubbles
rising yields gas-to-particle contact as good as a bed
with horizontal distributor.

From the unsteady-state experiments carried out, these
values of the gas-to-particle heat transfer coefficient
may be estimated by Kato’s empirical equation,

Some aspects of the performance of the "particle heater"
and gas-to-gas heat exchanger, which will be constructed
by combining the "particle heater” with a "particle
cooler', can be predicted from the simple theoretical
model developed in Chapter 3.

The model predicted that the efficiency of the "particle
heater" is strongly dependent on the heat capacity ratio
of solids and gas flows and the gas-to-particle heat
transfer coefficient. The measured performance of the
"particle heater" tends to agree with values calculated
from the horizontal solids plug flow model within #4.5%,
if Kato’s equation is used to estimate coefficient.

The analysis concludes that a number of the beds arranged
in stages is required to give sufficiently large of heat
transfer rate tetween two gas streams,

The pumping power to fluidize and circulate the solids is
smaller than that required to fluidize multi-stage beds
with horizontal distributors containing the same volume
of solids.

The heat exchanger seems particularly suited to those waste
heat recovery applications in which both the temperatures
and the flow rates of two gases changes with time, because
the solids flow rate can be controlled so as to maintain
the maximum performance. Storage of heat in hot solids
may be combined with this type of heat exchanger, so as to

accommodate large changes of heat supply and demand rates,
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Appendix 1

DESIGN CONDITION OF THE FLUIDIZED BED "HEEATERY

It is required to calculate the efficiency of heat utilization of
solids in one "heater" of single stage fluidized bed, where the
solids flow is assumed to be a perfect backmixing flow or a

I
horizontal plug flow, From Kato’s equation (equation 2.3,

o

Assuming the particles are spherical, the total surface area of

bed particles, S, is

L]
|

= (Number of particles in a bed)

x (Surface area of one particle)

ALA1 - ) d.\°
— _"'"‘—'—'—3 X LF‘W('_—-)
2
'i,{is)
312
6ALf{l - )
- T (A.1.2)
d .
P
Heat capacity flow of gas, R, is
Rg = AU pgcg (A.1.3)
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Then from equations A.1.1, A.1,2 and A.l.S

S 3.54M1 - (U p L0t

; - - (Aelok)
R 1.
& “e"s

For the air at 100° C, X\ = 0.0316 (W/m K), by = 0946 (kg/m2),

Cg = 1.01 (WI/kg K), u,

€ = 0.45, equation A.l.4 becomes

= 2,17 v 1072 (kg/m sec) and assuming

hpS
— = 8.1, ¥ o (1.1:5)
g

From equation 2.4, minimum fluidizing velocity, Umf’ can be

estimated by
’uﬁ

e Ar
i a ) (1.5
dpPg /1400 + 5.22 JAr

3 Iy
Edp ( Py Pg) Py

where Ar =

2
ke

assuming the solid particle is silica sand, dp = 0.0006 (m) and

pp = 2590 (kg/m?), Ar = 10660 then U, = 0.216 (m/sec)
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Appendix 2

INTEGRATION OF EQUATION 3,23

It is required to integrate equations 3.23. This is shown in
Figu;e ool 8t = time for mass mg of gas to pass through bed,
during which time we assume no particle flow, but that the
particles mix tﬁioughly so that there is no temperature gradient

in the bed, This mass of gas m_ raises the bed temperature by

3
8TS hence
Rg (Tg,in - Tg,out) 3t = m C3T_ (A.2.1)
where Rg = mgcg' Heat transfer across solids-to-gas interface

during time 3t is the same amount Q. So that equations 3.23 are

obtained,

From equation 3.23.a and 3.23.b

Zoini Ts
hpS(Tg’in - Tg,out)at = m,C, 1n - — 3T, (A.2.2)
g,out s
from which
hps ( )at Tg,in - 1 . :
exp P s il e e B2 5
g,in g,out
mscs - ’ aTs Tg,out - '8
from equation 3.23.b and 3.23.c
. ek U (A.2.8)
—(P_ . =T —_— = — A.2.4
g,in g,0ut
mscs 3 g aTS Rg

or
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m.Cc.aT

+ )

g.out = 7 g,in (4.2.5)

R 3t

From equation A.2.3, A.2.4 and A.2.5

2T, = - 1 - exp|l-——|3t (A.2.6)

S Tgsin 58S g

Integrating equation A.2.6

4 t
5 de Rg hpS
= 1 - exp|- — dt (Ae2.7)
Xy g;in B:Cs : Rg
Ts,o 0
Then
o {ta Thg,an Re Ry
o oot | ae e oL TR Ry | l - expl- —| |t (A.2.8)
Ts,o i Tg,in nsCs Rg

It gives equation 3.24
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Appendix 3
CONSIDERATION OF THE HEAT TRANSFER RATE BETWEEN ADJACENT CELLS

—

t 1s reguired tc compare the heat transfer rates between adjacent
cells through the partitions without insulation and between gas
and solids, If they are of similar magnitude, it is necessary

to insulate the partitions in order to prevent a large amount of
heat from transfering between cells. This leakage of heat might
reduce the performance ofAheat exchanger to a level of single-

cell contacting,

Firstly we should predict the heat transfer coefficient between
bed and wall, hw. Assuming the bed temperature is 100° ¢ and

UO = SUmf’ from Appendix 1

U, =3 x 0.216 = 0.65 (m/sec)
#y = 2.17 x 102 (kg/m sec)
P, = 0.946 (kg/m2), d, = 0.0006 (m)
Then
“p%e’ “pfg ns
Re = = e Remf = = S5e7
fg kg

From Zabrodsky’s equation hw can be predicted, because (50)

Ar = 10660, (< 26000) from Appendix 1
and
Remf SHSSTANG==12 0 5)
From equation 2.8 taking X = 0.0316 (W/m K) and Py = 2590
(kg/n°)
35.8 x 2590%°2 x 0.0316°+ x 0.000670+30

hw,max

313 (W/m°K)
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This gives about as accurate an answer as one can hope for if we

take a realistic value as being about 70% of hy ..., then we
o1

obtain

hy = 0.7 h = 220 (W/n®sec)

W,max

Figure A2 shows model for heat transfer between two cells, The
heat flow from cell 1 to cell 2, Ql-a’ can be expressed by
By

Qo = 4y = (Tyy = Tya) (A.3.1)
if the thermal resistance through the partition without insulatiocn
is neglected, where Aw is the area of heat exchange surface and
Tbl and Tba are the temperatures of cells, The surface area of
the heat exchange section in one partition of the "particle

heater", Ay is

Aw = 0.008 (ma) for: T, = 0,04 (m)

£
then

220
Qy_5 = 0.008 x——z-—x (Tyq = Typo) =0.88(Tyy = Typo)

(B Do)

On the other hand, the heat removed from the gas by the solids in

one cell, Qg-s’ can be expressed by

Qg"s = b8 3T (Ae3e3)

where aTm is the mean temperature difference between gas and

solids., From equation A.1.5

0 [ 0.1
hps = S.Ib,Rg(Uch) = 8.1L;.AUOngg(UOLf) (A.3.04)
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For one cell L cm wide, A = 0.008 (maj

Then from equation A.3.4

hPS = 0,028 (kW/K)

From equation A.3.3

Qg-s = 0,028 ¥ 1000 xaTm = 28 BTm (A.3.5)
From equations A.3.2 and A.3.5

Q.2 i (Ty1 = Tp2) did o3

— = 0. —_—— A3

Qe 3T,

n
i = i th
Cafldering that (Tyq = Typ) / 3T is about 1 or less than 1

Q'l--Z < Qg-s

however Ql—a and Qg-s might be of 31milar ?agnltude because the
correlations for heat transfer are nothaccurate. Therefor-e

we should insulate the partitions between cells.
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FIGURE Al. MODEL FOR HEAT TRANSFER ACROSS
SOLIDS TO GAS INTERFACE DURING TIME 58T
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FIGURE A2. MODEL FOR HEAT TRANSFER BETWEEN

ADJACENT CELLS
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