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SUMMARY 

LIQUID-LIQUID EXTRACTION STUDIES IN A PILOT SCALE COLUMN 

AMAR NATH KHANDELWAL Ph.D. L978: 

A study has been made of the hydrodynamics and mass 

transfer characteristics of the Rotating Disc Contactor. 

The literature relating to this extractor and relevant 

phenomena, e.g. droplet break-up and coalescence, single 

drop mass transfer, axial mixing and phase inversion/flooding, 

has been reviewed. 

A 450 mm. diameter, fourteen compartment R.D.C. was 

designed and operated with the system kerosene-acetone-water 

over a range of practical rotor speeds. The results were 

compared with those from a modified, existing 101 mm. 

diameter R.D.C. 

The time to reach steady state varied with operating 

parameters and was approximately equal to the time taken for 

a total flow of two and a half times the column volume. Hold- 

up of dispersed phase varied in an axial as well as a radial 

direction. Nearly equal drop sizes were generated at equal 

energy per unit volume in the two columns. Flooding rather 

than phase inversion defined the limiting capacities with 

the chosen system in both columns. Mass transfer efficiency 

was expressed in terms of overall coefficients. Drop size 

increased with mass transfer from kerosene-acetone (dispersed) 

to water (continuous) phase in both columns. 

Mathematical models were derived to determine — 

(a) Column diameter, and hence geometry, from data obtained 

on a pilot scale using a similar system, or from data 

with any system. 

(b) Column height, for large columns from data obtained 

on a pilot scale. 

These models were incorporated into a recommended design 

procedure. 

Key words: Rotating Disc Contactor, 
Liquid-liguid extraction.
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i. INTRODUCTION 

Liquid-liquid extraction involves the separation of a 

liquid mixture by means of a solvent in which one or more 

of the components is preferentially soluble. The process 

has been used increasingly for separations because of the 

rapid world-wide development of the chemicalindustry, and 

the increasing importance of petrochemical, wet metallurgy 

and synthetic fibre processes. 

Extraction has been used in the working up of 

coal tar liquors, and in recent years separation of hydro- 

carbons in the petroleum industry (1). The separation 

of aromatics from paraffinic and napththenic hydrocarbons 

by use of liquid sulphur dioxide in the Edeleanu process 

represents one example (2). It is also widely used in 

the purification of products in the organic and inorganic 

chemical industries (3). 

Liquid-liquid extraction is often used to separate 

a liquid mixture when it is impracticable, or inconvenient, 

to obtain the desired components by distillation. Normally 

distillation is the most efficient method of separating 

a mixture into its constituents, but extraction may be 

preferred under the following circumstances: 

(i) When valuable components would be destroyed, or 

damaged, by the temperature required for separation 

by distillation;



(ii) When the required component is present in the feed 

liquor in very small quantities; 

(iii)When the feed is non-volatile; 

(iv) When a large number of constituents in the feed have 

similar volatilities or form azeotropes; and/or 

(v) When one component only, of intermediate volatility, 

is required from a mixture composed of a very large 

number of components. 

Whilst distillation exploits differences in the 

volatilities of the components, in extraction use is made 

of differences in their solubilities in a selected solvent. 

Following extraction it is necessary to recover the solute 

and solvent and this often entails fractional distillation. 

For example the recovery of acetic acid by extraction with 

a solvent, such as ethyl acetate, is followed by distillation 

of the extract cbtained. This two-stage process offers 

a considerable saving in energy, compared with direct 

distillation of a very weak acetic acid. 

Any extraction process involves: 

(a) Bringing the solvent and solution into intimate 

contact; 

(b) Separation of the two resulting phases; and 

(c) Removal and recovery of solute and solvent. 

A wide variety of equipment can be used to carry out



steps (a) and (b) in either a continuous or stagewise 

manner. The equipment, their applications and advantages 

are discussed fully in Chapter 2. 

In order to provide intimate contact between the 

phases in all practical extractors one phase is dispersed 

as droplets. The rate of solute transfer N, can then be 

expressed as the product of an overall mass transfer 

coefficient K, the interfacial area A, and the concentration 

driving force AC, 

N = KA AC (iD) 

The overall coefficient K is made up of a series of 

resistances to diffusion, inside the drop, outside the drop, 

and at the interface. Neglecting the latter, 

a 1. je 

ka mie 

m
e
 

(1.2) 

where m is the distribution coefficient. To maximise the 

rate of mass transfer in equation 1.1, an attempt is 

generally made to maximise A. The total interfacial area 

depends on the drop size and dispersed phase hold up x, 

in the contactor. Assuming that the drops are spherical 

and their diameter can be represented by a mean value quer 

A= (1.3) 
6x 

dus 

where x is the dispersed phase hold-up. 

The resistance to mass transfer inside the drop



depends on the motion of the fluid particles and widely 

different magnitudes of resistance have been reported 

(4, 5, 6), dependent on whether the fluid is stagnant 

circulating or oscillating. The different coefficients 

for each mode of transfer are reviewed in Chapter 5. 

In recent years agitated columns involving internal 

pulsing or rotary agitation, giving rise to increased 

turbulence, have found wide application. Generally they 

offer the advantage of flexibility, high efficiency and 

reasonable volumetric capacity. The most common is the 

Rotating Disc Contactor, which was invented by Reman in 

1951. Design is traditionally from data obtained on a 

small scale, with the efficiency and capacity measured in 

terms of heights of a transfer unit and flooding flow 

rates respectively. However, there are several limitations 

in this method. For example, the efficiency of a column 

decreases with the increase in column diameter due to 

increased axial mixing. Wall effects may also be 

significant in small columns, because droplet break up, 

coalescence and flow in an unrestricted continuous phase 

differ from those in the vicinity of the wall. Literature 

pertaining to the R.D.C. is reviewed in chapter 3; axial 

mixing effects are described in Chapter 6, and wall effects 

in Chapter 5. 

The design of industrial scale R.D.C.s has been the 

subject of many studies (7, 8, 9, 10). However, the



principles are still not well understood. Therefore the 

present work comprises a study of the factors to be 

considered in the scale up of the R.D.C. from pilot plant 

data. Consideration is also given to phase inversion 

phenomena, which has recently been used to define limiting 

volumetric capacity with certain systems. The main 

objective is to provide a reliable method for the design 

of the R.D.C. or other industrial agitated columns, from 

data obtained on a small scale.



  

2. LIQUID-LIQUID EXTRACTION EQUIPMENT 

2.1 Equipment Classification 

Liquid-liquid extraction operations may be performed 

in either: 

(a) 

(b) 

Equipment inwhich the liquids are mixed, extracted 

and separated in discrete stages. This class 

includes the mixer settler range of equipment and 

also perforated plate columns. Or 

Equipment in which continuous counter-current contact 

is established between the immiscible phases to give 

the equivalent of any desired number of stages. These 

may be categorised as, 

Gravity Operated Extractors 

(1) Non-mechanical dispersion 

(a) Spray column 

(b) Baffle plate column 

(c) Packed columns. 

(2) Mechanically Agitated Columns 

(a) Pulsed columns 

(b) Rotary agitated columns. 

Centrifugal Extractors. 

Recently equipment has been classified on the basis 

of energy input as in Fig. 2.1 (11). 

A complete description of all the continuous counter
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Fig. 2,1 CLASSIFICATION OF INDUSTRIAL CONTACTORS ON THE 

BASIS OF ENERGY INPUT. 

 



current extractors shown in Fig. 2.1. is outside the scope 

of this work. However, a summary of the agitated column 

designs is given in Table 2.1. 

2.2 Selection of Equipment 

The choice of an extractor for any particular 

application is largely based on experience. Continuous 

contactors are generally preferable to mixer settlers when 

large throughputs are to be handled since they offer economies 

in agitation and power equipment cost, floor space and 

solvent inventory. They operate with relatively small 

amounts of hold up of raffinate and extract. This is 

important when processing radio active, flammable, expensive 

or low stability materials. In extraction processes it is 

necessary as a final step, or in multi-contact stagewise 

equipment, at intermediate steps, to separate the two 

phases. Rapid coalescence is desirable otherwise an excessive 

residence time is required or some of the continuous phase 

will be removed with the 'bulk'" dispersed phase, resulting 

in reduced efficiency, capacity and loss of solvent. Hence 

the contactor which gives the most rapid solute transfer 

is not necessarily the most economic. 

Continuous columns without mechanical agitation are 

unsuitable for use with systems of high interfacial tension 

since adequate dispersion cannot be achieved throughout the 

continuous phase. Mixer settlers are commonly used where 

only a few contact stages are required. They can handle
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mixtures of liquidéscontaining suspended solids better than 

most other contactors, with the exception of certain 

rotary agitated types (23). 

Centrifugal extractors have relatively high capital 

and operating costs and the number of stages which can be 

accommodated in a single unit is limited. Nevertheless, 

they are superior to all other contactors for processes 

requiring a low hold up, or low contact time, or if there 

is a low density difference between the phases. 

Table 2.2 is a useful 'rule of thumb' method for a 

preliminary narrowing of the choice between the various 

types of extractor (24). The ratings are unsuitable - 0, 

Poor - 1, Fair - 2, Adequate - 3, Good - 4, and outstanding 

- 5. Not all the features in the table can be equated and, 

as will be discussed, special process factors often govern 

extractor selection. Equipment installed and operating 

costs are of primary importance. On this basis, and 

dependent on the number of stages for a given application, 

and the ease of phase dispersion/separation, an extractor 

selection chart can be drawn for any given feed rate range. 

In general the choice of equipment for a given 

separation should be based on the minimum annual cost for 

the complete plant, i.e. extractor and ancillary equipment, 

as well as on operating and solvent loss costs. For a 

given feed rate range, Todd (24) has developed an extractor
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selection chart, as shown in Fig. 2.2. The governing 

consideration in the chart is the cost of installation 

and operation. Many of the extractors will operate 

outside their allocated regions but at higher cost. The 

abscissa and the border lines within the chart are 

necessarily approximate. 

Fig. 2.2 also illustrates the theoretical stage 

dispersibility requirements for several commercially 

important systems. In general a system becomes more 

difficult to disperse as interfacial tension and density 

difference increase. For some systems, the abscissa could 

be more appropriately ‘ease of phase separation’ than 

difficulty of dispersion. 

It is evident from Fig. 2.2. that for intermediate 

dispersable systems, mechanically aided extractors, such 

as the R.D.C., are appropriate for any process requiring 

more than two stages. 

Recently Logsdail (25) has described the various 

design considerations and process parameters to be 

considered in arriving at a decision on solvent extraction 

equipment. The various factors and choiceof extractors 

are outlined in Table 2.3. 

2.3 The Rotating Disc Contactor - Advantages and 
  

Applications 

As indicated by Table 2.2, 2.3 and Fig. 2.2 the Rotating 

Disc Contactor possesses several inherent advantages over
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FACTORS DETERMINING THE CHOICE OF AN EXTRACTOR 

TABLE 2.3 

(25) 

  

FACTOR CONTACTOR 
  

  

a 

26 

3. 

Number of stages required: 
(i) few (2-3) stages 
(ii) (10-20) stages 

Volumetric capacity. 
(i) Intermediate to high 
(ii) Low 

Residence time. 
(i) Short 
(ii) Long 

Phase ratio. 
(i) Large 
(ii) Moderate to low 

Physical properties 
(i) Small io 

Ap 

(ii) Large _o 
Ap 

(iii)High viscosities 

Direction of mass transfer 
(i) From dispersed to 

continuous phase. 
(ii) From continuous to 

dispersed phase 

Phase dispersion and Hold- 
Up. 
(i) If the vhase of the 

highest throughput is 
to be dispersed. 

(ii) If a low hold-up of 
one phase is required. 

Presence of solids in one 
or both feeds.   

All types 
Mixer-settler Cascade, 
Agitated colums. 

Spray or packed columns 
R.D.C., Oldshue Rushton colum, 
pulsed, mixer-settlers. 

Centrifugal types. 
Mixer-settler, differential 
contactors. 

Mixer-settler 
Other types. 

Non-agitated contactors 

Mechanically agitated contactors 

Mechanically agitated contactors 

Mechanically agitated contactor 

Little information is available. 

Difficulties may be encountered 
in colum contactors due to 
flooding and phase inversion. 
Centrifugal contactors 

Mixer columns e.g. Oldshue 
Rushton contactor. 
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other extractors. Hence its use is wide spread in industry. 

The various advantages of the R.D.C. and its application 

are outlined in this section. 

2.3.1lAdvantages of the R.D.C. Over Other Extraction Devices 

The main advantages of an R.D.C. may be summarised as 

(12, 26, 27, 28), 

(i) High efficiency, measured as low H.T.U. or H.E.T.S. 

values. 

(ii) The ability to maintain this efficiency over a large 

capacity range. This is practicable because, by 

variation of rotor speed, the flow conditions in the 

contactor can be maintained at the optimum for any 

particular feed conditions. 

(iii)It is cheap and simple to build and operate. Figures 

quoted (29) for an early R.D.C. give cost at 50% 

hold-up as 10%, and solvent losses as 30%, of equivalent 

figures for a comparable mixer settler system. The 

low hold-up facilitates a rapid change from one product 

to another and hence the plant is more flexible. The 

power consumption of an R.D.C. is low and the bearing 

wear less in comparison with the pumps of an 

equivalent mixer settler, because lower motor speeds 

are required. 

Reman (27) compared the performance of an R.D.C. with 

a packed column, for purification of synthetic detergent



and found that a single R.D.C. of 4ft. 9 inches in diameter 

and a total height of 17 feet could replace two packed 

columns, each 4 feet in diameter, and 70 feet high for 

processing 75 tons/day of crude detergent solution. The 

erected cost of the contactor was also 45% of that for the 

two packed columns. 

Misek (30) compared the R.D.C. against a sieve plate 

extractor and found that for dephenolisation of 68 cubic 

metre/hr of ammoniacal water with benzene, use of an R.D.C. 

saved 74% (81 tons) of material of construction and reduced 

operating cost by 72%. There were additional savings due 

to the decrease in cost of pumps, supports and piping 

foundations. From the same study it was reported that, 

compared with previous results using a packed column for 

dephenolisation of 320 cubic metres/hr of water by means 

of butyl acetate,the R.D.C. gave savings in material of 

approximately 64% (2 x 10° Sterling pounds) and in operating 

cost of 2 x 104 Sterling pounds per year. 

Unfortunately there are inadequate data in the 

literature for such comparisons. However, the information 

provided in Tables 2.2, 2.3 and Figure 2.2 providesguide- 

lines for equipment selection, 

2.3.2 Application of R.D.C. 

There are numerous examples of the use of the R.D.C. 

in industry. Some examples of where it has been used



extensively are, 

(a) Furfural Extraction of Lube Oil 

This is the earliest R.D.C. extraction reported and 

has been very successful for the past 20 years (29, 31, 

32, 33). 

(b) Extraction of Oxygen Compounds From Fruit Juices With 

Alcohol 

Although this is the most difficult extraction to 

carry out in a mixer-settler unit, due to a tendency to 

emulsify; it can be satisfactorily performed in an R.D.C. 

using low rotor speeds (33). 

(c) Solutizer Extraction of Mercaptans 

This can be performed satisfactorily with an R.D.C. (33). 

(d) Propane Deasphalting 

The use of an R.D.C. not only improves the yield of 

propane, but also gives better quality asphalt than the 

earlier mixer settler processes (28, 34, 35). 

(e) Phenol Recovery 

An R.D.C. gives much improved efficiency over the 

traditional tray columns (30). 

(£) Extraction of Caprolactam 

Use of the R.D.C. enhances efficiency, (26). It is 

also claimed that the R.D.C. is more economic than
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centrifugal extractors and superior in flexibility of 

operation and insensitivity to solid phase impurities.



36 THE DESIGN AND SCALE-UP OF THE ROTATING DISC CONTACTOR 
  

3.1 Fundamentals 

In its simplest form, as shown in Fig. 3.1, an R.D.C. 

consists of a vertical cylindrical column, divided by 

stator rings into a series of similar equi-sized compart- 

ments. Each compartment contains a smooth, rotating disc 

centrally located between a pair of stators and, supported 

on a central shaft. The diameter of the rotating disc is 

always less than the diameter of the opening in the stator 

discs. This enables the equipment to be assembled easily. 

The lighter liquid enters the contactor at the bottom 

and flows upwards counter-currently to the descending 

heavier liquid, which enters at the top. In modern designs, 

(37, 38), one of the liquids is dispersed at either the 

top or bottom of the column by means of a distributor. This 

has been found to provide a saving in the effective column 

height (39). The requisite size of droplets in the 

effective length of the contactor is maintained by variation 

of the rotor speed. Interstage settling and re-dispersion 

is not normally practised. However, some work (37, 40, 41) 

has been done in this area to improve the efficiency and 

capacity of the contactor. This is discussed in detail 

in Chapter 7. Flat rotor discs and stator rings without 

any protrusion are used, since they create uniform 

shearing conditions and assist in obtaining a small spread 

in droplet sizes.
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3.1.1 Flow Patterns in an R.D.C. 

Four forces act on the liquid in an R.D.C., namely, 

(ZL) A rotation of the entire bulk about the shaft caused 

by the disc's motion. 

(ii) A slower movement caused by centrifugal force. This 

moves liquid from the shaft to the wall in the 

vicinity of the rotors and from the wall back to 

the shaft in the vicinity of the stators. 

(iii) Buoyancy, causing the light liquid to rise and the 

denser liquid to fall through each compartment, and 

(iv) Swirl due totangential inlets. This method of 

introduction of the phases is now being replaced 

by injection via a distributor. 

Thus in each compartment the interaction of two 

vortices and bulk axial flow produces complex mixing 

patterns resembling a rotating ring vortex (12, 7, 33, 27, 

42). 

In the absence of a distributor, the disperse phase 

enters the column as a continuous stream, which is rapidly 

broken down into droplets near the discs. If the drops 

are small enough they follow the vortex patterns but if 

they are large, they tendto move axially (9). Reman et 

al (27), proposed several flow patterns of the type shown 

in Fig. 3.2. Kung et al (43) later observed that the flow 

of the droplets followed the two general patterns illustrated
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in Figs. 3.3 and 3.4. In general at all rotor speeds less 

than 300 ft/min., except at the vicinity of the flood point, 

the flow of the liquid was counter-current with a rotation 

of the whole liquid mass around the rotor shaft. The move- 

ment of the liquid from the shaft towards the wall of the 

column in the vicinity of the rotor discs, and from the 

wall back towards the shaft in the vicinity of the stator 

rings, was not present under these conditions, and there 

was very little back mixing. This explains the absence 

from Fig. 3.3 of the recirculation loops, which appeared 

in Fig. 3.2. Also, as indicated in Fig. 3.3, for all runs 

at rotor peripheral speeds less than 300 ft/min. layers 

of dispersed phase droplets were generally observed to be 

trapped beneath the stator rings and/or rotor discs. 

However, the extent of droplet entrapment, was a function 

of the column geometry, the rotor speed and the liquid 

flow rates. 

At rotor peripheral speeds higher than 300 ft/min. 

and/or at the vicinity of the flood points a similar flow 

pattern to that described by Reman (44) was observed, and 

back mixing became generally prominent. The severity of 

back mixing was a function of the column geometry, the 

rotor speed, and phase flow rates. Fig. 3.4 is similar 

to Fig. 3.2, except that the former underscored the 

difference in quantity which recirculated and the main 

body of the flow of the liquid. However at the vicinity
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of the flood point the flow pattern of the dispersed phase 

approached that represented by Fig. 3.2. 

3.1.2 Power Requirements of the R.D.C. 

Although the power consumption of an R.D.C. may be 

relatively small in terms of total extraction processing 

costs, the correct sizing of the drive motor is important 

so that the rotor speed can be controlled to give maximum 

extraction efficiency under all conditions. 

Reman et al (33) considered power requirements on 

the basis of mixing. They were able to correlate for any 

  

system and any R.D.C., the power number Np = —— with 
NR2 0 nirRt 

the disc Reynolds number, Re, = a «) Using 

this correlation the power requirements for a full size 

extractor could be found from pilot plant work. 

Later Misek (45) analysed the results of previous 

authors and obtained, 

Np = B Re® (3.2) 

Exponents A and B were determined experimentally as, 

(i) In the laminar region, 

A =- 0.568 ; B = 6.78 (3.2) 

(ii) In the turbulent region, 

A= = 02155 ; B = 0.069 (3.3) 

Misek (45) compared the results with those of Reman (33);
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the power required was only one third of that predicted 

by Reman. This was explained on the basis that the results 

obtained by Reman were on a full scale plant and probably 

included all power losses due to friction and bearings, 

whereas Misek's results were on a pilot plant. The 

results obtained by Misek are shown in Fig. 3.5. 

3.1.3 Internal Geometry 

The inside geometry of the R.D.C. is determined by 

the diameter of the rotating disc, the stator opening and 

the height of the compartment, i.e. the distance between 

the successive stator rings or rotating discs. 

Proper column geometry is of great significance 

since it affects both the column capacity and efficiency 

(8, 10, 27, 32, 46). Thus the column efficiency (27, 32) 

was found to increase with, 

(a) increase in the diameter of rotor discs, 

(b) decrease in the size of the stator opening, and 

(ey decrease in the height of the compartments. 

Opposite effects generally apply for the capacity. Thus 

the need arises for optimisation between efficiency and 

capacity. The geometry therefore selected depends upon, 

whether, 

(a) the system is easily extractable, or 

(b) high efficiency-low capacity, or a low efficiency 

but high capacity is required for a particular 

application and system.
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In general (8, 9, 10, 27, 43, 46) for optimum design, 

the column dimensions should have the following ratios, 

Stator diameter (S) 

Column diameter (D) 
0.66 to 0.75 

Disc diameter (R) 

Column diameter (D) 
0.5 to 0.66 

Compartment height (H) _ 
Column diameter (D) Oe eee SOD 

Misek (10) has presented a nomograph for the deter- 

mination of column dimensions. The results obtained from 

this nomograph, which is reproduced in Fig. 3.6, generally 

fall within the range mentioned above. 

3.2 Hydrodynamics 

3.2.1 Hold-up 

In mass transfer calculations using equation 1.1 

and 1.2, the interfacial area is estimated as the product 

of drop surface area and the total number of drops in 

the column. Hence it is necessary to predict either the 

drop residence times in the extractor, or the fraction of 

the column volume occupied by the dispersed phase. Since 

in extractors of complex geometry the droplet velocity 

is difficult to estimate, it is probably easier to deter- 

mine the fractional hold up of the dispersed phase. Clearly 

the fractional hold-up for any system at a given phase 

flow rate will be characteristic of the extraction equip- 

ment. Thus in calculations for mass transfer and 

limiting flows of phases in counter current extractors,



- 29 - 

  

          

103 

  

  

  iT 

(cm)   
  

104 

  

      

  

    

  

D(cm) ——= 

FIG. 3.6% NOMOGRAPH FOR THE DETERMINATION OF 

COLUMN GEOMETRY (10).



it is usually assumed that the hold up of the dispersed 

phase is constant along the column length. Experimental 

measurements of hold up profiles in mechanically agitated 

columns have shown however, that the hold up varies with 

the column height and often exhibits a rather sharp 

maximum in the middle of the column. Such hold up 

profiles occur especially in Rotating Disc Contactors 

of industrial size and have been described by Strand (8) 

and Rozkos (30). 

Figs. 3.7 and 3.8 show typical hold up profiles 

in industrial R.D.C.'s extracting phenol with butylacetate 

and for furfural raffination of mineral oils (39). In 

each case, the hold up shows a maximum which increases 

with rotor speed. From an investigation into the 

efficiency of extractors, Rozkos (30) found that such a 

profile corresponded with the optimal operating conditions. 

Logsdail, Thornton and Pratt (9) were the first to 

introduce the concept of dispersed phase hold up for the 

characterisation of column hydrodynamics and thus the 

empirical approach to the column design. These authors 

modified the concept of relating the slip velocity Ve of 

the dispersed phase to the hold-up, in a two phase system 

(47, 48, 49), by, 
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They defined Vy as the mean relative velocity of the drop- 

lets extrapolated to essentially zero flowrates at a fixed 

rotor speed. They derived a correlation for Vy from 

dimensional analysis considerations and calculated it using 

data obtained in a 3 inch dia. R.D.C. with the systems 

water/toluene, water/benzene,water/white spirit, water/ 

butyl acetate and water/iso octane with variable rotor 

speed and column geometry. 

The correlation is expressed as 

Vayu 0.90 1G 
— Reyne el Ge) 

RN? 
  = 0.012 (— 

c 

(3.6) 

where the symbols) have their usual significance as 

defined in the Nomenclature. 

Kung and Beckman (43) studied the effect of column 

geometry and flow condition upon the dispersed phase hold 

up in an R.D.C. They varied stator opening disc, diameter, 

compartment height, rotor speed, and flowrates of the 

two phases. It was observed that at zero continuous phase 

flowrate hold-up increased with decreasing stator opening 

and compartment heigh and increasing disc diameter and 

rotor speed. 

Their most important observation was that for a 

particular column geometry experimental data was well 

correlated by equation 3.5, whereas for the other set 

the data would not fit well, because of the effect of the



continuous phase flowrate. They therefore modified 

equation 3.5 to give, 

Vv ew a oe ee 
Se) es Noa eae) 

a S-Ro1 S-R 1 
where Ky = 2.1 at Sapp Soa and 1.0 at =p ot: 

Kung and Bechman: also modified equation 3.6 using 

data from their study, and that of Reman and Olney (27), 

to give, 

  

(358) 

Equation 3.8 in fact differs from equation 3.6 only in 

that the exponent on z is 2.6 instead of 2.7. 

However, calculationof hold up by means of equation 

3.7 or 3.5 does not consider coalescence and break-up 

of droplets in the R.D.C. This will affect the hold-up 

through changes in back-mixing and droplet velocity. Hence 

Misek (50) proposed that the hold up in an R.D.C. could 

be correlated by the relation, 

a 
a aed 

x 
= %,(1-x) exp(4 - 4.1)x (3.9) 

a x 

In equation 3.9, Z is a factor to correct for coalescence 

and is a function of column diameter, drop size and the 

physical properties of the phases, Thus,



Z = 1.59 x 1072 

  

De a % 

Ue Pe% 

Where ue is the kinematic viscosity of the continuous 

phase and y is the interfacial tension. 

The factor a corrects for back-mixing and is related 

to droplet Reynolds number. 

3.2.1.1 Hold-up Profile 

The variationof hold up along the length of an 

R.D.C. has been noted by Stainthorpe and Suddal (51) 

and by Olney (52). Suddal applied a correction factor 

to the dispersed phase hold up. This was found necessary 

in order to obtain an adjusted response curve which 

satisfied both the peak ordinate and abscissa criteria 

for back-mixing simultaneously. It was justified by the 

observation that, in agreement with the findings of 

Strand, et al, dispersed phase hold up varied along the 

column length, so that a model assuming a constant hold 

up was inapplicable. 

Olney (52) also reported a distribution of drop 

size throughout the column and that drops of different 

size behaved differently, resulting in a wide distribution 

of residence times. The drop size distribution was 

bounded by an upper limit, or maximum stable size, anda 

lower limit, or minimum stable size, dependent on droplet 

interaction, i.e. break up and coalescence. Hence if a 

large range of drop size exists in a column the drop size



distribution f(dp) may need to be included in the design 

or analysis of the equipment. Furthermore, if drop size 

distribution is the result of droplet interation it would 

be expected to be some function of hold-up and the 

degree of agitation. 

Davies (41) was unable in fact to detect coalescence 

of droplets in an R.D.C. at hold-up's up to about 10% 

whereas Misek (53) claimed that at high hold up, of the 

order of 18%, drop to drop coalescence occurred. This 

has been confirmed by Mumford (54) who found that, in the 

absence of mass transfer,drop to drop coalescence was only 

appreciable at very high hold-up's and disc speed of the 

order of 1000 r.p.m.; conditions approaching flooding. 

Therefore, under normal R.D.C. operating conditions the 

U.L.D. (upper limit distribution) will be determined by 

the size of the nozzles in the droplet distributor plate 

at the dispersed phase entrance, and the L.L.D. (lower 

limit distribution) will'bea function of the disc speed 

and the physical properties of the system undergoing 

extraction. This suggests that there will be a progressive 

decrease in drop size in an R.D.C. as the dispersed phase 

passes through it until at some plane in the column the 

surface energyof the drop just balances the drag and 

kinetic energy transmitted from the agitator. Drop to 

drop coalescence will tend to reduce the range of drop 

sizes but this will only become significant at high hold- 

up, usually in excess of 20%. Furthermore, as the drop



size if reduced, so will the drop tend to be influenced 

more by the local velocity of the agitator and less by 

buoyancy with the result that recirculation of the drops 

within a compartment of the extractor will increase; that 

is, hold up will be expected to increase along the column 

from the dispersed phase entry section. 

Strand et al found a variation in hold up in a 

radial as well as an axial direction, using a toluene- 

water system in 6 inch and 42 inch diameter R.D.C.'s. 

Typical data for 42 inch column are reproduced in Fig. 

3.9 and 3.10. The results obtained at other flow rates 

were qualitatively similar. Similar results were obtained 

in the 6 inch unit except that the radial profiles were 

more erratic, as a result of the small dimensions. However, 

the same authors found that Goa, did not differ signifi- 

cantly from (X) na except at very low rotor speeds, when 
x 

the drops tended to be trapped beneath the rotors and 

stators, as described earlier. 

Recently Rod (39) explained the rise of hold up to 

a maximum with the increase in rotor speed by considering 

two mechanisms to influence hold up, namely, the break up 

of drops in the mixed section of the extractor and the 

longitudinal mixing of the dispersion. 

To derive a mathematical model it was assumed that 

the dispersed phase entering the mixed section of the 

column is distributed into drops of equal size d,- While
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passing through this section these drops break up into 

smaller drops of diameter ay at a rate proportional to their 

concentration in the dispersion. A diffusion model was 

used to describe the longitudinal mixing in the column and 

values of dispersion coefficient were assumed to be equal 

for both sizes of drops. The hold up profile was then 

described as the sum of two hold ups,one of large size Xr 

and the other of small size X- Thus, 

X= X, + X, (e108) 

AZ A5Z m0 1 2 
where Xx = xy (Cye +Ce ) (3-22) 

P Pehl WZ 
OpeZ gal a 

and eo) (Le Ce 
2 al Py Por, cia 

ein ena eee -(1-2) /P,) (3.13) 
= eS + Cre 2 

Porg-l 2 3 

where constants Aq 2 Cyr Cy and C3 are given by 
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In the same study Rod suggested that equalisation 

of hold up profile to its maximum value, could increase 

interfacial area by more than 60% without approaching 

flooding conditions. This could be obtained by 

(1) using an efficient distributor producing a dispersion 

in which the mean size of the drops does not 

decrease while passing through the mixed section,and 

(2) a proper reduction of the free cross-section at 

the outlet boundary, by, for example, making the 

internal opening of the last stator ring smaller, 

to decrease the superficial outlet velocities of 

drops. 

This should compensate for the escape of drops from the 

mixed section, caused by longitudinal mixing, thus 

preventing a hold up decrease at the outlet part of the 

section. However, this proposal is open to question, since 

maximum efficiency need not necessarily correlate with 

maximum hold up, because small drops have a lower mass 

transfer coefficient (37). 

3.2.2 Limiting Capacity of the R.D.C. 

In the design of the R.D.C. it is necessary to 

predict the column cross-sectional area for a specific 

loading. One approach used is based on the existence of 

a maximum flowrate of dispersed phase for a particular 

flowrate of the continuous phase at a certain rotor speed.



The maximum permissible throughput occurs just before 

flooding. 

Flooding is one of the characteristics of counter- 

current flow devices, such that for each velocity of flow 

for one of the liquids there is a maximum possible 

velocity of the other. This is governed by the liquid 

properties, the design of the device, and the rotor speed. 

At a fixed flowrate of one liquid, if an attempt is made 

to exceed the maximum velocity for the second liquid, one 

of the liquids will be rejected by the equipment, which 

is then described as 'flooded'. For a given volumetric 

rate of flow of the two liquids, the cross-sectional area 

for flow must therefore be sufficiently large to avoid 

velocities that result in flooding. 

Logsdail, Thornton and Pratt (9) derived a relation 

between the dispersed phase flowrate,the continuous phase 

flowrate and flooding hold ups, by asserting that at the 

flood points the flowrates reach a maximum. Introduction 

of this condition into eu uataeh a followed by differ- 

entiation and setting Sh and ae equal to zero, 
a xq 

results in, 

=u x 2(1- 
Vaz) = 2Vyq Xp (L *) (3.18) 

Ves Ve (1-2x,) (3.19) 

Equation 3.18 and 3.19 relate the phase flowrates at
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flooding to the corresponding hold-up, Xee A relation 

between x, and the flow ratio Vace£)/Yc(£) was then obtained 
i 

by eliminating We between equations 3.18 and 3.19 thus, 

(Broce oar, 
aaron (e204 

where 

a ) (Gea)   

ae was evaluated from experimental data under the condition 

of flooding, by substituting V and Wave) into Equation 
d(£) 

3.21 to give x, for each determination and plotting V 
© d(£) 

against x," (1-x,) in accordance with equation 3.18. In 

the majority of cases, excellent straight lines were 

obtained which could be extrapolated through the origin. 

Values of Vay were obtained from the slopes of these lines, 

equal to 2Vy- Typical results are shown in Fig. 3.11. 

However, this method of treatment is applicable 

only when the mean droplet size, and, hence Vig? remains 

constant over the entire hold up regime involved. This 

was not the case when acetone was initially present in 

the solvent phase; the droplets were noticeably larger 

and consequently had a greater mean velocity of ascent. 

Flooding rates were increased by 100-200% in this case. 

Conversely when the acetone was initially present in 

the aqueous phase, there was no noticeable change in the 

droplet size compared with non-mass transfer runs, but 

the flooding rates decreased by 10-15%. These effects



are demonstrated in Fig. 3.12. Clearly with acetone 

present in the solvent phase, the graph of Vaz) against 

x," (1-x,) is no longer linear and the slope increases with 

hold up. This implies that V,, and hence the mean droplet 

diameter, also increases with hold-up. Conversely, when 

the acetone was present in the aqueous phase the plot is 

more nearly linear. 

Misek (50) also calculated the limiting values of 

hold up using a similar procedure to that of Logsdail et 

al . After elimination of the characteristic velocity 

the final expression obtained was, 

2x5? | Inxgt (24.1) (x97 6? / = 
= £ feet! 2 62 Vv 

atte (3.22) 

Ve(e) (1=x,)? | 1-2-4 (2-4..1) (x_-x,) | 

Strand (8), found the procedure used by Thornton and 

co-workers satisfactory when a constriction factor CR 

was introduced into the analysis. The constriction factor 

Cp is the minimum of the three area ratios a [1-4 

EBy/ {ER}, @)*. They concluded that the method is 

valid for most scale up problems, provided that pilot data 

including drop hold up measurements, are obtained using 

a small R.D.C. of suitable design, and that a sufficient 

range of rotor speed is specified for the commercial 

design. 

The method is not strictly applicable to real



separations involving mass transfer and pilot scale data 

may be essential. This arises because the characteristic 

drop size may depend quite strongly upon the transfer process. 

The change in interfacial properties with mass transfer 

may strongly inhibit drop coalescence in some cases, 

promote coalescence in others, and cause almost spontaneous 

emulsification in still other cases. Such observations are 

now well documented (55, 56). These effects, when they 

occur, are generally functions of the solute concentration 

so that hold up measurements may have to be made at several 

points along the length of the contactor when mass transfer 

is occurring. 

Recently, under certain conditions of operation, 

the limiting capacity of the R.D.C. and Old-shue Rushton 

columns have also been defined by phase inversion (11,37,38). 

When this phenomena occurs the normal operation of a counter- 

current device is no longer possible, due to phase reversal. 

The phenomena is of importance to design because under 

certain conditions of operation phase inversion occurs 

before flooding. Phase inversion is therefore discussed 

in detail in Chapter 7. 

3.3 Column Diameter 

Two different methods are used to determine the column 

diameter. The first method is applicable when no experimental 

data is available and is based on the systems physical 

properties. The second method is used to scale up from pilot



plant data to full scale. 

3.3.1 Calculation on the Basis of Physical Properties 
  

Misek (10) proposed a method of calculation based 

on the simple rearrangement of equation 3.9, to give the 

column diameter as, 

Q O55 
p= |Aexpt(4.t- Zyxt + oS (3.23) 

Vy 

Determination of column diameter from this equation requires 

the estimation of Z, a, and ve and hold up of dispersed 

phase. Misek (10) proposed a theoretical approach for 

calculation of these coefficients using the system properties 

and the correlation, which itself requires knowledge of 

the column diameter. The method therefore involves trial 

and error. Moreover the correlations proposed for the 

determination of coalescence coefficient Z, and velocity 

exponent a, (10) require the prediction of drop size. 

Misek identified three regimes for the calculation 

of drop size. In the turbulent regime, when Re. No. > 

S2740x 10", the following correlation is applicable 

d_N?R*p h_ 0.46 
° ¢ i _m 

7, Exp(0.0887xiry ~ 16-3(p) 2") 

On diminishing the mixing intensity below a critical 

value of Reynolds No., 

2 R No, 

(Reynolds NO) crit, = a Cae” 5.74 x 10 
4 

(3.25)



the break-up of drops occurs within a transitive region. 

Here the formula, 

2p2 d NRO, 

5, Exp (.0887AR) 
6 
  

  

R°ND, oe 
= 1.345x10_ (3.26) 

iS 

is valid. Further decrease in the mixing intensity causes 

the break up to take place in the laminar region 

(Re. No. < 104) where the formula, 

ie. d_ = 0.38% ~— (227) 
° Aog 

is applicable. 

The widespread application of these correlations is 

open to criticism, because different drop break up 

mechanisms exist in laboratory and industrial extractors. 

Moreover, the correlation takes no account of the effect 

of hold up on drop size and the variation of drop size 

with height. 

Jeffreys (57) proposed a method for determination 

of column diameter using the physical properties of the 

system in a similar way to Misek (18). The method 

involves an initial assumption of column diameter, which 

is then rechecked by further calculations. The reliability 

of the method depends upon a number of correlations 

derived under different operating conditions with differing 

limits of accuracies. However, use can be made of this 

method if no pilot plant data is available.



=A] po 

3.3.2 Determination on the Basis of Scale-up of Pilot 

Plant Data 

Reman (7,27) proposed a method for the determination 

of the diameter of an industrial contactor on the 

assumption that limiting flowrates are proportional to 

the power input per unit volume. They may therefore be 

expressed by the graphical function, 

Nw 38ps 
et = «08 (3.28) 

R HD 

Bae D?-R? 
where CR is the minimum of (B) OL Saas Application 

of this approach is illustrated in Fig. 3.13 in which 

data for columns with different internal structures fall 

on a straight line (27). However, it is only applicable 
Vv 

when the phase ratio < is less than 3 and the two units 
c 

under consideration are geometrically similar. As pointed 

out by Misek (10), such a requirement could reduce the 

efficiency of an industrial column because of the need 

to reduce the relative height of compartments, increase 

the rotor diameter and reduce the stator opening in an 

industrial unit to achieve the same degree of mixing, and 

thus efficiency, as on the small scale. 

3.4 Column Height 

The total height of an R.D.C. can be expressed as, 

H=h 7h eh (3.29) 
c s eff 

where hore is the height of the effective column section
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in which the bulk of the mass transfer occurs, ho is the 

height of the coalescence section and hy is the height 

of the section where the entrained drops of the dispersed 

phase separate from the continuous liquid. 

3.4.1 Height of the Coalescence Section 

The height of the coalescence section is generally 

estimated using drop coalescence time correlations. Such 

correlations provide the time for droplets to coalesce 

on the interface from a knowledge of system properties 

and drop sizes. The correlations and their range of 

applicability is discussed in detail in chapter 4. The 

height of the settling section is, 

ho = t eal x Va (3.30) 

  

3.4.2 Height of the Bottom Section (ho) 

It is necessary to avoid the continuous phase 

entraining and carrying the dispersed phase droplets with 

it, when discharging from the column. Therefore a 

sufficient height must be provided for disentrainment. 

The height of this section is calculated on the basis that, 

making due allowance for the existence of a drop size 

distribution in the R.D.C., droplets will be carried away 

by the continuous phase when its velocity exceeds their 

falling or rising velocity. This is a function of drop 

diameter. From an analysis of published data Misek (10) 

found that drops having a diameter d3,/20 do not exceed 

1% by volume. Small drops obey Stokes law (10) so that



their velocities may be determined from, 

= ga?Ap ee (Vo) gp TB (3231) 
¢ 

EL Me > (V4) op entrainment of these drops will occur with- 

out any regard to the height of the settling section. 

However, the small drops settling rate relationship 

could be used in several ways according to the nature of 

the problem: 

(a) The continuous and dispersed phase velocities 

may be selected to give, 

ue < (Ve) or 
ST 1s ST 5% 

Or Voe< (Vi) 
c ° 

(b) The diameter of the settling section may be 

enlarged to satisfy the above conditions, or 

(c) A separate settling tank may be installed. The 

tank is designed to prevent any entrainment; 

that is the dimensions of the settling tanks are 

Vv. selected so that Ve en is: 

3.4.3 Effective Extractor Height 

In the past the effective column height has been 

determined using the concept, 

h = H.T.U. x N.T.U. (3.32) 
eff 

where H.T.U. and N.T.U., for example for raffinite 

phase (20) are defined in a simplified case as, 

H.T.U. = —— (3533



(3.34) 

  

In general there are no reliable methods of estimating 

these: variables from the system properties and operating 

parameters in an R.D.C. because, 

(a) Height of transfer Unit has been found to vary with 

the rotor speed (7,27). It tends to increase with 

an increase in rotor speed up to a maximimum and 

then to decrease. This is due to the competing 

effects of the increase in surface area, but a 

change in the mode of mass transfer, and increased 

axial mixing, as smaller drops are produced at 

high rotor speeds, and 

(b) The geometrical parameters influence the efficiency 

of the extractor in different ways. 

Two regions have been distinguished in an R.D.C. 

(7, 32), namely a turbulent region and a laminar region. 

Scale-up in the turbulent region has been based on an 

approximate relation defined by means of the height 

equivalent of a theoretical stage, 

d G. 
32 _F pt 0.5 (3.35) 

s 6K, Xq 

m te 

Provided h/Hy is lower than 0.3, on the assumption that 

the mass transfer coefficient and the drop size may be



=) Gye 

expressed as a function of power input per unit mass, 

efficiency can be correlated by plotting the function zx 

3ps s 

against x x . An example (7) of such a plot for the system 
HD 

water-butylamine and kerosene, extracted in columns of 

  

various diameters in the range 100 to 400 mm and with 

different internal geometries is shown in Fig. 3.14. The 

results, for a given phase ratio fall on the straight line. 

The results of Fig. 3.14 were expressed by, 

Spo O. 1 
(=)   (3535) 

HD* 

This method is only applicable when the power input 

NéR*® 
=) is greater than 1000 cm*/sec?®. 

HD 

per unit mass (   

The analogous expression written for H.T.U. is 

da, G. 
(H_) ao = (3.36) p OF 6Kp Xq 

This expression does not include the extraction factor 

R. In a similar way to H.E.T.S. (H), the H.T.U.'s 

  

3ps 

plotted against ue fall on the single line irrespective 
HD 

of phase ratio. 

N°R® 2 Dloasy : ; 
For 5 below 1000 cm*/sec*, i.e. in the laminar 

HD 

region, the efficiency is independent of the rotor speed. 

Scale-up can then be achieved by, 

Re i015 
5 (3.37) 

Logsdail et al (9) also proposed a method for scale- 

up using the concept that the mass transfer coefficients



53) 

or H.T.U.'s were a function of the rising drop velocity. 

The H.T.U.'s were thus correlated by, 

    

      

2 (H.T.U) O, ones 1/3 x x Fg 143 
Gacy aeeiae crm ae cates =e) 

c c oc c 

wg 2(m-1) /3 
= K(——S—__) 273 (22) (3.38) 

Vy (1=x) Qo c. 

Use of this expression requires evaluation of the constantK 

exponential m, and the characteristic velocity Vig These 

may be determined from tests with the specific system in 

a small scale laboratory column. However the derivation 

of the model testifies to the better applicability of 

this correlation in the laminar region (10). 

Strand et al (8) and later Jeffreys (57) suggested 

the use of single drop mass transfer models for the 

determination of column heights. However application of 

this approach is limited because of the difficulty of 

predicting accurately which mode of mass transfer would 

be most applicable in a poly dispersed environment. The 

situation is further complicated in industrial systems 

where traces of impurities and surface active agents make 

the prediction even more difficult. 

The different single drop mass transfer models, 

their applicability to industrial R.D.C. design and their 

limitations are discussed in detail in Chapter 5.



oe SAS oe 

The applicability of equations 3.33 and 3.34 for the 

determination of effective column height is limited to 

cases where axial mixing effects are negligible. Otherwise 

an extra column height must be added to the height calculated 

from equation 3.33, 3.34 and 3.32. Axial mixing, and methods 

for allowing for it, are discussed in chapter 6. 

Sleicher (58) has provided a solution for calculation 

of true mass transfer coefficients from the mass transfer 

with eddy diffusion in both phases. Assuming that the axial 

diffusivities may be used as the eddy diffusivities the 

solution for condition vs = yis approximately correlated 

  

by 

N N. 
T is Pe, Pe. 

if Ni. N,. -T.Ja +bN,_ + Pp Pemres a ‘Pe, Pe, Crs “oe 

-gT =6y1.. + N. EiNL = NL) ee (3239) Pe, Pe, Ber iaeHes 

The overall number of transfer units for plug flow 

conditions is calculated from 

1 -w peo y ip > Fer !7 Vp (3.40) 

The coefficients a, b, c, d, e, f£, g, in equation 3.39 

were provided in a tabulated form, as a function of the 

extraction factor F. The overall Peclet numbers for the 

dispersed feed phase are, 

N Ne Ly va L 
Pe, hE, H’ "Pe, ~ (-H)E, H C2)



Snes 

and for a dispersed solvent phase are, 

< a ViH 
= d Ly 

“pe, Sei—h) Bee Pe. 
  (3.42) 

a 
ah

a mi
n 

A trial and error procedure is required to determine T 

from Equation 3.39 because, it also appears on the right 

hand side in the term e 3, 

It is clear from the above that for any reliable 

design of an R.D.C., some hydrodynamic and mass transfer 

data must first be obtained in a pilot scale apparatus 

using the same system as that to be used in the industrial 

unit. 

3.5 Scale-Up of Rotating Disc Contactors 

As already described pilot plant studies should form 

the basis of design of industrial extractors. However, 

problems remain in extrapolating the results from a 

laboratory to a plant scale. The problems usually 

encountered are, 

(a) The operating conditions in industrial units are 

usually different from the operating conditions in 

the laboratory scale column. 

(b) The assumptions made to simplify the mathematical 

modelling may be justified on a laboratory scale, 

but have a greater impact on size enlargement. The 

prime example is the plug flow model of the 

extractor. 

(c) The flow structure in the industrial contactor 

might differ from the laboratory scale due to



(d) 

(e) 

(f) 

change in materials of construction. The laboratory 

scale columns are usually made of glass, for flow 

visualisation, whereas industrial columns are 

invariably made of metal. The difference in wetting 

characteristics in the two columns may result in 

different break up and coalescence mechanisms, and 

hence in differences in capacity and efficiency of 

the two columns. 

The principles of geometric, kinematic and dynamic 

similarity, whilst useful, are difficult to apply 

due to conflicting demands. For example dynamic 

similarity cannot be maintained since equal Reynolds 

numbers (dVp/u), which control mass transfer, and 

Weber numbers (dV*p/y), which control drop sizes 

and their distribution, are obviously impossible on 

two scales. 

Mixing is usually poor in an industrial contactors, 

In practice the efficiency of a full scale plant 

compared with the laboratory demonstrates a weakness 

in scale up. If the dynamical criterion is the same 

in the model and the full scale, the efficiency should 

be similar, but this is seldom the case. In general, 

the efficiency has been found to decrease with the 

increase in the column diameter. Hence extreme 

caution is needed when designing industrial units 

on the basis of model plant efficiency results.
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The main reasons for encountering difficulty in scale- 

up arise from the combined effects of two phenomena, namely 

wall effect on the small scale and axial mixing on the 

large scale. The effects may result in very great errors. 

For example in scaling up data for furfural lube oil 

extraction, for the same amount of extraction, R.D.C. 

height had to be doubled for a diameter scale-up ratio of 

30 (42). An even greater discrepancy was observed when 

scaling up an R.D.C. for solutizer extraction of mercaptans 

from naphthas. In this extraction, which was carried out 

with one volume of solvent (solutizer solution) to four 

volumes of naptha, two modes of operation were applied; 

either the solutizer solution or the naphtha was chosen 

as the dispersed phase. The results in Table 3.1 show that 

the best efficiency was obtained on the small scale when 

the naptha was dispersed. However, scaling up caused 

such a sharp deterioration for this mode of operation 

that on the large scale the solutizer dispersed condition 

gave the highest efficiency. 

  

TABLE 3.1 
SOLUTIZER EXTRACTION DATA (42) 

Apparent height of transfer unit, H.T.U. in 

R.D.C. DIAMETER 

3 inch 25 inch 

Naptha dispersed a2 57 

Solutizer dispersed 30 50 
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This observation was tentatively explained on the 

basis of the large residence time of the slowly flowing 

solutizer when naphtha was dispersed. More intense 

axial mixing in larger R.D.C.'s would then reduce the 

concentration gradient in the solutizer phase and thus 

decrease the overall mass transfer efficiency. 

The use of similarity principles have been discussed 

by Johnstone and Thring (59) and Nagata (60). There are 

three similarity criteria - geometric, dynamic and 

kinematic. In considering dynamic similarity four groups 

of forces are important. These are the inertia force 

from the mixer and the fluid forces of viscosity, surface 

tension and gravity. Since it is impossible to keep the 

ratio of each of the individual fluid forces constant in 

scale-up with the same liquid, it is necessary to select 

those which are most important. 

Recently Rosen and Krylov (61, 62) have also proposed 

a theory of scaling up and the use of hydrodynamic modelling. 

They claim that the hydrodynamic nature of the scaling 

effect allows industrial equipment to be designed by means 

of hydrodynamic model experiments, without using pilot 

plant tests. The hydrodynamic nature of the scaling 

effects, i.e. decrease in efficiency of mass transfer 

columns with increasing dimensions, is shown to result 

either from non-uniformity of the distribution of hydro- 

dynamic flows over the cross section of an industrial



= 59 = 

column or from an increase, due to scaling up, in the 

characteristic dimensions responsible for longitudinal 

mixing. The change of the flow structure caused by an 

increase in dimensions in the course of transition from 

laboratory apparatus to industrial equipment gives rise 

to the scaling effect. 

Assuming that the transverse non-uniformity may 

be neglected in a laboratory column, the contribution of 

this non-uniformity to the effective longitudinal mixing 

coefficient being proportional to the square of the column 

diameter, the scaling effect in the continuous phase can 

be given as, 

is = 2 2 AD = H(1 - fod, (AW) 
tian) Wore Hiw 

eff 
(3.43) 

where 1 is the characteristic dimention. This is defined 

R)2/3 (S)*, i ‘ D) (5) 3 Weg is the peripheral 

velocity of the rotor, fy is a coefficient dependent on 

for an R.D.C. as h,,( 

the geometry and H is a numerical coefficient. A similar 

expression could also be derived for the dispersed phase. 

No evidence as to the applicability of this method is 

given in their paper. Hence the validity is unproven. 

In conclusion, although in some cases the scale-up 

of Rotating Disc Contactors has been achieved successfully 

the methods to use are still far from clear. Therefore 

there is a need for further investigation in this area.
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4. DROPLET PHENOMENA 

In continuous counter-current equipment, the light 

phase may be introduced into the continuous phase via a 

distributor plate in an attempt to obtain a uniform initial 

drop size distribution. However, despite careful design 

of the distributor plate, with equi-sized sharp-edged 

perforations, all sizes of drops are observed in an agitated 

Counter Current Contactor. This distribution of drop sizes 

results from the coalescence-redispersion mechanism arising 

from the application of external energy. Since droplet 

size is an important factor influencing both the mass 

transfer process in terms of, the interfacial area and 

diffusion mechanism, and the volumetric capacity systematic 

design should be from droplet analysis considerations. 

In general, the distribution of drop sizes produced 

in agitated systems represent an equilibrium between the 

compéting effects of break-up and coalescence. Coalescence 

rates are related to inter-droplet distance, i.e. hold-up, 

but vary with position in both agitated tanks and columns. 

Therefore, although many models have been developed to 

predict the mean drop size it can only be accurately 

determined experimentally (54, 63). In addition, 

because mass transfer is enhanced by coalescence and re- 

dispersion, discrete drop mass transfer rate data cannot 

easily be applied to the real situation in a column. 

However, in work with a variety of organic liquids dispersed



in water in a pilot scale R.D.C section, it was found 

that, in the absence of mass transfer, interdrop coalescence 

was negligible, until flowrates approached the flood 

point (54). Hence in the absence of any special inter- 

facial effects associated with mass transfer, the column 

appears to function as a discrete drop contacting device. 

However, both the break up and formation mechanisms and 

interdroplet coalescence phenomena merit consideration 

since they are fundamental to the understanding of how 

columns operate. 

4.1 Drop Formation 

The rate of mass transfer in any liquid-liquid 

system is affected by the rate of formation of the droplets, 

their rate of passage through the continuous phase and 

finally their rate of coalescence. 

In agitated columns, since the regime of formation 

is not dependent on agitator speed or hold up, but only on 

the linear velocity of dispersed phase through the 

distributor, some small discrepancy might be expected when 

correlating column mass transfer efficiency with operating 

parameters. 

Recent work (64) has indeed shown that the rate of 

mass transfer of solute during drop formation in a spray 

column is large, and that 10% of the extraction occurs 

in the formation period. However, the majority of the



extraction is accomplished during passage of the drops 

through the continuous phase, and the rate of mass transfer 

during this period depends more on the fluid dynamics 

inside and outside the drops than on their distance of 

travel. 

Hayworth and Treybal (65) and Null and Johnson (66) 

measured the drop volume produced from a nozzle. Treybal 

et al proposed the following correlation from theoretical 

considerations, 

NE ae 4.11(1074) v,2/3 ER 

21(1074) ae + 1.069 (1072) 

p.0+ 7470-365, 0.186 3 75 
N c 
eacgep ce Sas (4.1) 

where the symbols are defined in the nomenclature. Equation 

4.1 is also presented in their paper in the form of a graph 

from which the drop diameter can be estimated without trial 

and error. However, an important limitation of their study 

was the use of surfactant to study the effect of interfacial 

tension on the drop diameter, since the effect of 

surfactant cannot be characterised solely by the resultant 

equilibrium lowering of interfacial tension. Scheele and 

Meister (67) first pointed out the drawback of using a 

synthetic wetting agent for the lowering of interfacial 

tension. They concluded that the effect cannot be
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characterised simply by the resultant equilibrium inter- 

facial tension lowering, because for a given surfactant 

concentration the interfacial tension increases with 

increasing velocity through the nozzle as a result of the 

slow diffusion of surfactant to the interface. This 

causes a much greater increase in the drop volume, with 

increasing nozzle velocity than is observed for pure 

liquids. Thus the allowance for interfacial tension 

dependency proposed by Hayworth and Treybal will cause 

appreciable error if the correlation is applied to pure 

systems with low interfacial tensions. 

Null and Johnson presented an empirical correlation 

based on experimental observation of the drop geometry (66). 

Their results were presented in the form, of a correlation 

which included Froude, Laplace and Weber numbers. Both 

groups of workers based their analyses on photographs 

which illustrated the drop formation process. 

Harkins and Brown (68) derived a correlation for 

the drop volume by equating the buoyancy forces acting to 

detach the drop from the nozzle with the interfacial force. 

Their analysis also included a constant F, the Harkins 

and Brown coefficient, for the liquid portion left at the 

tip of the nozzle, after a drop had broken away from it. 

The correlation is, 

m™DyY 

Mee apart (4.2)   

where F is a function of $¢/2a and,
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a = (24)% (4.3) 

Ryan (69) presented a semi-empirical correlation 

based upon a wide range of experiments. This is, 

  

gApD,, DU. een - NON D-N-N Vi ee ect tee = 20, 2.3 ze | (4-4) 

where Up is the drop terminal velocity which can be 

estimated from the Hu-Kintner correlation. The constants 

in Equation 4.4 were obtained by a statistical treatment 

of the experimental results. 

Rao et al (70) criticised the sem-empirical 

equation of Hayworth and Treybal, which was based on a 

force balance in which the various forces acting on the 

drop were expressed as fractions of the total drop 

volume, since the exact instant at which the forces act 

is not known nor is their quantitative contribution to 

the total volume. They also pointed out that the model 

of Null and Johnson neglected the viscosity of the 

continuous phase, which plays an important role in the 

model proposed by Hayworth and Treybal. Hence they 

developed a 'two stage' model; the stages being the 

static drop stage, when only inflation of the drop takes 

place, and the detachment stage when the drop rises and 

detaches from the capillary. Two models were actually 

proposed for the 2nd stage. Static drop volume was 

given by, 
1/3) vy. = 2mRyo (R/V 

(4.5) s (9, - Pag
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where > (r/vi/3 ) was a correction factor suggested by 

Harkin and Brown. For the final volume of the drop the 

expression proposed was, 

Vive FV, (4.6) 

where Vp was the volume added to the drop, during the 

detachment stage, due to the continuous pumping of the dis- 

persed phase. Vp was then calculated from the volumetric 

flow rate and an estimation of the time of detachment. 

The first model proposed for the 2nd stage was 

applicable to liquids of low viscosity and gave velocity 

v of the drop as, 

Les fel eB Spc 5 a Baas) (a %) Cexp (-At) (4.7) 

where 
6Try 

See a 

8 oP alg 

m 

and 
a OV oP 

m 

The second applies to very viscous liquids and is given as 

Agdshee 
A.Dg = ar (4.8) 

2AD, % 
where t= aoe) (4.9) 

As in Hayworth and Treybal's work the effect of interfacial 

tension was predicted from the results of experiments using 

a surface active agent.
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Recently Heertjes and De Nie (71) proposed a model 

for drop volume based on two stage formation. The first 

stage involves pure growth of the drop ending with equili- 

brium forces and the second stage is the period of release. 

Models have been developed for essential variables, which 

are the forces acting upon a drop, the way the dispersed 

phase enters the drop, the necking of the drop as a 

function of time and finally the velocity of rise of the 

neck. The drop volume released was given by, 

Vp = Veg aii Ves (4.10) 

where V = FV. 
eg 

The value of V can be obtained from a balance of forces. 

Also V., = 2 Tyt,) (4.11) 

in which time thy follows from, 

2 -' - = po aeel © a smtg) corn en ene ae) 

2" To, Ts. and Ty are the mathematical 

expressions given in the paper. There are several 

where the terms T 

expressions to evaluate the T terms depending on the flow 

rate. The correlation predicted drop volume within an 

accuracy of 15% at all flowrates below jetting velocity. 

The correlations could be applied for ves = 200 C.P. and 

0.025 cm < dq, < 0.6 cm. Deviation may arise from surface 

active agents and critical conditions such as extremely 

small density differences.



Scheele and Meisler (67) working with Newtonian 

liquids at low velocities proposed a correlation for the 

drop volume on the basis of a two stage model. The final 

correlation was, 

  

, ToD, 20u0 Dy 40.4 Uy 

VD ptne)| S@he wees Gee SaApaes gAp D_2gAp g 
FE 

eniete 173 
eae se (ee necee (4.13) 

(gdp)? 

where the constants were obtained only from data in which 

the dispersed phase was less dense than the continuous 

phase. The theoretical analysis should also be valid in 

the reverse situation provided injection is vertical. The 

only difference between the two situations is the direction 

of the pressure gradient in the continuous phase relative 

to the direction of dispersed phase injection. 

These authors also plotted F VS.Dy (F/V_) 1/3, The 

quantity D(a 7Ng)7 7? can be calculated directly when the 

drag term is negligible. For a continuous phase viscosity 

> 10 centipoise the drag term is no longer negligible and 

it is necessary to employ a trial and error solution. 

In all the recent publications on drop formation, 

theoretical consideration has been given to the relations 

for the prediction of drop volumes with all the studies 

distinguishing between two periods during drop formation. 

The correlation given by Null and Johnson (66) was based 

 



on experiments with 34 systems, with the advantage that 

none of the experiments involved the use of surface 

active agents. 

Narsinga Rao, et al (70) used the volume formed 

at infinitely slow formation as the basis for drop 

formation until the beginning of release and added a 

volume oere? This model has limitations since the volume 

Vag is certainly influenced by the speed of formation and 

the introduction of two different models for growth during 

the second period has no connection with the experimental 

observation. Furthermore, the criteria for release, such 

as velocity of rise being equal to 4 Hoge or the length of 

the neck being equal to the diameter of the drop certainly 

do not hold at high or low speeds of formation. 

Scheele and Meister (67) used an elaborate 

application of force balances to predict the drop volume 

at the nozzle. Like others, they presented an expression 

fitting their own experimental observations. As shown in 

Fig. 4.1 this is open to some criticism. In addition, the 

Harkins and Brown correction factor was applied for non- 

static conditions to any drop volume and no consideration 

was taken of the interfacial tension changes during release. 

Ryan's analysis is also based on experimental data. 

Unfortunately, the accuracies of prediction by the various 

correlations are uncertain. For example significantly 

different experimental values have been presented by
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different workers for benzene drops in water. Also Fig. 

4,1 shows the results of Meister and Scheele and Ryan on 

different sides of the diagonal indicating that deviations 

between V. im were probably due to inaccuracies 
pred. De 

in experimentation or in the physical constants, mainly 

and Vew 

interfacial tension, used. 

In conclusion, Scheele and Meister's method of 

prediction of drop volume has certain advantages over the 

other methods since, 

(i) It is based on a sound momentum balance. 

(ii) It covers a wide range of conditions of drop 

formation, from infinitely slow to the formation 

by the break up of jets, and 

(iii) predicted volumes agree with those determined 

experimentally within the accuracy limits shown in 

Fig. 4.1. 

The only drawback of their model is the need for trial 

and error solution for the drop volume at higher viscosities. 

However, since the majority of systems encountered in 

liquid extraction practice have a viscosity less than 10 cp. 

Equation 4.13 can be solved analytically, by neglecting 

the drag term. 

4.1.2 The Surface Area of the Drop During Formation 

Until recently drop surface area was commonly 

determined by considering the drop as a perfect sphere.
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Fig. 4.2 The relation between drop volume 
and time of formation 
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Figae4. 3 Volume -time relation and surface area - 

time relation for drop formation
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However, whilst studying absorption measurements with drops 

formed over the outside of capillaries, Dixon and Russell(72) 

found that they were not spherical. They therefore proposed 

a linear relationship between mean surface area and mean 

volume during formation. 

From experiments with isobutanol-water Heertjes and 

de Nie (71) proposed the following relationship. 

A=A, + A, = BW + AQ (4.14) 

where A is the total surface in cm? at any time between 

6 = 0 and 6 = 8, . 

B is a proportionality factor, in en, and 

independent of the flowrate and time, except at high flow 

rates, but dependent on the diameter of the capillary. 

V is the volume of the growing drop between 6 = O 

and 9) = ORF 

Ap is the surface of the rest drop, i.e. the drop 

remaining at the capillary after the release of the drop; 

Ay is the surface area of the growing drop, at any 

time between 6 = O and 6 = 8p 

Nodberg (73) determined a relation between 

surface area and volume of a drop which is independent 

of time. The system used was methyl isobutyl ketone- 

water and the relation is presumably restricted to this. 

Angelo, Lightfoot and Howard (74), measured the
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change of surface area with time and the change of volume 

with time for the system isopar-Hx-water. The results 

presented in Fig. 4.3 point to a linear relationship 

between surface area and volume. 

4.2 Droplet Break-Up 

The break up of droplets in an R.D.C. occurs 

(a) when the magnitude of the dynamic pressure acting 

upon a drop, surpasses the magnitude of the 

cohesive surface forces, and 

(b) the droplet stays in the high shear zone for a 

sufficient period of time. 

Kolmogoroff (75) first studied turbulent flow in a 

stirred tank and developed a theory of local isotropy. 

This postulated that 'in turbulent flow, instability of 

the main flow amplifies existing disturbances and produces 

primary eddies which have a wavelength, or scale, similar 

to that of the main flow. The large primary eddies are 

also unstable and disintegrate into smaller and smaller 

eddies until all their energy is dissipated by viscous 

flow'. When the Reynolds number of the main flow is high, 

most of the kinetic energy is contained in the large 

eddies, but nearly all dissipation occurs in the smallest 

eddies. If the scale of the main flow is large compared 

to that of the energy dissipating eddies, a wide spectrum 

of the intermediate oscillations or eddies exist, which



contain and therefore dissipate little of the total energy. 

These eddies transfer kinetic energy from the large to 

small eddies and, because this transfer occurs in different 

directions, directional information of the large eddies is 

gradually lost. 

Kolmogoroff (75) concluded therefore that all eddies 

which are much smaller than the primary eddies are completely 

independent from them statistically. The only remaining 

information which these small eddies receive from the 

primary eddies is the amount of kinetic energy transferred 

by them to smaller eddies. If the main flow is time 

independent ,the statistical properties of any oscillation 

of a scale much smaller than the main flow should therefore 

be determined by the local energy dissipation rate per unit 

mass. 

Many authors have used the theory of local isotropy 

to derive expressions for the stable drop size ina 

turbulent field and supported it with experimental results. 

Hinze (76) considered the fundamentals of the break- 

up process and characterised them by two dimensionless 

groups. A Weber group N. and a viscosity group Nyie 
We 

The analysis covered the mechanism of disintegration and 

all the constituent stages, from bulk liquid into globules 

of fluid and finally break up into small size droplets. 

The forces controlling the splitting up of a globule were 

postulated as a deformation {ere t, a surface force (o/d)
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u 

and a viscous stress aa(ty* 
Pa 

unit «rea control the deformation and breek up of a globule. 

. These three forces per 

The ratio between each two of the forces is a dimension- 

less magnitude; three dimensionless groups may therefore 

be formed in this way, only two of which are independent. 

For one of the dimensionless groups the combination 

  

Nye = tD/o is a generalised Weber group. The other 
u 

dimensionless group selected was Nya = a 
v ao? 

The greater the value of N the greater the external force 
We 

t compared with the counteracting interfacial tension 

force o/D, the greater the deformation. At a critical 

value (N. t! break up occurs. 
We) cri 

Hinze extended Kolmogroff's(75) energy distribution 

law to predict the size of the maximum stable drop in a 

turbulent field as, 

Po 3/5 _o75 
c = Dine CA) E =C (4.15) 

where C is a constant. The value of C was calculated 

as .725 from experimental data of Clay. The difference 

in density between the dispersed and continuous phase was 

concluded to have an important effect on the way in which 

break up occurs. 

Rushton (77) derived the following correlation for a 

fully baffled vessel, 

K wert/3q°/3, 

(eS ee oe day (4.16)
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Vermeulen (78) derived a similar type of expression 

which gave results in good agreement with Equation 4.16. 

A wide range of liquid systems were considered and 

coalescence of the droplets was also taken into account. 

This was omitted in all previous studies either by 

presenting results as discrete drop data, or by reducing 

the hold up to a minimum and then extrapolating to zero 

hold up. 

Thus the minimum values of the mean drop diameter 

were expressed by the relation 

oe 0.016 (4.17) 
£o 

where f¢ is the function of hold up and coalescence. 

Later Shinnar and Church (79) using an analysis 

based on consideration of local pressure fluctuation in 

the turbulence and the kinetic energy of the drop, gave 

the droplet break up mechanism for liquid systems of nearly 

equal densities and viscosities. The argument they put 

forward was that a droplet suspended in turbulent flow 

is exposed to local fluctuations. For nearly equal 

densities and viscosities of the two phases, the droplet 

could be assumed to oscillate with the surrounding fluid. 

An oscillating drop becomes unstable if the kinetic energy 

E, is sufficient to make up for the difference in the 

surface energy between the single drop and two smaller
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drops formed by break up. This leads to, 

E,,/od" = constant = .26 (4.18 

Under conditions of local isotropy Shinnar and Church 

proposed that the EL of the single oscillating drop was 

proportional to pu*(d)d*, which on substitution into 

Equation 4.19, leads to the final result, 

pu? (a) d/o= We = constant = .26 (4.19) 

Results of experiments using two baffled tanks with 

geometrically similar 4 blade paddle agitators and a 

variety of systems resulted in the following correlation 

from dimensional analysis, 

on2p4/34°/3 = 0.016 (4,20) 
o 

Levich (80) derived an expression for the size of 

the maximum stable drop in a turbulent field. Droplet 

rupture was assumed to occur when the difference in 

dynamic pressures at different points on the surface of a 

drop, which arise due to velocity variations within the 

continuous phase, exceeds the smallest value of surface 

force at any point. From the work of Kolmogoroff (75), 

the difference in dynamic pressure exerted on opposite 

sides of a drop of radius r is, 

RE.0(V4.7-V5*) 

ae 2 (4.21) 

where Ke is the coefficient and Vy and Vy are the



velocities of the continuous phase at a distance 2% apart. 

Large scale eddies that do not vary over the drops diameter 

will not produce drop deformation and breakup. Therefore 

only relatively small eddies need be considered. The 

change in the eddy velocity over a length d = 2% is, 

AV. (2.8) 1/2 (4.22) 
ore 

where E = e/p, is the energy dissipated per unit mass 

of liquid. Combining Equation 4.21 and 4.22, 

2/3 
Roe Keg ese! ag “£’ci=p ie ee 

This is balanced by the force due to surface tension, 

Equating AP, and AP, 

/3 
eee ee (4.24) K,p 5 9 

fc   

Since, however, € = o (Av) 372 where L is a characteristic 

dimension of turbulence the radius of the stable size is, 

8/52/75 o 
se (4.25) 
yo/5 

4 = 2 
Kee s.d     

Coefficient Ky has a value of the order of 0.5 for the 

fragmentation of liquid drops falling in a gaseous medium 

and this value can be used in the calculations since the 

stable drop size is not a strong function of Kee 

Misek (50) considered droplet break up in an R.D.C. 

and postulated that as the rate of flow of both liquid 

phases is negligible compared with the peripheral velocity



of agitation, break up of drops in an agitated contactor 

can be considered as identical with the break up of drops 

in a closed system. It was further argued that there was 

similarity between the mixing and break up processes 

associated with a turbine mixer and the rotating disc. It 

was emphasised that theoretical derivations deal basically 

only with the break up of a single drop and no attention 

is given to the correct choice of the mean drop size for 

the practical solution involving a large number of drops. 

The final correlation presented for the turbulent 

region, i.e. Re > 5.74 x 107, with the exponents evaluated 

experimentally, was, 

N?R?p 0.46 
a ee H 

4,2 cexpto.csa7any ~ 16-3 'p) (4.26) 

On diminishing the mixing intensity below a critical 

value of Reynolds number (Re) ry = 5.74 x 1075 splitting 
ca 

of drops occurs in a transitive region in which viscous 

shear forces have some effect. The expression then valid 

is, 

d, ,N*R’p R?Np_ 1.42 
ee Soya 45 elon 

oexp (0.0887AR) E Uy ) 
  (4.27) 

Further decrease in the mixing intensity into the 

laminar region results in the vertical droplet velocity 

becoming significant in that break up occurs mainly by 

successive impacts on theStators and discs. By analogy 

with break up in packings, therefore, for Reynolds numbers



below 107 (50), 

pee aes eg (4.28) 

These equations are claimed to enable prediction of 

drop sizes with a fair degree of success, albeit under 

acollosive conditions. Under actual column operating 

conditions, however, droplets which travel in all directions 

may collide and coalesce. 

In addition in an agitated column a distribution of 

drop sizes exists along the column length. Thus the 

assumption of a single mean drop size may lead to serious 

error in interpretation of mass transfer data in a column. 

Also the drop size is a function of hold up, which is itself 

a function of column height. This effect of hold up 

variation on drop size distribution is not accounted for 

in analyses based on single compartments, i.e. stirred 

tank data. Al-Hemiri (37), took all these factors 

into account in interpreting data from a 4 inch diameter 

R.D.C., using various systems. The correlation for 

Sauter mean drop size was, 

2 - NR'®, 3.33, Ue 0.23 NRu 2.0 
=) me) 

Cc He c %o 
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0.225. (x) Exp|0.40 (7) | (4.29) 

The data were correlated to within 20% by Equation 4.29. 

The limitations of using stirred tank data is



discussed further in the following paragraphs. 

The break up of drops entrained in a turbulent 

stream has been studied extensively. As mentioned earlier 

the theory was first established by Kolmogoroff and later 

treated on thebasis of his theory of turbulence by Hinge (70) 

and by Shinnar and Church (79). Endoh and Oyama (81) 

elaborated this theory and verified it experimentally. 

The resultant relations depend on the energy dissipated by 

the agitator and according to their work, drop sizes can be 

estimated from the following relations. 

“1/25. - 1/3 = 
dioyp “ Wey Re, eX >> ds 

=3/5 
Sio/p ~ We, xX << de 

Worllip Nabe any Rae eek (4.30) ey Bo 3 ey Vo . 

Transition between the regimes is gradual. Vermeulen 

and Williams (78) arrived at similar results from their 

experimental work. This can be taken as confirmation of 

Equation 4.30. In their investigation the size of drops 

was measured in a system agitated by a six-bladed turbine 

by means of light diffraction and the Sauter mean diameter 

correlated by the relation, 

0.6 Ay9 pp ~ £108) Wey (4.31) 

£, (x) denotes the empirically determined function of hold-up



of the dispersed phase, which corrects the results for 

the effect of the coalescence of drops. Similar results 

were reported by Kafarov and Babanov (82), who determined 

the mean diameter of drops by means of sedimentation 

analysis. They assumed that the drop size is related to 

the physical state of the system and correlated their 

results on the basis of dimensional analysis by the 

relation, 

Oran dap /p ~ £9 (8) Wey 9" Rey (4.32) 

in which £, (x) serves a similar purpose to the £, (x) 

function of Vermeulen, but is of different form. 

The relation derived by Levich (80) for the break 

up of drops in the turbulent region is of a somewhat 

different form. In the proximity of the agitator and 

vessel walls this is, 

=1/2 2 
d/D ~ Wey Rey (4.33) 

which suggests a more pronounced effect of viscosity on 

drop size. For drops falling in a motionless medium the 

relation, 

daN*p/o = const. (4.34) 

was derived and verified. This expression also holds, 

with different values of the constants, for the break up 

of a jet of liquid in a stream of fluid.
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The fact that the results of Misek (50) do not agree 

with Equations 4.30 and 4.33 but show agreement with 

Equation 4.34 may be explained by: 

(1) 

(2) 

(3) 

Possibly different mechanisms of drop break up with 

a rotating disc and turbine mixer. 

The theoretical derivations deal only with the break 

up of a single drop and no attention is given to the 

correct choice of the mean drop size for a process 

involving a large number of drops. The distribution 

of drop sizes would be expected to vary with the 

intensity of mixing and different relations will be 

found for different mean values of drop sizes. 

Hence it can be shown from Equation 4.27 and 4.31 

that, as would be expected, with higher values of 

the Weber number, the fraction of small drops 

increases. 

In the published experimental work the effect of 

coalescence of drops has not always been eliminated 

in a suitable manner. 

Finally, from work on droplet break up’ in jan) R.D.iC., 

Mumford and Jeffreys (54) concluded that drops below the 

minimum stable size do not break up and, for any application, 

there is a minimum speed below which the rotating disc does 

not affect the drop size distribution. The upper limit 

may be determined by the inlet distributor and the lower 

limit by the impact mechanism.



They also concluded that the mean drop size cannot 

be predicted from fundamentals for several reasons, viz: 

(a) 

(b) 

(is) 

Whilst for a given velocity (V) of a homogeneous 

isotropic flow drops formed in it should be of single 

size (81), droplets were observed to produce four 

or more unequal sized daughter drops on rupture. 

In small columns with large drops, the proportion 

of drops which impinge vertically within one drop 

diameter of the disc or stator peripheries, or 

horizontally on the edge of a stator ring, and which 

would be expected to suffer break up is no longer 

insignificant. 

In columns with large discs, there is a wide 

variation of V in the unstable region and hence a 

spectrum of stable drop sizes. 

4.3 Drop Size Distribution 

To achieve a useful analysis of extraction data for 

agitated columns the assumption is commonly made that the 

drops are spherical and of uniform size. An interfacial 

area a , contact time t, and transfer coefficient Kk can 

then be defined, based on the average drop. From this the 

characteristic number of transfer units T = K at can 

be obtained at a certain plane in contactor space and for 

the drop population as a whole. 

However, a rather wide distribution of drop sizes



is frequently encountered. Moreover, beyond the inlet 

there are the competing effects of generation of new drops 

due to shear or local turbulence in the bulk flow, and of 

droplet coalescence due to drop interaction effects. 

Depending upon the characteristics of the flow there will 

be a balance between these processes such that, at a 

distance considerably removed from the inlet, two limiting 

situations may be visualised. These are, either a 

distribution of drop sizes and drop residence times, i.e. 

little drop interaction, or a size distribution of drops 

all essentially of the same age, i.e. equal probability 

of repeated coalescence and redispersion among drops of 

all sizes. This size distribution is bounded by an upper 

limit or maximum stable size and a lower limit or minimum 

size, depending upon the break up process prevailing. 

The minimum size, as viewed at a fixed station by an 

observer, may be dictated by the size that is just entrained 

by the counter flowing continuous phase. In the simplest 

analysis, the age distribution mentioned, is given 

directly, in the absence of coalescence effects, by the 

hindered settling rates of the size fractions present. 

Extending the non-coalescing drop picture one step 

further to include axial mixing effects in the contactor, 

the large drops which are present escape, or bypass through, 

the contact zone much more readily than the average drop. 

Whereas the smallest drops persist for long times, owing 

to their small inertia, and may be highly back-mixed. by 

any gross eddy motions in the continuous phase. When mass



transfer is occurring between the phases, then these 

effects lead to a transfer process that is not described, 

except fortuitously by the usual simplified transfer 

mechanism based on the volume surface mean diameter drop. 

The difference between the real and idealised situations 

will depend upon the particular transfer mechanism 

between drops and continuous phase and may be particularly 

acute for high-purity extractions or when back-mixing is 

severe. 

Therefore the assumption of uniform drop size may 

lead to serious error, when interpreting mass transfer and 

related processes in a rotary agitated contactor. 

Olney (52) studied the variation of drop size 

distribution with rotor speed, drop hold up and system 

properties, Par Par Hor Ha ando. It was found that these 

variables, and in particular rotor speed, had a marked 

effect on the average or characteristic drop size but not 

much effect on the parameters of size distribution. As one 

example, the data for white oil dispersed in water reproduced 

in Fig. 4.5 shows that the volume median drop size dso 

decreased from 3.1 to 0.8 m.m. as rotor speed was increased 

from 650 to 1100 rev/min but the width of the size 

distribution, described by dg5/ds + changed only from 4.5 

to 4.2. The increase in drop size over the whole spectrum, 

with increase in drop hold-up may have been caused solely



    

  

ispersed _ toluene 
Continuous _ water eae ial 

ES Ham 
° Ae 

om ee ge 
ie oa 

Ei ae 
2 a Lt rpm hdd up 

ow DD : 2B 3 
y if $m 3 ody" iB 7) am # 

a \ 
Cumulative Volume *rs eae 

Fig4-4 DROP SIZE DISTRIBUTIONS, 6 in.R.D.C. 

10 

    

Dispersed- ina 170i 
Continuous-Water 

  

Ep Oe eee es 
pecie ee dm 

ae 
oo 

wa rpm hold up 

of % 
15 

$i 13 

(— 

  

  1 ‘ 1 , 1 
8.05 OF 1030 50-70 50 99 S50 33-99 

Cumulative Yolumn %/o 
Fig 45 

DROP SIZE DISTRIBUTIONS, 6 in. R.D.C.



by the higher drop interaction rates due to smaller 

interparticle distance. Olney (52) recognised several 

parameters of the size distribution. In addition to a35 

defined as, 

en,d,° 
a3 ana er (4.35) 

en, 4d, 

these are d and the ratios d35/4, 50 and ds / de o+ 50’ 495/450 

To sum up, the fact that the characteristic settling 

diameter for a drop population can be predicted from single 

drop dynamics does not mean that this diameter is suitable 

to characterise all events of interest in a countercurrent 

flow device. The appropriate drop diameter that represents 

the average transfer rate for a mass transfer process depends 

upon the transfer mechanism and the parameter of the size 

distribution, and this diameter will not necessarily be 

d Addition of axial diffusion effects for the drop and 
325 

continuous phases further complicates the computation of 

an 'average' diameter which may be used to represent the 

average transfer unit. 

The droplet distribution in a conventional R.D.C. 

differs from that in other counter current extractors, 

because of different breakup and drop interaction 

mechanisms. 

Hence Jeffreys and Mumford (54) found that in the 

R.D.C. droplet break up was limited to the transitive 

and laminar regions by virtue of equipment size. Over
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the range of interfacial tension studied a critical 

minimum speed was established, below which a layer of 

dispersed phase droplets built up beneaththe rotor disc 

and the mean droplet size was independent of the hold up. 

At higher speeds, the overall tendency was for drop sizes 

to increase over the whole spectrum with hold up as 

described by Olney (52). 

Vermeulen (78) studied the effect of volume fraction 

on the mean diameter in a stirred tank and correlated it 

by, 

eave GN 50-6 De We (4.36) 

This was confirmed by Calderbank (83) who varied the hold 

up from O to almost 20% and proposed a similar correlation, 

p28 (4.37) c
l
a
 

= (1 +99)N,, 

Skinner and Church (79) confirmed the above findings and 

proposed the following correlation for acollosive 

conditions, 

S ore (4.38) 

They added an extra term, energy of adhesion between two 

drops, for high hold-up and gave the expression, 

0.375 
cues 20275 |Ae)| (4.39) 
D 4 “We ¥ 

Skinner and Church (79) also showed that for very small 

drops, where drop diameter was small compared with the
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Kolmogroff length, the drop broke up through viscous shear. 

Local velocity gradients would be expected to be a function 

of the kinematic viscosity and the energy dissipated per 

unit mass. The Kolmogroff length n is defined 

n= (-S)* (4,40) 
€ 

The velocity gradient would be 

V = fle,v) (4.41 

which by dimensionless analysis becomes 

a “6% 
VV = cng ) (4.42) 

c 

Equation 4.42 was used by Sprow (84) to develop a 

correlation for the maximum drop size existing in an 

emulsion. He used the criterion proposed by Taylor that 

break up by viscous shear was a primary function of the 

Weber number and that for every system there would be a 

critical Weber number at which the break up of the drops 

would occur. That is 
O55 

Wa Sakae an 
crit. ie mace Os5 

c uve (4.43) 

For drops smaller than the Kolmogroff length the 

maximum drop size in a dispersion could be correlated by 

0.5 -1.5,-1, He 
an = S5eteV, oH oN D te) (4.44) 

where N was the speed of the agitator and D was the 

diameter of the agitator.



Bouyatiotis and Thornton (63) found that for both 

batch and continuous operation in an agitated tank the 

measured distribution approximated to a normal one. 

Similar results for different systems have been reported 

by Chen and Middleman (85) and Brown and Pitt (86). 

However, Pebalk and Misher (87), reported that for a 

variety of liquid-liquid systems, including Kerosene-water 

as used by Brown and Pitt (86), the drop size distribution 

in the stirred tank was lognormal. Similarly, Giles et al 

(88) reported a lognormal distribution during nitration 

of toluene in a stirred tank. 

Whether the drop size distribution is normal or 

lognormal is of practical importance in an extraction 

column. For a fixed volumetric throughput, a comparison 

of the two types of dispersions is illustrated in Table 4.3. 

For the prediction of hydrodynamics and mass transfer 

performance the preferred distribution is a mono-dispersion 

with a consequent standard deviation of zero. Although 

this is impracticable in an extractor, a distribution where 

the mode is equal to the mean results in more drops being 

nearer the mean size than with a lognormal distribution. 

Droplet characteristics are thus more predictable with 

a normal distribution. Therefore it is desirable to obtain 

a normal distribution around a certain mean drop diameter 

rather than a lognormal one.
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TABLE 4.3 

PROPERTY OF DISPERSION NORMAL LOGNORMAL 

Proportion of smaller lower higher 
droplets 

Mean mass transfer Higher because | Lower. More 
coefficients more drops are | stagnant 

circulating drops 

Interfacial area lower high 
Settling rate higher lower 
Tendency to ‘flood 
the column higher lower       

Mugele and Evans (89) have proposed an upper limit 

distribution (ULD) defined in terms of maximum particle 

size. This is in line with the concept of a maximum 

stable drop size in a turbulence or in shear flow, as 

discussed by Hinze (75), Sleicher (90) and others. Its 

application to experimental data for an R.D.C. has been 

demonstrated by Olney (8) and co-workers. The spacial 

upper limit function as applied to log probability 

distribution, was given by, 

dv 6 

  

PVE eo alee 2 

Bi ene 
where y = in (3245) 

(4.45) 

A straight line plot of d/(dm-d) vs.v on log probability 

paper gives 

a= skewness parameter = Siaaco 

d56 
(4.46)
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The value dm used in each experiment was the maximum stable 

drop size observed on that particular photograph; the 

number of drops of size dm used in the calculation was, 

A 
ic nm =— (4.48) 

AL 

where nm = number of drops of size dm on entire photograph 

generally one. 

AL = Area of entire photograph, and 

A 
Cc 

Area of portion of photograph on which the drop size 

count was made. 

The index 6 determines the spread of the distribution, 

a smaller value indicating a wider range of drop sizes; 

a value greater than unity indicates a wider range of 

drop sizes larger than deo: 

The minimum drop size dq, is also of practical 

importance for countercurrent flow conditions, since drops 

of sufficiently small size will be entrained by the 

continuous phase. Eddy diffusion and drop redispersion will 

tend to cause some very fine drops to be present at a 

photographic station in any event. Nevertheless, the a, 

corresponding to Uj= o should be in rough agreement with 

smallest drops observed in the photographs. Agreement with 

the smallest observed drops was in fact fair, most deviation 

occurring when the continuous phase was viscous.



4.4 Coalescence Processess 

Coalescence processes are of importance in agitated 

columns since interdrop coalescence in the agitated zone 

is one factor determining the equilibrium drop size 

generated and coalescence is required at the interface 

near the dispersed phase outlet to achieve phase separation. 

Within the agitated zone the drop size is determined 

by the balance between break-up and coalescence. This 

size determines the interfacial area and drop rise 

velocity. 

The height of the dispersed phase separation zone 

at the top or bottom of the column depends on the ease 

with which phase coalescence occurs at the interface after 

mass transfer has taken place in the effective length of 

the column. This is also a function of the drop size 

generated. 

The coalescence rate depends on the system properties, 

drop size and coalescence mechanism. There are three 

separate mechanisms of coalescence in any column. 

(a) Drop interface coalescence 

(b) Drop-drop coalescence 

(c) Drop-solid surface coalescence. 

Since (c) is a special case of drop coalescence on the 

internals or the column wall, if wetted, in the mixing 

section it is discussed in detail in Chapter 7. Case (a 

drop interface coalescence, must always occur in the 

settling section and is preceded by flocculation and



inter-drop coalescence. 

4.4.1Coalescence Fundamentals 

Liquid-liquid dispersions are usually thermo- 

dynamically unstable systems. Since the free energy 

associated with the large interfacial area between the 

phases can decrease by aggregation or coalescence of 

the dispersed phase, from energy balance considerations 

coalescence of a liquid dispersion would be expected, 

until ultimately two liquid layers are formed. Coalescence 

generally occurs in three steps. 

\ (i) Flocculation of drops 

(ii) Collision and drainage of the continuous phase film 

until it reaches a critical thickness 

(iii) Rupture of this film. 

The ease with which coalescence occurs depends on these 

steps, which are dependent on many variables. These 

are summarised in Table 4.4. 

4.4.2 Interdrop Coalescence in the Agitated Zone 

The extent to which interdroplet coalescence occurs 

in a column is of fundamental importance since, in 

conjunction with subsequent break-up by turbulence it 

results in the drop size distribution. Hence it deter- 

mines the interfacial area and mean droplet velocity. 

It may also lead to an enhancement of mass transfer 

rate. 

By analogy with droplet coalescence at a plane



interface, drop-drop coalescence can be deduced to 

occur in two stages, viz: 

(a) drainage of continuous phase from between elements 

until a critical film thickness is achieved, and 

(b) rupture of the critical film. 

Therefore the speed of coalescence is dependent on the 

forces impelling droplets towards each other, the 

resistance to liquid film drainage and the thickness 

and ultimate strength of the critical film. Common 

experience is that the presence of grease or dirt aid 

droplet interaction, whereas surfactants profoundly 

decrease the tendency for coalescence. In systems in 

which mass transfer is taking place, coalescence is 

favoured when the direction of transfer is from the 

dispersed to the continuous phase and hindered when it 

is in the opposite direction (8, 9, 41). Therefore 

hydrodynamic correlations which are determined in the 

absence of mass transfer may require considerable 

modification in practice. Furthermore, since the effect 

is usually a function of solute concentration, Sauter 

mean drop size d35 would be expected to vary with the 

contactor height. 

The analysis of drop-drop coalescence, which 

represents a dynamic situation in agitated systems is 

rather difficult because,
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die It is difficult to reproduce a controlled collision 

between two drops which have not been restrained 

in some way. 

2. There is an inherent randomness in the manner in 

which the drops rebound or coalesce. Thus drop- 

drop coalescence studies necessitate consideration 

of both collision theory and the coalescence process. 

It follows that the prediction of coalescence 

frequency requires a knowledge of both collision 

frequency and coalescence probability. 

From the above consideration and using a purely 

theoretical approach, Howarth (91) developed an equation 

to relate the frequency of coalescence with hold-up in 

a homogeneous isotropic turbulent flow, 

2|% 
d 

a3 

24x,xV BD 
a exp (-3W*“ /4V*) (4.49) 

  

  

Although this equation showed good agreement with Madden 

and Damerell's (92) observation for water drops dispersed 

in toluene in an agitated tank, the assumptions made in 

the derivation seriously limit the application to real 

systems (40). 

There is little data on coalescence in agitated 

columns. In a pilot scale R.D.C. with the system 

kerosene-water, Davies et al (41) found that drop-drop 

coalescence was not significant. However, this was with 

phase ratios of 12 to 16 : 1, continuous:dispersed 

phase basis, compared with the 0.5 to 4:1 used in practice.
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Misek (53) demonstrated the presence of coalescence 

in an R.D.C. at a high hold-up (18%). Later Mumford (54) 

found that interdroplet coalescence was significant only 

at very high hold-ups at a peripheral speed of the order 

of 460 ft/min. i.e. conditions approaching flooding. 

In a later study Misek (53) characterised the 

dispersion by a hydraulic mean drop diameter and assumed 

that these drops exactly followed the turbulent fluctuations 

in the continuous phase. Every collision of droplets was 

assumed to result in coalescence. Since drop-drop 

coalescence can take place, either in the bulk of liquid 

or at the column wall. Misek proposed a different 

correlation for each case. For coalescence in the bulk 

of the fluid, 

o yee 5 D) In ge = iy (nt a8) V (2) Ho kg (gag) ) = 2p 

(4.50) 

For drop coalescence at the wall, 

In Ge = kya VEG) = Kex (ge 0-5(2) = 25x 

(4.51 

Coefficients 2, and 25 were determined indirectly based 

on phase flowrate measurements using equation, 

+x = Vy (1-x) exp |x 24,1) (4.52) 

Drop size dq, was calculated from the terminal falling 

velocities of solid spheres.
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Fair agreement was obtained with this equation for a 

number of binary systems in various column designs; it 

was found to have a value of 1.59 x 1072 independent of the 

type of agitator. The equation was applied but it is 

questionable, whether coalescence characteristics in 

different columns can, in fact be described by a single 

equation. For example equation 4.50 makes no allowance 

for the known variation in ease of coalescence with drop 

size. 

The ease with which the coalescence takes place 

depends on a number of parameters. A summary of these 

along with the explanation is outlined in Table 4.4, 

4.4.3 Flocculation and Coalescence in the Phase 
  

Separation Zone 

After the mass transfer in the mixing section drops 

of the dispersed phase flocculate collide and finally 

coalesce into the interface. The ease with which the 

flocculated drops coalesce into the interface determines 

the height of the coalescing zone. 

Studies of the coalescence of drops on the interface 

have revealed that the process takes place in the 

following stages: 

1, Flocculation 

2. Packing 

3. Homonisation with the interface.
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TABLE 4.4 

VARIABLE EFFECT ON EXPLANATION IN TERMS OF 

ICOALESCENCE | EFFECT ON PHASE-2 FILM 
‘TIME DRAINAGE RATE 

1. Drop size ‘Longer More phase 2 in film 

2. Length of fall Longer Drop 'bounces' and film 

is replaced. 

3. Curvature of (a)Concave {Longer More phase 2 in film 
interface 
towards drop (b)Convex {Shorter Less phase 2 in film 

4, Interfacial Shorter Less phase 2 in film 
tension (more rigid drop) 

5. (de Sherer Either less phase 2 film 
Phase ratio (i continuous 

Phase Ap 

Temperature 

Temperature gradients 

Presence of a third 
component 

(a) stabiliser 

(b) mass transfer 
into drop 

(c) mass transfer 
out of drop 

Longer 

Shorter 

Shorter 

Longer 

(Longer 

Shorter     
or increase in drainage 
rate 

More deformation of drop 
more phase 2 film 

Increases phase ratio 

Thermalgradients 
‘weaken' film 

(a) Forms 'skin' around 
drop 
Sets up interfacial 
tension gradients 
which oppose flow 
of film 

(b) 

(c) Sets up interfacial 
tension gradients 
which assist flow 
of film   

  

(Effects of other parameters have been reviewed by Lawson (97) )
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The majority of time during the process of drop- 

interface coalescence is taken by the formation and 

drainage of the continuous phase film between the 

homo-phase. This is termed the 'rest time'. Workers 

have found that drops of the same size and properties 

coalescing under identical conditions exhibit a 

variation of coalescence times (93, 94, 95). Hence 

the coalescence times are reported as the mean times 

of numerous determinations; these are expressed as 

mean rest times, oT or half rest time, t The half 4° 

rest time is the time taken for half the drops in 

the sample studied to coalesce. Generally t, has been 
3 

found to be more reproducible than t,, and the ratio 

(t/t) is always in the range of 1.01 to Le27s 

Several attempts have been made to correlate the 

coalescence time with the physical properties of the 

system. Jeffreys and Hawksley (94) proposed a correlation 

of the form 

+2 oo -0.7u? 5 < 5} pu ty = 4.5x10°/ (#88) (F 5 
   

2 2 a0-02 (y 0-55 107002 (1-)0-91 (4,53) 
u u 

Jeffreys and Lawson (97) simplified the analysis on the 

basis that temperature affected only the physical 

properties so that it need not be considered as a 

variable as such, The resulting correlation was,
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yt 0.32 0.18 30 
2 5(L d*Apg 

a 1.32x10 G&G) a ) (4.54) 

This correlation was supported by Smith and Davies (98) 

for drop interface and drop-drop coalescence. They 

showed that, 

0.25 
yt a hpg.-* 
Gq) at (4.55) 

The most recent study of residence times for single 

drop at an interface was by Hitit (96). Using pilot plant 

size 6 inches and 9 inches diameter spray columns, it was 

observed that there wasno significant difference in the 

mean and half life coalescence times. Moreover, changing 

the distance of fall and the bulk dispersed-phase static 

head above the interface had no significant effect on the 

rest times. It was concluded that it was difficult to 

obtain reproducible results in large equipment. The 

applicability of laboratory single drop measurements 

in specially constructed cells to the behaviour of drops 

in swarms in pilot plant or industrial settlers, was 

considered questionable, 

Hitit produced a number of correlations for height 

of coalescence zone for columns of different sizes, using 

the system toluene-water. The correlations are expressed as, 

a (4.56) 

The are and b for different size columns are tabulated 

in his work, 

This brief review of coalescence, of which many
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conflicting studies have been reported, demonstrates the 

need for experimentation when scaling-up both the agitated 

region and the flocculation coalescence zone of R.D.C.'s. 

The coalescence rate is sensitive to impurities, for 

example interfacial scum, and surfactants, so that 

practical studies involve actual systems with recycle.
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ie: MASS TRANSFER FUNDAMENTALS 

Sed Mass Transfer During Drop Formation 

The rate of mass transfer in an R.D.C. depends on 

the overall mass transfer coefficient, the interfacial 

area, and the driving force, as given by Equation 1.1. 

The overall coefficient of mass transfer depends on the 

rate of diffusion inside, across the interface, and outside 

the droplet. Although recent studies have shown that inter- 

facial resistance may be important, for example when 

chemical reaction occurs, (56, 99) for all practical 

purposes it can be neglected in the design of industrial 

extractors (57). Equations 1.1 and 1.2 are then applicable. 

To calculate the drop side coefficient it is necessary 

to analyse the different phases of a droplet's life inside 

a contactor. These comprise, 

(a) Formation at the distributor, 

(b) Travel through the continuous phase, 

(c) Coalescence at the bulk interface at the top or 

bottom of the column. 

Various workers have determined the extent of mass 

transfer during initial drop formation in spray columns. 

Sherwood (100) found 40% of the transfer occurring during 

this period, West (101) only 15% and Licht and Pensing 

(102) found no special effect. However, recent studies 

(103, 104, 105) have shown that about 10% of the extraction
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oecurs during this period. Sawistowiski (105) has out- 

lined the difficulties involved in obtaining meaningful 

results due to the very rapid change in the interfacial 

tension associated with drop formation, Despite these 

difficulties numerous mathematical models have been 

presented to predict the transfer rate during drop 

formation. 

For a stable interface, four models have been 

visualised for the behaviour of the growing boundary layer 

which increases in surface area. The bases are 

(1) In the first model an ageing rigid boundary layer 

which increases in surface area. 

(2) In the ageing boundary layer, the concentration 

gradient increases because of the increase of 

surface area by stretching: the balloon model. 

(3) The boundary layer ages as with a rigid layer. 

Surface is increased by addition of fresh surface 

elements: the fresh surface model. 

(4) For the boundary layer a flow pattern has been 

developed in which a varying rate of stretching 

occurs, 

Various modifications of the models are possible 

and have been suggested. However, all models lead to a 

similar type of expression, describing the efficiency as 

proportional to the square root of the time of formation; 

Dt. Bp = FHS P 
(5.7)
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in which F = proportionality constant which depends on the 

model used and on the surface area/volume relation of the 

growing drop. 

The difference between the factors F for each of 

the four models has been compared for the simplified case 

of a spherical drop. For the drop of diameter d, the 

different models are presented in Table 5.1 and the F 

values collated in Table 5.2. 

  

  

      
  

  

TABLE 5.1 

AUTHORS AND 
EQUATION MODEL 
NUMBER REFERENCE NO. 

5.2 K = Sip [Tt )% Licht andPensing 
df eee £ 

(102) 

_ 24 & 
Seo Kas = ar (D4/mt-) Heertjes et al 

(104) 

4 % A 
Sie Kae = 5 (Dg/tt -) Groothuis and 

Kramer (106) 

565 Kar = 273/5 (Da/mt,) Coulson and 
Skinner (107) 

1 4 A 
5.6 K.. = 2(7/3) (a_A,+5) (D,/nt,) 1 Heertjes and 

df Of. tae d £ De Nie (108) 

Sed: Kae = 1.31 (D4/t,) * Ilkovic (126) 

5.8 Kag = 2 VE (Dg/ntg)? Angelo et al 
(109) 

TABLE 5.2 

MODEL =o 
6 

1 86 
2 eal 
3 1.48 
4 P78 front 

1.31 equator 
0.50 rear        
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The selection of the appropriate model for a 

specific application is difficult because of the 

inaccuracies inherent in most of the experiments. However, 

model 1 seems unlikely, and there is little difference 

between models 2, 3 and 4. 

Model 1 (102) has been recommended by some authors 

but has not been verified experimentally. At best it is 

a limiting case giving the lowest possible value of F. 

Model 2 (109, 110) has been applied to the case of uniform 

drop stretching. It was used by Baird (111) to test 

experimental results, and deviations from theory were less 

than 20%. These deviations may be explained by the 

existence of extra contributions to solute transfer because 

of turbulence. 

Following experiments in which drops were formed 

at a capillary and sucked back again, Popovich et al (112) 

also concluded that model 2 could be used. This model 

can be applied for cases in which the major resistance 

to mass transfer is in the continuous phase but Baird 

(111) used it for a case where the resistance should be 

in the drop phase. 

In model 3, the surface elements may have a time 

of contact with the continuous phase ranging from t = O 

£O “t= the This model has been tested by Grocthiis and 

Kramers (106) for mass transfer from a gas to a growing
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droplet. Heertjes and de Nie (108), froma single drop 

study using the system isobutanol-water, concluded that 

model 3 could best explain their experimental results. 

However, this remains to be verified for other systems. 

Model 4 has not yet been investigated for a liquid- 

liquid system but Nichols (113) tested it for gas bubbles 

growing in a liquid. The relations given, therefore, hold 

for the continuous phase during the formation of gas 

bubbles. The basic concept seems sound providing 

stretching occurs. 

Skelland and Minhas (114) concluded that the above 

models are unrealistic because they fail to allow for the 

effects of internal circulation, interfacial turbulence 

and the disturbances caused by drop detachment. A 

modified expression was proposed for mass transfer 

  

coefficient, 

v_? 0.089 2. 05334 
d n d K,- = 0.0432 (—) (~—) Ca df te dg t,Da 

u -0.601 

— (5.9) 
¥p ado 

Approximately 25% deviation was obtained from this 

correlation with the system acetic acid-chloro-benzene- 

water and acetic acid-nujol-ccl,-water. The correlation 

represents the overall mass transfer occurring during drop 

formation, which includes mass transfer during drop growth,
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during the detachment of the drop and the influence of the 

rest drop. A theoretical expression for Kae was also 

given, 
Vag ar, 

Kee = aces | (aycere) dt apt, ava I, (5.10) 

The symbols are defined in the Nomenclature. 

5.1.1 Mass Transfer at Different Rates of Formation 

The models presented above are only valid in cases 

where no extra mass transfer occurs by liquid flow, or by 

eruptions at the interface, i.e. for stable interfaces. 

Furthermore, when considering the different models little 

attention has been given to the different regions of drop 

formation. Three regions, shown earlier in Fig. 4.2, are 

important in this respect. 

Region I - Formation at Low Speed 

Mass transfer is always accompanied by local changes 

in density. If the speed of formation is low, this results 

in free convection effects. 

In this case, mass transfer is therefore comparable 

to that with drops formed at moderate speed but with a 

superimposed contribution due to free convection. 

Quantitative data are lacking on this phenomenon. 

Region II - Formation at Moderate Speed 

In this case mass transfer can be described by means 

of a diffusion mechanism. Both the surface stretch or 

fresh surface models may be used, but the fresh surface
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model relates more closely to the actual process. Thus 

for the prediction of mass transfer the following 

general equation may be used (112), 

% (2n+1) /24 2 AD oe = D Bp-Var" Tat | (-y*)dy. (cco) (By HBpt 

(5)542) 

where n and Bo are defined by the surface area A = Bpt™ 

it and y (1-t/t,)?; t is the time at which a fresh surface 

element is formed and ty that when mass transfer is 

considered. For the special case of a spherical drop the 

equation reduces to, 

AR 
2Var 

Dies 
zs 4 B 

ER = ( re 38) (4 (5.12)   

Region Iv - Formation at High Speed 

In this region, large contributions to mass transfer 

are caused by strong circulation in the drop. Thus 

Groothuisand Kramer (106) observed a jet action in the 

drop at Re > 40 to 50; the characteristic diameter here 

was based on the inside diameter of the capillary. This 

is in agreement with the results of Dixon and Russell (115), 

Ueyama and Kida (116) also found a marked increase in 

mass transfer at high speed of formation. Heertjes and 

de Nie (108) reported that deviations from the diffusion 

model occur at Re > 15. 

The present information leads to the conclusion
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that circulation will occur in drops formed at high speeds. 

However, no theory or experimental data has been presented 

for this region. 

Bee Mass Transfer During Droplet Release 

During the release of a drop, changes occur at the 

interface as a result of deformation; release causes 

oscillation of the drop. Little is known about the effect 

of this phenomena on mass transfer but Licht and Conway 

(117) concluded that it is approximately equal in 

magnitude to the effect of drop formation. Conversely, 

Popovich et al (112) stated that release has no effect at 

all. These differing conclusions may result from the fact 

that, in the latter investigation, the main resistance to 

mass transfer was in the continuous phase. Marsh and 

Heideger (118) deduced that a high contribution to mass 

transfer occurred during release and the first second of 

rise. Recently Heertjes and de Nie (108), showed that, 

for isobutanol drops in water, the mass transfer 

coefficient during release was six times greater than the 

value for the preceding section. However, further work is 

needed before this is completely established. 

Seo Mass Transfer Within Droplets   

In agitated columns the proportion of mass transfer 

which occurs during droplet travel would be expected to be 

very much greater than during release or detachment from 

the inlet distributor. Therefore mass transfer mechanisms
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within droplets, which will now be discussed, and in the 

continuous phase are of more relevance than sections 5.1 

and 5.2. 

The coefficient of mass transfer inside the droplet 

depends on the velocity of internal circulation. Circulation 

rate is known to increase with the droplet diameter and 

with the ratio of the viscosity of the continuous phase 

to that of the dispersed phase. Thus Hadamard (119) showed 

that the liquid inside the droplet would circulate at 

Reynolds numbers (do V/u ,) greater than 1.0, and Levich 

(120) has postulated that circulation would occur between 

Reynolds numbers of 1 and 1500. Levich considered that the 

surface tension of the dispersed phase would affect the 

circulation rate. Garner and Skelland (121) showed that 

the interfacial tension between the dispersed phase and 

the continuous phase was also an important factor, and 

presented a correlation for the critical Reynolds number 

required for internal circulation. When the interfacial 

tension was of the order of 1 dyne/cm, toroidal circulation 

was initiated when the critical Reynolds number was exceeded. 

As the interfacial tension increased from 1.0 to 15.0 

dynes/cm the critical Reynolds number increased from 70 

to 120. 

Finally Linton and Sutherland (122) have shown that 

the nature of the original interface affects circulation. 

Thus droplets of polar solvents in water, initially
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having a low interfacial tension, readily circulated; 

whereas droplets of non-polar solvents in water having 

a high initial interfacial tension did not circulate. 

Clearly liquid systems with different properties 

produce drops with widely different mass transfer 

characteristics. The range of behaviour from rigid drop 

to oscillating drops are therefore considered below. 

5..3.1 The Rigid Drop 

Drops of very small diameter, usually below 1mm, or 

larger drops in the presence of surface active agents or 

impurities behave as 'rigid' drops. For the case of no 

resistance to mass transfer in the continuous phase, the 

unsteady state variation of average solute concentration 

C, with time @ is adequately represented by Newman's (123) 

relation, 

OL = Be: CH Cy ml 6 1 4D" n°@ 

AQURE ST ae ee re err 
Ch-Cpy T™ n=ln dp 

-4D,m*8 0.5 (5413) 
= |1- exp(————_) 

dp? 

where oe is the initital uniform concentration of solute, 

and Coy the constant interfacial value. The left hand 

side of equation 5.13, then represents the fractional 

approach of the solute concentration to equilibrium with 

the continuous phase. The first expression on the right
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is exact (123), and the second is an empirical approximation 

(124). A mass transfer coefficient, for use with a linear 

concentration-difference driving force is 

2 RL: 2m Db 
a Te (5.14) 

Recently, Skelland and Minhas (114) proposed an 

expression for mass transfer coefficient of a drop during 

free fall, 

1 Sare = 7 (5.15) 
Gre terar! 2(8a5 Cae oa 

where S is the solute transferred per drop, t is the 
dre cr 

: ¥ Westen ; 
contact time, Cait Cae and c& are the initial, final and 

equilibrium concentrations, and ay is the surface area, 

taken as that of an oblate spheroid having the same volume 

as that of the falling drop. The validity of this 

expression remains to be proven. 

5.3.2 The Non-rigid Drop 

There are two kinds of non-rigid drops; circulating 

and oscillating. The circulating drops are those in which 

the fluid inside the drop is in a state of rapid circulation. 

This circulation is laminar at drop Reynolds numbers less 

than 1 and turbulent at Reynolds numbers greater than 1. 

As a result of circulation the fluid inside the drop is 

completely mixed and this results in higher mass transfer 

coefficients. At even higher drop Reynolds number, Re > 200,
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as the drop size in any given system increases above the 

laminar flow region; a size is reached at which the drop 

flattens and assumes a generally oblate ellipsoidal shape. 

This shape is unstable in fields of low viscosity, and the 

drop begins to oscillate (125). The term "oscillation' 

denotes the axially symmetric periodic change from an 

oblate ellipsoid to a prolate form and back to oblate 

again. 

The shape of a liquid drop moving in a liquid field 

is dependent on a balance between the hydrodynamic pressure 

exerted because of the velocity of the drop relative to 

the field liquid and the surface forces which tend to 

hold the drop spherical. 

A theoretical analysis of mass transfer inside a 

circulating droplet has been made by Kronig and Brink Cor 

The motion was assumed to take place in Stokes regime, 

and with the circulation rate being sufficiently rapid 

to maintain the streamlines at constant, but different 

concentrations. Hence mass transfer occurred by molecular 

diffusion in a direction perpendicular to the streamlines. 

The rate of mass transfer inside circulating drops was 

shown to be far greater than in stagnant drops. The 

results were correlated by 

-c ,,64D,,9 
  

o 
5 =el- z } aAn*exp (1- ) 

Dp 7 Spi n=1 dp? 
2.25 (4) D170 

« ii-exp i ee e (5.16) 
dp
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or k= <ioee G17) 

The second half of Equation 5.16 is an empirical 

approximation (126). Comparison with the case for rigid 

spheres shows that an oscillating drop is equivalent to a 

rigid sphere for which the effective diffusivity Db equals 

2.25 to 2.7 times the true molecular diffusivity D. 

Alternatively, Handlos and Baron (127) considered 

the case of a fully turbulent drop, with the circulation 

pattern simplified to concentric circles. It was assumed 

that the liquid between two streamlines became readily mixed 

after one circuit. Since the average circulation rate is 

related to the drop velocity, an eddy diffusivity was obtained, 

(5.18) 

where r = dp/4 times the radius of the circulating stream- 

line. This expression when solved with the continuity 

equation for the case of no continuous phase resistance, 

gave, 

0.00375V, 
joe (5.19) Do WGf, 

kd 0.00375da_vV_D 

2 = Nsh,p = £D_ — 9.00375N' (5.20) 
Dp Wg pe,D 

epi 
Ue 

Note D is a modified Peclet number. Comparison of this 
, 

with Equation 5.14 indicates that a turbulent sphere
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behaves like a rigid sphere with an effective diffusivity 

Dy larger than the molecular Dp by a factor of 0.0057N'5. p: 

Equation 5.19 has been verified experimentally by 

Skelland and Wellek (128) and Johnson and Hamilec (129). 

However Olander (130) observed some discrepancy when 

applying the Handlos and Baron model to cases involving short 

time of contact. This is due to the fact that,in the 

derivation of Equation 5.19, only the first term of the 

series has been used. This is permissible only when the 

contact times are large. Thus Olander proposed a correlation 

for the calculated mass transfer coefficient, 

ke = 972 Kup + 0.075 d (5.21) 
d ce 

where Kg is the actual transfer coefficient and kup is that 

calculated by means of Handlos and Baron's model. Equation 

5.21 is for cases where there is no resistance in the 

continuous phase. 

5533°2 04 Oscillating Drops 

In general drops which exceed a critical size for 

a given system exhibit oscillations. This is particularly 

true when the drop Reynolds number exceeds 200 ina 

continuous phase of low viscosity. Under these circum- 

stances the models described for the circulating drops 

are inapplicable (6). 

Droplet oscillation is a major factor affecting
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mass transfer. It may be initiated by the tearing away 

of the droplet from the forming device or by intermittent 

shedding of vortices from the droplet wake (125, 131). 

Droplet oscillations are not necessarily restricted to 

oblate-prolate, or spherical-oblate oscillations. As 

droplet size increases beyond the point where oscillations 

begin, the droplet oscillation tends towards a more random 

fluctuation in shape (6). 

Garner and Tayeban (132) found that for a given 

droplet size oscillation was greater for a system with a 

low continuous phase viscosity, a low interfacial tension 

and. a low dispersed phase viscosity. Garner and Haycock 

(133) found that the period of oscillation was dependent 

on the physical properties of the liquid-liquid system, 

particularly the densities. Once oscillations were set 

up in drops, Johnson and Hamielec(129) reported effective 

diffusivities as high as 52 times the molecular value. 

Garner and Skelland (134) reported that the rate of 

transfer of an oscillating nitrobenzene drop in water was 

100% greater than that for an equivalent stagnant drop. 

Heat transfer rates are also greatly increased for 

oscillating droplets (131). 

Rose and Kintner (6) have proposed a model for 

mass transfer from vigorously oscillating, single liquid 

drops moving in a liquid field based upon the concept of 

interfacial stretch and internal droplet mixing. Their
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model takes into acount both an amplitude factor and the 

frequency of drop oscillations. They also stated that 

oscillations break-up internal circulation streamlines 

and turbulent internal mixing is achieved. The proposed 

model gives, 

  

BG 
21D. 2 

E hy 3V z-1ew |e I ats tous 4n (a ta_|sinwt/) 
op 

1 1+o : 2 Fee na +(ajta,|sino+1|) tat (5.22) 

where the symbols are given in the nomenclature. 

Experimental results for different systems deviated 

from the model by approximately 15%. The reasons for this 

may be 

(i) wall effects 

(ii) the degree of oscillation and 

(iii) the possible presence of impurities and surfactants. 

Angelo et al (103) also based their model on surface 

stretch and internal mixing of the drop. However in this 

model, no account is taken of differences in the rate of 

stretching. An empirical relation is given for ka 

Baba ioe (5.23) 
d T 

in which w is the frequency of oscillation and Ey a 

dimensionless factor for the amplitude which can be found
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from, 

e =e+ 2c? (5.24 
8 

The surface time relation is, 

A= AS (Cy+ esin?t) (5125) 

in which t is a dimensionless time. The model is only 

strictly valid for a whole number of oscillations, i.e. 

for a fractional number it will give too low a result. 

Furthermore, the values predicted by this model do not 

differ significantly from those obtained using Rose and 

Kintner's model or even from those predicted by the Handlos 

and Baron model, for drops with very rapid circulation. 

5.4 Mass Transfer in the Continuous Phase 

Little attention has been given to the relative 

importance of the effects of internal droplet circulation 

on the outside mass transfer coefficient, or of the 

continuous phase resistance in relation to the dispersed 

phase resistance. However, Conkie and Savik (135) have 

shown that the velocity boundary layer thickness around 

a circulating droplet is reduced by a factor (1-$), where 

¢ is the ratio of the surface velocity to the velocity of 

the potential flow, and this boundary layer disappears. 

Using this basis Ruckenstein (136) showed that the outside 

mass transfer coefficient could be correlated by the 

equation, 

Sh = 1.13/Pe (5.26)
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where Sh = Sherwood Number kd/D, 

Pe = Peclet Number d U/D, and U = mean droplet velocity. 

The results from equation 5.26 were compared satisfactorily 

with the experimental results of Garner and Hale (137). 

Griffiths has shown that, even when the dispersed phase 

viscosity is high, mass transfer coefficients predicted 

by Equation 5.26 should agree with experimental results 

within 20% provided (u Mp) Re# > 10. This agreement is 

probably due to bounday layer separation occuring near 

the rear of the droplet. 

In general mass transfer coefficients in the 

continuous phase can be classified under two headings, 

namely for 'rigid' drops and for 'non-rigid' drops. 

5.4.1 From and to 'Rigid' Drops 

For the case of a rigid drop, Garner and Suckling 

(138) and Garner et al (139) have shown that the rate of 

mass transfer from or to a solid sphere can be correlated 

by a general equation of the form 

Sh = A + C Re™ sc” (5.27) 

Examples from the literature are reproduced in Table 5.3. 

5.4.2 From and to Non-Rigid Drops 

The mass transfer is described by Ko and many 

correlations have been made with Sherwood number. Because 

the velocity at the interface is not zero, the power of 

the Schmidt number should be larger than 4 and is generally 

Zs as would be the case for potential flow. For taken as >
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this limiting case, Boussinesqu(140) has derived 

Sh = 1.13 (Re) (Sc) 7 (5.28 

Because of the existence of a wake, the proportionality 

constant should in practice be lower than 1.13. Garner 

and Tayeban (148) therefore suggested, 

Sh = 0.6 (Re) 2 (se) 2 (5)..29) 

Harriot (141) claims however that Equation 5.28 is valid 

for many cases. 

One of the main difficulties encountered is to 

estimate the contribution to mass transfer by the wake 

of the drop. Thus Kinard et al (142), using the work of 

White and Churchill (143), attempted to include the wake 

effect together with other effects. Their correlation is 

reproduced in Table 5.3. Although significant for quiescent 

flow the wake may become less important in turbulent flow, 

i.e. in agitated systems, because the continuous phase 

is continually renewed and the wake is not allowed to 

develop. Therefore although the contribution of the wake 

is difficult to quantify, it has been shown to be 

significant only in simple discrete drop contactors, e.g. 

the spray tower (144). 

For non-rigid drops the value of e in Equation 5.2 

varies from 1.13 (145 to 0.6 (132). Thorsen (146) 

proposed a correlation for the coefficient,
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TABLE 5.3 

EMPIRICAL CORRELATION FOR MASS TRANSFER IN THE CONTINUOUS 

  

  

PHASE 

5 ery 
Reference Ae oe 

Equation regime 

of drop 

152 |sh=0.582(Re) #(Sc) 173 solid 5.34 
sphere 

153 |sh=240.76 (Re) 2(Sc) 173 solia 5.35 
sphere 

142 = 5 1/3 a 
Sh=2+(Sh) ,+0.45 (Re) (Sc) Solid 5.36 

1/3 sphere 
+ 0.048 (Re) (Sc) 

145 Sh=1.13(Re) 2 (Sc) 2 non-rigid 5.37 

drop 

132 |sh=0.6(Re) #(Sc)# Ron-ricidems.36 
drop 

132 Sh=50+0.0085 (Re) (Sc) °°? oscillating] 5.39 
| drop 

151 | sh=24+0.084] (Re) °° 484 ai 
. 072 (Sc) +9339 (agt/3 p2/3P | 

Oscillating] 5.40 
drop           

  

For oscillating drops, Garner et al (147) 

proposed a correlation of the form, 

kd = -126 + 1.8 Re* se°*4? (5.31) 

This correlation fits a selection of experimental data, 

but Hughmark (167) has suggested the use of equation 5.40
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Recently Treybal (20) has recommended use of the 

relation of Ruby and Elgin (148) for swarms of drops. 

This relation is a modified Boussinesqu equation, 

0.57 O. gh = .725(Pe)°°97 (sc) 0" (1-44) (5-32) 

where og is the dispersed phase hold up. Experimental 

results fall between this new correlation and a correlation 

suggested by Treybal, based on an oversimplification of 

the results given by Heertjes et al (149) using 

Boussinesq's equation with a constant of 0.8 instead of 

T1323. 

More recently, Galor and Hoelscher (150) derived 

a mathematical model for unsteady state mass transfer with 

and without chemical reaction. Interaction between drops 

in swarms, and the effect of particle size distribution, 

have been taken into account. In their equation Ky 

should be linearly proportional to a mean diameter ayo %t 

D(p.-P4)g a Gud. 27a % 
Kee 37g amg 2 d35)} (5033 

Finally, Hughmark (151) has concluded that for a swarm 

of drops in a system for which the ratio of viscosities 

of the continuous to the dispersed phase is less than 

one, the mass transfer coefficient for the continuous 

phase is the same as for single drops. For a ratio 

larger than one, an interaction effect in the continuous 

phase has to be recognised.



125) 

SD Mass Transfer During Coalescence 

Eventually each drop leaving the last compartment 

of an R.D.C. is required to flocculate and then coalesce, 

either via interdrop or drop interface coalescence. Some 

mass transfer occurs during this process. 

The effect which mass transfer has upon coalescence 

has been investigated in some detail. However, very few 

attempts have been made to quantify the extent of mass 

transfer during coalescence. Johnson and Hamielec (129) 

derived an expression for the mass transfer during 

coalescence, (k, ), for the simple case of a drop coalescing 

into an ancereace immediately upon its arrival. The drop 

contents were also assumed to spread over the entire inter- 

face in the form of a uniform layer. Mass transfer was 

correlated according to penetration theory with the time 

for the exposure of the layer taken as identical to that 

for formation of the drop. Thus, 

& 
eae = (Dg/Tt¢) (5.41) 

Licht and Conway (117) and Coulson and Skinner (107) 

reported similar results. However, these were later 

eriticised by Licht and Pensing (102) and Skelland and 

Minhas (114) due to the fundamental difference between 

the mechanism of drop formation and coalescence. In fact 

very little mass transfer takes place during coalescence
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compared to formation since the concentration driving force 

is generally low. However, Skelland and Minhas (114) 

derived an expression for the mass transfer coefficient 

  

at coalescence kg - This is given by, 
c 

ie 2V4 Ale ot Kae/Vq) apts (Ie. 4VQ) oes 

dc at, BV aret eg Kae/Vq) Fetal ec 

where the symbols are defined in the nomenclature. They 

also correlated their experimental results by an expression 

similar to that proposed in the same study for drop formation. 

The correlation for drop coalescence is: 

= 2 n We 1.115) a2 1.302 v. f, 0.146 
aes OL) ease) ( ) Pada o D 
  

  

d 

(5.43) 

The average absolute deviation from the data was 

approximately 25%. 

Recently Heertjes and de Nie (145, 154) concluded that 

mass transfer during the actual process of coalescence can 

be neglected for two reasons. Firstly, the mechanism of 

coalescence shows that drainage of a drop into the homo- 

phase does not permit entrainment of continuous phase in 

the homophase and secondly coalescence is so rapid, 

occuring in approximately 3 x iiey sec. in pure systems, 

that there is insufficient time for a significant transfer 

of solute. Reference here is only made to the coalescence 

of drops on the interface. No research work has been 

presented as yet on the influence of drop-drop coalescence
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on mass transfer. However generally the coalescence of 

drops in swarms causes an increase in drop size, and thus 

oscillation, and a decrease in surface area. These factors 

counteract each other with respect to mass transfer rate. 

In any event when a drop approaches an interface, oscill- 

ations will occur which will temporarily increase mass 

transfer rate considerably. The thin liquid film between 

the drop and the interface, when the drop is at rest, will 

be rapidly exhausted or saturated as regards solute. Since 

the surface areas covered by drops in this way can be 

relatively large the effect may therefore be pronounced. 

5.6. Overall Coefficient of Mass Transfer 
  

The overall resistance to mass transfer is the sum 

of the resistances of the individual phases and is given 

by Equation 1.2. The resistance to transfer in one of the 

phases is often predominant. The design equations can then 

be based on the coefficient in that phase only. There is 

no established method to predict which coefficient will 

control the mass transfer process, but a fairly reliable 

indication can be obtained by the following observations. 

(57). If the physical properties of the system predict 

a droplet size greater than 2mm the liquid inside the 

droplet will most probably circulate, and the mass transfer 

coefficient of the continuous phase will control the 

extraction rate. This indication may be confirmed by 

estimating the time taken for the concentration of the
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droplet to change by 95%, using the equation derived by 

Crank (155) that 
(Dn? 1?_) 

i t 

Q 2 
egy igo eeu = (5.44) 
Qo aw? ne 

or the experimentally modified version proposed by 

Calderbank and Karchinski (126), 

2 

S225 (ey 
Qe 5 
= = ease d (5.45) 
Qo 

If the time required is short, that is, of the order of 

30 sec., then the rate of extraction will be controlled by 

the continuous phase coefficient and the design calculations 

will be based on this coefficient. 

In the majority of industrial extractors the continuous 

phase coefficient would be expected to control the rate of 

extraction. 

5.7 Miscellaneous Phenomena 

5.7.1 Mass Transfer and Interfacial Instability 

Various types of small flows generated at the inter- 

face and in the layers immediately adjacent to it are usually 

classified as interfacial turbulence. Such disturbances 

and their effects have been summarised in several 

publications (55, 56, 156, 157). Spontaneous emulsification, 

localised stirring with rippling and twitching of the 

interface, slowly moving streamers of one phase moving into
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another, drop formation from the tips of such slowly 

moving streams, local eruptions at the interface, violent 

and erratic pulsation in drops and unsteady flow along 

the interface have all been recorded. The action is 

three-dimensional and the interface is regarded as 

including the immediately adjacent sub-layers on either 

side of the bulk phase separation plane. 

All these disturbances have been found to cause 

a many-fold increase in the rate of transfer of solute 

across the interface. If a chemical or thermal differ- 

ence along an interface causes an interfacial tension 

gradient, a violent flow in the direction of low o results. 

This phenomena is termed the Marangoni effect. 

Sternling and Scriven (56) analysed the hydrodynamic 

aspects of interfacial turbulence by means of a greatly 

simplified two-dimensional roll cell model. Their analysis 

suggests that interfacial turbulence is usually promoted 

by solute transfer into the phase of lower viscosity, 

solute transfer towards the phase of higher diffusivity, 

large viscosity and diffusivities differences between the 

phases, large concentration gradients near the interface, 

or a low order of viscosities and diffusivities. It is 

inhibited and damped by the presence of surfactants and 

by nearly rigid boundaries. 

Whilst the model of Sternling and Scriven is over- 

simplified, it serves remarkably well to predict the
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creation, propagation, and damping of turbulence. Orell 

and Westwater (157) used Schlieren photography to record 

effects in two three-dimensional convection cells, 

including polygonal cell clusters, stripes and ripples. 

Their polygonal cell clusters, exhibited a size an order 

of magnitude larger than the dominant wavelength for roll 

cells as predicted by the Sternling and Scriven development. 

Sawistowski and co-workers studied the effect of 

interfacial convection on mass transfer during drop 

formation, in horizontal contactors, wetted wall columns 

and a stirred cell. In the investigation of mass transfer 

from drops (158, 159, 160, 161) the results for the 

transfer of phenol are shown in Fig. 5.1. Three regimes 

were distinguished for both directions of transfer. The 

diffusional value of mass transfer coefficient for the 

transfer of phenol in the stable direction was found to be 

greater than the unstable direction. This was also 

observed by Austin (162) and Marindas and Sawistowski (163). 

In Austin's work for the transfer of propronic acid from 

water to benzene in a stirred cell, the diffusional 

value of the overall mass transfer coefficient was 

3.9 x 1074 cem/sec., whereas in the reverse direction it 

was 6.4 x Ome cm/sec. Similarly, Maroudas and 

Sawistowski (163) found that, during the transfer of 

Propionic acid in a wetted wall column under a variety of 

conditions, the resistance to transfer was always larger



ied eet 

from water to carbon tetrachloride than in the opposite, 

convectionally stable, direction. They attributed this to 

an interfacial resistance caused by breaking of hydrogen 

bonds when the transfer took place from water into the 

organic phase. 

Marsh et al (164) also proposed a transient model 

identical to that of Sternling and Scriven, except that 

the concentration profile was assumed to be time dependent. 

From the analysis of the characteristic equations it follows 

that instability is promoted by, 

(i) Solute transfer out of the phase of higher viscosity; 

(ii) a large difference in kinematic viscosity between 

the phases; 

(iii) large differences in diffusivity between the phases, 

up to a factor of 10; 

(iv) a large initial concentration; 

(v) a large value of do ,/de; and 

(vi) low viscosities and diffusivities in both phases. 

Marsh et al have outlined the differences between their 

transient model and Sternling and Scriven's steady state 

model. 

In conclusion quantitative analysis of interfacial 

turbulence is far from complete and the results are 

unlikely to be applicable to the design of extraction 

equipment in the near future.
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5.7.2 Effect of Surface Active Agent 

The introduction of surfactants into a two-phase 

system affects the properties of the interface in several 

ways. Interfacial tension is reduced, thus becoming less 

dependent on solute concentration. Interfacial compress- 

ibility also decreases, thus adversely affecting surface 

renewal. In addition, surface viscosity increases and 

tends to slow down any movement of the interface. Hence 

only a small amount of surfactant should suffice to 

eliminate, or markedly reduce, interfacial convection. 

This is important since traces of surfactants are common 

in commercial liquid-liquid extraction operations. 

The effect of surfactants on mass transfer 

coefficients is shown in Fig. 5.2 for the transfer of 

acetic acid into water from a .98M solution in benzene 

(160, 161)- The overall mass transfer coefficient is 

plotted against the concentration of surfactants. In the 

case of Teepol (160), Lissapol, dodecylamine hydrochloride 

and sodium lauryl sulphate, the addition of a small 

quantity of surfactant reduced the mass transfer coefficient 

to a value equal to that obtained in the diffusional regime 

in the absence of surfactants. This indicates that the 

action of these surfactants was entirely hydrodynamic in 

nature, i.e. they suppressed interfacial convection. In 

the case of Manoxol (sodium dioctyl sulphosuccinate), there 

was also some evidence of a barrier effect. This corresponds
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to an interfacial resistance of around 50 cm/cm. In general, 

as was shown by Plevan and Quinn(165) for gas absorption, 

the action on rates of mass transfer of surfactants 

producing gaseous and expanded films is hydrodynamic in 

nature but an interfacial resistance is also introduced 

when surfactants forming condensed films are added to the 

system. 

5.7.3 Wall Effects 

Most data on the gross terminal velocities of drops 

have been determined in vertical cylindrical glass tubes 

of limited size. A wall correction factor is necessary 

to interpret such data in terms of a drop moving in an 

infinite medium. 

A number of workers (166, 167) have derived such 

correction factors for the movement of a fluid past a 

rigid sphere held on the axis of symmetry of the cylindrical 

container. Brenner has generalised the usual method of 

reflections. He solved the Navier Stokes equations of 

motion around a rigid sphere, with use of an added 

reflection flow, to give an approximate solution for the 

ratio of sphere velocity in an infinite space to that 

in a tower of diameter Dye 

U 1-0. 759 (Dp /Dq) * 
= oe oe gar (5.46) 

1-2.105(D)/D,,) +2 .087 (D,/Dy) Smet aU 

Haberman and Sayre (168) used the same method to
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provide an expression for circulating fluid spheres in a 

stationary field, 

ee 
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Sa 7 (5.47) 

in which 

ifr ins ¥ = 1-2.105(772-)A + 2.807(7 > 

ie 5 Teg = 1.707 (75> Ao 0.726 (==) d (5.48 

r= up 

Dee 

They also derived correction factors for a fluid sphere 

moving along the axis of a cylinder in which the field 

fluid was also in axial motion; 

2 1 
  

  

1-$(—5-) 22 0.202 (43) a5 
itgr l+jr 

Roan a (5.49) 

These factors were to be used in the equation, 

iar 
F= 6muk (FF) (UK Vinkw2) (5.50) 

in which wT is the maximum velocity in the parabolic 

velocity distribution of the moving field phase. The 

correction was found applicable for ’ values of 0.5 or 

less.
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The above equations are limited to the creeping-flow 

range. For large drops moving under conditions such that 

inertial terms are not negligible, an empirical equation 

based on experimental data (169) is, 

2 
ke (S51) 

U 1 | De 
== = = }1 -(=) ee ke Dp 

This relation has proved useful for systems in which the 

field fluid was stationary. 

5.5 Applicability of Single Drop Mass Transfer Models 
  

for the Design of Agitated Columns 
  

The application of single drop correlations to 

agitated extraction columns requires caution for the 

following reasons: 

(1) The evaluation of the driving force is subject to the 

difficulties discussed, coupled with additional 

disturbances due to the mixing action of impellers, 

and the back mixing of the two phases. This is 

discussed in detail in Chapter 6. 

(2) When a swarm of drops rise up to column in a 

helical flow pattern, drop-drop coalescence can 

occur. This reduces the surface area but increases 

the internal mixing inside the drop. Coalescence 

may also take place into films retained on the 

column wall and internals resulting in unpredictable 

effects.
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(3) Drop break up may lead to a higher surface area but 

a lower mean mass transfer coefficient due to the 

change in mode of mass transfer. 

(4) When turbulence present in the agitated contactors 

is passed on from the continuous to the dispersed 

phase it increases the internal mixing and results 

in higher mass transfer coefficients than predicted 

by the correlations. 

CS) A wide range of drop sizes exists in the column 

giving rise to different modes of mass transfer and 

also a residence time distribution. 

Important effects also arise from dirt, impurities 

and surface active agents in industrial contactors. Most 

mass transfer correlations presented in sections 5.3 and 5.4 

apply to pure systems, with a minimum of impurities under 

ideal conditions, and these seldom exist in practice. 

Recently some attention has been given to the effect of 

surface active agents on mass transfer coefficients (170, 

171), but these correlations cannot yet be applied to the 

column design, unless, as a conservative approach, drops 

are all considered as rigid bodies. However, these 

correlations do provide an insight into the mechanism of 

mass transfer and indicate the important parameters to be 

controlled on scale up. Critical analysis reveals that, 

(1) Drop size and characteristic velocity are the most 

important parameters determining the overall mass 

transfer coefficient.
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(2) Individual mass transfer coefficients are not affected 

by the scale of the apparatus and thus provide a good 

scale up criteria. 

The theory of scale up based on these observations is 

discussed in detail in Chapter 10.
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6. Axial Mixing 

In the past the calculation of separation efficiency 

in continuous countercurrent columns assumed piston flow 

of both phases. This assumption is only valid if the 

velocities of all the particles of each phase are equal 

throughout any cross-section of the column. Such an 

assumption is unrealistic in the case of an industrial 

contactor. Extensive back mixing occurs in both phases 

in the R.D.c. (8, 58), together with other effects, viz, 

Taylor type diffusion, and longitudinal mixing. The 

longitudinal mixing comprises eddy and diffusional mixing. 

The combined effect of all these phenomena is generally 

termed axial mixing. 

The effect of axial mixing is to lower the separation 

efficiency of a contactor compared with the value predicted 

assuming piston flow. To disregard axial mixing may there- 

for result in considerable errors in the estimation of 

column height from correlations obtained on model equipment. 

In this chapter analysis of mass transfer in counter- 

current differential contact equipment is first considered, 

based on the simplest mass transfer model, which neglects 

axial mixing. This is followed by a discussion of the 

various factors which contributeto the axial mixing and 

models which take it into account. Finally the application 

of these models to an R.D.C., and the technique used to 

determine the axial diffusivity coefficient, are described.
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6.1 Models Describing the Performance of an Extraction 

Column 

6.1.1 Plug Flow Model 

The plug flow model is derived from the fundamental 

analysis of an extraction process. In its simplest form 

the extraction rate is expressed as, 

Zz
 i ky (ea x,;) (6.1) 

kK, (y > yy) (6-2) 

where N is the number of moles transferred across the 

interface per unit area, per unit time and Xy7 Y; are the 

concentration of solute in the raffinate and extract phases 

at the interface respectively. If the concentrations Xr 

y, are at equilibrium, and the distribution coefficient 

is defined as, 

constant (6.3) 

  

then based on two film resistance theory (20), the rate 

of mass transfer can be expressed as, 

N= —xk . K(x xe) (6.4) 

where K, is the overall mass transfer coefficient and is 

expressed in terms of the individual resistances in the 

two phases, thus, 

1 

+ ok 
x x y 

as =o (6.5) 

A
i
k
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and x* = y/m (6.6) 

A similar expression can be written for overall mass 

transfer coefficient expressed for the extract phase. 

Equation 6.5 is widely applied even under conditions when 

m isnot constant and relation 6.6 is not entirely valid. 

To calculate the column height for a particular 

duty, mass transfer is assumed to occur by diffusion with 

the two phases in plug flow. This condition is shown 

diagrammatically in Fig. 6.1. If R and E are the flow 

rates of the raffinate and extract phases, a is the inter- 

facial area per unit volume and H is the height of the 

column (20), 

  

By 
= dx. 

Neor = Fe, = = (6.7) 
xp (1-x,) In( R_) toR 

2 (1-x,) 

where 

ne R 
He or = Kpa(1-xp) Cc (6.2) 

om Rav 

The terms Nior and Hor are defined as the number of over- 

all transfer units, and the height of a transfer unit 

respectively, based upon the raffinate phase. Similar 

expressions may be derived based on the extract phase. 

However, this model does not accurately represent the 

situation inside the column. Therefore it is not applicable
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Fig. 6.1 . Piston flow condition in a countercurrent extractor
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for the prediction of column height of an industrial 

extractor using data obtained on a small column, in which 

the longitudinal mixing effects are small and may be 

neglected. A more fundamental approach is therefore 

necessary because existing correlations of mass transfer 

performance are extremely unreliable for scale up, or for 

application to a new set of circumstances, unless the effect 

of longitudinal mixing is accounted for, or shown to be 

negligible (172) 

The overall effect of longitudinal mixing in a liquid- 

liquid extraction column arises from a combination of 

several factors which vary according to the type of 

contactor and the liquid flow conditions. According to 

Sleicher (58), axial dispersion in the continuous phase 

may be considered to be the sum of two effects. Firstly, 

the true turbulent and molecular diffusion in the axial 

direction, may be manifested by vertical circulation 

currents, or mixing in the eddies from the wake of the 

dispersed droplets, entrainment of the continuous phase by 

the droplets, or a forced backmixing action due to 

turbulence in the contactor. Secondly, longitudinal mixing 

may also be caused by non-uniform velocity and subsequent 

radial mixing, or Taylor diffusion (173). At low agitation 

this may predominate over eddy diffusion. 

In these circumstances, there may be little
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justification for representing the velocity profile effects 

by means of an eddy diffusivity, or back mixing,coefficient. 

Although turbulent effects may also be important for the 

dispersed phase, an added contribution to the overall 

longitudinal mixing can be caused by the distribution of 

residence times in the droplet swarms. This distribution 

results from the distribution of droplet sizes and therefore 

in their rise velocities; this is termed forward mixing. 

Channelling effects may also be important for both phases 

but such effects are assumed to be absent from a well- 

designed column. 

Misek and Rod (174) have shown that the mass transfer 

process can be better represented by models which take 

longitudinal mixing into account. Four such models will 

be discussed here and they are shown diagrammatically in 

Figs. 6.2, 6.3, 6.4, and 6.5. 

6.1.2 Stage Model 

The stage model is the simplest model to describe 

mass transfer with longitudinal mixing in countercurrent 

extraction columns (175). The model is described in Fig. 

6.2. It is assumed that each stage is perfectly mixed and 

that the distriubtion coefficient m is constant. The 

concentration profile is described approximately and the 

use of this model is only recommended for cases where the 

extent of longitudinal mixingin both phases is similar 

and where its influence on mass transfer is not high.
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Miyauchi and Vermenlein (176) considered the model could 

only be used when, 

(1) Interdroplet coalescence is frequent, or, 

(2) If interdroplet coalescence is infrequent, the drop 

size distribution should be narrow and m, x, and K 
d 

should be constant. 

A material balance on the ith stage is described by: 

Us easy) > Uy ayy) (6.9) 

and the mass transfer in the ith stage by 

  = Se ae ee u (xy x, ) (6.10) 

the boundary conditions being, 

one Yip 

n R Ynt1™ Ys (6\.d.1) 

The analytical solution of the finite difference 

Equations 6.9 and 6.10 for the linear case has been given 

by Sleicher (58) in the form, 

a mor (6.12) 
com 

H +A h 

where \ = ah (6.13) 
x ™m 

For the non-linear case a graphical Aclutim . is necessary. 

The main advantages of this model lie in its simplicity
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and the ease of evaluation of design data. However, LE 4S 

of limited applicability due to the assumption of equal 

mixing in both phases. 

6.1.3 Back Flow Model 

When one phase is entrained in the main flow of the 

other in a stagewise system, the flow conditions may be 

described by a backflow model as shown in Fig.6.3. 

A material balance on the ith stage is represented 

by, 

Uy | (La) x, 47 (1420x) 5 40385 44) [= 

acy |-ay Yy-3t(1+2ay) y,~ (Hay) ¥4 411 Neh -a (6.14) 

and the mass transfer described by the relation, 

= - * N = Ky (x57-x; ) (6.15) 

The governing finite difference equation is obtained by 

a combination of Equations 6.14 and 6.15. The boundary 

conditions result from balances around the end stages. 

i=l 

U, (Xp7X,) FU, 2, (5-x1)= Ka (x)-x)*) hb, (6.16) 

Nay ye 

i=n: 

UO 78) FU OX) 8x8 Oy) Bm (6.17) 

=X. aR
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Hartland and Mecklenburg (177) have given the solution 

for the simple linear case. The general solution can be 

obtained by using a graphico-numerical procedure (178). 

The model represents a very good description of a 

number of real extraction units, especially those operating 

under conditions where intensive coalescence and re- 

dispersion takes place. 

6.1.4 Diffusion Model 

For a continuous countercurrent differential extraction 

column in which the change in concentration takes place 

along the column axis, an analogy to Fick's law of diffusion 

can be used to describe back mixing.Solute transfer in a 

single phase is assumed to take place from high to lower 

concentration and mass flux is assumed proportional to the 

concentration gradient. Theoretical development of a model 

on this basis was due to several authors (58, 176, 179, 

180, 181, 182, 183). 

Misek (174) has pointed out that the formulation of 

boundary conditions is usually based on a physical 

situation in which the solvent and feed inlets are placed 

at the end of the column, thus neglecting the influence 

of the end section in a real colum. 

From Fig. 6.4. a material balance over height 

element dh is: 

2 
oy (he Sey ee Stiyes Nea. (6.18) 

x dh Xx an2 y
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The mass transfer between the phases is given by. 

N= K (x-x*) (6.19) 

The boundary conditions are obtained by performing material 

balances for both ends of the column thus, (179) 

= ra dx, dy 
U. xp= U_x-e an anes Oath=0 (6.20) 

= ye Oy axe = U. Vg U_ yte an’ at oath hy 

The dispersion coefficients e, and & outside the mass 

transfer sections are considered zero. 

A graphico-numerical procedure is again required 

for solution of the general case (174). Several solutions 

have been obtained for the linear case (58, 177); one 

solution for an R.D.C. is given in para. 3.4.3 (58) as 

Equation 3.39. 

6.1.5 Combined Model with Forward Mixing 

Recent work on longitudinal mixing in the dispersed 

phase (52, 184) has indicated that neither the diffusion 

nor the backflow model describes the mixing of the dispersed 

phase adequately when this phase has a significant 

polydisperse character and coalescence-redispersion occurs. 

This is especially true when a solvent is dispersed in 

mechanically agitated column extractors operating with 

high hold ups. Another mechanism of longitudinal mixing 

then arises due to different rise velocities of drops of 

differing sizes. This phenomenon influences the residence
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time distribution of the dispersed phase. It is termed 

(184) ‘forward mixing' to distinguish it from back mixing, 

where displacement of fluid elements occurs in a backward 

direction with respect to normal flow in the equipment. 

The combined effect of polydispersity and the velocity 

distribution which it causes in the dispersed phase result 

in a concentration distribution of solute at any column 

cross-section. This causes a decrease in the effective 

driving force for mass transfer in comparison with that for 

true piston flow, which would produce a uniform cross- 

sectional concentration (185). Olney considered the 

effect of polydispersity and derived a mathematical model 

for R.D.C.) ,(52)). Analytical solutions were not provided 

for the complex differential equations but Misek used the 

same method as for the diffusion model and provided a 

numerical solution (174). 

6.2 Application to the R.D.C. 

The suitability of any particular model to describe 

the extraction process in an extractor will depend on the 

difference between the real situation and the assumptions 

on which the model is based. Thus a diffusion model is 

more applicable to a spray column and a back flow model 

to a discrete stage mixer-settler. 

A diffusion model has generally been used to 

describe the operation of an R.D.C. However, conditions
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in an R.D.C. would be expected to fall between the two 

limits, i.e. discrete stage and plug flow, spray column 

Operation. Therefore to utilise the models described 

earlier a knowledge is required of the extent of longitudinal 

dispersion in an R.D.C. in association with mass transfer 

data. 

To apply the methods of calculation outlined in 

Section 6.1, experimental values of the longitudinal 

dispersion and back mixing coefficients are required for 

the appropriate conditions, together with the knowledge of 

the true values of the coefficients of mass transfer. 

The extent of longitudinal mixing in an extractor 

can be evaluated by several methods. The most straight- 

forward method is to measure the concentration of a 

solute along the extraction column length during steady 

state operation. The longitudinal mixing can then be 

evaluated by comparing the experimental concentration 

profile with the theoretical values computed by Miyauchi 

and Vermeulen using the one-dimensional longitudinal 

dispersion model (176), or the mass balance relationship 

using the method of Prochazka and Landau (186). Owing 

to experimental difficulties in the measurement of 

solute concentrations, alternative methods, which involve 

injection of tracers into the system during steady state 

Operation, are usually preferred. Two types of experiment 

can be performed depending on whether a steady state or
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transient injection of tracer is used. In the steady 

state method a stream of tracer is injected continuously 

into the column and the steady state concentration profile 

of the tracer is measured along the column upstream 

from the point of injection. In the dynamic method, a 

tracer is injected into the system and the time dependence 

of the tracer concentration is measured at a fixed point 

downstream from the point of injection. This results in 

a break through or response curve, as in the normal 

determination of the residence time distributions in flow 

systems. 

The use of the forms of response calculated according 

to the appropriate mathematical model requires perfect 

step and perfect pulse inputs of tracer. These conditions 

are difficult to attain in practice. Aris (187), Bischoff 

(188), and Bischoff and Levenspiel (189) have developed 

a method which avoids the mathematical requirement for 

perfect pulse injection. In this method concentration 

measurements of the tracer are taken at two points within 

the test section; the variances are calculated for the 

two experimental break-through curves and the difference 

in the variances determined. 

Recently a method has been developed by Miyauchi 

and co-workers (190) which avoids the use of a complete 

column and assembly. This uses a simple two stage column 

under non-flow and single liquid phase conditions, and
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is particularly useful for testing the effects of change 

in the geometrical design of the compartments in multi- 

stage extraction columns on the rate of inter-stage 

mixing. 

As discussed in Chapter 3, the geometry of an R.D.C. 

is variable within certain limits of z, z and : and D’ 

this could provide a means of a first prediction of the 

optimum for a given duty. 

Numerous tracers have been used in’ longitudinal 

mixing experiments. Clearly the tracer should be soluble 

in only one of the liquid phases. Types of tracer 

experiments includethe use of ionisation current, 

counting of radio-active tracers, measurement of 

electrical conductivity or electrode potential or 

measurement of the absorption of ultra-violet light. A 

proper choice of tracer is extremely important. 

Souhrada et al (191) has discussed the various tracers 

and their use in the determination of longitudinal 

dispersion coefficients. These tracer methods provide 

a good guide line for design of extractors. However, 

in view of the possible complexity of the actual flow 

patterns in an extractor, their use in conjuction with 

the theoretical flow models may have severe limitations 

(192). It is very important, therefore, that the 

results of these experiments should be checked with basic 

determination of actual mass transfer performance.
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Several attempts have been made to correlate the axial 

diffusion coefficients Eur and E, in the two phases, with 
d 

the column geometry and operating parameters (Vor Vp aN). 

The diffusion model has mainly been used to describe the 

mass transfer behaviour in the R.D.C. The axial 

diffusivity coefficients were generally determined and 

correlated using a tracer injection technique. 

Westerterp and Landsman (209) studied axial mixing 

in two small Rotating Disc Columns, of 4.1 and 5.0 cm. 

diameter respectively, using water as the homogeneous 

liquid phase. The degree of axial mixing was determined 

using a step injection technique with a caustic soda 

tracer. Results were interpreted by means of the 

diffusion model. The axial diffusitivity was represented 

as the sum of two effects; a flow contribution independent 

of rate of mixing and proportional to the liquid velocity, 

and a mixing contribution independent of the liquid 

velocity and approximately proportional to the rate of 

mixing. 

Thus, 

E, = K\N + KF, (6.21 

wher Ky and Ky are constants. 

The overall results were correlated by. 

pope 2 olen (6.22) 
c 

aeieeoy > A 
ce



  

LS On 

Earlier results obtained by Nagata et al (194) using a 

10 cm diameter column could also be correlated by 

Equation 6.22 

Separate experiments were carried out by Westerterp 

and Meyberg (195) using the steady state injection 

technique in the 50 cm. diameter column, in order to 

determine back mixing eddy dispersion coefficients. The 

values obtained were independent of the flow rate but were 

in excellent agreement with the magnitude of the rotational 

component in the correlation obtained for the overall 

axial dispersion coefficient in Equation 6.21. 

They concluded that for the R.D.C., there is a 

difference in the apparent axial mixing and the back mixing 

in the column, where the apparent axial mixing (Ey) is 

equal to the sum of a rotational term, identical to the 

back mixing contribution (ER), plus an additional term 

which represents a forward flow contribution. 

Strand et al (8) considered that the overall axial 

dispersion process for the continuous phase comprised two 

main components, i.e. an eddy diffusion, or back mixing 

contribution, and a Taylor type diffusion, or channelling 

phenomenon, which is specifically in the forward direction. 

Eddy diffusion or back mixing coefficients were determined 

in the steady state tracer injection experiments, whilst 

overall apparent axial dispersion coefficients were 

measured in the transient experiments using tracer. Values
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of En and ER were reported for single phase studies in 

15.2 cm and 105 cm. diameter columns. A plot of E/FH 

against RN/F produced a unique correlation of the data for a 

given column. EA was greater than ER at equivalent rotor 

speeds. The curves for Ey and ER tended to approach each 

other at high rotor speeds, demonstrating that eddy 

diffusivity is the dominating axial mixing process under these 

conditions. The two curves, however, diverge at low speed 

with the values of Ey passing through a minimum. This is 

thought to be due to the competing effects of eddy diffusivity 

with increasing rotor speed. The data for single-phase flow 

was correlated by; 

Be RN SV eReie | S.-W Re RN FAH = 0-5 + 0.09(>) (+) | & &| for = > 30 (6.23) 

For the case where dispersed phase flow was present, equation 

(6.23) was modified to 

2 2 E, = 0.5+0.09(1-h) (BY) B21 & a) | (6.24) 
c 
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and for dispersed phase axial mixing, assuming an analogous 

form: 

hE 2 2 2 ie RN) (R Ss) _ & FOE = 0.5 + ogee) sD} | @ =) | (6.25) 

A fair agreement with equation (6.25) was found for 

dispersed phase axial mixing data obtained in a 15.2 cm. 

diameter column using two narrow-sized fractions of solid 

particles settling in a continuous kerosene phase, and
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kerosene dispersed in water. The results are reproduced in 

Figs. 6.6 and 6.7. 

A description of the axial spreading of a droplet 

population by means of a simple diffusivity Ey, however, 

is subject to many limitations. Many factors affect the 

distribution of residence times of the droplets, including 

(1) The effect of drop-drop coalescence and redispersion. 

(2) Distribution of droplet velocity owing to 

distribution in droplet sizes and therefore in 

settling velocities. 

(3) Radial variations in the droplet velocity distribution 

owing to the vessel geometry and rotor speed, and 

(4) The axial distribution of small liquid droplets, 

owing to turbulent velocity fluctuations in the 

continuous phase. 

The correlation of EQ for the dispersed phase therefore 

represents only a first approximation. Equation 6.25 would 

be expected to represent the droplet behaviour best at 

high rotor speeds. Since droplet interaction should make 

the dispersed phase approximate more to the conditions of 

a second continuous phase, as assumed in the longitudinal 

dispersion model. 

Measurement of single phase, and two phase counter- 

current flow, axial dispersion coefficients in an R.D.C. 

have been reported by Stemerding, Lumb and Lips (196). 

The column ranged from 6.4 to 218 cm. in diameter. 

Measurements were restricted to the aqueous phase and were
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interpreted using the dispersion model. Continuous phase 

axial dispersion coefficents were correlated by, 

aL Cc 
H Be FY ol

e (6.26) 

  

The numerical constant .012 was determined empirically 

for R.D.C. columns in the range studied. The degree of 

back mixing was found to decrease with an increase of 

viscosity of the continuous phase for Re < 3000. Values 

of the dispersed phase axial diffusivities obtained in 6.4 

and 64 cm. diameter columns were much higher than those 

found for the continuous phase and did not obey the form 

of Equation (6.26). The ratio of dispersed to continuous 

phase axial dispersion coefficient varied from 100 to l, 

(192), approaching unity at decreasing velocities of the 

dispersed phase. At flooding conditions the droplet 

velocity is low and dispersed phase axial diffusivities 

approximate to values obtained for the continuous phase. 

Under normal conditions of column operation, corresponding 

to about 80% flooding, the magnitude of the ratio ED/Eo 

is about 10. Based on calculation of phase velocities 

under these conditions, Pecletnumbers for the dispersed 

and continuous phases are about equal. 

Stainthorp and Sudall (197, 198) determined back- 

mixing in both phases using a 3.5 cm. diameter R.D.C. 

under mass transfer conditions with the system water, 

-O-cresol-kerosene. Measurements were oktained by using a
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pulse input of dye tracer and analysing the response using 

the mixing cell model. With back flow, values of continuous 

phase back mixing coefficients were about 15% higher than 

would be predicted using strand's et al equation. Values 

for dispersed phase back mixing were inapplicable. It was 

proposed that conservative values of dispersed phase back 

mixing coefficient would be about twice those predicted 

by Strand. 

Large differences between experimental values for the 

continuous phase axial mixing and those predicted by the 

equationsof Strand et al were also found by Misek and 

Rozkos (30). The values of axial diffusivities were only 

27 to 55% of the predicted values. Misek (199) analysed 

the available data for axial dispersion in the R.D.C. on 

the basis of the mixed cell model. With back flow, 

continuous phase back mixing was correlated by, 

F_ = KNR (67:27) 
B 

ee R 2 

where K = -0,00212 + 0.00434 (5) + 0.0264 (7) (6.28) 

considerable scatter was found in the data especially with 

the results obtained in larger columns. A tendency was 

noted for longitudinal mixing to be reduced with the 

increased size of column. This was attributed to the 

prevalence of laminar conditions and reduced intensities 

of mixing in large diameter columns, which probably 

rendered inapplicable the assumption of perfect mixing for
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the cell model. Attempts to correlate the back mixing of 

the dispersed phase in a similar manner were unsuccessful. 

The effect of column geometry on the axial dispersion 

coefficients were studied by Miyauchi and co workers (\99). 

The equipment used was a simple two stage column and a 15 cm. 

diameter multistage column. Water was the continuous 

phase and M.I.B.K. the dispersed phase in all studies. 

Results were obtained using a pulse injection of a salt 

tracer into the system. In the continuous column experiment 

the hold up of organic phase was varied between 0% and 18%. 

Data obtained for both flow and non-flow experiments were 

in good agreement and were correlated as, 
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For > Lo2s xe hors WR = 4.3 x 10 (®) (3) (6.29) 

-1/5 NR? Sree at -2,D,4/D, % NR? 
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(6.30) 

f is the mean actual rate of interstage mixing per 

unit area of stator opening, v is the kinematic viscosity 

of the mixed phases, Uy, Pay? with the mean density, 

= Oro om Pght Paha . cele ( ) 

and the mean viseos\ty* Uy = (eer Gas) (6. 32) 
Vora h 
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In the same study, basing the results on the concept 

that the mean rate of energy dissipation in the column 

determines the turbulent dispersion in the fluid, a 

common correlation for both R.D.C. and Old-shue Rushton 

column, was tested against the data of various workers 

(8, 190, 193, 196, 200). It was found to provide an 

excellent basis for predicting the rates of interstage 

mixing in the continuous phase for various combinations 

of column geometry and mixer design. The correlation 

is reproduced in Fig. 6.8.
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Te THE ROTATING DISC CONTACTOR - OPERATING EXPERIENCE 

Tied Wetting Effects 

The effect of the wetting characteristics of column 

walls and internals upon column performance is of particular 

relevance to scale up studies. The performance of a large 

column may be significantly different from a laboratory 

column, due to differences in the materials of construction 

and the frequency, and thoroughness, of cleaning. 

The terms wetting and non-wetting are generally used 

to descrive whether or not a liquid spreads on a particular 

solid surface. For a solid adsorbed surface film the 

spreading coefficient is given by, 

Sc(s) (Fed) Vs. eur LEV 

where Ygy’ and Yhvy denote the solid-gas, solid-liquid Nish 
and liquid-gas interfacial tensions respectively. 

In many instances when a liquid is placed upon a 

surface it will not completely 'wet' it, but remain as 

a drop with a certain angle of contact exhibited between 

the liquid and the solid. The spreading coefficient is 

defined in terms of the contact angle and the surface 

tension of the liquid. (201, 202). Thus for a liquid 

to spread as a very thin film on a solid surface, i.e. 

conditions for a positive spreading coefficient, 6 is 

finite. +7 should be as small as possible in - 
She nomen,
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order to achieve good spreading. This may be promoted by 

the addition of a surfactant to the liquid. Alternatively, 

the liquid and solid may be chosen such that spreading will 

occur. 

A difference has been observed between the advancing 

and receding contact angles. Generally, however, wetting 

corresponds with a contact angle of zero, and non-wetting 

represents an angle greater than 90°. In the absence of 

interfacial scum or dirt deposits, high surface energy 

materials, e.g. most metals and glass, are wetted by 

liquids with a high surface tension such as water, whilst 

low surface energy materials, e.g. plastics, are wetted 

by liquids with low surface tension, including most 

organic liquids. 

Since the efficiency of mass transfer in an extraction 

column depends upon interfacial area and turbulence in 

either or both phases, the degree of wetting exhibited by 

the internals, i.e. walls, stators, rotors or packing, may 

have a significant effect. Conflicting results have been 

reported in the literature (203, 204, 205, 206, 207), but 

it is generally accepted that the best efficiency is obtained 

when the continuous phase wets the internals. For example 

in an R.D.C. with dispersed phase wetted internals, Davies 

et al @11) found that the transfer rate of phenol from a 

dispersed aqueous phase to a kerosene phase was less than 

that achieved using a conventional R.D.C. Under normal
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conditions a dispersion of small droplets is obtained 

rather than the films or globules produced by coalescence 

of dispersed phase on wetted internals. However, it has 

been suggested that an R.D.C. with only the rotors 

wetted by the dispersed phase could be more efficient 

when the dispersed phase film resistance is controlling (40). 

It has frequently been observed that preferential 

wetting of the column internals by the continuous phase 

deteriorated with time. This results in a change in the 

mode of operation of the equipment, possibly at the 

expense of extraction efficiency. The effects were noted 

in a laboratory scale pulsed plate column by Coggan (22), 

who observed different types of dispersion at different 

times. 

In a later study, using an aqueous continuous phase 

and organic dispersions in R.D.C., Scheibel column and 

Old-shue Rushton column sections, a variation was 

observed in the wetting properties (in the form of increasd 

coalescence of the dispersed phase) on the glass and 

stainless steel column internals. This was attributed to 

the deposition of dirt or impurities on the column 

internals (40). 

To produce a dispersion with a narrow drop size 

range from the distributor, the distributor plate should 

be preferentially wetted by the continuous phase. Ina
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study of the formation of droplets from a circular orifice 

at varying contact angles Haynes et al (224) found that as 

the contact angle was increased, i.e. as the dispersed 

phase wetted the plate, relatively large droplets were 

formed before breaking away under the action of gravity. 

Conversely, liquids with small contact angles formed from 

the orifice without spreading. For organic droplets 

formed from an orifice a 10 fold increase in size, has been 

reported for p.t.f.e. compared with metal (208). 

Wetting has a very pronounced effect on the column 

performance. The flow characteristics of an R.D.C. with 

organic phase wetted walls and internals are entirely 

different to one in which only rotors are of organic phase 

wetted material. The coalescence redispersion mechanism 

predominates in the latter, whereas the former operates 

as almost a wetted wall column with large globules of 

organic phase being released intermittently and travelling 

between compartments. Wetting also significantly affects 

performance of the Scheibel column. With dispersed phase 

wetted packing the column operates like a series of 

vertical mixer settlers with a very low throughputs, 

instead of the normal operation asa continuous counter 

current differential column. 

Al Hemiri (37) studied the performance of a 

range of systems and various rotor designs, such as 

stainless steel or p.t.f.e.discs or polypropylene cones,
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in a 4" diameter R.D.C. with stainless steel stators. 

Comparison of results for wetted and non-wetted rotors 

demonstrated that, 

2) Average hold-up decreased with the wetted rotors. 

(2) Phase inversion, instead of flooding, defined the 

limiting flow rates with wetted rotors. 

(3) Under non-mass transfer conditions a different 

drop break-up mechanism involving sheet and 

ligament disruption, existed with wetted rotors. 

(4) Under mass transfer conditions the mechanism of 

drop break-up were almost independent of the rotor 

wetting properties but strongly dependent of the 

direction of mass transfer. The drop break-up 

mechanisms were dependent on the direction of transfer, 

i.e. break up was by sheet or drip point formation 

for the case of 'dispersed to continuous phase' 

solute transfer and by discrete drop break up in 

the region near the tip of the disc for 'continuous 

to dispersed phase' solute transfer. 

(5) Experimental d values did not correlate with 
32 

values predicted from the Misek correlation (50). 

The Sauter mean drop diameter for the wetted disc 

column was correlated by:
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and for the wetted column by: 

  

d 
32) = 33 
Ros ZA) S210 a ( 

(x) °° 5gxp -0.5 2 (7.4) 

(6) Two different operating mechanisms existed in the 

column depending on the direction of mass transfer. 

With transfer from the dispersed to the continuous 

phase, coalescence was promoted giving rise to 

vortex and sheet formation and hence condition of 

repeated coalescence and redispersion. For the 

opposite direction of transfer, i.e. from the 

continuous to the dispersed phase, coalescence was 

greatly reduced and the column operated as a 

discrete drop contactor. 

(7) With the system studied, i.e. Toluene-Acetone- 

water, rotor wettability had no significant effect 

on mass transfer efficiency. 

Although it appears from this work that rotor 

wettability has no appreciable effect on mass transfer 

efficiency, the possibility remains of higher mass transfer
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rates due to coalescence and redispersion phenomena in 

wetted disc columns. The systems used by Al-Hemiri had the 

controlling resistance to mass transfer in the continuous 

phase. Even if the mass transfer efficiency in a wetted 

disc column is only equivalent to that in a conventional 

column the higher volumetric capacity, due to the larger 

coalesced drops rising faster (37), would give a better 

overall column performance. 

In conclusion it is essential in scale-up for the 

wetting characteristic of the materials of construction 

of the two columns to be compared before applying pilot 

scale data for the design of the industrial contactor. 

This is necessary because in an R.D.C. wetting affects the 

break up mechanism, thus affecting both volumetric 

capacity and efficiency. 

7.2 Phase Inversion 

The diameter of an industrial scale column for a 

specific duty may be predicted from the results of limiting 

capacity experiments in a small scale column with the same 

system, The limiting capacity has recently been defined 

either by flooding or phase inversion (ll, 16, 18), 

depending on the system characteristics column geometry, 

material of construction and operating parameters. 

A brief account of phase inversion is therefore 

included both to illustrate the mathematical relationship 

with flooding and to show its application to column design
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in those cases where its onset precedes flooding. 

Phase inversion in liquid-liquid system refers to 

a particular flow condition when the continuous phase 

becomes dispersed and vice versa. It was first observed 

in a batch system by Ostwald (209). It occurred at a 

phase ratio of 3 : 1, subsequently termed the ‘Ostwald 

ratio'. The phenomenon has recently been studied by 

Luhning and Sawistowski (210) using a single stirred tank 

operated batchwise and by Quinn and Sigloh (211). The 

existence of an ambivalent range has been established in 

which the existing dispersion maintains its configuration 

with remarkable stability, e.g. an aqueous phase could be 

dispersed in an organic one to a volume fraction of 75% 

before inversion occurred, and, if under similar conditions, 

the organic phase could be dispersed in the aqueous one 

up to 90% hold up, then the range of ambivalence is 25 to 

90% organic phase, or 10 to 75% aqueous phase. Within this 

range the phase which would be continuous depended upon the 

starting procedure, i.e. which phase contained the stirrer 

initially. 

Mass transfer has been found to affect the ambivalent 

region (210). The presence of solute under the conditions 

of phase equilibrium, increased the ambivalence, while 

mass transfer (continuous + dispersed) considerably 

narrowed it. The solute used in the above study (210) was 

propionic acid and the binary systems were benzene-water
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and p-xylene and water. 

Phase inversion will occur in a batch system when the 

rate of coalescence of drops exceeds the rate of break-up. 

Additional factors have to be taken into account in a 

continuous flow system. 

In an agitated column a complex situation exists 

between consecutive compartments, because of the distribution 

of droplet diameters. Thus a polydispersion of droplets 

flows by buoyancy through the stator opening against the 

flow of continuous phase. Turbulent flow, mainly across the 

opening, is generated by the impellers at the centre of each 

compartment and is superimposed on the varying terminal 

velocities of the droplets in the dispersion. When the 

hold-up in the column is large, i.e. about .6 - .8, and 

the outer conditions, e.g. system properties, rotor speed, 

and flow structure, are favourable, phase inversion occurs 

prior to flooding. 

Under these conditions, the limiting flow rate in a 

countercurrent flow device is defined by phase inversion 

rather than flooding. 

Phase inversion studies in continuous countercurrent 

devices have been limited. Al-Hemiri (37) first observed 

phase inversion in a 4" diameter R.D.C. using a toluene- 

water system. At a specific operating condition with 

toluene dispersed, the onset of phase inversion occurred in
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the bottom compartment giving rise to a very large 'slug'; 

this possessed a high terminal velocity, and travelled up 

the column and eventually dispersed in upper compartments. 

With further increases in the dispersed phase flow the effect 

was repeated at an increased frequency until all compart- 

ments reached their critical phase inversion hold-ups. 

Complete inversion then obtained in the mixing section, with 

the column still operating.countercurrently. Phase inversion 

was more easily attained using dispersed phase wetted rotors. 

From a mathematical analysis of the phenomenon the following 

models were proposed for hold-up at inversion, 

Vv 
an wa) a cee 1 - 1.5(5-) + 0.5 (=) (7.5) 

a x. 
a 

Vv c i 1 ae| oo = oe [1-1.5(=) + 0.5(— 7.6 To % Ge) | (7.6) 
di 

To account for the effect of coalescence on hold up, the 

modified equation for hold up proposed by Misék, i.e. 

Equation 3,9 was used in subsequent calculations to form 

a modified equation, 

ve 
Va 
Se 

Xx, 
x 

  

where a = 4,1 and b = 2.1. 

Arnold (11) subsequently studied phase inversion with
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the system water-toluene in a 6 inch diameter Old-shue- 

Rushton column. Contrary to Al-Hemiri's observations 

inversion occurred on a cyclical basis. When one 

particular compartment had inverted, the inversion 

passed on to the next compartment and proceeded up the 

column. After a finite time the phases in the original 

compartment inverted again and the whole sequence was 

repeated. The hold up values at inversion ranged from 

0.55 to 0.80 and were very dependent on the rate of energy 

input. Furthermore phase inversion only occurred within 

a certain range of rotor speed; outside this range 

flooding occurred. Similar observations were recently 

made in a second study using the same column with a 

different system, Kerosene-water (212). 

Recently Sarkar (38), using the systems butyl acetate- 

water and toluene-water, was able to generate phase 

inversion in both a 4" diameter R.D.C. and a 4" diameter 

Old-shue-Rushton column. Contrary to Al-Hemiri's findings 

the phase inversion was again found to be cyclical in 

both contactors. Reinversion occurred in each compartment 

after a finite time, the whole process being repeated 

indefinitely. A model for predicting hold-up values was 

proposed, 

R =1-=+ b'/x, (7.8) 
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where R,. = Phase flow ratio (continuous to disperse) 

a=1.5, b=0.5 

x hold-up, x, = hold up at inversion. 

The model was tested for Ry < 1.0 and was found to 

be in good agreement with the experimental results. 

The time for re-appearance of the inversion slug in 

a compartment was correlated by, 

0.66 

ct
 u 0.048 (z) (D2) C79) 

where z = volume of the compartment 

Diy = drop diffusion coefficient. 

The deviation of experimentally determined times from 

those predicted by this correlation was within 25%; at 

higher energy input rates the deviation was negligible. 

These studies were the first to characterise 

inversion in agitated columns. However, for scale up, 

a complete analysis of the phenomena and its distinction 

from flooding is required. There is a need for a method 

of prediction from a knowledge of system properties and 

column geometry. This should predict whether phase 

inversion or flooding would occur first in order to 

define the limiting capacity in a particular contactor 

and its industrial scale model. However, the scale up 

equation 10.34 discussed later in chapter 10 for the 

column diameter can also be used where phase inversion
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instead of flooding defines the limiting capacity. This 

is because Al-Hemiri (37) has proposed the same mathematical 

treatment for phase inversion as used for flooding. Hence 

Equation 10.34 should be valid even in cases where phase 

inversion defines the limiting capacities. 

Tad LIMITATIONS OF R.D.C. SCALE-UP METHOD 

Despite numerous studies of hydrodynamics and mass 

transfer in laboratory size R.D.C. columns (37, 38, 40, 

46, 50), scale-up still presents problems. 

For scale-up three main factors require prediction, 

(1) Column diameter 

(2) Column geometry 

(3) Column height. 

The determination of these factors involve fundamental 

differences and they are therefore dealt with separately. 

(1) Column diameter 

At present no correlations are available in the 

literature for the estimation of large scale column diameter 

from a theoretical consideration, or pilot plant data. The 

method generally used, involves the measurement of 

word 

HD? 
in a pilot scale column and calculation of the diameter 

  flooding velocity at a similar energy input level ( ) 

of the industrial unit from the operating linear phase 

velocities. However, this method is open to criticism 

since equal energy input per unit volume does not
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necessarily correspond to equal flooding velocities. 

Therefore it might lead to the full-scale column being 

of low capacity. If this is corrected by varying the 

design rotor speed, it may result in an inferior quality 

product. 

(2) Column Geometry 

At present all the published information for the 

determination of column geometry is based on the column 

diameter. Therefore, the geometry cannot be established 

unless the column diameter is known with reasonable 

accuracy. 

(3) Column Height 

In the past column height has invariably been 

calculated from, L =N.T.U. x H.T.U. However, this 

method suffers from the fundamental error of considering 

an R.D.C. as a plug flow device, with the phases moving 

countercurrently and mass transfer taking place only 

in one direction, i.e. from one phase into another. 

This model is far from the real situation in which axial 

mixing occurs (8, 46). Attempts have been made to account 

for axial mixing by assuming different mechanisms of mass 

transfer, as outlined in Chapter 6. However, all these 

deviations involve assumptions to simplify the solution 

of complex differential equations. Therefore the accuracy 

of each model tends to break down at some point in the 

analysis.
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To overcome this problem, a novel method for 

determining the column height is proposed from the 

fundamentals of droplet analysis. The mathematical 

model, and the reasoning behind it, are outlined in 

Chapter 10.
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Be DESIGN OF EXPERIMENTS 

8.1 Objectives 

The objectives of this investigation were to: 

(a) Study the variation of drop-hydrodynamics and 

interphase mass transfer with the scale of 

turbulence in large columns. 

(b) Extend studies of phase inversion phenomena and to 

assess the feasibility of stable operation in a 

continuous flow regime. 

(e) Develop procedures for the realistic scale-up of 

laboratory data to enable column diameter, column 

geometry and column height to be predicted for 

industrial R.D.C.'s or similar columns. 

8.2 Design of Equipment 

Two Rotating Disc Contactors were employed. The 

pilot scale contactor had a diameter of 450 mm. and height of 

4.3 m and the laboratory scale was of diameter 101 mm and 

height 1.5 m. These columns were geometrically similar 

to limit the parameters under investigation. Subsequently 

it was recognised that strict geometrical similarity was 

unnecessary. 

The flow diagram of each equipment is shown in 

Figure 8.1 and 8.2 respectively. The general arrangements 

are shown in Fig. 8.3 and 8.4. The process lines, feed
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FIG. 8.2 FLOW DIAGRAM OF 450 mm 

DIAMETER R.D.C.
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FIG. 8.3 GENERAL ARRANGEMENT OF 

101 mm DIAMETER R.D.C. 

 



 



FIG. 8.4 GENERAL ARRANGEMENT OF 

450 mm DIAMETER R.D.C.
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and receiver tanks were arranged so that the columns were 

accessible from all sides. The sampling taps and control 

valves were arranged within easy reach. Drain points were 

located at the lowest points to allow for complete drainage 

and thus thorough cleaning. 

No provision was made for temperature control of the 

environment but the temperature was always within 18.5 to 

20°c. The equipment was in fact located in an isolated 

pilot plant provided with flame-proof switch-gear and 

lighting and an efficient low level air extraction system. 

As illustrated in Fig. 8.4 a two-storied steel 

angle structure, with wooden working platforms was 

constructed for the 450 mm diameter R.D.C. All the 

control valves and instruments were located on the first 

floor of this structure so that column could be operated 

by one person. 

8.2.1 450 mm Diameter R.D.C. Column 

The dimensions of the large column, viz, 450 mm 

diameter by 4.3 m high, were chosen to eliminate the wall 

effects which are pronounced in small columns. It was 

constructed from two 2 metre high, 450 mm diameter 

borosilicate; QVF glass pipe sections. The stator rings 

were made of 12 gauge stainless steel sheet and were 

located and secured by means of 4 special }" diameter 

stainless steel rods. The rods were designed so that the
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sections holding the stator rings were threaded, the rings 

being held in place by two nuts. This allowed for 

flexibility, i.e. the possibility of changing the 

compartment heights. 

The column contained 14 compartments,each 225 mm. 

high. The stainless steel discs were 225 mm. in diameter 

and were fabricated with straight edges. The stator 

openings were 337.5 mm. in diameter(1). These dimensions 

were in accordance with published design specifications 

(8, 9,10 » 43, 46, 213). Nine sample points were 

provided over the column height including one at the 

outlet and another at the inlet. These sample points were 

obtained by drilling " and 4" holes in the pipe sections 

at the centres of alternate compartments using an ultra- 

sonic drill, and were fitted with stainless steel bulk 

head connections and toggle values. The sample points 

were fabricated so that the tip could be moved across the 

column diameter to enable a radial hold-up profile to be 

determined. 

Distributor plates were located at the top and the 

bottom of the column respectively. The top distributor 

made provision for the heavier phase to enter either via 

a side entry, or though the distributor plate. This was 

to facilitate operation with the heavy phase constituting 

either the continuous or dispersed phase. Similar 

provisions were made for the entrance of the light phase.
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However, as described later the bottom distributor was 

‘water wetted' and the top distributor 'organic wetted'. 

As shown in Figure 8.5, the bottom distributor plate 

was designed on the conventional basis, using the 

correlation by Treybal (20, 65). Since a punched plate 

distributor can only be designed for a narrow range of 

flow rates, i.e. for linear velocities below jetting, 

predicted flow rates of 60 - 80 lit/min. were used for 

the design. The distributor contained 700 holes each of 

1.6 mm. diameter, arranged on a 10 mm. triangular pitch 

inside a 305 mm. diameter circle. The holes were drilled 

under size (1.2 mm.) and then counter punched to the correct 

size. This provided an upward projection around the 

periphery of each hole and hence more uniform droplets. 

The disperser was located 225 mm. above the bottom s.s. 

plate, to minimise the effects of heavier phase out flow 

on droplet formation. The distributor plate was located 

200 mm. below the mixing section, so that initial droplet 

formation was substantially unaffected by agitation. 

As shown in Figure 8.6 the top distributor was 

constructed of 10 gauge stainless steel, but the perforated 

plate was of 6.4 mm. thick polypopylene, with 1.6 mm. size 

holes drilled at a 10 mm. triangular pitch. Polypropylene 

was chosen because this material is hydrophobic and hence 

favoured drip point release of the heavy aqueous phase. 

As shown in Figure 8.6a 300 mm. long and 450 mm. diameter



  

FIG. 8.5 BOTTOM DISTRIBUTOR PLATE 

450 mm DIAMETER R.D.C.
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FIG. 8.6 TOP STAINLESS STEEL SECTION OF 450 mm 

COLUMN IN INVERTED POSITION OUTSIDE THE 

COLUMN; comprising top distributor, 

inlets for heavy phase and outlet for 

light phase.
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FIG. 8.7 THE BOTTOM DISTRIBUTOR; 

450 mm diameter column with plate 

removed. This shows the P.T.F.E. 

bearing for the central shaft and 

the type of slot (4 in all) for feed 

to the distributor.
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stainless steel section, fabricated from 10 guage sheet, 

provided the light phase coalescence section and incorporated 

outlets, heavy phase inlets, support for the bearings and 

the top distributor. The light phase was withdrawn 75 mm. 

below the top bearing, thus leaving a dead space to avoid 

the need for a mechanical seal on the agitator shaft. A 

pair of self-lubricated and thrust bearings were provided 

at the top to retain and to support the weight of the 

shaft. 

The shaft was fabricated from 25.4 mm. O.D. stainless 

steel pipe in two sections threaded at the centre. It was 

supported at three points, viz at the top and bottom 

distributors, and in the centre, by means of P.T.F.E. 

bearings. 

The plates at the bottom and in the centre were 

fabricated from 6.35 mm. thick stainless steel. The bottom 

plate was drilled and incorporated pines for the bottom 

distributor inlets and outlets, as shown in Fig. 8.5. 

The column internals were fabricated from 12 gauge 

stainless steel. Each rotor disc was fixed to the shaft 

by means of a grub screw though its collar; this was 

counter sunk to eliminate any effect on the pattern of 

agitation, 

8.2.1.1 Ancilliary Equipment 

The shaft was driven by a 0.25 H.P., 240 volt., 

single phase, A.C. variable speed flame proof electric 

motor. The speed of the motor was controlled by means of



ee 

a gear box. The speed varied from 100 to 1500 r.p.m. 

This top speed was estimated from work of Al-Hemiri (37 ) 

and Sarkar (38) in the 101 mm. diameter column when 

1500 r.p.m. was a maximum with the system toluene-acetone- 

water. The speed of rotation was measured by a Comark 

electronic tachometer 0-3000 r.p.m. used in association 

with a photo-electric probe located in level with a mark 

on the shaft at the top of the column. 

As shown in Figure 8.4stainless steel rectangular 

tanks, each with dimensions of 3.44 m x 1.22 m x .61m, 

and a capacity of 1815 litres, were used as feed tanks 

and receivers. The capacities were determined on the 

assumption that a total displacement of 2.5 times the 

column volume would be required to reach steady state. 

The effective column volume was approximately 600 litres, 

so that the total capacity of 3630 lites, for two tanks, 

provided sufficient time for each phase to reach steady 

state and about 20 minutes processing time for drop size 

measurement, photography and sample collection. A recycle 

line was provided for each phase for use during feed 

preparation and for mutual saturation of the phases by 

recirculation.in a closed loop. Initially the liquids 

were transferred using two PVC flame proof pumps (PV71 

supplied by Beresford Pumps, Birmingham), each capable 

of supplying 75-150 lit/mm against or head of 6 m - 3m. 

However, during the early limiting capacity experiments 

these were found to be undersized.
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A third pump was found necessary to transfer the 

continuous phase from the column into the receiver tank, 

because due to head limitation and pressure losses in 

pipe work, the maximum flowrate under gravity was 

approximately 50 litres/min. whereas a maximum of around 

100 litres/min was needed for flooding at low rotor 

speeds (450 r.p.m.). To obtain the desired flowrate the 

impellers of the two PV 71 pumps were therefore replaced 

by PV 101, the next size up in the range, thus increasing 

the maximum capacity from 150 lit/min. to 225 lit/min., 

against hydrostatic heads of 6 m. to 3 m. respectively. 

A QVF glass pump, with a maximum capacity 

of 120 lit/min against the head, was used to 

replace the dispersed phase feed pump and the two PV 101 

pumps were installed for continuous phase feed and 

discharge. 

Dispersed phase flowrate was measured by 2 rotameters 

with stainless steel floats and a maximum capacity of 

160 litres/min and 60 litres/min respectively, installed 

in parallel to provide fine control. Continuous phase 

flowrates at both the inlet and outlet were also measured 

using two rotameters, with stainless steel floats and a 

capacity of 100 litres/min. and 50 Litres/min. respectively, 

installed in parallel to obtain fine control. 

1" QVF glass stop cocks were used as valves on all
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applications except for fine control of flowrate. 1" 

QVF needle valves were used for fine control. Three-way 

QVF stop cocks were used for economy, where a division 

of streams was required, for example at the top and bottom 

feed distributor and on by-pass lines. 

1 inch QVF glass pipe sections were used throughout 

the plant, except for the delivery line to the dispersed 

phase pump which was of 1.5 inch QVF glass pipe. An 

additional 2 inch QVF glass pipe line was subsequently 

installed for dispersed phase from the top settling 

section to the return tank, to eliminate leakage through 

the top bearing at very high flowrates of dispersed phase, 

50-120 litres/min., during flooding determinations. 

8.2.2 101 mm. Diameter (Small) R.D.C. Colum 

This equipment was essentially as described by 

Al-Hemiri (37) but modified by Sarkar (38). Further 

modifications were made by, 

(1) Extension of the height of the top coalescing 

compartment. 

(2) Installation of a new pair of thrust and self- 

lubricating self-centering bearings to minimise 

shaft whip and to take its weight and minimise 

wear on the bottom P.T.F.E. bush. 

(3) Inclusion of a glass section with an outlet 70 mm 

below the top of the column to remove the light 

phase and provide a dead zone. This avoided the 

need for a shaft seal.
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(4) Provision of a pulley drive instead of a direct 

drive to minimise fluctuation in the rotor speed. 

The driven pulley was set between a self lubricating 

self centering bearing and the bearing top of the 

column. 

The column is shown in Figure 8.3. It consisted 

of 4 101 mm. diameter QVF glass sections with a total 

height of 1.5 m. It contained 16 compartments each 50 mm. 

high. The diameter of discs was 50 mm. and the stator 

openings were 76 mm. in diameter. These dimensions were 

originally determined from the design specification 

recommended by Reman (228), Strand et al ( 8), and Kung 

and Beckmann (43). Five sampling points were provided 

at 150 mm. intervals along the column length. Each point 

comprised a 10 mm, diameter hole fitted with a quick- 

acting stainless steel toggle valve. Additional sampling 

points were provided at the respective inlets and outlets. 

The column internals were fabricated entirely from 18/8 

stainless steel, and were machined to obtain a close 

fit at the column walls, since the uncharacteristic 

performance of many laboratory columns may be attributable 

to phase flows between the column wall and the edge of 

the stator rings (40). The stators were supported by 

means of three equi-spaced lengths of 1 mm. S/S wire. 

This was found to be rigid enough to support the stators 

without introducing extraneous baffling effects. The
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thickness of discs and stators was 2 mm. The discs were 

supported by means of a grub screw through the collar of 

the disc; this was counter sunk into the collar so as 

to eliminate any effect on the pattern of agitation. In 

any event, the neighbourhood of the collar has been found 

to be a relatively quiescent zone and any disturbances 

caused by protruding screws would be very small (40). 

The discs were fabricated with straight edges since sharp 

or tapered edges would tend to increase axial mixing 

effects (10). The agitator shaft was 9.6 mm. diameter 

stainless steel rod made in three sections. The shaft 

was supported at four points by means of a bottom P.T.F.E. 

bearing, a P.T.F.E. bearing in the top distributor, a 

bearing set at the top of the column and a self-lubricating, 

self-centering, bearing just above the pulley. The absence 

of a support bearing within the effective column length 

constituted a significant improvement over the early 

designs, since central bearing brackets have been found 

to cause extraneous effects in small diameter columns. 

The phase entering the bottom of the column was 

dispersed as droplets of substantially equal size by a 

distributor designed acccording to the method of Treybal 

(20, 65) « A mean value of expected flowrates between .7 and 

1,5 lit/min. was used as a design basis. The distributor 

contained 46 2mm. diameter holes on a 6 mm. triangular 

pitch inside a 100 mm. diameter circle. The holes were
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drilled under size (1.5 mm.) and then counter punched to 

the correct size. The inclusion of a distributor to 

disperse the ligher phase facilitated a rapid approach 

to equilibrium hydrodynamic conditions in the contactor 

by accounting for the initial droplet break-up stages 

which would otherwise have occupied useful column height. 

Provision was also made for dispersion of heavy phase via 

a distributor of similar design if required. 

The heavy phase was introduced into the column just 

above the top compartment either through the distributor, 

if it was to constitute the dispersed phase,or a direct 

supply line. 

The agitator shaft was driven by a 0.25 H.P., A.C. 

Voss motor, controlled by a Torovolt variable voltage mains 

transformer. The effective speed range was 100-3000 r.p.m. 

and this was recorded, using a high precision Comark type 

2101 electronic tachometer. 

Process fluids were stored in four 50 litre, Q.V.F. 

spherical glass vessels, mounted on special supports. 

Pipe work was mainly of 16 mm. i.d. borosilicate glass, 

but P.T.F.E. tubing was used in certain sections. Flow- 

rates were measured by independently calibrated rotameters 

with stainless steel floats. Provision was made for the 

circulation of the liquids within one vessel, or between 

two vessels, containing the same liquid, by means of by- 

passes on the pumps. Fluids were transferred by means of
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two stainless steel, non-flameproof, Stuart Turner 

centrifugal pumps, type No.12, each capable of handling 

1725) to 70.45 m?s7t against a hydrostatic head of 2.0 to 

10.0 m. 

8.3 Selection of Liquid-liguid System 

The storage and use of a relatively large quantity 

of solvent, i.e. about 1500 litres, required a low cost 

solvent to a fixed specification. Therefore the liquid- 

liquid system selected for study was kerosene-acetone-water. 

This was based mainly on the following considerations. 

(a) Low volatility of kerosene and relatively low toxicity, 

flash point > 23° c and hence a reduced fire hazard 

compared with other commercially available solvents 

(e.g. toluol, dobane, butyl acetate). The low 

volatility resulted in both low vapour concentrations 

in the pilot plant during open handling operations 

and low solvent losses. 

(b) The availability of results from other studies for 

comparison. 

(c) The kinematic viscosity in the range 2-3 cs, interfacial 

tension with water in the range 20-40 dyne/cm. and 

density 0.7825 gm/cc of kerosene result in a 

system of the type ideal for operation with an 

agitated column as discussed earlier in Chapter 2. 

The grades of kerosene and acetone were to the 

specifications given in Appendix 2.
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A disadvantage with the use of keresone, was that 

with ordinary filtered tap water an interfacial scum 

accumulated over a period. 

The measured physical properties of the system are 

given in Appendix 2. 

8.4 Experimental Techniques 

8.4.1 Cleaning Procedure 

All the column internals, the top stainless steel 

section, and the stainless steel tanks were initially 

cleaned with acetone to remove all residual grease or 

oil from the fabriation operations. During each series 

of runs the column, tanks, and pipe lines were cleaned by 

recirculation of an aqueous solution of a proprietary 

decontaminating cleaner, Decon 90. This solution was 

prepared by adding 1.0 to 1.5 parts of Decon 90 to 100 

parts of water. The column was filled with this solution 

and left overnight; next morning it was pumped through 

all parts of the equipment for 1 - 2 hours with the 

agitator running and then drained. The equipment was then 

flushed with tap water 5 - 6 times and finally rinsed with 

the aqueous feed. Great care was taken to effectively 

drain all low points and pipe sections to avoid any 

retention of surfactant. 

8.4.2 System Purity Check 

The system purity was checked at regular intervals 

during the experimentation, by measuring relevant system
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properties, i.e. density, viscosity and interfacial 

tension. Due to the scale of operation some change in 

the system properties was unavoidable; this was observed 

mostly during initial non-mass transfer runs when unfiltered 

tap water aggravated the formation of an interfacial scum 

with kerosene. This was made worse by some emulsification 

of kerosene in one pump during flooding runs, but entry 

ports for dust were eliminated from the equipment. This 

scum was removed by complete rejection of the water phase 

and rejection of the bottom settled layer of scum in the 

kerosene phase, followed by equipment washing using the 

method already described. 

Typical results showing the variation of system 

properties over a period are given in Appendix. 2, This 

variation was restricted by adding fresh kerosene to the 

system in preference to relatively large scale 

redistillation. 

8.4.3 Measurement and Calibration Technique 

Solute concentrations were determined by measurement 

of relative absorbance. Calibration charts for relative 

absorbance Vs solute concentration were prepared by measuring 

the relative absorbance of solutions of known concentration. 

These data are given in Appendix 3. Only small quantities 

of the liquid under test, i.e. 10 mls., were required for 

this method.
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Initially the solute concentration measurement was 

by the refractive index method used by other workers (37, 

(38). However, the results using this methods were 

erratic in the concentration range .01 to 5%, in the case 

of Acetone/water samples, and 3 - 7g in the case of 

kerosene/Acetone samples. Differences in concentration 

were difficult to measure using the refractive index 

methods between 0.5% and 0.6% water-acetone solution, 

whereas distinct reproducible differences were demonstrated 

by the relative absorbance method. 

A Pye unichem Ultra-violet spectrophotometer 

(SP1800) was used for the measurement of relative 

absorbance. The apparatus was first zeroed by inserting 

the blanks in both cells. The cell size was 2 mm, and 

the wavelength used was 238 mm. for kerosene/Acetone 

and 265 mm. for water/Acetone samples. The bandwidth in 

both cases was 3mm. The cell holder was maintained at 

a constant temperature of 22.5 + 62° Cc, by means of a 

Townson and Merser temperature control circulating unit. 

For refractive index measurements, use was made of 

an Abbey A60 refrectometer calibrated to five decimal 

points. This unit was maintained at a constant temper- 

ature of 22.5 + On227c by means of a Townson and Merser 

temperature control circulating unit. 

During early experiments to determine the time
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required for steady state to be reached under mass transfer 

conditions an alternative chemical method was tested for 

the determination of solute concentration. This involved 

the addition of a measured volume of a known concentration 

of sodium bisulphite, usually 20 cc. of approximately N 

concentration, to 10 cc. of the sample, to form a complex 

with acetone. The excess sodium bisulphite was found 

by titration against a known concentration solution of 

potassium iodide and iodine, using starch as an indicator. 

The concentration was then determined by comparison with 

calibration charts prepared earlier. However, difficulty 

arose in the use of this method because the reaction between 

unused sodium bisulphite and I, + KI was found to be very 
2 

slow, so that a complete titration required about an hour. 

The problem was greater with two-phase titration, i.e. in 

the case of Kerosene/Acetone. Furthermore, it was not 

possible to differentiate between +»5% Acetone and .63 

acetone in a water sample. Therefore the method was 

discarded and results were checked using the refrective 

index method. 

8.4.4 Determination of Equilibrium Distribution Diagrams 

Equilibrium concentrations were determined by making 

up mixtures on a weight basis torepresent points below the 

mutual solubility curve (214). Each mixture was contained 

in a stoppered flask and brought to equilibrium by repeated 

shaking and standing for several hours in a thermostat bath
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at 22.5°C. The layers were then separated using a separating 

funnel and the sample analysed using the absorbance method. 

The equilibrium diagrams for the ternary system used, viz 

Kerosene-Acetone-water, are given in Appendix 3. 

As expected the equilibrium data was found to differ 

slightly from that given in the literature, because of the 

different grade and origin of the kerosene and acetone and 

the difference in water supply. 

8.4.5 Photography and Associated Techniques 

Two cameras, a Nikkormat 35 mm. and Praktica 35 mn., 

were employed for still photography. The flameproof tube 

lights placed on the rig, although essential for visual 

observation, provided insufficient illumination for photo- 

graphy; therefore the lighting was provided by a 1000 watt 

Q.I lamp. The method of lighting was to put a 1000 watt 

photo flood lamp behind the column and take the photographs 

from the other side. In the case of the 101 mm. R.D.C. 

tracing paper was placed between the lamp and the object 

to diffuse and homogenise the light. 

Kodak Tri.X400ASA films were used in most cases. 

Aperture opening, shutter speed and focal lengths were 

adjusted according to the lensometer reading. In general 

1 A 
To00 second was found to give best 

results. This speed was fast enough to 'freeze' the drop 

a shutter speed of 

movement and hence excellent photographs were obtained, 

even at very high rotor speeds. Two photographs were



= 204 — 

taken of each event. A photograph of a complete compart-— 

ment was preferred to one of a very small, nearly square, 

section. A large number of drops, i.e. nearly 300, were 

required for Sauter mean drop size studies, and the dis- 

tortion due to curvature was found to be neglibible in 

previous studies (11, 37, 38), Whereas the selection of 

representative square section could have produced 

inaccuracies. 

For cine photography use was made ofa Milliken (16 mm), 

DBM 45 model cine camera. Lighting was again provided by a 

1000 watts Q.I lamp. The film used for this purpose was 

a Trix-Peresal film 7278. 

8.4.6 Operating Procedure and Ranges 

The procedure for column operation is outlined in 

Appendix 5. 

The range of practical rotor speeds in the 450 mm. 

column was determined in commissioning runs. The minimum 

speed at which the drops became trapped beneath the rotating 

discs and stator rings, as decribed in para.3.1.lwas 100 

r.p.m. The maximum speed without generation of a secondary 

dispersion of kerosene in water was 650 r.p.m. Therefore 

speeds of 150, 300, 450 and 600 were selected to characterise 

the complete operating range of the 450 mm. column with the 

Kerosene-Acetone-water system. 

On this basis the corresponding rotor speeds in the
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101 mm. diameter column, calculated at equal energy per 

N3RS 

HD? 
calculation is summarised later in Table 11.1. 

unit mass (   ), were, 404, 808, 1213 and 1617. This 

The operating flowrates for drop size, hold-up and 

mass transfer studies were taken below 60% of flooding 

flowrates determined as described in para. 9.1.1.



= 206 i= 

5 EXPERIMENTAL PROCEDURE AND RESULTS 
  

9.1 Non-Mass Transfer Studies 

9.1.1 Flooding Phenomena 

Two types of flooding phenomena were observed; 'top 

flooding' and 'bottom flooding'. Top flooding was character- 

ised by the rejection of heavy phase through the light phase 

outlet at the top of the column, so that normal counter- 

current flow was interrupted. 

Bottom flooding was characterised by the rejection 

of a dense layer of droplets at the heavy phase outlet at 

the bottom of the column. This was the conventional flooding 

phenomenon described in the literature (8, 37 , 38). The 

type of flooding encountered depended upon the flow rates 

of the two phases and the start-up procedure. However both 

types of flooding eventually led to ‘complete flooding', 

i.e. the rejection of the two phases near their respective 

points of entry. The two types of flooding were more 

easily distinguished in the 450 mm. diameter column, than 

in 101 mm. diameter column. In the larger column the time 

between the onset of top or bottom flooding and complete 

flooding was of the order of 5 minutes, whereas in the 

small column it was only 1 minute, that is phase rejection 

at one end followed rapidly upon the onset of flooding 

at the other. 

The flooding flowrates were determined in both columns
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to find the range of operating variables (Vor Vy N) for 

subsequent experimentation. The results were then used 

to test the validity of the model, described in chapter 

10, for the scale up of column diameter. The procedure 

used for determining flooding flowrates was as follows: 

The column was started up and run under steady state 

operating conditions at a fixed rotor speed. To achieve 

flooding, the volumetric flowrate of either of the two 

phases was then increased steadily, taking great care to 

maintain the interface level constant at the top of the 

column by adjustment of the outlet valves. This was 

continued until the onset of either top or bottom flooding. 

To check these results the column was then operated at the 

constant flooding flowrate of the phase for which flow- 

rate had previously been varied, and the flowrate of the 

other phase increased until the column flooded. As before, 

great care was taken to maintain the interface level. 

Three to five readings were generally taken, depending upon 

the variation obtained, and a mean value noted. Intense 

mixing was observed prior to flooding, as reported by other 

workers ( 40, 43,215 ). This resulted in the formation of 

a zone containing small droplets, i.e. < 0.5 mm., at the 

top of the column; this zone expanded until it caused 

flooding at the bottom in the form of a dense layer of 

droplets rejected through the continuous phase outlet. 

Flooding was more easily recognised in either column
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at higher rotor speeds; of the the order of 600 r.p.m. in 

the 450 mm. diameter, and 1618 r.p.m. in the small column. 

Continuous operation of either column under flooding 

conditions was sometimes followed by phase inversion in 

the bottom compartments. This occurred particularly at 

low rotor speeds, of the order of 450 r.p.m. in the 450 

mm. column and 1213 r.p.m. in the 101 mm. column. This 

confirmed the findings of other workers (11,37), that 

flooding and phase inversion occur under verysimilar hydro- 

dynamic conditions, and thus determine the maximum column 

capacity. However, continuous operation of either column 

under these condtions was not possible for an extended 

period, due to entrainment causing contamination of the 

phases. 

The flooding data obtained in the two columns are 

given in Figs. 9.1 and 9.2. The four rotor speeds for the 

101 mm. diameter column were chosen to provide data at 

values of energy per unit volume AER, equal to those in 

the large column to test the ball ate. of the column 

diameter scale up model. The calculations relating to 

energy input are given in Table 11.1. 

9.1.2 Drop Size Distributions 

To study the variation of drop size with the 

operating parameters,that is Vor Vp: N, and height from 

the bottom of the column, high speed still photographs 

were taken of compartments 2, 4, 6, 8, 10, 12, 14 and at
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the distributor. An attempt was made in preliminary 

experiments to determine a representative compartment in 

which the mean drop size approximated to the mean drop 

size throughout the column. This was intended to 

minimise the number of photographs to be analysed. 

However, during early runs the drop size distribution 

was found to depend on the flowrate of both phases, rotor 

speed and the initial and final concentrations of solute. 

This dependence on continuous phase flowrate was not 

reported by other workers ( 37, 38), who therefore operated 

with it stationary. 

The representative compartment was dependent upon these 

parameters and hence required careful selection after 

preliminary analysis of a set of photographs for each set 

of conditions. Hence in every case, to avoid loss of any 

results, photographs were taken of alternate compartments. 

The representative compartment was then chosen by analysing 

a complete set of photographs, that is by determining the 

Sauter mean drop size in each compartment and finding in 

which compartment this was equal to the arithmetic average 

Sauter mean drop size between compartments 1 to 14 (450 mm. 

diameter) or 1 to 16 (101 mm. diameter). 

Some variation was found in the position of the represent- 

ative compartments. This was contrary to the results of 

previous studies (37, 40) in which the middle compartment
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was always taken as the representative compartment. However, 

the representative compartment was usually within +2 

compartments of the middle one. 

Two photographs were taken for each condition, after 

hydrodynamic equilibrium was attained. The criterion for 

equilibrium was taken as a steady interface. This was 

usually attained in 5 to 10 minutes after any change in any 

Operating parameter. The photographs were taken using the 

technique described in para. 8.4.5. 

Drop size measurements were taken from 250 mm. x 

200 mm. prints with approximately 3 - 4 times magnification 

on the small column and 0.8 - 1.0 on the large column. 

Although an equivalent and larger magnification would have 

been preferable for both columns, for example a magnification 

of 5 - 6 has been reported (40) to give improved accuracy, 

this was impracticable because of the unusually large column 

diameter used. It was considered advisable throughout to 

photograph the complete width of the column. The reasons 

for this are outlined in para. 8.4.5. 

The high magnification factor in the small column 

tended to produce a tail at the lower end of the drop size 

distribution range which was not measurable for the large 

column. This arose because upon magnification the small 

droplets, < 0.5 mm., in the small column came well within 

the counting range of the particle size analyser and thus 

were recorded. Conversely, in the large column, due to 

the smaller magnification factor, drops of this size either
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remained indistinct or did not fall into the counting range. 

This would tend to give slightly larger Sauter mean diameter 

in the large column compared to that in the small column 

at 'equivalent' operating conditions. Equivalent conditions 

were considered to be characterised by equal velocities 

3p5 

hp? 
  of the two phases and equal energy per unit mass e ) 

in the two columns. 

The particle size counter used in the study was a 

Carl-Zeiss particle size analyser T4.Z.3. Because the 

standard scale would not cover the whole range of particle 

size, especially in the case of highly magnified photo- 

graphs from the small column, the reduced scale was some- 

times used. This may have created some discrepancy in the 

results since the analyser gives a mean value for a 

specific range- 

When the scales were changed the results from one 

range may have fallen into the neighbouring range, thus 

giving a slightly different Sauter mean diameter in the 

final analysis. The other drawback with the particle size 

analyser was that it could not be used to estimate the axes 

of an ellipsoid or a near ellipsoidal drop. These were 

recorded as spheres of equivalent sizes. However, despite 

the potential inaccuracies introduced by reliance on the 

particle size analyser, a check involving duplicate 

determinations on the same photograph always gave results
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within + 5% and in most cases + 2 or 3%. 

Sauter mean drop diameter was evaluated from, 

va3 
a, = and (9.1) 

‘nd? 
  

A total of more than 300 drops were counted in a 

random manner from each photograph. A computer programme 

was written to evaluate the Sauter mean diameter from the 

drop size count. The computer programme and the count for 

a typical run are given in Appendix 4 . The variation 

of drop size along the column height and the variation of 

N3R5 

HD? 
  drop size against the energy per unit mass group ( ) 

under non-mass transfer conditions are plotted in 

Figures 9.3, 9.4 and 9.5a. Figures 9.5b and 9.5c illustrate 

the variation of drop size between the bottom and top 

compartments of the large and small columns respectively. 

9.1.3 Hold-up 

Three separate hold-up studies were performed, mainly, 

(1) A study of axial hold-up in both the 450 mm. diameter 

and 101 mm. diameter R.D.C.'s. 

(2) A study of radial hold-up in the 450 mm. diameter 

ROD.Cu only. 

(3) A study of average hold-up in both the 450 mm. diameter 

and 101 mm. diameter R.D.C.'s.
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FIG. 9255 

Compartment No. 2 

VARIATION IN DROP SIZE BETWEEN COMPARTMENTS 

2 and 12 UNDER NON-MASS TRANSFER CONDITIONS, 

450 mm. R.D.C. 

ve = 3.1 mm/sec; Vp = 3.22 mm/sec; 

N = 450 r.p.m.; 

Magnification factor = 1. 

Compartment No. 12
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FIG. 9.5c VARIATION IN DROP SIZE BETWEEN COMPARTMENTS 

2 and 12 UNDER NON-MASS TRANSFER CONDITIONS, 

101 mm. diameter R.D.C. 

= 1.54 mm/sec; Mom 3.19 mm/sec; Vo 

N =, 808 rpm; 

Magnification factor = 2. 

Compartment 2
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9.1.3.1 Axial Hold-up in the Two Columns 

Axial hold-up studies were performed in both columns 

(a) To study the reliability of sample collection via 

points located at equal intervals along the two 

columns, and 

(b) To find the appropriate sample point to obtain the 

mean hold-up. 

The procedure used in the determination of axial hold- 

up profiles was to operate the columns at selected flowrates 

and rotor speeds, as described in para. 8.4.6, until steady 

state was reached. This usually took approximately 15 

minutes, or a total displacement equal to 2.5 times the 

column volume, in either column. Samples were then with- 

drawn through the sample taps from alternate compartments 

into 100 c.c. measuring cylinders. Separation was complete 

in 3 to 5 minutes, and the phase ratio was then read off 

directly. Three 100 c.c. samples were taken for each 

reading. 

The ratio of sample size to compartment volume was 

1:358 in the case of the 450 mm. diameter R.D.C., and 

hence had no effect on the steady state conditions. 

Conversly, in the 101 mm. volumn the ratio was 1:4 but 

even then earlier workers (37, 38) reported no effect due 

to sample withdrawal. When there was any noticeable 

difference, a mean of the three readings was taken. The
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variation did not exceed + 5% . Initial samples from the 

450 mm. diameter R.D.C. were taken with the sample tube 

located either at the column wall, as in previous studies 

(11, 38), or midway between the edge of the rotor and 

stator, i.e. S-R, as recommended by Strand et al (8). 

In the 101 mm. diameter column axial hold-ups were in all 

cases determined with the sample tube located at the 

column wall, since variation in radial hold-up in small 

columns is indeterminable (8). 

Typical results are reproduced in Figures 9.6, 9.7 

and 9.8. As shown in Figure 9.8, results from the 450 mm. 

column were inconsistent, especially at higher rotor 

speeds (600 r.p.m), when they showed a decrease in 

hold-up compared with an expected increase. Since this 

cast doubts upon the positioning of the sample tube 

midway between S-R, it was necessary to study the radial 

profile to determine the correct position for the sample 

tube. 

9.1.3.2 Radial Hold-up Study in the 450 mm. Diameter Column 

Radial hold-up studies were performed to determine 

(a) the effect of locating the sample tube at different 

radial positions, 

(b) the variation in hold-up away from the plane of the 

disc, and 

(c) the effect of change in wettability, due to a change
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in the material of construction of the sample tube, 

(37) on the hold-up of profile. 

The method used was as described in section 9.1.3. 

Three or more samples were taken for each reading and a 

mean value calculated. The variation did not exceed +753. 

The results of the study are shown in Figure 9.9. 

The radial profile of hold-up away from the plane 

of the disc was studied by means of the stainless steel 

tube construction shown in Figure 9.10a. An elevation of 

59 mm. was given because that was the maximum possible 

elevation that could have been accommodated from outside 

without breaking the column into pieces. However, such 

an elevation is not unreasonable compared to the study of 

Strand, Olney and Ackerman (8), in which they studied the 

radial profile 57 mm. away from the stator ring in a 1067 

mm. column, with compartment height of 254 mm. The variation 

of hold-up in the radial direction away from the line of the 

disc, is shown in Figure 9.11. 

Al-Hemiri (37) and Arnold (11) reported that the samples 

withdrawn are likely to depend on the wettability of the 

material, diameter of tube, and the method of opening of 

taps. In order to study the affect of wettability on radial 

hold-up profile a sample tap was fabricated as shown in 

Figure 9.10b. The end was of 6.2 mm bore polypropylene 

tubing,into which was inserted 1.6 mm. stainless steel wire.
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The stainless steel wire was to maintain the shape and 

provide a tap with equal affinity for water and the organic 

phase. 

Typical results are presented in Fig. 9.12. 

9.1.3.3 Average Hold-up Studies in the Two Columns 

Because of the inconsistency in results obtained 

during the point hold-up and radial hold-up profile studies, 

it was considered that for design purposes, average hold- 

ups would be more reliable. Therefore average hold-up was 

used to describe the volume fraction of dispersed phase in 

either column. The method used was similar to that used by 

other workers (11, 37, 38). For any set of operating 

parameters the column was operated for 15 minutes, in order 

to attain steady state. The inlet and outlet valves were 

then closed rapidly and the rotor stopped to allow the 

dispersion to settle under gravity and displace the inter- 

face. The average hold-up was then determined by dividing 

the shift in the position of the interface by the effective 

height, i.e. the height from the bottom distributor to the 

previous position of interface. 

Although this method suffers from the fundamental 

disadvantage of including the unagitated top and bottom 

sections of the column in which hold-up is not represent- 

ative (46), it proved to be very satisfactory compared with 

methods based upon point hold-ups. The alternative of 

suddenly withdrawing a large sample through a large
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diameter tube (46) would not have been practicable and 

would have disrupted steady state operation. 

Typical results of dispersed phase hold-up versus 

the superficial dispersed phase velocity at constant 

superficial continuous phase velocity at different rotor 

speeds, in the 450 mm. diameter R.D.C., are shown in 

Figure 9.13. 

The effect of continuous phase flowrate on the 

average hold-up was found to be substantial, and increased 

with increase in the rotor speed, contrary to the findings 

of other workers (11, 37 , 38). Hence all measurements 

were made with continuous phase flowing. The effect of 

change in continuous phase velocity on the hold-up is demon- 

strated in Figure 9.14. Finally, the effect of change of 

average hold-up with rotor speed in the 101 mm. R.D.C. 

is plotted in Fig. 9.15. 

9.1.4 Drop Size Produced at the Distributor 
  

The mean drop size produced at the distributor at 

fixed flowrates of the continuous and dispersed phases, 

varied with rotor speed. The results obtained with the 

two columns are reproduced in Figures 9.16 and 9.17. In 

both columns the drop size produced decreased with the 

increase in rotor speed due to turbulence extending to 

the plane of the distributor. 

The experimental results were compared with values
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predicted from the correlations of Treybal (65) and 

Meister and Scheele (67). The values obtained using 

Treybal'scorrelation were found to be 10 - 25% lower than 

the experimental values, whereas the Meister and Scheele 

correlation gave values 50 - 100% higher than the 

experimental values. The discrepancies illustrate the 

limiation of these correlations for predicting drop size 

in a column where a large number of drops are produced 

under countercurrent flow conditions, together in this 

case, with the action of the rotors. The results can be 

summarised as, 

(1) Interference of rotors in an agitated column compared 

to no turbulence situation in the above authors' 

experiments. 

(2) Increased back-mixing at high speeds in agitated 

columns contaminating the samples taken for the 

comparison of drop sizes. 

(3) Mobile continuous phase compared to the stationary phase 

in the above studies. The mobile continuous 

phase entrained small drops also contaminating the 

sample. 

(4) Full feed of the nozzles in the above studies 

compared to the different feed rates of different 

nozzles in an agitated contactor. 

The implication of this to the design and location 

of the distributor, is discussed in section 12.2.3.
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9.2 Mass Transfer Studies 

It was not practicable to carry out separate 

experiments to measure flooding rate in the two columns 

under mass transfer conditions, because this would have 

consumed large quantities of solvents and no continuous 

distillation facilities were available. However, all the 

mass transfer runs were carried out below 70% of the 

flooding flowrates obtained during the non-mass transfer 

experiments as recommended by Treybal (20). 

9.2.1 Hold-up 

Only average hold-up measurements were made during 

the individual mass transfer runs, as described in para. 

9.1.3.3, for the reasons given in section 9.1.3. 

No attempt has been made to plot the hold-up against 

operating parameters because of change of more than one 

parameter during the mass transfer experiments. However, 

the hold-up was found to increase with increase in either 

phase flowrate or rotor speed. The results are presented 

in Tables 9.1 and 9.2. 

9.2.2 Interfacial Area Estimation 

Interfacial area was determined during each mass 

transfer run by taking two photographs of dispersion in 

alternate compartments, throughout the column length. 

A total of 300 photographs were taken. During the prelim- 

inary experiments an attempt was made to determine a 

‘representative’ compartment in order to reduce the 

number of photographs requiring analysis.
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During this initial analysis the drop size 

distribution was found to depend on the phase flowrates, 

the rotor speed, the height of the compartment from the 

bottom of the column and upon the concentration gradient. 

As discussed earlier this made it difficult to select a 

representative compartment for use throughout the mass 

transfer studies, as was done in previous studies (11, 37). 

However, rotor speed was found to be the most important 

factor influencing the drop sizes and visual observations 

indicated that little coalescence and redispersion occurred. 

Earlier work, albeit in the absence of mass transfer, 

suggested that coalescence and redispersion taking place 

in the R.D.C. was limited until conditions approached 

flooding (54). Therefore a representative compartment 

was selected for each rotor speed, and that this did not 

introduce any appreciable error was checked at intervals 

by analysing a complete set of photographs. 

Typical results showing the variation of drop size 

with compartment number and rotor speed are reproduced 

and shown in Figures 9.18 and 9.19. A typical set of 

photographs showing the variation of drop size with 

compartment height in the two columns, are given in 

Figures 9.20 and 9.21. 

9.2.3 Mass Transfer Experiments 

Experiments involving the transfer of acetone from 

a dispersed kerosene phase to an aqueous continuous phase



FIG. 9.20 

Compartment No. 16 

VARIATION IN DROP SIZE BETWEEN COMPARTMENTS 

2 and 16 UNDER MASS TRANSFER CONDITIONS; 

101 mm. R.D.C. 

= 11.92 mm/sec; V., = 12.7 mm/sec; Ve D 
N = 808 r.p.m.; 

Average conc. of the dispersed phase = 4%, 

magnification factor = 2. 

Compartment No. 2.



 



FIG. Beak 

Compartment 14 

VARIATION IN DROP SIZE BETWEEN COMPARTMENTS 

2 and 14 UNDER MASS TRANSFER CONDITIONS; 

450 mm. diameter R.D.C. 

Me = 7.33 mm/sec; V5 = 2.82 mm/sec; 

N = 500 r.p.m.; 

Average conc. of the dispersed phase = 4.5% 

Magnification factor = 1. 

Compartment a
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were performed in both columns. Runs were performed at 

less than 70% of the flooding flowrates obtained during 

the non-mass transfer experiments. 

9.2.3.1 Procedure 

In all cases filtered tap water formed the extract 

phase and approximately 4 - 7 % by weight, acetone- 

kerosene solution, the raffinate phase. The initial 

concentration of acetone in the aqueous phase was always 

0% and the acetone in kerosene concentration was returned 

to 4 - 7% after each run, by adding a precalculated amount 

of acetone. This procedure was adopted to avoid the need 

for batch redistillation of large quantities of kerosene. 

Before starting experiments the two phases were 

mutually saturated using the procedure described in 

para.8.2.1l1 A feed of constant concentration was prepared 

by recirculating the acetone in kerosene mixture in a 

closed loop. Each time a fresh water phase was used, it 

was saturated with kerosene by pouring a layer of kerosene 

on to it, and reciculating the water in a closed loop 

such that it re-impinged on the top kerosene layer at a 

rate of 100 litres/min. for about half an hour. The 

kerosene phase was found in fact to remain saturated 

with water from the previous run. 

For the purpose of a run the feed solution was first 

made up by the addition of a calculated amount of acetone
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to the kerosene and recirculating it in the closed loop. 

Two samples were taken for the initial concentration 

measurement, one via the bottom outlet of the storage 

vessel and the other by means of a stainless steel 

container attached to a long rod, via the top. In most 

cases excellent agreement was found between the two 

samples. A mean was taken in case of difference. The 

column was then filled with the continuous water phase 

and the rotor speed adjusted to the required value. The 

continuous phase inlet and outlet valves were then opened 

to the required level allowing continuous phase flow 

through the column. Dispersed phase was then introduced 

and this displaced the interface level at the top of the 

column. This level was maintained by adjustment of the 

continuous outlet phase valve. 

After steady state conditions were reached, which 

usually required 20 minutes depending on the flow rates 

and concentration of the initial solutions, duplicate 

samples were withdrawn from the outletsof the two phases. 

Drop size and hold-up were measured as described earlier 

in section 9.2.2 and 9.2.1. 

9.2.3.2 Time to Reach Steady State 

Some preliminary runs were carried out in order 

to find the time to reach steady state. These involved 

the collection of samples from the respective outlets
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at intervals of three minutes. These samples were then 

analysed using the method described in para.8,4,3 

and the results checked by a mass balance. 

Initially results suggested that steady state was 

not attained even after 45 minutes operation with a 

total displacement of liquid through the column exceeding 

6 times the column volume. This did not agree with other 

published estimates of 2 to 3 times the equipment 

displacement being required, and therefore a theoretical 

study was made on the basis of the mathematical model 

presented by Jenson and Jeffreys (216). The assumptions 

made and application of this model are summarised in 

Appendix 4, together with the computer program written 

for it. Analysis using the experimental operating data, 

summarised in Appendix 4, confirmed that the system 

should have reached 95% steady state in about 15 minutes, 

i.e. after a total displacement of about 2.5 times the 

column volume. As a result the experimental sampling 

and analysis procedure were re-examined. 

It was found that the sample collected at the 

water outlet was covered by a kerosene film. When this 

sample was poured into the absorbance measurement cell 

the kerosene entered first, contaminated the aqueous phase 

and because of its higher absorbance, resulted in spurious 

readings. This was avoided by pouring the complete sample 

into a separating funnel first and then quickly with-
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drawing a sample of aqueous phase from the bottom for 

absorbance measurement. The concentration values then 

obtained and used in the mass balances gave results 

showing that steady state was reached in about 15 minutes. 

The mass balance on the two phases checked within + 5% 

Using the computer program and later from experi- 

mentation it was discovered that the time to reach 

steady state decreased with, 

at) Increasing in the ratio of continuous phase flow 

rate to the dispersed phase flowrate. 

(2) Increase in the total flowrate through the column. 

(3) Decrease in the concentration of acetone in the 

dispersed phase. 

The results obtained were found to be in agreement 

with the findings of Salem and other workers GHig 37 8 35) 

217). A displacement of 6 times the column volume as 

found by Coggan (206) for a pulsed plate column was found 

to be excessive, and would have been expensive. 

The experimental results showing the variation of 

concentration against time is reproduced in Fig. 9.22. 

9.2.3.3 Results 

Runs were performed at equivalent rotor speeds in 

both columns with the exception of the lowest speed, 

because limitations on the solvent inventory precluded
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the attainment of steady state in the large column. The 

phase flowrates used in the small column were first chosen 

to correspond to below 70% of flooding; the flowrates in 

the large column were then scaled up on the basis of 

superficial velocity. As discussed later in Chapter 10, 

this is not an accurate method of scale-up but all that 

was required was operation at less than 70% of flooding. 

The mass transfer coefficient under each set of 

operating conditions was calculated using equation 1.1 

and 1.3. The concentration driving force AC was calculated 

as a log mean concentration driving force, using the exit 

and inlet concentration of the two phase according to 

6c, = AC 
ac = —___ + (9.1) 

where the symbols are as defined in the Nomenclature. 

The results of mass transfer experiments on the 

450 mm. diameter and 101 mm. diameter columns are 

summarised in Table 9.1 and 9.2 respectively.
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10. MATHEMATICAL MODELS 

Because of the limitations outlined in Section 5.8., 

it is doubtful whether an industrial R.D.C. can be designed 

from single drop mass transfer data. Therefore design 

generally necessitates experimentation on a pilot plant. 

These results are then scaled up. However, the limitations 

of existing scale-up methods are outlined in Section 7.3. 

Two mathematical models are proposed in this work to 

determine, 

(a) Column diameter, 

(b) Column height, 

from data obtained on a pilot plant for a specific duty. 

10.1 Scale-up of Column Diameter 

10.1.1 Special Case for Identical Systems at Two Different 
  

Scales of Operation 

For the design of industrial scale columns it is 

necessary to determine the column diameter for a specific 

duty. The method proposed by Thornton and co-workers (9) 

involves determination of the flooding velocities on a pilot 

scale and extrapolation of the results to an industrial size 

column. This method assumes that flooding occurs at equal 

superficial velocities at equivalent rotors speeds in the 

two columns. The limitation of this approach is that flooding 

does not always occur at equal superficial velocities in 

practice. Therefore correlations are proposed for the 

determination of the diameter of an industrial scale column
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from data obtained on a pilot scale column to give a final 

relationship between the volumetric flowrates, the ratio 

of column diameter and flooding hold-ups. 

(1) 

(2) 

(3) 

(4) 

The following assumptions are made in the derivation, 

That the flooding velocity and characteristic velocity 

equations proposed by Thornton et al (9) and modified 

by Kung and Beckmann (43) are applicable to all size 

columns. 

That a specific relationship exists between the column 

diameter, rotor diameter, stator opening and height 

of the compartment. 

Drop size in the column depends on the system 

properties and the energy per unit mass, as proposed 

by Hinze (76). 

The columns are operated with identical systems. 

This is a special case but a general correlation can 

then be developed to predict the diameter of an industrial 

scale column from data obtained on a pilot scale operating 

with any system. This involves consideration of not only 

energy/unit mass but also the system properties. 

The derivation for the special case is as follows:-



= 32 55h 

In an R.D.C. the hold-up of dispersed phase 

given by, 

v. 
o> 

Vv 
Oy 
x 1— 

is 

(10.1) 

On flooding at a fixed rotor speed each phase flowrate 

reaches its corresponding maximum value. 

    

  

  

av, av, 
entiating and setting a and a O gives, 

Vin = Vx. (1=x.) 
dF NE F 

and 

Weavee(iexe) 2x2) 
Cr N F = 

The characteristic velocity is given by (43) 

= _ , 24, 80-9 (8,273 nO? R26 
Vig =K i Mis y+ (£8) (R) % (B) 

Canc RN? 

ea S-R 1 
where K = .0225 at D < 34 

and = 0.012 for pat 

Hence differ- 

(10.2) 

(10. 3) 

(10. 4)
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From the work of Kung and Beckmann (43), Strand et 

al (8) and Misek (10) a definite relationship should 

exist between the column diameter and the other relevant 

column dimensions. The following relationships are 

assumed to exist in the proposed columns, where the 

subscrips B and S refer to the large and small columns 

respectively, 

Ba ie 

Sor 208 

Be eaaaes 
and Rg a b,Dg 

Boua obs 

Asha Bes 

Putting the values from 10.5a, 10.6a and 10.7a, 

Equation 10.4, gives, 

  
    

¥, = Ky C8), (ao Pay? 
N Bo de DN2 

223 On9 2.6 

(22°B) , (238), (AaB, a,D, a,D, DE 

or 

o, Oe Oba, 1256 
v= ai) (Ae). (a _2 Mypee Sey Ge) (yee (ee) el) 

Circ DN2 i 

0.9 1.0 2.3 , 9-9 
os: a4, Ap by bs and Wy = Ko Gor (—) -(-) > (SS) + (>): b&,) NS Ss ec Pe DN* by by 1 

(10.5a) 

(10. 6a) 

(10. 7a) 

(10.5b) 

(10. 6b) 

(10.7b) 

into 

(10.8)
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The flooding velocity in the small column will be 

given by, 

= 2V. 2 = Vars 2Vusg x rs (1 Xpg) (10.10) 

Substitution of the value of he in Equation 10.10 from 
is 

10.9b gives, 

  

(202.22). 

Similarly, the flooding velocity in the large column will 

be given by, 

= : 2 os Varp> 2°. **pp (1-*pp) 

2.3 0.9 2.6 
0 0.9 

Ky ot (2)s (rt) «(= (a) 
Mole DENG S a 

(10.12) 

Dividing equation 10.11 by equation 10.12 gives 

2 faa 2 

Wave gi teeo lentes yc) Wr gue Vop ie 
Vv 2 B K 2: g aFB 2x rp (t Xpp) B DN 

by Vise} Bo? 2.6 

Ge) (ey 
‘ (10.13) 5 weeceears 2.6 

2 3) Ca, ))
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Lf Qas and Qap are the volumetric flowrates of the 

dispersed phase in the small and large columns respect- 

ively under normal operating conditions and Qars and 

Q the flowrates under flooding conditions, then, EB 

Qas = Kig Lars (10.14) 

2an = Kop arp >) 

or as _ Kis Sars to 16) 
Dh.) Sige Once ° aB 28 ars 

Also, 

2 

hve = Vapae- AD. (10.17) 

- T 2 

Sapp ~ Varn: "Pp age 

Dividing 10.17 by 10.18 gives, 

< o ny Q 
acts = SS . -S, (10.19) 

  

Sars Var DB 

or 

v Q Dee 
7s = we - 5bz (10.20) 
dadFB dFB s 

ars 
Substituting the value of from equation 10.16 in 

dFB 

equation 10.20 gives, 

2 
Nowsqe cas) “Sane Woe 3 7 . Osos (10. 21) 
arp «fap Xi :
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Vv 
Substituting the value of GES from 10.21 into 10.13 

dFB 
gives, 

2 2 2 
Sasy "ony Wee tecmie ess Ws) pony |e 
Gan shan Spee ieee oe Do Nee 
Cong rsh ts ere es esas Ns 
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ay ay 1 
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Ott 2 
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De oe totes ie Sp Ns. ty Sone Sas 

Dares ayiebe Org) 0 8206 
(oe es By By 1 

PEAS; ace Gore) 
a a (a,) 2, eee a ee 

(——) am) 
x i 

Equation 10.23 can be used to determine the required 

diameter of the column for a specific duty (i.e. processing 

Q volumetric flow rate of feed) provided the corres- 
dB 

ponding rotor speed NB and the hold-up Xpp in the large 

column at flooding is known. However, equation 10.23 

can be further simplified by assuming that, under certain 

conditions of operation, equal mean drop size exists in the 

two columns. As discussed in Chapter 4, Hinze proposed 

the equation for maximum stable drop size based on the 

assumption of an isotropic homogeneous turbulence with
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the microscale of turbulence smaller than the drop size. 

Under such circumstances, 

Goo 3/5 =2 7/5) 
(—— (E) (10.24) 
Pe 

Gn at 

Hinze reported the constant C, to be approximately 0.72 
a 

based on an anlysis of data for a rotating cylinder 

obtained by Clay (218). However, neither an exponent 

of - 2/5 on E or a value of c, = 0.72 provides the best 
1 

fit of Clay's data (219). Nevertheless, the Hinze 

equation, with adjustment of constant c, as necessary, has 
i 

been used with some success to predict ae in certain 

devices such as glove valves, stirred tanks, and rotating 

cylinders. The explanation may be that the conditions for 

local isotropy are met approximately. Moreover, Vermeulen 

et al (78), Calderbank (126), and Kafarov and Babanov (82) 

successfully correlated mean drop sizes in stirred tanks 

using equations of this form. Further, the data of Clay (218) 

suggests that, as a first approximation, the ratio of mean 

drop size/maximum drop size may be taken as constant. 

or Kd (10.25) 
cmean dia.) ri max. 

Substitution of dak from 10.24 into equation 10.25 

gives, 

Soo 2/9 Sons c = 
Ke) a (E) dimean dia.) ~ (10.26)
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4 N3RS 
where E=—c 

t 2 pp? (10.27) 

Substituting for E in equation 10.26 gives 

gues 3/5 3p5 7-2/5 
d(mean) = Ke,(2—) (4c, SE) (10.28) 

ee HD? 

af dg and dq, are the mean drop diameters in the small and 

large columns respectively then 

  

3/5 aps. 72/5 4 NS3R ad, =Kke,(g,—) (=c ) (10.29) 
Ss ise MG iM me hp2 s 

and 
3/5 3p5 -2/5 4 N3R a4,=Ke(g ~) (=c, — (10. 30) 

B 1c py w “2 pp2 8 

The value of constant cy is assumed to be identical 

in the two cases, provided the same system is used. 

For the condition of equal mean drop size in both 

columns a combination of equations 10.29 and 10.30 gives, 

wir NeRo 

‘pe 78   (10.32) 

Substituting the values of R and h from equation 10.5a,b 

into equation 10.31 gives, 

3 5 3 5 N (a,D) N (b,D) 

‘TajpyD7)B = Tjp) Dz) s 

a> b> 
epee). eee yea spe ze . |) (10. 32) Bis gan Sigs kbs : or NB
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or & = es) : cy & (10. 33) 
Ss B eit 3 

N, 

Putting (¢%) from (10.33) into equation (10.23), 
Ss By 2-3. 2.0.9 | 6256 

D. (1-x_.) K Q 2 & (b,) 
SB ee orsmmeese) Bea yen, foal 1 
Dames) Carn ees Cae as tae eed 

4 & @ 
i ay A 

4/3) a e0/3_ eeey3 
K D 

eS - > - Bs 
Be) Us 3 

3 ¥ 
Da _ yg es) Ks ig ap 

or &) Se ek el eek ee 
5 Xen (1p) Kp (as 

213 0sg) 
be B ale 10/3 2/3 
5 GS (b,) b a 

Se ae (20.34) 
2B Bar * : ay ay a 

Equation 10.34 can be used for the prediction of 

column diameter using data obtained from a pilot scale 

column, provided the flooding hold up in the large column 

can be estimated. Flooding hold up in the large column 

can, in theory, be estimated using Thornton et al's (9) 

equation,
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0.5 | (L2+_8L) = 3L 
*FB 4(1-L) 4 oe! 

Vv K Vv. 

where L = cae = ~ a 
cF 3B| c|/B 

oe pe Bp als 
3 |. B 

Kip 194! 1B da'B 
= Kea ome (10. 36) 

Ksp Qo B 

10.1.2 Scale-up of Column Diameter 

General Case - Dissimilar Systems 

A generalisation of the mathematical model given in 

section 10.1 will now be proposed to enable a first 

estimate to be made of the diameter of an industrial 

column.from a knowledge of the system properties and data 

obtained in a specific pilot scale column operated with a 

different system of known properties. The mathematical 

model is as follows: 

Rewriting equation 10.11 and equation 10.12 for large 

and small columns respectively, 

2,3 0.9 
o a Pa = _ B B 3 2.6 (10.11) Ywe" §a ics Fe 8 ete) es i Oy
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263) 130,9 
a oq Ap.0.9 b 
Tug = &g ge 2) (°F 

Ws cS SeDaNe: 1 1 s 

(10.12) 

Z s-R 22 
where Kg or KR = .0225 at dD <oa 

= S-R ,1_ 
and = 0.012 at an a7 

Substitutionof equation 10.11 and equation 10.12 into 

equation 10.10 and division, gives 

2 Ky DBNB r APs F © op-9 

oo am® Goo wine Bee aco 

  

  

2.3 0.9,, \2.6 gs, “ies, Wa S/N hy) 
u o. 203 0.9 236 

ieee aac 22a 3 (a,) (10.37 
ay, a 

Substituting the value of Vars/Varp from equation 10.21 and 

rearranging, 
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Equation (10.38) contains the expression 

N.2 

Ng 
To eliminate this equation 10.28 can be rewritten for 

large and small columns, 

  

Spo 5 us 

oer el Fp a re (10. 39) Pcs ss i 

one ona N,°Ry -2/5 
d, = KC) Cree ue Hp.) (10.40) 

cB BB 

If d, = 4, (10.41) 

Andassuming conditions of local isotropy are met 

approximately then, 

3p 5 = 8p b= cs 7° Bs Bs ) oe £8,779 fe Bs ie 

cs ss cB BB 

n3r.5 “2/5 5 5 3/5 yy oR,5 -2/5 

or Gea) == (ESS) (BB) 
HSPs Os (cael ease 

3p 5 if Sp 5 No R, _ TBP og S/S)» 5/2 No R 

Gr laepste ir cepa (aanaem) eer 
s's S" cB BB 

Substitution of the relationships defined in Equations 

1o.5a, b, 10.6 a, b and 10.7 a, b and rearrangement yields, 

D. s Ssh Pes). 

oO - D 

ae (SS) (-8) 
4/3 10/3 2/3 

(10.43)
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Equation 10.43 is the requisite condition for 

scale up, i.e. if the column diameter DB of an industrial 

column is to be determined for an operating rotor speed of 

NB then the flooding data should be determined at Ng in 

the small column as defined by equation 10.43. 

N 2 

Substitution from Equation 10.43 for ae in 
s 

Equation 10.38 and rearrangement gives the final expression, 

  

  

2 ~ 

(ay ee epee ames) Vey tacky TecEN Wate 
D oa K 9 u K 

s Xpp (1 Xpp) B cB cs 2B 

Q Ap 5 0.9 cat en iy Sls peg 1 ic 
Qas Pos Ao, & 2e3 2 0.9 

ea) 
Su al 

226) bb 10/3 anes 
: a as) : i) (10.49) 

ay = 3 

Equation 10.49 is a general expression which could be used 

for the preliminary estimation of the diameter of an 

industrial scale column provided the column geometry, 

physical properties of the two systems and flooding data 

for the small scale column are known. 

The accuracy of this equation is unlikely to approach 

that of equation 10.34 because of the assumptions inherent 

in eliminating Cy, Cy from Equations 10.39 and 10.40. Also
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trace impurities and surfactants may significantly effect 

physical properties of a system. Therefore the special 

case which is based on the use of exactly the same system 

in both columns is preferable. 

10.2 Scale-up of Column Height 

In the past liquid-liquid extraction columns have 

been designed using the same principle as for the design 

of gas-liquid contacting equipment. This involves 

evaluation of, 

(a) The number of transfer units for the required 

separation, 

(b) The height of a transfer unit, and 

(c) The volumetric capacity of the column. 

The number of transfer units was estimated from 

mathematical or graphical material balances (57). The 

H.T.U. was frequently determined from pilot plant 

experimental work or from previous plant experience. 

However, experience with packed distillation and gas 

absorption columns has shown that this method is fundamentally 

unsound, since it applies a procedure involving stepwise 

changes in concentration to an operation in which the 

concentration actually changes differentially with height. 

Furthermore, this method does not take back mixing into 

account. Back mixing is present in most cases and
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further analysis is required for the estimation of the 

increased column height, due to reduced concentration 

driving force which results from it. 

Hence a method is proposed for scale-up from 

laboratory data for the determination of industrial size 

of column height from basic considerations. 

As discussed in Chapter 1, the rate of mass transfer 

in a solvent extractor depends on the overall mass transfer 

coefficient, the interfacial area, and the driving force, 

Lie. 

N= KA Ac) Ce) 

where ac, is the log mean concentration driving force, 

which could be determined from Simpson's rule. 

Let subscripts B and S denote the large column and 

the small column respectively, then from equation 1.1 we 

have, 

Zz " (KA ac) B (10.45) 

@ 3 Q z M1 (KA acs (10. 46) 

Division of equation 10.45 by equation 10.46 gives, 

N. ie Kp Ag ACB 

s Ks As ACns 

wo
 

(10.47) 2 

If a is the surface area per unit volumn of column 

then the total surface area in any column is given by:-



a6 Oe 

A=a column cross sectional area x effective 

column height 

A=a- D2. H (10. 48) 

Substitution of the value of A from 10.41 into equation 

10.40 yields, 

  

  

oa ; MMe te Me Me Map 
Te z 8 Ng Kg ag De H ACs 

2 

Ber yee 525 yi CB - e's RT RK (10.49) 
s s s mS 

Now on the assumption that the drops are spherical and of 

equal size, it can be expressed by equation 1.2 as, 

(1.2) 

Bi
e 

w 
I
K
 

2 

This assumption is often accepted and applied in the 

design of extraction equipment but a careful assessment 

of each situation is required before applying it (52). 

Substituting the value of a from equation 1.2 into 10.49 

and rearranging, 

y 

  ne eee eee ee. cer ee 
Hy Ky 7 Dy” + aCn Ng 1 a550 xy 

H. 2 

per Boe, Ps Seay ope Pen see coca 
H K, D2 AC N x, d 5
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In order to estimate the effective height of the larger 

industrial column using equation 10.50 it is necessary 

to predict the overall mass transfer coefficient in it. 

The overall mass transfer coefficient depends on the 

inside, outside and interfacial resistance in the system. 

The latter is usually neglected but recent studies 

described in para. 5.7.1 have shown that it plays a 

very important role with some selected systems (56). 

As discussed in para. 5.3.2 the coefficient of mass 

transfer inside the drop depends on the velocity of 

circulation of liquid within the drop. It is known to 

increase with the droplet diameter along with favourable 

system properties. 

Therefore to obtain equivalent overall mass transfer 

coefficients requires equal drop side and equal continuous 

phase side coefficients in the two units. 

A critical examination of the correlation proposed 

in section 5.4 indicates that while the drop side 

coefficient depends on the drop diameter the continuous 

phase side coefficient depends on the characteristic drop 

velocity. Many workers (76,60) have shown that equal drop 

sizes will be produced in two units if a condition of 

equal energy per unit mass — is satisfied. Conversely, 

the condition of equal characteristic velocity would 

require from Kung and Beckmann's (43) correlation 

for characteristic velocity, to be equal in two 
1 

RN2
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geometrically similar units. It is clearly impossible 

to meet both of these criteria. However in the majority 

of industrial systems one of the two resistances is 

controlling (57), i.e. either the continuous phase or 

dispersed phase. 

If the continuous phase resistance is controlling, 

as discussed in section 5.6, then equal overall mass 

transfer coefficients could be obtained by maintaining 

the group (az) equal in the two units. The drop size 

in this case could be calculated using the Hinze (76) 

correlation given in Chapter 4. If the drop side 

resistance is controlling then equal drop sizes, and thus 

equal overall mass transfer coefficients could be 

N3R5 
3) obtained by maintaining the energy per unit mass (ape 

equal in the two units. 

To predict the drop side coefficient it is necessary 

to know the mode of mass transfer which depends upon the 

size of the drops. This is rendered difficult in an R.D.C. 

because a drop size distribution exists at any particular 

rotor speed; this results in differences in the modes 

of mass transfer between size fractions. However, the 

drop size distribution in an R.D.C. is normally distributed 

(52). Therefore a similar distribution should be obtained 

in the two units at equal energy per unit mass. This 

would result in equal drop side coefficient in the two units.



ee 

If the system is of the type where both the 

resistances are significant, the power to which N should 

be raised would lie between 2 and 3. Reman has suggested 

a figure of 2.8 (7). 

10.3 Experimental Verification of Column Diameter Model 

10.3.1 Special case - Identical Systems 

To test the validity of equation 10.34 the flooding 

runs described in para. 9.1.1 were conducted under non- 

mass transfer conditions and at equal energy input 

per unit mass a in the two columns. Four rotor 

speeds and several different flowrates of continuous and 

dispersed phase were used. The respective hold ups at 

flooding were calculated by insertion of the flooding 

rates into equations 10.36 and 10.35. The hold-ups 

were then used to predict the column diameter using 

equation 10.34 developed in section 10.1. The calculated 

values of column diameter are plotted against the energy 

3p5 
per unit mass group in Fig. 10.1. Good agreement 

tained iall NER2) = 99,3 5 h was obtained especially at (ap2) = haar s Of the 

64 points plotted 62.5% lie within an accuracy limit of 

+ 5%, 95.4% lie within + 10%, and all lie within + 15%. 

N3R5 m2 
The agreement was best at (ap2-) 2 eee meas and may be 

attributed to the fact that at that particular energy 

input the flow pattern developed was as shown in Fig. 2.3, 

and behaviour of the units was most typical of R.D.C.
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operation. 

To check the validity of equation 10.35 separate 

experiments were performed to determine the actual flooding 

hold-up in the 450 mm. diameter R.D.C. column, as discussed 

in para. 9.1.3.1. A finite time, approximately 15=20 

minutes was found to be required for the column to flood, 

During this time the hold-up continuously increased until 

the maximum was reached at the flooding point. Typical 

results are plotted in Figs. 10.2 and 10.3. These suggest 

that Equation 10.35 gives a reasonable approximation for 

practical purposes. 

10.3.2 Tentative Verification of General Case - Dissimilar 
  

Systems 

The model described in para. 10.1.1 was tentatively 

tested with the limited data available from the work of 

Sarkar (38) and Al-Hemiri (37) with the system toluene-water. 

Substitution of their data into equation 10.44, yielded the 

results given in Table 10.1 and 10.2. 

The data shows that the predicted diameter is within 

an accuracy limit of + 15%. A better fit would have been 

achieved if the data had been available at precisely 

equivalent rotor speeds, defined by equation 10.43, which 

would have been 391 r.p.m. in the 450 mm diameter column 

instead of data at 450 r.p.m. as calculated in Table 10.3.
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Qc= 70 litre/min 

Qd= 45-75 litre/min 

N = 550 rpm. 

Average from equation 10:35= 30-1%. 

1 |   
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Time(min) 

10.2 VARIATION OF HOLD-UP WITH TIME AT 

FLOODING CONDITIONS. 

25
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Qc= 70 litre/min 

Qd= 37 litre/ min 

N = 60 rpm. 

Average from equation 10:35 = 28-5el” 
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FIG. 10.3 VARIATION OF HOLD-UP WITH TIME aT 

FLOODING CONDITIONS.
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Variation in results may also be attributed to, 

(1) The use of a slightly different column, i.e. with a 

bearing support in the middle, by Al-Hemiri (37). 

(2) The use of distilled water as continuous phase by 

both Sarkar (38) and Al-Hemiri (37). With distilled 

water there would be less likelihood of interfacial 

scum and thus less change in system properties, 

consequently, slightly different flooding results 

would therefore be obtained, compared with tap water. 

Despite these inaccuracies, the results obtained were 

encouraging, and the procedure appears promising for 

preliminary sizing of industrial columns for use with systems 

for which no pilot scale data are available. 

The 'equivalent' rotor speeds at which the 450 mm diameter 

column should be operated, for comparison of the flooding 

data, can be calculated using equation 10.43. For system 

toluene-water in the 101 mm diameter and kerosene-water in the 

450 mm. diameter column the respective values are as out- 

lined in Table 10.3. 

TABLE 10.3 

  

  

Ng (r.p.m.) N, (©.p.m.) 

500 195. 

700 274 

800 313 

1000 391 

1250 489 

1500 587        
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11. DISCUSSION OF RESULTS 

11.1 Non-Mass Transfer Studies 

11.1.1  Hold-up 

The variation of average hold up, with dispersed 

phase flow velocity in the 450 mm. diameter R.D.C. is 

illustrated in Fig. 9.13. In general, at a fixed rotor 

speed and continuous phase velocity, the average hold-up 

increased with increasing dispersed phase velocity. The 

rate of increase was greater at higher rotor speeds. 

Unlike in other studies (11, 37, 38) the continuous 

phase velocity had a significant effect on the dispersed 

phase hold-up. Although only two flows were used the effect 

was found to be greatest at the highest rotor speed as 

illustrated in Fig. 9.14. Clearly the effect of continuous 

phase flow was due to the increase in the drop mean 

residence times. At the highest speed the drop sizes 

decreased, and they would therefore tend to be more easily 

entrained by the countercurrent flow. 

Because of the effect of continuous phase flow, 

average hold up and hold-up profile studies were carried 

out under countercurrent flow conditions. 

The axial hold-up profiles with the sample tube extended 

to midway between the stator and rotor, i.e. Ss in the 

450 mm. diameter R.D.C. are shown in Fig. 9.8. The axial 

profiles obtained with samples drawn from near the column
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walls in both columns are shown in Fig. 9.6 and Fig. 9.7 

respectively. Contrary to the results of Strand et al (8), 

very erratic data were obtained in the 450 mm. diameter 

column while studying the axial hold-up profiles. This 

may be explained by the difference in the vertical location 

of the sample tube. In this study the extended tubes were 

located in line with the disc, where as in Strand's 

study they were 57 mm. away from the rotating discs (8). 

In any future studies it would be worthwhile locating 

the sample point differently since it appears, from the flow 

patterns shown earlier in Fig. 3.4, that the hold-up in 

the high velocity zone in line with any disc is both 

difficult to sample and not representative of the compart- 

ment. 

The axial hold-up profiles determined with the sample 

tube located at the wall of the column were similar to those 

reported by other workers (8, 37, 38, 39) only at low rotor 

speeds of the order of 150 and 300 r.p.m. in the 450 mm. 

diameter column and 404 and 808 r.p.m. in the 101 mm. 

diameter column. At these rotor speeds, the hold-up 

increased gradually to a maximum value at a point approx- 

imately mid-way up the column and subsequently decreased. 

At the highest speed studied, i.e. 600 r.p.m., in the 

450 mm. diameter column the hold up was found to decrease, 

then increase and finally decrease again. This would be 

expected from the drop size analysis for similar conditions
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in the column. In theory since smaller drops have lower 

settling velocities and are more susceptible to backmixing, 

the hold-up profile should be the inverse of the drop size 

profile, i.e. the characteristic drop size first decreases 

to a minimum value at a point corresponding to maximum 

hold-up value and then increases towards the exit. 

In the 450 mm. diameter colum, during the point hold- 

up studies with the sampling tubes positioned at Ss, a 

partial vacuum was detected at points moving up the column. 

Despite the hydrostatic head this prevented samples from 

being withdrawn from sample taps above compartment 9. 

Opening a tap above this position resulted in air being 

sucked into the column at most flowrates and rotor speeds. 

The suction was found to increase with increase in rotor 

speed and dispersed phase flowrate. As a result axial 

hold-up profiles are only reported up to compartment 9, 

i.e. just above mid-way up the column. An attempt was made 

to use a hypodermic syringe with a needle to obtain the 

samples above compartment 9, but consistent results could 

not be obtained. Clearly a syringe does not provide the 

best means of collecting two phase samples from a system 

in which drop sizes are several times larger than the 

needle size. 

The radial hold-up profiles using various types of 

sampling tube, located in different planes are shown in 

Figs. 9.9, 9.11 and 9.12. As shown in Fig. 9.9 with a 3mm. 

bore stainless steel tube located in the same plane as the 

rotating discs, the hold up was found to increase in moving
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away from the wall until it reached a maximum at almost 

midway between the disc and stator edge, and then decrease 

sharply near the tip of the rotating disc. The average 

hold up in the radial direction, found using Simpson's 

rule (216), lay very near to the position sR as found 

by Strand et al (8), and was close to both, the average 

hold up calculated by equation 3.7 and 3.8 and that 

found by experiment. The hold ups were 7.65%, 7.1% and 

5.5% respectively at a continuous and dispersed phase 

flow ratesof 28.5 and 30.5 lit./min. and rotor speeds 

of 450 r.p.m. The slight variation in the average hold- 

up from the radial profile compared to the theoretical 

and experimental values, can be attributed to the fact 

that compartment 3, in which the hold-up profile was 

estimated may not be truly representative compartment. 

As shown in Fig. 9.9, the radial hold-up profile in compart- 

ment number 5 followed a similar pattern to that in compart- 

ment 3 under similar flow conditions, and rotor speed. 

Although as shown in Fig. 9.9, the radial hold-up profiles 

were similar, changes are likely with change in flow 

velocities and rotor speed. The sharp change in average 

hold up with change in rotor speeds in the 101 mm. diameter 

R.D.C. is shown in Fig. 9.15. 

The effect of change in the position of sample tube 

plane was studied using special tubes constructed as shown 

in Fig. 9.10a, b. The results are shown in Fig. 9.11 and
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9.12. During this study, contrary to the results of other 

workers, only very small hold ups were found near the 

rotor shaft ( 8). The hold up decreased towards the rotor 

shaft and remained fairly small compared to the average 

hold up in the column. A low hold up near the shaft would 

be expected, providing wetting effects were absent (37), 

because of the flow pattern illustrated in Fig. 3.4 associated 

with centrifugal action. Hence there are probably pockets 

of very poorly mixed fluid, usually in the area just above 

the disc, in the 450 mm. diameter column. This is also 

illustrated in Fig. 9-56, 

To ascertain the effect of material of construction 

of the sampling tube upon hold-up measurement in the 450 mm. 

diameter column the sampling tube shown in Fig. 9.10b was 

constructed and used. The results are reproduced in Fig. 

9.12. With this tube located as shown, the sample hold ups 

were generally much higher than those using the stainless 

steel tube. Two factors may account for the high hold-up 

values. Firstly the tube was almost in line with the edge 

of the stator ring, a position of high drop aggregation. 

Secondly, the high affinity of kerosene towards polypropy- 

lene would tend to promote coalescence. Although the 

stainless steel wire was expected to contribute some 

affinity towards water, it would be small, due to its 

a 
relatively small surface area/unit volume, i.e. 1.98 mm 

compared to 7.91 mm > for the plLastic tube. Therefore to
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obtain a representative sample requires ideally a sampling 

tube and tap of material with equal affinity for both 

phases. Some low surface energy metals exhibit this 

property (37). However, the feasibility of using these 

depends on the liquid-liquid system. 

In summary the experimentation confirmed that the 

hold up of the dispersed phase in an R.D.C. varies in both 

the axial and radial directions. Attempts to measure point 

or representative compartment hold ups depend on the correct 

positioning of the sample tube, upon its material of 

construction, size, and on the flow conditions. 

Thus, any error in choosing the correct location, 

material and size for sampling, a complex, spirally moving, 

dispersed phase may give highly misleading results. There- 

fore for practical purposes, even with its limitations (8, 

46), the method of measuring average hold up is to be 

preferred. 

11.1.2 Flooding 

Two types of flooding were observed; bottom flooding 

and top flooding, depending upon the method used to 

approach the flooding condition. Either type of flooding 

led eventually to the complete rejection of the two phases 

near to their respective entry points, thus causing 

‘complete’ flooding. 

These two types of flooding can be explained on the
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basis of the gravitational and buoyancy forces existing under 

any particular flow condition in the column. If the flooding 

point is approached by increasing the dispersed phase flow- 

rate, at constant flow rate of continuots phase and rotor 

speed, the increased number of drops in a unit cross- 

sectional area will have increased force in the direction 

opposite to the flow of continuous phase. Hence, some of 

it will initially be trapped between the drops and flow out 

of the dispersed phase outlet at the top, thus flooding the 

column at the top. The effect is then slowly transmitted 

throughout the column resulting in 'complete' flooding. 

The opposite effect occurs when the continuous phase flow- 

rate is increased slowly at constant flow rate of dispersed 

phase and rotor speed. 

A converse mechanism can also occur depending on the 

force balancesin the column. The increase in flowrate of 

dispersed phase at the bottom may produce more drops than 

the column can accept, leading to the drops being rejected 

at the bottom causing 'bottom' flooding. 

The correlation of flooding data, using the character- 

istic velocity approach, discussed in section 3,2,2, is 

shown in Fig. 11.1. Excellent straight lines were obtained 

in the 101 mm. diameter R.D.C. With the large scale column 

there is some divergence of results, particularly at higher 

rotor speeds. This is due to increased backmixing of drops 

at higher rotor speeds, thus giving flooding flowrates
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slightly below those anticipated in the absence of back- 

mixing. 

As found earlier in small columns (37,38) flooding 

was not an instantaneous phenomena in the large column. 

The time for the column to reach flooding usually depended 

on the flowrates and rotor speeds; it increased with 

increase in rotor speed. This may again be due to back- 

mixing of drops. In fact, it took some time, i.e. 10-20 

minutes for enough small drops of 0.1 - 1mm. size to 

accumulate in the column to affect normal operation near 

flooding and eventually flood the column prematurely. 

Throughout this period the hold up was found to vary as 

shown in Fig. 10.2 and 10.3. However, equations 3.21 

and 3.20 appear satisfactory for calculating hold up at 

flooding since the values calculated using them usually lay 

near to the experimental values. Therefore use of equations 

3.20 and 3.21 is justified in the prediction of flooding 

hold ups. 

11.1.3 Drop Size 

Data for the Sauter mean drop size, as a function of 

the energy input per unit volume, in the 450 mm. and 101 mm. 

columns are shown in Fig. 9.5a,.In general the drop size 

increased with any increase in either continuous or 

dispersed phase velocity. This would be expected since 

any increase in the velocity of either phase is likely to 

increase the hold up of the dispersed phase, and thus
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enhance drop-drop coalescence (220), 

Deviations may be explained by the errors in the 

method of calculation of Sauter mean drop diameter which 

is statistical. From Fig. 9,5a, the best correlation of 

Sauter mean drop data was obtained at an energy per unit 

N3R> m2 
volume (—z—) equal to 6.33 =—~3. This could be because 

HD sec 

at that particular energy input, droplet break up is due 

mainly to the shear force generated by the rotors, and the 

wall effects are minimal. 

To explain the different break up mechanisms in the 

pilot and industrial scale R.D.C.'s involves consideration 

of the three parameters involved in drop break-up namely, 

(1) The shear force generated by the rotors, 

(2) The residence time of the drops in the high shear 

zone beneath the rotors, and 

(3) The velocity of drops in the retarding viscous field 

in a radial direction and the distance between the 

swarms of drops travelling in a helical path and the 

column wall. If the distance is small, the velocity 

in a radial direction high, and the retarding force 

low, the wall may have a significant effect on the 

drop size. Such effects will be termed 'wall effects'. 

In an R.D.C. the drop moves away from the rotors 

towards the column wall in a retarding viscous field. Ifa 

drop's energy is absorbed by the counter currently flowing
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continuous phase, either it does not reach the wall or it 

hits the wall below a certain critical speed and rebounds. 

However, if the drop velocity surpasses the critical speed, 

then rupture takes place at the column wall. The speed 

with which the drop is projected from the rotor towards 

the column wall is a function of the rotor tip speed. At 

equal energy inputs, in geometrically similar units, the 

tip speed is different in the two cases, and so is the 

viscous drag and the distance between the rotating disc and 

the column wall. In small columns this distance is relative- 

ly small and therefore wall effects may be quite significant. 

Conversely, no drops were observed to ruvture at the wall 

in the large column until a very high rotor speed of the 

order of 600 r.p.m. was reached. A slightly different drop 

size can therefore result in two different sized, geometr- 

ically similar units, even when they are operated at equal 

phase velocities and equal energy per unit mass. This was 

found experimentally, i.e. the drops in the 101 mm. R.D.C. 

were smaller than in the 450 mm. R.D.C. at comparable 

rotor speeds. The exception was at energy input of 0.791 

Mog this occurred since at this low energy input little 

break up was due to turbulence and the drop sizes in the 

column depended on the drop size produced at the distributor. 

Generally, when wall effects are negligible droplet 

break up is due to the combined effect of factors 1 and 

2. Therefore, when the combined effect of these two
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factors is equal in the two columns, drops of equal 

sizes will be generated. 

Therefore the best correlation of drop ad data at 

N3R5 
HD2 

presumably due to the wall effects being negligible and 

an energy input per unit mass of (——~) 6.33 ™ was 
secs 

the combined effect of factor 1 and 2 producing equal 

drop shearing conditions. 

At all rotor speeds in both columns the distribution 

of drop sizes, throughout the column was usually normal, 

but sometimes a skewed distribution was present. The 

width of the distribution generally depended on the rotor 

speed and was found to be small, fs e. between 2 mm. and 

5 mm. at low energy input (. 7912 m—;) jwhen turbulent break- 

up was small and between 1 and 3 mm. at very high (50. ) 

energy inputs. 

At intermediate energy inputs, the distribution was 

fairly wide, i.e. between 1 and 5 mm. This distribution 

is attributable to the scale of turbulence not being 

uniform throughout the colum cross section and height, but 

varying with distance in both a radial and an axial direction. 

At very high energy input the energy distribution throughout 

the length and width becomes fairly uniform and therefore 

a small distribution is achieved. The range of drop sizes 

observed was between 1 mm and 5 mm. which is character- 

istic of those commonly found in an R.D.C. under normal
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operating conditions (37, 38). Drops < 1 mm. were not 

present except at rotor speeds above 600 r.p.m. 

The Sauter mean drop sizes were compared with 

predicted values using the correlations of Misek (10), 

outlined in chapter 3. Drop sizes were predicted using 

the appropriate correlations for all three regions; namely 

laminar (Re No. <10") transition (Re No. < 6 x 10%) and 

turbulent (Re No.> 6.5 x 10"), In fact both columns were 

operated in either the transition or turbulent range but the 

correlation for laminar conditions was tested to obtain 

an order of magnitude value. In all cases the predicted 

drop sizes were less than the actual values by a factor of 

3 to 10 times. Moreover, the applicability of these 

correlations is questionable because they take no account 

of the dispersed phase hold up and the column height. 

The accuracy of the drop size correlation of Al-Hemiri 

(37) was also tested. Results obtained in the 101 mm. R.D.C. 

deviated by 30 - 40% from predicted values except at the 

lowest rotor speed of 404 r.p.m., where the deviation was of 

the order of 100%. The correlation proved completely 

unsuitable for the prediction of drop size in the 450 mm. 

R.D.C. when operated under 'equivalent' conditions as out- 

lined in Table 11.1. This was undoubtedly due to the fact 

that this correlation was based upon dimensionless Reynolds 

NSRS 
a) number and Weber number, whereas the power group (Gpe-
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TABLE 11.1 

450 mm. R.D.C. 101 mm. R.D.C. 

; Tip N°R® m2 - Tip N3R5 m2 N Disc =s7- =—s| N Disc ——s— Speed | HD: sec Speed| HD? sec? r.p.m.| Re NoJ m/sec ir.p.m.| Re No ee 

150 | 126322] 1.767 0: 798 404 | 17343 1.075 O5791 

300 | 252645} 3.534 6.328 808 | 34686 2a15) 6.328 

450 | 378975] 5.301} 21.36 1213 | 52030 3.22 21.36 

600 | 505297] 7.068] 50.625 1616 | 69373 4.29 50.625                     

defines the drop size in an R.D.C. more accurately. For 

example at equal energyper unitvolume, a the Reynolds 

number in the two columns used in this study differed by a 

factor of 7.27 and predicted drop sizes were found to be 

4-5 times less than actual values. 

In conclusion, since the prediction of drop size from 

pilot plant data is an essential factor in scale up, it 

should, despite the limitations, be based upon equal energy 

per unit mass in the two units. 

11.2 Mass Transfer Studies 

11.2.1 Hold-up 

As discussed in para.9.1.3,3 average hold-up was used 

throughout in the interpretation of mass transfer data. 

Values of average hold up increased with the increase in 

either of the phase flowrates and rotor speed. Under
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equivalent operating conditions,i.e. equal flowrates and 

rotor speeds, the values of average hold up under mass 

transfer conditions were lower than under non-mass transfer 

conditions. This was in agreement with the observations of 

drop size,that is with mass transfer taking place from 

the dispersed phase to the continuous phase, the Sauter 

mean drop sizes were much larger due to the Marangoni 

effect, resulting in higher settling velocities and thus 

lower hold up values. The values obtained with mass 

transfer taking place were found to be 20-30% lower 

compared to those in the absence of mass transfer. Ina 

previous study (37) the values reported were sometimes 

lower by 50%, but this is clearly due to the fact that the 

concentration levels in this study were generally 5-6% comp- 

ared to 10% in that work. In addition, the system used in 

the previous study (37) was toluene-acetone-water for which 

the interfacial tension variation, and thus the drop size 

and hold up due to the variation of solute concentration, 

is different to that of the kerosene-acetone-water system. 

11.2.2 Drop Size 

As shown in Figs. 9.18 and 9.19 the variation of 

drop size distribution with column height generally 

followed a similar pattern despite the different operating 

conditions and concentrations. This indicates that the 

average drop size could be defined approximately by 

evaluating it in a carefully selected compartment.
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With mass transfer taking place from the dispersed 

phase to the continuous phase, the Sauter mean drop size 

was much greater than under non-mass transfer conditions. 

This may be attributed to the fact that the presence of 

acetone during mass transfer runs changes the system 

properties favourably to produce bigger drops at equal 

turbulence. Moreover, the transfer of acetone from a 

kerosene-acetone mixture into water promotes coalescence 

and this increases the drop size. 

11.2.3 Mass Transfer Calculation 

The overall mass transfer coefficient was calculated 

for each experiment using equation 1.1, i.e. 

N= Ka Ac 1) 
m 

The log mean concentration driving force ac. was calculated 

from terminal concentrations and the equilibrium data given 

in Appendix 3. The results are tabulated in Table 9.1 and 9.2. 

The rate of mass transfer increased with either phase 

flowrate as well as rotor speed. To check the reason for 

this, since the general belief is that increase in rotor 

speed decreases the mass transfer coefficient thus giving 

eventually a reduced overall mass transfer rate, the three 

drop side mass transfer models outlined in Chapter 5 were 

tested. These calculations revealed that drops as large 

as 3-6 mm. behaved almost as rigid spheres, that is mass 

transfer coefficients predicted using the stagnant drop 

model gave results only 25-50% lower than the experimental 

values. The deviations from the circulating and oscillating
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drop models were of the order of 5 - 10 and 15 to 25 

times respectively. Stagnant drop behaviour in this 

study was probably due to the use of filtered tap water, 

industrial grade solvents and the scale of operation. The 

deposition of interfacial scum has been described earlier. 

This demonstrates that because of inevitable system 

"contaminants' it cannot be assumed that drops oscillate 

or circulate in an industrial contactor, even though 

single drop models predict it. The best results as to 

their behaviour can only be predicted from pilot scale 

runs with recirculated liquids of the same purity. Further- 

more a variable speed agitator is a prerequisite in column 

design to obtain the flexibility required to overcome the 

shortcomings in design data.
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CONCLUSIONS 12. 

12.1 General Conclusions 

The following general conclusions may be drawn from 

this work, 

1. 

(i) 

(ii) 

The 450 mm. diameter column design proved satisfactory 

for the study of hydrodynamics and mass transfer. 

Hydrodynamic behaviour was typical of that of an 

R.D.C. The minimum speed, below which drops became 

trapped beneath the rotors and stators was 1.77 m/sec. 

for the 450 mm. and 1.07 m/sec. for the 101 mm. columns. 

These differ slightly from the published value of 

1.52 m/sec. (43). 

The main observable differences in behaviour between 

the large and small columns were as follows. 

There were more 'dead zones' in the 450 mm. diameter 

column compared with the small one, particularly at 

low rotor speeds, of the order of 150 to 300 r.p.m. 

in the large column. The 'dead zones', i.e. zones 

containing very few or no droplets, in the large 

column were due to shielded volumes down stream for 

the rotors and stators which were poorly fed when the 

rotor speed was low. 

The large column was less sensitive to fluctuations 

than the smaller column, which needed more attention 

during operation. Similarly it was more difficult
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to maintain the interface in the smaller column. 

This was due to the easier transmittance of disturbance 

in a short column length, with less volume, compared 

to a longer length and larger volume. 

(iii) The heights of flocculation and coalescence bands 

(iv) 

(i) 

were similar at ‘equivalent’ operating conditions in 

the two columns. This suggests that wall effects were 

not significant in the coalescing section. 

The time from the onset of flooding to 'complete' 

flooding was less by a factor of 10 in the small 

column, compared to the large one. This was due to 

the extra 'sensitivity' of the small column because 

of its shorter length. Otherwise, the flooding 

phenomena in the two glass columns were similar. 

Identical flooding phenomena, and flooding flowrates 

would be expected in columns with steel walls 

provided the organic phase is dispersed. 'Wetting 

effects'with an organic continuous phase (37) would 

be less significant in large columns due to the 

decreased ratio of wall area/flow area. 

Non-Mass Transfer Studies 

Hold-up - The method of determining point hold-ups, 

although theoretically preferable, suffers from severe 

practical limitations. Therefore, in view of 

uncertainties, average hold-up measurements are 

adequate for scale-up purposes.



(ii) 

(iii) 

(iv) 

(v) 
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Drop Size - No correlations in the literature are 

appropriate for the prediction of the drop size in 

both the laboratory scale and industrial scale units. 

This is because the drop break-up mechanisms differ. 

The closest agreement in drop size between the two 

units was under conditions of equal energy per unit 

mass ES). The study of drop size in a pilot scale 

unit thus forms an essential part of any scale up 

method. 

Hold-up Profile - Hold-up profiles exist in both the 

axial and radial directions. However the precise 

determination of hold-up profiles would require an 

external technique, e.g. the use of radio active 

tracers, since the samples withdrawn usually depend 

on, the material of construction of the sample tube, 

its position compared with the stator and the 

rotating discs and its diameter. 

Scale-up of column diameter can be achieved using 

equation 10.34, and flooding data obtained on the 

pilot scale column with the same system, provided 

the condition of equal energy per unit mass is 

maintained. 

A first estimate of industrial scale column diameter 

can be made using equation 10.44 and flooding data 

obtained on the pilot scale column using a different
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(ii) 
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system, provided the condition expressed by equation 

10.43 is maintained and the interfacial tension and 

the density difference are not widely different. 

Mass Transfer Studies 

Both drop size and hold-up are different when mass 

transfer is occurring compared with non-mass transfer 

conditions. Therefore data obtained under non-mass 

transfer conditions must be applied with caution in 

column design. 

Limiting Capacity. The limiting capacity of the 

contactor is also likely to be different under mass 

transfer since it depends on the drop size in the 

contactor. However, if the limiting capacity increases 

with mass transfer in the laboratory scale column, 

this effect will be repeated on an industrial scale. 

Therefore the model given for scale up of column 

diameter based on limiting capacity data, is still 

applicable. The model can also be used in cases where 

phase inversion rather than flooding, defines the 

limiting capacity since the same mathematical treat- 

ment has been shown to be applicable (37). 

(iii)The time for the column to reach steady state varied 

with phase flowrates, concentration of inlet streams 

and rotor speed. However, it was approximately 

equal to the time taken for a total displacement of 

two and a half times the column volume.
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(iv) The scale-up of column height is best achieved from a 

consideration of overall mass transfer coefficient which 

is independent of the column diameter. 

The single drop mass transfer models, derived from 

results with pure solvents under ideal conditions, cannot 

be used for the prediction of the overall mass transfer 

coefficient in an industrial contactor involving swarms 

of drops containing impurities and surface active agents. 

Equal mass transfer coefficients can be achieved in 

two different scale units with the same system provided 

equivalence is obtained between the factors affecting the 

coefficients. As outlined in chapter 5, the overall mass 

transfer coefficient, in the absence of interfacial 

resistance, is made up of two resistances, i.e. the continuous 

phase side resistance and the dispersed phase side resistance. 

While the dispersed side coefficient depends on the drop 

size the continuous phase side depends on the characteristic 

velocity with which the drops rise in a column. In most 

industrial systems, either of the above two resistances 

is controlling (57). If the dispersed phase side 

resistance is controlling then drops of equal size must be 

generated in the two units to obtain equal mass transfer 

coefficients. This could be achieved fairly accurately 

by arranging for equal energy per unit volume oes in 

the two units. Conversely, if the continuous phase 

resistance is controlling, to obtain equal characteristic
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velocities in geometrically similar units requires an 

equal value of (gaz) in the two units. This follows from 

equation 3.6 by comparing characteristic velocities in 

two geometrically similar units operating with identical 

systems. In cases where neither resistance is controlling 

the numerical value of the power to which rotor speed is 

raised would lie between 2 and 3. The exact value would 

however, depend on the relative magnitudes of the two 

resistances. Equationlo.50 developed in chapter 10 could 

then be used, provided the relative importance of the 

resistances is known. 

12.2 Recommended Design Procedure 

The range of physical properties and conditions for 

which an R.D.C. may be preferred to other extractor 

designs were described in chapter 2. Due to its versatility, 

low cost and ease of operation it may also be preferable 

as an alternative to packed towers for a low interfacial 

tension system, with the rotors running below the ‘critical’ 

speed. 

It is also recommended when solids are present in 

either phase and where the feed composition may vary, 

since step changes in the rotor speed provides extra 

flexibility. 

To design an industrial scale R.D.C. for a given 

system and degree of extraction, it is necessary to 

evaluate,
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(i) Diameter of the column. 

(ii) Internal geometry of the column. 

(iii)Height of the column, comprising a dispersed phase 

input/continuous phase de-entrainment section, the 

agitated section, and a dispersed phase flocculation 

and coalescence section. 

The present study provides a basis for the following 

recommendations. 

12.2.1 Column Diameter 

The diameter of an industrial scale R.D.C. can be 

estimated using equations 10.34, 10.35 and 10.36 developed 

in chapter 10. This necessitates the performance of 

limiting capacity experiments using the same system, 

including any industrial contaminants, in a laboratory 

scale column. The laboratory column should be designed 

in such a way that its geometry is within the range given 

in chapter 3. An infinitely variable drive is preferable 

and experiments should be performed to cover the range 

anticipated in the large scale under 'equivalent' operating 

conditions. For example, the design of distributor for 

a laboratory column should be based on the mean of 

expected velocities of dispersed phase in the large column, 

so that equal size drops will be produced initially. In 

very large columns the perforated distributor may be 

omitted but even then some means of coarse dispersion, 

e.g. multi-inlet pipe, is preferable.
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12.2.2 Internal Geometry 

Based on the column diameter evaluated from equation 

10.34, the internal geometry of a compartment can be 

determined using the nomograph presented in Fig. 3.6. The 

best geometry of the R.D.C. for a specific application, 

however, depends on whether ‘high capacity-low efficiency' 

or 'low capacity - high efficiency' is required. This may 

depend on whether the system is 'easy' or 'difficult' 

to extract. If the system is easy to extract then a high 

capacity low efficiency criteria would be chosen in 

determining the internal geometry of the column. In this 

case the ratio of the column dimensions would be, &) S75) 

(B= ao and (3) = -5. Conversely for low capacity-high 

efficiency, the ratios should be approximately ,( $) = 760, 

Ral By (p= 66 and(5) = 233% 

12.2.3 Design Procedure for the Distributor   

The drop sizes produced from the distributors in 

the two columns, were close to the values predicted by 

Treybal's empirical correlation (65). However, the 

correlation proposed by Meister and Scheele (67) is 

recommended for general use. 

Since the system used in this study, kerosene-water, 

was similar in physical properties to that studied by 

Treybal, erroneous results could arise with different 

systems and Meister and Scheele's correlation is preferable 

for the reasons outlined in chapter 4.



=) 306) = 

The rotor had a significant effect on drops 

produced at the distributor in the 101 mm. R.D.C., where 

the distance between the distributor and first rotor was 

only 200 mm. compared with 225 mm. in the 450 mm.column. The 

distance between distributor and rotor should increase 

with column diameter to minimise the effect of turbulence 

from the rotor; as a first estimate the distance should 

be approximately D/2, subject to an upper limit of 1m. 

A free column cross section area as large as possible 

or in other words a distributor plate as small as possible 

would be recommended to minimise the effects of continuous 

phase flow on the drops produced at the distributor. The 

size of this can then be calculated by keeping the minimum 

pitch as 1.5 times the expected drop diameter. 

Finally, the material of construction must be chosen 

so that it is not wetted by the dispersed phase and the 

nozzles should be sharp, upward projected and equi- 

size. This could be obtained by employing the procedure 

described in Chapter 8. 

12.2.4 Column Height 

The total column height required is the sum of three 

heights, i.e. 

h=h rt ha +h eft (202) 
s 

The effective height of the column, h can be 
eff’ 

calculated using equation 10.50 developed in Chapter 10,
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based upon results for overall mass transfer coefficients 

in pilot scale experiments. 

Assuming phase separation occurs within the column, 

the height of the flocculation and coalescence zone in a 

large column should confirm approximately to that in a 

laboratory scale column operated under '‘equivalent' 

conditions with the same system. However, to predict the 

height more accurately the correlations of Hittit (96) may 

be used. Some deviations may occur if different materials 

of construction are used for the column walls. Normally 

for industrial sized columns one to two compartment heights 

should be adequate depending on the system properties; a 

reduction in height may be achieved by the use of 

coalescing aids. 

Alternatively an external settler may be used. This 

may be sized according to the normal procedure for 

horizontal mixer settlers (221). Again a decrease in size 

may be obtained with knitted mesh coalescer aids (223. 

The height of the bottom disengagement section can 

be found by analysing the drop size distribution in the 

pilot scale and evaluating the drop settling velocity for 

the last 5% or 1% of the bottom end of the drop size 

distribution data. 

Since the drop size in the industrial unit would be 

slightly higher than that in the pilot scale units the 

values that will be obtained for Aa and hy will be slightly
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higher than required. 

The distributor plate inan industrial unit should 

be approximately D/2 distance away from the bottom rotor. 

This is however, subject to a maximum distance of 1 m. 

12.2.5 Miscellaneous Design Features 

In addition to the above the following design 

features require consideration, 

16) Selection of Suitable Motor 

The procedure proposed by Reman (31) and summarised 

in Chapter 3 is preferred to that of Misek (10) to predict 

motor power, since it is based on the results obtained.in 

an industrial scale R.D.C. It therefore includes the loss 

of power due to bearings and friction. It is likely to 

give slightly higher values than required, which is 

preferable. On new applications the motor speed should be 

variable. However, this will be expensive for an industrial 

R.D.C., therefore provision can usefully be made for a step- 

wise variation within + 15% of the design speeds. 

Only if significant fluctuations may occur in the 

composition of the feed or the phase flowrate should 

provision for speed variation be necessary over and above 

this allowance. 

(ii) Bearing and Seal Arrangements 

The use of bearings is generally limited in small 

laboratory colums to avoid extraneous hydrodynamic effects.
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For industrial units a thrust and a self-aligning, self- 

lubricating bearing or a roller bearing may be used at the 

top, out of contact with liquids. P.T.F.E. bushes in 

bearing brackets may be used inside the column. 

For minimum. cost it is preferable to avoid a seal at 

the top of the column. In columns operated at atmospheric 

pressure, this is usually achieved by locating the light 

phase outlet well below the top of the column thus leaving 

a vapour space. However, such an arrangement is not 

adequate when, 

(a) The total flow into the column exceeds the total 

outflow. This can be avoided by increasing the 

size of the phase outlets, which should in any case 

be larger than the inlets; consideration must be 

given to the change in the phase flowrates due to 

mass transfer. 

(b) When the liquids used are highly volatile and the 

extraction is carried out at temperatures generating 

excessive vapour. 

(c) When the column is operated at high pressure. 

In the last two cases a mechanical seal is required. 

(iii) Shaft Diameter 

The shaft diameter should be kept to a minimum in 

case of laboratory units, to avoid any extraneous hydro- 

dynamic effects. In industrial units the shaft diameter
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depends on the diameter and weight of discs and the 

overall unsupported length will also be kept to a minimum 

to conserve column volume and to avoid the column behaving 

as a rotary annular contactor. 

(iv) Coalescing Aids 

With difficult coalescing systems a knitted mesh 

pad may be inserted above (or below) the agitated zone. 

This will also serve to isolate the coalescence zone from 

the turbulence in the agitated section in the column. 

(v) Size of the Reservoirs 

For an experimental column of whatever size, the 

minimum volume of the reservoirs should be approximately 

three times the column volume. In an industrial process 

the extract and raffinate reservoirs or surge drums, could 

be calculated by first estimating the time to reach steady 

state, using the computer program developed and given in 

Appendix 4, and then finding the volumes. Material 

produced in this unsteady state period will differ from 

that during normal continuous operation. 

Finally a slight over design is recommended in the 

case of an industrial unit, since accumulation of impurities 

over a period of time may change the wetting characteristics 

of the column, thus giving lower efficiencies.
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RECOMMENDATIONS FOR THE FUTURE WORK 
  

Several interesting areas for further research arose 

as a result of this study. For some of these phenomena 

only qualitative, or limited quantitative data, were 

obtained, and more detailed studies appear worthwhile. 

The following is recommended: 

(1) 

(2) 

The mathematical model developed to predict the 

column diameter was tested only for a system for 

which flooding defined the limiting capacity. It 

would be useful to test the model with other systems 

for which phase inversion instead of flooding 

defines the limiting capacity. Based on the 

observations of Sarkar (38) and Al-Hemiri (37)ona 

laboratory scale, practical systems would be butyl 

acetate-water and toluene-water. There would however 

be safety and economic constraints upon their use. 

The mathematical model for the prediction of column 

diameter was only tested for non-mass transfer 

conditions. The limiting capacity of an R.D.C. 

would be expected to change with the extent and 

direction of mass transfer. Whilst this change would 

be expected to be of equal magnitude in laboratory 

and industrial extractors, it would be of interest 

to check how accurately the model applies for 

extractions involving different systems, e.g. where 

coalescence is enhanced/retarded, interfacial tension
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(4) 

(i) 

(ii) 

(iii) 
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raised/lowered by solute transfer. 

The theory presented for the difference between drop 

break up in the large scale and laboratory scale 

contactors was based upon visual observations and 

examination of the cine film described in Appendix 1. 

Further quantification taking into account wall 

effects in laboratory scale columns, is necessary 

for the accurate prediction of drop sizes in an 

industrial unit from data obtained in a laboratory 

scale. 

Extensive experimentation is required to test further 

the validity of the model for the scale up of agitated 

column section height, and the associated theory. 

This experimentation should involve various systems, 

namely, 

One for which the drop side resistance is controlling. 

A possible system would be toluene acetone-water with 

mass transfer taking place from the dispersed to the 

continuous phase. 

One for which the continuous phase side resistance 

is controlling. The system which would meet this 

requirement is sod. iodide water-isobutanol, 

One for which both resistances have equal importance. 

Since differing effects are associated with the 

direction of transfer, as discussed in Chapter 10,
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it would be interesting to see which model for scale-up 

of height would fit with reversal of direction of 

transfer.
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APPENDIX 1 

Description of Cine Film 

System: Kerosone (dispersed) - water-(continuous) 

450 mm. diameter column. 

ist Sequence 

The column is operating with an agitator speed of 150 

r.p.m. generating a hold-up of 5.2%. 

2nd Sequence 

This follows the first sequence with the rotor speed 

increased to 300 r.p.m. Droplet break up at this speed 

is mainly due to the turbulence created by the rotor. 

Poor mixing is evident, at this rotor speed. 

3rd_Sequence 

The rotor speed is 450 r.p.m. The break up is still 

mainly due to agitation by the rotor. Although the drops 

travel as far as the column wall the extent of the rupture 

at the wall is minimal. 

4th Sequence 

The column is operating at 600 r.p.m. Break up is due 

to both agitation of the rotor and impact on the column wall.
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APPENDIX 2 

SYSTEM PROPERTIES 

Kerosene - purchased as the industrial grade with the 

following properties, 

Density 0.7825 gm/c.c. 

at 20° c 

B.Pt. 195° c 

Flash Pt. 70° Cc 

Kinematic Viscosity 2.3 cs 

Refrective Index. 1.4373 at 20° c 

The interfacial tension with filtered tap water as 

determined in the laboratory using a torsion balance was 

35.7 dyne/em at 20°C.
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TABLE 1 

SYSTEM PURITY CHECKS 

  

  

Date Column Density Kinematic Interfacial 
size gm/cc Viscosity Tension 
mm cs dynes/cm 

14.5376 450 7825 2.0 35.7 

10,8.76 450 -78 2a Bae 

10,.8.76 lol «74 2535 36.0 

Oo. 16 450 +7850 2.4 35.9: 

eel 6 1ol1 - 7820 2,38 35.8 

Dis Lea) 450 7815 253 35.7 

Dis tee uli? lol “825 Aad 36.8 
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APPENDIX 4 

Computer programs for, 

ae Calculation of drop size d3,- 

2. Estimation for time to reach steady state. 

The Sauter mean drop size was calculated using 

program l. 

PROGRAM 1 

1. MASTER 

2. REAL MF, ND1, ND2, ND3 

3. INTEGER K, I 

C MAGNEFING FACTER, MF 

4. 5 READ (1,200)1,B,K,MF 

5a 200 FORMAT(15,F5,0,15,F10,3) 

6.  WRITE(2,201)1,8 

7. 201 FORMAT(1H1,5X,'SERIALNO= ',15,5X,'PHOT,NO= ',F5,0) 

8.  WRITE(2,111) 

9. 111 FORMAT(1HO,36X,'SAUTER MEAN DIAMETER AND ST.DEVIATION 

CALCULATION' 1) 

10. WRITE(2,112) 

Mi. 112 FORMAT (24x,,"DM',6x%,'D' 9x, 'N",9X,'D2" 8x, "D3", 7x, 

'Ndl),.7X,"Nd2",1 7x, °ND3") 

12. SUMD=O 

13. SUMN=O 

14. SUMND1=0 

15. SUMND2=0 

16. SUMND3=0
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C DROP MEAN DIAMETER, DM 

C NUMBER OF DROP, N 

LT. DO 20J=1,K 

18; READ (1,114) DM,F 

19. 114 FORMAT (F10,2,F10;0) 

20. D=DM/MF 

21. D2=D**2 

22. D3=D**3 

23. ND1=F*D 

24, ND2=F*D2 

25. ND3=F*D3 

26. SUMD=SUMD +P 

27. SUMN=SUMN+P 

28. SUMND1=SUMND1+ND1 

29. SUMND2=SUMND2+ND2 

30. SUMND3=SUMND3+ND3 

31. 20 WRITE(2,115)DM,D,F,D2,D3,ND1,ND2,ND3 

32. 115 FORMAT(22X,F5.2,3X,F9.5,4X,F3.0,4X,F9.5,1X,F8.4, 

2X,F9-4,2X,F9-4,11X,F9,4 

83i. GO. TO 21 

34. 21 WRITE(2,116) 

35. 116,FORMAT (30X,'--------- "4X, '----',24X,'--------- 

Oe "2X1, '--------- 5 

36. WRITE (2,117) SUMD,SUMN,SUMND1,SUMND2 ,SUMND3 

37. 117 FORMAT (30X,F9-5,3X,F4.0,22X,F9.4,2X,F9.4,1X,F9. 4) 

38. WRITE (2,116)
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C ARITHMETIC MEAN DIAMETER, AMD 

C SAUTER MEAN DIAMETER ,SMD 

C ST.DEVIATION ,SD 

39. AMD=SUMND1/SUMN 

40. SMD=S UMND3 /SUMND2 

41. SD=SQRT ( (SUMND2- (SUMN*AMD**2) ) / (SUMN-1) ) 

42. WRITE (2,118) AMD 

43. 118 FORMAT(20X,'ARITHMETIC MEAN DIA= ',F10.5) 

44, WRITE (2,119) SMD 

45. 119 FORMAT(20X,'SAUTER MEAN DIA= 

46. WRITE (2,120)SD 

47. 120 FORMAT (20X,'STD.DEV= ',F10.6) 

48. 1F (I-77) 25,26 ,26 

49. I=I+1 

50, 25 GO ‘TO 

SiS 26 STOP 

525 END 

Ns FINISH 

2) 

PRINT OUT SERIAL NO= 68 PHOT.NO= *14009 

',F10.5) 

SAUTER MEAN DIAMETER AND ST. DEVIATION CALCULATION 

DM D N 

1-49. 1.56842 77, 
2.04 2.14737 55. 
2.99 '2.:72632). 63. 
3.14 3.30526 56. 
3.70 3.89474 26. 
4.25 4.47368 15. 
4.80 5.05263 3. 
5.35 5.63158 5. 
6.46 6.0000 Ee 

35.60000 301. 

ARITHMETIC MEAN DIA= 

D2 

2.45994 
4.61119 
7.43280 

10.92476 
15.16898 
20.01385 
25.52909 
31.71468 
46 .24000 

2.70502 
SAUTER MEAN DIA= 3.44684 
STD.DEV= 0.994370 

D3 

3.8582 
9.9019 

20.2642 
36.1092 
59.0792 
89.5356 

128.9891 
178.6037 
314.4320 

ND1 

120.7684 
118.1053 
TTL. I5 79 
185.0947 
101.2632 
67.1053 
15.1579 
28.1579 
6.8000 

814.2105 

ND2 

189.4157 
253.6155 
468.2663 
611.7868 
394, 3934 
300.2078 
76.5873 

158.5734 
46.2400 

2499 .0861 

ND3 

297.0836 
544.6059 

1276.6417 
2022.1164 
1536 .0583 
1343.0347 
386.9672 
893.0187 
314.4320 

6813.9586
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Program 2, written for the determination of time 

to reach steady state was based on the following mathematical 

      

  

  

    

                  
  

model (216) 

+ Yo 2 ntl & 
SY 2 n 

1 H H H = 

a § y+ 
R x h h h hy 

| R 
Fad x 

Stage Wise Counter Flow System 

Let R Flowrate of continuous phase 

S Flowrate of dispersed phase 

N Total number of stages 

x_ Solute conc. in the continuous phase nth stage 

y,, Solute conc. in the dispersed phase nth stage 

m Distribution ratio 

h Hold-up of dispersed phase per stage 

H Hold-up of continuous phase per stage 

X' Original feed concentration 

X,, New feed concentration. 

A solute balance over nth stage gives, 

dx 
n n - = oe Sc fees eee R i SY. 7 RX SY. ha ae (1)
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Assuming equilibrium relationship is, 

Y. = mx (2) 

Eliminating vie Yoel between equation 1 and 2 and 

rearranging, 

ax, 

ee) Se ete ae (3 

where a = mS/R and 8 = (h + mH)/R (4) 

Equation 3 on solving yields, 

    

N+1-n 
fe 
n F gNtl_y 

+ (X-x!) } 2 (-1) a7 (97) /2ginesin (N+1-n) 0 st 

poe (N+1) (a+1-2/%aCos6) 
(5) 

wnere nS =atic2vaCes kn/(N+1) | (6) 

PROGRAM 2 

a MASTER 

C PROGRAM TO FIND STEADY STATE 

2.  READ(1,50) DISCOF,S1,R,H1,H2,YF,YO,N1,N2 

3. ALPHA=DISCOF*S1/R 

4, BETA=(H1+DISCOF*H2) /R 

5. B=((ALPHA** (N2+1-N1) )-1) /( (ALPHA** (N2+1) )-1) 

6. T=0.0 

7. ‘XC=0.0 

8. 5 K=1



9. 

10.10 

11. 

12. 

13. 

14. 

LBs 

16.20 

17.40 

18. 

19. 

20. 

21.30 

ee 

23.50 

24.60 

25.90 

26. 

= 329)4> 

SS=0 

THETA=(K* 180) /(N2+1) 

S=- (ALPHA+1-2* (SQRT (ALPHA) ) *COS (THETA) ) /BETA 

A=( (2* ( (-1) **K) * (ALPHA** ( (- (N1-1) ) /2) ) *SIN (THETA) * 

CSIN ( (N2+1-N1) *THETA) ) *EXP 

C(S*T) ) /( (N2+1\ (ALPHA+1) - (2* (SQRT (ALPHA) ) ) *COS (THETA) ) ) 

SS=SS+A 

K=K+1 

IF(K.LE.N2) GO TO 10 

YN=YF*B+(YF-YO) *SS 

WRITE (2,60) T, YN 

T=T+0.08333 

IF(T.LE.1.0) GO TO 30 

IF (ABS (YN-YC) .LE..0001)GO TO 90 

YC=YN 

GO TO 5 

FORMAT (7FO.0,210) 

FORMAT (1X,E8.4,E12.5) 

STOP 

END 

FINISH



PRINT OUT FOR PROGRAM 2 

TIME HOUR 

20333 

-0666 

.0999 

«1333 

1667 

«200 

22333 

2666 

- 300 

ooo 

3666 

~ 400 

DATA   

(O 

(2 

(4 

(6 

(8 

(10 

(12 

(14 

(16 

(18 

(20 

(22 

(24 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

min) 

330° — 

CONC. OF THE ACETONE IN THE 
EXTRACT PHASE AT THE OUTLET 

-59524E-02 

.13201E-01 

-15495E-01 

-16222E-01 

.-16452E-01 

-16525E-O01 

-16548E-01 

-16555E-01 

~16557E-01 

-16558E-01 

.16558E-01 

.-16557E-01 

-16559E-01 

5626 y) 660729295 y 3150.79 Vv 119958303 

VW 3258941 V 0.1975 VOLO Vv bv i
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APPENDIX 5 

COLUMN OPERATING PROCEDURE 

The column was first filled with continuous phase by 

operating valve V3 and switching on pump No. Pl. When the 

column was full of continuous phase valves V8 and V7 were 

opended slowly to maintain the level of continuous phase 

in the column. The agitator motor was then started and 

the speed adjusted using the infinite gear box on the 

motor to give the appropriate tachometer reading. The 

dispersed phase was then slowly allowed to enter into the 

column through the distributor by opening valves v18, 

vl7, and V1l, and starting pump P2. During this period 

careful control was necessary over valves V8, V4 and V5, 

to maintain the interface level in the column. The 

reverse procedure was followed when shutting down the column. 

A similar procedure was used for start-up and shut- 

down off the 101mm. diameter column.
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NOMENCLATURE 

Interfacial area, constant 

Surface area of the rest drop 

Initial radius 

Amplitude 

Proportionality constant 

Concentration driving force 

Log mean concentration driving force 

Constant 

Solute concentration 

(Cc ie Cpm)/2+ where C refers to total 
2 ol 

concentration of all substances present 

Column diameter, disc diameter, drop size, 

diameter of agitator, diffusion coefficient 

Stator diameter 

Column diameter 

Contactor diameter 

Equivalent diffusivity 

Nozzle diameter 

Tower diameter 

Average surface volume drop diameter 

Drop size 

Sauter mean drop diameter 

Hydraulic mean drop diameter 

Maximum stable drop size 

Drop diameter below which 95% of drop exist 

Drop diameter below which 5% of drop exist



50 

dp 

H, H.T.U. 

tor 

Hy hgh, 

hs 

df 

3 o3 

Drop diameter below which 50% of drop exist 

Diameter of a sphere of volume equal to that of 

a drop 

Extract phase flowrate, energy of dissipation 

per unit mass, dispersion coefficient, eddy 

diffusivity 

Efficiency during the drop formation 

Dispersion coefficient 

Constant in Equation 5.1, Harkins and Brown 

correction factor 

Continuous phase axial diffusivity 

Average liquid velocity 

Frond number 

Fraction of hold-up of ith fraction 

Mass flowrate 

Acceleration due to gravity 

Heightof contactor, height of coalescence section, 

effective column height 

Height equivalent of theoretical stage 

Height of transfer unit 

Heigh of transfer unit 

Height of compartment 

Height of settling section 

Intercept on the 4 axis 

ith stage 

Overall mass transfer coefficient 

Constant in Equation 3.7 

Mass transfer coefficient during formation



de 

HB 

tor 

AP 

Pe 

AR 

Re 

= 334 5 

Mass transfer during coalescence 

Mass transfer coefficient calculated by means of 

Handlos and Baron 

Constant in Equation 10.9a for large colum 

Constant in Equation 10.9b for small column 

Individual mass transfer coefficient 

Column height, micro scale of turbulence 

Equilibrium constant, mass of the drop 

Moles per unit time, rate of mass transfer, r.p.m. 

Number of transfer unit 

Power number 

Peclet number 

Viscosity group 

Modified Peclet number 

Sherwood number = kdp/D for drops 

Number of transfer unit 

Compartment number 

Power 

Pressure drop 

Peclet number 

Volumetric flowrate 

Initial solute concentration 

Concentration at time t 

Disc diameter, radius of capillary, raffinate 

phase flowrate 

Distance between agitator and column wall, equal 

to (D-R) /2 

Reynolds number
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drop radius 

Stator opening 

Schmidt number (u/pDg) 

Solute transferred per drop 

Number of transfer unit 

Time variable during the rise period 

Time taken for coalescence 

Time of formation 

Superficial velocity, sphere velocity in tower 

diameter Da 

Characteristic velocity 

Sphere velocity in an infinite space 

Stroke settling velocity 

Superficial velocity, drop volume 

Characteristic velocity, i.e. the mean vertical 

drop velocity at substantially zero flowrates and 

rotor speed N. 

Volume added during the release 

Drop terminal velocity 

Drop volume after break off from the nozzle 

Volume of released drop 

Coalescence frequency 

Weber number 

Critical approach velocity 

Oscillation frequency 

Dispersed phase hold up phase concentration 

Distance 

Hold-up at phase inversion
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- = - * - - - * - (1=%Q) og= | A= XQ*) - (1-xp) |/1n| (1-xQ*) / (1-25) | 

Y,y Y phase concentration 

Z Coalescence coefficient 

GREEK LETTERS 

a Major axis of an oscillating drop, velociety 

exponent, back flowrates 

B Minor axis of an oscillating drop 

y Surface tension, kinematic viscosity, interfacial 

tension 

€ Extraction factor, amplitude of oscillation, energy, 

fraction of uncontracted solute 

Ee e + (376)yc? 

n Kolmogoroffs length 

6 Time 

A Eigen value, constant 

u Viscosity 

p Density 

Ao Density difference 

o Interfacial tension 

tT Dimensionless time 

v Kinematic viscosity 

o Hold-up 

¥ A function 

SUBSCRIPTS 

A Refers to phase A 

Av Average 

B,b Big or large 

¢,C Continuous, coalescence column



Cyne 

c 

Crit 

Min. 

Max. 

RL,R 

SD,S 

= 330 — 

Circulating drop 

Capillary 

Critical 

Dispersed 

Extract, efficiency 

Experimental 

Formation, flooding 

Flooding, final feed, formation 

Initial, inside, Ith stage, interface 

Kinetic 

Mean 

Minimum 

Maximum 

Nozzle 

nth stage 

Cut, outside 

Overall values with respect to continuous phase 

Overall values with respect to feed phase 

Overall mean 

Plug flow 

Raffinate 

Release 

Solute, solvent, stagnant, slip, small, 

Stagnant drop, static, small 

Top 

Referes to X-phase 

Refers to Y-phase 

Refers to conditions at zero hold-up
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1 That end of the column where solutions are 

concentrated 

Z That end of the column where solutions are dilute 

SUPERSCRIPTS 

° Initial 

Ss At equilibrium
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